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Summary 
 

The aim of this study was to generate useful contributions for Equinor in their pursuit of commissioning fully-

fledged underwater oil & gas processing facilities. Although subsea installations face many challenges, they 

are also able to leverage favourable processing conditions which are not practically achievable in traditional 

onshore and offshore facilities. While Equinor are tackling a broad array of projects, we were focused on 

high-pressure subsea natural gas dehydration and specifically the study of the thermodynamic behaviour of 

relevant petroleum fluids. In this endeavour we have presented new work in the following fields: 

• Multicomponent two- and three-phase equilibrium data 

• Association schemes for the description of glycols within the SAFT framework 

• Uncertainty and sensitivity analyses for process simulations 

At our laboratories in Denmark, an experimental apparatus was modified for the quantification of  

C1-nC6/nC7-H2O phase distributions (VLLE) at 303-323 K. From the process perspective, these data relate to 

the pre-separation step which occurs prior to dehydration. Due to the changes made to the apparatus and 

specifically the analytical equipment, it was necessary to validate the accuracy of the system. Good 

agreement was achieved with several binary VLE sources from the literature, for both vapour and liquid phase 

analysis. The experimental uncertainty (in terms of composition) was estimated at ±9% using a 0.95 level of 

confidence. While no three-phase ternary sources are available for direct comparison with our newly 

measured data, comparable uncertainty ranges were observed for the quantification of all components in all 

phases for similar experimental studies.  

Two-phase data directly relevant to the natural gas dehydration step were measured during an external 

research stay at Equinor in Norway. C1-MEG-H2O and (natural) gas-MEG-H2O systems were investigated for 

temperatures in the range 288-323K and pressures of 60 and 125 bar. The uncertainty was found to range 

from ±2% for major components up to ±42% for trace components in the natural gas. In modelling of the 

ternary data, it was found that CPA provided superior prediction over the SRK-HV equation of state. 

The 3C, 4E and 4F association schemes were proposed for MEG and evaluated for the CPA equation of state.  

A new 4C parameter set was also proposed, and the importance of using raw experimental data in parameter 

regression was highlighted. The bootstrap method was used quantification of the parameter uncertainty. 

Overall results showed that no scheme is universally superior, but improved prediction over the literature 

parameters was achieved in all cases. The 4F scheme performed best for ternary data prediction. 

Combined parameter uncertainty and process input sensitivity analyses were performed for simplified 

natural gas dehydration configurations. Using Monte Carlo simulation, distributions were generated for 

process outputs such as product gas quality. Process conditions were optimized to achieve the desired 

specifications with a 99.7% confidence interval.  

Additionally, to the scientific outcomes of this work, there were also contributions made in a ‘co-supervisory’ 

role to the theses of two students (one master’s and one bachelor’s) during this PhD. This work has already 

resulted in four publications, with an additional three manuscripts in preparation for submission.  
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Resumé 
 

Dette studie har til formål at bidrage til Equinors projekter vedrørende opførelse af undersøiske olie- & gas 

behandlingsanlæg. Selvom undersøiske installationer står over for mange udfordringer, er der flere fordele i 

forhold til traditionelle behandlingsanlæg. I denne afhandling var vi fokuseret på højtryks undersøisk 

naturgas dehydrering og specifikt undersøgelsen af den termodynamiske opførsel af relevante 

petroleumsvæsker. Vi har præsenteret nyt arbejde på følgende områder: 

• Multikomponent to- og tre-fase ligevægtsdata 

• Association ordninger for beskrivelsen af glycoler inden for SAFT-rammen 

• Usikkerhed og sensibilitetsanalyser til processimuleringer 

På vores laboratorier i Danmark, blev en eksperimentel apparat modificeret til kvantificering af  

C1-nC6/nC7-H2O faseligevægte (damp-væske-væske) ved 303-323 K. Disse data vedrører separations skridtet, 

som forekommer forud for dehydrering. På grund af ændringerne af apparatet, var det nødvendigt at bevise 

systemets nøjagtighed. God overenstemmelse blev opnået mellem eksperimentielle data og binære damp-

væske ligevægtsdata hentet fra litteraturen. Den eksperimentelle usikkerhed blev anslået til ± 9% ved 

anvendelse af et 0,95 konfidensniveau. Mens der ikke er nogen kilder direkte tilgængelige til sammenligning 

af vores nyligt målte data, blev sammenlignelige usikkerhedsintervaller observeret til kvantificering af alle 

komponenter i alle faser for tilsvarende eksperimentelle undersøgelser. 

To-fase data, som er direkte relevante for naturgas dehydrering blev målt hos Equinor i Norge.  

Systemerne C1-MEG-H2O og naturgas-MEG-H2O blev undersøgt i temperaturområdet 288-323K og ved tryk 

på 60 og 125 bar. Usikkerheden lå i området fra ±2% for hovedkomponenter og op til ±42% for 

sporkomponenter i naturgassen. Ved modellering af ternære data blev det konstateret, at CPA gav bedre 

forudsigelse end SRK-HV tilstandsligningen. 

Associationsordningerne 3C, 4E og 4F blev foreslået for MEG og evalueret med CPA tilstandsligningen. Et nyt 

4C-parametersæt blev foreslået, og vigtigheden af at anvende eksperimentelle data i parameterregression 

blev fremhævet. Bootstrap-metoden blev brugt til kvantificering af parameterusikkerheden. Overordnede 

set viste resultaterne, at ingen associationsordning altid er den bedste, men forbedringer i forhold til 

litteraturparametrene blev opnået. 4F-ordning fungerede bedst for ternære data forudsigelser. 

Kombineret usikkerhed- og sensitivitetsanalyser blev udført for forenklede 

naturgasdehydreringskonfigurationer. Ved hjælp af Monte Carlo simulering blev distributioner genereret for 

procesudgange, såsom produktgaskvalitet. Procesbetingelser blev optimeret for at opnå de ønskede 

specifikationer med et 99,7% konfidensinterval. 

Ud over de videnskabelige resultater af dette arbejde var der også bidrag i en ”medvejleder” rolle af to 

elevers afhandlinger. Dette arbejde har allerede resulteret i fire publikationer, med yderligere tre 

manuskripter i forberedelse til indsendelse. 
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Uittreksel 
 

Die doel van hierdie studie was om ‘n bydrae aan Equinor te lewer in hulle ontwikkeling van onderseese olie- 

en gasprosesseringsfasiliteite. Alhoevel onderseese ontwikkelinge vele uitdagings ondervind, is daar ook 

bedryfsvoordele (beide prakties en ekonomies) teenoor tradisionele fasiliteite. Terwyl Equinor ’n groot 

verskeidenheid projekte aanpak is hoë-druk aardgasontwatering die fokus van hierdie studie. Die 

termodinamika van relevante olie- en gasmengsels word spesifiek bestudeer. In hierdie tesis het ons 

nuwighede in die volgende navorsingsvelde vertoon: 

• Multikomponent twee- en driefase ewewigsdata 

• Assosiasie skemas vir die beskrywing van glykole binne die SAFT raamwerk 

• Onsekerheids- en sensitiwiteitsanalises vir prosessimulasies 

Die eerste stel eksperimentele data is in Denemarke gemeet waar ’n apparaat herstel is vir die kwantifisering 

van C1-nC6/nC7-H2O drie-fase ewewig vir temperature tussen 303-323 K. Hierdie data hou verband met die 

skeidingsproses wat voor ontwatering plaasvind. Gegewe die veranderinge wat plaasgevind het, was dit 

nodig om die akkuraatheid van die eksperimentele toerustings te bewerkstellig deur nabootsing van data 

vanaf die literatuur. Goeie ooreenstemming met vele twee-fase datastelle is getoon terwyl die 

eksperimentele onsekerheid as ±9% (met ‘n 95% vertrouensvlak) bereken was. Geen relevant drie-fase 

ewewigsdata beskikbaar vir vergelyking nie. Daar was wel deur middel van statistiese analise bepaal dat die 

onsekerheidsvlak vir die nuutgemete data vergelykbaar is met literatuurbronne.  

Twee-fase ewewigsdata wat direk verband hou met die ontwateringsproses is gemeet gedurende ‘n eksterne 

navorsingsstudie by Equinor in Noorweë. C1-MEG-H2O en aardgas-MEG-H2O was ondersoek by temperature 

tussen 288-323K en drukke van 60 and 125 bar. Die onsekerheid van die data was bepaal as  ±2% vir 

hoofkomponente, tot op ±42% vir spoor komponente wat voorkom in die aardgas. In die modellering van 

ternêre sisteme was dit bevind dat die CPA toestandsvergelyking beter voorspelling bied as SRK-HV. 

Die 3C, 4E en 4F assosiasie skemas is voorgestel vir MEG en geëvalueer, tesame met nuwe 4C parameters,  

vir die CPA toestandsvergelyking. Die belangrikheid van die gebruik van eksperimentele data (teenoor 

korrelasies) in parameterregressie is uitgelig. Die bootstrap metode is gebruik vir die kwantifisering van die 

parameter onsekerheid. Algehele resultate het getoon dat geen skema universeel beter is nie, maar 

verbeterde voorspelling oor die literatuurparameters is in alle gevalle behaal. Die 4F skema het die beste 

resultate gelewer vir ternêre datavoorspelling. 

Gekombineerde parameter onsekerheid en sensitiwiteitsanalises is uitgevoer vir vereenvoudigde 

aardgasontwateringskonfigurasies. Met behulp van Monte Carlo-simulasie is verspreidings gegenereer vir 

prosesuitsette waarna dit geoptimaliseer is om die verlangde spesifikasies te behaal. 

Buiten die wetenskaplike uitsette van hierdie werk was daar ook ‘n bedrae gelewer (as hulp-studieleier) vir 

een voorgraads en een nagraadse studente. Vanaf hierdie werk is daar klaar vier publikasies afkomstig, met 

’n verdere drie wat in voorbereiding vir publikasie is.  
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Preface 
 

Strange as it may seem, I think that these few paragraphs might be the most important in the entire thesis. I 

say this not from the perspective that any scientific results are disseminated here, but rather that it will 

prepare the reader for what is to come. This work has been prepared for a wider readership than it is ever 

likely to encounter, but the optimist in me could not be quelled. I’ve tried my level best to be engaging and 

interesting, with topics that is not always easily accessible. In that sense, this thesis is strongly influenced by 

that of Travis Peery.I There are many footnotes II (too many, I know!) and the tone is unorthodox, even 

conversational at times. Credit (or blame) the influence of Nassim Taleb for that.  

Certainly, there will be those among the readership who would appreciate a more conventional presentation 

of the work, but I would hope that you stay the course and work through the core chapters. Several diverse 

results are presented and the ideas, dare I say it, are even more interesting. The experimental work was 

especially challenging. To paraphrase Pema Chödrön, “Patience is not learned in safety” – no, it is learned in 

a laboratory! And in some cases, pragmatism won out over pure unadulterated precision – which in some 

ways gave an outlet to my obsession with uncertainty analysis. I truly hope that model uncertainty 

quantification becomes standard practice sooner rather than later. 

I have used the majestic plural (the Royal ‘we’) throughout the text, likely just through force of (academic 

writing) habit. But its use is rather apropos as this thesis has truly been a team effort. There are so many 

people that deserve thanks for their input and assistance in this work. Firstly, to my supervisors Nicolas and 

Georgios: thank you for the opportunity to work in one of the top thermodynamics institutes in the world. 

Your guidance, assistance and critique were critical in facilitating everything that we have managed to 

achieve over the last three years. And to my ‘external supervisor’, Even Solbraa, tusen takk! for everything 

you did for me while in Norway. Also from Norway, special thanks most go to Eleni Pantelli, Kaja Hjelseth, 

Ole Johan Berg and especially Marie Danielsen,  who spent so many hours training me in the labs. 

At DTU, I was ably supported by our technical and administrative staff. Louise, Patricia, Christian, Dang, 

Zacharias, Povl and Vu – thank you for your kindness, friendliness and willingness to go the extra mile. ‘My 

students’, Thanasis and Daniel, thank you for the long hours and dedication in your work. 

To my family, my mom back home who has supported my dreams from the other side of the world and my 

dad, with whom I cannot share this moment, thank you for all that you did for me throughout my life. And 

finally, to my wonderful wife, Chereé, who has sacrificed the most of all in the pursuit of this dream. It has 

been a three-year adventure, filled with amazing shared memories and many tough absences, but it is over 

now…finally! 

Francois Kruger 

±April 2019  

                                                           
I Who described Wertheim’s thermodynamic perturbation theory in such an eminently readable fashion 
II Generally observational titbits which can happily be disregarded – [the irony of this footnote does not escape me] 
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1. Introduction 
 

1.1. BackgroundIII 
 

Equinor as a company have taken on the mantra of ‘Longer, Deeper, Colder’ as their strategy for the 

extraction of energy resources in a world where much of the readily available reserves have been depleted. 

Their goal is The Subsea FactoryTM (see Figure 1), a processing facility which can operate remotely on the 

seabed with all the capabilities of onshore facillities.1 In this pursuit Equinor has become one of the world 

leaders in subsea processing, commissioning the world’s first subsea compressors. Åsgard subsea 

compression2 was commissioned in 2015, operating high throughputs and at a depth of 300 m.  

 

Figure 1: An illustration of The Subsea FactoryTM – Equinor 1209497.jpg 3 (freely distributed) 

“Subsea processing” refers to process changes made to oil and gas mixtures at the seabed, and may include:4 

• Separation systems 

o Gas-liquid separation / Liquid-liquid separation of the oil and produced water 

• Boosting 

o Single & multiphase hydrocarbon pumping / Gas compression 

• Injection 

o Hydrate inhibition / Raw seawater / Gas or chemicals for enhanced oil recovery 

                                                           
III The reader is strongly recommended to read the Preface before tackling the main body of the text 
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With the separation, boosting and injection technologies already qualified, the next step is to combine 

different elements together into subsea factories. The Gas-2-PipeTM (G2P) technology5 (see Figure 2 on pg. 4) 

is such an example, where subsea natural gas dehydration (NGD) was recently proposed. The proposal 

considers the treatment of gas-rich wellstreams, allowing for direct export into the distribution network.  

The use of subsea installations offers several advantages over traditional onshore and offshore options, e.g.: 

• Increased product recovery and energy efficiency 

• Reduced capital and operating expenditure 

• Longer operational lifetimes for both current and new fields 

• A wider range of fields become economically viable 

• Improved flow assurance 

Many of these advantages are based on the fact that a considerable amount of energy is wasted in 

transporting multiphase streams topside for processing. By shifting the processing step subsea, not only can 

one take advantage of processing at much higher pressures (which is often thermodynamically 

advantageous), but most importantly single-phase transport lines can be installed. This means that the 

pressure drop across pipelines decreases significantly and phenomena such as slugging are avoided. Much 

longer pipelines can be installed (i.e. tie-back distances are increased) without the need for intermediate 

platforms or boosting, and therefore more remote resources are more effectively recovered. Subsea 

processing can also negate the need for hydrate inhibition, or at least decrease the extent to which it is 

required. At Åsgard, subsea compressors are already used to boost gas production and at Gulfaks a smaller 

capacity wet gas compressor is also in operation. Compressors not only increase production but extend the 

reservoir lifetime by effectively sucking additional gas out of it. 

 

1.2. Project description, objectives and thesis layout 
 

The aim of this study is to contribute to the massive project undertaken by Equinor for the development of 

subsea processing facilities. Our contribution focuses mainly on the understanding of the thermodynamics 

related to subsea natural gas dehydration (NGD) units. These units make use of glycols as an absorbent for 

water removal and produce on-spec natural gas to be fed directly into the distribution network. Robust 

design and operation of these units requires new experimental data, accurate thermodynamic modelling 

and process simulation, and very importantly a keen understanding of the uncertainty involved in each 

phase in the design. A combination of data and modelling provides insight into the thermodynamic properties 

of reservoir fluids over a broad range of temperatures and pressures – up to 200 bar and as low as 273 K.  

This thesis is divided up into four sections: 

• Review of the literature: Chapters 2-4 

• Thermodynamic model development: Chapter 5 (and 9, to a lesser degree) 

• New experimental data: Chapters 6-7 

• Process simulation: Chapter 8 
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Chapters 5-8 are considered the core chapters of the thesis, as the main results are presented here. Many of 

the results have already been disseminated in the literature. Uncertainty (analysis) is a theme that broadly 

speaking underlies every core chapter, and we have made a special effort to quantify the uncertainty at 

each phase in the development of this work. The main themes of the work are introduced below. 

 

1.2.1. Experimental data measurement 
 

As part of a research collaboration between the Centre for Energy Resources Engineering (CERE) at the 

Technical University of Denmark (DTU) and Equinor, a new equilibrium cell6 was constructed and the first 

VLLE measurements for C1-nC6-MeOH-H2O were reported in 2014. Following that project, the equipment was 

decommissioned. In this project we aimed to re-establish the experimental apparatus and measure ternary 

three-phase data of relevance to the pre-separation step (see Figure 2 on pg. 4) in dehydration processes. 

These data are currently being prepared for publication and are discussed in detail in Chapter 6 (pg. 71). 

The collaboration with Equinor extended also to a highly productive 6-month external research stay at their 

R&D facilities just outside Trondheim in Norway. Phase equilibrium measurements for real world systems 

were completed using experimental apparatus described by Folas et al.7 

• C1-H2O-MEG 

• Natural gas: NG-H2O-MEG 

This work was published in the Journal of Chemical and Engineering Data8,9 and is discussed in detail in 

Chapter 7 (pg. 91). 

 

1.2.2. Thermodynamic modelling 
 

In this thesis, three different thermodynamic equation of state models have been used, for which a detailed 

historical perspective is provided in Chapter 3 (pg. 27): 

• Cubic-Plus-Association (CPA)10,11 

• Soave-Redlich-Kwong with Huron-Vidal mixing rules (SRK-HV)12,13 

• Simplified Perturbed Chain Statistical Associating Theory (sPC-SAFT)14 

As was recently pointed out by Crespo & Coutinho15, most investigations concerning association and glycols 

made use of the CPA equation of state. While that is in no small part due to the efforts of our research group, 

we continue that tradition here also. New schemes have been developed for MEG in Chapter 5 (pg. 53) and 

published in Fluid Phase Equilbria16. Additional schemes have been proposed for TEG is underway, and this 

work will be submitted for publication in June 2019. Preliminary results are shown in section 9.4 (pg. 140).  
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1.2.3. Process design 
 

The process design element of this work focuses on applying CPA to high pressure natural gas dehydration 

processes, using the G2PTM  technology as a reference point. 

 

Figure 2: Gas-2-PipeTM process for dehydration at a high pressure (redrawn from 5) 

In Figure 2 a wellhead stream is fed to a pre-separator via a flow or pressure control valve. Water and 

hydrocarbon condensates are removed by the combination of the pre-separator and knock-out drum, from 

which a relatively dry gas is produced. This dry gas is then compressed to above its cricondenbar and cooled. 

This is the point to which the technology is already qualified. The dehydration stage includes glycol injection 

with compact co-current contact, separation, rich glycol recycle and gas product for export.  

The oil-water-glycol mixture from the pre-separator must be processed. This would include a glycol 

regeneration step to produce the lean glycol. If the pre-separation and compression steps were not required, 

rich glycol could be sent directly for regeneration. Both the G2PTM technology and the Subsea FactoryTM 

should not be considered as one-size-fits-all designs, but rather as toolbox from which various elements can 

be combined to provide the optimal installation for a given subsea challenge. In the present study we focus 

predominantly on NGD with MEG using the simplified process configuration, but our work can readily be 

applied to more complex configurations with pre-separation and regeneration.  

The important specifications for the rich gas export are hydrocarbon dew point, water dew point and glycol 

content in the gas. Several specifications are listed in the GASSCO Terms and Conditions17, with specifications 

at the entry point of the Kårstø gas processing plantIV given as: 

• Maximum cricondenbar pressure: 105 barg 

• Water dew point:  -18 °C at 69 barg 

• Max. daily average glycol:V 8 L/MSm3 

                                                           
IV Kårstø18 is the largest NGL processing plant in Europe. processes around 90 MSm3 of gas per day from ± 30 fields. 
V Standard conditions are defined as 15 °C and 101 325 Pa by GASSCO, while in the rest of this text we have used  
0 °C for the standard temperature. 
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For gas delivered directly to the export system, the water dew point specification is the same, with the 

hydrocarbon dew point specified as < 10 °C at 50 barg. The conversion of the water dew point specification 

from temperature to water content can be done using an equation of state for a given gas composition. 

Following discussions with Prof. Solbraa,  we have used a specification of 32 ppm water vapour content as 

the reference point in this study. 

 

1.2.4. Uncertainty analysis 
 

Uncertainty analysis is one of the underlying themes of this research. Following a brief introduction to the 

theory in Chapter 4 (pg. 47), applications thereof are introduced in the experimental, thermodynamic and 

design elements of this work. Mainly we are concerned with generating confidence intervals for data, model 

parameters and process simulations – where there are numerous potential applications. In this work we 

applied complex-looking but ultimately simple implementations of the Monte Carlo19 and Bootstrap20 

methods. Both methods follow a simple principle: by random perturbation and repetition, the underlying 

nature of a process/model/parameterization is revealed. 

 

1.2.5. Summary of the PhD thesis 
 

The flow and contributions within this work are summarized in Figure 3. 

 

Figure 3: PhD summary – ‘Thermodynamics of petroleum fluids relevant to subsea processing’ 
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Figure 3 highlights the flow of the thesis and the cyclic connectivity of the work. Experimental data are 

required for the improvement/validation of thermodynamic models, which are used in the design (and 

simulation) of processes. But ideas for design, such as the Subsea Factory, dictate the experimental 

measurements which are required in the first place. Enveloping the entire cycle is the need to understand 

the uncertainty with which predictions and decisions are made.  

 

1.3. The motivation for and significance of this work 
 

The significance section of most research works, be they theses, journal articles or especially grant 

applications, are where many researchers will present their least objective arguments. Some may  even argue 

that this subjectivity is a pre-requisite for success in the academic world. As Daniel Kahneman put it:21 

“I have always believed that scientific research is another domain where a form of 

optimism is essential to success: I have yet to meet a successful scientist who lacks the 

ability to exaggerate the importance of what he or she is doing, and I believe that 

someone who lacks a delusional sense of significance will wilt in the face of repeated 

experiences of multiple small failures and rare successes, the fate of most researchers.” 

So, in the spirit of requisite exuberant optimism, let the case be made for the significance of this work. This 

study is first and foremost a dissemination of experimental results. High-pressure phase equilibria are 

especially difficult to measure and for compounds such as glycols, data are rarely found in the open literature. 

The importance of phase equilibria data is regularly emphasized.VI The literature is littered with examples of 

statements qualified with relatively vague phrases such as “for optimal design” or “for improved operability”. 

Very rarely however will one see more detailed explanations given of the “how” and “why”. In this work we 

have endeavoured to highlight the implications and applications for each of the findings.  

Our work in thermodynamic model development and process simulation present modest if not spectacular 

results. But these results should however not be considered in isolation, as they serve as an entrée to wider 

investigations into applications of the binary association site for complex mixtures. Extensions of the work 

presented in Chapters 5 & 8 are already underway, but there are many avenues still left to be explored for 

both new association schemes and increasingly complex process sensitivity and uncertainty studies.  

Finally, this study has made a genuine contribution to uncertainty analysis and its applicationsVII in process 

engineering. Understanding of uncertainty is especially critical for subsea installations, where large capital 

sums are invested, and the equipment is literally dropped to the bottom of the sea. Design errors under such 

conditions are even more costly than usual.

                                                           
VI For example: “Some people think that experimental work, compared to modeling and simulation, is more tedious, 
more expensive, and less appreciated in our community. However, numerous e-mail exchanges have confirmed my 
feeling that good thermodynamic data are absolutely necessary, because process design relies on accurate modeling 
and accurate modeling relies on reliable experimental data.” - Domnique Richon 22 
 
VII Or at least its visibility in the thermodynamics community 



 

 

2. Review of experimental methods and 

literature data for VLE/VLLE 
 

The experimental work presented in Chapters 6 and 7 were conducted using isothermal analytical methods 

and for this reason we have chosen to focus on that method here. Following a brief introduction into high 

pressure experimental work, we highlight some of the challenges which experimentalists encounter in this 

field, introduce some of the analytical methods used in this work and present the pertinent data found in the 

literature.  

 

2.1. High pressure phase equilibrium measurements 
 

High pressure phase equilibrium experimental methods could be considered a relatively mature endeavour 

given the sheer volume of data published in the literature. However, several examples of ‘novel’ (or at least 

improved) designs have reported recently.6,23–27 Several excellent reviews are available, of which the 

following are recommended: 

• Deiters and Schneider28 

• Richon and De Loos 29 

• Raal and Muhlbauer 30 

• Dohrn et al.31 

Due to the complexity and sheer volume of different systems and experimental parameters, there are several 

different types of experimental apparatus which are usually designed and constructed for a very narrow 

application.22 There is not consensus in the literature on how to classify experimental apparatus, but the 

main classifications are either by how equilibrium is achieved (i.e. open- or closed-circuit)22,29,30 or by how 

the phase compositions are analysed (i.e. analytical or synthetic method)28,31.  

While the choice of classification is somewhat a matter of preference, this author prefers the second 

classification. For the synthetic method, a precisely known mixture has its temperature (T) and pressure (P) 

manipulated to induce a phase transition. By repetition at different (P, T) combinations, the phase diagram 

of the mixture can be determined. Naturally, the source of error is the analysis of the initial composition and 

the determination of when phase change occurs.VIII  When employing the analytical method, analysis is 

conducted only on samples from the relevant phases.IX Sample integrity therefore plays an important role, 

                                                           
VIII Which can be especially tricky for instance near the critical region. Visual detection can also introduce the possibility 
of error, as highlighted by Fourie et al.25,26 
IX Very often the loaded composition is not even reported – while not a concern for binary systems, at least a good 
approximation of the initial composition is required for modelling multicomponent systems accurately. 
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as the conditions of the analytical method may not match those of the equilibrium being studied.31 A 

breakdown of the methods is illustrated below: 

 

Figure 4: Classification of high-pressure experimental methods for phase equilibrium measurements  

(Modified from Dohrn et al. 32) 

 

2.1.1. Analytical methods for the determination of high-
pressure phase equilibrium 

 

Analytical methods do not rely on knowing the overall composition of the mixture exactly, but only that two 

or more phases will form for with the experimental temperature and pressure. Of the nearly 1500 HP 

VLE/VLLE articles published between 2000-2008, approximately 42% used an analytical method.32,33 The 

general trend is however that the number of points generated via analytical methods has been steadily 

decreasing over the period 2000-2012.34 The fastest sector of growth over that period appears to be synthetic 

nonvisual methods, which typically detect phase transition by analysing the slope of pressure-volume curves. 

As shown in Figure 4, analytical methods are further sub-divided into those methods which require sampling 

(viz. isothermal, isobaric and isothermal-isobaric) and those for which in situ analyses are done (mainly 

spectroscopic gravimetric). 

Isothermal analytical methods: an equilibrium cell is charged with the mixture and placed within a liquid 

bath or autoclave to maintain a constant temperature. The pressure is then manipulated to the desired 

values and the mixture is left to reach equilibrium – often accelerated by some form of agitation. Once 

equilibrium has been established, samples are taken from each phase and analysed with some form of 

chromatograph, depending on the needs of the specific experiment.32 Two caveats for successful sampling 

have proven problematic in the past, as samples must: 
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• Must not be so large as to disturb the equilibrium 

• Be representative of the phase being sampled 

Very often these requirements are not met.29 Several different designs have been used to achieve these 

requirements, but recently the Rapid On-Line Sample Injector (ROLSI™)35 developed at MINES ParisTech has 

become quite popular. 

 

2.1.2. Challenges w.r.t. to isothermal analytical apparatus 
 

Raal and Mühlbauer30 have highlighted challenges relating to high pressure equilibria measurements. Those 

which pertain to analytical isothermal methods are listed below: 

1.  The liquid components must be thoroughly degassed when added to the cell 

2.  Ensuring isothermal conditions 

3.  Confirming that equilibrium has been reached 

4.  Accurate measurement of the temperature and pressure 

5.  Not disturbing the equilibrium when sampling 

6.  Sample integrity during the sample taking process 

7.  Ensuring accurate sample analysis 

Sampling is another critical aspect of analytical isothermal apparatus. According to Richon and de Loos29, 

samples are more representative when they are “withdrawn as close as possible to the equilibrium phase 

and if they are analysed totally”. ROLSI samplers help to achieve this since the capillary tubes extend into the 

equilibrium cell for the taking of the sample i.e. samples are not withdrawn from a dead volume, as may be 

the case in some other designs. Representative and reliable sampling down to 0.01 mg (0.5 – 50 μL) is claimed 

for these devices, with good repeatability demonstrated for 10 measurements of a C1-H2S system.35 

Several factors may contribute to sample integrity and accurate analysis. The sample should remain 

homogenous i.e. one needs to prevent partial condensation of vapour samples or vaporisation of liquid 

samples. ROLSI samplers can operate with heated carrier gas, which assists in maintaining the homogeneity 

of samples. Operation at 50-100 K about the equilibrium temperature is recommended.30 

Certain dangers of using visually-aided sampling have been highlighted in a recent paper by Fourie et al.26, 

whom have developed a high-pressure apparatus for the measuring phase equilibria of supercritical  

CO2 – alkane – alcohol systems. In addition to a sapphire window, this apparatus is also fitted with a high 

definition medical endoscope which resulted in observations not visible to the naked eye. A particularly 

disturbing observation is noted: “periodic droplet formation on, and separation from, the tip of the vapor 

phase sample capillary was observed… After parting from the capillary tip, a thin liquid film remained which 

covered the capillary opening and hampered vapor phase sampling.” This observation was made despite 

temperature and pressure measurements remaining constant to within 0.1 bar and 0.001 K. Fourie et al. 

postulated that the droplet formation was due to small temperature gradients in the equilibrium cell.  
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2.1.3. Analysis by gas chromatography 
 

A gas chromatograph (GC) is an established apparatus for the characterization of compounds which do not 

undergo decomposition when vaporised. The reader is directed to other sources in the literature36–39 for a 

more detailed description of the different chromatography methods.  

For gas chromatography, the elements are illustrated below: 

 

Figure 5: A gas chromatograph apparatus for the separation and analysis of componentsX 

The main component in a GC is the column, which facilitates the separation of the chemical components. A 

sample is introduced through an injector. An inert carrier gas (such as helium) is used to transport the sample 

through the column where differential interaction between various components (in the sample) and the 

column splits the samples into its constituent components. Different compounds within the sample adsorb 

into and desorb from the solid particles within the column. These solids can either be in the form of packing, 

or a coating on the inside of the column (as is the case with capillary columns). Column selection is a crucial 

element in the design of the experimental apparatus. As each compound will absorb and desorb at different 

rates, separation occurs along the column and each compound elutes from (exits) the column at different 

times. Operating variables such as carrier gas flow rate and temperature can be used to manipulate degree 

of separation between the sample components. The separated sample components are delivered to a 

detector, which can be used to determine the mass of the separated components. Two common types of 

detectors are flame ionization (FID) and thermal conductivity (TCD).36 In this study we have made use of FID 

(Ch. 6) and TCD (Ch. 6-7), as well as mass spectrometry (MS) (Ch. 7), for the analysis of samples separated in 

GC columns. 

                                                           
X This image has been published into the public domain https://commons.wikimedia.org/wiki/File:Gas_chromatograph-
vector.svg  

https://commons.wikimedia.org/wiki/File:Gas_chromatograph-vector.svg
https://commons.wikimedia.org/wiki/File:Gas_chromatograph-vector.svg
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The experimental work conducted in Chapters 6 and 7 both made use of gas chromatography for sample 

analysis. While the experimental apparatus in Norway (Ch. 7)  was already in operation, the experiments at 

DTU (Ch. 6) required the acquisition of and commissioning of a new GC. The selection process required input 

from subject matter experts (SMEs), but also a significant amount of research. The considerations which went 

into the specification of the GC components and experimental method development are summarised below: 

 

Considerations for injector selection 

The most common type of injector is split/splitless, which either dilute (split mode) or feed the entire sample 

(splitless) to the column. The temperature set point is an important factor for the injector operation. This 

should be high enough to ensure that the already vaporized samples do not condense. The SME from Agilent 

also indicated it is essential for the sample size to remain small enough so as not to overload the liner in the 

inlet. Care should be taken especially for liquid injections over 0.5 μL, when the heated injector rapidly 

vaporizes the liquid resulting in backflow and significant peak tailing.36  

 

Considerations for column selection 

The column is at the heart of the GC apparatus and is responsible for separating the various components in 

the sample. Most modern-day columns consist of open tube capillaries which contain a layer called the 

stationary phase. The composition of the stationary phase is selected such that it will interact with the sample 

constituents (physically, not chemically). As a basic rule, ‘like separates like’39 meaning that for instance a 

polar stationary phase will separate out polar components.  

Following discussions with the SME from Agilent, the presence of water in our samples was determined as 

the limiting factor in the column selection. However, since our experiments were concerned with 

‘clean/simple’ mixtures (versus component identification) the column selection could be tailored specifically 

for the application. The main consideration was given to porous-layer open-tubular (PLOT)  and polar 

polyethylene glycol-based columns. Additional parameters in column selection are column length, internal 

diameter and film thickness.39 Longer columns separate components more readily, but at the cost of 

increased analysis time. Increasing column length is typically the least effective way to improve GC 

performance. Narrower columns also improve separation, but also limits sample size. Column I.D. is typically 

in the range of 0.20-0.32 mm. The film thickness is also related to the column capacity but is most importantly 

linked to the volatility of the sample constituents. The lower the boiling point of the analytes, the thicker the 

film is required to be. Film thickness can range from around 0.1 μm for high-boiling analytes to 8 μm for low-

boiling analytes.39 

During the experimental work in Norway, a micro GC (μGC) was utilized where the injection is controlled by 

a microchip. Here short, small diameter PLOT columns can be utilized in parallel with sufficient separation 

still being achievable. Chapters 4 and 18 in ‘Practical Gas Chromatography – a comprehensive reference’39 

are highly recommended for an understanding and implementation of GC column selection.  
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Considerations for column/oven temperature selection 

The choice of initial temperature is dependent on whether a solvent is used and the temperature at which 

the first analyte elutes. The column temperature should be set above the boiling point when using a solid 

stationary phase.40 The temperature is also an important consideration for high boiling compounds, as a 

vapour pressure of at least 8 kPa at the column temperature is required for GC analysis.41 Therefore the 

detection of glycols in a gas phase can be quite challenging, resulting in the use of creative techniques in 

order to quantify these values – see Folas et al.7 Choosing a higher temperature results in better separation 

and resolution for the high-boiling compounds and decreases the retention time of all analytes, but can result 

in low boiling compounds eluting too quickly. Isothermal operation is not suited to applications where the 

analyte boiling points differ by more than 100 °C.40 

It is therefore typical for temperature programmes to be developed, whereby the oven (in which the column 

is mounted) temperature is ramped up over time to analyse compounds with a wide range of boiling points. 

This dramatically shortens the analysis time due to faster separation. The ramp up rate is typically 4-20 °C/min 

depending on the degree of separation required.36 At rates greater than 20 °C/min the retention times of 

individual compounds become erratic. One should also be aware that retention crossover may occur when 

the heating rate is changed i.e. compound A elutes before compound B at ramp rate X, but compound B 

elutes before compound A at ramp rate Y.40 This is more common for compounds with relatively high polarity. 

The final temperature should allow for each analyte to elute, but still be below the maximum allowable 

temperature for that specific column. High boiling components or impurities can be problematic in this 

regard, where using an extended temperature hold time can solve this problem. 

 

Considerations for detection by TCD 

TCDs are effectively a universal detector and have a detection in the range of a few ppm.42 This detector 

functions by measuring the difference in thermal conductivity between the gas stream containing the sample 

and the pure carrier gas.36 As TCDs make non-destructive measurements, a TCD and FID and can be used in 

series. This relatively simple and elegant arrangement was used by Frost in the study6,43 preceding this one. 

Dual- or multi-column arrangements such as those of Fourie et al.25,26 are also possible, although these 

considerations often relate more to separation than analysis. The incorporation of 4-port valves similarly 

opens several possibilities, such as comparing the same sample using different injector modes. For more 

information on the concept of 2-D gas chromatography see the review given by Ong and Marriot.44 

For measurement of samples containing hydrogen, helium cannot be used as a carrier gas as it and hydrogen 

have nearly identical thermal conductivities. It is also noted that the first peak on a TCD can often be an 

injection disturbance – due to pressure wave effects – which does not generate an equivalent peak on an 

FID.42 
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Considerations for detection by FID 

FID can used to detect and quantify the presence of hydrocarbons by measuring the rate of ionisation which 

occurs during combustion. A flame is produced by burning hydrogen in air – typically in a ratio of 1:10 – while 

a voltage is applied across the flame. When the sample passes through the flame, a measurable electric 

current is produced which is proportional to the number of ions forms.36 The rate of ionization is in turn 

proportional to the number of hydrocarbon atoms in the sample.  

FID is a destructive technique, meaning that no other measurements can be made on the sample once it has 

passed through an FID. FIDs are known to have a very wide range of linearity.36 While FIDs are not sensitive 

to air leaks, hydrocarbon contamination of the fuel gas can affect the detector response.42 
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2.2. Experimental uncertainty and validation 
 

Data uncertainty and validation is another so-called hot button topic in thermophysical properties research 

circles as evidenced in a 1988 quote from Prof. Robert Moffat: “It is no longer acceptable, in most circles, to 

present experimental results without describing the uncertainties involved.”45 Recent years have seen an 

increased drive towards improving the quality of experimental data. Reporting of experimental uncertainty 

is required in major academic journals and quality control has been implemented by NIST, whereby 

experimental data is now thoroughly checked before publication.46 For a thorough examination of the origins 

of experimental error and the practical analysis thereof, the reader is directed to consult the following texts: 

• Describing the uncertainties in experimental results45 

• Measurement and their uncertainties: a practical guide to modern error analysis47 

• Uncertainty reporting for experimental thermodynamic properties48 

The basic uncertainty for a variable/measurement is described by: 45 

𝑋𝑖 = 𝑋𝑖(𝑚𝑒𝑎𝑠𝑢𝑟𝑒𝑑) ± 𝛿𝑋𝑖              (𝐶. 𝐼. ) 

Eq.  1 

 where  Xi (measured)  is the best estimate of Xi 

  δXi is the uncertainty estimate 

  C.I. is the confidence interval 

In this study we will predominantly make use of the mean value of several measurements to estimate 

Xi(measured), and the standard deviation (σ) to determine the uncertainty range and confidence interval. 1, 

2 and 3 standard deviations equate to 0.683, 0.955 and 0.997 level of confidence (C.I.) respectively. The 

(unbiased) standard deviation for n measurements with a mean value �̅� is calculated by: 

𝜎𝑋 = √
∑ (𝑋𝑖 − �̅�)2𝑛

𝑖=1

𝑛 − 1
 

Eq.  2 

A sequential perturbation method has also been described in the literature45, which formed the basis of the 

uncertainty analysis for ‘calculated’ experimental results in Chapter 7. 

Along with the standard uncertainty estimation methods, thermodynamic consistency tests are of specific 

interest in this study as they have been developed to determine the validity of binary property data. For a 

detailed discussion on consistency tests, the reader is directed to the following texts: 

• An assessment of thermodynamic consistency tests for vapour-liquid equilibrium data49 

• Thermodynamic and statistical consistency of vapor–liquid equilibrium data50 

• A fresh look at the thermodynamic consistency of vapour-liquid equilibria data51 
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From the texts it is evident that one should be hesitant to apply consistency tests in a plug-and-play manner. 

There is often quite a lot of nuance involved (e.g. with the van Ness point-to-point test), where the selection 

of activity coefficient model used in the evaluation can drastically affect the result.51 Another requirement 

for consistency tests are that both the vapour and liquid phase composition must be available to perform the 

test. Unfortunately, relatively few experimental data of interest to this study conform to this requirement. 

While roughly 20 consistency tests exist for binary data, only the McDermott-Ellis52 test (which was modified 

by Wisniak and Tamir53) is available for ternary data. Finally, no consistency test exists for determining the 

quality of LLE data. 

The NIST ThermoData Engine (TDE) has already been implemented into commercial software such as Aspen 

Plus, allowing the user to run consistency tests directly within their software. The following tests are 

implemented in Aspen Plus, from which an ‘Overall data quality’ is calculated: 

• Herrington TestXI 

• Van Ness Test 

• Point Test 

• Infinite Dilution Test 

• EOS Test 

• Endpoint Test 

Most of these tests are based on either on a point-to-point comparison (e.g. van Ness test) or integral 

evaluation of the general form of Gibbs-Duhem equation: 

∑ 𝑥𝑖 𝑑(𝑙𝑛𝛾𝑖) =
𝑣𝐸

𝑅𝑇
𝑑𝑃 −

ℎ𝐸

𝑅𝑇2
𝑑𝑇 

Eq.  3 

 Which reduces to the following when P and T are defined: 

∑ 𝑥𝑖  𝑑(𝑙𝑛𝛾𝑖) = 0 

Eq.  4 

For systems where the compositions may be low (yet measurable), both phases are not always 

simultaneously measured/reported which renders consistency tests unusable. Methane-water for instance 

has 36 binary VLE data sets reported in NIST TDE56, of which only 6 data sets report the composition of both 

phases at the same T, P conditions. There are also cases in which experimental data for one phase is used to 

generate the composition of the unknown phase from Eq.  4. This is a potential pitfall when skimming through 

papers and collecting experimental data. An assessment test was developed for glycol in gas data by 

Gharagheizi and co-workers57. This assessment relies on different correlations which are fitted to the data, 

which do not always produce the same results. 

                                                           
XI Has been proven incorrect, or at least fraught with peril – see discussion in Marcilla et al.54 and Wisniak55. Given the 
contestations of the Herrington Test, it is rather interesting that Aspen have chosen to keep it in their software.  
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2.3. Experimental data for systems of interest: validation and 

thermodynamic model parameterization 
 

To assess the accuracy of our experimental data it needs to be validated against data already published in 

the literature. Also, in the development and testing of our thermodynamic models, several pure component 

and mixture data are required. An extensive data search was conducted to locate experimental data of 

interest to this study. It should be noted that for the most part the results of the literature survey are 

presented here in section  0, with additional data screening and analysis provided where the experimental 

data has been used (e.g. data selection for CPA parameterization is discussed in Chapter 5). Along with the 

traditional journal keyword search methods, we also found the following resources very useful: 

• A series of experimental review papers spanning several decades32–34,58,59 

• Databases: NIST TDE56, DECHEMA60 and DIPPR61 

• Industry reports e.g. from the Gas Processors Association (GPA)62 

• NIST ThermoLit63 literature report builder 

• Input from SMEs at Equinor/StatoilXII 

• Recent reviews/studies by DTU64 and Calsep65 related to MEG-hydrate inhibition 

For thermodynamic modelling parameterization, pure component saturated vapour pressure (PSAT) and liquid 

density (ρSAT) data were mostly used. Although other methods for parameterization are described in the 

literature, it is very typical to see the use of pure component property correlations (such as those published 

in the DIPPR database) in parameterization. In Chapter 5 and our first publication16, we have highlighted 

some of the pitfalls (at least from a parameter uncertainty perspective) of using this approach. Therefore, 

wherever possible we have raw experimental in our parameterization, with correlations used for quality 

control purposes. At times other data were also considered such as heat of vaporization and (unsaturated) 

liquid density data. Crespo et al.66 for instance published a fantastic set of high-pressure density data for 

several glycols over a wide temperature (283-363 K) and pressure (0-1000 bar) range. 

 

2.3.1. Data for the validation of experimental apparatus 
 

For the experimental results presented in Chapter 6, data validation was required to the significant changes 

introduced to the experimental apparatus. The first reference point was to consider the work of Michael 

Frost. During his PhD, he published experimental results from two different experimental setups at DTU. The 

first data were measured using an apparatus constructed and commissioned by Jose Fonseca.67 Using this 

equipment, Frost produced binary and ternary VLE data for methane, water and methanol in the range of 

280-323 K and 50-195 bar.68  

                                                           
XII A special thanks here especially to Prof. Even Solbraa from Equinor/NTNU who was extremely helpful in terms of 
providing ‘industry insight’ especially w.r.t. data/systems do not freely available in the literature.  
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Frost also published VLLE data measured  for methane, n-hexane, methanol and water  at 296 K, and 68 and 

92 bar.6 Methane-methanol binary VLE data at 298K and 37-155 bar was used to validate the experimental 

equipment. Following the installation of new analytical equipment and the commissioning of the 

experimental apparatus in Chapter 6, it was decided to use methane-water and methane-hexane as 

validation tests. The reason for this change was related mainly to proposed route for experimental work: 

given that no data could be found for C1-nC6-H2O in the open literature, our goal to first investigate this 

system before introducing additional complexity. C1-H2O is also a very well-studied system, with at least 40 

sources available in the literature which could offer a greater deal of certainty to the evaluation. The 

experimental validation is presented in section 6.3.1 on pg. 81.The following data sets were selected for 

comparison: 

Table 1: Binary VLE data used for experimental validation in Chapter 6 

System Reference Type T [K] P [bar] 

C1-H2O 

Yarymagaev et al.69 TPxy 313 25-125 

Frost et al.68 TPxy 313 55-168 

Kiepe et al.70 TPx 313 4-84 

Chapoy et al.71 TPx 313 10-180 

Campos et al. 72 TPx 313 1-7 

Awan et al.73 TPx 314 11-100 

C1-nC6 

Kandil et al.74 TPxy 303 21-142 

Poston et al.75 TPx 311 35-198 

Cebola et al.76 TPx 348 23-103 

 

The experimental apparatus in Norway (Chapter 7) has been in operation over an extended period. The 

original set of validation data was measured by Folas et al.7 and compared to binary MEG-C1 data from the 

literature. Subsequent improvements to the glycol vapour content quantification were made by Miguens et 

al.77 and several data have been measured for systems containing a variety of glycols and natural gas 

components. Much of the data remains unpublished but being able to view and discuss this data with Prof. 

Solbraa was extremely useful for making judgement calls for the work presented in Chapter 5. We are very 

thankful to Equinor for the permission to publish the MEG data was measured using their equipment during 

the external research stay.   

 

2.3.2. Binary data for the development of new association 
schemes for glycols and water 

 

In the development of new association schemes for glycols (Chapter  5) and modelling of experimental data 

for the Norway experiments (Chapter 7) it was discovered that the MEG-alkane binary interaction parameters 

were crucial for the accurate modelling of the mixture. And it was already known from the earlier work of 

Derawi et al.78 that the use of LLE data was equally important in the parameterization for equations of state. 
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Many of the data of interest were also recently reviewed by co-workers at DTU KTXIII in an excellent review 

paper titled ‘Data Requirements and Modeling for Gas Hydrate-Related Mixtures and a Comparison of Two 

Association Models’. The following binary data sets were very closely studied in this work. 

 

MEG – C1  

The following data for binary MEG-methane systems have been found in the literature: 

Table 2: Experimental VLE data for MEG-C1 XIV,XV 

Reference 
Eq 

type 
T [K] P [bar] 

No. of 
pts 

Reported uncertainty 
Footnotes / 

Models 

Jou et al. 86 TPx 298-398 1-204 34 2-3% A, F, G 

Zheng et al. 87 TPx 323-398 2-396 30 
“Close agreement” 

with 86 
B, D, E, G, SRK 

Galvao et al. 
88 

TPx 303-423 14-137 25 1% H 

Abdi et al. 89 TPx 298 60-204 4 N/A Data paper only, H 

Folas et al. 7 
TPx 273-323 5-10 9 

25% (worst case) 
A, G, J, CPA/SRK-

HV TPy 278-323 5-20 6 

Wang et al. 90 TPx 283-303 5-40 24 N/A A, C, F, G 

Bersas91 TPy 273-313 50-150 5 15-20%  
MSc – unpublished. 

CPA/SRK 

Haugum & 
Sharifi92 

TPy 273-313 50-150 8 N/A 
Taken from 

Bersas91 

Miguens et 
al.77 

TPy 273-298 25-150 13 10% CPA 

 

The MEG-C1 binary was by the most intensely studied data sets in this thesis and was also scrutinized in a 

report from GPA.93 Given that none of the data sets were measured for both phases simultaneously, 

thermodynamic consistency tests were of no value estimating data quality. The quality of the various data 

sources has been discussed in Kruger et al. and summarized in section 5.2.2 on pg. 58. From Table 2 above 

although several data sets exist for MEG-C1 systems, they are mainly focused on the evaluation of the liquid 

phase i.e. the solubility of C1 in MEG. Four have been used regularly in modelling applications while the data 

of Galvao et al.88 and Abdi et al.89 have not seen any significant use since their publication. Abdi et al. used 

this specific system as a validation set to generate (amongst other data) ternary phase equilibria for C1-MEG-

                                                           
XIII It is interesting/surprising to note the similarities and differences between the work  relatively closely related work 
of Liang et al.64 and our first publication for MEG16 as the research was conducted independently of each other 
XIV References with respect to the modelling of the experimental data should not be considered as complete/exhaustive 
– in general, more recent applications are mentioned here 
XV A - To fit binary kij(T) for ESD 79; B – compared with CPA model prediction using kij = 0.1786 80; To fit kij for PRSV2 81; D 

- Parameterization and testing of new formulation of predictive NRTL-PR 82, E – Testing of new variant of the Patel-Teja 
EoS 83, F - Model testing and parameterization of sPC-SAFT 84,  G - Testing for CPA in hydrate formation modelling for 
flow assurance 85, H – no other modelling found in the literature, J – measured at Statoil/Equinor 
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H2O, while mainly MEG-CO2 data from Galvao et al. has been used in other literature sources. Folas et al.7 

generated only a few data points, but they present the only data openly available for MEG in the gas phase. 

All works presenting TPy data7,77,91,92 are linked to Statoil/Equinor research facility. Recently Jou et al.94 have 

published C2-MEG data as well. 

 

MEG – nC6/nC7  

LLE data for MEG-alkane systems proved to be relatively scarce, with only three data sets found in total. 

Table 3: MEG-alkane binary LLE data available in the literature 

Reference Comp 2 
Eq 

type 
T [K] 

P 
[bar] 

No. of 
pts 

Reported 
uncertainty 

Footnotes / 
Models 

Derawi et 
al.95 

nC6 TPxx 308-330 1 5 ± 5% NRTL / UNIQUAC 

Razzouk et 
al.96 

nC6 TPxx 283-323 1 3 4-5 % 
Correction of older 

paper 

Derawi et al.95 nC7 TPxx 316-352 1 7 ± 5% NRTL / UNIQUAC 

 

Even though the data of Razzouk et al. 96 has been published as a corrigendum of earlier data, there is still a 

notable difference compared to values of Derawi et al.95 These differences have discussed in our first 

publication16 for MEG association schemes and are also briefly touched on in section 5.2 on pg. 56. 

 

TEG – C1  

In most cases, significantly fewer data could be found for TEG binaries as compared to MEG. For instance, 

only three sources could be found for TEG-C1. The details are provided in Table 4 below. 

Table 4: TEG-C1 binary VLE data available in the literature 

Reference 
Eq 

type 
T [K] P [bar] 

No. of 
pts 

Reported 
uncertainty 

Jou et al.97  TPx 298-398 1-193 40 0.01∙P 

Wilson et al.98 TPx 273-298 34-173 16 N/A 

Jerenic et al.99 TPy 298-317 16-90 12 < ± 12% 

 

For the data presented above, it is again the case that one single phase data are provided and therefore 

thermodynamic consistency tests cannot be executed. The reported uncertainty of Jerenic et al.99  here and 

Folas et al.7 in Table 2 stands out in comparison to many of the other sources in section 2.3. From experience 

it is known that the larger uncertainties bear some relation to the method by which glycol TPy data is 

measured, but one does wonder whether some authors have erred on the optimistic side when reported 

their experimental uncertainties. It is also noteworthy that Jerenic et al.99 have managed to quantify TEG 
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vapour below 1 ppm. Jou et al.97 also measured the solubility of ethane and propane in TEG and their data 

has been cited in 67 publications of which at least 28 are related to natural gas dehydration applications. 

 

TEG – nC6/nC7  

Compared with the data for MEG LLE in Table 3, TEG LLE data has a few additional sources available (at least 

for n-heptane). The data are presented in Table 5. 

Table 5: TEG-alkane binary LLE data available in the literature 

Reference Comp 2 Eq type T [K] P [bar] No. of pts 
Uncertainty / 

comments 

Rowley & 
Hoffman100 

nC6 Pxy 473 0.07 - 18 16 

PR / NRTL 
Rowley & 

Hoffman100 
nC6 TPx1 343-473 1-17 2 

Rawat et al.101  nC7 TPx2 321-409 1 6 
Water-rich 

phase 

Hughes et al.102 nC7 TPxx 298-323 1 8 
Incomplete 

data 

Derawi et al.95 nC7 TPxx 309-351 1 6 ± 5% 

 

n-Heptane is often used to dissolve aromatics in solvent extraction applications. For this reason, both Rawat 

et al.101 and Hughes et al.102 also measured ternary systems including benzene and toluene with TEG-nC7. The 

role of aromatics in natural gas dehydration is briefly covered in section 2.3.3 on pg. 21. 

 

MEG – H2O 

As many as 50 isobaric and isothermal data sets are reported in NIST TDE. However, for the evaluation of 

MEG-H2O binary systems, preference was given to data sets where both phases were measured 

simultaneously, and thermodynamic consistency tests could be applied. The following data was captured 

following a pre-screening process using NIST TDE in Aspen Plus.  

Table 6: Binary VLE data selected for MEG-H2O 

Reference 
Eq 

type 
T [K] P [bar] 

No. of 
pts 

Reported 
uncertainty 

Footnotes / 
Models 

Kamihama et 
al. 103 

Txy 376-463 1 19 ± 0.1 mol% NRTL / UNIQUAC 

Trimble et 
al.104 

Tx 367-463 0.8 18 N/A 
Vapour phase is 

estimated 

Chiavone-
Filho et al.105 

Pxy 343-363 0.06-0.7 15 ± 0.05 mol% Measured at DTU 
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It should be noted that the pressure ranges of the experimental data are far below those of interested to 

subsea natural gas dehydration, and therefore less emphasis is placed on MEG-H2O data in Chapter 5. This 

data is however of specific interest for the glycol regeneration unit which are designed to operate within the 

phase envelope.  

 

TEG-H2O 

As compared to MEG-H2O, TEG-H2O is a comparatively less well studied binary system. The available data has 

been thoroughly reviewed by Clinton et al.106 with the data from Herskowitz and Gottlieb107,  Parrish et al.108 

and Bestani and Shing109 being identified as the most critical. Rather than measuring VLE data directly, the 

sources measure the activity coefficient at infinite dilution over a range of temperatures. More recently, 

isobaric (atmospheric) VLE data was published by Mostafazadeh et al.110 

 

2.3.3. Other binary data for systems of interest  
 

Mixtures containing CO2 

Carbon dioxide is one of the most widely studied compounds in experimental phase equilibria. In a recent 

review by Fonseca et al.33 for experimental data published in major journals between 2005-2008, more than 

half of 1469 binary systems found contained CO2. With the increased interest in CO2 emissions due to climate 

change leading to extensive research into carbon capture and sequestration (CCS) this is not surprising. 

Supercritical fluid extraction is another processing technique where CO2 has seen significant research. 

Specifically, for natural gas processing, CO2 plays an important role in terms of product quality and flow 

assurance. As methane-rich reservoirs become depleted, CO2 “production” will inevitably increase. As an acid 

gas along with H2S, CO2 combines with water and becomes corrosive – thereby endangering the integrity of 

transport networks.111  

With respect to glycols, the following CO2 binary data was found in the literature: 

Table 7: CO2-glycol binary data found in the literature 

Reference Comp 2 Eq type T [K] P [bar] No. of pts 
Uncertainty / 

comments 

Jou et al.112 MEG TPx 298-398 0.3-203 39 0.01∙P 

Zheng et al.87 MEG TPx 323-398 9-384 30 N/A 

Gui et al.113 MEG TPx 288-318 0.9 58 5-50% 

Jiang et al.114 MEG TPy 313-353 70-190 35 <10% 

Galvao et al.88 MEG TPx 303-423 3-63 20 1% 

Serpa et al.115 MEG TPx 288-348 1-5 15 x ± 0.0001 

Jou et al.97 TEG TPx 298-398 0.04-203 40 0.01∙P 

Wise and Chapoy TEG TPx 273-343 4-374 28 x ± 0.029 
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As has been the case previously for MEG and TEG, there are very few sources for the measurement of the 

vapour phase. Jiang et al.114 provide the only such data. It should be noted that the MEG vapour content is 

in the order of mole percent and therefore is comfortably measured by GC. The Gas Processors Association 

have published two reports (RR-98 and RR-119) using correlation methods in the estimation of MEG and TEG 

vaporization into supercritical CO2. 

Mixtures with aromatics 

Although not directly related to our interest here, the solubility of aromatic compounds in the absorbent 

(glycol) must to accounted for in natural gas dehydration designs. The compounds are absorbed along with 

water and are released at the glycol regenerator. Such emissions present considerable health and 

environmental risks.116 For this reason, there are quite a few experimental studies and modelling reviews 

into the so-called BTEXXVI compounds available in the open literature78,117–119 and GPA report RR-137. Similar 

ternary data is also available for diethylene glycol (DEG)120 and tetra-ethylene glycol (TeEG)121,122.  

 

H2O-alkane equilibrium data 

Water-alkane systems are very well studied, and several data sources are listed in the literature. For ease of 

comparison with the results of Liang et al.64 for kij-parameterization, we have selected similar data sets for 

use in this work. The sources are listed in the table below. 

Table 8: Evaluation of available data for H2O-alkane systems 

References 
considered for this 

study 
Comp 2 Data types 

VLE sources in 
NIST 

LLE sources in 
NIST 

68–70,90,123 C1 VLE 40 1 
90,123–125 C2 VLE / LLE 18 6 
123,126,127 nC6 VLE / LLE 8 42 

128–130 nC8 VLE / LLE 4 20 

 

Other thermodynamic properties 

Phase equilibrium data alone are not sufficient for process designs. Viscosity and surface tension for instance 

are important in the design of the compact glycol injectors proposed for subsea natural gas processing. 

Increased viscosity can result in flow constraints, especially at low temperatures such as in the Norwegian 

Sea. This is one of the reasons why MEG has been kept in consideration, even though it has a higher volatility 

and low dehydration capacity than TEG. Surface tension meanwhile affects the kinetics of the mixing process 

inside the injectors. High surface tension leads to increased droplet sizes which limits the surface area for 

interaction between the absorbent and the natural gas. Excess enthalpy (or heat of mixing) data may also be 

of interest, if it can have a significant impact of the temperature of the stream as it is being separated.  

                                                           
XVI Benzene, toluene, ethylbenzene and o-xylene 
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These types of thermodynamic properties are also more abundant in the literature, at least for systems 

containing glycols. Several excess enthalpy131–133, surface tension134,135 and viscosity134–136 data are available 

for binary MEG-H2O and TEG-H2O systems. Binary excess enthalpy data are available in GPA reports  

RR-68/83/97 for water with alkanes and CO2. 

 

Alternative data sources: molecular simulation 

Molecular simulations present an interesting complement to traditional experimental data, and since 2006 

NIST has maintained a reference database of molecular dynamics (MD) results.137 A detailed explanation of 

the intricacies of MD is far beyond the scope of this work, but in very basic terms this method involves solving 

Newton’s equations of motion at an atomic level. This involves the specification of force-fields which may 

either be parameterized against various experimental data or be determined via quantum mechanics (in the 

so-called ab initio methods). These models consume immense computational resources but have been 

developed to the point where thermodynamic properties and phase equilibria can be determined. Much of 

the research in this field involves biological systems, but some relevant research has been published for 

systems containing glycols.138–141 Huang et al.140 highlight one of the advantages of MD in their study of 

ethylene oxide. Given the hazardous nature of the compound, very few experimental data are available, 

whereas MD results can be generated without the risk of physical exposure. Therefore, MD simulations could 

be of value in the study of other hazardous compounds such as mercury, which accumulates in many natural 

gas processing plants. However, the most interesting work in relation to the present study was done by Olsen 

et al.139 at the University of Bergen in Norway. The hydrogen bond lifetimes of glycols are studied in various 

aqueous mixtures and compared with the results of CPA.  

   

2.3.4. Ternary and multicomponent data for systems of 
interest 

 

MEG-related systems 

From the standpoint of evaluating our work in Chapter 7 for MEG systems, many relevant multicomponent 

publications build on binary data already presented.  Some relevant ternary and quaternary systems are also 

examined by Tzirakis et al.142 although much focus is given to hydrate dissociation curves. 

Table 9: MEG-related ternary VLE data expanded from binary measurements presented in sections 2.3.2-2.3.3 

Reference Comp. 1 Comp. 2 Comp. 3 T [K] P [bar] 

Folas et al.7 C1 MEG H2O 278-298 50-200 

Abdi et al.89 C1 MEG H2O 263-283 150-300 

Wang et al.90 C1 MEG H2O 283-303 5-40 

Abdi et al.89 CO2 MEG H2O 273-303 10-34 

Serpa et al. CO2 MEG H2O 288-348 1-5 

Wang et al.90 C2 MEG H2O 283-303 5-40 
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In a different GPA report (RR-149), Ng and Chen143 evaluate two quaternary systems C1-C3/CO2-MEG-H2O at 

283 and 310 K and pressures between 7 and 21 bar. These data are very useful as the exact feed compositions 

are provided and the effect of CO2 addition can be evaluated.  Within the study, the same systems are 

measured where methanol replaces MEG as the hydrate inhibitor. The data was used in a recent study of 

MEG systems by Boesen et al.65 from Calsep A/S. Water in gas measurements for inhibited synthetic natural 

gas mixtures have been measured by Mazloum et al.144 and Chapoy et al.145,146  

Additionally, several ternary LLE data have recently been published for systems which contain MEG. The 

descriptions of these data can be found in Table 10. 

Table 10: Ternary LLE data for systems containing MEG and water 

 Reference Comp. 3 T [K] P [bar] 
No. of 

pts 
Reported uncertainty 

Kamihama et al. 103 C2OH 353-372 1 30 ± 0.1 mol% 

Razzouk et al.96 nC6 283-323 1 24 4-5 % 

Mokbel et al.147 nC6 283-323 1 30 3% 

Mokbel et al.147 nC7 283-323 1 30 3% 

 

Mokbel et al.148 have measured a variety of low pressure LLE data for ternary and quaternary systems 

containing MEG, water, toluene, p-xylene, n-hexane and octane. Chen et al.149 have measured several VLLE 

data at low temperatures (263-283 K) and pressures (7 bar) for C1-C3/nC6-MEG-H2O and  

C1-C3-nC6-CO2-MEG-H2O. In this work MEG and H2O vapour content were not reported, with the limit of 

detection for their GC method estimated in the low ppm range. Ascroft et al.150 have measured VLLE data for 

C1-nC8-MEG-H2O for pressures up to 150 bar. In GPA report RR-160151, the mutual solubility (LLE) data for 

aqueous MEG and two gas condensates are presented. The condensates are specified up to a C30+ fraction, 

including some aromatics. Modelling of such systems would require characterization techniques such as 

those of Pedersen et al.152  

 

TEG and other glycol-related systems 

Again, significantly fewer data are found in the literature for TEG systems. CO2 solubility data for VLE and LLE 

has been measured by Wise and Chapoy153 for CO2-TEG-H2O. CO2-DEG/TEG-H2O systems were also measured 

by Takahashi et al.154 while Yokoyama et al.155 published data for C1-DEG-H2O. The Gas Processors Association 

measured VLE data for C1-C3-TEG-H2O-C1OH in their report RR-177. 

The concerns of higher aromatics solubility in TEG has resulted experimental data being measured for 

systems such as TEG-H2O-toluene.110,118 Hughes and Hoaran102 present data for TEG-nC7-toluene. Chen et 

al.156 measured several ternary and quaternary systems which included cyclohexane, 1-heptene, TEG and 

aromatics. 
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H2O-alkane systems 

For comparison with our planned work in Chapter 6, very few data for H2O-C1-alkane type ternary systems 

were found using the resources described at the beginning of this section. Susilo et al.157 published low 

pressure VLLE data for H2O-C1-neoC6/nC7/TBME/MCH.XVII  Furthermore, Gillespie and Wilson158, and Ng and 

Chen159 presented data for H2O-C1-nC5 and H2O-C1-nC10 in GPA reports RR-48 and RR-150 respectively. Several 

H2O-alkane-alcohol systems are reported in the review of Liang et al.64 but are not of specific interest to the 

present study. 

 

2.4. Summary 
 

High pressure phase equilibria measurements are very challenging and expensive. Apparatus for such 

experiments are classified as synthetic or analytical, depending on how the equilibrium composition is 

determined. During his PhD43, Michael Frost designed and commissioned isothermal analytical apparatus for 

investigating multiphase mixtures relevant to the oil & gas industry. One of the aims of the present study is 

the recommissioning of this apparatus, specifically to investigate mixtures relevant to subsea natural gas 

processing units.  

Due to the requirement for the acquisition of a new GC, gas chromatography has been reviewed here. Given 

the successful experience with the equipment used by Frost43, the standard split/splitless injector was 

installed. For additional flexibility (mainly in relation to other studies), the apparatus is only equipped with a 

headspace sampler. These devices introduce a vapour sampled from above a liquid/solid into the GC. Given 

the constraints of the glass vials used in this device, only low pressure VLE work would be possible. As the 

quantification of water, as well as hydrocarbons, is required in our experiments It was decided to duplicate 

the TCD and FID in series previously used by Frost.6,43 Based on input from SMEs, the decision was made to 

order both a bonded PLOT (BOND) and Wax column.  

Recent collaboration between NIST and the major thermophysical property publications have resulted in an 

increased drive towards accurate reporting of experimental uncertainty. Traditional statistical methods (i.e. 

mean and distribution) can be used when sufficient repetition has been done, while the quality of binary VLE 

data can also be assessed through thermodynamic consistency tests. The quantification of both phases is 

however required to perform such testing and unfortunately no consistency tests exist for LLE data.  

Several relevant VLE and LLE data have been found in the literature. Experimental pure component (mainly 

saturated vapour pressure and liquid density) are readily available in the DIPPR database and are preferred 

over correlations in the parameterization of equations of state. LLE data is also essential for 

parameterization purposes, although such data is relatively scarce for glycols. Possibly even more 

important than the data which was found in the literature, is the data which was missing. The C1-nC6-H2O 

system is a good example of potentially valuable data for gas processing design which is not available in the 

open literature. 

                                                           
XVII TBME = tert-butyl methyl ether; MCH = methylcyclohexane 





 

 

3. Review of thermodynamic modelling and 

equations of state  

3.1. Background 
 

Much of early thermodynamics focused on investigations of power cycles or heat engines and it is in this 

context that we see (at least indirectly) the development of the first equations of state. As the moniker would 

imply, these equations are mathematical derivations used to describe the relationships between 

thermodynamic state variables. The so-called Ideal Gas Law was first formulated by Emile Clapeyron in 

1834.160 Through contributions from several theorists and experimentalistsXVIII (Carnot, Claussius, Thomson, 

Gibbs, Maxwell, von Linde and others), the science and application of thermodynamics developed 

throughout the 19th century. In terms of equations of state, the next major development occurred in 1873 

thanks to Johannes Diderik van der Waals. In his doctoral dissertation entitled ‘Over de continuiteit van den 

gas- en vloeistoftoestand’XIX, he considered that the interactions (which we now call van der Waals forces) 

between atoms or molecules must occur according to an intermolecular potential.161 In this work the van der 

Waals equation of state (vdW EoS) was proposed: 

𝑃 =  
𝑅𝑇

𝑣 − 𝑏
−

𝑎

𝑣2
 

Eq.  5 

where,  P is pressure [Pa] 

  R is the universal gas constant, 8.314 [J/(mol K)] 

  T is temperature [K] 

  v is molar volume [m3/mol] 

and a & b are compound specific parameters 

 

The vdW EoS is a two-parameter equation of state due to the a & b pure component parameters. The a-

parameter is representative of the attractive forces between molecules, while the  

b-parameter, referred to as the co-volume, represents the amount of volume taken up by the molecule. 

Several methods exist for estimating these parameters, but in practice they are usually fitted to critical 

                                                           
XVIII “The history of thermodynamics is a story of people and concepts. The cast of characters is large. At least ten 
scientists played major roles in creating thermodynamics, and their work spanned more than a century. The list of 
concepts, on the other hand, is surprisingly small; there are just three leading concepts in thermodynamics: energy, 
entropy, and absolute temperature.” – William H. Cropper in Great Physicists (2001), 93.  
XIX In English: On the continuity of the gaseous and liquid state 
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properties (critical temperature (TC) and critical pressure (PC)) or vapour pressure and liquid density data. Van 

der Waals’ work was almost immediately recognized as a masterpiece, with no-lesser a figure than Ludwig 

Boltzmann referring to him as the Newton of real gases. While some progress was made through models 

such as the five parameter Beattie-Bridgeman model, the next 76 years saw no significant progress for two 

parameter equations of state.  

The publication of the Redlich-Kwong EoS in 1949162 somewhat sparked revival in what we today call cubic 

equations of state or “cubics” for short. Cubics consist of formulations like the vdW EoS where pressure is 

expressed as function of volume and temperature such that a maximum of three volume roots may exist i.e. 

when expanded, the function contains a third-power volume term. Although cubics were found to be flexible 

and solved many problems in the oil & gas industry, satisfactory performance was not always possible as is 

evidenced in the following quote:163 

“Existing cubic EoS often cannot be satisfactorily extended to complex multicomponent 

systems that contain hydrogen bonding compounds (even the description of the binary 

systems is problematic), especially when both vapor-liquid equilibria (VLE) and liquid-

liquid equilibria (LLE) (often also solid-liquid equilibria (SLE)) are of interest over 

extended temperature and pressure ranges.” 

Given the short-comings of cubics, researchers in thermodynamics from late 1980s onwards began to focus 

on models which could alleviate these problems. Several new approaches were investigated e.g.:XX  

1. Advanced mixing rules for cubic EoS 

2. Perturbation methods accounting explicitly for various intra- and intermolecular forces 

3. Hybrid approaches which combine elements from 1 and 2 above 

And for each of these three approaches, many different models have been published. In the present study 

however, we have chosen to focus on one model for each. In the proceeding sections, we will present: 

1. Soave-Redlich-Kwong with Huron-Vidal mixing rules (SRK-HV) 

2. Simplified Perturbed-Chain Statistical Associating Fluid Theory (sPC-SAFT) 

3. Cubic-Plus-Association (CPA) 

 

3.2. Soave-Redlich-Kwong with Huron-Vidal mixing rules 

(SRK-HV) 
 

The first cubic EoS which is of interest in this study is the Soave-Redlich-Kwong (SRK)12 equation of state 

developed by Georgios Soave in 1972. Along with the cubic EoS developed by Peng & Robinson164 (PR-EoS), 

SRK became a staple of oil & gas industry due for its pure hydrocarbon systems. As the name would imply, 

                                                           
XX By no means an exhaustive list as this was a period of extremely rapid development in the thermodynamics  
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advanced mixing rules only apply for mixtures and therefore the original SRK development is shown first with 

the application of the Huron-Vidal mixing rules to follow later. 

 

3.2.1. Model development for pure components 
 

The pressure-explicit form of SRK is given by:12 

𝑃 =  
𝑅𝑇

𝑣 − 𝑏
−

𝛼(𝑇)

𝑣(𝑣 + 𝑏)
    

Eq.  6 

where α(T) is the alpha function defined by  

𝛼(𝑇) = 𝑎[1 + 𝑐1(1 − √𝑇𝑅)]
2

 

Eq.  7 

 and TR is the reduced temperature (T/TC)  

𝑏 = 0.08664𝑅𝑇𝐶/𝑃𝐶 

Eq.  8 

𝑎 =
0.4286𝑅2𝑇𝐶

2

𝑃𝐶
 

Eq.  9 

 c1 is given by a generalized function: 

𝑐1 = 0.480 + 1.574 ∙ 𝜔 − 0.176 ∙ 𝜔2 

Eq.  10 

The c1 function was defined as m in the original presentation by Soave as it represents the linear slope of the 

graph √𝛼(𝑇) versus √𝑇𝑅. By following the method of Pitzer and evaluating results at TR = 0.7 for several 

hydrocarbons, it was possible to find a generalized correlation of c1 in terms of the acentric factor (ω). Such 

generalized correlations have been employed in several cubic equations of state (e.g. PR-EoS) but are 

typically only valid for hydrocarbons and simple molecules. For polar and associating compounds, it is 

advisable to employ the Mathias-Copeman165 modification, where an extended α-function is used for sub-

critical temperatures (i.e. TR < 1): 

𝛼(𝑇) = 𝑎 [1 + 𝑐1(1 − √𝑇𝑅) + 𝑐2(1 − √𝑇𝑅)
2

+ 𝑐3(1 − √𝑇𝑅)
3

]
2

 

Eq.  11 

In Eq.  11, the c1, c2, and c3 constants are fitted to pure component vapour pressure data. 
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3.2.2. Extension to mixtures 
 

For extensions to mixtures, it is necessary to define to the rules by which the mixture parameters (α(T)mix and 

bmix) are determined. The most widely employed set of mixing rules is the van der Waals one-fluid (vdW1f) 

rules which are defined by: 

𝛼(𝑇)𝑚𝑖𝑥 = ∑ ∑ 𝑥𝑖𝑥𝑗𝛼(𝑇)𝑖𝑗

𝑛

𝑗=1

𝑛

𝑖=1

 

Eq.  12 

𝑏𝑚𝑖𝑥 = ∑ ∑ 𝑥𝑖𝑥𝑗𝑏𝑖𝑗

𝑛

𝑗=1

𝑛

𝑖=1

 

Eq.  13 

where,  𝛼(𝑇)𝑖𝑗 = √𝛼(𝑇)𝑖𝛼(𝑇)𝑗(1 − 𝑘𝑖𝑗) 

Eq.  14 

  𝑏𝑖𝑗 =
𝑏𝑖+𝑏𝑗

2
(1 − 𝑙𝑖𝑗) 

Eq.  15 

 and kij & lij are binary interaction parameters, although lij is rarely used 

 

Equations of state are traditionally contrasted with and compared to activity coefficient models which have 

developed somewhat in parallel. Activity coefficient models are empiricalXXI formulations of the excess Gibbs 

energy (GE) and are usually classified as either random mixing or local composition. Cubic equations of state 

have several advantages, specifically of interest in the oil & gas industry:168 

• Simple and computationally fast (as compared to more complex equations of state) 

• Application over wide ranges of temperature and pressure 

• Able to predict mixture properties and phase equilibrium, typically without the use for complex 

interaction correlations 

• Long history of use and extended database of interaction parameters, meaning that pure prediction can 

be performed for mixtures of hydrocarbons and relatively simple compounds. 

 

                                                           
XXI There is some debate in the literature regarding whether cubic equations of state are empirical models or not. As 
pointed out by Vera and Prausnitz166 and discussed by Kontogeorgis and Folas167, cubic equations of state exhibit certain 
properties which differentiate them from pure empirical correlations such as activity coefficient models. 



Chapter 3: Literature review of relevant thermodynamic models 

 

31 | P a g e  
 

There are however several limitations to these models, which are most often related to description of liquid 

volumes XXII  and more complex mixtures e.g. those containing polar compounds.167 Meanwhile activity 

coefficient models are suitable for liquids and can typically model more complex mixtures accurately, but 

cannot be used for high-pressure calculations.172 Given this complementary asymmetry in the advantages 

and disadvantages of cubic EoS and activity coefficient models, it seems natural to attempt to combine the 

two into a “best of both worlds” methodology. This was first achieved through the proposal of an excess 

Gibbs energy mixing rule for equations of state (EoS/GE) by Huron & Vidal13, which was later reformulated by 

Michael Michelsen173 and several others (e.g. Wong & Sandler174,175). The differences between the 

approaches of Huron and Vidal versus Michelsen centre on the select of a reference state: infinite pressure 

versus zero reference pressure.XXIII Meanwhile Wong & Sandler considered the Helmholtz energy  at infinite 

pressure in their approach. Naturally the multitude of cubic EoS (e.g. SRK, PR, with or without volume 

translation, with or with Mathias-Copeman corrections, etc.) and activity coefficient models (NTRL, UNIFAC, 

UNIQUAC, etc.) result in a vast array of combinations and subsequent models. For further exposition on 

EoS/GE models, the author would suggest the following reading: 

 

• Ch. 6 in Thermodynamic Models for Industrial Applications by Kontogeorgis & Folas167 

• Ch. 16 in Phase behavior of petroleum reservoir fluids by Pedersen et al.177 

• Thirty years with EoS/GE models – What have we learned? By Kontogeorgis & Coutsikos178 

In the present study we follow the methodology shown Folas et al.7 in their work on high-pressure mixtures 

of MEG, water and methane. The SRK/HV EoS is derived by equating the excess Gibbs energy from the SRK 

EoS with that of the Non-Random Two Liquid (NRTL)179 activity coefficient model according to: 

(
𝐺𝐸

𝑅𝑇
)

𝑃

𝑆𝑅𝐾

= (
𝐺𝐸

𝑅𝑇
)

𝑃

𝑁𝑅𝑇𝐿

 

Eq.  16 

At the infinite pressure reference, the modified NRTL of Huron & Vidal13 is given by: 

𝐺∞
𝐸

𝑅𝑇
= ∑ 𝑥𝑖

∑ 𝜏𝑗𝑖𝑥𝑗𝑏𝑗exp (−𝛼𝑗𝑖𝜏𝑗𝑖)𝑛
𝑗=1

∑ 𝑥𝑘𝑏𝑘exp (−𝛼𝑘𝑖𝜏𝑘𝑖)𝑛
𝑘=1

𝑛

𝑖=1

 

Eq.  17 

 where,  αij is a non-randomness parameter (not to be confused with the α(T) in SRK)  

  τji is given by: 𝜏𝑗𝑖 =  (𝑔𝑗𝑖 − 𝑔𝑖𝑖)/(𝑅𝑇)  

 and gji is an energy parameter describing the interaction between molecules j and i 

                                                           
XXII This can be corrected without affecting phase equilibrium predictions using volume-translation as first proposed by 
Peneloux et al.169, but requires the fitting of additional model parameters. Jaubert, Privat and co-workers have recently 
published several articles evaluating the application of volume translation for equations of state.170,171 
XXIII The concept of a zero pressure limit was initially introduced by Michelsen’s long-time colleague Jørgen Mollerup176 
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It is possible to increase the flexibility of the model by using temperature-dependent correlations for τji as 

was recently shown by Boesen et al.65 for systems contain MEG, water, acid gases and hydrocarbons (see 

section D2 in the appendices for further discussion). Given the choice of reference pressure by Huron & Vidal, 

αij and τji  parameters from databases such as DECHEMA cannot be used. These parameter sets were 

correlated at low pressure and therefore new values must be correlated for the infinite pressure reference. 

Through use of the zero-pressure reference, Dahl and Michelsen180 showed that the extended UNIFAC 

parameter could be used for Huron & Vidal type mixing rule now referred to as MHV2. A similar approach 

was followed by Holderbaum and Gmehling in the development of the so-called Predictive SRK or PSRK181 

equation of state.  

By calculating the co-volume using Eq.  13 and Eq.  15, and then solving for the SRK α(T) function, one arrives 

at the explicit mixing rule proposed by Huron & Vidal: 

𝛼(𝑇) = 𝑏 [∑ 𝑥𝑖

𝛼𝑖

𝑏𝑖
−

𝐺∞
𝐸

𝑙𝑛2

𝑛

𝑖=1

] 

Eq.  18 

In the original manuscript, Huron & Vidal showed that the model reverts to the traditional SRK EoS through 

the following parameter selection: 

• αij = 0 

• 𝑔𝑖𝑖 = −
𝛼𝑖

𝑏𝑖
𝑙𝑛2 

• 𝑔𝑗𝑖 = −2
√𝑏𝑖𝑏𝑗

𝑏𝑖+𝑏𝑗
√𝑔𝑖𝑖𝑔𝑗𝑗(1 − 𝑘𝑖𝑗) 

This parameter selection should be utilized for binary interaction for molecules which are known to be 

modelled well by SRK and for which binary interaction parameters are available in the literature  

e.g. alkane-alkane mixtures. Therefore, the SRK-HV model exhibits significant flexibility in process simulators 

as cubic EoS and activity coefficient elements may be implemented where they are best suited. 

Polishuk et al.182 have studied the efficacy of combining two-parameter cubic equations of state with excess 

Gibbs energy models. They considered a comparison between their own four-parameter cubic EoS and the 

Predictive-SRK (PSRK)181, XXIV . Their work has indicated that use of the HV-mixing rule shows minimal 

improvement for high pressure phase equilibria prediction, while also increasing the possibility of unrealistic 

phase diagrams being generated. The localized fitting of experimental data for model parameterization is 

blamed for this occurrence, as critical and LLE data are often ignored. This may not be a problem while 

working within the temperature range of the experimental data. 

 

 

                                                           
XXIV PRSK combines the original SRK12 with the Mathias-Copeman165 alpha-function and modified Huron-Vidal rule of 
Dahl and Michelsen180 – therefore PRSK and SRK-HV (as used in this work) can be considered equivalent or at least very 
similar for the purposes of the discussions presented here. 
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3.3. Simplified Perturbed-Chain Statistical Associating Fluid 

Theory (sPC-SAFT) 
 

At approximately the same point time (late 1980s and early 1990s), Walter Chapman and co-workers from 

Cornell University and later Exxon Research began to publish their work on a completely new type of EoS. 

What eventually became known as the Statistical Associating Fluid Theory (SAFT), developed over a series of 

papers: 

• 1988: Phase equilibria of associating fluids: Spherical molecules with multiple bonding 

sites183 

• 1988: Phase equilibria of associating fluids: Chain molecules with multiple bonding sites184 

• 1989: SAFT: Equation-of-state solution model for associating fluids185 

• 1990: New reference equation of state for associating liquids186 

• 1990: Equation of State for Small, Large, Polydisperse, and Associating Molecules187 

• 1991: Equation of state for small, large, polydisperse, and associating molecules: 

extension to fluid mixtures188 

The titles of the six papers listed above provide a hint towards the novelty of SAFT. Whereas cubic equations 

of state considered molecules as essentially singular objects with a defined interaction potential, the SAFT 

formalism dictated that molecules consist of chains of hard spheresXXV which are also subject to various 

intermolecular forces such as dispersion and association. The reader will notice that up to this point the 

author has described the SAFT formalism in rather broad terms and this is because SAFT is not a single EoS 

but has sprawled into (a rather large) family of equations of state for which the distinctions can often be 

rather nuanced. Even for the six papers mentioned above, there is already a noticeable split between the 

first four (the last of which is often referred to as SAFT-0) and the latter two (named SAFT-HR of SAFT-CK 

depending on which source is consulted). Although it is not completely apparent in Figure 6, the early SAFT 

formulations considered a reference term consisting of hard spheres to which a dispersion force was applied. 

These perturbed hard spheres could then form chains – representing molecules – and these chains are 

allocated association sites to simulate highly directional intermolecular interactions such as hydrogen 

bonding. 

                                                           
XXV Given the myriad of different SAFT equations e.g. soft-SAFT and SAFT-VR-Mie, even the term “hard sphere” can be 
misleading here. 
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Figure 6: Successive perturbations applied in the development of SAFT. Reprinted (adapted) with permission from 

Economou189. Copyright (2002) American Chemical Society. 

Within the original SAFT variant introduced by Chapman et al.185, we are introduced to the backbone of the 

entire SAFT formalism: the association term. This term was based on the work Michael Wertheim who 

published a four-part series with the main title of: ‘Fluids with highly directional attractive forces’190–193 

between 1984 and 1986. This series of papers would later be referred to as the thermodynamic perturbation 

theory (TPT) and although they combine for more than 4500 citations in Scopus, the finer details of this work 

are likely not well understood by very many readers (this author included). For a detailed review of 

Wertheim’s theory, the reader is directed to doctoral dissertation of Travis Peery194. What can easily be 

gleamed from the work of Wertheim is that graph theory has been used to develop free energy functions 

based on association interactions between various specified attractive sites. The genius of Chapman and his 

co-workers is that they were able to rework TPT into a practically applicable formulation.  

Of the two early forms of SAFT, the variant developed by Stanley Huang and Maciej Radosz187,188 became 

more popular in practical applications. This was partly due to the modification with respect to applying the 

Chen & Kreglewski195, XXVI  modified square-well potential, but mainly due to the very broad range of 

parameterization and formalization of association schemes shown in Figure 10 on pg. 53. 

For readers interested in the development of and differentiation of the very many SAFT variants, this author 

would suggest the reviews from the following researchers: 

• Wei & Sadus196: a personal favourite, which covers a wide range of equation of state 

development beyond cubics and SAFT, and highlights the interconnectivity of much of the 

development in this field (2000) 

• Müller & Gubbins197: a history of the development and application of SAFT (2001) 

                                                           
XXVI Hence the model name SAFT-CK, with the SAFT-HR moniker recognizing Huang & Radosz. 
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• Ioannis Econonou189: a comprehensive review of the first ten or so years of SAFT, with 

exposition on different varieties of SAFT such of polar- and crossover versions (2002) 

• Tan, Adidharma and Radosz198: evaluation of several newer models including polar 

modifications and applications for ionic liquids (2008) 

• Kontogeorgis & Folas199: Ch. 8  The Statistical Associating Fluid Theory (SAFT) 

• Kontogeorgis200: an assessment of association theories for complex fluids (2013) 

• Vega and Llovell201: Recent review focused on SAFT approaches for modelling water (2016) 

The first variation of SAFT which is of interest to the present study occurred in 2001 and is described in the 

reviews of Economou189 and Tan et al.198 Joachim Gross and Gabriele Sadowski presented a model referred 

to as the Perturbed Chain Statistical Associating Fluid Theory or PC-SAFT.202–204 This modification is again very 

nuanced in terms of the details – the order of the perturbations is rearranged. The principle behind the 

modification (shown in Figure 7) is simple: to avoid double counting the overlapping dispersion force 

potentials, the chain should be formed first  and then a dispersion perturbation is applied. 

 

Figure 7: By rearranging the order in which perturbations are applied, PC-SAFT (right) provides a more accurate 

description of molecules compared to SAFT (left), which is also shown in Figure 6 on page 34 

3.3.1. Model development for pure components 
 

In this study we are concerned specifically with the simplified PC-SAFT (sPC-SAFT)14 which partially echoed 

the development of the Cubic-Plus-Association equation of state discussed in the next section (3.4 on page 

43). Here we will first describe the PC-SAFT model, which is identical to sPC-SAFT for pure compounds, in 

detail following its development over a series of three papers202–204. Then we apply the simplifications of von 

Solms et al.14 to show sPC-SAFT for mixtures. Although SAFT-type models are typically shown in terms of 

reduced residual Helmholtz energy (ã), we choose to display the development here in terms of both ã and Z 

(compressibility factor)XXVII. The base formulation of PC-SAFT is given by the following equations:14,204 

𝑍 =  𝑍𝑖𝑑 + 𝑍ℎ𝑐 + 𝑍𝑑𝑖𝑠𝑝 + 𝑍𝑎𝑠𝑠𝑜𝑐 

Eq.  19 

 

�̃� =
𝐴

𝑁𝑘𝑇
= �̃�𝑖𝑑 + �̃�ℎ𝑐 + �̃�𝑑𝑖𝑠𝑝 + �̃�𝑎𝑠𝑠𝑜𝑐 

Eq.  20 

                                                           
XXVII Which was the preferred formulation for Gross & Sadowski in the dissemination of PC-SAFT 
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 where the superscripts refer to ideal, hard chain, dispersion and association contributions 

  A is the Helmholtz free energy [J] 

  N is the number of molecules 

 and k is Boltzmann’s constant, 1.380650∙10-23 [J/K] 

 

3.3.1.1. The hard chain term 
 

The hard chain reference component is the summation of two energetic effects: the presence of hard spheres 

and their configuration into chains. The hard sphere term is based on the work of Carnahan & Starling205,XXVIII 

in which they developed an equation of state for non-attracting rigid spheres through the simplification of 

an earlier virial expansion from Ree & Hoover207. The hard sphere contribution is given by:187,189 

  

 �̃�ℎ𝑠 = 𝑚
4𝜂 − 3𝜂2

(1 − 𝜂)2
 

Eq.  21 

 𝑍ℎ𝑠 = 𝑚
4𝜂 − 2𝜂2

(1 − 𝜂)3
 

Eq.  22 

 where m is number of segments/spheres in a molecule 

 and η is reduced density given as a function of the closest packing for hard cores: 

  

𝜂 = 0.74048𝜌𝑚𝑑3 

Eq.  23 

 with d is the temperature-dependent hard-core diameter 

 

The solution of the temperature-dependent hard-core diameter (d(T)) is given by the Barker-Henderson 

integral208,209: 

 

                                                           
XXVIII It is an interest quirk, that Michael Wertheim’s most cited paper206 is more closely related to the SAFT hard sphere 
term (via the work of Carnahan and Starling) than the association term (for which Wertheim is now ‘famous’). 



Chapter 3: Literature review of relevant thermodynamic models 

 

37 | P a g e  
 

𝑑(𝑇) = ∫ [1 − 𝑒𝑥𝑝 (
−𝑢(𝑟)

𝑘𝑇
)]

𝜎

0

𝑑𝑟 

Eq.  24 

 where u(r) is the pair potential 

  σ is the temperature-independent segment/sphere diameter 

 and r is the radial distance between segments/spheres 

Here Gross & Sadowski203 followed the methodology of Huang & Radosz187 by applying the modified square-

well potential (Chen & Kreglewski195) to approximate soft repulsion between the segments/spheres: 

𝑢(𝑟) =  {

∞ 𝑟 < (𝜎 − 𝑠1)

3𝜖 𝜎 − 𝑠1 ≤ 𝑟 < 𝜎

−𝜖 𝜎 ≤ 𝑟 < 𝜆𝜎
0 𝑟 ≥ 𝜆𝜎

 

Eq.  25 

 where  s1 is set to 0.12σ and no further temperature corrections are applied 

  ε is the depth of the square-well potential function 

 and   λ is the reduced well width 

Simultaneous solution of Equations 24 and 25 yields the temperature-dependent segment diameter as:XXIX 

𝑑(𝑇) = 𝜎 [1 − 0.12𝑒𝑥𝑝 (
−3𝜖

𝑘𝑇
)] 

Eq.  26 

For the specification of the chain term it is necessary to define a radial distribution function (gii) for the 

interaction of spheres at the point of contact. gii defines the factor by which the average density is multiplied 

to find the local density at a given radial distance. The chain term in Huang & Radosz187 reduces to: 

 

�̃�𝑐ℎ𝑎𝑖𝑛 = (1 − 𝑚) (
1 − 0.5𝜂

(1 − 𝜂)3
) 

Eq.  27 

 𝑍𝑐ℎ𝑎𝑖𝑛 = (1 − 𝑚) (
2.5𝜂 − 𝜂2

(1 − 𝜂)(1 − 0.5𝜂)
) 

Eq.  28 

                                                           
XXIX The constant before the exponential Eq.  26 is 0.12 for all compounds except hydrogen (set to 0.241)189  
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Therefore, the hard-chain reference term for pure components is given by: 

�̃�ℎ𝑐 = 𝑚
4𝜂 − 3𝜂2

(1 − 𝜂)2
− (1 − 𝑚) (

1 − 0.5𝜂

(1 − 𝜂)3
) 

Eq.  29 

 𝑍ℎ𝑐 = 𝑚
4𝜂 − 2𝜂2

(1 − 𝜂)3
− (1 − 𝑚) (

2.5𝜂 − 𝜂2

(1 − 𝜂)(1 − 0.5𝜂)
) 

Eq.  30 

 

3.3.1.2. Dispersion term 
 

The dispersion term accounts for physical interactions between hard chain segments and is given in terms of 

reduced Helmholtz energy by the following equation203: 

�̃�𝑑𝑖𝑠𝑝 = −2𝜋𝜌𝑚2 (
𝜖

𝑘𝑇
) 𝜎3𝐼1 − 𝜋𝜌𝑚 (1 + 𝑍ℎ𝑐 + 𝜌

𝜕𝑍ℎ𝑐

𝜕𝜌
)

−1

𝑚2 (
𝜖

𝑘𝑇
)

2

𝜎3𝐼2 

Eq.  31 

 where I1 and I2 are integrals given by: 

𝐼1 = ∫ �̃�(𝑥)

∞

1

𝑔ℎ𝑐 (𝑚, 𝑥
𝜎

𝑑
) 𝑥2𝑑𝑥 

Eq.  32 

𝐼2 =
𝜕

𝜕𝜌
[𝜌 ∫ �̃�(𝑥)2

∞

1

𝑔ℎ𝑐 (𝑚, 𝑥
𝜎

𝑑
) 𝑥2𝑑𝑥] 

Eq.  33 

 and x is the radial distance per segment (r/σ) 

  �̃� is the reduced potential function (u(x)/ε) 

  𝑔ℎ𝑐 (𝑚, 𝑥
𝜎

𝑑
) is the average segment-segment radial distribution function 

Although analytical solutions have been found210,211, Gross and Sadowski recommend the use of numerical 

integration due to the complexity of these expressions. By neglecting the moderate temperature 

dependence of ghc, a simplified square-well chain model is applied which allows for I1 and I2 to be expressed 

in terms of a power series of η and m202: 
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𝐼1(𝜂, 𝑚) = ∑ 𝑎𝑖(𝑚)

6

𝑖=0

𝜂𝑖 

Eq.  34 

𝐼2(𝜂, 𝑚) = ∑ 𝑏𝑖(𝑚)

6

𝑖=0

𝜂𝑖 

Eq.  35 

with  𝑎𝑖(𝑚) = 𝑎0𝑖 +
𝑚−1

𝑚
𝑎1𝑖 +

𝑚−1

𝑚

𝑚−2

𝑚
𝑎2𝑖 and 𝑏𝑖(𝑚) = 𝑏0𝑖 +

𝑚−1

𝑚
𝑏1𝑖 +

𝑚−1

𝑚

𝑚−2

𝑚
𝑏2𝑖 

 

Equations 34-35 require 42 model constants (shown in Table 11) which were fitted to pure component 

vapour pressure and PvT experimental for n-alkanes by Gross and Sadowski203.  

Table 11: Power series constants used in the calculation of the dispersion term in PC-SAFT 

i a0i a1i a2i b0i b1i b2i 

0 0.9105631 -0.3084017 -0.0906148 0.7240947 -0.5755498 0.0976883 

1 0.6361281 0.1860531 0.4527843 2.2382792 0.6995096 -0.2557575 

2 2.6861348 -2.5030047 0.5962701 -4.0025849 3.8925673 -9.1558562 

3 -26.547362 21.419794 -1.7241829 -21.003577 -17.215472 20.642076 

4 97.759209 -65.255885 -4.1302113 26.855641 192.67226 -38.80443 

5 -159.59154 83.31868 13.776632 206.55134 -161.82646 93.626774 

6 91.297774 -33.746923 -8.672847 -355.60236 -165.20769 -29.666906 

 

Although these constants have been used in most applications of PC-SAFT, other authors have highlighted 

some pitfalls212 inherent in the use of these constants. Different universal constants have been proposed in 

other studies213,214 where speed of sound data has been included within the regression procedure. Given that 

the speed of sound is a second-order thermodynamic property and requires accurate predictions for volume, 

both heat capacities and the pressure-volume derivative, it provides a strenuous test of model performance. 

Finally, the hard chain compressibility term in Eq.  31 reduces to: 

1 + 𝑍ℎ𝑐 + 𝜌
𝜕𝑍ℎ𝑐

𝜕𝜌
= (1 + 𝑚

8𝜂 − 2𝜂2

(1 − 𝜂)4
+ (1 − 𝑚)

20𝜂 − 27𝜂2 + 12𝜂3 − 2𝜂4

[(1 − 𝜂)(2 − 𝜂)]2 ) 

Eq.  36 
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3.3.1.3. Association term 
 

For the description of the hard chain reference and dispersion terms, three pure component parameters 

have been used: m, σ and ε. The final term in equations 19-20 describes a highly orientational site-site 

interaction (shown in Figure 8) incorporated from Wertheim’s TPT. The association term requires the 

specification of two additional model parameters relating to the strength/potential (εAA) and 

distance/volume (κAA) involved in the interaction. It is also necessary to specify an association scheme which 

defines the number and type of sites for each component. Infrared (IR) spectroscopy provides a mechanism 

for the quantification of these site-site interactions with several pure215–217 and binary mixture218–222 data 

available in the literature. These data can be used in combination with VLE data for parameter regression, 

but in most cases only phase equilibrium data have been utilized. For further information on the use of IR 

data for the parameterization of association models, the reader is referred to the following sources: 

• Ch. 7 in Thermodynamic Models for Industrial Applications by Kontogeorgis & Folas223 

• The role of monomer fraction data in association theories by Tsivintzelis et al.224 

 

Figure 8: The model of association used in SAFT. Reprinted with permission from Chapman et al. (1990)186. 

The association term for pure components is given in Chapman et al.:186 

�̃�𝑎𝑠𝑠𝑜𝑐 = ∑ (𝑙𝑛𝑋𝐴 −
𝑋𝐴

2
)

𝑀

𝐴=1

+
𝑀

2
 

Eq.  37 

 where M is number of association sites 

  XA is the fraction of molecules not bonded at site A 

XA is calculated by summing over all sites B which can bond with A, according to: 
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𝑋𝐴 = (1 + ∑ 𝜌𝑋𝐵Δ𝐴𝐵

𝑀

𝐵=1

)

−1

 

Eq.  38 

In Eq.  38, ΔAB is the association strength, which reduces to the following equation:187 

Δ𝐴𝐵 =
1 − 0.5𝜂

(1 − 𝜂)3
[exp (

𝜖 𝐴𝐵

𝑘𝑇
) − 1] (𝜎3𝜅𝐴𝐵) 

Eq.  39 

The specification of the association scheme has been introduced in Figure 10 (on page 53) and will be covered 

in detail in Chapter 5, where new association schemes for water and glycols have been proposed. Although 

the unbonded fraction (Eq.  38) can be solved analytically, in practice a globally convergent successive 

substitution method for Michelsen’s Q-function is used.225 

 

3.3.2. Simplified extension to mixtures 
 

Due to the complexity and computational intensity of PC-SAFT for mixtures, von Solms et al.14 proposed a 

few simplifications which did not significantly affect the physical accuracy of the model. The first modification 

applied the assumption that all segments in the mixture have the same diameter, with the additional 

constraint that the new diameter should produce the same volume fraction as that of the mixture: 

  

𝜂 =
𝜋𝑑3

6
 

Eq.  40 

 where 

𝑑 = (
∑ 𝑥𝑖𝑚𝑖𝑑𝑖

3
𝑖

∑ 𝑥𝑖𝑚𝑖𝑖
)

1/3

 

Eq.  41 

The hard sphere radial distribution function, which is also used in the chain and association terms, then 

reduces to the same expression as for pure compounds: 

𝑔ℎ𝑠(𝑑) =
1 − 0.5𝜂

(1 − 𝜂)3
 

Eq.  42 
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Secondly, the hard sphere term was simplified by replacing the Carnahan-Starling equation with the pure 

component equation (Eq.  21) using an average segment number (�̅� = ∑ 𝑥𝑖𝑚𝑖) for the mixture.   

Additionally to the simplifications presented above, the following mixing and combining rules are applied: 

1. For the dispersion term, the mean segment number (�̅�) replaces m in Eq.  36 

2. The vdW1f mixing rules are applied to the perturbation terms in Eq.  31 such that 

�̃�𝑑𝑖𝑠𝑝 = −2𝜋𝜌𝐼1(𝜂, �̅�) ∑ ∑ 𝑥𝑖𝑥𝑗𝑚𝑖𝑚𝑗 (
𝜖𝑖𝑗

𝑘𝑇
) 𝜎𝑖𝑗

3

𝑗𝑖

− 𝜋𝜌�̅� (1 + 𝑍ℎ𝑐 + 𝜌
𝜕𝑍ℎ𝑐

𝜕𝜌
)

−1

𝐼2(𝜂, �̅�) ∑ ∑ 𝑥𝑖𝑥𝑗𝑚𝑖𝑚𝑗 (
𝜖𝑖𝑗

𝑘𝑇
)

2

𝜎𝑖𝑗
3

𝑗𝑖

 

Eq.  43 

3. The average segment diameter is determined by the Lorentz rule: 

𝜎𝑖𝑗 = 0.5(𝜎𝑖 + 𝜎𝑗) 

Eq.  44 

4. The Berthelot rule is applied to the energy terms and a binary interaction parameter is included: 

휀𝑖𝑗 = √𝜖𝑖𝜖𝑗(1 − 𝑘𝑖𝑗) 

Eq.  45 

5. The association term is now summed over all sites for all molecules in the mixtures: 

�̃�𝑎𝑠𝑠𝑜𝑐 = ∑ 𝑥𝑖 [∑ (𝑙𝑛𝑋𝑖
𝐴 −

𝑋𝑖
𝐴

2
)

𝑀

𝐴=1

+
𝑀𝑖

2
]

𝑖

 

Eq.  46 

 where  

𝑋𝑖
𝐴 = (1 + 𝑁𝐴𝑉 ∑ ∑ 𝜌𝑗𝑋𝐵𝑗Δ𝐴𝑖𝐵𝑗

𝐵𝑗𝑗

)

−1

 

Eq.  47 

𝜌𝑗 = 𝑥𝑗𝜌𝑚𝑖𝑥 

Eq.  48 

Δ𝐴𝑖𝐵𝑗 =
1 − 0.5𝜂

(1 − 𝜂)3
[exp (

휀𝐴𝑖𝐵𝑗

𝑘𝑇
) − 1] (𝜎𝑖𝑗

3 𝜅𝐴𝑖𝐵𝑗) 

Eq.  49 

6. Gross and Sadowski204 have recommended the use of the Wong-Sandler174 combining rules : 

휀𝐴𝑖𝐵𝑗 = 0.5(휀𝐴𝑖 + 휀𝐵𝑗) 

Eq.  50 
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𝜅𝐴𝑖𝐵𝑗 = √𝜅𝐴𝑖𝜅𝐵𝑗 (
√𝜎𝑖𝑖 + 𝜎𝑗𝑗

0.5(𝜎𝑖𝑖 + 𝜎𝑗𝑗)
)

3

 

Eq.  51 

3.4. Cubic-Plus-Association (CPA) 
 

While the SAFT equations were expanding in terms of complexity and the cubics were incorporating and 

testing ever more involved mixing rules, the question arose: “What about combining cubics with SAFT?” The 

answer to this question was the Cubic-Plus-Association equation of state which was initiated by the Research 

Centre of Shell in Amsterdam.163  The original version of CPA10 took one element from the SAFT families – the 

association term – and combined it with the SRK equation of state. However, a simplified version of CPA11 

became popular in the literature. This is the same modification for the hard sphere term which was later 

used by von Solms et al. in the derivation of sPC-SAFT. Prior to CPA, J. Richard Elliot and co-workers developed 

a CPA-like EoS called the ESD-EoS.226–228 And more recently, a PR-Plus-Association model was proposed by 

Christophoros Perakis and co-workers.229,230 Comprehensive reviews of CPA can be found in: 

• Ch. 9 in Thermodynamic Models for Industrial Applications by Kontogeorgis & Folas231 

• Ten years with CPA Equation of State. Parts I & II by Kontogeorgios et al. 163,232 

Considerations for the development of CPA are summarized in a quote from Kontogeorgis and Folas:231 

“The reason that a new EoS was considered necessary was because widely used existing models 

(e.g. cubic EoS) were found to be inadequate for V(L)LLE applications, especially for mixtures 

containing highly immiscible compounds, e.g. water–hydrocarbons LLE or water–

alcohol(glycol)–hydrocarbons VLLE… Thus, CPA (SRK + association term of SAFT) was 

considered to be a compromise between simplicity and accuracy as the use of the ‘full’ SAFT 

EoS was not considered necessary, at least for applications not containing polymers.” 

Given the development shown in Sections 3.2-3.3, CPA is presented for mixtures in this section. 

 

3.4.1. Model development for mixtures 
 

The pressure-explicit version of the model is given by: 

𝑃 =   𝑃𝑆𝑅𝐾 +  𝑃𝐴𝑆𝑆𝑂𝐶 

 

    =  
𝑅𝑇

𝑣 − 𝑏
−

𝑎(𝑇)

𝑣(𝑣 + 𝑏)
−

𝑅𝑇

𝑣
(1 + 𝜌

𝜕 ln 𝑔

𝜕𝜌
) ∑ 𝑥𝑖 ∑(1 − 𝑋𝑖

𝐴)

𝐴𝑖𝑖

 

Eq.  52 
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In Eq.  52, a(T) is calculated as per Eq.  7. In contrast to SRK, the pure component parameters b, a and c1 are 

typically regressed against experimental data rather than calculated from Equations 8-10. Superficial 

differences exist in the equations for the fraction of unbonded molecules and strength of association: 

   𝑋𝑖
𝐴  =  

1

1 + 𝜌 ∑ 𝑥𝑗 ∑ (𝑋𝑗
𝐵  ∆𝐴𝑖𝐵𝑗)𝐵𝑗𝑗  

    

Eq.  53 

   ∆𝐴𝑖𝐵𝑗  = 𝑔(𝜌) [exp (
휀𝐴𝑖𝐵𝑗

𝑅𝑇
) − 1] 𝑏𝑖𝑗𝛽𝐴𝑖𝐵𝑗     

Eq.  54 

 

   𝑔(𝜌)  =  
1

1−1.9𝜂
  where   𝜂 =

1

4𝑏𝜌
 

Eq.  55 

In Eq.  54, 𝛽𝐴𝑖𝐵𝑗 is dimensionless association volume which is equivalent to 𝜅𝐴𝑖𝐵𝑗  in the SAFT formulation, 

while bij can be found by Eq.  15. In this work, the CPA energy parameters are often presented in the reduced 

forms Γ = 𝑎/(𝑏𝑅) and ε/R which are both measured in units of Kelvin. 

In mixtures, the vdW1f mixing rules are again applied for the a and b as per Equations 12-14, while the 

association energy is combined using 휀𝑖𝑗 = 0.5(휀𝑖 + 휀𝑗) (equivalent to Eq.  50 for PC-SAFT). For the volume 

of association, either the CR-1 or Elliot Combining Rule (ECR) may be used: 

𝛽𝐴𝑖𝐵𝑗 = √𝛽𝐴𝑖𝛽𝐵𝑗  (CR-1) 

Eq.  56 

Δ𝐴𝑖𝐵𝑗 = √Δ𝐴𝑖Δ𝐵𝑗  (ECR) 

Eq.  57 

Cross-association or solvationXXX can also be accounted for with the SAFT/CPA framework, as was shown by 

Folas et al.233. This is described in greater detail in Chapter 5.1 on pg. 53.   

                                                           
XXX Where a specific component does not interact with itself but does interact in mixtures with associating compounds. 
CO2 and H2S are well-known examples, as well as ketones (most famously acetone-chloroform) 
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3.5. Summary 
 

In this chapter three models have been presented which developed out of a need to improve on the 

performance of the traditional cubic equations of state: 

1. SRK-HV 

2. sPC-SAFT 

3. CPA 

SRK-HV combines the wide temperature-pressure range of cubic EoS with ability of GE models to describe 

complex liquid behaviours. The GE mixing rule can be implemented for specific binary interactions in the 

mixture where SRK traditionally struggles. But this requires the availability of binary phase equilibrium data 

to the energy parameters. If for instances the MVH2 approach is used, the extended UNIFAC parameters can 

be imported directly into the model. When the advanced mixing rule is not used, only pure component TC, PC 

and ω data are required by the model. 

sPC-SAFT was developed in the early 2000s as one of the many variants of the SAFT-type equations of state 

where perturbations theory is applied to account for specific molecular interactions. For non-associating 

components, three parameters (m. σ and ε) are required while a further two parameters (εAA, κAA) are used 

to describe association. These parameters bear a physical meaning but are usually fitted to pure component 

vapour pressure and liquid density data. It is also necessary to specify and association scheme, which will be 

covered in depth in Chapter 5. Despite the simplifications applied for sPC-SAFT, the model is still rather 

computationally expensive.  

Finally, we covered the development of CPA, which shares elements with both SRK and SAFT models. As with 

SAFT, CPA requires the specification of five pure component parameters: b, a0 and c1 describe the classic 

attractive and repulsive forces, while ε and β are used to describe association. Despite the rough equivalence 

with SAFT, CPA is significantly less computationally expensive while still achieving satisfactory accuracy for 

several relevant systems.  





 

 

4. Review of uncertainty analysis in process 

modelling and design 

4.1. Background 
 

Additionally to experimental uncertainty which was discussed in section 2.2 on pg. 14, the analyses of 

model/design uncertainty have become en vogue in recent years. To distinguish model accuracy from model 

uncertainty, consider that accuracy is the difference between the model output and some known 

measurement of that output. Meanwhile uncertainty relates to the range of the inputs/outputs of the 

model.234 Uncertainty analyses are typically statistical methods, which rely on repetition. Their widespread 

use (see Figure 9) has been realized through the drastic increase in and wider access to computing power 

observed over the past 25 years. 

 

Figure 9: Yearly throughput of research in the fields of chemical engineering and energy which contain the phrase 

‘uncertainty analysis’ in the title. Results taken from Scopus. 

Much of theory employed in uncertainty analysis today has its roots in the development of the first electronic 

computers and the Manhattan project. What became known as the Monte Carlo (MC) method19, XXXI  is 

effectively statistical sampling, which had been known for centuries. But such methods could now be applied 

                                                           
XXXI The history of this development is described in an essay by one of the original authors, Nicolas Metropolis235 
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at a grand scale. There is also a direct link to thermodynamics in the early implementations of the MC method 

in a paper titled ‘Equations of state calculations by fast computing methods’.236,XXXII  

In his review of the Monte Carlo method,  Halton237 states that it is generally defined as representing the 

solution of a problem as a parameter of a hypothetical population and using a random sequence of numbers 

to construct a sample of the population, from which statistical estimates of the parameter can be obtained.” 

This definition, although hardly succinct, does describe the four main steps characteristic of MC methods: 

estimate an input probability distribution, randomly sample from this distribution, perform calculations, and 

aggregate the results. Much of the development in MC methods (whether for uncertainty of inputs or 

sensitivity of outputs) has occurred for the first two of the steps.238 

In the ensuing years, a variety of different variations of the MC method were developed and applied in many 

different research areas. Along with the 1970 review of Halton237, a fantastic guide into the various 

applications of MC type methods has been published by Kroese et al.239  

Sensitivity analysis is closely linked to uncertainty analysis. Whereas uncertainty analysis will often focus on 

model inputs, sensitivity analysis determines how the input uncertainty affects the output of the given 

model.240  Helton et al.238 go so far as to list the “determination of sensitivity results” as the 5th step in 

uncertainty analysis. The first sensitivity approaches were known as local methods and applied small 

perturbations to input parameters. By then calculating the partial derivatives of the model around that point, 

the model sensitivity to those input perturbations could be estimated.241 By the 1920s, statisticians like 

Ronald Fisher and William Gosset had popularized methods for the analysis of variance which included tools 

such as the chi-square (χ2) and Student’s-t distributions.240 These methods are still widely used today in the 

fields of statistical analysis and experimental design. In more recent years so-called “global sensitivity 

analysis” has been developed which considers the range of input parameters, with an overwhelming number 

of methods being developed. As with the bootstrap method to come, the differences between various 

methods can be very nuanced and method selection may seem somewhat arbitrary at times. Decision-trees 

are available in the literature to assist with method selection.241 These are based on the size of the model 

and how much is known about the model behaviour a priori. Model complexity can ultimate be the defining 

factor, as traditional methods may struggle to deal with non-monotonic and discontinuous functions for 

instance. Modern statistical methods do however require significant computing resources which can be 

mitigated by screening methods that are used to identify and fix inconsequential parameters. The wide scope 

of sensitivity analysis is highlighted in a thorough review by Helton et al.238 whom mention 49 different 

references for differential analysis, response surface methodology, Monte Carlo analysis and variance 

decomposition procedures. 8 different review papers are also referenced in this paper which was published 

in 2006. Alternative uncertainty methods such as evidence theory and fuzzy set  theory are also mentioned.  

For the rest of this chapter, we will focus on applications in chemical and process engineering, while 

describing the concepts for the uncertainty analysis we have applied in the present study.  

                                                           
XXXII The paper evaluated a two-dimensional rigid-sphere system which is a forebearer to the hard sphere models of the 
1950/60s. These model later influenced the development of SAFT. The paper236 has over 22 000 citations on Scopus, 
almost 10 times more than the original paper (‘The Monte Carlo Method’) of Metropolis and Ulam19 for which the 
method was named.  
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4.2. Applications in process engineering 
 

Some of the first applications of uncertainty and sensitivity analyses in pure process engineering applications 

were done by Wallace Whiting and co-workers. While much of his early career focused on thermodynamics 

(specifically equations of state and group-contribution methods), Whiting appears to found significant 

interest in the field of uncertainty analysis following his and Michael Reed’s 1993 paper titled ‘Sensitivity and 

Uncertainty of Process Designs to Thermodynamic Model Parameters: A Monte Carlo Approach’.242 In this 

work they applied Latin Hypercube Sampling243 within the Monte Carlo framework in order to illustrate the 

uncertainty of a binary distillation process model which is based on physical property data. Physical property 

data was used in the parameterization of a cubic equation of state, after which the uncertainty of the EoS 

parameters were transferred into the process model. The work was based in part on Michael Reed’s master’s 

thesis and built on the concepts of a few earlier studies, most notably Sebastian Zeck244 and Richard Mah245. 

Between 1993 and 2000, Whiting co-authored several more papers related to uncertainty in process design 

and simulation.246–250 In these works, uncertainty propagation concepts were expanded to include different 

models (e.g. activity coefficient models) and process equipment (e.g. heat exchangers, liquid-liquid extractor, 

reactors). 

The methods of Whiting are however relatively complexXXXIII, meaning that their implementation has not 

been widespread. Paul Mathias (mentioned earlier for his contribution to the Mathias-Copeman correction 

for SRK)  later considered similar uncertainty and sensitivity effects on selected distillation problems by the 

applying a perturbation method for activity coefficient models.251 Mathias’ perturbation method is intuitive 

and relatively simple to implement for average engineers, and has recently been implemented for equations 

of state by Burger et al.252 

Several interesting recent examples of process engineering and design applications are found in the 

literature. Jerome Frutiger an co-workers published on a range of topics relating uncertainty analysis to 

process design and thermodynamics. These studies included equations of state in power cycles234, industrial 

heat pumps253 and applications within the SimSci Pro/II simulator254. Behrooz and Hoseini studied the 

uncertainty of the outputs of a benzene-toluene and hydrocarbon distillation column models using the SRK  

and PR equations of state.255 And most relevant to the present study, Bjørner et al.256 used bootstrapping to 

parameterize CO2 for a variant of CPA and then, using the results, performed Monte Carlo simulations for 

model binary VLE. 

MC methods originally made use of random sampling. Random sampling may however miss important 

subsets in the data which have low probability, but large impact (the proverbial ‘black swan’ as popularized 

by Nicolas Taleb257). Stratified methods (aka importance sampling) were developed as a response to this 

problem, whereby a biased sampling distribution is selected such that the important values are more 

frequently selected.238 Clearly this requires additional input from the user, by effectively having to specify 

subsets which are more important.258 Latin Hypercube Sampling (LHS)243 is a middle ground between these 

two approaches, where the sample space is divided into equally important segments, all of which are 

                                                           
XXXIII Statistical fields especially are littered with jargon and complicated representations which (at least in this author’s 
opinion) create a barrier to entry that the average plant engineer does not have the time/patience to cross. This is 
unfortunate! Concepts such as MC simulation are actually very simple to implement and extremely useful in practice. 
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sampled from. Several methods have also developed for dealing with sampling of correlated sets (e.g. Iman-

Conover259) for which more information may be found in the reviews of Helton et al.238,258 and Saltelli et al.240 

 

4.3. Parameterization and the bootstrap method  
 

When applying statistical methods for parameterization, model parameters are found by inference. It is 

common to see the nomenclature 𝜃 used to define the parameter estimators which have a true value θ. The 

maximum likelihood estimation (MLE) method considers model f which can describe given measurements y 

to within a certain degree of error ε such that:260  

𝑦 = 𝑓(𝜃) + 𝜖 

Eq.  58 

 where ε is assumed to have a normal distribution with a zero mean and standard deviation σ  

The best estimate of θ can then be found through the maximization of the likelihood function (L) given by:261 

𝐿(𝑦, 𝜃) =
1

𝜎√2𝜋
exp (−

(𝑦 − 𝑓(𝜃))
2

2𝜎2
) 

Eq.  59 

Least squares regression (LSQ) is simply a special case of MLE where the measurements are independent and 

the standard deviation (σ) is a known normal/Gaussian distribution with a mean value of zero. The covariance 

matrix of the parameter estimators (cov(𝜃)) can be estimated using a linear approximation.256 

𝑐𝑜𝑣(𝜃) ≈
𝜒2

𝑁 − 𝑝
((

𝜕𝑦

𝜕𝜃
)

𝑇 1

𝜎2
(

𝜕𝑦

𝜕𝜃
))

−1

 

Eq.  60 

where 𝜒2 is the minimum of the LSQ regression, N-p are the degrees of freedom,  

and 
𝜕𝑦

𝜕𝜃
 is the Jacobian matrix. 

For large sample sizes, the confidence interval (1-α) may be approximated using the Student’s-t test: 

𝜃 ± 𝑡𝑁−𝑝
𝛼/2 √𝑑𝑖𝑎𝑔(𝑐𝑜𝑣(𝜃)) 

Eq.  61 
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And the linear correlation coefficients between two parameter estimators is: 

𝑅𝑖𝑗 =
𝑐𝑜𝑣(𝜃𝑖, 𝜃𝑗)

√𝜎𝑖
2𝜎𝑗

2

 

Eq.  62 

The co-parameter correlation assumes that parameters are independent. However, in reality the parameters 

are correlated to lesser or greater degrees, which results in confidence ellipsoids (or hyper- ellipsoids).256 

The assumption of normally distributed errors is however not always accurate. In such cases, the bootstrap 

method is useful as it determines parameter estimators after finding the actual error distribution of the 

measurements. This achieved by implementing an appropriate  Monte Carlo technique.260 The bootstrap 

method was developed by Bradley Efron in 1979 as an improvement to the older Jack-knife method.20 Even 

within the statistics community there was a relatively slow uptake (likely for the same reasons highlighted in 

footnote XXXIII on pg. 49) in the use of bootstrapping. The potential of the method became apparent from 

the mid-1980s onwards, following more publications from Efron and co-workers.262–264,XXXIV 

The bootstrap method follows a similar framework as laid out for MC methods. A pseudo-data set is 

generated by taking a random sample (with replacement)XXXV from the experimental data. The parameter 

estimators are calculated by minimization of the model versus this pseudo-data set. The sampling and fitting 

steps are repeated a sufficient number of times thereby generating distributions for the parameter 

estimators. Statistical metrics (e.g. mean, confidence intervals and correlation estimates (equations 60-62)) 

can then be calculated for each parameter.260  

Intuitively, it should also be apparent that the statistical metrics can be estimated by applying an 

inner/parallel bootstrap loop by recording the parameter mean and α-percentile for each loop. Furthermore, 

if the underlying error distribution is approximately normal, then the aggregated results of the bootstrap 

method should produce a similar result to the LSQ method.256 The bootstrap method does however have the 

advantage that no assumptions are made as to the underlying distribution and or in the estimation of 

statistical metrics.  

In their work, Bjørner et al.256 implemented a slightly different bootstrap method referred to as ‘resampling 

of residuals’.XXXVI In this method, the pseudo-data is created in two steps. First, a single LSQ optimization is 

run to generate an array of residual errors. Then residuals are sampled at each bootstrap step and summed 

with the previously correlated output values. Care should be taken when applying this method while using 

multiple experimental data types as an input – i.e. residuals for saturated liquid density and vapour pressure 

should not be mixed. 

                                                           
XXXIV The 1986 article from Efron and Tibshirani262 is likely the catalyst for the growth of the bootstrap method as it 
provides a practical implementations for common statistical metrics e.g. confidence intervals. This paper has over 3300 
citations on Scopus (and PlumX Metrics somewhat amusingly also mentions that it has 2 social media hits on Twitter). 
XXXV The sample size should be the same size as the data set: roughly 1/e or 37%  of the sampled points are in duplicate 
XXXVI Sin and Gernaey260 discuss the implementation of ‘resampling of residuals’ for time series data. From experience 
with predictive modelling of sports performance, time series data can introduce autocorrelation effects into the model. 
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4.4. Summary 
 

The advent of modern computing methods has seen a drastic increase in the implementation of statistical 

sampling methods for the determination of model (input) uncertainty and (output) sensitivity. Applications 

of the Monte Carlo method have a long association with thermodynamics, and in the last 20-30 years we 

have seen many different applications in process simulation and design. Although very many variations are 

found in the literature, Monte Carlo-type methods follow a few simple steps: determine an input distribution, 

sample from that distribution, calculate the results, repeat and aggregate.  

While uncertainty and sensitivity analyses may produce absolute results such as “± 5% with a 95% confidence 

interval”, it is important to remember that these results are generated within a certain framework and 

remain ‘relative’ properties of that framework. 

In this work we have focused on the bootstrap method of Bradley Efron which may be used to estimate 

probability distributions for model input parameters. Bootstrapping may be preferred over traditional 

maximum likelihood estimation as no assumptions are made as to the underlying error distributions in the 

experimental data. If the underlying errors are approximately normal, then bootstrapping will achieve similar 

results to LSQ/MLE. However, this cannot be known ahead of time though. Bootstrap methods have recently 

been applied by Bjørner et al.256 to evaluate the uncertainty of new model parameters and association 

schemes for CO2 within a variant of CPA. Once the parameter distributions have been calculated, the 

parameter uncertainty can be propagated to process simulations and designs. In so doing, the output 

sensitivity of the models, simulations and designs may be determined. Latin Hypercube Sampling and the 

Iman-Conover method are among many advanced methods available for sampling. Care should be taken 

when sampling from correlated co-parameter distributions, as this could lead to under-estimation of the 

uncertainties.  

 



 

 

5. New association schemes: glycols 

5.1. Background 
 

As discussed in section 3.3 on pg. 33, the concept of an association scheme (within the SAFT framework) was 

initially formalized in the work of Huang & Radosz.187,188 Association schemes are used to describe the number 

and types of attractive sites attributed to a given molecule. In the initial work of Huang and Radosz (see Figure 

10 below), many of the most popular association schemes (e.g. 2B and 4C) were introduced.  

 

Figure 10: Formalized representationXXXVII of association schemes and fraction of non-bonded sites presented in SAFT-HR. 

Reprinted (adapted) with permission from Huang & Radosz187. Copyright (1990) American Chemical Society. 

The simplest association scheme presented in Figure 10 is the 1A (labelled 1 in Figure 10) scheme which is 

used for acids. This scheme introduces a single site, labelled A, which has a non-zero attraction (Δ ≠ 0) to 

other A-sites. This type of association site which is as a universal bonder is often referred to a binary site. 

 

Figure 11: The 4C association scheme for water, using the A-D nomenclature of Huang & Radosz187 from Figure 10 

                                                           
XXXVII The naming convention for association schemes is not fully rigorous. The number indicates the total number of 
association sites, and the letter designates an arrangement. An A-scheme will contain sites which can all bond with each 
other. A B-scheme has two types of sites which can interact with each other, but not themselves.  
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Figure 11 highlights the process by which an association scheme is defined for water. The lone electron pairs 

on the oxygen molecule are each assigned a “negative” association site (labelled A/B) and the protons 

(hydrogen atoms) are assigned a “positive” association site (labelled C/D). Although the designationXXXVIII of 

“negative” or “positive” is very often quoted in SAFT-type association texts, there is no actual differentiation 

within the TPT theory developed by Wertheim190–193,XXXIX. The importance of the designation is however 

shown in the equations given in Figure 10. According to the attractive interaction (Δ) equations defined on 

the right side of the figure, “negative” sites will only interact with “positive” sites and vice versa. Therefore, 

a total of three different association sites (binary, positive and negative) can be used to create an association 

scheme.  

An example of this is shown for water in Figure 12. 

 

Figure 12: The implementation of various association schemes for water. (Adapted from Kontogeorgios and Folas231, with 

permission from John Wiley and Sons. Copyright 2009) 

In Figure 12 it is shown that water has been described using three different association schemes (4C, 3B and 

2B). The question naturally arises as to which scheme is the best to use. Water clearly could form of maximum 

of four hydrogen bonds, but does it? Why did Huang and Radosz187 initially publish parameters for water as 

a 3B molecule? And why is the 4C scheme now seen the optimal way to describe water?  

A method often used to choose between is to evaluate the performance of various association schemes in 

the prediction of phase diagrams and pure component properties. This method was used by Samer Derawi78 

to choose between the 4C and 2B schemes for monoethylene glycol for instance. This also why 1-alkanols 

(apart from methanol) are modelled as a 2B molecule rather than the rigorous 3B model. One could also look 

at results from molecular simulations. It is relatively well publicized that water at 25 °C forms approx. 3.6 

hydrogen bonds266,267, although a more recent study estimated the value at approx. 2.4268. These numbers 

                                                           
XXXVIII For a definitive insight into hydrogen bond sites and their classification, we recommend Vinogradov and Linnell265 
XXXIX This is consistent with most of physics (some notable exceptions being entropy and quantum physics) where charge, 
parity and time reversal (CPT) symmetry is fundamental. The “charge” metaphor for association has however stuck as 
it mimics the attractive force and provides a tangible example for explanations. It is however important to remember 
that association/hydrogen bonding is attractive only. 
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are however dependent on the interaction potential model chosen (of which there are several) and how one 

decides to define/count the number of bonds. NMR and IR spectroscopy offer experimental insights into 

association networks. IR spectroscopy indicates a wide spectrum of associated networks which is not directly 

compatible with the TPT, but IR spectra can nonetheless by used in the parameterization of SAFT-type 

equations of state with several studies available in the literature218,221,222,269. 

Throughout the 1990s and early 2000s, much of the development within the SAFT/CPA fields focused on 

parameterization and model development. Several modifications were made to the hard sphere, chain and 

dispersion terms. These changes lead to the publication of several new models such as PC-SAFT203 and SAFT-

VR-Mie270. Additional terms were also incorporated into SAFT-type models to account for other 

intermolecular forces e.g. polar and quadrupolar. This led to even further hybridization of the models e.g. 

PCP-SAFT271, SAFT-VR-Mie-GV272 and q-CPA256. A significant amount of research has been also been done for 

mixing and combining rules. And more recently adaptions for dealing with electrolyteXL solutions have led to 

even further model hybridization.  

The model development did however not touch on the association term itself. Wertheim’s TPT1 (as 

incorporated into SAFT and subsequently CPA) cannot address complex phenomena such as bond 

cooperativity and steric hindrance, due to simplifications made to solve the graph theory. More recent 

studies (e.g. Marshall and Chapman273) have developed more complex models which do not make as many 

simplifications and can model more complex systems. Another group274 has developed an “asymmetric unlike 

induced association-site” model which is used to describe phenomena such as solvation. Although very 

interesting, these methods were not considered here as they are still under development. The focus of the 

present study is to evaluate the standard models of CPA and sPC-SAFT.  

There was also very little development in terms of association schemes themselves for about 15 years. Three 

developments for association schemes which are of interest in this study are: 

• 2006: Application of cross-association/solvation by Folas et al.233 

• 2009: 6D/7D schemes for TEG/TeEG by Breil & Kontogeorgios275 

• 2011: 2C scheme for alcohols by de Villiers et al.276 

Each of these three papers contributed to a lesser or greater extent to the work presented in this chapter. 

The idea of solvation, where a single “negative”/”positive” association site was assigned to a specific 

molecule, was developed as an improvement to the use of “pseudo self-association”277. Instead cross-

associating molecules could now be treated as such within the modelling framework, without affecting pure 

component behaviour. Solvation was also very successfully implemented for CO2 in a series of 6 papers278–283 

by Ioannis Tsivintzelis entitled ‘Modelling Phase Equilibria for Acid Gas Mixtures Using the CPA Equation of 

State’. Along with co-workers from Stellenbosch University284, we have formalized an amended 

nomenclature for solvation where “negative” and “positive” sites are designated by N or PXLI. With the 

development of the 6D scheme, Breil and Kontogeorgios275 found improved modelling for several binary 

systems with TEG (e.g. excess enthalpy for TEG-H2O), although the results for pure component properties 

were not as good as the 4C scheme. This very thorough investigation also highlighted concerns with the 

                                                           
XL Michael Michelsen famously (at least in DTU thermodynamics circles) quipped that “life is too short for electrolytes”. 
XLI i.e. a molecule with 2 negative sites would be designated as 2N, and CO2 is designated as N scheme (see Chapter 7) 
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available data for TEG and the pitfalls of blind use of DIPPR data. Finally, with the development of the 2C 

association scheme for alcohols, de Villiers et al.276 modified an idea from the original formulations of Huang 

& Radosz187. The 2C scheme sees the replacement of the “positive” site in the 2B scheme with a universal 

bonder or binary site originally used in the 1A scheme. This new formulation yielded significantly improved 

results for alkanol/water binary systems using the sPC-SAFT equation of state. 

The present study is primarily concerned with natural gas dehydration, where glycols are used as absorbents. 

Given the similarity of glycols and 1-alkanols, and success of  de Villiers et al.276, the question naturally arises: 

“Are the status quo parameter sets and association schemes optimal for the modelling of glycols, or can 

we do better?”  

 

5.2. Methodology: parameterization and uncertainty analysis 

with MEG-4C as an example 
 

In answering the question set out above, we proposed new association schemes for glycols and water which 

are documented in the succeeding sections. The methodology was developed in our first publication ‘New 

association schemes for mono-ethylene glycol: Cubic-Plus-Association parameterization and uncertainty 

analysis’16 which was published in Fluid Phase Equilibria. The steps are show here (section 5.2) in rather 

tedious detail, with the intention of allowing the reader to see the simplicity of the method. The 

parameterization and uncertainty analysis were combined using the following methodology: 

 

Figure 13: Process flow diagram for generation of parameter ranges for new association schemes for MEG 

This section explains the decision-making process involved our parameterization and uncertainty analysis. 

Below we detail the steps taken in the parameterization of MEG16, which are illustrative of the processes 

followed for other compounds. This work was heavily influenced by the paper of Bjørner et al.256, and 

indirectly by the work of Associate Professor Gürkan Sin.  
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5.2.1. Pure component data selection 
 

Data selection was found to have be far the biggest impactXLII in our parameterization exercise. As such, the 

data selection process for MEG is shown here. Many studies choose to use the DIPPR61 correlations to 

generate equally spaced intervals over a given reduced temperature range (typically something like TR ε [0.4, 

0.9]). This method is relatively easy to implement, but during the implementation of the uncertainty analysis 

it was found to introduce a significant amount of correlation between various model parameters.16  

In retrospect it should almost be obvious – using a correlation as an input results in ‘correlating a correlation’. 

But what is the alternative? One could use the raw experimental data to which the DIPPR correlations were 

fitted, but it is important to understand the ranges in they occur. 

Figure 14 serves to highlight one of the risks in blindly using the DIPPR correlation. From the figure it is evident 

that the vast majority (>80%) of the data lies between TR = 0.4 and TR = 0.6 and 0.7 for liquid density and 

vapour pressure respectively. This again led us to steer away from the use of the DIPPR correlation as an 

input in our parameterization.  

 

Figure 14: Cumulative distribution of experimental liquid density and vapour pressure data from the NIST and DIPPR 

databases for MEG 

Given that the clustering of data into certain ranges, the options were to either employ a sorting algorithm 

or to carefully select raw experimental data and apply quality control. It was decided to use the latter option, 

where the DIPPR correlation could be used as quality control tool. An example of this is shown in Figure 15 

                                                           
XLII After all, ‘Garbage in, garbage out!’ 
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below. Using DIPPR to filter out data for ±5% and ±1% for vapour pressure and density respectively, it was 

found that a total of 14 data points were excluded. The overall average deviations from DIPPR were found to 

be 1.3% and 0.06% for vapour pressure and saturated liquid density respectively.  

 

Figure 15: Pure component vapour pressure103,285–288 and saturated liquid density289–292 data selection process for MEG 

Given our interest in low temperature natural gas dehydration, there is an option to focus only on data below 

350 K for example. However, we decided to keep the range as wide as possible for the parameters to be 

useable for MEG regeneration as well. 

 

5.2.2. Binary data selection for pure component 
parameter estimation 

 

From the work of Derawi et al.78 and our survey in section  2.3, it was already known that ideally LLE data 

should be used in the parameterization of glycols. There are however very few sources of binary LLE data for 

MEG: nC6 and nC7 from Derawi et al.95 and nC6 from Razzouk et al.96 (which are shown in Figure 16 on pg. 59). 

Bearing in mind that the graph is plotted on a logarithmic scale, we see quite significant gaps between the 

two data sets. Given that LLE consistency tests are not available  we decided to test all possible data but could 

not achieve acceptable results for MEG-nC6 given the differences in the data sets. Although very few data 
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points are available, it was decided to use only the data of Derawi et al.95 in the parameterization and 

uncertainty analysis. 

 

Figure 16: Comparison of MEG-nC6 LLE data from two sources95,96 (Redrawn from Razzouk et al.96) 

 

5.2.3. Weighting function 
 

Different weighting functions were evaluated and generally found to have a lesser effect than for instance 

data selection. In general the following weighting function (wi) for individual points was used: 

𝑤𝑖 = 1 −
𝑑𝑎𝑡𝑎 𝑝𝑜𝑖𝑛𝑡𝑠 𝑜𝑓 𝑡𝑦𝑝𝑒 𝑖

𝑡𝑜𝑡𝑎𝑙 𝑑𝑎𝑡𝑎 𝑝𝑜𝑖𝑛𝑡𝑠
 

Eq.  63 

This weighting function will naturally increase the weighting of smaller data types and was found to be 

particularly necessary in the parameterization of glycols where very few LLE data were available. Where 

necessary, LLE data weights were further inflated due to their importance in the selection of ‘good’ 

parameter sets.78 
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5.2.4. Parameterization: pure component parameters 
 

An LSQ optimization was used to find an initial ‘optimum’ parameter set using multiple initial guesses. This 

initial optimum would then be compared to the bootstrapped distributions at the end of process. If the mean 

value of the bootstrapped distributions was badly misaligned with the initial ‘optimum’, parameterization 

and uncertainty analysis would be re-run with the bootstrapped mean values as the initial value. The 

objective function for parameterization minimizes the sum of the weighted relative squared error according 

to the equation below: 

𝑂𝐹𝑚𝑖𝑛 (𝑎, 𝑏, 𝑐1, 휀, 𝛽) = ∑ 𝑤𝑖 ∑ |
𝑋𝑚𝑜𝑑𝑒𝑙 − 𝑋𝑒𝑥𝑝

𝑋𝑒𝑥𝑝
|

2

      𝑓𝑜𝑟 𝑋 𝜖 [ 𝑃𝑠𝑎𝑡 , 𝜌𝑠𝑎𝑡 , 𝑇𝑃𝑥𝑥 ] 

Eq.  64 

The minimization was done with the lsqnonlin function in MATLAB® R2016a using the Levenberg-Marquardt 

algorithm. The step and function tolerances were set to 10-9 and multiple random starts were implemented 

to avoid local minima issues as far as possible. 

Model performance is reported (here and in other chapters) according to average absolute relative deviation: 

𝐴𝐴𝑅𝐷 =  
1

𝑛
∑ |

𝑋𝑚𝑜𝑑𝑒𝑙 − 𝑋𝑒𝑥𝑝

𝑋𝑒𝑥𝑝
| ∙ 100 [%] 

Eq.  65 

 

5.2.5. Data selection for BIP estimation 
 

During the modelling work for multicomponent natural gas (Chapter 7) it was found that MEG-hydrocarbon 

binary interaction coefficients had the largest effect on being able to predict natural gas solubility in the 

mixture.9  

Meanwhile during the work done for new association schemes, the focus was to perform uncertainty analysis 

always with the C1-MEG-H2O system in mind. We also tested whether the inclusion of VLE data could help to 

improve the parameterization process. The overall performance was disappointing however, and in some 

cases even became worse. We suspect that the main reason for this is the major discrepancies between TPx 

and TPy experimental data for MEG-C1 which are discussed extensively in Kruger et al.16 Although there are 

very many TPx data available in the literature, we determined that better ternary prediction was found when 

using kij fitted only to TPy data. For TPy data, all data from Miguens et al.77 and the following points from 

Folas et al.7 were used: [T,P] ε [278, 100; 278, 200; 298,200; 323,200]. For MEG-H2O, the TPx data from 

Kamihama et al.103 was used in the kij regression. There was no real distinction between using the TPx or TPy 

data for MEG-H2O. 
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5.2.6. Parameterization: BIPs  
 

The selected MEG-H2O TPx and MEG-C1 TPy data were optimized as follows: 

𝑂𝐹𝑚𝑖𝑛 (𝑘𝑖𝑗) = ∑ 𝑤𝑖 ∑ |
𝑋𝑚𝑜𝑑𝑒𝑙 − 𝑋𝑒𝑥𝑝

𝑋𝑒𝑥𝑝
|

2

     𝑓𝑜𝑟 𝑋 𝜖 [ 𝑇𝑃𝑥𝑦 ] 

Eq.  66 

 

5.2.7. Bootstrapping 
 

Following the first six steps, an initial optimal parameter set (a, b, c1, ε, β, kMEG-nC6, kMEG-nC7, kMEG-C1, kMEG-H2O) 

had been determined for MEG. Through bootstrapping we could now determine the uncertainty around this 

initial optimal set. The first six steps were repeated 1500 timesXLIII, by resampling with replacement from the 

different experimental data sets at each iteration. Therefore, the bootstrap steps in this work are roughly 

summarised by: 

1. Randomly sample from Psat, ρsat and MEG-nC6/nC7 LLE 

2. Fit a, b, c1, ε, β, kMEG-nC6, kMEG-nC7 to the sample from 1 according to Eq.  64 

3. Randomly sample from MEG-C1 and MEG-H2O binary VLE data 

4. Fit kMEG-C1, kMEG-H2O to the sample from 2 according to Eq.  66 

5. Store the resultant parameter set 

6. Repeat steps 1-5 1500 times 

Once the algorithm is complete, the data is aggregated and analysed. 

 

5.2.8. Aggregation and analysis of results 
 

Typically one could now apply statistical metrics to calculate the mean value and confidence intervals using 

equations 60-62 from Chapter 4. These equations infer the distributions of each parameter however. By using 

the 1500 estimates for each parameter, we can again apply the bootstrap method to determine the mean 

and confidence intervals for each directly from the parameter distributions. Visual observation of the 

distributions also provides valuable insight. Selected parameter distributions for the 4C scheme are shown in 

Figure 17 below. 

                                                           
XLIII From Kruger et al.16 “An important step during the method development was determining a sufficient number of 
repetitions. This was done by doing three parallels of the bootstrap with 25, 50, 100, 250, 500, 750, 1000 and 1500 
repetitions each. It was found that for our optimization algorithm, the bootstrapped confidence intervals become 
constant to three or more significant figures between 500-750 repetitions.” 
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Figure 17: c1 parameter distribution for re-fitting of the MEG-4C parameters within CPA 

The produced distribution for the c1 parameter is representative of the all the parameters for MEG-4C, all of 

which are rather asymmetric. For the distribution above, the mean value of the distribution is estimated as 

0.652 with a confidence interval of [0.648, 0.660]. Therefore the confidence intervals are estimated at -0.6 

and +1.2 % from the mean value. This relative range is also typical for the other pure component properties, 

indicating the parameters fall within narrow ranges. The parameters overall differ by as much as 3% from 

those found by Derawi et al.78 Given the sensitivity of the model (see 9.1 on pg. 127) to the input parameters, 

these are significant deviations. 

In combination with the co-parameter correlation plots in Figure 18 on pg. 63, we observe negligible 

bimodalXLIV behaviour and significantly less correlation between various parameters than Bjørner et al.256 did 

in their study for CO2 using qCPA. While the additional model parameters in qCPA could certainly be 

contributing to the effect, we found that using the DIPPR correlations for pure component estimation had a 

significant effect on the shape of the distributions. The resampling of residuals technique is another key 

difference between the two studies. Discussions with Prof. Sin after the fact indicated that both techniques 

are perfectly fine for our application, although one should be careful when using resampling of residuals for 

models which do not describe the experimental data well. Although the correlation is milder than observed 

in other sources, there is certainly still many correlated parameters. The least degree of correlation is typically 

observed for when a kij is involved – these parameters should  of course be uncorrelated by their nature.

                                                           
XLIV Bimodal parameter distributions are indicative of multiple optimal parameter sets and that the model is over-
specified 
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Figure 18: Co-parameter correlation plots for the new MEG-4C parameters
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The new bootstrapped parameter ranges for the 4C association scheme are provided in Table D 9 on pg. 

XXXVII. A comparison with the literature 4C parameters is shown in Table 12, highlighting the relatively 

significant changes. 

Table 12: Comparison of bootstrapped 4C parameter set with that of Derawi et al.78 

 
b Γ c1 ε/R β 103 

Bootstrap μ 49.94 2541.44 0.652 2384.9 14.53 

Derawi et al. 78 51.4 2531.71 0.6744 2375.752 14.1 

Delta [%] -2.8 0.4 -3.3 0.4 3.0 

 

It is however reasonable to expect differences between the two data sets. These parameters were fitted 

against different pure component (DIPPR correlation versus raw data from DIPPR database) and mixture data 

(nC7 LLE data versus nC6 + nC7 LLE data). To fairly evaluate improvements in the parameters, tests against 

other data need to be done.  

 

Figure 19: Radar plot comparing the performance of literature78 versus newly bootstrapped 4C MEG parameters for the 

CPA EoS. * Data was used in the regression.  

What is seen in Figure 19 is that the new parameters can significantly improve pure component property 

correlation while achieving equal performance for the LLE data. Again, the most likely reason is that Derawi 

et al.78 fitted to DIPPR correlations and therefore the improvement shown for pure component properties in 

Figure 19 may be derivative. What is indicative of true improvement are the results for the binary VLE data 

with methane and water. For both phases and in both binaries, we see significant improvement. 

It is further desirable to compare performance using ternary data for C1-MEG-H2O7 (see figures 20-21). In this 

case effectively equal performance is achieved for new parameters versus the literature parameters:  

yMEG: 20% vs 21%, yH2O: 6.1% vs 5.7% and xC1: 24.5% for both. 
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Figure 20: Prediction of ternary VLE data7 (yH2O and yMEG) using newly regressed 4C association parameters for MEG 

 

Figure 21: Prediction of ternary VLE data7 (xC1) using newly regressed 4C association parameters for MEG 

 

  



Chapter 5: New association schemes for glycols 

 

66 | P a g e  
 

5.3. New association schemes for ethylene glycol (MEG) 
 

The methodology shown for yielded some positive results for binary systems, although the performance for 

ternary data prediction appeared unaffected. Therefore, it has appears as though the status quo (4C) 

association scheme questioned in section 5.1 on pg. 53 is at or near the limit of its performance. But what 

about other schemes?  

 

5.3.1. Newly proposed association schemes 
 

We proposed three new association schemes which made use of binary association sites. These schemes are 

shown (for MEG) in Figure 22 below: 

 

Figure 22: Newly proposed association schemes (3C, 4E and 4F) for monoethylene glycol (MEG) within the SAFT association 

scheme framework 

The association schemes proposed in Figure 26 all involve the application of the binary association site typical 

A-schemes in Huang & Radosz187 formalism. However here we extend the idea of de Villiers et al.276 by using 

binary sites in combination with other site types. The 3C, 4E and 4F schemes are modified from 4C by: 

• 3C: a pair of positive and negative sites are replaced by 1 bipolar site  

• 4E: a pair of positive and negative sites are replaced by 2 bipolar sites  

• 4F: the 2C scheme is replicated and duplicated for glycol with 1 negative and 1 bipolar site 
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The rationale behind these proposals is mimic the hydrogen bond asymmetry observed in the molecular 

simulations of Olsen et al.139  The site-site interaction matrix is visualized in Figure 23. 

 

Figure 23: Association site-site interactions of 4C-water with MEG for each of the newly proposed schemes  

(Legend: orange = no association, green = self-association, green with border = cross-association) 

The asymmetry aspect is discussed further in Kruger et al.16 It is important to realize that in this case the 

asymmetry refers to the relative number of cross- versus self-association interactions in the mixture. 

 

5.3.2. Results of the uncertainty analysis 
 

The bootstrapped parameter sets for 3C, 4E and 4F provided in Appendix D (tables D9-D12). The results are 

summarized in radar plots presented and discussed in detail by Kruger et al.16, comparing the mean and 

uncertainty ranges against the literature 4C parameters. A summary of the results is found in Table 13. 

Table 13: Model correlation and prediction errors (AARD) from the bootstrapping processXLV, XLVI 

  
PSat ρ 

TPx 
(H2O) 

TPy 
(H2O) 

TPx (C1) TPy (C1) 
TPxx 
(nC6) 

TPxx 
(nC7) 

4C - Lit 1.96 2.44 4.40 11.1 12.8 23.5 8.69 3.24 

Set: 3C 0.97 0.29 1.87 6.64 5.46 18.2 6.93 6.50 

Set: 4E 1.13 0.48 2.14 10.0 3.67 16.5 4.02 7.74 

Set: 4F 1.32 0.47 2.00 10.5 3.71 16.9 4.05 8.16 

Set: 4C 1.10 0.66 2.28 5.2 2.79 19.6 8.95 3.11 

                                                           
XLV Full table which includes the error over the uncertainty range of the parameters is available in the supplemental 
materials of Kruger et al.16 
XLVI A best-to-worst ranking is colour coded into the table green – green – black – red – red  
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The general observations for the pure component and binary results are as follows: 

• LLE results generally having the largest uncertainty, due to the small size of the data sets 

• All parameter sets show improved performance over the literature 4C 

• No scheme was universally the best 

• Results for the 4E and 4F schemes are virtually indistinguishable  

• The 4C parameters can be modified to provide good overall performance, without 

changing the original predictions for LLE  

• The 3C performed best for pure component properties 

• It seems unlikely that one set of parameters and scheme can accurately match both LLE 

data sets below 5% accuracy 

In the analysis of the parameter distributionsXLVII it was observed that the b-parameter displayed elements of 

bimodal behaviour for 4-site schemes, while the 3C scheme is very near to normal. This is likely the reason 

for the extremely accurate liquid density correlation when using 3C. The 4-site schemes generally exhibited 

positively skewed distributions for the non-association parameters b, a and c1, while the association 

parameters (ε/R and β) were negatively skewed. 

 

5.3.3. Application of new parameters sets 
 

We consider the prediction of the ternary and multicomponent data as the most important benchmark in 

our work for natural gas dehydration. The results for these benchmarks are given in Table 14. 

Table 14: CPA predictions of ternary C1-MEG-H2O experimental data7 using different kij configurations 

  %AARD (no kij) %AARD (with TPx kij) %AARD (with TPy kij) 

  yMEG yH2O xC1 yMEG yH2O xC1 yMEG yH2O xC1 

4C (Lit) 101.1 22.1 41.0 27.4 7.4 33.8 20.8 6.1 18.8 

3C 142.8 24.5 38.8 23.7 6.5 37.0 20.2 5.8 29.9 

4C 87.3 21.1 32.1 25.4 7.2 28.8 20.0 6.7 18.7 

4E 62.5 19.3 28.4 21.5 14.4 18.3 17.4 14.4 16.9 

4F 62.7 13.6 31.5 21.3 13.9 16.8 16.4 9.4 16.3 

 

The most interesting results are those without any BIPs, where it is seen that the new 4-site schemes exhibit 

the best performance in the prediction of the experimental data. Compared to both 4C parameter sets, the 

new 4E and 4F schemes provide significantly better results for the prediction of MEG in the vapour phase. 

the 4F scheme also is significantly better than the other models for the prediction of water in the vapour 

phase.  This trend is however not fully transferred to the results where BIPs are included. This can likely be 

rectified by incorporating a bigger data set into the kij-regression step. Overall, the re-parameterized 4C 

                                                           
XLVII Full set of distributions are also available in the supplemental materials of Kruger et al.16 
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model is consistently in the middle in terms of accuracy. For reference, we present the results for 4F versus 

4C (literature) below: 

 

Figure 24: Prediction of ternary VLE data7 (yH2O and yMEG) using newly regressed 4F association parameters for MEG 

 

 

Figure 25: Prediction of ternary VLE data7 (xC1) using newly regressed 4F association parameters for MEG 

The predictions presented in figures 24-25 again use the MEG-C1 BIPs regressed against TPy data. The average 

errors for the 4F scheme are 16.4, 9.6 and 16.2 % for yMEG, yH2O and xC1 respectively (see Table 14.) 

After the publication of the new schemes, we also tested impact of switching the C1-H2O BIP to the 

temperature dependent correlation of Liang et al.64 A small trade-off (~1-3%) was observed between 

improved yH2O and decreased xC1 prediction across all association schemes. This did however not make a 
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material difference to the rankings and ultimate conclusions. It is again our experience that the MEG-C1 binary 

interaction parameter is the dominant factor in the accuracy of the prediction. A comprehensive and 

consistent binary TPxy data set would be invaluable for improving the prediction capabilities of CPA for 

dehydration applications, if only to clarify whether the problems in describing both phases simultaneously 

with a single kij is a short-coming of the model or the data. 

 

5.4. Conclusions 
 

Recent research into association schemes advocate the use of binary sites for improved description of 

associating molecules. In this chapter we have summarized our work for the description of MEG. Three new 

association schemes have been proposed: 3C, 4E & 4F. Each of these schemes introduces a binary site, 

typically in combination with negative association sites. The introduction of the binary sites forces 

asymmetrical self- and cross-association for MEG-H2O mixtures, which is in line with results observed in 

molecular simulations. 

New parameter sets have been regressed and uncertainty analysis, using the bootstrap methodology, was 

performed to obtain 95% confidence intervals for each parameter. Using this methodology, improved 

parameters for the 4C scheme were also regressed. 

The four association schemes were tested against eight data types, mostly of interest to subsea dehydration 

applications. The 3C scheme provides the best results for pure component properties and the liquid phase of 

MEG-H2O, while new 4C parameters provide the best results for the MEG-H2O (vapour phase) and MEG-nC7 

LLE. For the limited ternary (C1-MEG-H2O) data and MEG-nC6 LLE, the best results are achieved using the 4F 

scheme. Ternary modelling performance was improved by using binary interaction parameters fitted to 

vapour phase data, versus those fitted to liquid phase data which are typically used in the literature. 

While each of the new parameter sets provided an improvement over the literature parameters, it was found 

that no specific scheme was universally the best option. The improvement was even greater when no binary 

interaction parameters were applied (especially for the 4E and 4F schemes), suggesting the possibility of even 

better predictive performance. Given the uncertainty ranges and inconsistency between literature data 

however, additional experimental data are desirable. A consistent TPxy VLE data set for C1-MEG would be 

especially useful for subsea dehydration applications. 

Despite the lack of sufficient data, the value of the bootstrap method has been highlighted: improved 

parameter sets were obtained, and uncertainty of experimental data has been transferred to the 

thermodynamic models. This model uncertainty can be readily transferred into process simulation and 

design, as is shown Chapter 8. 

 



 

 

6. Experimental work conducted at DTU-CERE 
 

A brief review of high-pressure (HP) vapour-liquid equilibrium (VLE) and vapour-liquid-liquid equilibrium 

(VLLE) equipment has been given in Chapter 2 on page 7. With the assistance of Professor Domnique Richon, 

Michael Frost designed and commissioned a VLE/VLLE apparatus at DTU-CERE during his PhD. The apparatus 

is an equilibrium cell of the analytical isothermal type. An overview of this equipment is provided in this 

chapter. While a full description of the design process has been given in the thesis of Michael Frost43 and a 

subsequent article published in Fluid Phase Equilibria6.  

The main goal in this section of the PhD was to recommission the equilibrium cell (which stood idle for almost 

two years) and measure experimental data of interest to our work with subsea processing. Following 

discussions with Michael Frost, several modifications were proposed. By considering the relative strengths 

and weaknesses of this apparatus, and along with an evaluation of discussions in the literature, it became 

possible to predict potential experimental difficulties along with ways of counter-acting them. In this regard, 

the literature review and especially the text of Raal and Muhlbauer30 proved very useful. As a reminder, the 

challenges for high pressure VLE measurementXLVIII are as follows: 

1. The liquid components must be thoroughly degassed when added to the equilibrium cell 

2. Ensuring isothermal conditions 

3. Confirming that equilibrium has been reached 

4. Accurate measurement of the temperature and pressure 

5. Not disturbing the equilibrium when sampling 

6. Sample integrity during the sample taking process 

7. Ensuring accurate sample analysis 

The changes that were made to the experimental apparatus are covered in section 6.1.3 on page 74. 

Following the re-commissioning of the cell, the GC also needed to be replaced and a new GC methods were 

developed. In collaboration with Mr. Athanasios Varsos, we completed the method development and 

measured verification data for C1-H2O as part of his master’s thesis. Additional binary measurements  

(C1-nC6) and method development for three-phase ternary measurements of C1-nC6/nC7-H2O have also been 

completed. For the measurements with n-heptane, there is one source from the literature (Susilo et al.157) 

whom have measured somewhat comparable data. Three data points at 275.5 K and 120, 1000 and 2000 kPa 

are reported with quantification in each of the three phases. From this source we could ascertain the volumes 

of nC7 and H2O used in the experiments (80 mL ea.), but as only the gas pressure is reported we cannot 

determine the amount of methane in the experimental feed. XLIX  Despite this, one can still make rough 

comparisons of the data. It was also noted that the mixing time quoted in the paper was 1 hour, with pressure 

and temperature becoming constant with the first 10 minutes.  

                                                           
XLVIII The mechanisms for addressing these challenges are highlighted in succeeding text 
XLIX The gas volume is required to estimate the moles of methane in the feed, via a suitable EoS for instance. The cell 

volume was not stated in the paper157, the description of the apparatus293 to which the paper refers, or a subsequent 

review paper33. We contacted the corresponding author but were not successful in finding out the total cell volume. 
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6.1. HP VLE/VLLE apparatus at DTU-CERE 
 

6.1.1. The equilibrium view cell 
 

A schematic representation of the equilibrium view cell is provided in Figure 26 and Figure 27 (on page 74). 

The main components of the apparatus are an equilibrium view cell which is in a liquid bath, ROLSITM,35 valves 

which connect the cell to the sampling pathway, and finally a gas chromatograph for analysis. The cell was 

designed to measure multicomponent multi-phase equilibria of  hydrocarbon-water-hydrate inhibitor 

systems at temperatures between 283-353 K and pressures up to 200 bar. Pressure tests up to 280 bar were 

done following the initial commissioning and again after the changes made in section 6.1.3. 

 

Figure 26: Schematic representation of the equilibrium cell constructed by Michael Frost at DTU (published with permission 

of Elsevier6) 

The cell is constructed of stainless steel (SS316), with an inner diameter of 25 mm and a volume of 60 cm3. 

30 mm thick sapphire windows are located at each of the cylinder, allowing for viewing of the cell contents. 

A magnetic stirrer straddles the centreline of the cell and is held in place at each end by bearings in the 

sapphire windows. The stirrer helps to decrease the time taken for equilibrium to be reached, by promoting 

contact between the various phases. [Challenge 3] 
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Figure 26 also shows the three valve ports, used for liquid and gas loading, and evacuation. The evacuation 

valve is used to maintain a vacuum in the cell when the liquids are loaded, and for cleaning the cell. According 

to the experimental procedure developed by Frost, the liquids are also placed under vacuum before loading. 

This ensures that no unwanted dissolved gasses enter the cell. [Challenge 1] 

During experiments, the cell is placed within an isolated, temperature-controlled liquid bath. Depending on 

the required temperature range, the heating medium within the bath can be substituted. [Challenge 2] 

Water is currently used, giving a range of approximately 288-338 K, with a reported control of 0.5 K. This is 

satisfactory compared to point 2 of Raal and Mühlbauer30, although the installation (even temporary) of 

additional temperature sensors would allow for confirmation that no temperature gradients exist in the 

thermostat or cell. 

The temperature of the cell is measured with a PT100 temperature probe, which are typically used for 

measurements between 273-373 K. The probe is placed in a special compartment vertically along the cell 

and has a resolution of 0.01 K with a precision of 0.1 K. The pressure is measured with a Keller 33X pressure 

transmitter, which is temperature compensated and has a precision of 0.1% of full range (0-500 bar). 

[Challenge 4] This accuracy range is relatively low in comparison with the requirements of “less 0.05% change 

for 30 mins” described by Fredenslund et al.294 Therefore the cell was always left overnight i.e.  

12+ hrs contact time, to provide greater certainty that the pressure had stabilized sufficiently for equilibrium 

to be reached. The calibrations for both measurement devices were re-checked at least once over the span 

of the project. The temperature and pressure readings are recorded using an Agilent 34970A data logger. 

 

6.1.2. Sampling and analysis 
 

The cell is equipped with two ROLSITM,35 samplers and can be rotated up to 45°, allowing for sampling different 

positions (i.e. phases) within the cell. In other words, by looking through the sapphire window it is possible 

to sample from different phases if a clear phase boundary is visible. ROLSI valves are microsamplers which 

have been used to sample in the μg range in many applications.25,35,295 The main advantage of using a 

microsampler is that the equilibrium remains unaffected. [Challenge 5] ROLSI valves are connected to the 

cell by 0.1 mm I.D. stainless steel capillary (SS 316). 

When the liquid phase is sampled and especially when it contains a mixture of volatile and non-volatile 

components, differential flashing may occur which will affect the quality of the downstream analysis. To 

overcome this, both the samplers and the carrier lines to the GC are heated, and with the transmission lines 

kept as short as possible. [Challenge 6] The carrier lines can be heated to 523 KL to ensure vaporisation of 

the samples, and the GC inlet is also temperature controlled.  

The final challenge [Challenge 7] is addressed in the detailed description of the GC apparatus and method 

development. The Agilent 7890B GC represents the most significant change which has been made to 

                                                           
L According to the Armines website, ROLSI samplers should not be used above 480 K and 20 MPa for samples containing 
water. Operating manual says:” With a swab in polyphenylene sulfur (PPS) for fluids with water. Maximum pressure = 
200 Bar, Maximum temperature = 180 °C” 
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experimental apparatus, although it is a like-for-like replacement of the PR2100 GC used by Frost et al.6 The 

new setup comprises a split/splitless (S/SL) injector, a single GC column, with a TCD and FID detector in series. 

Based on the input of SMEs from Agilent, the column selection was modified as well. For the experiments 

presented in this chapter, the GC was fitted with a Porabond U column which is developed for solvent 

separation and use with water. The GC method development is described in section 6.1.4 on pg. 76. 

 

6.1.3. Description of experimental difficulties and changes 
made to the experimental apparatus 

 

Major operational difficulties were experienced with the cell as originally designed, and several concerns 

needed to be addressed:  

• [Concern 1] Leakages on the screw thread for the side bolts [a blowout had occurred previously]  

• [Concern 2] The sapphire windows tended to crack at high pressure conditions  

• [Concern 3] The liquid phase capillary tube would contact the magnetic stirrer  

• [Concern 4] Doubts over the efficacy of the stirrer mechanism when submerged in water  

The CAD model of the original design is shown Figure 27 below: 

 

Figure 27: 3D CAD representation of the original equilibrium cell constructed by Michael Frost at DTU [Concerns are 

labelled and addressed in the text below] 

Each of the concerns in the original design have been addressed as follows: 

[Concern 1]    

A single solution was proposed for the first two concerns whereby a new window assembly was 

manufactured. The new design is shown in Figure 28 (on the next page). Cylindrical sapphire windows are 

now held in place by a steel “bracket”, with the bracket is held in place with 12 screws. 

[Concern 2]  

3 

1 

4 

2 
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Gaskets were manufactured to be used at the glass-steel interfaces to relieve the stress on the glass, thereby 

decreasing the risk of cracking. O-ring grooves have been machined into the ends of the cell to form the new 

seal. As part of the improvement of the cell operation, we also developed new leak testing equipment for 

the ROLSI samplers, and implemented (using input from Dr. Frederick Fourie25,26, previously of Stellenbosch 

University) a new maintenance procedure to maintain the proper functionality of valves.  

 

Figure 28: Side-view of new cell design, with a machined slot for placing cylindrical sapphire windows at the ends of the cell 

which is held in place by a steel bracket and 12 screws 

[Concern 3]  

A new capillary port has also been machined into the cell, which is off-centre.  Therefore a capillary sampling 

tube can penetrate deep into the cell (as seen in Figure 28) while avoiding contact with the magnetic stirrer 

(which is placed along the axial direction of the cell – as seen in Figure 27). The new design allows for greater 

flexibility in the range of the experimental feed, as far more gas and less liquid can be loaded while still being 

able to sample from all phases. The original design only allowed liquid sampling under low gas volumes, such 

that the liquid level was above the magnetic stirrer. 

[Concern 4]  

The motor (pictured top-right in Figure 28) used to turn the outer magnetic disk (which in turn, rotates the 

inner magnetic stirrer) was upgraded, allowing better mixing inside of the cell. 
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6.1.4. GC-method development 
 

GC specifications 

The specification of our Agilent 7890B was done in conjunction with an SME and was installed in February 

2018 with the following specifications: 

• 100 psi S/SL inlet 

• Packed inlet with septum purge 

• TCD with electronic pneumatics control (EPC) 

• FID with EPC 

• Inlet gas filtration kit 

• 7697A Headspace sampler 

• PoraBond U and DB-WAX-UI columns (only one can be used at a time) 

Both the FID and TCD are specified by the supplier as having a large linear dynamic ranges (>107 and >105 

respectively), with quoted detection limits in the range of picograms per millilitre. The GC methods were 

developed in conjunction with Athanasios Varsos, who completed his master’s thesis using this apparatus. 

Following an extended process of trial-and-error, along with input from Agilent, we found two methods for 

analysing the equilibrium samples. The analysis method depended mainly on whether samples were taken 

from the liquid or vapour phase, and which combination of chemicals were measured. The following set 

points were common to the analyses methods in all cases:  

• S/SL inlet temperature  250°C 

• S/SL mode  Split 

• FID temperature  300°C 

• TCD temperature  250°C 

• He carrier flow rate 1.5 mL/min 

Although splitless mode could have provided slightly better results for instance for water vapour content, we 

could not achieve desirable operation within the timeframe remaining in the project. This should be resolved 

in future work as it could allow for improved analysis at very low concentrations. The same column was used 

in all cases, for which the specifications are given in Table 15. 

Table 15: Agilent PoraBOND U column specifications 

Part number CP7381  

Column I.D 0.32 mm 

Column length 25 m 

Type PLOT (fused silica)  

Film thickness 7 μm 

Max. operating temperature 300 °C 

 

The main distinction between the analysis methods was in the temperature programmes for the vapour and 

liquid sampling, which are described in Table 16. 
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Table 16: GC oven temperature programmes for the vapour and liquid sampling methodsLI 

 
Units 

Vapour 
Sampling 

Liquid 
Sampling 

Split ratio - 5:1 20:1 

Initial temperature °C 60 40 

Hold time min 1 1 

Ramp rate °C/min 20 10 

Final temperature °C 150 120 

Hold time min 3 5 

 

For these set points, good separation and sharp peaks for each the components of interest were achieved. 

The elution times of the respective compounds are as follows: 

C1 ~1.8 mins   n-C6  ~9.4 mins 

H2O ~3.3 mins  n-C7 ~11.8 mins 

 

GC calibration 

To quantify samples analysed in a GC, calibration curves must be created. This is done by injecting known 

masses of a given compound and measuring the magnitude of the response for the given detector. In the 

work done in this chapter, methane, n-hexane and n-heptane were quantified using the FID detector while 

water was quantified using the TCD detector. For each point on the calibration curves, at least three 

injections were made. The volume of these injections was in range of 0.1-0.5 μL to match as closely as 

possible the expected range of masses sampled from the cell. Although desirable, it was not practically 

possible to make repeatable injections for any smaller volumes. Also, it should be noted that in the case of 

methane, gas-tight syringes were used.  

Given that the detectors (FID/TCD) are within their linear range, GC response peaks can be calibrated either 

versus area or height. The use of area is more common in quantification applications and the peak area fitting 

was achieved by the implementation of consistent methods in Agilent’s OpenLAB CDS software. Background 

subtraction was used to correct for minor baseline noise. The calibration constant for each component was 

found by linear regression through the origin (i.e. c = 0).  

Table 17: Injection data for the calibration of water using the TCD detector 

inj. Volume 
(μl) mol x 10-6 

Average 
Area StDev RSD 95% lb 95% ub 

0.1 5.53 2969 645 21.7% 1678 4260 

0.2 11.07 5984 422 7.1% 5139 6828 

0.3 16.60 9009 535 5.9% 7939 10078 

0.4 22.14 13117 572 4.4% 11972 14261 

                                                           
LI These methods were slightly tweaked for certain situations, but the inputs provided here are representative of the 
major differences between sampling from the different phases. The exact methods for each case are stored on the GC 
and are available for future use. 
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The data used in the calibration of water is shown in Table 17. Overall a total of 24 injections are summarized 

in this table, and the R2 value (0.994) for the fit (all data used) indicates a good linear fit. It is noticeable that 

the relative standard deviation (RSD) increases as the injected volume decreases. This is due to the difficulty 

in achieving repeatable injections for small volumes, rather than non-linearity in the GC response.  The raw 

data and calibration constants for methane, n-hexane and n-heptane are available in Appendix C (tables C1-

C6). 

The resultant calibration curve for water is presented in Figure 29, with those for methane, n-hexane and  

n-heptane given in Appendix C (figures C1-C3).  

 

Figure 29: GC calibration curve for water using the TCD detector using a 95% confidence interval 

The calibration curve in Figure 29 shows the response of the TCD detector for water peaks. The magnitude 

of the 95% uncertainty band remains approximately constant over the range of the graph, although as 

discussed, the relative uncertainty becomes quite large at the smaller end of the scale. This uncertainty is 

however not transferred to the experimental data, as it relates to uncertainty of the injection volume 

rather than in the experimental measurement directly. 

The calibration for water is the least certain, due to differential response of the TCD versus FID. The R2 values 

for the methane, n-hexane and n-heptane calibrations are all >0.997, with average RSD values in the order 

of 2-5%. n-Heptane has slighter higher RSD values.  
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6.2. Materials and methods 
 

6.2.1. Materials used in the experiments 
 

The following chemicals were utilized during the experimental study of VLE and VLLE of water-hydrocarbon 

mixtures at DTU-CERE. 

Table 18: Specifications for the chemicals used for VLE/VLLE experiments at DTU-CERE 

No. Chemical CAS No. Supplier Purity Impurities 

1 Methane 74-82-8 Air Liquide (CHEMGAZ 4) >99.999% H2O < 1 ppm 

2 Water 7732-18-5 DTU Campus Service Ultra-pure*  Cond. < 1 μS/cm 

3 n-hexane 110-54-3 
Sigma-Aldrich 

ReagentPlus® 139386 
>99%  

4 n-heptane 142-82-5 
Sigma-Aldrich 

CHROMASOLV® 34873 
>99% H2O < 0.01% 

 

No additional purification was done for the chemicals listed above. The water provided by DTU Campus 

Service undergoes a 5-stage purification process: filtration, ion exchange, reverse osmosis, Capacitive 

Deionization (CDI), and Ultraviolet Germicidal Irradiation (UVGI). The water has a conductivity specification 

of 1 μS/cm, although in our checks the conductivity was approx. 0.6 μS/cm. This is in line with commercially 

available HPLC grade products e.g. HiPerSolv CHROMANORM®.  

The experimental conditions are listed in Table 19 below.  

Table 19: Experimental conditions for DC1-DC4 VLE/VLLE measurements made at DTU-CERE 

Campaign Mixture T [K] P [bar] zC1 znC6 znC7 zH2O 

DC1 - 313 10-105 Not measured 

DC2 - 303 26-94 Not measured 

DC3 
3.1 

303-323 
62-77 0.1408 0.1600 - 0.6992 

3.2 44-46 0.0747 0.1724 - 0.7530 

DC4 4.1 303-323 16-18 0.0146 - 0.1079 0.881 

 

As shown in Table 19, the experimental results in this chapter are divided up into four “campaigns” labelled 

with the prefix DC for “DTU Campaign”. This is to clearly distinguish the results from the data measured at 

Equinor which are preceded by the prefix EC. The four campaigns are sorted as follows: 

• DC1 & DC2  Validation data: C1-H2O and C1-nC6 

• DC3 & DC4  New VLLLE data: C1-nC6/nC7-H2O  

The mixtures for the new data have been selected as simple representations of the three-phase pre-

separator which is upstream of the natural gas dehydration step in the G2PTM process presented in Chapter 

1.  
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6.2.2. Experimental method 
 

The method for preparing and conducting an experiment is as follows. The cell is washed with acetone and 

left under vacuum overnight. Before an experiment commences, the liquid and gas loading pathways are 

also placed under vacuum. A minimum pressure of P < 0.021 kPa(abs) on the vacuum pump pressure 

indicator is required before the equilibrium cell is loaded. Degassed liquid (water, n-hexane, n-heptane or a 

mixture) is loaded under vacuum, while ensuring that capillary connected the liquid sampling valve is 

submerged. The cell is then pressurized with methane from a gas bottle. For ternary mixtures, it is necessary 

to quantify the exact feed composition. For the liquids, this measurement is trivial – simply weighing the 

loading flask before and after loading. For the methane gas, a stainless-steel gas bomb is first pressurized 

and weighed. After loading, the bomb is weighed again to determine the mass of gas loaded.  

The entire cell is then submerged in the liquid bath and the magnetic stirrer is activated. The mixture is left 

overnight to reach equilibrium. Typically, the cell pressure stabilizes within 3-6 hours. The data acquisition 

software is used to monitor the temperature and pressure, and the mixture is considered to be at 

equilibrium when fluctuations within ± 0.1 K and ± 0.05% of the measured value are observed.  

Before sampling, a GC bake out method is run which includes 5 purge samples. After purging, samples are 

taken from the desired phase by actuating the relevant ROLSI sampler. Typically, 3-6 samples would be taken 

per phase using an opening time of 0.6 s. When two liquid phases are present, the equilibrium cell is tilted to 

access the necessary phase. A purge method is also run when switching between sampled phases to remove 

any contamination of adsorbed compounds along the sampling pathway.  

 

6.3. Experimental validation, results and uncertainty 
 

In both chapters 6 and 7, experimental values are reported as the average of the observed measurements, 

while the uncertainty (u) is calculated using relative standard deviation (RSD = |σ/�̅�|) and a multiplier (CI) for 

the level of confidenceLII: 

𝑢𝑟,𝑥 =  
𝐶𝐼 ∙ 𝜎𝑥

|�̅�|
∙ 100 [%] 

Eq.  67 

Therefore, the uncertainty in this work is represented by the repeatability of the measurements and is 

further substantiated through comparison with published data in section 6.3.1 on the next page.  

                                                           
LII 1, 2 and 3 standard deviations equate to 0.683, 0.955 and 0.997 level of confidence respectively. 
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6.3.1. Validation data: DC1 (C1-H2O) & DC2 (C1-nC6) 
 

The first set of validation data was measured for the very well-studied C1-H2O binary VLE, with data being 

measured at 313 K. Results are shown in figures 30-31. The experimental data and uncertainty for the figure 

below is provided in Appendix C (Table C 7). 

 

Figure 30: Px data for C1-H2O measured at 313 K compared with literature data from Frost et al.68, Yarymagaev et al.69, 

Kiepe et al.70, Campos et al.72 and Awan et al.73 Standard uncertainties u(T) = 0.5 K and u(P) = 0.5 bar 

Figure 30 presents 5 liquid phase data points measured in comparison with several literature sources.  In 

general,  agreement with literature data is relatively good. As these were some of the first measurements 

made using the new GC, the uncertainty ranges were quite high in certain cases (e.g. at 105 bar). The average 

RSD for the liquid phase data is 4.7%.  The best agreement is achieved with the data of Kiepe et al.70 while 

the worst agreement is with that of Frost et al.68 Towards the lower end of the pressure range, it can be seen 

that out data falls roughly between that of Campos et al.72 (if extrapolated slightly) and Kiepe et al.70  For the 

medium to high pressures, it is seen that this work estimates higher methane solubilities than most of the 

literature sources. Insufficient mixing time could explain some of the larger discrepancies between various 

sources. If sampling had occurred before equilibrium is truly reached, then lower solubility measurements 

would result.  At the highest pressures, all the data sources exhibit a decreasing solubility-pressure gradient. 

  

0

0.0002

0.0004

0.0006

0.0008

0.001

0.0012

0.0014

0.0016

0.0018

0.002

0.0022

0.0024

0 10 20 30 40 50 60 70 80 90 100 110 120 130 140 150

D
is

so
lv

e
d

 m
e

th
an

e
 (

x C
1
) 

[m
o

l/
m

o
l]

Pressure [bar]

This work (313 K) Frost (313 K) Yarymagaev (313 K)
Kiepe (313 K) Campos (313 K) Awan (314 K)



Chapter 6: Experimental work at DTU-CERE 

 

82 | P a g e  
 

The vapour phase data are presented in Figure 31. The experimental data and uncertainty for the figure 

below is provided in Appendix C (Table C 7). 

 

Figure 31: Py data for C1-H2O measured at 303 K compared with literature data from Frost et al.68 and Yarymagaev et al.69,  

Standard uncertainties u(T) = 0.5 K and u(P) = 0.5 bar 

A total of 5 data points has been measured for the vapour phase of the C1-H2O system. The data again agrees 

quite well with the literature sources68,69, with slightly higher water vapour recorded at low pressure and 

slightly lower water vapour observed at high pressure. The average relative standard deviation for the data 

is 4.9%, and the 95% confidence intervals are shown in the figure above. 

If two of the outliers are disregarded in the analyses of the TPxy data, then the average RSD lowers to 3.2% 

and 4.2% respectively for the liquid and vapour phase experimental measurements. This would translate to 

an experimental uncertainty of 6-8.5% when using a 95% confidence interval. Although the uncertainty is 

relatively high compared to that quoted in some sources in the literature, it is not unlikely that some of these 

sources are overstating their accuracy. Commonly we see two literature sources claim a 1-2% accuracy and 

good agreement with one another while differing by >10% from one another. In this work we have 

emphasized the use of conservative (i.e. wider) uncertainty ranges. 
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Validation data was also measured for the C1-nC6 system at 303 K. The liquid phase solubility (Tx) diagram is 

shown in Figure 32, where it is compared with literature data from Kandil et al.74 at the same temperature, 

Shim & Kohn296 at lower temperatures,  and Poston et al.75 and Cebola et al.76 at higher temperatures. The 

experimental data and uncertainty for the figure below is provided in Appendix C (Table C 8). 

 

Figure 32: Px data for C1-nC6 measured at 303 K compared with literature data from Shim & Kohn296, Kandil et al.74, Poston 

et al.75 and Cebola et al.76 Standard uncertainties u(T) = 0.5 K and u(P) = 0.5 bar 

For C1-nC6 it was decided to include additional data at different temperatures, as there was only one source 

available at 303 K exactly. Although there are some minor discrepancies between the various data sets in 

terms of the temperature effectsLIII, the overall results indicate that our new measured data points correlate 

very well with those presented in the literature. The average RSD for our data is 4.5%, with a 95% confidence 

interval is presented for our data in the figure above. This means ±9% on average for the vertical error barsLIV 

of our data, although the average is very strongly influenced by the uncertainty of the point measured at 26 

bar. Given the insensitivity to temperature in relation to the magnitude of uncertainty ranges, it is difficult to 

draw any specific conclusions w.r.t. solubility-temperature trends. 

                                                           
LIII While all the data is generally in agreement that higher temperatures lead to lower methane solubility at a given 
pressure, the magnitude of changes do not necessary align e.g. near 100 bar, the differences in solubility from 298 to 
311 to 344 to 348 K are quite non-linear. 
LIV The local RSD for each point is multiplied by the confidence interval factor to generate the error bars. The average 
value is mentioned only as an indication of the overall experimental uncertainty. 
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The final validation results are presented in Figure 33 below, where the vapour phase content of n-hexane in 

methane at 303 K is presented. 

 

Figure 33: Py data for C1-nC6 measured at 303 K compared with literature data from Shim & Kohn296, Kandil et al.74 and 

Poston et al.75 Standard uncertainties u(T) = 0.5 K and u(P) = 0.5 bar 

As is seen in the figure above, we again achieve good agreement with the data from the literature. As was 

seen for the Tx-data in Figure 32, there are again some discrepancies with respect to temperatures. Our data 

aligns quite well with that of Kandil et al.74 (ignoring the two clear outliers) which is measured at the same 

temperature, and lies between that of Shim & Kohn296 at 298 K and Poston et al.75 at 344 K. There is however 

some discrepancy with the data at 310 K, but this is similar to results shown in Figure 32 where there were 

also temperature-related inconsistencies with the data of Poston et al. 75 and other sources. The average RSD 

for our Ty-data is 4.6%, meaning that the experimental uncertainty is ±9%. 

Based on the repeatability of the results for the binary validation data (DC1 & DC2) and overall good 

agreement with data from the literature, we confident in stating that the uncertainty of our analytical 

methods is estimated at ±9% using a 95% confidence interval. 
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6.3.2. DC3/4: new VLLE data (C1-nC6/nC7-H2O) 
 

In an on-going study investigating the VLLE data 

for the systems C1-nC6/nC7-H2O, experiments for 

three different compositions (DC 3.1, 3.2 and 4.1) 

have been completed at three temperatures (303, 

313 and 323 K). Measurements of additional data 

and replicates of the presented data are still 

underway, with submission for publication 

planned for June 2019. Although the exact same n-

alkanes are not used in all the experiments here, 

we have chosen to present the data together for 

the sake of brevity and one would not expect 

extremely different behaviour  for n-hexane 

versus n-heptane. 

The completed data for each of the three phases 

are present in the figures on the side of the 

succeeding pages: the vapour phase y (Figure 34), 

hydrocarbon-rich (HC-rich) xI (Figure 35) and 

aqueous xII (Figure 39) liquid phases. The phases 

composition and uncertainty dataLV are presented 

in tables 20-21 on pg. 88. The compositions of the 

experimental feed (z) have been presented in 

Table 19 on pg. 79, but can be summarized as: 

• DC 3.1 (nC6) – most C1, least H2O 

• DC 3.2 (nC6) – most n-alkane 

• DC 4.1 (nC7) – most H2O, least C1, least n-

alkane 

The data presented in Figure 34 indicates that: 

• 𝑑𝑦𝐶1 𝑑𝑇⁄  is negative (fig. 34a) which helps 

subsea gas treatment 

• 𝑑𝑦𝑛𝐶6/7 𝑑𝑇⁄   (fig. 34b) is positive  with 

arrange: 2.5-5.0 mol%  

 

Figure 34a-c: Experimental data measured for the vapour phase of  

C1-nC6/nC7-H2O ternary VLLE at 303-323 K  

                                                           
LV Note that the data markers in these figures have been sized such that the width is roughly representative of the 
temperature uncertainty.  
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• The water vapour content (fig. 34c)  trends appear somewhat anomalous (range: 65-3300 ppm) 

• yH2O is strongly correlated with zH2O, but it appears that the zC1 also plays a role 

Based on the water content of the feed alone, one would also expect higher water vapour content for DC 3.2 

than DC 3.1. As additional results  and replicates 

are measured, we will be able to conclusively 

validate this point.  

Figure 38 presents the experimental results for 

the HC-rich phase. Water content is shown in  

fig. 38a and ranges from 0.5 to 3 mol% across all 

nine experiments. The trends for water content 

initially increase but then decrease for water in 

n-hexane mixtures, while a continuous 

decrease with temperature is observed in the 

n-heptane mixture (DC 4.1).  

For the trend of n-alkane content versus 

temperature, an approximately linear increase 

is seen for all three data sets. DC 4.1 has the 

highest n-alkane content, even though it has the 

lowest n-alkane feed ratio. It should however be 

remembered that this phase is dominated by 

hydrocarbons, and that ratios of n-alkane:C1 in 

the feed are 1.1, 2.3 and 7.4 for DC 3.1, 3.2 and 

4.1 respectively. Therefore, it stands to reason 

that DC 4.1 should have the highest n-alkane 

content. 

Finally, the data for C1 in the HC-rich phase are 

shown in fig. 38c, where it is observed that the 

sensitivity to temperature is less than for the 

other components. For the nC6 mixtures, there 

is a more noticeable inversely proportional 

relationship however. As with the data 

presented for n-alkanes, there is a clearly 

defined separation between the data sets. 

Again, the dominant effect is the ratio of n-

alkane:C1 in the feed mixture, with DC 3.1 

having the highest xI,C1 content while DC 4.1 has 

the lowest. 

Figure 35a-c: Experimental data measured for the hydrocarbon-

rich phase of C1-nC6/nC7-H2O ternary VLLE at 303-323 K 
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Finally, the data for the aqueous phase is presented in Figure 39. 

The water in aqueous phase (xII,H2O) data 

presented in fig. 39a are almost pure, with the 

greatest degree of hydrocarbon solubility  

(0.3 mol%) occurring for DC 3.1 at 303 K. In all 

cases the water content of the aqueous phase 

increases with temperature, as the n-alkanes 

preferentially dissolve into the hydrocarbon-

rich liquid. The temperature sensitivity (i.e.  

T-xII,H2O gradient) decreases with increasing 

water in the feed. 

 

 

Fig. 39b shows the n-alkane solubility where 

very steep negative T-xII,nC6/7 gradients are 

observed for mixtures DC 3.1 and 4.1. Although 

relatively high uncertainties are reported (in 

Table 21 on the next page) for these 

measurements specifically, the measurement 

for DC 3.2c at 323 K does appear to be incorrect 

in comparison with the other data presented in 

the graph. The clarity provided by the pending 

measurements should resolve this anomaly.  

 

 

The results for C1 solubility are shown in  

fig. 39c where molar compositions of  

0.05-0.25 mol% are observed. xII,C1 decreases 

with increased temperature, although the 

gradients are not as those for n-alkanes in  

fig. 39b. It is also noticeable that the 

temperature-composition gradient is steepest 

for DC 3.1 which has the highest C1 feed 

content. 

 

Figure 36a-c: Experimental data measured for the aqueous phase of  

C1-nC6/nC7-H2O ternary VLLE at 303-323 K 
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Table 20: Results of ternary VLLE data measured for C1-nC6/nC7-H2O at 303-323 K (Exp. DC 3.1, 3.2 and 4.1) 

Feed, Temperature & Pressure Vapour Phase HC-Rich Phase Aqueous Phase 

Exp. No. T [K] P [bar] P [MPa] yC1 ynC6 yH2O [ppm] xI,C1 xI,nC6 xI,H2O xII,C1 [ppm] x II,nC6 [ppm] x II,H2O 

DC 3.1a 303.2 76.7 7.7 0.967 0.0330 498 0.307 0.687 0.0059 2348 503 0.9971 

DC 3.1b 313.2 69.9 7.0 0.965 0.0347 530 0.269 0.711 0.0199 2177 144 0.9977 

DC 3.1c 323.2 61.88 6.2 0.962 0.0371 597 0.260 0.725 0.0156 1489 15 0.9985 

DC 3.2a 303.2 45.7 4.6 0.965 0.0348 137 0.2100 0.780 0.0105 1123 17 0.9989 

DC 3.2b 313.2 46.1 4.6 0.953 0.0466 65 0.1860 0.798 0.0163 1118 14 0.9989 

DC 3.2c 323.2 44.1 4.4 0.951 0.0489 147 0.1905 0.796 0.0137 1048 16 0.9989 

Exp. No. T [K] P [bar] P [MPa] yC1 ynC7 yH2O [ppm] xI,C1 xI,nC7 xI,H2O xII,C1 [ppm] x II,nC6 [ppm] x II,H2O 

DC 4.1a 303 16.4 1.6 0.9713 0.0257 2931 0.1153 0.8548 0.0299 647 28 0.9993 

DC 4.1b 312.8 17.4 1.7 0.9672 0.0295 3300 0.1069 0.8703 0.0228 490 15 0.9995 

DC 4.1c 323.2 17.8 1.8 0.9644 0.0339 1721 0.1147 0.8769 0.0084 471 4 0.9995 

 

Table 21: Relative standard deviations of ternary VLLE data measured for C1-nC6/nC7-H2O at 303-323 K (Exp. DC 3.1, 3.2 and 4.1) 

RSD [%] Vapour Phase HC-Rich Phase Aqueous Phase 

Exp. No. T [K] yC1 ynC6 yH2O xI,C1 xI,nC6 xI,H2O xII,C1 x II,nC6 x II,H2O 

DC 3.1a 303.2 0.14% 2.5% 8.0% 0.5% 0.2% 6.2% 5.5% 12% 0.03% 

DC 3.1b 313.2 0.11% 3.3% 15% 1.9% 0.4% 26% 7.4% 23% 0.02% 

DC 3.1c 323.2 0.14% 3.5% 8.2% 3.6% 1.3% 2.6% 8.2% 10% 0.01% 

DC 3.2a 303.2 0.07% 2.0% 7.6% 2.6% 0.7% 3.7% 0.6% 2.4% 0.001% 

DC 3.2b 313.2 0.02% 0.4% 7.5% 3.1% 0.7% 1.4% 0.7% 4.5% 0.001% 

DC 3.2c 323.2 0.11% 2.1% 14% 0.9% 0.2% 4.0% 0.4% 1.2% 0.000% 

Exp. No. T [K] yC1 ynC7 yH2O xI,C1 xI,nC6 xI,H2O xII,C1  x II,nC6 x II,H2O 

DC 4.1a 303.0 0.01% 0.5% 0.02% 3.3% 0.4% 2.8% 5.5% 17% 0.003% 

DC 4.1b 312.8 0.1% 3.6% 4.8% 1.6% 0.2% 2.0% 2.3% 35% 0.002% 

DC 4.1c 323.2 0.4% 11% 11% 5.2% 0.6% 9.0% 0.7% 11% 0.000% 
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Some comparisons can be made between our data and that measured by Susilo et al.157, although the 

discussion is limited by the fact that their data was measured at isothermal conditions. Significantly higher 

nC7 and lower C1 content is reported for the HC-rich phase, which leads us to believe that the feed would 

have contained significantly less C1 than in our experiments. It is also interesting to note that yH2O > xI,H2O for 

their data. Given our findings for the relationship between C1 content and water solubility in the HC-phase 

this result makes sense. The results for the aqueous phase are in the same order of magnitude compared 

to their data 10 and 20 bar, where the C1 content was around 400 ppm and the nC7 content was at or below 

10 ppm. For  ease of reference, the data of Susilo et al.157 are provided in Appendix C (Table C 9 on pg. XXVII). 

Comparisons with the C1-nC5-H2O data of Gillespie & Wilson158, LVI  are also impractical. They observed  

three-phase behaviour at 366 K and 422 K (for pressures of 31 and 62 bar, but not at 138 bar) but not at 311 

K. They also have not specified the feed mixtures which further complicates matters, and report water vapour 

content and low hydrocarbon solubility which suggests very high water feed fractions.  

Additionally, Susilo et al.157 have also published the standard deviations of their measurements, which means 

that a comparative study of the experimental uncertainties can be made. The results of this comparison are 

presented in Figure 37 below. 

 

Figure 37: Comparison of the experimental uncertainty reported by Susilo et al.157 and this work 

For the comparison of the data in Figure 37 the data has been grouped by component and phase. Therefore 

each data point represents the average of three points (at different temperatures for our work, and different 

pressures for Susilo et al.157). For the sake of readability, we chose to label only our data sets, but generally 

the equivalent comparisons are very near to one another along the x-axis. As would be expected, 

                                                           
LVI Two interesting quotes from this source: “The solubility for n-pentane in water … scatter rather severely, and no 
conclusion can be made regarding the ternary solubility” and “Nevertheless, we were surprised that the solubility is 
higher than predicted from the partial pressure of methane, and comments from others on this matter are welcome” . 
Ternary VLLE data generation appear to have been equally challenging in 1982, and one wonders whether a response 
from “others” was ever forthcoming. 
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repeatability/uncertainty increases sharply as concentration decreases. The figure highlights the fact that 

both studies report very similar overall repeatability in their measurements. For interest, our data has been 

fitted with using the natural logarithm with a relatively good overall fit being found.  

 

6.4. Conclusions 
 

In this section of the PhD, the focus was to re-commission the apparatus first built by Frost and Richon. With 

this equipment, we wished to measure new data of use for subsea processing applications. Modifications 

were made to cell, mainly to alleviate leaks and prevent cracking of the sapphire windows. It was also 

necessary to procure a new gas chromatograph, and the commissioning and validation thereof was 

completed together with Athanasios Varsos during his master’s thesis.  

The standard uncertainties of the pressure and temperature sensors are ±0.5 bar and ±0.1 K, with the 

temperature control of the liquid bath is reported as 0.5 K. Calibrations curves have been generated for H2O 

(TCD), C1, nC6 and nC7 (all FID) with R2 values >0.99 and good repeatability for the measurements (2-5%). 

Validation data have been measured for C1-H2O at 313 K and C1-nC6 at 303 K. Very good agreement of TPxy 

data from a range of literature sources has been demonstrated. Based on the repeatability of the validation 

results and comparison with literature, we estimate the uncertainty of the composition analysis at ±9% using 

a 95% confidence interval. 

New experimental data has also been measured for C1-nC6/nC7-H2O ternary VLLE systems at 303-323 K. Only 

one other related ternary VLLE dataset (C1-nC7-H2O at 275.5 K) could be found in the open literature, meaning 

that this new data represents a very meaningful contribution to literature data. The data presented here is 

part of an on-going study, which will aim to submit its results for publication in June 2019. For the most part 

the data follows consistent trends, although there are some anomalous points. in these mixtures the 

hydrocarbon-rich phase separates the vapour and aqueous phases, and a complex array of non-linear 

interactions occur. 

In analysing the data, we are especially interested in the distribution of water and the effect that process 

parameters have on it. In many cases, the composition of the feed is found to have the dominant effect on 

the outcome of the trends e.g. the mixtures with the most water in the feed have the highest water vapour 

and aqueous phase content. The amount of C1 in the mixture also has very large impact on the aqueous phase 

as it facilitates the solubility of n-alkanes. The ratio of n-alkanes:C1 plays an important role in composition of 

the HC-rich phase. As far as temperature gradients are concerned, n-alkanes show the greatest sensitivity to 

temperature changes while methane is generally the least sensitive. In terms of considering the  

pre-separator for a subsea gas treatment facility, lower temperatures will result in a good quality (high in C1, 

low in n-alkanes/H2O) gas being fed to the dehydration step, given that the water in the feed is not too high.  

Although the feed compositions of this work and that of Susilo et al.157 are quite different, the results are 

generally in the same order of magnitude. An analysis of the uncertainty in both studies reveals roughly 

equivalent repeatability on average. 



 

 

7. Experimental work conducted at Equinor 
 

The experimental data presented in this chapter stems from a six-month external research stay at Equinor’s 

Research Centre near Trondheim in Norway. During this period the focus of the study was to generate new 

phase equilibrium data for systems containing MEG, water and natural gas in ratios, and at temperatures and 

pressures, relevant to subsea natural gas dehydration. A total of 85 separate experiments were conducted, 

of which 54 (27 in duplicate) have been selected in the publication of two manuscripts8,9 in the Journal of 

Chemical and Engineering Data. The work is divided into two experimental campaigns, EC1 (C1-MEG-H2O)8 

and EC2 (NG-MEG-H2O)9. While the work is well documented in the two publications, the aim in this chapter 

is to provide context and additional insight into how the results were achieved. An outline of this work is 

provided in Figure 38 below. 

 

Figure 38: Workflow for experimental and thermodynamic modelling study for subsea dehydration based at Equinor R&D  

 

7.1. HP VLE apparatus at Equinor R&D 
 

The apparatus used in these experiments is shown in Figures 39-40 and has been fully described in the 

references mentioned above.  
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Figure 39: High-pressure VLE experimental apparatus located at Equinor's Research Centre in Rotvoll, Norway. Reprinted 

with permission from JCED 63 (9) 3628-3639 (2018). Copyright 2018 American Chemical Society. 

The principles of the apparatus shown in Figure 39 are explained as follows: 

• A pressure and temperature-controlled cell is located within a climate chamber 

• The cell may be placed under vacuum via valve 2, valve 4 and the gas meter 

• Following cleaning and before loading, the cell would be placed under vacuum for 2-3 hrs until a 

pressure of less than 0.2 kPa was measured on the vacuum pump pressure gauge 

• Gas can be loaded via valve 2 followed by pressurized liquid via valve 3 using Quizix pumps 

• The cell is stirred sufficiently to attain equilibrium at constant temperature and pressure 

• Typically within 6 hrs a constant PVT condition (P ± 0.01 bar, T ± 0.01 K,  V ± 0.01 mL) was reached 

• Constant PVT conditions for 10+ hrs before sampling 

• Online sampling of the gas phase is performed in three ways: 

• Via valve 2 to a gas chromatograph (GC) 

• Via valve 1 to a Karl Fischer (KF) Coulometer for quantification of water  

• Via valve 1 to autothermal desorption (ATD) tubes which adsorb MEG – these tubes later analysed 

using a mass spectrometer (GC-MS) 

• The liquid sample is separated into a test tube, with the ‘flash-gas’ accumulating in the gas meter 

• The flash-gas can be analysed in the GC as well, while the liquid sample is weighed, analysed using 

volumetric KF and has its density measured 

• The sampling pathways connected to the GC and liquid sample point can be fully purged with helium to 

minimize atmospheric contamination 
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Figure 40: Experimental apparatus housed at Equinor's R&D facility near Trondheim, Norway. 

In Figure 40 the climate chamber (1) which houses the high-pressure equilibrium cell is shown on the top-

right of the photograph. A methane cylinder (2) is shown at the bottom-right, which is connected to the valve 

system (3) in the centre of the photograph. At the top left one can see the Karl Fischer (KF) coulometer (4) 

for measuring water in gas as well as the gas clock. The gas meter (6) and Quizix pumps (7) can be seen on 

the left of the photograph.  
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The quantification methods employed in this study are summarized below: 

Table 22: Summary of techniques employed for the quantification of natural gas (NG), glycol and water mixtures 

Sample 
# of 

meas. 

Label in 

Figure 39 
Equipment Description 

CD / 

uncertainty 

H2O (v) 6+ 
AI: KF via V-

1A/B 
KF Coulometer Metrohm 831 u(yH2O) = ± 3% 

MEG 

(v) 
10 

AI: ATD via 

V-1A/B 

ATD tubes + 

GC-MS 

Tenax® TA 

(Perkin Elmer) + 

Agilent 5975C 

u(yMEG) = ± 12% 

Flow 

(v) 
1 FI 

Drum-type gas 

meter 
Ritter TG 1/5 CD = 0.09% 

Density 

(l) 
3+ Liquid sample Densometer 

Anton Paar DMA 

4500M 

u(ρ) = ±0.00007 

g∙mol-1 

H2O (l) 3+ Liquid sample KF Volumetric 
Metrohm 915 KF  

Ti-Touch 
u(x2) = ± 2% 

Mass 1 Liquid sample Scale 
Ohaus Explorer 

Pro 
u(m) = ±0.001 g 

NG (l) 4+ 

Flash gas from 

liquid sample 

to µGC 

GC 

Agilent 3000 

µGC (4 channels, 

TCD) 
Concentration 
dependent. See  

Table C 16 
NG (v) 4+ 

µGC via  

V-2A/B and 

V-4A/B 

GC 

Agilent 3000 

µGC (4 channels, 

TCD) 

 

7.2. Materials and experimental conditions 
 

For both experimental campaigns, the same liquid components were used (i.e. water and MEG). However, 

two different gases were used. For each experiment, the empty cell was loaded a certain volume of gas 

(depending on the desired final pressure for the given experiment) after which approximately 60 mL of liquid 

was loaded. The details of the materials are given sections 7.2.1 and 7.2.2 below. 

 

7.2.1. Liquid specifications 
 

The following liquids were used for both experimental campaigns: 
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Table 23: Specifications for the glycol and water used in both experimental campaigns 

Name CAS No. Supplier Purity 
Water 

content 

Additional 

purification 

MEG 107-21-1 
Sigma-Aldrich 

(324558) 
99.8 mol% 

< 0.003 % 

(by KF) 
None 

H2O 7732-18-5 
ELIX® 

Reference 5 

Resistivity @ 

298.15 K:  

10-15 μS/cm 

N/A None 

 

Given the high purity of the liquids listed above, additional purification was not deemed necessary. 

 

7.2.2. Gas specifications 
 

For EC1, the cell was loaded with methane gas. The specification from the gas supplier is given in Table 24. 

Table 24: Specifications for the methane in Experimental Campaign #1 

Name CAS No. Supplier Purity 
Water 

content 

Additional 

purification 

C1 74-82-8 
Air Liquide 

(N55) 
99.9995% < 2 ppm None 

 

For the 2nd experimental campaign, a cylinder of dry gas from an unspecified natural gas processing plant in 

the Equinor gas network was used. The composition of the gas was determined by gas chromatography and 

is given in Table 25.  

From Table 25 C1 remains the major component in the gas stream at more than 91 mol%. Although CO2 only 

appears at 2.5 mol%, it is expected to have a measurable effect on the water and MEG in the mixture, while 

N2 (given its inertness) is not expected to affect the distribution of components between the various phases. 

For the other natural gas components (C2 to butanes/pentanes), we see order of magnitude steps down from 

4 mol% to the low ppm levels. 
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Table 25: Specification for the natural gas mixture in Experimental Campaign #2  (DM = di-methyl, M = methyl, cy = cyclo) 

Name CAS No. MW [g/mol] Molar %  Abbrev. 

Nitrogen 7727-37-9 28.01 0.899 N2 

Carbon Dioxide 124-38-9 44.01 2.517 CO2 

Methane 74-82-8 16.04 91.74 C1 

Ethane 74-84-0 30.07 4.265 C2 

Propane 74-98-6 44.10 0.5025 C3 

i-Butane 75-28-5 58.12 0.0474 iC4 

n-Butane 106-97-8 58.12 0.0192 nC4 

i-Pentane 78-78-4 72.15 3.50∙10-3 iC5 

n-Pentane 109-66-0 72.15 2.80∙10-3 nC5 

2,2-DM-Propane 463-82-1 72.15 8.00∙10-5 22DMC3 

2,2-DM-Butane 75-83-2 86.18 5.00∙10-5 22DMC4 

cy-Pentane 287-92-3 70.13 1.50∙10-4 cC5 

2,3-DM-Butane 79-29-8 86.18 8.00∙10-5 23DMC4 

2-M- Pentane 107-83-5 86.18 4.10∙10-4 2MC5 

3-M- Pentane 96-14-0 86.18 2.30∙10-4 3MC5 

n-Hexane 110-54-3 86.18 5.70∙10-4 nC6 

Heptanes total - 100.20 1.60∙10-3 nC7 

Octanes total - 114.23 6.50∙10-4 nC8 

 

7.2.3. Experimental conditions 
 

For Experimental Campaign #1 the following (replicated) experiments were selected for publication. 

Table 26: Conditions (T, P and z) for experiments selected from Experimental Campaign #1 (16x2 out of 47) 

Exp. No. T [K] P [bar] zMEG zH2O zC1 

EC1.1 288.2 59.3 0.498 0.171 0.331 

EC1.2 293.1 60.0 0.499 0.172 0.330 

EC1.3 298.3 59.9 0.502 0.173 0.325 

EC1.4 303.1 60.0 0.504 0.173 0.322 

EC1.5 313.2 60.1 0.509 0.175 0.316 

EC1.6 323.2 59.9 0.515 0.177 0.308 

EC1.7 288.2 125.3 0.413 0.142 0.446 

EC1.8 293.1 124.7 0.417 0.143 0.440 

EC1.9 298.3 124.7 0.420 0.144 0.436 

EC1.10 303.1 125.0 0.422 0.145 0.432 

EC1.11 313.2 124.9 0.428 0.147 0.424 

EC1.12 323.2 125.0 0.434 0.149 0.417 

EC1.13 298.2 59.9 0.563 0.092 0.346 

EC1.14 298.2 124.7 0.466 0.076 0.458 

EC1.15 298.2 59.8 0.617 0.019 0.363 

EC1.16 298.2 124.7 0.506 0.016 0.478 
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For the 2nd experimental campaign, the following (replicated) experiments were selected for publication. 

Table 27: Conditions (T, P and z) selected from in Experimental Campaign #2 (11x2 out of 38) 

Exp. No. T [K] P [bar] zMEG zH2O zNG 

EC2.1 288.2 60.2 0.450  0.172  0.378  

EC2.2 293.2 60.0 0.459  0.176  0.365  

EC2.3 298.2 60.0 0.464  0.178  0.359  

EC2.4 303.2 60.0 0.465  0.178  0.357  

EC2.5 313.2 59.9 0.468  0.179  0.352  

EC2.6 323.2 60.0 0.494  0.189  0.317  

EC2.7 303.2 125.1 0.376  0.144  0.481  

EC2.8 313.2 124.9 0.431  0.165  0.403  

EC2.9 323.2 124.9 0.434  0.166  0.400  

EC2.10 303.2 60.0 0.595  0.004  0.401  

EC2.11 303.2 125.0 0.544  0.004  0.452  

 

The fraction of each hydrocarbon component in the overall feed mixture can be determined by multiplying 

the relevant value of zNG in Table 27 with the composition of the gas reported in Table 25. The experimental 

feed compositions for both campaigns contain high quantities of MEG where zMEG is above 40 mol% in almost 

all cases. This is significantly different from the feed ratios used by Folas et al.7 for C1-MEG-H2O (0.1925, 

0.622, 0.1855). In the present study we were mostly interested in dehydration applications, where lower 

quantities of water in the vapour phase are naturally desirable. 

 

7.3. Discussions regarding the experimental methods 
 

During the publication of the experimental data, each manuscript was revised following input/critique from 

the reviewers. We have chosen to highlight the following points here as they may be enlightening to the 

reader and clarify certain elements from the experimental sections of both articles. 

The original manuscript for EC1 included experimental measurements for MEG in the vapour phase at 

temperatures above 298 K. However, we strongly believed these measurements to be in error due to 

insufficient flushing leading to adsorption within the sampling pathway. Due to time constraints these 

measurements could not be repeated unfortunately. It should also be noted that our GC-MS methodology is 

unsuitable for accurate quantification above 10 ppm. For high temperature experiments when the vapour 

pressure of MEG becomes more significant, GC-FID should be considered. 

Also, in the original manuscript for EC1, a question arose as to how the experimental apparatus was verified. 

While the cell body and auxiliary equipment were replaced (due to leakage issues with the hydraulic and 

cooling systems), none of the analytical equipment have been changed from the setup of Folas et al.7 and we 

have also incorporated the improved GC-MS method of Miguens et al.77 The temperature and pressure 

transmitter calibrations were also checked when the new cell was installed. While few data have been made 
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publicly available, the analytical equipment has been in almost continuous use for 10 years. This point was 

then clarified in the final revision. 

It was noted that the liquid sample of 25 mL is large in comparison to overall liquid volume in the cell and it 

was questioned what effect this sampling might have on the equilibriumLVII inside the cell. Ideally, we could 

have experimentally confirmed the influence of sample size by doing repeated runs with different sample 

sizes. However, after the fact we could only compare CPA predictions of the equilibrium for mixtures 

representative of before and after sampling i.e. with half the original liquid volume loaded into the cell. We 

show the results in the table below, where the percentage absolute average relative difference is given by: 

∆𝑠𝑎𝑚𝑝𝑙𝑒𝑙𝑖𝑞 =  
1

𝑛
∑

|𝐶𝑃𝐴𝐵𝑒𝑓𝑜𝑟𝑒𝑆𝑎𝑚𝑝𝑙𝑒 − 𝐶𝑃𝐴𝐴𝑓𝑡𝑒𝑟𝑆𝑎𝑚𝑝𝑙𝑒|

𝐶𝑃𝐴𝐵𝑒𝑓𝑜𝑟𝑒

× 100 [%] 

Eq.  68 

Table 28: Estimated influence of the liquid sample removal on the equilibrium within the cell for Experimental Campaign #1 

Change in composition [%] Δx1 Δx3 Δy1 Δy2 

60 bar and 298 K 0.01 0.00 0.01 0.02 

125 bar and 298 K 0.01 0.00 0.00 0.02 

90 wt% MEG and 60 bar 0.02 0.02 0.04 0.10 

90 wt% MEG and 125 bar 0.01 0.01 0.02 0.05 

 

CPA is shown to be qualitatively correct in this work. The very low % change values (max 0.1% change were 

predicted) are below the threshold of the reported experimental uncertainty and therefore we can 

comfortably assert that the taking of the liquid sample did not significantly affect the results. 

During the calculation of the dissolved methane (or natural gas) it is also implicitly assumed that the flash gas 

from separator doesn’t contain any water. This assumption was questioned by a reviewer. It is noted that 

the pressure inside the flash chamber is controlled at 1.15 bar and the helium gas temperature is controlled 

(23 °C). The liquid sample would be at the experimental temperature however. A small Aspen Plus simulation 

was made to estimate the cooling effect of the flashing for the worst case (60 bar and 50 °C), with the 

simulation estimating the liquid sample temperature at 22-27 °C. We have used the case of 90 wt% MEG, 

1.15 bar and 27 °C to estimate the water content of the flash gas using CPA. The flash gas is estimated to 

contain 99.7 % methane (or gas). This results in a negligible effect on our calculations of xC1/NG and therefore 

the calculated experimental values were not amended. 

While the discussions given here did not ultimately result in any significant changes to the experimental 

apparatus or equipment, they should be taken into consideration by a would-be experimenter planning or 

designing such an apparatus/experiments.  

                                                           
LVII All experimental samples and measurements would be done across a 3-4 hour period in the morning, meaning that 
it was important to confirm that the equilibrium was not noticeably disturbed by the sampling process. 
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7.4. Results 
 

The experimental results from the two manuscripts are presented in four sections: 

1. Ternary C1-MEG-H2O with variation in T and P, with constant wt%MEG = 90 

2. Ternary C1-MEG-H2O with variation in lean MEG wt% and constant T = 298K 

3. Multicomponent NG-MEG-H2O: VLE (C1, MEG and H2O) with variation of T, P and wt%MEG 

4. Multicomponent NG-MEG-H2O: partition coefficients of minor/trace components (CO2, C2+) 

Comparison of the data sets allows the reader (or  prospective design engineer) to answer questions like: 

• “What is the effect of temperature?” 

• “What is the minimum specification for lean MEG quality?” 

• “What role do minor components play and how should they be considered downstream?” 

Experimental values and uncertainties as reported as relative standard deviations as per Eq.  67. Discussions 

pertaining to the experimental uncertainty are provided in each section, with the experimental uncertainty 

ranges provided in Appendix C.  

All of the experimental data has been modelled with the CPA equation of state, using the parameters given 

in Tables D1-D4 in the appendices. For comparison, the ternary data has also modelled using  

SRK-HV with parameters from Boesen et al.65 (see Table D 6). For SRK-HV, the results are not as desired. 

Although the root cause of the problem could not be confirmed, some discussion and verification of the 

methods used is given in Appendix D2. We suspect that these problems may be due to the experimental data 

used in the regression of MEG-gas parameters.  

 

7.4.1. EC1: C1-MEG-H2O with variation in temperature and 
constant 90 wt% lean MEG 

 

The measurement of glycols in the vapour phase is relatively challenging, with 6 data points for MEG vapour 

content (yMEG) are shown in Figure 41 below. Although additional measurements were made, these were not 

published (see the discussion in section 7.3 on page 97) as they were believed to be in error. The data in 

Figure 41 shows the effect of temperature for a constant glycol feed content in the liquid phase. This feed 

content related to the quality of lean MEG (see stream label ‘Lean Glycol’ in Figure 2) used for dehydration. 

The experimental value and uncertainty for yMEG was calculated using 10 GC-MS measurements taken for 

each experimental point. Obvious outliers were typically not considered (usually one, at most two, 

measurements per experiment) in the calculations. For the data shown in Figure 41, the uncertainty is ±6.5%. 

This translates into ± 0.1 – 0.3 ppm in the figure.   
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Figure 41: MEG vapour content (yMEG) for ternary VLE mixtures of C1-MEG-H2O between 288-298 K with pressures of 60 

and 125 bar. For these experiments a constant MEG feed of 90 wt% was used. (EC1.1-3, EC1.7-9) 

When compared with that of Folas et al.7 whom found 0.97 and 2.28 ppm at 298 K and 50 and 100 bar 

respectively, we measure higher MEG vapour content. It should however be remembered that the MEG feed 

content for these experiments is roughly twice as high. 

As would be expected due to the correlation between temperature and vapour pressure, MEG vapour 

content increases exponentially with temperature. For the temperature range observed (288 – 298 K), MEG 

vapour content is greater at 125 bar than 60 bar. For the data at 60 bar, y1 nearly triples its value (from 1.2 

to 3.1 ppm) while at 125 bar the temperature gradient is less steep (1.9 to 4.0 ppm which is just over double). 

Given the difference in gradients, once would expect an inversion (i.e. lower MEG vapour content at higher 

pressure) to occur at some higher temperature.  

Although it is not as apparent for SRK-HV in Figure 41, both models do predict a P-y inversion at higher 

temperatures. For CPA, the intersection or inversion is predicted at 303 K while for SRK-HV it occurs at  

310 K. Such an inversion point was seen for yMEG in CO2 in the publication of Jiang et al.114 Both models 

describe the data well qualitatively, capturing the temperature-pressure-composition relationship. CPA 

accurately describes the data at 60 bar by staying within the experimental uncertainty (approx. 0.1 ppm)  

while under-predicting the data at 125 bar average error (AARD) of 19.3%. Meanwhile SRK-HV over-predicts 

both isobars on average by  48.7%. 

The water vapour content (yH2O) is shown for experiments EC1.1-12 are shown in Figure 42. The experimental 

values are given as the average of 6-10 KF Coulometric measurements at each experimental point. The first 
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two measurements (while the reading stabilizes) are typically ignored and the uncertainty is calculated as 

before. 

 

Figure 42: Water vapour content (yH2O) for ternary VLE mixtures of C1-MEG-H2O between 288-323 K with pressures of 60 

and 125 bar. For these experiments a constant MEG feed of 90 wt% was used. (EC1.1-12) 

The uncertainty of the data in Figure 42 is 8.6% which translates into ± 2 – 60 ppm depending on the data 

point. As with MEG vapour content, water vapour content increases exponentially with temperature.  In this 

case we have measured yH2O finding significantly lower values than Folas et al.7 (roughly 2-3 times less). This 

is in line with expectations based on the water content in the equilibrium cell feed.  

For the data shown here, higher experimental pressure results in a lower water vapour content with a roughly 

constant 40% decrease being observed. In relation to natural gas dehydration applications, the lowest value 

of yH2O is 57 ppm at 125 bar and 288 K. Therefore, even at a high pressure and low temperature, meeting the 

water content specification for natural could be problematic with a 90 wt% lean MEG quality.  

CPA provides are very good description of the experimental data with an average error of 13.3% and typically 

staying within the experimental uncertainty. Having over-predicted the MEG vapour content, SRK-HV here 

under-predicts the water vapour content with an average error of 42%. The combination of over- and under-

prediction suggests that the MEG-H2O HV parameters could be tweaked to rectify this issue. It is noted for 

the comparison of SRK-HV and CPA from Folas et al.7 that “superior results are obtained with CPA EoS for the 

water and MEG content in the gas phase”. Similar results are obtained in this work, although different 

(temperature-dependent) parameters were used for SRK-HV.  
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Figure 43: Dissolved methane content (xC1) for ternary VLE mixtures of C1-MEG-H2O between 288-323 K with pressures of 

60 and 125 bar. For these experiments a constant MEG feed of 90 wt% was used. 

The dissolved methane content (xC1) from Figure 43 have been calculated using the following measurements: 

• Volumetric KF (weight percentage of water) in the liquid sample (min. 3 measurements) 

• Mass and density (min. 3 measurements) of the liquid sample 

• Pressure, temperature and volume of gas captured from the gas-liquid separator 

 

The details of the calculation are given in the supporting material of Kruger et al.8, but can be summarized as 

follows:  

• The moles of water and MEG are calculated using the water content and mass of the liquid sample 

• The moles of C1 are calculated using the ideal gas law (applicable since the gasometer is kept at 1.15 bar 

abs) where the pressure and temperature are measured, and volume of gas is determined by subtracting 

the liquid volume (mass over density)  from the volume of gas captured in the gasometer.  

 

Where multiple measurements have been made (e.g. liquid sample density), the average of those values was 

used in the calculation. To calculate the experimental uncertainty of each experimental data point, we 

employed a Monte Carlo method. Distributions were created for each of the calculation inputs. For repeated 

measurements this would be the average and standard deviation of the individual measurements. For single 

measurements, we used the uncertainty stated on the calibration certificate of the device to generate a 

normal distribution. These distributions were sampled 500 times each, leading to 500 separate calculations 

of each data point. The mean value of this calculation distribution was used as the dissolved methane 
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content, with the 99.7% confidence intervals used for the experimental uncertainty.  Owing to the 

consistency of the input data, this method generated relatively low standard deviations. The experimental 

uncertainty was estimated as ± 2%. Based on the scatter data shown in Figure 43, this estimate is likely lower 

than the true uncertainty.  

 

Figure 43 shows that the dissolved methane content (xC1) is relatively insensitive to temperature for the 

ranges we have studied here. Meanwhile a strong effect is seen for pressure, where the doubling of pressure 

results in a ~60% increase in C1 solubility.  

Again CPA describes the data very well, with an average error of 5.7%. The model also appears to capture 

the trend in the data quite well, apart from highest temperature (323 K) for each isobar. Conversely SRK-HV 

predicts the incorrect temperature-solubility gradient and the over-predicts the xC1 by 47%. Folas et al.7 

under-predicted methane solubility significantlyLVIII (~50%) at 298 K.  

 

7.4.2. EC1: C1-MEG-H2O with variation in lean MEG wt% 
and constant temperature of 298K 

 

The following results (experiments EC1.13-16) are meant to highlight the effects of decreased water content 

in the experimental feed, which is related to the quality of MEG used to scrub wet natural gas in a dehydration 

application. This effect is required to determine the specification of lean MEG and the design of the MEG 

regeneration unit.  

The experimental uncertainties for Figures 44-46 follow from the preceding Figures 41-43. Specific values for 

the data points and experimental uncertainties can be found in Tables C10-C11 (see Appendix C). 

Figure 44 (on pg. 104) shows the results for MEG vapour content as a function of the water content in liquid 

phase (xH2O). For reference, the binary MEG-C1 data from Miguens et al.77 and Folas et al.7 are shown for 

xH2O=0 on the y-axis of the graph. These two data sets represent the only previous vapour phase MEG data 

found the literature. Extrapolating the trend of our data, we achieve results in the same order of magnitude 

as the literature sources. Given the development done by Equinor over the last ten years or so, we believe 

that the data of Miguens et al.77 is the superior data set. However, given the small amount of data published, 

there is a relatively high degree of uncertainty in making such a statement.  

The data follows the expected trend for yMEG-xH2O where yMEG increases as xH2O decreases (due to the higher 

quantity of MEG in the mixture). The data was measured at 298 K and follows the behaviour of the data in 

Figure 41 where higher pressure results in higher MEG content in the vapour phase. It is also seen that  

SRK-HV over-predicts the experimental data (32% on average) and CPA under-predicts the experimental 

values (by 18% on average). Based on the vertical difference between each model prediction (i.e. CPA 60 bar 

vs CPA 125 bar and SRK-HV 60 vs 125 bar), SRK-HV provides a more realistic prediction of pressure effects.  

                                                           
LVIII  Keep in mind that different parameter sets were used by Folas et al. for both models, such that quantitative 
comparison is not necessarily useful.  
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Figure 44: MEG vapour content (yMEG) for ternary VLE mixtures of C1-MEG-H2O at 298 K with pressures of 60 and 125 bar 

and MEG feed ratios of 90-99 wt%. Binary MEG-C1 data from Miguens et al.77 and Folas et al.7 

The effect of MEG purity or, conversely, water content (in the experimental feed) on water vapour content 

at a constant temperature of 298 K is shown in Figure 45. Naturally the water content decreases as the MEG 

purity is increased. The CPA model performs quite well with an average error of 13% while SRK-HV under-

predicts the data by 50%. Again, the under-prediction of yH2O versus the over-prediction of yMEG suggests that 

the SRK-HV H2O-MEG interaction parameters could be adjusted to achieve better results for this specific data 

set.  

The final data set for EC1 is presented in Figure 46. Methane solubility is presented as a function of system 

pressure and water content in the liquid phase, at a constant temperature of 298 K. The effect of pressure is 

once again (as in Figure 43) that higher pressure results in greater methane solubility. Also, as the overall 

water content of the mixture is decreased, the methane content in the liquid phase increases. This is readily 

explained by the fact that methane is more soluble in the hydrocarbon (MEG) as compared to water.  
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Figure 45: Water vapour content (yH2O) for ternary VLE mixtures of C1-MEG-H2O at 298 K with pressures of 60 and 125 

bar and MEG feed ratios of 90-99 wt%. 

 

Figure 46: Dissolved methane content (xC1) for ternary VLE mixtures of C1-MEG-H2O at 298 K with pressures of 60 and 125 

bar and MEG feed ratios of 90-99 wt%. 
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The modelling results are again qualitatively acceptable in that the correct trends are predicted by both 

models. CPA typically under-predicts the experimental data with average error of 7.3% while SRK-HV over-

predicts the data by  30.5%. 

 

7.4.3. EC2: Natural Gas-MEG-H2O 
 

For the EC2 experiments, a few changes were implemented. The most significant change was the substitution 

of methane with natural gas in the experimental feed mixture. This dry natural gas (composition given in 

Table 25 on page 96) was sampled from the product stream of one of the processing units in the Equinor gas 

network. The change of feedstock required the use of a GC to quantify the composition of the natural gas 

components in both the vapour and liquid samples. The measured experimental values shown in  

Tables C12-C14, while the experimental uncertainties are given in the form of RSD in Tables C15-C16. 

For EC2, it should be noted that the RSD values provided in the uncertainty tables are for 1 standard deviation 

(versus 3 standard deviations for EC1). However, when experimental uncertainty is mentioned in the 

discussions below, we still refer to 3 times RSD (i.e. 0.997 level of confidence). Overall the experimental 

uncertainties range from ± 2 to ± 42% depending on the specific measurement being made. Due the very 

large variance in uncertainty when comparing for major components (e.g. methane) to trace components 

(e.g. iso-butane), it was decided not to show any error bars in the graphs.  

Another change from EC1, was to only use CPA for the thermodynamic modelling. Significantly more model 

tuning was required to achieve good results.  Additional pure component model parameters from the 

literature are provided in Table D2 and newly regressed parameters are given in Table D3 in the appendices. 

Special care was taken in the selection of binary interaction parameters which are provided in Table D4. The 

modelling errors are provided in Tables C17-C19 in the appendices. Due to the increased complexity in the 

system and the less than desirable results for SRK-HV thus far, it was decided not to investigate the use of 

this model further. 

The experimental results for MEG vapour content (yMEG) are presented Figure 47 and are related to the data 

presented for the ternary system in Figures 41-44. At 60 bar the data follows an exponential trend from 1 to 

14 ppm. As with the ternary results yMEG increases with both temperature and pressure, but it no definitive 

statement can be madeLIX about MEG vaporization in the natural gas mixture as compared to the pure 

methane mixture. The effect of MEG purity (90 wt% vs ~pure) shows an approximately one-third increase at 

303 K. The experimental uncertainty is estimated at ±9% for a 0.997 confidence level. 

The CPA model again captures the temperature trend qualitatively but does not predict the pressure effects 

well. At 60 bar, the experimental data is over-predicted, while at 125 bar the experimental data is under-

predicted. This pressure-prediction behaviour (viz. over- and under-prediction at the relevant isobars) was 

also observed for the ternary system in EC1 (shown in Figure 41 on pg. 100). As before, the CPA model 

predicts an inflection point (or intersection) of the two isobars. Although there are not enough data points 

                                                           
LIX Due to leakages in the refrigeration system during the 2nd experimental campaign, not all the desired points could be 
measured. And, due to work permit constraints, additional time could not be allocated to repeat the measurements.  



Chapter 7: Experimental work at Equinor R&D 

 

107 | P a g e  
 

to show an inflection for the experimental data, the narrowing of the vertical separation of 90 wt% data at 

303 versus 313 K indicates that such an inflection may occur at higher temperatures. 

The average model error is ~60%, and although this is undesirable, similar discrepancies were observed in 

the modelling of Boesen et al.65 for MEG-H2O-C1-CO2. It appears that the addition of CO2 in the mixture has a 

relatively strong effect on MEG, from both a modelling and experimental perspective. For more detail, 

consult the discussion in Kruger et al.9  

 

Figure 47: MEG vapour content (yMEG) for multicomponent VLE mixtures of NG-MEG-H2O at 288-323 K with pressures of 

60 and 125 bar and MEG feed ratios of 90 and >99.8 wt%. 

The water vapour content (yH2O) results are provided in Figure 48, where the average experimental 

uncertainty is ± 2%. The temperature and pressure trends observed for the ternary system (that yH2O 

increases exponentially with temperature and is inversely proportional to pressure) are unaffected by the 

natural gas mixture. The approximate doubling in experimental pressure results in a ~30% decrease in water 

vapour content. CPA provides a good description of the experimental data, with an AARD of 8.6%. The lowest 

measured value of water vapour content is 100 ppm, which is significantly higher than the natural gas 

specification for the Norwegian gas network17. Therefore it can be inferred that even for processing at 125 

bar and a relatively cool 288 K, a higher ratio MEG would be required. It is also noted that, at least for 

temperatures at or below 313 K, the experimental data points in Figure 48 fall within the experimental 

uncertainty range of those  presented in Figure 42 for the ternary system. The two data points at 323 K appear 

just outside and right at the edge of the uncertainty range. The apparently increased dehydration effect at 

higher temperatures may be due to the presence of additional natural gas components (e.g. CO2). These 

temperatures are however well above any currently proposed subsea dehydration applications but may be 

of interest in high temperature high pressure processing applications.  
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Figure 48: Water vapour content (yH2O) for multicomponent VLE mixtures of NG-MEG-H2O at 288-323 K with pressures of 

60 and 125 bar and MEG feed ratios of 90 wt%. 

As both the vapour and liquid compositions are measured using μGC, the partition coefficients (yi/xi) can be 

presented for the natural gas components. y/x for methane is presented in Figure 49. The calculation of the 

RSD for the data above indicates an experimental uncertainty of ± 3%. For correct interpretation of the 

graphs, it should be remembered that an increase in y/x indicates that the gas phase content of a given 

component is increasing while the liquid phase content will necessarily decrease. From Figure 49 MEG 

quality and system pressure have a significant effect on methane phase distribution, while temperature 

effects are relatively insignificant (at least for the region of interest to this study). Both the increase in 

pressure from 60 to 125 bar, and the change from 90 to >99.8 wt% MEG, result in a ~50% decrease in y/x (i.e. 

significantly higher solubility of methane in the liquid phase).  

The overall error for CPA in the prediction of y/x for methane is only 4.8%, although the trends do not match 

the data perfectly from a qualitative viewpoint. For both isobars, the model predicts a decrease in y/x with 

increased temperature (i.e. more C1 dissolving into the liquid phase). This trend holds for the available data 

at 125 bar, while the experimental data appears to indicate a maximum around 298 K for the data at 60 bar. 

The largest errors contributing to the average of 4.8% are for the predictions of the pure MEG experiments 

(data in red, model prediction not shown in the figure – also see Table C 19). Kruger et al.16  have pointed out 

the extreme sensitivity of CPA performance for kMEG-C1 and discuss problems w.r.t. with MEG-C1 binary data 

available in the literature.  
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Figure 49: Partition coefficients of methane (y/x) for multicomponent VLE mixtures of MEG-H2O-NG at 288-323 K with 

pressures of 60 and 125 bar and MEG feed ratios of 90 and >99.8 wt%. 

It is noteworthy that the xC1 data from this study EC2, overlays within the experimental range of the pure 

methane results from EC1 (shown in Figure 43 on pg. 102). Therefore, the presence of other natural gas 

components does not significantly affect the interactions of C1 in the mixture with MEG or water. 

 

7.4.4. EC2: Natural Gas-MEG-H2O  
 

The experimental partition coefficients of carbon dioxide are shown in Figure 50 where the experimental 

uncertainty was estimated as ± 5%. From the figure it can be surmised that CO2 solubility decreases with 

temperature, with the solubility-temperature gradient being much steeper at low pressure. For the 

temperature region of interest however, the processing pressure is significantly more influential on CO2 

solubility. For the doubling of processing pressure, an increase of approximately 40% is observed. Increased 

lean MEG purity also results in higher CO2 solubility (~approximately 30%).  Depending on the CO2 content in 

the feed and specification of the product gas, the observed differences in CO2 solubility may influence the 

selected processing conditions in the design.  

Although many tweaks are required to capture the CO2 data, the CPA model provides a relatively good 

qualitative description of the experimental data. CO2 is modelled using solvation (or N-scheme) and a 

relatively large kij of 0.2253 for MEG-CO2 is provided in the literature.278 In general the CO2 solubility is over-

predicted (since y/x is under-predicted) and the average modelling error is 10%.  
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Figure 50: Partition coefficients of carbon dioxide (y/x) for multicomponent VLE mixtures of NG-MEG-H2O at 288-323 K 

with pressures of 60 and 125 bar and MEG feed ratios of 90 and >99.8 wt%. 

 

Figure 51: Partition coefficients of ethane (y/x) for multicomponent VLE mixtures of NG-MEG-H2O at 288-323 K with 

pressures of 60 and 125 bar and MEG feed ratios of 90 and >99.8 wt%. 
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The experimental partition coefficients of ethane are given in Figure 51 and there are many qualitative 

similarities are seen with the data for measured for CO2 in Figure 50. The actual experimental values for y/x 

are of course very different though. The experimental uncertainty of the y/x data is estimated as ± 3%. Ethane 

is the first natural gas component to exhibit distinct pressure dependent y/x-T behaviour i.e. it is the first 

case where a change in temperature can have opposing effects on solubility depending on the pressure. At 

60 bar a gradual decrease in C2 solubility is observed when temperature increases, whereas at 125 bar 

solubility increases with temperature. The increase in lean MEG quality also has a very strong effect on C2, 

where the solubility almost doubles when pure MEG is used vs the 90 wt% mixture.  

Again the CPA equation of state achieves a good qualitative description of the experimental data, with an 

average error of less than 6%. The largest modelling errors occurred at higher temperatures and for the 

experimental data points where pure MEG was used. This may indicate that some improvement could be 

achieved by using (different or ) temperature-dependent MEG-C2 binary interaction parameters.  

The partition coefficients for propane are shown in Figure 52. These results are qualitatively similar to the 

experimental results of C2. The series of the hydrocarbon (C3 to iC4) data given in Table C 12 also exhibit 

similar, although quantitatively different, behaviour. CPA again describes the data well, with an average error 

of less than 8%. 

 

Figure 52: Partition coefficients of propane (y/x) for multicomponent VLE mixtures of MEG-H2O-NG at 288-323 K with 

pressures of 60 and 125 bar and MEG feed ratios of 90 and >99.8 wt%. 

While the trend of propane is similar to that of ethane, there is a decrease in y/x as the heavier hydrocarbon 

tends towards the liquid phase. This trend continues for butanes and pentanes. The final experimental data 
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for butanes and pentanes are not shown as the experimental uncertainty is quite high (>30%) while the 

experimental values are quite close together. From the tables of experimental uncertainties, there is a 

significant increases in uncertainty from propane to the butanes (± 10-15%) and to the pentanes (± 35-42%). 

Given the very low content of these components in the experimental feed, the larger uncertainty is expected. 

Modelling errors for CPA also increase significantly, with average errors between 50-65% for butanes and 

pentanes.   

 

7.5. Conclusions 
 

Chapter 7 describes the experimental data measured for ternary and multicomponent systems during an 

external research stay at Equinor R&D near Trondheim in Norway. This work resulted in two publications, 

with 27 replicate data points generated from a total of 85 experiments. Thermodynamic modelling of the 

ternary C1-MEG-H2O system was done using both SRK-HV and CPA models, while only CPA was used for the 

multicomponent systems containing natural gas.  

The following general trends were found in the ternary data. MEG and water vapour content increase with 

temperature, while methane solubility increases very slightly for the ranges considered in this work (T = 288 

– 323 K). MEG vapour content increases with pressure in the region of interest to this study. Low temperature 

and high pressure results in the lowest water content i.e. the most advantageous conditions for dehydration. 

Those same conditions do however also favour higher MEG content in the vapour phase and higher C1 

solubility in the liquid phase.  The interplay between these trends are evaluated in the succeeding chapter 

on process design applications for natural gas dehydration systems. A second trade-off of interest to the 

design natural gas dehydration units is between water vapour content and methane solubility as MEG purity 

changes. As MEG purity increases (or conversely, water content in the lean MEG decreases), water vapour 

decreases (which is good for achieving the dehydration specification) but methane solubility increases (which 

means more product is lost to the liquid phase and affects the design of the regeneration unit.  

With the additional natural gas components introduced in the 2nd experimental campaign, it was observed 

that the impact on water vapour content was negligible within the temperature range of interest to subsea 

dehydration in the Norwegian Sea (i.e. T < 300 K). Qualitatively, the temperature and pressure trends of both 

MEG and water vapour remained unaffected by the addition of natural gas components. Due to 

incompatibility of the temperature ranges of EC1 and EC2 created by experimental difficulties and timeline 

constraints, it is not possible to make any definitive statements on the effect of the additional natural gas 

components for experimental values of yMEG. The addition of the solvating CO2 into the CPA model does 

however affect the yMEG prediction noticeably.  

In general, experimental uncertainty has been estimated using the relative standard deviation of several 

repeated measurements at each individual data point. For EC1 (ternary data) where all components could be 

considered as a “major” components, experimental uncertainties ranged from ± 2% for xC1 to ± 8.6% for yH2O. 

For the multicomponent mixtures, a wider range of experimental uncertainty was observed due to the 

difficulty in accurate measurement from trace components. Here the experimental uncertainty ranged from 

± (2 – 42) for partition coefficients of C1 (>90 mol% in the gas feed) up to iC5 (<0.004 mol% in the gas feed). 
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For C1-MEG-H2O, CPA provides superior model prediction as compared to SRK-HV (using the parameters of 

Boesen et al.65) , which also mimics the results of Folas et al.7 An improved CPA parameter set has been 

implemented in this work, and although it is difficult to compare due to the logarithmic scale used by Folas 

et al.7, better modelling results are achieved – especially for dissolved C1. Based on the modelling results 

shown in this section, the CPA equation of state (using the parameter sets implemented in this work) provides 

a very good description of the experimental data and is suitable for use in design applications. Modelling 

errors very typically below 10% on average for major components (except for MEG in EC2), while for trace 

components errors as large as 60-70% could be seen. The effect of adding CO2 into the mixture does however 

make a moderately significant difference to prediction of the CPA equation of state. The performance of CPA 

and potential improvements / design considerations are discussed further in the next chapter. 

A  design engineer for a prospective high-pressure natural gas dehydration unit would find it helpful to review 

both the experimental data and the relative performance of CPA presented in this chapter. Initial indications 

from both the experimental data and CPA modelling of yH2O are that a lean MEG quality greater than 90 wt% 

will be required to meet the natural gas water content specification of 32 ppm. High pressure and low 

temperature are certainly advantageous from a dehydration perspective. When comparing the results from 

EC1 and EC2, it is seen that the additional components don’t influence the behaviour of methane, but there 

is a myriad of interactions (both in terms of physical results and modelling quirks) to consider for the natural 

gas components. Ethane, for instance, has opposite solubility-temperature trends depending on the 

pressure. And the purity of lean MEG has a very strong effect on solubility of the gas components. Although 

these are not primary concerns for a dehydration facility, these effects do need to be taken into consideration 

regarding the specifications of the product gas.





 

 

8. Uncertainty in process design 
 

8.1. Background 
 

Experimental measurements, thermodynamic models and uncertainty analysis are combined into a 

simplified process simulation for natural gas dehydration (NGD) using MEG. The CPA input parameters for 

MEG have been bootstrapped in Chapter 5. These parameter distributions can then be used as inputs for 

process models, by applying similar ideas similar to those of Behrooz and Hoseini.255 Additionally to the 

uncertainty of the equation of state parameters (which are used as an input here), we also use Monte Carlo 

methods to simultaneously apply uncertainty distributions other process model input parameters and assess 

simulation output sensitivity. The work in section 8.2 was presented at the Abu Dhabi International 

Petroleum Exhibition & Conference (ADIPEC) in November 2018.297 We have focused on the final step of 

the proposed dehydration process configuration (see Figure 53). Off gas from the first separation stage is 

mixed with aqueous MEG and the separated to produce export gasLX. The rich glycol stream is sent directly 

to a processing unit for regeneration and then recycled as lean glycol. The simplified process could also be 

applied directly at the wellhead for a gas-dominated well.   

 

Figure 53: Focus area for uncertainty application to the subsea gas production scheme proposed by Fredheim et al.5 

With this simplified scenario, we aim to show the following: 

1. The lean MEG quality, recirculation rate, and processing pressure required to meet the water dew 

point specification of the product 

2. Quantified uncertainty for the evaluation of process outputs 

                                                           
LX i.e. the product stream 
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8.2. Combined uncertainty and sensitivity for process 

simulations 
 

8.2.1. Method 
 

A 3-by-3 matrix for pressure (60, 90, 120 bar) and lean MEG purity (90, 95, 98 wt%) was evaluated for two 

gas mixtures shown in Table 29. Therefore a total of 18 separate simulation sets were evaluated. 

Table 29: Molar compositions for the two synthetic natural gas mixtures applied in dehydration simulations 

Scenario C1 C2 C3 CO2 H2O 

#1 Light gas 0.91 0.03 0.02 0.03 0.01 

#2 Heavy gas 0.70 0.15 0.07 0.07 0.01 

 

A process model was developed to perform the Monte Carlo simulations. For this model, the following 

simplifying assumptions were made: 

• Lean MEG and unprocessed natural gas are mixed and then pass through a passive (subsea) heat 

exchanger with an outlet temperature of 5-8 °C  

• Energetic effects at the mixer were not considered 

• The mixed MEG and gas are then separated in flash vessel assuming no pressure losses 

• For effective comparison, unprocessed gas flow rates were scaled to average 100 kNm3/h at the inlet 

of the mixer  

• Normal conditions: STP = (0 °C, 101 325 Pa) 

• Lean MEG flow rates were adjusted on a trial-and-error basis to meet (where feasible) a specification 

of 32 ppm water in the product stream  

The CPA equation of state is used to describe the thermodynamics (i.e. phase split and mixture properties) 

using an in-house software package in Matlab R2016a. An earlier iteration of the bootstrapped 4C 

parameters was used for MEG, while standard literature parameters from Appendix D were used for C1-C3, 

CO2 and H2O. The process simulation was verified by creating a duplicate model in Aspen Plus V8.6 using 

CERE ThermoSystem 4.2.1 to implement CPA. 

Process variables were classified as either controlled (e.g. processing pressure) or pseudorandom (e.g. 

separator inlet temperature), with a distribution assigned to each accordingly. A controlled variable was 

assumed to have a normal distribution around a specified set-point, while pseudorandom variables were 

assigned a uniform distribution within a specified range.  

Monte Carlo simulation was then performed for each scenario by selecting inputs from the probability 

distributions of bootstrapped parameter distributions and process input variables, and 5000 simulations 

were run for each case. The results of the simulation runs were combined to generate probability 

distributions, mean values and confidence intervals for specific output variables. 
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Table 30: Process variable distributions using in the simulation of natural gas dehydration, where a normal distribution is 

defined by (μ, σ) and the uniform distribution is described by a range (a, b) 

Parameter Distribution Mean (μ) StDev (σ) Range UOM 

Temperature Uniform - - (5, 8) ° C 

Pressure Normal 60 / 90 / 120 0.0016 μ - bar 

Inlet gas flow Uniform - - (95, 105) kNm3/h 

Lean MEG flow Normal Variable 0.005 μ - m3/h 

Lean MEG purity Normal 90 / 95 / 98 0.25 μ - wt% 

C2H6 in feed gas Normal 0.03 / 0.15 0.005 - mol/mol 

C3H8 in feed gas Normal 0.02 / 0.07 0.0005 - mol/mol 

CO2 in feed gas Normal 0.03 / 0.07 0.005 - mol/mol 

H2O in feed gas Normal 0.01 0.0025 - mol/mol 

 

In the variation of the feed streams (lean MEG and feed gas),  zero-checks were implemented using the 

content of H2O (in the lean MEG) and C1 (in the feed gas) as a balance to ensure positive composition vectors. 

For applications to operating plants, distributions could be fit to plant data for the relevant process variables. 

The process variables are described in Monte Carlo simulation was then performed for each scenario by 

selecting inputs from the probability distributions of bootstrapped parameter distributions and process input 

variables, and 5000 simulations were run for each case. The results of the simulation runs were combined to 

generate probability distributions, mean values and confidence intervals for specific output variables. 

Table 30 and can also be seen in the green (feed gas) and yellow (lean MEG) block in Figure 54 on pg. 118. 

There the combined process simulation is visualized for light gas #1, at 120  bar and with lean MEG quality at 

90 wt%. Input distributions are highlighted in the yellow and green blocks, while the model outputs are in 

the red and blue blocks. 

 

8.2.2. Results 
 

In an NGD process, the most important specifications relate to the quality of the export gas product. In Figure 

54, we present the results relating to the MEG and H2O content of the export gas, as well as the average lean 

MEG flow rate which was required to meet the specification (if it could be met for a given scenario). In these 

scenarios, the MEG flow rate was approximated by trial-and-error. The following questions should be kept in 

mind when evaluating the results: 

• Is the H2O specification  met i.e. for both average and 99% confidence level estimations? 

• How wide is the uncertainty band i.e. the difference between the mean and the confidence bound? 

• What is the effect on the lean MEG flow rate?  

• What are the relative differences for light gas vs. heavy gas? 
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Figure 54: Combined thermodynamic model uncertainty and process input sensitivity for a simplified natural gas dehydration simulation 
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It is noted that for the 1 mol% H2O natural gas used in this simulation, approximately 99.7% dehydration 

efficiency is required to meet the 32 ppm specification of the product gas. The  relative effect of increasing 

the lean MEG flow rate tends towards an upper limit, meaning that an H2O specification of 32 ppm cannot 

be achieved for the cases where the lean MEG quality is 90 wt% (red bold in Figure 54), nor for the 60 bar 

processing pressure and 95 wt% lean MEG upper confidence bound (red in Figure 54).  

 

Table 31: Prediction of uncertainty of water and MEG content in the export gas for a simplified NGD simulation 

 
Gas Pressure Lean MEG 

Average 
H2O in 

Product 

99% Upper 
Confidence 
Level H2O in 

Product 

Average 
MEG in 
Product 

99% Upper 
Confidence 

Level MEG in 
Product 

Average 
Lean MEG 

rate 
Dehydration 

Efficiency 

 bar wt% ppm ppm ppm ppm m3/h % 

light 60 90 53.0 59.8 0.6 0.7 916 99.45 

light 60 95 31.0 36.2 0.7 0.8 254 99.67 

light 60 98 23.4 31.6 0.8 0.9 38 99.76 

light 90 90 40.6 45.7 0.7 0.8 687 99.58 

light 90 95 26.1 30.9 0.8 1.0 76 99.73 

light 90 98 23.3 32.3 0.8 1.0 22 99.76 

light 120 90 35.5 39.9 0.9 1.0 229 99.63 

light 120 95 25.8 31.2 1.0 1.2 36 99.73 

light 120 98 23.4 32.5 1.0 1.2 16 99.76 

heavy 60 90 51.6 58.3 0.8 1.0 916 99.47 

heavy 60 95 30.2 35.4 1.0 1.1 254 99.68 

heavy 60 98 22.9 30.8 1.0 1.2 38 99.76 

heavy 90 90 39.3 44.1 1.3 1.5 687 99.58 

heavy 90 95 25.2 29.9 1.5 1.8 76 99.73 

heavy 90 98 22.5 31.0 1.5 1.8 22 99.77 

heavy 120 90 35.1 39.3 2.2 2.6 229 99.63 

heavy 120 95 25.4 31.0 2.5 2.9 36 99.73 

heavy 120 98 23.1 32.0 2.5 3.0 16 99.76 

 

The general trends in the data table are that the H2O content of the product gas decreases with increasing 

processing pressure and lean MEG quality. There is also a minor decrease in equivalent water vapour 

content for the heavy gas versus the lighter gas.  The differences between the mean and upper confidence 

interval varies by between 5-9 ppm, although the nature of this variance was determined to be due to the 

method by which the variance is implemented. In a true design/operations simulation, it would be more 

relevant to fit the distribution of the lean MEG quality to actual data for the regeneration process. For future 

projects it would also be possible to model the regeneration process by the same means implemented here 

to yield the lean MEG quality distribution.   

From a plant operations stand-point and for the selection of operating set-points, it is evident that lean MEG 

flow rate can be leveraged to offset performance losses introduced by a decreasing lean MEG quality or 
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processing pressure. This fact can also be used over the life cycle of the installationLXI, provided there is 

sufficient control/flexibility of the regeneration process and the lean MEG pump. 

Figure 55 compares the performance relative to a 32 ppm product specification. The dehydration 

performance is slightly better for the heavy gas (1-3%). This is likely due to the increased interaction between 

water and CO2 in the mixture. The figure highlights the fact mentioned above that the process (as specified) 

is infeasible for a lean MEG purity of 90 wt%. Even with a lean MEG flow rate of 2300 m3/h, only a 3% 

improvement could be achieved at 120 bar and the water content remained out of spec.  

The value of quantifying the uncertainty is highlighted in the analysis of the 95 wt% lean MEG quality cases 

at 60 bar processing pressure. While the average values (in the graph) of these simulations meet the product 

specification, the upper confidence bounds presented (Table 31) exceed the specification by ~10%.  

 

Figure 55: Export gas water content for 3x3x2 NGD simulations [Gassco spec. = 32 ppm (red line)] 

To reach the water content specification, the lean MEG flow rates must be increased as processing pressure 

decreases. At 95 wt% MEG lean MEG, a 1:2:8 ratio for the lean MEG flow rates is required. LXII  At  

 98 wt% lean MEG, the flow ratios are 1:1.5:2.5 – meaning that in terms of the required lean MEG flow rate, 

                                                           
LXI Imagine for instance an installation without booster compressors and upstream processing, where the processing 
pressure at the dehydrator will be limited by the pressure in the well. 
LXII i.e. the lean MEG flow rate is twice as high for the 90 bar vs 120 bar scenario, and eight times more the 60 bar vs 120 
bar (bearing in mind that the water content could not be precisely matched at 60 bar) 
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processing pressure becomes more significant as lean MEG quality decreases. The reason that this may be 

important is highlighted in an examination of the MEG-H2O data from Kamihama et al.103 (see Figure 56). 

 

Figure 56: MEG-H2O experimental Txy data103 (at 1.013 bar), converted to mass composition of MEG 

This data approximates the behaviour of a glycol regeneration unit, where low pressure and high 

temperature are observed for separating water and MEG. The quality of the lean MEG produced from a 

regenerator is described by the Tx-data in the  graph. To achieve a high quality (>90 wt%) lean MEG product, 

the regenerator needs to operate as far to the right of the graph (i.e. as high a temperature) as possible. In 

this part of the graph, there is a very steep T-x gradient, meaning that the lean MEG quality will be very 

sensitive to temperature changes in the regenerator. Along with the increased energy costs, operating at 

the higher temperatures results in more MEG vaporizing. This ‘lost’ MEG can however be recovered by adding 

additional equipment to the design. This analysis may seem somewhat tangential, but it serves to illustrate 

the interconnectivity of process plants. It also illustrates how uncertainties and sensitivities for certain 

process equipment can affect other areas of the design. 

MEG content in the product gas (also presented in Table 31) increases as processing pressure and lean MEG 

quality increase. In terms of the raw MEG numbers it should be remembered that in Chapter 5, CPA over-

predicted MEG content in gas phase where CO2 is found in the mixture. Therefore the values in Table 31 may 

be over-estimated compared to experimental results. In comparing the results for light gas #1 to heavy gas 

#2, it is seen that approximately 2.5 times higher MEG contamination in the product stream. This is likely 

due to the increased interaction with CO2 in the heavy gas #2 mixture. 

The tabulated results for the product recovery and CO2 content in the product gas are presented in Appendix 

D (tables D13-D14). Figure 57 (on the next page) presents the product recovery data in graphical form. It 

indicates that higher processing pressure and higher lean MEG purity lead to improved product recovery 

i.e. more natural gas components are ending up in the product stream comparatively. This may seem 

counter-intuitive since our results from the NG-MEG-H2O VLE experiments (Chapter 7) indicated higher 

solubility in the liquid phase at these conditions. In the process simulation however, the flow of lean MEG 

350

370

390

410

430

450

470

0 20 40 60 80 100

Te
m

p
e

ra
tu

re
 [

K
]

Composition [wt% MEG]

Tx Ty



Chapter 8: Uncertainty analysis in process simulation 

 

122 | P a g e  
 

must be increased to match the required process performance/requirements. Due to the increased flow (or 

equivalently, phase volume) of liquid, there is a higher capacity for absorption of the valuable components. 

Therefore a significant amount of valuable product (up to 5% as shown in Figure 57) is lost to the glycol 

stream at 90 wt% lean MEG quality. The presence of additional gas components could necessarily impact 

the regenerator design as this is where the volatile components will be released due to the low operating 

pressure in the regeneration step.  

 

Figure 57: Impact of lean MEG quality, pressure and gas composition on the product recovery for NGD simulations 

 

8.2.3. Refinements  
 

After the presentation at ADIPEC, we aimed to improve on the work presented thus far. The first step in this 

process was to develop an algorithm to more accurately determine the appropriate lean MEG flow rate to 

maintain the 99% upper bound of the confidence interval (ub C.I.) at the desired specification. A function was 

already in place which would calculate the deviation from spec of the ub C.I., but the standard Matlab solvers 

would generate errors when optimizing the function. The reason for this is multi-facetted: 

• The function is discontinuous and stochastic, as the MC simulation runs at each iteration 

• To improve the speed, one decreases the number of steps in the MC simulation… 

• …but this increases the stochastic behaviour 
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This can result in opposite gradients being found for the same input points, and it was seen that the solvers 

would enter single-phase regions of the phase diagram. We resolved this problem by coding a relatively 

simple damped Newton-Raphson algorithm, with nested loop to randomly modify the damping factor to 

generate an improved result. The nested inner loop is very inefficient, but (given a mildly conservative initial 

guess) proved effective in finding an improved lean MEG flow rate within 2 minutes.  

The results for the improved lean MEG flow rate calculations for 95 and 98 wt% are provided in Table D 15 

and have been calibrated for an average ub C.I. in the range [31.9, 32.1] ppm H2O in the vapour product. The 

lean MEG flow rates required to achieve with the specified performance are plotted in Figure 58. 

 

Figure 58: Lean MEG flow requirements to meet specification for the 99% ub C.I. [**at 60 bar was fitted for 35 ppm] 

Keep in mind that for each gas-pressure combination, two points are connected by a line in Figure 58 i.e. the 

trends are not actually linear, but lines are used to visually emphasize the links in the data. This figure 

highlights the point made earlier that the processing pressure becomes much more important as the lean 

MEG quality decreases. At low pressure (60 bar), a ub C.I. of 32 ppm could not be attained and therefore a 

specification of 35 ppm was applied here. Even to achieve this lesser specification required significantly 

higher lean MEG flow rates. It is also observed that for lower lean MEG quality, and especially also at low 

pressure, the feed gas composition plays a significantly larger role than before. Based on the above graph: 

if one can guarantee a lean MEG quality of 98 wt%, then the installation of booster compressors to allow for 

higher processing pressure may not be justified. However, the lean MEG quality is strongly dependent on the 

energy consumption of the regeneration process and therefore those economic costs must be balanced in 

the overall evaluation of a potential subsea installation.  
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8.3. Applications in DCS interactive graphics and decision-

support tools 
 

Distributed Control Systems (DCS) are used by operators to run process plants. Typically operators are trained 

to keep the plant running within certain prescribed limits, with some processes kept in automatic control 

mode and others manipulated manually. Training is done on process simulators (if you are fortunate), but in 

many cases operators use antiquated training manuals filled with tables and numbers for set points. For a 

recent Danish popular science article298, we presented an idea for combining various process critical 

specifications into colour-coded charts which could be used be plant operators.  

 

Figure 59: Combination of operating surfaces for a simplified dehydration simulation [red = out of spec. , green = in spec.] 

In Figure 59 we show a simplification of the general idea. In this case we are evaluating the product gas 

quality from the final separator in terms of MEG and water content. Temperature and pressure have been 

selected as the process variables, but these could be selected based on the specific situationLXIII while pulling 

in data from all possible plant variables. The CPA model is used to predict the process conditions for which 

the product gas will remain within specification (green area). The various surfaces can then be combined and 

converted into a 2D colour chart such as the one shown in Figure 60 (on the next page). 

Figure 60 allows an operator to develop an improved visual feel for the process in a shorter period. The graph 

also provides one with an estimate of the safety factor, in a similar manner to which hydrate injectors and 

instrument air plants might measure the ‘distance’ from a phase change. Imagine for instance that the 

dehydration unit is operating at 12 °C and 110 bar for the specific lean MEG and gas flow rates and 

compositions. Based on Figure 60 one might say that you have approximately 1.5 °C or 15 bar of safety factor 

(rather than saying the plant is x ppm within the specification). 

 

                                                           
LXIII For a subsea dehydration installation in the Norwegian Sea, temperature might be less of a concern and one would 
rather compare pressure and lean MEG flow rate. 
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Figure 60: Operating window for a simplified natural gas dehydration unit  

[green = both in spec., orange = 1 in spec., red = all out of spec.] 

With the increased processing capacity of DCS systems employing complex models and algorithms for 

control, and a new generation of tech-savvy operators joining the fray, it will be possible to produce 

significantly more useful and informative DCS panels in future. Ideally, models such as CPA can be combined 

with adaptive blackbox models to predict plant operations. The operating charts from Figure 60 can easily be 

connected directly to plant dataLXIV, while allowing the user to manipulate certain variables for predictive 

purposes. Therefore plant operators could ‘test-drive’ their decisions beforehand, without necessarily having 

to consult a plant support engineer. LXV  Such models could also be used in predictive control algorithms or to 

forecast possible process problems and warn operators. DCS changes should of course be made very 

carefully, following the necessary management of change protocols. And even though overloading operators 

with information should be avoided, the prevention of a single plant trip will more than justify the costs and 

effort of implementing such systems. 

The uncertainty of the models can be introduced into these colour charts by changing the underlying surfaces 

from Figure 59. Instead of a hard green-red separation, the colour change can be implemented as a spectrum 

over the range of uncertainty. The specifications can then be combined as before, resulting in an operating 

window where the gradual colour change is representative of the uncertainty range in the calculations.  

 

                                                           
LXIV Online plant dashboards are already available on mobile devices, and building in model predictive elements is trivial 
LXV From experience, such a decision-support tool can be invaluable when strange plant conditions occur, and reaction 
time is only a few minutes. 
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8.4. Conclusions 
 

An integrated uncertainty and sensitivity approach has been developed for process simulation and was 

applied to a simplified subsea natural gas dehydration process. A synthetic natural gas mixture containing 

methane, ethane, propane, carbon dioxide and water is contacted by an aqueous MEG mixture. The goal of 

the study was to understand the process performance given uncertainty in model inputs and expected 

variance in process variables. A light and heavy gas mixture were proposed with each scenario, which 

contained 1 mol% of H2O. For each gas, a total of nine cases were evaluated using three levels each for lean 

MEG purity (90, 95 and 98 wt%) and processing pressure (60, 90 and 120 bar). Process performance was 

evaluated against a water content specification of 32 ppm for the product gas and was optimized by changing 

the lean MEG flow rate. 

The following findings were made with respect to the simulation evaluations performed: 

• The process is totally infeasible when using a lean MEG quality of 90 wt% 

• At 95 wt% and 60 bar, the average performance of the process is below the specification, but the 

upper limit of the uncertainty range exceeds the specification by around 10% 

• A 99.7% dehydration efficiency is required to meet the specification of 32 ppm 

• For the 98 wt% cases, required lean MEG flow rates varied between 15-40 m3/h 

• For high (98 wt%) lean MEG quality, the required lean MEG flow rate is less sensitive to changes in 

the processing pressure and feed gas quality  

• For the 95 wt% cases, required lean MEG flow rates varied between 30-900 m3/h 

• Therefore at lower lean MEG quality (~95 wt%), the lean MEG injection pump may need to be sized 

for a much wider range of possible flow rates 

• For the same lean MEG flow rate, feed gas quality can affect the H2O content in the outlet gas by  

1-3% where the heavier gas achieves lower values 

• Heavy gas #2 extracted significantly more MEG from the lean MEG stream 

• For lower lean MEG quality and processing pressure, the increased lean MEG flow rates caused 

product recovery to decrease 

• The viability of high-pressure subsea dehydration will depend on the energy consumption at the 

reboiler versus the installation and operating costs of the gas booster compressor 

• The difference between the average value and the ub C.I. ranged between 5-9 ppm for the cases 

examined here, and should be considered the absolute minimum safety factor in the design 

Safety design heuristics have been built up over decades by harshly-learnt lessons and should certainly not 

be discarded.  And while no design engineer would optimize the process against the upper bound 99% 

confidence interval, following the procedures developed in this chapter allows one a clearer picture of the 

true uncertainty of the design. It may be the case that safety margins need to be increased, or allow for the 

judicious decrease of factors, but the real value of this analysis is in providing an extra degree of insight to 

the process design. In terms of additional applications for uncertainty analysis in process design, we have 

highlighted its use in operator training and decision-support tools. Given the costs involved in plant trips, if 

even one such event can be prevented then the effort will be fully justified. 



 

 

9. On-going thermodynamic contributions  
 

Chapter 9 is much like Samuel Taylor Coleridge’s famous work Kubla Khan.LXVI Herein follows fragments of 

interrupted work which may offer the reader additional insightsLXVII gathered during the thesis, some of which 

are being developed into future publications. This chapter could happily stand alone as an appendix or be 

omitted completely. But, by its placement here the author hopes for it the achieve wider visibility and 

potentially inspire future researchers and students in this field while highlighting potential pitfalls.  

 

9.1. Sensitivity analysis for identification parameterization of 

opportunities/problems 
 

One of the auxiliary findings from Chapter 5 was the usefulness of parameter sensitivity analysis the 

identification of potential areas of improvement. During our investigation of new association schemes, 

sensitivity analysis was conducted on existing literature parameters.  

 

Figure 61: One-at-a-time sensitivity analysis for MEG pure component property prediction with the CPA EoS using the 4C 

association scheme and Derawi et al.78 parameters 

                                                           
LXVI Kubla Khan or A Vision in a Dream: A Fragment is an epic poem composed by Coleridge upon awakening form an 
opium-induced dream but remained uncompleted following an interruption during the composition. 
LXVII This author admits that the use of ‘insight’ may possibly be over-optimistic 
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The results for the pure component (liquid density and saturated vapour pressure) data are given in Figure 

61. Each equation of state parameter was varied from -5% to +5% in increments of 0.25% while the other 

four parameters were kept constant. Then the AARD for each data type is calculated at each step, and the 

results are shown graphically. The sensitivity analysis is firstly useful for visualizing the effects that various 

parameters have on the model. For someone completely new to CPA, it is easy to pick up the trends e.g. that 

the molecular co-volume is most influential for liquid density while association energy parameter has the 

strongest effect on saturated vapour pressure. The graphs also indicate the relative sensitivity between 

various data and may identify sub-optimal parameter sets.  

Intuitively you begin to think… what if we decrease b slightly? But then the vapour pressure error will 

increase. Could we also tweak another parameter, perhaps c1 or β to offset that increase? You could play 

around, optimize, and then arrive at a result similar to that presented for the 4F scheme in Figure 62. 

 

Figure 62: One-at-a-time sensitivity analysis for MEG pure component property prediction with the CPA EoS using the 4F 

association scheme and Kruger et al.16 parameters 

The trends in Figure 62 are clearly preferable to those in Figure 61 – every parameter is effectively at its 

minimum for both density and vapour pressure errors. Similar trends were achieved for 3C, 4C and 4E as 

well. So, you begin to get excited: “Hey, I’ve got something here!” But is this a fair comparison? More 

importantly, why is it happening? Surely Derawi et al.78 used a functional optimizer, so what is going here? 

The major reasons for this occurrence are the choice raw data used in the parameterization. We used raw 

experimental data within the limited TR ranges for which they were available. Derawi et al.78 used pseudo-

data from DIPPR over a much wider temperature range. When you re-run the sensitivity analysis with DIPPR 

data, then a more correct minimization trend (see Figure 63 (right)) of the density error with respect to the 

b-parameter is observed. Therefore, there must be a disconnect between the experimental data and the 

DIPPR correlation which was fitted to it, most likely due to the extrapolation of the correlation beyond the 

range of the data.  
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This is highlighted in Figure 63LXVIII, where the density error sensitivity of the Derawi-4C parameters for the 

DIPPR correlation is shown, using two different TR ranges. A few observations are quite striking: 

• The AARD vs b trend is correct for the TR range (with 0.9 upper TR bound) used in their 

parameterization, but completely off for the TR range representative of most of the data 

• The error gradients for the other parameters are basically all reversed! 

  

 

 

 

 

 

 

 

 

 

Figure 63: Sensitivity comparison of the literature 4C parameters78 versus the DIPPR liquid density correlation for different 

reduced temperature ranges (on the left, TR ε [0.37, 0.6], and on the right TR ε [0.4, 0.9]) 

It would be harsh to criticize the authors for their use of those TR ranges in their parameterization – it is 

standard practice to fit pure component properties in this way. The authors did in fact also investigate the 

DIPPR correlations, but their focus was on updates made to the correlation constants. Different TR ranges 

were investigated, but the upper limit was always ≥0.9. Although we have not evaluated other compounds 

as thoroughly, it may also simply be a case of MEG and glycols in general having fewer published experimental 

data in narrower temperature ranges.LXIX The lesson from Figure 63 is: “Use raw experimental data!” There 

are certainly arguments to be made that by fitting the models for narrower data ranges, one runs the risk of 

extrapolating when the models are applied for systems beyond those ranges.  

There is a secondary difference that is apparent too. Why, even when the exact same DIPPR correlation and 

reduced temperature range is used, do the density errors not reach a minimum for all parameters? The 

answer to this question is the inclusion of LLE data in the optimization, which is highlighted in Figure 64. 

                                                           
LXVIII Take care, two separate density trends are displayed – not one density and one vapour pressure as before. 
LXIX The NIST database lists 1380 accepted measurements of liquid density, with 1311 of them range TR ε [0.42, 0.60]. It 
would appear the situation for water is even more dire than for MEG, but at least the full range is covered. Without 
knowing how the correlation-fit was weighted, it would be difficult to draw conclusions from the data distribution only. 
This could be an interesting area for future investigation – are there other compounds for which the extrapolation of 
DIPPR correlations creates problems w.r.t. parameterization? More pure component data wouldn’t hurt either. 
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Figure 64: One-at-a-time sensitivity analysis for MEG binary mixture prediction with the CPA EoS using the 4C association 

scheme and Derawi et al.78 parameters 

 

Figure 65: One-at-a-time sensitivity analysis for MEG binary mixture prediction with the CPA EoS using the 4F association 

scheme and Kruger16 parameters 
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From the LLE sensitivity for MEG-nC7 (bottom-right in Figure 64) this data was included in the 

parameterization by Derawi et al.78 The trends for MEG-nC6 are less conclusive, and it is not that stated that 

any MEG-nC6 data was used in the parameterization. Based on our experience from Chapter 5 (and the 

comparison with the LLE data fits for MEG-4F in Figure 65) it is not possible, or at least very difficult, to obtain 

a good fit for both MEG-nC6 and MEG-nC7 using a single parameter set for MEG.  

Keep in mind that only pure component and LLE data were used in the parameterization for both cases shown 

in figs. 64-65. None of the binary VLE data were included in the parameterization by either party. The Derawi 

4C parameters are sub-optimal for 3 of the 4 binary cases presented, whereas the MEG-4F parameter set 

provides near-optimal trends for 3 of the binary cases. Remembering back to the sensitivity analysis for pure 

component data, the error trends for methane solubility in MEG (top-left Figure 64) bear a striking 

resemblance to the error trend for narrow TR and raw experimental liquid density data. Clearly the error 

caused by the pure component density data is propagated to the binary VLE prediction. 

Figs. 64-65 provide one last insight: binary interaction parameters can be used to correct prediction 

problems, but it is much simpler to get the pure component properties right in the first place. 

 

9.2. MEG-4F applied to newly measured data from Ch. 7 
 

Following the completion of the publication for the data measured in Chapter 7, we wanted to establish 

whether improved performance could be achieved using the 4F association scheme which was developed in 

Chapter 5 and compared with the data of Folas et al.7 Comparisons are shown in figures 66-68. 

 

Figure 66: MEG vapour content (yMEG) for ternary VLE mixtures of C1-MEG-H2O (EC1.1-3, EC1.7-9)8 comparing the 4F16 

and 4C (literature)78 association schemes 
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Figure 67: Water vapour content (yH2O) for ternary VLE mixtures of C1-MEG-H2O (EC1.1-3, EC1.7-9) comparing the 4F16 

and 4C (literature)78 association schemes 

 

Figure 68: Dissolved methane content (xC1) for ternary VLE mixtures of C1-MEG-H2O (EC1.1-3, EC1.7-9) comparing the 

4F16 and 4C (literature)78 association schemes 

0

100

200

300

400

500

600

285 290 295 300 305 310 315 320 325

W
at

e
r 

in
 g

as
 (

y H
2

O
) 

[p
p

m
]

Temperature [K]

60 bar (exp) CPA-4C (60 bar) CPA-4F (60 bar)

125 bar (exp) CPA-4C (125 bar) CPA-4F (125 bar)

0.002

0.003

0.004

0.005

0.006

0.007

0.008

0.009

0.010

0.011

285 290 295 300 305 310 315 320 325

D
is

so
lv

e
d

 m
e

th
an

e
 (

x C
1
) 

[m
o

l/
m

o
l]

Temperature [K]

60 bar (exp) CPA-4C (60 bar) CPA-4F (60 bar)
125 bar (exp) CPA-4C (125 bar) CPA-4F (125 bar)



Chapter 9: On-going thermodynamic contributions 

 

133 | P a g e  
 

Rather disappointingly the 4F predictions of the ternary data for MEG and water vapour phase content are 

almost indistinguishable from the results using the literature 4C parameters. The errors are however still 

rather respectable, with AARD of 13.9% and 6.1% for yMEG and yH2O respectively. A slightly more observable 

difference is seen in Figure 68 for the prediction of dissolved methane, where the AARD is 2.7%. It was again 

the case that the MEG-C1 binary interaction parameter dramatically affected the result.  

It is interesting that the 4C and 4F schemes produce such similar results here, whereas there is a clear 

distinction between the two for yMEG and yH2O when predicting the data of Folas et al.7 One reason for this 

could be the difference in feed compositions of the two experiments. The MEG-H2O ratio was 0.30 for Folas 

et al.7 versus ~3 on average in the ternary data measured in Chapter 7. Given the effects of the MEG-C1 binary 

interaction parameter, it is however more likely that the doubling of the methane content plays a bigger 

role. It would be interesting to map an experimental pathway from the one experimental feed condition 

through to the second, and model the difference between 4C-4F along that pathway. My intuition here is 

that resolving the C1-MEG VLE data shortcomings will resolve a great many issues and conclusively show 

which is the best scheme for MEG in multicomponent systems. 

It is also noteworthy that… [ironically my train of thought was interrupted at this point, and the idea lost…] 

 

9.3. CPA & sPC-SAFT applied to data measured in Ch. 6 
 

In preliminary investigations of model prediction our newly measured data from Chapter 6, we compare the 

CPA and sPC-SAFT equations of state. For CPA, the same C1, nC6, nC7, H2O and C1-H2O (kij) parameters (see 

Appendix D1) were used here as in Chapter 7. For nC7-H2O, the recommended binary interaction parameter 

of 0.0095 was used.  For sPC-SAFT, we used pure component parameters and a single kij from in the discussion 

of Liang et al.64 (present in Appendix D3). No kij parameters for nC6/nC7-H2O were used. 

The experimental data are presented with the 95% compositional error uncertainties. Standard uncertainties 

u are u(T) = 0.5 K and u(P) = 0.5 bar, with the temperature uncertainty being roughly the same width as the 

data markers given in the graph.  
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Figure 69: Vapour phase (y) compositions for ternary VLLE C1-nC6-H2O (Exp. DC 3.1a-c) at 303-323 K and 62-77 bar, modelled using CPA and sPC-SAFT 

Comments for DC 3.1  

The vapour (Figure 69), HC-rich liquid (Figure 70) and aqueous (Figure 71) phase predictions for C1-nC6-H2O are presented. yC1 is over-predicted by 1-

2% with sPC-SAFT being slightly closer to the data than CPA. The logarithmic scale for ynC6 and yH2O is slightly deceiving, but both models do predict the 

correct gradient despite the large errors (~50% and >100% respectively).  

The results for hydrocarbons in the HC-rich liquid (Figure 70 right)  are quite good with average deviations around 5%, while the water content xI,H2O is 

significantly under-predicted. For this phase, CPA provides the better description.  

Finally, for the aqueous phase, sPC-SAFT again provides slightly better predictions. xII,H2O is over-predicted by <0.2%, while xII,C1 is under-predicted by 

~40%. The dissolved n-hexane in the aqueous phase (xII,nC6) is under-predicted by several orders of magnitude and the composition-temperature 

gradient is also incorrect. 
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Figure 70: Hydrocarbon-rich (xI) phase compositions for ternary VLLE C1-nC6-H2O (Exp. DC 3.1a-c) at 303-323 K and 62-77 bar, modelled using CPA and sPC-SAFT 

 

Figure 71: Aqueous (xII) phase compositions for ternary VLLE C1-nC6-H2O (Exp. DC 3.1a-c) at 303-323 K and 62-77 bar, modelled using CPA and sPC-SAFT 
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Figure 72: Vapour phase (y) compositions for ternary VLLE C1-nC6-H2O (Exp. DC 3.2a-c) at 303-323 K and 44-46 bar, modelled using CPA and sPC-SAFT 

Comments for DC 3.2  

The vapour (Figure 72), HC-rich liquid (Figure 73) and aqueous (Figure 74) phase predictions for C1-nC6-H2O are presented. Similar trends are observed 

as for DC 3.1. yC1 is over-predicted by 2-3% with sPC-SAFT being better. The correct gradients are predicted for ynC6
LXX and yH2O although the accuracy is 

again quite bad.  

The HC-rich components are well predicted with an average deviation of 3% while the water content xI,H2O is again significantly under-predicted. 

Finally, for the aqueous phase xII,H2O is predicted quite accurate (within 0.05%) while xII,C1 is under-predicted by ~25%. The dissolved n-hexane in the 

aqueous phase (xII,nC6) is less badly under-predicted compared to DC 3.1 and although the composition-temperature gradient is still incorrect. 

The relative performance of CPA and sPC-SAFT (i.e. which is best for which phase) are the same over DC 3.1 and DC 3.2. 

                                                           
LXX If the point at 313 K is anomalous. It does not follow the expected trend. 
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Figure 73: Hydrocarbon-rich (xI) phase compositions for ternary VLLE C1-nC6-H2O (Exp. DC 3.2a-c) at 303-323 K and 44-46 bar, modelled using CPA and sPC-SAFT 

 

Figure 74: Aqueous (xII) phase compositions for ternary VLLE C1-nC6-H2O (Exp. DC 3.2a-c) at 303-323 K and 44-46 bar, modelled using CPA and sPC-SAFT 
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Figure 75: Vapour phase (y) compositions for ternary VLLE C1-nC7-H2O (Exp. DC 4.1a-c) at 303-323 K and 16-18 bar, modelled using CPA and sPC-SAFT 

 

Comments for DC 4.1 

Finally the vapour (Figure 75), HC-rich liquid (Figure 76) and aqueous (Figure 77) phase predictions for C1-nC7-H2O are presented. For this system, the 

differences between sPC-SAFT and CPA are less pronounced. Similar deviations (2% and ~60%) as before are observed for yC1 and ynC7, while much 

improved (~20% deviation) yH2O predictions are achieved for two of the points (the point at 323  K does not follow the expected trend).  

While the xI,H2O data had previously (for nC6) increased and then decreased, now the gradient is only negative. Neither model can describe this behaviour. 

The HC-rich phase hydrocarbon prediction is also notably worse than before, with average deviations of 6% and 30% for xI,C1 and xI,nC7 respectively 

(where the combined average deviation was in the single digits previously). For the aqueous phase, the predictions are similar to those observed for 

the nC6 systems with a very high water content in the aqueous phases. 
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Figure 76: Hydrocarbon-rich (xI) phase compositions for ternary VLLE C1-nC7-H2O (Exp. DC 4.1a-c) at 303-323 K and 16-18 bar, modelled using CPA and sPC-SAFT 

 

Figure 77: Aqueous (xII) phase compositions for ternary VLLE C1-nC7-H2O (Exp. DC 4.1a-c) at 303-323 K and 16-18 bar, modelled using CPA and sPC-SAFT 
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General comments 

The modelling results are still under review, but will be completed with the upcoming submission for 

publication. In most cases in this section, CPA and sPC-SAFT provide relatively similar predictions.  

Initially the discrepancies between the models and the data were very concerning. It was wondered whether 

the data could have suffered from insufficient mixing. It is fair to assume that when an experiments begins, 

each of the vapour, HC-rich liquid and aqueous phases are approximately at 100% C1,  

n-alkane and H2O respectively. As the experiments progresses towards equilibrium these ‘main’ components 

disperse into the other phases. If insufficient mixing were a problem, we would expect to see under-

prediction of the ‘main’ components for each phase. However, in 22 out of 27 cases over-prediction is 

observed. Therefore, we are relatively confident that the deviations are not due to insufficient mixing 

times. 

The given the nature of the phase distributions deviations for the models, it is likely that C1-nC6/nC7 binary 

interaction parameters will be required to improve the predictive performance. 

 

9.4. Applications of new association schemes for TEG and 

other glycols 
 

With the desire to expand on the development of new association schemes in Chapter 5, it was decided to 

work together with bachelor’s student Daniel Qvistgaard on a thesis project. The proposal considered the 

application of new association schemes for tri-ethylene glycol (TEG). Along with the previously posited 4F 

schemes, we have considered three additional schemes: 5C, 5F and 6F. Along with exploring new avenues 

with the binary association site, we have considered the  point out by Crespo & Coutinho15 regarding the 

importance of accounting for interactions of the ether oxygens. 
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Figure 78: Association schemes for TEG – literature (4C, 4F & 6D) and newly proposed (5C, 5F & 6F)  

The 5-site association schemes proposed in Figure 78 could also be used for DEG. The schemes are described 

as follows: 

• 5C:  between 4C and 6D, with 2 traditional hydroxyl groups and 2 negative ether oxygens  

• 6F: hybrid of the 4F and 6D schemes, with 2 4F-type hydroxyl groups and 2 negative ether oxygens 

• 5F: same as 6F, but with only one negative ether oxygen 

 

Our first goal for the study was compare pure component prediction between the 6D and 6F association 

schemes. TEG required an additional step in its analysis, as there is quite large uncertainty surrounding its 

critical point. The values (769.5 vs 797 K)LXXI listed in DIPPR and NIST are substantially different, to the point 

where parameterization is significantly affected.  

Our next steps will be to resolve the uncertainty surrounding the critical point and then introduce LLE data 

into the regression and uncertainty analysis. It is important to remember that in this section of work there is 

significant learning outcome involved.  

For preliminary evaluations with TEG-6F, we have been able to show significantly improved performance  

over the literature parameters of Breil & Kontogeorgios275. Evaluation of 39 vapour pressure and 62 liquid 

density experimental data points has resulted in a superb parameter set (vapour pressure deviation: from 

12.7% to 3.5%;  liquid density deviation: from 3.1% to 2.2%). There are a few caveats though: 

• The critical point problem must be resolved 

• Will these results extend to VLE and LLE data? 

• Deeper analysis of the literature regression is required – why are the results so much better? 

• The uncertainty interval is wider than was observed for MEG  

 

As to the question of why the results are so much improved, for several trial runs we achieved only marginally 

better vapour pressure performance as compared literature. After tweaking the Multistart method, a sudden 

jump in performance was observed. This mechanism needs to be understood better.LXXII The magnitude and 

character of the uncertainty is highlighted by the parameter distributions: 

                                                           
LXXI The first value is from the thesis of R.L. Lyons, which could not be retrieved from the Penn State archives. The 2nd 
value was reported by Nikitin et al.299. Very recently Nikitin and Popov300 published data using a new pulse heating 
method which is less susceptible to cause decomposition under heating. They have recommended 790 ± 12 K and  
3.45 ± 0.20 MPa for the critical point of TEG, which can be quite useful given our exuberance for quantified uncertainty. 
LXXII The insight of a higher-dimensional being observing our 5-dimensional error surface would be quite useful in this 
regard 
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Figure 79: Preliminary results for the b-parameter distribution of an improved TEG-6F parameter set 

The parameter distribution in Figure 79 has a relatively normal distribution, but the most striking feature is 

the width of the 95% confidence interval. TEG pure component property measurements are described as 

highly uncertain in the literature, and this is reflected in the b-parameter which has a ±0.8% relative 

uncertainty. For comparison, the equivalent relative uncertainty for MEG-4C is  ±0.36%.  

Despite the larger uncertainty intervals in the parameter sets, the results for the error distributions are quite 

satisfactory. In  Figure 80 it is seen that the maximum errors are less than 4.5% and 2.5% for vapour pressure 

and liquid density respectively. 

 

Figure 80: Vapour pressure (left) and liquid density (right) error distributions for TEG-6F 

Only preliminary results have been presented here, but thus far we are optimistic of delivering good results 

– both in Daniel’s thesis and our upcoming publication. 



 

 

10. Conclusions and future work 
 

Within this thesis we have aimed to make contributions in a myriad of fields for the application of fluids 

processing and gas treatment on the ocean floor. Such projects face several challenges but can leverage 

process conditions that may not otherwise be feasible in onshore applications.  

Contributions have been made within four broad themes: 

• New experimental data 

• Improvements to thermodynamic models 

• Applications in process simulation and design 

• Quantification of the uncertainty at all stages of the study 

As a small part of a much broader investigation by Equinor, the first goal of this study was to measure new 

equilibrium data for processing conditions that had not been previously considered. A dual approach was 

taken to measure data both at DTU and at Equinor, which has resulted already in the publication of two 

papers in the Journal of Chemical and Engineering Data, with a third manuscript in preparation. Furthermore, 

it was necessary to consider what improvements could be made for the thermodynamic modelling of such 

systems. Our focus has been the CPA equation of state, for which new association schemes were proposed. 

The performance of these schemes was evaluated in a paper in Fluid Phase Equilibria, where an important 

element was also the statistical uncertainty analysis applied to the parameterization of the models. The 

uncertainty of the thermodynamic models has been combined with sensitivity analysis, and applied for 

simple process simulation models in a conference paper presented at the Abu Dhabi International Petroleum 

Exhibition and Conference (ADIPEC) at the end of 2018. Chapter 9 has presented a myriad of on-going and 

future work, highlighting the potential applications of sensitivity analysis in pre-parameterization. 

Additionally, to the scientific outcomes of this work, there were also contributions made to the development 

of two students during this PhD. Mr. Athanasios Varsos completed his MSc while working with experimental 

VLLE apparatus at DTU and Mr. Daniel Qvistgaard will be finishing his bachelor’s thesis in June for the 

application of our new association schemes to TEG. 

 

10.1. Summary of the core chapters presented in this thesis 
 

Three separate literature reviews were conducted into experimental apparatus and literature data  

(Chapter 2), thermodynamic modelling for related systems (Chapter 3), and uncertainty analysis (Chapter 4). 

These highlighted certain needs within the literature, for instance for the generation of additional phase 

equilibrium data, and opportunities for the improvement of thermodynamic models and process simulations. 

Each of the four core chapters in this thesis aimed either to address a need or explore a new opportunity. 

The core chapters are summarized below.  
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10.1.1. Ch. 5: New association schemes 
 

Three new association schemes (3C, 4E and 4F) have been proposed, which make use of the binary 

association site. The concept is based on the successful application of the 2C scheme (1 negative and 1 binary 

site) for 1-alcohols within the sPC-SAFT framework. For the parameterization of the new schemes, the 

bootstrap methodology was applied  which meant that a probability distribution for each equation of state 

parameter was attained. A new parameter set for the 4C association scheme was also derived. The schemes 

were tested against various pure component property, VLE and LLE data to evaluate the performance. The 

following finding were made: 

• In all cases, improvements over the literature parameters were made 

• The 3C scheme provided the best results for pure component properties  

• The new 4C parameter set was best for certain binary VLE and MEG-nC7 LLE 

• The 4F scheme was best for MEG-nC6 and provided the best description for the limited ternary data 

• More consistent MEG-related binary data are required 

• Improved prediction was seen when fitting binary interaction parameters to the limited vapour 

phase data available for MEG binary VLE 

The bootstrap method has been valuable in finding improved parameter sets. In effect, the uncertainty of 

experimental data has been transferred to the thermodynamic models. A final but not insignificant finding in 

this section of the work was that experimental data should always be used in parameterization where 

possible. The use of pure component property correlations does have certain advantages, especially in terms 

of expediency, but hidden parameter correlation can be introduced.  

Expansion of this work to TEG is on-going and those results will be prepared for publication towards the 

middle of the year. Preliminary results have been presented in Chapter 9.  

 

10.1.2. Ch. 6: Experimental apparatus at DTU-CERE 
 

Another major ambition of this study was to re-commission built by Michael Frost during his PhD. New three-

phase data related to the pre-separation step in a subsea gas treatment facility. Although there were some 

initial teething problems, the equipment was successfully modified and commissioned along with a new GC.  

The experimental apparatus was validated for two relevant binary VLE systems (C1-nC6 and C1-H2O) at  

303 and 313 K respectively. Overall, good agreement was attained with several literature sources for the 

vapour and liquid phase data of both systems. Throughout the verification and validation process, it was 

estimated that the experimental uncertainty of the apparatus is ±9% with a 95% confidence interval. 

Although this may appear to be a large uncertainty band, we have emphasized the use of conservative 

uncertainty estimates in this work.  

Measurements for three new ternary VLLE mixtures (C1-nC6/nC7-H2O) at 303, 313 and 323 K.  
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The main findings from analysis of the new experimental VLLE data are as follows: 

• The interaction between the three phases creates complex behaviour 

• Feed composition has a dominant effect on the phase distributions 

• Temperature effects are secondary, but not inconsequential 

• Temperature most strongly affects the n-alkane solubility (all phases), and has the least effect for C1 

• Low temperatures are conducive to producing good quality feed gas to the dehydrator in potential 

subsea separation and processing applications 

The uncertainty of the measurements is strongly linked to the concentrations. The uncertainty/repeatability 

of this work was evaluated against the results published in the literature for measurement of similar ternary 

VLLE data. Very fair agreement was found with the uncertainty of literature sources. Preliminary modelling 

results for this work have been presented in Chapter 9. The accuracy for ‘main’ components is very good, 

while some improvements can yet be made for the trace components in each phase. 

An auxiliary outcome of this work was that Athanasios Varsos could complete his MSc thesis and was 

awarded his degree in October 2018. More measurements are in progress, and the completed data set, and 

thermodynamic modelling will be submitted for publication in June 2019. 

 

10.1.3. Ch. 7: Experimental apparatus at Equinor R&D 
 

In Chapter 7 the focus shifted towards the natural gas dehydration step, with several new experimental VLE 

data being measured at Equinor in Norway. The first data were measured for the ternary C1-MEG-H2O system 

with temperatures from 288-323 K and pressures of 60 and 125 bar. Additional measurements were also 

conducted where C1 was substituted with a natural gas mixture sampled from the gas distribution network. 

The experimental results were modelled using both the SRK-HV and CPA models. 

The following conclusions were made from the trends in the data: 

• yMEG and yH2O vapour content increase with temperature 

• xC1 solubility is not strongly affected by temperature 

• MEG vapour content increases with pressure 

• Pressure has quite strongly affected the sign of dx/dT for several hydrocarbons 

• Low temperature and high pressure are best for dehydration considering only the water specification  

• However, this leads to higher MEG ‘contamination’ in the vapour and more C1 ‘lost’ into the liquid 

• The purity of the MEG solution is also an important consideration for the water content of the vapour 

• The trends for yMEG and yH2O were not dramatically affected the natural gas mixture 

The experimental uncertainty ranged from ±2-9% for major components. For the multicomponent natural 

gas mixtures, a wider range of experimental uncertainty was observed due to the difficulty in accurate 

measurement from trace components. Uncertainties as high as ±42% were observed for trace component 

analysis. 
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For thermodynamic modelling of the systems, CPA provides superior model prediction as compared to  

SRK-HV. An improved CPA parameter set has been implemented in this work with better modelling results 

being achieved – especially for dissolved C1. CPA provides a very good description of the experimental data 

and is suitable for use in design applications. Modelling errors very typically below 10% on average for major 

components while for trace components errors as large as 60-70% could be seen. The addition of CO2 into 

the mixture did also present additional modelling difficulties. 

 

10.1.4. Ch. 8: Process simulation uncertainty  
 

An integrated uncertainty and sensitivity approach making use of the results from Chapter 5 and using Monte 

Carlo simulation has been applied to a simplified subsea natural gas dehydration process. In the process, wet 

natural gas mixtures are contacted with an aqueous MEG mixture to absorb water. The goal of the study was 

to understand the process performance given uncertainty in model inputs and expected variance in process 

variables: gas content, lean MEG quality, temperature and pressure. Process performance was evaluated 

against a water content specification of 32 ppm for the product gas and was optimized by changing the lean 

MEG flow rate. 

The following findings were made with respect to the simulation evaluations performed: 

• The process is totally infeasible when using a lean MEG quality of 90 wt% 

• High lean MEG quality required significantly lower lean MEG flow rates, which are less sensitive to 

changes in the processing pressure and feed gas quality  

• For lower lean MEG quality and processing pressure, the increased lean MEG flow rates caused 

product recovery to decrease 

• For the same lean MEG flow rate, feed gas quality can affect the H2O content in the outlet gas by  

1-3% where the heavier gas achieves lower values 

• Heavier gasses also extracted significantly more MEG from the lean MEG stream 

• The viability of high-pressure subsea dehydration will depend on the energy consumption at the 

reboiler versus the installation and operating costs of the gas booster compressor 

• Cases were found average performance of the process is below the specification, but the upper limit 

of the uncertainty range exceeds the specification 

While safety design heuristics should not be discarded, the procedures developed here allows provide a 

better idea of the true uncertainty. In terms of additional applications for uncertainty analysis in process 

design, we have highlighted potential applications for operator training and decision-support tools.  

The modified results achieved following the ADIPEC conference are being prepared for publication. 
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10.2. Recommendations for future work 
 

The recommendations from this work are broadly divided up into two sections: experimental and 

modelling/simulation. In most cases these recommendations answer one of two questions: 

• How could the equipment/model/design be improved? What could we do differently? 

• What are the obvious next steps to expand on the work presented here? 

 

10.2.1. Recommendations/opportunities for experimental 
work 

 

Improvements for the DTU-CERE experimental apparatus 

Leakage is always a pain when work with high pressure data measurement, so any changes should be 

carefully considered. However, we would recommend investigated of the following: 

Adsorption in the sampling pathway has been noted as a possible issue in analytical VLE/VLLE apparatus 

where very low water vapour compositions were measured.301,302 We experienced similar issues with both 

MEG and water while using the apparatus at Equinor in Norway. At Equinor we could overcome this problem 

by flushing the sampling pathway and sampling sufficiently many times. Due to the relatively short periods 

involved with the Karl Fischer and ATD sampling, this solution proved to be efficient. However, having to run 

many GC analyses on the DTU cell meant that our experimental times were significantly extended. The 

transmission lines to the GC and ROLSI valve capillaries should also be shortened. 

By machining a sample injection point into the arm holding the ROLSI valve of the current setup at DTU, 

calibration samples can be injected there and experience an almost identical path to the actual samples from 

the cell. This modification would necessitate an increase in the power rating of the heating system employed 

at the valves. A comparison of calibration injections between the current sample injection point and the 

newly proposed injection port would conclusively show whether adsorption in the sampling pathway is an 

issue and allow for its quantification. This sample injection point can then also be used to flush the system 

sufficiently if it is shown that adsorption does pose a problem. 

Another suggested improvement would be to investigate the possibility of using a submersible inductive 

magnetic stirrer instead of the current mechanism. The mixing inside the cell should be significantly more 

vigorous using such a stirrer, which would drastically decrease waiting times. It is unclear whether such a 

device was considered in the initial design phase. Possible risks include whether the shape of the magnet is 

compatible with working in a horizontal cylinder, and the risk of contacting the sapphire glass.  

A final improvement would be to develop a method for accurately quantifying the phase volume fractions. It 

has been suggested to make markings in the sapphire windows, to measure the volume similarly to how one 

would measure the volume in a graduated cylinder. The horizontal cylindrical design of the cell does however 

not lend itself that application. It may however be possible to create a ‘calibration curve’ using a photographic 
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method, where known volumes are loaded into the cell to create the required data set. Such photographic 

methods are already used for surface tension measurements using the pendent drop method. Whether such 

methods can be applied with the necessary accuracy for the present apparatus is debateable, but is it 

outrageous to say that this might be a marketable idea for broader application? 

 

Suggested systems for measurement 

From a modelling perspective, the most important system to generate data for would be C1-MEG. The vapour 

phase measurements of this system would however be quite difficult to measure with the DTU setup as 

currently constituted. Uprating the heating system of the ROLSI valves and the transmission lines to the GC 

would be a good first step, to ensure that sample is vaporized. The problems with operating in splitless mode 

would also need to be resolved. Ternary C1-MEG-H2O measurements could be feasible at 323 K and higher 

temperatures, as the MEG content in the gas phase would then be well within the quantification limits of the 

GC. Although these high temperature data would not necessarily be of interest for systems for Equinor’s 

current applications, these data could be useful in high temperature high pressure applications as was 

pointed by Dr. Miranda Mooijer of Shell during the 2017 CERE Discussion Meeting.  

Our work for C1-n-alkanes-H2O will continue for high pressure data, which will allow us to make definitive 

statements about the possibilities of high-pressure subsea separation prior to the dehydration step. In the 

upcoming publication, we will also highlight potential future avenues of investigation. 

In terms of the low hanging fruit, and especially in respect to the desire to generate data for MEG systems, 

our recommendation would be to leverage the fact that CO2 interacts significantly with MEG.  

Vapour phase MEG quantification on the DTU-CERE apparatus may well be possible in a mixture with a 50/50 

(molar basis) CO2-C1. These data could be verified against Jiang et al.114 and also expand their data set to 

include the liquid phase.  
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10.2.2. Recommendations/opportunities in modelling and 
simulation 

 

The most obvious avenue for exploration is with new association schemes. Current investigations (with 

Daniel Qvistgaard – see section 9.4) for TEG within the CPA framework are on-going, DEG and TeEG are 

another two glycols for which at least some data is available and new combinations of association schemes 

could be checked. The application within the sPC-SAFT equation of state is also a natural next step and could 

be a potential topic for the master’s thesis.  

In our modelling of the data measured in Chapter 7, we saw that using literature binary interaction 

parameters for nitrogen resulted in worse modelling results. The GPA reports contain several sources for 

systems containing nitrogen (both binary and ‘real’ mixtures). An in-depth study could be done to determine 

whether the source of the error is due to actual binary interaction parameters, or possibly an error in how 

nitrogen was accounted for in the experimental method that we used at Equinor. Either answer would be of 

value. 

Several questions have been left unanswered regarding MEG-alkane binary interactions. If ever the data is 

measured and is openly available, there will be an opportunity to further enhance the predictions for the 

data in Chapter 7. In terms of binary interaction parameters, the scope of the kij parameters for the new 

association schemes could certainly be expanded. The results for ternary C1-MEG-H2O (Table 14 on pg. 68) 

indicate that there is still untapped potential especially for 4F-MEG. 

The expansion of the process simulation work was discussed in Chapter 8, and section 9.1 highlighted a 

potential avenue into the sensitivity of reduced temperature range selection on parameterization.  

As a final thought, this author would hope that the implementation of uncertainty analysis in 

parameterization (or at least the explicit statement of parameter uncertainty) would become the norm in 

thermodynamic studies.  It is good to see that companies such as Aveva are already incorporating uncertainty 

analysis into their process simulators. If we are forced to quantify the uncertainty of our experimental data 

when publishing, why are thermodynamic model parameters published with the only bare minimum of 

information relating to the uncertainty? To rephrase the 1988 quote from Prof. Robert Moffat:45  

 “It should no longer be acceptable, in any circles, to present model parameters and 

results without describing the uncertainties involved.” 
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• “Co-supervision” of bachelor’s student, Daniel Qvistgaard 2019 

• Contribution to the assessment of new association schemes for TEG (See section 9.4) 

 

 



 

 

Appendix C: Experimental data tables 
 

C1 DTU-CERE GC calibration curves 

 

Figure C 1: GC calibration curve for methane using the FID detector 

 

Table C 1: Injection data - C1 calibration 

Inj. vol. (μl) mol 10-6 FID - Avg StDev RSD 99.7% lb 99.7% ub 

20 0.82 14592 875 6.0% 11969 17216 

30 1.23 22764 550 2.4% 21114 24414 

40 1.64 32110 433 1.3% 30810 33410 

50 2.05 42517 600 1.4% 40716 44318 

60 2.46 51216 231 0.5% 50522 51909 

 

Table C 2: Regression - C1 calibration 

 
FID - 0 

m, c 2.02E+04 0 

Std Error 2.09E+02 #N/A 

r2, sey 0.9977 1.72E+03 

F, dof 9345 22 

Ssreg, Ssresid 2.78E+10 6.54E+07 
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Figure C 2: GC calibration curve for n-hexane using the FID detector 

 

Table C 3: Injection data - nC6 calibration 

Inj. vol. (μl) mol 106 Average StDev RSD 95% lb 95% ub 

0.2 1.520 91734 1359 1.5% 87659 95810 

0.3 2.280 129838 2128 1.6% 123454 136222 

0.4 3.040 164612 1304 0.8% 160700 168524 

0.5 3.800 205138 2884 1.4% 196488 213789 

 

Table C 4: Regression - nC6 calibration 

 
FID - 0 

m, c 1.811E-11 0 

Std Error 2.03E-13 #N/A 

r2, sey 0.9985 1.10E-07 

F, dof 7982 12 

Ssreg, Ssresid 9.57E-11 1.44E-13 
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Figure C 3: GC calibration curve for n-heptane using the FID detector 

 

Table C 5: Injection data - nC7 calibration 

Inj. vol, (μl) mol 10-6 FID - Avg StDev RSD 95% lb 95% ub 

0.2 1.36 106568 6329 5.9% 93910 119225 

0.3 2.03 161200 7576 4.7% 146048 176351 

0.4 2.71 198573 6988 3.5% 184596 212549 

 

Table C 6: Regression - nC7 calibration 

 
FID - 0 

m, c 7.58E+04 0 

Std Error 1.33E+03 #N/A 

r2, sey 0.9966 9.70E+03 

F, dof 3258 11 

Ssreg, Ssresid 3.07E+11 1.04E+09 
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C2. DTU-CERE Experimental Campaign #1-2: validation data 
 

Standard uncertainties u are u(T) = 0.5 K and u(P) = 0.5 bar. Relative standard deviations for composition data 

are reported in the tables below. 

 

Table C 7: DTU-CERE Experimental Campaign DC1: TPxy for C1-H2O at 303 K, including estimates of the variance in 

composition (σ and RSD) 

Exp. 
No 

T [K] P [bar] x1 y1 y2 σX1 σY2 RSDX1 RSDY2 

D1.1 313.2 10.0 0.0003 0.9854 0.0146 0.0000 0.0011 3.8% 7.5% 

D1.2 313.2 27.0 0.0006 0.9969 0.0031 0.0000 0.0001 5.5% 2.4% 

D1.3 313.2 68.0 0.0015 0.9990 0.0010 0.0000 0.0000 0.9% 2.7% 

D1.4 313.2 82.7 0.0017 0.9991 0.0009 0.0000 0.0001 1.9% 6.5% 

D1.5 313.2 105.0 0.0020 0.9992 0.0008 0.0002 0.0000 11.4% 5.3% 

 

The average RSD for the data is x = 4.7% and y = 4.9%. Ignoring the outliers (red), σX becomes 3.0% and σy 

becomes 4.2%. 

 

Table C 8: DTU-CERE Experimental Campaign DC2: TPxy for C1-nC6 at 303 K, including estimates of the variance in 

composition (σ and RSD) 

Exp No. T [K] P [bar] x1 y2 σX1 σY2 RSDX1 RSDY2 

D2.1 303.2 26.4 0.1522 0.9598 0.0402 0.0162 0.0025 10.7% 

D2.2 303.2 40.9 0.1741 0.9731 0.0269 0.0060 0.0011 3.5% 

D2.3 303.2 54.5 0.2421 0.9757 0.0243 0.0127 0.0004 5.2% 

D2.4 303.2 65.1 0.2634 0.9768 0.0232 0.0126 0.0015 4.8% 

D2.5 303.2 69.8 0.2857 -  -  0.0029 0.0006 1.0% 

D2.6 303.2 80.8 0.3222 - - 0.0052  - 1.6% 

D2.7 303.2 91.9 - 0.9795 0.0205 0.0053 0.0009  - 

 

The average RSD for the data is x = 4.5% and y = 4.6%. Ignoring the outliers (red), σX becomes 3.2%. 
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C3. Reference data for DTU-CERE Experimental Campaign #4 
 

Table C 9: Data of Susilo et al.157 for C1-nC7-H2O at 275.5 K and pressures between 120-2000 kPa [all compositions in ppm] 

 Vapour Phase HC-Rich Phase Aqueous Phase 

Pressure 
[kPa] 

yC1 ynC6 yH2O  xI,C1 xI,nC6 xI,H2O xII,C1  x II,nC6  x II,H2O 

120 963987 6800 29214 15111 844 984045 47 999953 1 

1000 993456 1315 5229 27014 590 972396 304 999692 4 

2000 994973 737 4291 76446 632 922922 523 999466 11 

 

 

C4. Equinor Experimental Campaign #1: C1-MEG-H2O 
 

Table C 10 Experimental results for experimental campaign #1 conducted at Equinor in Norway. VLE: C1-MEG-H2O for  

T = 288-323 K, P = 60, 125 bar and wt% MEG in the feed of 90, 95 and 99 %. 

Exp. No. T [K] P [bar] x2 [wt%] x3 y1 [ppm] y2 [ppm] 

E1.1 288.20 59.3 10.36 0.00478 1.2 91.1 

E1.2 293.13 60.0 10.37 0.00472 1.9 113 

E1.3 298.29 59.9 10.34 0.00484 3.1 148 

E1.4 303.14 60.0 10.19 0.00464 - 211 

E1.5 313.15 60.1 10.27 0.00487 - 315 

E1.6 323.16 59.9 10.24 0.00481 - 553 

E1.7 288.16 125.3 10.60 0.00818 1.9 57.1 

E1.8 293.14 124.7 10.37 0.00832 2.8 71.5 

E1.9 298.29 124.7 10.12 0.00847 4.0 94.8 

E1.10 303.14 125.0 10.17 0.00851 - 123 

E1.11 313.15 124.9 10.29 0.00880 - 188 

E1.12 323.19 125.0 10.26 0.00856 - 342 

E1.13 298.23 59.9 5.01 0.00631 3.7 94.2 

E1.14 298.23 124.7 4.98 0.01075 4.3 58.7 

E1.15 298.18 59.8 1.13 0.00708 4.5 30.8 

E1.16 298.17 124.7 1.09 0.01247 5.9 19.5 
 

VLE measurements were made for MEG-H2O-C1 with temperatures between 288 – 323 K and pressures at 60 

or 125 bar. Graphical results are shown in Figures 41-46 on pages 100-105. Data for MEG vapour content (y1) 

above 300 K were not published due to inconsistencies with the GC-MS method for “high” MEG content (see 

the discussion in section 7.3). 
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Standard uncertainties u are u(T) = 0.05 K and u(P) = 2∙10-3P. Relative standard deviations for composition 

data are reported in Table C 11 and the experimental uncertainties are discussed in section 7.4.  

 

Table C 11 Experimental uncertainties for experimental campaign #1 conducted at Equinor in Norway. VLE: C1-MEG-H2O 

for T = 288-323 K, P = 60, 125 bar and wt% MEG in the feed of 90, 95 and 99 %. 

Exp. No. x2 [wt%] x3 104 y1 [ppm] y2[ppm] 

E1.1 0.064 2.90 0.11 11.3 

E1.2 0.085 2.69 0.13 2.2 

E1.3 0.106 2.70 0.13 9.4 

E1.4 0.042 2.74 - 21.4 

E1.5 0.042 3.18 - 26.0 

E1.6 0.021 2.41 - 59.4 

E1.7 0.125 2.89 0.11 5.5 

E1.8 0.042 3.11 0.11 4.6 

E1.9 0.042 3.17 0.35 6.6 

E1.10 0.064 3.03 - 12.6 

E1.11 0.064 2.52 - 18.5 

E1.12 0.021 3.00 - 33.4 

E1.13 0.085 2.92 0.26 5.4 

E1.14 0.064 2.89 0.40 6.5 

E1.15 0.000 3.14 0.20 0.3 

E1.16 0.000 3.04 1.01 3.6 

 

In Table C 11 above, the 3x RSD is reported i.e. 0.997 level of confidence.  
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C5. Equinor Experimental Campaign #2 
 

Table C 12 Experimental results (xi,yi)  for experimental campaign #2 conducted at Equinor in Norway. VLE: NG-MEG-H2O 

for T = 288-323 K, P = 60, 125 bar and wt% MEG in the feed of 90 and 100 %. 

exp. 

no.  
T P yMEG yH2O xCO2 xN2 xC1 xC2 xC3 xnC4 xiC4 xnC5 xiC5 

K bar ppm ppm ppm ppm ppm ppm ppm ppm ppm ppm ppm 

E2.1 288.2 60 0.69 91.1 1375 23 4490 479 67 5.9 3.5 0.6 0.8 

E2.2 293.2 60 0.95 116 1254 18 4423 464 65 5.6 3.2 0.6 1.3 

E2.3 298.2 60 1.2 152 1148 40 4322 436 59 4.9 2.9 0.5 0.9 

E2.4 303.2 60 2.9 195 1081 40 4386 425 56 4.5 2.6 0.5 0.8 

E2.5 313.2 60 13.6 318 1032 133 4418 412 55 4.7 2.4 0.6 0.6 

E2.6 323.2 60 - 510 857 111 4397 391 51 3.9 2.4 0.4 0.5 

E2.7 303.2 125 5.9 127 1938 43 7813 616 70 5.1 3.1 0.4 0.9 

E2.8 313.2 125 15.0 193 1664 67 7930 605 70 5.0 3.0 0.4 0.6 

E2.9 323.2 125 - 309 1558 73 8107 611 71 5.2 3.2 0.5 0.6 

E2.10 303.2 60 3.9 16.4 1546 77 6722 761 116 10.8 6.6 1.0 1.4 

E2.11 303.2 125 8.4 13.0 2601 78 12313 1085 140 11.0 6.8 1.0 1.2 

 

Standard uncertainties u are u(T) = 0.05 K and u(P) = 2∙10-3P. Relative standard deviations for composition 

data are reported in Table C14 and C16. The experimental uncertainties are discussed in section 7.4. 

 

Table C 13 Experimental results (yi/xi)  for experimental campaign #2 conducted at Equinor in Norway. VLE: NG-MEG-H2O 

for T = 288-323 K, P = 60, 125 bar and wt% MEG in the feed of 90 and 100 %. 

exp. 

no. 
T P CO2 N2 C1 C2 C3 nC4 iC4 nC5 iC5 

E2.1 288.2 60 16.1 402 205 89.0 76.2 61.4 79.3 46.5 46.3 

E2.2 293.2 60 17.7 508 208 91.9 78.6 63.7 87.9 43.2 29.7 

E2.3 298.2 60 19.4 239 213 97.9 86.2 73.5 97.8 49.4 44.9 

E2.4 303.2 60 20.8 233 210 101 90.8 80.0 110 57.4 49.3 

E2.5 313.2 60 21.7 72.2 208 102 93.1 77.8 118 45.0 64.3 

E2.6 323.2 60 26.4 85.8 209 108 101 92.2 115 62.1 68.4 

E2.7 303.2 125 11.8 219 118 69.9 73.7 72.2 91.1 67.2 42.6 

E2.8 313.2 125 13.1 141 116 69.9 73.8 73.1 93.0 71.8 59.5 

E2.9 323.2 125 14.3 130 113 69.6 72.0 70.1 89.3 58.3 60.7 

E2.10 303.2 60 14.1 123 137 55.2 43.4 32.3 41.9 25.6 23.7 

E2.11 303.2 125 8.2 121 74.8 39.0 36.5 32.5 41.4 27.0 29.6 
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Table C 14 Experimental VLE data (xi,yi) uncertainty from Table C 12, expressed as percentage relative standard deviation* 

Exp. CO2 N2 C1 C2 C3 nC4 iC4 nC5 iC5 

E2.1 2.7 15 1.40 2.2 3.01 4.7 12 19 24 

E2.2 0.70 5.4 0.88 1.8 3.40 8.0 11 3.4 11 

E2.3 0.37 25 0.60 0.19 0.33 2.2 7.6 10 3.5 

E2.4 1.2 2.5 0.44 0.66 0.24 6.0 1.2 19 11 

E2.5 6.8 17 3.40 1.6 1.9 9.5 7.6 6.0 2.8 

E2.6 1.5 4.5 0.66 1.4 2.2 3.2 5.3 31 27 

E2.7 0.78 6.6 0.67 0.72 0.46 2.0 1.7 22 6.2 

E2.8 0.42 0.83 0.10 0.30 0.95 0.24 1.4 6.3 5.7 

E2.9 0.38 1.3 0.22 0.19 1.9 3.0 0.43 3.5 6.4 

E2.10 3.2 6.7 2.6 3.0 3.7 3.9 6.2 9.7 1.7 

E2.11 0.07 1.1 0.14 0.01 0.19 1.2 2.4 11 2.6 

Ave 1.7 7.9 1.0 1.1 1.7 4.0 5.2 13 9.3 

* The 1x RSD is reported i.e. 0.683 level of confidence. 

 

Table C 15 Experimental partition coefficients (yi/ xi)  for experimental campaign #2 conducted at Equinor in Norway. VLE: 

NG-MEG-H2O for T = 288-323 K, P = 60, 125 bar and wt% MEG in the feed of 90 and 100%. 

exp. 

no. 
T [K] P [bar] CO2 N2 C1 C2 C3 nC4 iC4 nC5 iC5 

E2.1 288.2 60 16.1 402 205 89.0 76.2 61.4 79.3 46.5 46.3 

E2.2 293.2 60 17.7 508 208 91.9 78.6 63.7 87.9 43.2 29.7 

E2.3 298.2 60 19.4 239 213 97.9 86.2 73.5 97.8 49.4 44.9 

E2.4 303.2 60 20.8 233 210 101 90.8 80.0 110 57.4 49.3 

E2.5 313.2 60 21.7 72.2 208 102 93.1 77.8 118 45.0 64.3 

E2.6 323.2 60 26.4 85.8 209 108 101 92.2 115 62.1 68.4 

E2.7 303.2 125 11.8 219 118 69.9 73.7 72.2 91.1 67.2 42.6 

E2.8 313.2 125 13.1 141 116 69.9 73.8 73.1 93.0 71.8 59.5 

E2.9 323.2 125 14.3 130 113 69.6 72.0 70.1 89.3 58.3 60.7 

E2.10 303.2 60 14.1 123 137 55.2 43.4 32.3 41.9 25.6 23.7 

E2.11 303.2 125 8.2 121 74.8 39.0 36.5 32.5 41.4 27.0 29.6 
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Table C 16 Uncertainty of experimental VLE data (yi/xi) from, expressed as percentage relative standard deviation* 

Exp. CO2 N2 C1 C2 C3 nC4 iC4 nC5 iC5 

E2.1 2.7 15 1.40 2.2 3.01 4.7 12 19 24 

E2.2 0.70 5.4 0.88 1.8 3.40 8.0 11 3.4 11 

E2.3 0.37 25 0.60 0.19 0.33 2.2 7.6 10 3.5 

E2.4 1.2 2.5 0.44 0.66 0.24 6.0 1.2 19 11 

E2.5 6.8 17 3.40 1.6 1.9 9.5 7.6 6.0 2.8 

E2.6 1.5 4.5 0.66 1.4 2.2 3.2 5.3 31 27 

E2.7 0.78 6.6 0.67 0.72 0.46 2.0 1.7 22 6.2 

E2.8 0.42 0.83 0.10 0.30 0.95 0.24 1.4 6.3 5.7 

E2.9 0.38 1.3 0.22 0.19 1.9 3.0 0.43 3.5 6.4 

E2.10 3.2 6.7 2.6 3.0 3.7 3.9 6.2 9.7 1.7 

E2.11 0.07 1.1 0.14 0.01 0.19 1.2 2.4 11 2.6 

Ave 1.7 7.9 1.0 1.1 1.7 4.0 5.2 13 9.3 

*1x RSD is reported i.e. 0.683 level of confidence. 

For the evaluation of the data it is useful to consider the following: 

• Temperature effects are shown by comparison of values within exp. E2.1-6, and E2.7-9 

• Pressure effects can be seen by comparison of exp. E2.4-6 with E2.7-9, and E2.10 with E2.11 

• The effect of MEG purity is seen by comparing exp. E2.4 with E2.10, and E2.7 with E2.11 

 

Table C 17: CPA prediction errors for MEG and H2O vapor phase content (yi) expressed in %AARD. 

Exp. MEG H2O 

E1.1-6 85 9.2 

E1.7-9 39 7.4 

E.10-11 40 91* 

Ave 64 8.6 

* Not used in the calculation of the average error 

 

Table C 18: CPA prediction errors for of dissolved natural gas components (xi) expressed in %AARD. 

Exp. CO2 N2 C1 C2 C3 nC4 iC4 nC5 iC5 

E2.1-6 18 47 3.4 6.1 7.8 12 414 55 72 

E2.7-9 8.8 20 2.9 2.1 6.9 9.2 300 25 44 

E2.10-11 7.6 28 11 9.1 8.5 10 332 85 33 

Ave 13.8 36 4.6 5.5 7.7 11 368 52 57 
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Table C 19: CPA prediction errors for partition coefficients (yi/xi) of dissolved natural gas components expressed in %AARD. 

Exp. CO2 N2 C1 C2 C3 nC4 iC4 nC5 iC5 

E2.1-6 12 112 3.2 5.9 8.4 54 68 64 51 

E2.7-9 5.8 15 2.9 1.6 4.9 43 59 50 42 

E2.10-11 8.9 44 12 10 10 50 63 71 59 

Ave 10 73 4.8 5.6 7.7 50 65 62 50 

 

 



 

 

Appendix D: EoS parameter tables and process 

simulation results 
 

D1. CPA parameters from literature  
The parameters shown tables D1, D2 and D5 are the recommended CPA parameters given by the Centre for 

Energy Resource Engineering (CERE).  

Table D 1 CPA Pure Component Parameter Set #1 MEG-H2O-C1 
11,78,279 

 b / cm3∙mol-1 Γ / K c1 ε/R / K β∙103 Scheme 

MEG 51.4 2531.71 0.6744 2375.752 14.1 4C 

H2O 14.515 1018.39 0.67359 2003.25 69.2 4C 

C1 29.1 959.028 0.44718 - - - 

 

Table D 2 CPA Pure Component Parameter Set #2 Additional natural gas components278,303,304 

 TC / K b0 / cm3∙mol-1 Γ / K c1 Scheme 

N2 126.2 26.05 634.07 0.49855 - 

CO2 304.2 27.20 1551.22 0.76020 N 

C2 305.3 42.90 1544.55 0.58463 - 

C3 369.8 57.83 1896.45 0.63070 - 

iC4 407.8 74.70 2078.62 0.70210 - 

nC4 425.1 72.08 2193.08 0.70771 - 

nC5 469.7 91.01 2405.11 0.79858 - 

2MC5 497.7 90.40 2823.00 0.75610 - 

3MC5 504.6 106.31 2607.08 0.79961 - 

nC6 507.6 107.89 2640.03 0.83130 - 

nC7 540.2 125.35 2799.76 0.91370 - 

nC8 568.7 142.44 2944.91 0.99415 - 

 

Table D 3 Bootstrapped parameters for 22DMC3, iC5, 22DMC4, cC5 and 23DMC4 by regression versus DIPPR correlations 

for saturated vapor pressure (psat) and density (ρsat) for TR = (0.4-0.9). 

 
TC / K 

b0 / 

cm3∙mol-1 
Γ / K c1 

AARD / % 

psat 

AARD / % 

ρsat 

22DMC3 433.8 92.05 2202.32 0.72389 0.32-0.95 0.70-1.0 

iC5 460.4 90.70 2349.51 0.76425 0.24-0.45 0.95-1.1 

22DMC4 489.0 107.42 2439.72 0.82778 1.5-2.3 0.035-0.052 

cC5 511.7 76.40 2588.97 0.73946 0.67-1.4 1.0-1.5 

23DMC4 500.0 106.42 2541.43 0.80511 0.36-0.51 0.27-0.61 
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Parameters for the components listed in Table D3 had to be regressed as no parameters could be found in 

the literature. The methodology is described in our paper9 published for Experimental Campaign #2 (see  

Chapter 7).  

Table D 4 Temperature dependent binary interaction parameters16,64,117,278,280,305,306 used for modelling experimental data 

from Chapter 7. Eqn: kij(T) = kij,a + kij,b*T + kij,c/T with T in K 

Binary i-j kij,a kij,b kij,c 

MEG- H2O -0.1284 - - 

MEG- CO2 0.2253 - - 

H2O- CO2 0.00460 0.000331 - 

MEG-C1 0.1786 - - 

H2O-C1 0.7988 - -236.5 

MEG-C2 0.1451 - - 

H2O-C2 0.54729 - -143.25 

MEG-C3 0.11324 - - 

H2O-C3 0.1135 - - 

MEG-nC4 0.06975 - - 

H2O-nC4 0.0875 - - 

MEG-iC4 0.0209 - - 

MEG-nC5 0.035 - - 

H2O-nC5 0.0615 - - 

MEG-nC6 0.031 - - 

H2O-nC6 0.0355 - - 

 

Table D 5 Cross-association (solvation) parameters for mixtures containing CO2 where CO2 is modelled with the N-scheme  

Binary i-j βcross εcross/R 

CO2-MEG -0.1284 0.5∙ εMEG/R 

CO2-H2O 0.2253 1707.96 

 

 

  



Appendix D: EoS parameter tables 

XXXV | P a g e  
 

D2. SRK-HV and CPA from Calsep 
Boesen et al.65 from Calsep A/S have incorporated a temperature-dependent correlation in Eq.  17 whereby  

gij − gjj = (gij′ − gij′) + T(gij″ − gij″). The full details of the SRK-HV model as implemented by Calsep A/S are given 

in Pedersen et al.152 The parameters are given in Table D6 below: 

Table D 6 SRK-HV Parameter Set #1 MEG-H2O-C1
65 

Binary i-j g’ij g’ji g’’ij g’’ji αij 

MEG-H2O -957.6 2673.0 0 0 0.004 

MEG-C1 298.3 3893.6 -0.426 -3.000 0.0911 

H2O-C1 -1218.1 4525.4 3.402 -5.160 0.0937 

 

To verify the veracity of our methods using the SRK-HV parameters from Boesen et al., the figures D1-D2 

were reproduced from their work. Calsep A/S use SRK parameters (defined in terms of TC, PC and ω) alkanes 

within the CPA framework. SRK parameters are converted into a CPA input according to equations 8-10 in 

section 3.2. Additionally, Calsep have implemented the following binary interaction parameters: 

Table D 7 Binary interaction parameters for CPA proposed by Boesen et al.65
 where kij(T) = kij,ref + k’ij*(T – 288.15 K) 

Binary i-j kij,ref k’ij 

MEG-H2O -0.832 0 

C1-H2O −0.0490 0.001662 

C3-H2O −0.01456 0.000773 

 

 

 

Figure D 1 Reproduction of Fig. 3 from Boesen et al.65 with literature data43,69,301,307,308 and the addition of CPA-DTU 
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Figure D 2 Reproduction of Fig. 4 from Boesen et al.65 with literature data309–311 and the addition of CPA-DTU 

 

Figures D1-D2 show an accurate reproduction of the graphs displayed in the source. In Figure D 1 it is seen 

that both CPA variants provide very similar predictions for the vapour phase of the C1-H2O binary. SRK-HV 

exhibits slightly different behaviour, providing a better description of the high-temperature high-pressure 

data while the CPA models are arguably better at lower temperatures and pressures. Meanwhile for the 

liquid phase (dissolved C1), the SRK-HV and CPA-DTU models provide very similar representation of the 

experimental data. At higher pressures and temperatures, there is a visible disparity between these two 

models and the CPA-Calsep model. It is noted however, that no experimental data was assessed in this high-

temperature high-pressure region. Similar minor discrepancies are seen Figure D 2, where there are 

differences between the models, but the overall trends in the data are captured with an error of +/- 10%. 

 

D3. sPC-SAFT parameters 
 

Table D 8: sPC-SAFT parameters used in the modelling of experimental data in Chapter 6 

 m [-] σ [Å] ε/k [K] εAB/k [K] κAB Scheme Ref 

C1 1.0 3.7039 150.03 - - - 203 

n-C6 3.0576 3.7983 236.77 - - - 203 

n-C7 3.4831 3.8049 238.40 - - - 203 

H2O 2.0 2.3449 171.67 1704.06 0.1596 4C 64,312 

 

For C1-H2O, the following correlation from Liang et al.64 was used: kij(T) = 0.2846 – 109.2/T 
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D4. Bootstrapped parameters for MEG (CPA) 
 

Table D 9: New 4C parameters along with bootstrapped mean, and 95% confidence interval 

  b0 
[cm3/mol] 

Γ [K] c1 ε/R [K] β 103 kij C1 kij H2O kij nC6 kij nC7 

Set: 4C 49.84 2542.30 0.650 2385.6 14.55 0.134 -0.113 0.049 0.036 

Bootstrap μ 49.94 2541.44 0.652 2384.9 14.53 0.136 -0.114 0.050 0.037 

95% lb 49.80 2531.56 0.648 2379.9 14.40 0.133 -0.118 0.047 0.035 

95% ub 50.16 2548.73 0.660 2388.6 14.59 0.140 -0.112 0.052 0.039 

 

 

Table D 10: New 3C parameters along with bootstrapped mean, and 95% confidence interval 

  b0 
[cm3/mol] 

Γ [K] c1 ε/R [K] β 103 kij C1 kij H2O kij nC6 kij nC7 

Set: 3C 49.78 2182.85 1.054 2602.6 17.58 0.157 -0.134 0.073 0.064 

Bootstrap μ 49.81 2180.88 1.055 2603.5 17.55 0.159 -0.135 0.073 0.064 

95% lb 49.73 2164.52 1.052 2594.9 17.47 0.153 -0.138 0.070 0.062 

95% ub 49.91 2191.08 1.061 2614.8 17.60 0.165 -0.132 0.077 0.066 

 

 

Table D 11: New 4E parameters along with bootstrapped mean, and 95% confidence interval 

  b0 
[cm3/mol] 

Γ [K] c1 ε/R [K] β 103 kij C1 kij H2O kij nC6 kij nC7 

Set: 4E 50.14 2297.11 0.883 2224.7 12.74 0.126 -0.054 0.048 0.036 

Bootstrap μ 50.18 2296.56 0.884 2224.4 12.72 0.127 -0.054 0.048 0.037 

95% lb 50.09 2289.13 0.881 2220.9 12.64 0.123 -0.057 0.046 0.035 

95% ub 50.29 2301.41 0.890 2228.0 12.76 0.131 -0.051 0.051 0.039 

 

 

Table D 12: New 4F parameters along with bootstrapped mean, and 95% confidence interval 

  b0 
[cm3/mol] 

Γ [K] c1 ε/R [K] β 103 kij C1 kij H2O kij nC6 kij nC7 

Set: 4F 50.02 2407.04 0.806 2347.7 11.99 0.130 -0.023 0.052 0.041 

Bootstrap μ 50.08 2405.18 0.809 2347.4 11.96 0.132 -0.024 0.052 0.041 

95% lb 49.98 2393.44 0.805 2342.1 11.86 0.128 -0.028 0.050 0.039 

95% ub 50.22 2411.52 0.818 2352.4 12.01 0.136 -0.021 0.055 0.043 

  



Appendix D: EoS parameter tables 

XXXVIII | P a g e  
 

D5. Process uncertainty and sensitivity results  
 

Table D 13: Product recovery and CO2 content for simplified NGD simulations (Light gas #1) 

Pressure Lean MEG 
Average NG in 

Rich MEG 
Product 

Recovery 
Average CO2 in 

Product 
Average CO2 

Rich MEG 

bar wt% mol/mol % mol % mol % 

60 90 0.47 96.26 2.5 0.14 

60 95 0.54 98.18 2.8 0.19 

60 98 0.56 98.87 3.0 0.21 

90 90 0.62 96.33 2.5 0.17 

90 95 0.69 98.68 3.0 0.23 

90 98 0.71 98.91 3.0 0.24 

120 90 0.72 97.95 2.8 0.20 

120 95 0.79 98.83 3.0 0.24 

120 98 0.81 98.92 3.0 0.25 

 

Table D 14: Product recovery and CO2 content for simplified NGD simulations (Heavy gas #2) 

Pressure Lean MEG Average NG in 
Rich MEG 

Product 
Recovery 

Average CO2 in 
Product 

Average CO2 
Rich MEG 

bar wt% mol/mol % mol % mol % 

60 90 0.56 95.02 5.8 0.32 

60 95 0.67 97.74 6.7 0.44 

60 98 0.70 98.80 7.0 0.48 

90 90 0.67 95.44 6.0 0.37 

90 95 0.77 98.56 6.9 0.50 

90 98 0.79 98.87 7.0 0.52 

120 90 0.74 97.68 6.7 0.41 

120 95 0.82 98.78 7.0 0.49 

120 98 0.84 98.90 7.0 0.50 

 

Table D 15: Optimized lean MEG flow rate calculations for simplified NGD simulations  

  Average Lean MEG rate  

Pressure Lean MEG Light Gas Heavy Gas L:H flow ratio 

bar wt% m3/h m3/h - 

60 95 858 242 3.54 

60 98 36.3 35.1 1.03 

90 95 64.2 53.2 1.21 

90 98 22.7 21.9 1.04 

120 95 34.0 29.3 1.16 

120 98 16.6 15.8 1.05 

 

 


