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Preface 

 

This thesis is submitted in partial fulfilment of the requirements for obtaining the Ph.D degree 

from the Technical University of Denmark (DTU). The project was co-founded by Danmarks 

Innovationsfond and Aquaporin A/S as an Industrial PhD entitled Development of Aquaporin 

Inside™ technology for Osmotic Membrane Bioreactors. The thesis work was carried out at 

Aquaporin A/S and DTU Environment from June 2018 to August 2021 and at University of 

Technology Sydney and Polytechnical University of Valencia during the external research 

stays. Supervision of the thesis was handled by Prof. Claus Hélix-Nielsen, Dr. Krzysztof 

Trzaskuś, Dr. Maria Salud Camilleri-Rumbau and M.Sc. Mads Friis Andersen from Aquaporin 

A/S. 

The thesis incorporates four publications and a confidential study summary. Publications are 

represented with Roman numerals I-IV: 

Paper I – Published in Membranes 

Role of Operating Conditions in a Pilot Scale Investigation of Hollow Fiber Forward Osmosis 

Membrane Modules 

Sanahuja-Embuena, Victoria; Khensir, Gabriel; Yusuf, Mohamed; Andersen, Mads Friis; 

Nguyen, Xuan Tung; Trzaskus, Krzysztof; Pinelo, Manuel; Hélix-Nielsen, Claus. 

Paper II – Published in Journal of Membrane Science 

Transport mechanisms behind enhanced solute rejection in forward osmosis compared to 

reverse osmosis mode 

Sanahuja-Embuena, Victoria; Frauholz, Jan; Oruc, Tayfun; Trzaskus, Krzysztof; Hélix-

Nielsen, Claus. 

Paper III – Submitted (in revision) to Chemical Engineering Journal  

Enhancing selectivity of novel outer-selective hollow fiber forward osmosis membrane by 

polymer nanostructures  

Sanahuja-Embuena, Victoria; Lim, Sungil; Górecki, Radosław; Trzaskus, Krzysztof; Claus 

Hélix-Nielsen, Claus; Shon, Ho Kyong. 
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Paper IV – Manuscript for Water Research or similar submission  

Development and performance of hollow fiber membranes for olive mill wastewater treatment 

by sidestream osmotic membrane bioreactor 

Sanahuja-Embuena, Victoria; Camilleri-Rumbau, Maria Salud; Vincent-Vela, Maria Cinta; 

Mendoza-Roca, José Antonio; Cifuentes-Cabezas, Magdalena; Hélix-Nielsen, Claus. 

 

In addition, two other publications have been carried out during the PhD project and showed 

as publications V-VI: 

Paper V – Published in Journal of Membrane Science 

Improved reverse osmosis thin film composite biomimetic membranes by incorporation of 

polymersomes 

Górecki, Radosław Pawel; Reurink, Dennis Maik; Khan, Muntazim Munir; Sanahuja-

Embuena, Victoria; Trzaskuś, Krzysztof; Hélix-Nielsen, Claus. 

Paper VI – Published in Desalination  

Employing the synergistic effect between aquaporin nanostructures and graphene oxide for 

enhanced separation performance of thin-film nanocomposite forward osmosis membranes 

Akther, Nawshad; Sanahuja-Embuena, Victoria; Górecki, Radosław Pawel; Phuntsho, Sherub; 

Helix-Nielsen, Claus; Shon, Ho Kyong. 
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Contributions to papers I-VI 

 

Paper I  

• Conceptualization of the research – literature review 

• Investigation & Methodology of experiments 

• Data curation and analysis of results 

• Writing—original draft and editing  

Paper II 

• Conceptualization of the research – literature review 

• Coordinate investigation of experiments  

• Data curation and analysis of results 

• Writing—original draft and editing  

Paper III 

• Conceptualization of the research 

• Investigation & Methodology of experiments 

• Coordinate additional experiments regarding coating new modules 

• Data curation and analysis of results 

• Writing—original draft and editing  

Paper IV 

• Literature review of the research  

• Investigation & Methodology of experiments 

• Coordinate additional data analysis of samples 

• Data curation and analysis of results 

• Writing—original draft and editing  

Paper V 

• Part of the investigation of experiments 
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• Data curation and validation of results  

• Writing—review and editing  

Paper VI 

• Part of methodology conceptualization of the experiments  

• Formal analysis and validation of results  

• Writing - review and editing 
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Summary  

Membrane technology is globally used for water treatment and one of the many vital 

technologies used for mitigating water scarcity in the world. Industrialization and globalization 

have exacerbated the water scarcity and its treatment around the world, and both developing 

and developed countries are facing these problems. As such, there is a vast interest and 

resources, from private and public entities, allocated for research on membrane technology.  

Investigation of a new membrane process, forward osmosis (FO), as a water treatment process 

has been on the raise in the last decades. FO is – in contrast to the common reverse osmosis 

(RO) process - a pressure-less membrane process, that uses a chemical potential gradient as the 

driving force for water purification. Thus, this process requires a highly concentrated solution, 

known as draw solution, to transport water from the feed solution through the semipermeable 

membrane. Studies on FO have been divided either on the process optimization or the 

membrane development. This thesis focuses on both types of studies using only hollow fiber 

forward osmosis membranes (HFFO), and the research is presented in chapters 3-5.  

Chapter 3 presents the investigation of the FO process and FO solute rejection using HFFO 

modules in a pilot-scale system. A variety of operating conditions were analyzed for the FO 

process. Internal concentration polarization was found as the dominant factor for variations on 

the FO performance (water flux and reverse solute flux). Additionally, rejection comparison 

between FO and RO was examined under identical conditions with the same HFFO module. 

Higher feed solute rejection was obtained with the use of the FO process, in comparison to the 

RO. The draw agent and the reverse solute flux seemed to hinder the diffusion of feed solutes 

across the membrane, enhancing the FO forward rejection.  

Chapter 4 describes the development of the novel HFFO membranes for feed solutions with 

high fouling potential. A lab-scale module of a HFFO membrane with the selective layer on 

the outer-surface of the fiber was developed and optimized by using an aquaporin-based 

additive. Commercial and customized membrane supports were successfully used for 

developing these membranes. Furthermore, a large inner diameter (0.5-1.1 mm) HFFO 

membrane was developed and upscaled using commercially available membrane supports. 

Coating process was adapted for the development of these membranes depending on the 

characteristics of the supports. The work revealed the importance of the aqueous phase drying 

during the fabrication, which affects the interfacial polymerization, thus the resulting 
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polyamide layer. The research successfully evolved from 5 different HFFO membranes in lab-

scale size ( < 0.5 m2) to 2 HFFO membranes in pilot-scale size (3 and 5 m2, respectively).  

Finally, Chapter 5 presents the performance of a lab-scale HFFO module with a large inner 

diameter of 0.8 mm during application. An osmotic membrane bioreactor (OMBR) in a side 

stream configuration was used as the chosen application. The treated feed solution was an olive 

mill wastewater, referred as alpechin, chosen due to its complexity and organic load. A one-

month operation of the OMBR using the newly developed HFFO membrane demonstrated the 

feasibility of this application. The pollutant rejection was kept high (75%-99%) and FO 

membrane integrity and performance was maintained.  
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Dansk sammenfatning 

Membranteknologi bruges globalt til vandbehandling og er en af de mange teknologier, der 

bruges til at afbøde vandmangel i verden. Industrialiseringen og globaliseringen har øget 

manglen på rent drikkevand og dens behandling rundt om i verden, og både uudviklede og højt 

udviklede lande står over for disse problemer. Derfor er der stor interesse, fra private og 

offentlige enheder, på forskning af denne teknologi. 

Forward Osmosis (FO) er en ny vandbehandlingsteknologi som har oplevet stigende interesse 

i de sidste årtier. FO er - i modsætning til den almindelige omvendte osmose (RO) proces - en 

trykløs membranproces, der bruger en koncentrationsgradient som drivkraft for vandrensning. 

Denne proces kræver således en stærkt koncentreret opløsning, kaldet draw, for at transportere 

vand fra fødeopløsningen gennem membranen. Forskning om FO er blevet publiseret både 

inden for procesoptimering og membranudvikling. Dette speciale fokuserer på begge 

forskningsområder med yderligere fokus på hollow fiber forward Osmosis (HFFO). Denne 

forskningen præsenteres i kapitel 3-5. 

I kapitel 3 præsenteres undersøgelsen af FO-processen og tilbageholdelsesevnen af uønskede 

stoffer ved hjælp af HFFO-moduler i et pilotskala-system. En række forskellige 

driftsbetingelser blev analyseret i FO processen. Intern koncentrationspolarisering blev fundet 

som den dominerende faktor for variationer i FO -ydelsen (waterflux og reverse salt flux). 

Derudover blev tilbageholdelsesevnen mellem FO og RO undersøgt under identiske betingelser 

med det samme HFFO modul. Højere tilbageholdelsesevnen af uønskede stoffer blev opnået 

ved anvendelse af FO -processen i sammenligning med RO. Draw og reverse salt flux 

forhindrer diffusion af uønskede stoffer over membranen, hvilket forstærker 

tilbageholdelsesevnen. 

Kapitel 4 beskriver udviklingen af de nye HFFO membraner til spildevand med høj 

koncentration af foulants, der fremmer tilstopning/tilsmudsning af membranerne. Et modul i 

laboratorieskala af en HFFO-membran med det selektive lag på fiberens ydre overflade blev 

udviklet og optimeret ved brug af det aquaporinbaserede additiv. Kommercielle og 

specialudviklede support materialer blev med succes brugt til udvikling af disse membraner. 

Endvidere blev en stor indre diameter (0,5-1,1 mm) HFFO-membran udviklet og opskaleret 

ved hjælp af kommercielt tilgængelige support materialer. Coating processen blev tilpasset 

udviklingen af disse membraner afhængigt af supportens egenskaber. Arbejdet afslørede 

vigtigheden af overflade tørring under fremstillingen, hvilket påvirker 
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grænsefladepolymerisationen og dermed det resulterende polyamid dannelse. Forskningen 

udviklede sig med succes fra fem forskellige HFFO-membraner i laboratoriestørrelse (<0,5 m2) 

til to HFFO-membraner i pilotstørrelse (> 3 m2). 

Endelig præsenterer kapitel 5 brugen af et HFFO-modul i laboratorieskala med en stor 

indvendig diameter på 0,8 mm til en applikationstest. En osmotisk membranbioreaktor 

(OMBR) i en sidestrømskonfiguration blev brugt som den valgte applikation. Spildevand fra 

en olivenmølle blev valgt på grund af dets kompleksitet og store kemiske oxygenbehov. En 

måned med OMBR -operationen ved hjælp af den nyudviklede HFFO -membran 

demonstrerede gennemførligheden af denne applikation. Tilbageholdelsesevnen af 

forurenende stoffer blev holdt høj (75%-99%), og FO-membrans integritet og ydeevne blev 

opretholdt.  
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Why are we here? 

I think we are part of a greater wisdom, that we will ever understand, a higher order. 

Call it what you want, do you know what I call it? The Big Electron.  

It doesn’t punish, it doesn’t reward. It doesn’t judge at all.  

It just is. And so are we… for a little while.  

George Carlin (1937-2008) 
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Chapter 1: Introduction 

 

Exponential growth of Earth population, global warming, and the decrease in 

biodiversity and resources have increased the need for developing green technologies that can 

mitigate these problems. One of the main issues, declared in the United Nations Sustainable 

Development Goals, is the need for Clean Water and Sanitation for the population. Figure 1 

represents the estimation of the water scarcity in the world in 2025 as situation deteriorates. 

The fresh water available on the planet is less than 1%. This promotes the need of developing 

technologies capable of treating the remaining water sources [1]. As population and industry 

grow, more wastewater is produced and released to the environment, further contaminating the 

freshwater resources available. This is the reason why the global market in wastewater 

treatment was valued at USD 263 billion in 2020 and even though COVID-19 caused a 

decrease, it is expected to grow to USD 465 billion by 2028 [2]. Many technologies have been 

developed to treat impaired water streams before releasing them to the environment or for 

producing drinking water, although membrane technology is one of the most efficient 

technologies for water treatment.  

 

Figure 1: Water scarcity evolution from 1995 to 2025 by prediction according to United 

Nations Environment Program. Adapted from [3]. 
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1.1 Membrane technology 

 

Membrane technology, in particular reverse osmosis (RO), has undergone significant 

development during the past decades; from the initial study where the term “osmosis” was 

introduced by Jean-Antonine Nollet in 1748 after discovering the osmosis of water through a 

pig bladder into alcohol, to the first synthetic RO membrane developed by Loeb-Sourirajan in 

the 1960s [4].  

The separation principle of membrane processes is based on the selectivity of the membrane, 

allowing transport of certain compounds while obstructing others. Figure 2 shows how 

membrane type/processes can be classified depending on their capacity to retain certain groups 

of compounds. RO and forward osmosis (FO) are within the most selective membrane 

technologies to retain ions.  

 

Figure 2: Schematic diagram of the selectivity of different particles for different membrane 

pressure driven processes [5]. 

The driving force for membrane separation can be divided by the gradient of hydraulic 

pressure, concentration or osmotic pressure, electrical potential, and temperature [5]. Yet, most 

membrane processes applied in industry are pressure driven. Within the pressure driven and 

osmotically driven process categories, membranes and membrane-based processes can be 

classified as follows: I) Pressure driven membrane process consisting of microfiltration (MF), 
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ultrafiltration (UF), nanofiltration (NF) and RO; as well as II) Osmotically driven membrane 

process, consisting mostly of FO and pressure-retarded osmosis (PRO). 

In this thesis, FO has been investigated. In comparison to RO which uses hydraulic pressure to 

achieve separation, FO, utilizes a difference in osmotic pressure of two liquids separated by a 

semipermeable membrane as driving force. The concepts of osmotically driven membrane 

process and pressure driven membrane process are illustrated in Figure 3.  

 

Figure 3: Diagram describing processes driven by a) osmotic pressure (Δπ) and b) hydraulic 

pressure (ΔP) gradients. 

In Figure 3a, water transport or permeation occurs due to the difference in osmotic pressure of 

the solutions on both sides of the membrane. In contrast, in Figure 3b, permeation needs to 

happen against the concentration gradient, which occurs by applying hydraulic pressure. When 

the hydraulic pressure raises above the osmotic pressure of the solution, permeation will occur.  

 

Membrane morphology 

Generally, most synthetic membranes are polymer-based, and they can be divided into 

symmetrical/isotropic or asymmetrical/anisotropic (Figure 4) [5–7]. Symmetrical membranes 

can be microporous, non-porous dense and electrically charged where morphology is 

maintained uniform alongside the membrane. 

Microporous membranes are the closest to the conventional idea of a filter in structure, 

normally used during MF and UF of liquids. They consist of light and rigid voids distributed 

Driving force: ∆π
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randomly with interconnected pores. Pore size of these membranes can be from 0.01 to 10 µm 

and their pore size distribution and retention capabilities are given by the molecular weight cut-

off (MWCO). This term describes the lowest molecular weight of a solute which is more than 

90% retained by the pore size. In contrast, dense membranes are formed by a non-porous layer 

where transport is solely governed by diffusion and the solubility of the permeants in the dense 

layer. Thus, these types of membranes are commonly used for gas separation and RO processes 

[8].  

Electrically charged membranes, instead, can be both dense and microporous and they are 

carrying fixed charged ions. They can exclude ions of the same charge or exchange ions. 

Positively charged membranes are called anionic membranes and the negatively charged ones 

are called cationic membranes. A common use for them is in the electrodialysis process [9].  

 

Figure 4: Schematic design of the membrane types from [5]. 

Asymmetric membranes are membranes with a heterogeneous structure. They can be a porous 

membrane with different pore size distribution throughout the membrane (Loeb-Sourirajan) or 

they can be composed by a thin skin layer on top of one or two thicker porous support layers. 

The former often has one side of the membrane with the smallest pore sizes, acting as the most 

selective side, and the other side has the biggest pore size, facilitating mass transport. They are 

often used for MF or UF processes. The latter one includes one of the major breakthroughs in 

membrane technology; the thin film composite (TFC) membranes. They are composed of a 

thin dense polymeric layer which acts as a selective layer and a thicker porous membrane layer 
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which acts as a support for the selective layer. Additionally, layer-by-layer membranes may be 

included in this category even though they can be part of the symmetric membranes as 

electrically charged membranes. They consist of ultra-thin layers of differently charged 

polyelectrolytes on top of a robust layer acting as a support, which is often a microporous 

membrane [5,6].  

These membrane types described here are made of organic polymers as they are the frequently 

used commercially. Most common polymers used are polysulfone, polyethersulfone, 

polyvinylidene fluoride, and polyacrylonitrile. They all have different hydrophilicity 

propensities and mechanical and chemical stabilities. For example, polyvinylidene fluoride 

membranes are the most hydrophobic from these options but they are the most chemical stable 

and mechanical robust [5,10,11].  

Nevertheless, there are ceramic, metal, and support liquid membranes in the market as well and 

they are used for more specific applications. Ceramic membranes, which are mainly 

microporous membranes, are mostly used for MF and UF when high chemical and thermal 

resistance is required. Instead, dense metal membranes, like palladium membranes [12], are 

used in gas separation for their permeability or affinity towards certain gases. Lastly, liquid 

membranes, as seen in Figure 4, are porous membranes where the support pores are 

impregnated with a carrier liquid that facilitates mass transport when a chemical potential 

gradient is applied. However, they are also often known as a two-phase liquid system that are 

immiscible and thus, separation occurs based on liquid-liquid extraction process [13].   

 

Membrane mass transport mechanisms 

It is expected that the differences in morphology and characteristics of the type of membranes 

described would entail different mechanisms for mass transport. In a simple general way, there 

are three types of mass transfer mechanisms: convection, migration, and diffusion; where 

convection is mass transport due to bulk fluid motion, migration is mass transport of charged 

particles due to an electrical field and diffusion is the random movement of particles from one 

place to another due to a concentration gradient [5,6].  

The transport mechanisms relevant for the FO processes for liquid separation described in this 

thesis is convection and diffusion. Specifically, the pore model for convection transport and 

the solution-diffusion model for diffusion transport [5,14,15]. As porous membranes, UF and 
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MF are governed by the pore-flow model transport mechanism due to their pore size (> 10 Å). 

Convection transport is driven by a difference in pressure between the solutions and particles 

will be rejected if their size is bigger than the MWCO of the UF and MF membranes (size 

exclusion). As the pore size reduces, the transition from convection towards diffusion transport 

occurs until there are no visible pores as it happens with dense membranes or the dense 

selective layer from TFC membranes. NF membranes belong in this transition range where 

they contain pores in the range of 5-15 Å as they have a loose selective layer but a tight porous 

support. And so, in NF membranes, particles are rejected by size exclusion or resistance from 

the selective layer. Lastly, FO and RO are dominated by diffusion transport due to their dense 

polymeric selective layer. Evidently, as these membranes have a porous support layer, transport 

through that layer will be dominated by convection. Diffusion throughout these membranes is 

generally explained by the solution-diffusion model [5,14,15]. This model assumes that the 

chemical potential gradient of a permeant is solely represented by the concentration gradient 

across the membrane.  Even though pressure may be different on either side of the membrane, 

permeant flow within a perfect solution-diffusion membrane is based only on concentration 

gradient. The permeant flow can be expressed by Fick’s law (Equation 1) [15].  

𝐽 =  −𝐷
𝑑𝜑

𝑑𝑥
  (Equation 1)  

Where J is the diffusion flux, D is the diffusion coefficient of the specific compound, φ is the 

concentration and x is the position of the parameter in length. The diffusion occurs towards the 

increasing concentration gradient and thus a negative sign is needed in the equation.  

 

Membrane configurations 

Regardless of membrane morphology or transport mechanisms, membranes for liquid 

separations are developed as a flat sheet or hollow tube/fiber. Variations of these modules for 

specific applications can be found in the market. Additionally, for gas separation, different 

configurations to the ones described below can also be found [5–7].  

As the name indicates, flat sheet membranes are developed as thin sheets and hollow fibers 

membranes are developed as hollow tubes which can be of different inner diameter and length 

sizes. To be functional and efficient in an industrial scale water treatment context, membrane 

modules were developed to pack high amount of membrane area efficiently. These vessels can 

be roughly divided in three main types: plate-and-frame, spiral-wound, and hollow fiber. Plate-
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and-frame and spiral wound modules are based on flat sheet membranes. Illustrations of these 

two membrane modules can be seen in Figure 5.  

 

Figure 5: Schematic diagram of membrane modules for a) spiral-wound open view and b) 

plate-and-frame. Adapted from [5]. 

Plate-and-frame modules are the simplest module configuration where membrane sheets are 

mounted in frames closely together. The feed solution to be treated passes alongside all the 

sheets surface and it gets collected at the end as a retentate while the permeate is collected in 

its own channel (Figure 5b).  It is commonly used to treat high-particulate streams because the 

membranes can be easily cleaned, and module stability allows high cross flow velocities 

minimizing fouling due to increased shear stress. The main disadvantages of this module are 

the low packing density and expensive module production.  

As seen in Figure 5a, spiral-wound modules are made of flat sheet membranes. These 

membrane sheets are rolled in alternating order together with turbulence enhancing plastic 

grids, called spacers. The feed solution is introduced at one end of the module and flows axially 

on the active layer and feed spacer side of the membrane as illustrated above. The permeate is 

collected in the envelope and led to the permeate channel which is centrally located. The 

packing density of this module is higher than the plate-and-frame configuration and it is an 

ideal module for industrial RO applications such as seawater desalination, brackish water and 

tap water treatment. The main disadvantage of this module would be the pressure drop 

encountered by the permeate flow toward the central channel, but this can be optimized by 

designing short multi-envelope modules. Additionally, these modules can be more prone to 

fouling than plate-and-frame modules [5].  

a) b)
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Nowadays, hollow fiber membranes are getting more attention compared to the classic flat 

sheet membrane configurations [16]. Examples of two hollow fiber modules’ designs are 

shown in Figure 6. 

 

Figure 6: Diagram of common hollow fiber modules. a) module vessel and b) submerged 

vessel. Adapted from [5]. 

Hollow fiber modules are attractive for their low footprint and the highest packing density from 

all the modules commercially available [6]. These tubes are usually packed closely together 

and placed inside a vessel (Figure 6a). Here, the feed solution passes through the lumen of the 

hollow fiber, permeates through the membrane towards the shell side and exits the module. 

The main disadvantages for these modules are the clogging propensity due to the narrow lumen 

side of the fiber and the pressure drop alongside the module. Yet, pressure drop, and clogging 

propensity can be mitigated by increasing the inner diameter of the hollow fiber. When inner 

diameter raises to 5 mm or above, and packing density significantly decreases, the module is 

known as a tubular module. The large size of the tubular modules is made specifically for 

extremely high-particulate and/or viscous solutions as to avoid severe fouling.  

Another common variation of the hollow fiber module is the submerged version (Figure 6b) 

[17]. Here, fibers are solely connected on the edges to the permeate collector while the rest of 

the fiber is left loose without a vessel. And thus, module is submerged in the feed solution and 

functions as dead-end filtration. This module type is used for membrane bioreactors, as the 

module can be submerged into wastewater and the outer side of the fibers can be directly in 

contact with the feed solution. The permeate is collected from the lumen side of the hollow 

fibers.  

  

a) b) Permeate

Hollow 

fibers
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1.2 Biomimetic membranes  

 

The increase in green technology development has open the idea of using nature’s design and 

biological resources as a foundation to develop new technologies. In membrane technology, 

this has been seen by the appearance of biomimetic membranes [18–20]. These membranes 

include a biological element, a protein, which adds another mass transport mechanism to the 

membrane system. All living organisms, from plants to humans, regulate and transport water 

by means of a protein called aquaporin (AQP). These proteins were first discovered by Peter 

Agre [21] and they are known as water channels as they do not function as ion/molecule 

carriers. The AQP is a transmembrane protein form of six helical segments with a narrow 

channel where water molecules can pass one by one. They usually assemble in groups of four 

(Figure 7) [22].  

 

Figure 7: a) Aquaporin protein structure and b) schematic of the aquaporin water transport 

in a tetrameric assembly in a cell membrane. Adapted from [23,24]. 

The selectivity of AQPs is not the only trait wanted for membrane technology. The water 

transport through the AQP occurs extremely fast. It is estimated that 1 gram of AQPs can 

permeate 700 liters of water per second [25]. These characteristics were the reason for a Danish 

company, Aquaporin A/S, choosing this protein and using it as an additive to the membrane 

manufacturing process. However, proper addition to the membrane is a difficult task and AQPs 

need to be prepared beforehand. The protein can be expressed and purified from Escherichia 

Coli bacteria, but it must be stabilized in a membrane-like structure [22]. Ideally, liposomes 

could be chosen as a vessel for AQPs but they are easily degradable [26]. And so, studies have 

developed “artificial liposomes” made of block polymers known as polymersomes [27,28]. 

a) b)
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Currently, polymersomes embedded with AQPs are being developed and used as an additive 

to the membrane manufacturing of TFC membranes [29,30]. Specifically, the AQP additive is 

added to the active layer during the production of the selective layer of the membrane 

enhancing the selectivity and permeability of the final membrane [29]. Alternatively to 

biological water channels, it has recently been reported the development of artificial polymeric 

water channels [31,32]. The complex studies are developing nanostructures able to imitate the 

water transport behavior seen with the AQPs.  
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Chapter 2: Theorical background - Forward osmosis  

  

 FO has been attracting attention for the past decade even though its first appearance 

was in the 1970s [33]. The appeal mainly came from the “pressure-less” process which 

simplifies the system installation and was thought to reduce membrane fouling and operational 

costs. Since then, the technology’s advantages and disadvantages have been more deeply 

studied and understood. The wish of using FO in all possible applications, from desalination to 

wastewater concentration, has faced its successes and failures. Nowadays, there is a clearer 

view of the niche market where FO can make a difference in water treatment technology. Even 

in areas where FO would be an ideal solution, the technology is not fully mature yet. 

Nevertheless, it has advanced significantly since the initial’s developments at a laboratory scale 

to pilot plant installations [34–36].  

 

2.1 Forward osmosis process 

 

FO is an osmotically driven process (Figure 3) and as such, the driving force for water transport 

is the osmotic pressure gradient across the selective polyamide (PA) layer. In FO, the solution 

that needs to be treated is called the feed solution (FS) and the solution that creates the driving 

force for the permeation is called the draw solution (DS), which has a higher chemical potential 

than the FS. The transport of water thus occurs from the FS towards the DS, but there will be 

an undesirable back diffusion of the draw solute to the FS and of feed solutes to the DS. 

Henceforth, there are three fluxes to consider: the water flux (Jw) (Equation 2), the reverse 

solute flux (Js) (Equation 3) and the feed solute flux which is used to calculate the membrane 

rejection (RFO) (Equation 4) [33,37].  

𝐽𝑤(𝐿𝑚−2ℎ−1) =
�̇�𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒

𝐴
  (Equation 2) 

𝐽𝑠 (𝑔𝑚−2ℎ−1) =  
𝐶𝐹𝑜𝑢𝑡 ∙�̇�𝐹𝑜𝑢𝑡−𝐶𝐹𝑖𝑛 ∙�̇�𝐹𝑖𝑛

𝐴
   (Equation 3) 

𝑅𝐹𝑂 (%) = (1 −  
𝐶𝐷𝑜𝑢𝑡 ∙�̇�𝐷𝑜𝑢𝑡−𝐶𝐷𝑖𝑛 ∙�̇�𝐷𝑖𝑛

𝑎𝑣𝑒𝑟𝑎𝑔𝑒(𝐶𝐹𝑖𝑛,𝐶𝐹𝑜𝑢𝑡 ) ∙𝑎𝑣𝑒𝑟𝑎𝑔𝑒(�̇�𝐹𝑖𝑛,�̇�𝐹𝑜𝑢𝑡)
  ) ∙ 100  (Equation 4) 
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Where V̇permeate, V̇Fin, V̇Fout, V̇Din and V̇Dout are the flow rates of the permeate, FS inlet, FS outlet, 

DS inlet and DS outlet, respectively. A is the membrane area. CFin, CFout, CDin and CDout are the 

feed solute concentrations and draw solute concentrations in the inlets and outlets, respectively. 

Jw is a common term used for membrane characterization and it describes the amount of clean 

water that can be produce per hour and square meter of membrane area. The new term Js, 

specific for FO, shows the amount of draw solute lost to the feed solution per hour and square 

meter of membrane area. For batch processes, the higher the Js is, the smaller the osmotic 

pressure gradient across the PA layer becomes along the concentration process, as the FS 

accumulates draw solutes. The ratio of both fluxes, referred as specific reverse solute flux 

(Js/Jw), is a measure of the selectivity of the FO membrane. This term defines the mass of draw 

solutes that are being lost per volume of water permeated. The lower it is, the more selective is 

the membrane.  

Lastly, the rejection is describing the degree of retention of the membrane towards the FS 

solutes. However, FO rejection has been calculated in different manner in literature [38–41]. 

Here, the permeate is mixed with the DS and thus the feed solutes concentration that diffused 

with the permeate is diluted by the DS. If rejection is calculated based on the draw outlet 

concentration, the rejection would be overestimated due to this dilution. The second option is 

commonly used by RO applications, where concentration of feed solute in the permeate is 

divided by the concentration in the FS. Even though it can show an accurate view of the 

membrane selectivity, the rejection would be dependent on the Jw of the membrane, as higher 

permeation rates would obtain higher rejections. Last option is the one showed in Equation 4, 

where a mass balance is used to calculate rejection. This way, rejection is independent of the 

Jw and the draw flow rate. Thus, it can be used accurately for rejection comparison between 

processes and membranes.   

 

Draw Solution 

Another essential factor for evaluating FO performance, not seen in other processes, is the 

nature of the DS itself. There are some properties of paramount importance that need to be 

considered before choosing a suitable DS [33,42]. The most relevant property is the osmotic 

pressure of the DS; the ideal draw solute would have a high osmotic pressure at low 

concentrations. Next factor to consider during DS selection would be the molecular weight of 

the draw solutes; the bigger the DS molecule, the harder it is to diffuse towards the FS and the 
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lower the Js will be. However, high molecular weight solutes have low diffusion coefficients 

and give low Jw and so, a compromise is needed for this property. Other relevant factors like 

the toxicity level of the solution and price are often considered. If it is a dangerous draw solute, 

it may be economical, but it would be expensive to safely treat it as a waste and to safely work 

with it. The DS is also required to be compatible with the membrane composition to avoid 

problems such as support degradation or solute adsorption and it needs to be stable throughout 

the process. As the last consideration, the DS will need to be compatible with the feed solution 

as well, specially in those applications where the feed solution is a food product or a bioreactor. 

There have been many publications about FO processes, but not many focuses on studying the 

DS [33,42–45]. Among the few examples, the study performed by Achilli et al. [46] focused 

on the screening of inorganic draw solutes, where 500 draw solutes were investigated and 14, 

with the most promising being MgCl2, were selected to be further investigated in FO 

experiments. Ge et al. [47] also looked into inorganic draw solutes such as ferric and cobaltous 

hydroacid complexes due to their ability to significantly reduce Js. Organic salts have been 

studied as well, even though they are not often used. Compounds such as 

ethylenediaminetetraacetic (EDTA), Triton X-100, Tergitol and lignin salts among others have 

been studied due to their large molecular size, which lowers Js [44,48]. However, there is often 

issues about their toxicity and proper management which reduce the applicability of these draw 

solutes. Another type of DS that have gained interest recently are the thermo responsive DS 

[49–53]. Their attractiveness comes from reducing the cost of the FO process by regenerating 

the DS with waste heat. These solutions change their properties depending on the temperature 

they are exposed to. For example, an increase in temperature can cause a phase separation 

between the DS and the permeate, facilitating the reuse of the DS and extraction of the 

permeate.  

 

Concentration polarization 

Ideally, Jw in FO processes should increase linearly following an increase in DS concentration, 

but this is not achievable due to mass transport resistances occurring through the PA and 

support layers, such as concentration polarization [5,54,55]. A detailed concentration profile 

of draw and feed solutes across the active and support layer can be seen in Figure 8.  
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Figure 8: FO diagram with concentration gradient across the membrane. CFb and CFm are the 

feed concentrations at the bulk solution and at the active layer surface respectively. CDm and 

CDb are the draw concentrations across the support layer and at the bulk solution, respectively. 

Water transport occurs from the FS to the DS, hence diluting the draw solution at the active 

layer interphase. In steady-state operation, the convective transport of draw solute by water 

through the support layer equals the counter current directed diffusion rate of draw solute 

towards the active layer. As a result, a concentration profile of draw solute across the support 

layer is formed. This polarization effect, referred to as internal concentration polarization 

(ICP), lowers the draw solute concentration at the active layer interface and therefore the 

driving force of the FO process. On the feed side of the membrane, an opposite concentration 

profile occurs due to Jw locally dragging and concentrating feed solutes towards the membrane 

active layer as well as due to the accumulation of diffused draw solutes. The feed side 

polarization effects, well known from RO applications, are referred to as external concentration 

polarization (ECP). 

Both ECP and ICP can be either dilutive or concentrative, depending on the direction of the Jw 

or if the DS is facing the support layer or the PA layer. Figure 8 shows the DS facing the 

support layer (FO mode), which means a dilutive ICP and concentrative ECP. The FO process 

can be operated with the DS facing the active layer (PRO mode), which would have a dilutive 

ECP and concentrative ICP. The evident advantage of PRO mode is an increase in Jw as the 

concentration drop due to polarization is less severe on the active layer side compared to ICP 

occurring in the support layer. Yet, as the DS at the active layer interface is more concentrated 
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in PRO mode, Js increases as well. The major disadvantage of this mode is that the feed solutes 

are in contact with the porous support. Particles from the FS can easily block the support pores 

or dramatically increase the fouling propensity of the membrane. In the worst-case scenario, 

there will be irreversible fouling of the membrane or support breakage.  

There are two solutions to reduce the detrimental effects caused by ICP and ECP; either by 

improving the support layer characteristics or by optimizing the operating conditions of the FO 

process [54,56–64].  

 

FO process optimization 

Optimizing the process conditions is an essential part of membrane technology as each 

application would have its own specific requirements. Thus, it is essential to know how the 

basic FO process would behave under different conditions. The effect of parameters such as 

transmembrane pressure (TMP), FO orientation and mode, temperature and flow rates of DS 

and FS are some of the most relevant for FO performance.  

For example, Coday et al. [56] investigated the TMP impact on the FO process. In the study, 

the Jw was slightly improved and Js was reduced. Water transport can be enhanced by pressure 

but solute diffusion should be independent of the pressure [5,14]. The decreases in Js were 

related to the increase in ICP due to higher Jw. Instead, Majeed et al. [58] focused their study 

on the membrane orientation and crossflow configuration effects on FO. Here, placing the DS 

facing the active layer significantly improved the Jw by avoiding dilutive ICP and as a 

consequence Js raised as well. Majeed et al. also investigated the effect of using the FS and DS 

in a co-current flow configuration or counter-current mode. In Figure 8, the counter-current 

mode is displayed and Majeed et al., which worked with high concentrated DS and hollow 

fibers, confirmed the clear benefits of using this mode. The FS concentrates alongside the 

hollow fiber module length as the DS dilutes by means of permeation. Average driving force 

along the module is maximized in counter-current mode: the highest concentrated FS faces the 

highest concentration of the DS. Majeed et al. also investigated, with Xu et al. [54] and Cath 

et al. [60], the reduction of ICP by changing the DS concentration and flow rate. Both methods 

increase the average concentration of draw solutes in the support layer, which reduces ICP to 

a certain extent. This is due to the dependance of ICP and Jw; low ICP would raise Jw and high 

Jw would increase ICP.  Cath et al. also showed the benefits of increasing the feed flow rate, 

which reduced ECP, although it was found to not have as great impact as the draw flow rate. 
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This is because, generally, FO performance is dominated by the DS and ICP effects. Finally, 

Xie et al. [62] and others [63–65], studied the temperature effect on the process. Temperature 

increases the Brownian motion of the particles and thus diffusion rates are raised [5,14]. In 

consequence, Jw and Js increased. 

 

2.2 Interfacial polymerization  

 

FO often uses a TFC with a polymer-based selective layer called active layer. These consist of 

a porous support, usually asymmetric, and a selective layer. The most common layer is based 

on PA, which is formed by the interfacial polymerization (IP) process. This process was 

introduced in 1959 by Emerson L. Wittbecker and Paul W. Morgan as a way to easily produce 

polymers such as polyurethanes, polyamides, or polyphenyl esters [66]. It was not until 1970s 

where this technique was used to develop the current TFC membranes [4,5].  

 

IP reaction mechanisms 

The process is rapid and involves the reaction of many monomers to form a polymer in the 

interface between an aqueous solution and an immiscible organic solvent. Particularly, it is 

based on the reaction of chlorides with compounds having active hydrogen atoms, such as -

OH, -NH and -SH. The aqueous solution and the organic solvent will create an interface where 

the monomers from both solutions will react and form the polymer. For TFC membranes, IP is 

usually used to form the selective and crosslinked PA by using monomers m-phenylene-

diamine (MPD), in the aqueous solution, and trimesoyl chloride (TMC), in the organic solvent 

[67,68]. Standard PA polymerization is illustrated in Figure 9. 
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Figure 9: The interfacial polymerization mechanism in the porous support by monomers m-

phenylene-diamine (MPD) and trimesoyl chloride (TMC) reaction. Red circle indicating union 

point between the monomers.  

The solubility of MPD in the organic solvent is higher than the solubility of TMC in the 

aqueous solution. This results in the diffusion of the MPD towards the TMC solution. Then, 

the amides groups from the MPD will react with the active acid chloride groups to form a cross-

linked PA and HCl as byproduct. As the reaction starts, its speed will decrease until the PA 

formation is thick enough that MPD diffusion is reduced, and it becomes negligible. However, 

this reaction can be adversely affected by the monomers’ vulnerabilities. If water diffuses 

toward the organic phase, TMC acid chloride groups can be hydrolyzed by the water molecules, 

forming a carboxylic acid. This can reduce or remove the active sites of TMC for the reaction 

with MPD, which will either result in a reduced cross-linking density of the PA or inhibit the 

IP [69,70]. Likewise, the two active groups from MPD, amides, can get oxidized which will 

also inhibit the PA formation [67,69]. Additionally, concentration ratios of MPD/TMC can 

alter the IP reaction giving different degrees of thickness and density to the PA [71–73]. A high 

concentration of monomers and ratios of amides to acid chloride groups close to unity would 

produce dense and thick PA layers.   

Lastly, the membrane support characteristics can also influence the IP reaction. The PA must 

be formed on the surface of the membrane support which consists of pores of a specific size 

distribution. The pore size of the membrane will have an impact on the integrity of the PA, as 

too large or too small pore sizes would inhibit the proper attachment of the PA to the support. 

Shi et al. [74] and Ren et al. [75] investigated the effect of the support pore size for a proper 

formation of PA and they found that a MWCO of less than 300 kDa is needed for obtaining a 

suitable FO membrane. Another way that IP can be altered is by the addition of additives to the 

monomer solutions. There are various examples in literature where the PA characteristics have 
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been beneficially modified via additives by means of raising the solubility of TMC and/or MPD 

or reducing the immiscibility between the two phases [76–79].  

The need for controlling the IP reaction is because the quality of PA, given by the thickness, 

cross-linking density, and roughness, can directly influence the FO performance of the 

membrane. Jw and Js of the membrane are heavily dependent on the quality of the PA [80–82]. 

As the thickness and cross-linking density of the PA increases, the water transport is hindered 

and Jw decreases. Instead, as the roughness of the PA layer increases, there is a higher surface 

area for water transport and Jw increases together with Js. Also, Js, is affected by the mass 

transfer resistance created by the PA. A thicker and highly cross-linked PA would raise this 

resistance and reduce the Js.  

 

IP coating methodology 

Figure 9 shows a diagram of PA formation on the membrane support however the coating 

process is more complicated due to the presence of the membrane. As PA needs to be attached 

to the support layer, the first step will be the MPD wetting of the support. The surface pores 

need to be completely wetted with MPD and evenly distributed to form a uniform PA [83]. If 

air bubbles are left in the pores with the MPD, it may form defects in the PA layer. The second 

and crucial step is the drying of the membrane surface before the introduction of the organic 

phase. Excess MPD needs to be removed from the surface as to avoid PA pinhole creation by 

MPD droplets. Still, if the support is overdried, there will not be MPD on the surface for the IP 

reaction or a defective PA layer will be formed inside the support layer. 

Once a uniform MPD film is left on the surface after proper drying, the TMC is introduced, 

and the PA layer is formed. Ideally, a minor part of the PA would be inside the support raising 

its stability and avoiding PA delamination issues. Finally, a post-treatment heat treatment can 

be used for PA curing and removal of the organic solvent. Heat exposure will increase cross-

linking density by dehydration of amine and carboxylic acid remaining from the IP [84]. 

Similarly to using additives to improve the IP reaction, steps can be added in the coating 

process to improve the final FO membrane performance. The most common one is the use of 

post-treatment steps with different chemicals which may help reduce fouling propensity, 

increase Jw, or increase solute rejection [68,85,86]. 
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The coating process can vary in difficulty depending on the module configuration used. For 

flat sheet forward osmosis (FSFO) membranes, uniform wetting and drying of MPD is easier 

and better to control. When working with hollow fiber forward osmosis (HFFO) membranes, 

the cylindrical shape of the fibers requires a high crossflow of monomers for coating and a 

uniform MPD wetting and drying becomes trickier.  

 

2.3 Membrane applications 

 

FO has been studied for different membrane applications, mostly within desalination processes, 

concentration of solute valuables, and reduction of wastewater streams. A considerable part of 

the studies was done by small lab-scale modules and using FSFO membranes, as they were the 

first developed FO membranes. Yet, in the last decade, FO membranes have been developed 

significantly, and commercially available modules (like spiral-wound and HFFO) have 

appeared for larger pilot plant studies in different applications [34,87,88]. Most of the 

commercially available FO modules are produced by Porifera, Aquaporin A/S, Hydration 

Technology Innovations, and Toray Industries. 

 

FO in desalination 

In the desalination category, FO processes are used to treat mostly brackish or seawater. 

Currently, more than 50% of the fresh water produced by desalination is obtained by RO. Other 

technologies include evaporation, membrane distillation or NF but the advantages of RO, such 

as high recovery and salt rejection, makes it the preferred membrane process for desalination 

[35,89,90]. The initial major disadvantages of RO are the high energy consumption due to the 

hydraulic pressures needed and scaling issues under high total dissolved solids (TDS). 

However, RO has been used for decades and optimization has reduced energy consumption to 

2.5-4 kWhm-3 [91]. 

FO process needs to be paired by an extra process to regenerate the diluted DS to obtain fresh 

water and it is usually RO. The hybrid FO-RO system for direct desalination has been examined 

as an expensive system compared to a sole RO system [35]. Instead, it has been found to be 

cost-competitive when the DS regeneration is not solely based on RO. Thus, different draw 

solutes have been investigated to significantly reduce the cost of DS regeneration in 
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desalination. Magnetic nanoparticles as draw solute are one of the most innovative solutions 

recently explored [92–94]. They can improve hydrophilicity of the membrane surface and be 

recovered by a magnetic field but in contrast, health hazards and ICP need to be further 

investigated. Some sulphate salts, MgSO4/Fe2(SO4)3/CuSO4, have also been investigated due 

to their low-cost regeneration by metathesis precipitation [95–97]. Lastly, the most promising 

DS, not only for desalination but for all FO processes, are thermo-responsive draw solutes 

[98,99]. These draw solutes can precipitate or separate into different phases by a change in 

temperature. The separation temperature ranges are often not high (below 70ºC) and heat waste 

can be used to induce this separation, making it an exceptionally low-cost technology for DS 

regeneration. As a promising technology, there are commercially available thermo-responsive 

DS by companies TreviGroup and Forward Water Technologies.  

However, there is controversy in the use of FO for direct desalination. On the other end of the 

spectrum, the conventional FO-RO system has been studied by Altaee et al. [89] and it was 

found out, for the specific case, that the process became commercially competitive when 

treating high TDS solutions as FO-RO could reach higher recoveries than RO in desalination. 

Binger et al. [100] also investigated the multi-stage PRO-RO desalination process where high 

recoveries made the process highly attractive. Even more for a PRO-RO hybrid unit where 

energy cost can be further reduced.   

Overall, even though at first FO is not the most cost-effective technology for desalination due 

to the optimized and well-stablished RO process, there are successful pilot plant installations 

such as the ones presented by Kim et al. [101] and Ahmed et al. [102]. Both studies reduced 

the cost of FO desalination by either using secondary treated wastewater or thermo responsive 

draw solutes as DS.  

 

FO for valuable recovery 

In the concentration of valuables category, FO process focuses on the concentration of valuable 

feed solutes [36]. This category is generally focusing either on food and beverage or 

pharmaceutical compounds concentration. Here, the FS is usually temperature sensitive as 

valuable feed compounds can degrade, which will raise the costs due to the loss of sensory and 

nutritional qualities of the product. FO can reach high recoveries (>95%) and the pressure-less 

operation allows the process to run under low temperatures, ideal for food and beverage 

concentration. Membrane technology in this market mainly focuses on the concentration of 
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juices, fruits and vegetables, and alcoholic beverages [103,104]. Studies have shown that 

concentration factors achieved using FO were significantly higher than when using RO 

[36,103,105–111]. An example is showed by Garcia-Castello et al. [109] where orange peel 

press liquor was successfully concentrated to a factor of 5.7 compared to the 2.5 obtained by 

RO. Nayak et al. [107] also reached a high concentration of sugar content, 54 ºBrix, with grape 

juice without detrimental loss of valuable anthocyanins. Schrier et al. [112] and others 

[113,114] have successfully concentrated ethanol and removed water from fermentation 

streams or from ethanol-based solutions. Other FS like milk, whey and coconut water had been 

successfully concentrated in pilot plant studies with FO [104,115,116]. For these applications, 

the DS is carefully chosen for its safety, even if price is high, and common ones are glucose or 

nitrogen-based DS as price can be more expensive in the food market due to the high-quality 

products produced. Overall, concentration of valuables is a niche market for FO as it can reach 

high concentration factors and conserve FS properties that otherwise may be lost when using 

evaporators or RO. 

 

FO for wastewater treatment 

Final category, and one of the biggest markets, is wastewater treatment by FO concentration 

which reduces the cost of discharging it to the environment or further treatment for safety 

concerns. This category is quite broad, as wastewater can come from many sources. There are 

two main sources: industrial wastewater and municipal wastewater.  

Industrial wastewater sector is very broad, and applications can be so vastly different that 

membrane processes are usually heavily tailored to it. Some recent examples, in the pilot-scale, 

are the desulfurization of wastewater and treatment of wastewater from a coal-fired power plant 

[87,117]. The former one is focused on removing sulphates from wastewater to avoid air 

pollution and the second one focuses on the general water recovery from the wastewater stream 

in combination with water desalination. This combination, often referred as indirect FO 

desalination, was especially successful due to the use of a desalination plant brine as a DS. 

Compared to the current technology used for that wastewater treatment, energy consumption 

was reduced 15% while the water quality was not affected. There are other cases, such as the 

study by Gwak et al. [118], where industrial streams can be used as DS and thus wastewater 

can be treated without extra costs. Gwak et al. studies FO in a printed circuit board plant where 

their wastewater streams, used as DS due to their high content of nickel needed to be diluted 
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for further treatment. In contrast, a stream containing valuable palladium, used as FS, needed 

to be concentrated for further use in the production process. This process can reduce costs as 

there is no need for a draw regeneration step, yet the feed solutes, nickel in this case, may cause 

severe fouling in the support layer.  

On the municipal wastewater section, FS are more homogeneous than the industrial ones as the 

wastewater streams consist mostly of sewage. Most common membrane processes used in 

municipal wastewater are membrane bioreactors (MBR), even though is also often used for 

industrial wastewater streams [2,35]. They are a combination of biological process, where 

organic matter and other unwanted compounds are degraded by microorganisms, and a 

membrane process, where degraded wastewater is continuously treated. In this process, UF/MF 

hollow fiber membranes are the main membrane used and RO is sometimes used as a polishing 

step when producing drinking water. The wastewater contains suspended solids (TSS) and 

other contaminants difficult to reject by RO membranes [119]. However, FO has been 

introduced in the MBR market as a substitution of the UF/MF membranes in the system. This 

combination of FO and MBR has been referred to as osmotic membrane bioreactor (OMBR). 

A schematic OMBR can be seen in Figure 10 with an RO step as draw regeneration.  

 

Figure 10: A schematic of an OMBR system with a submerged FO module. Adapted from 

[120,121]. 

The main advantage of this process is the high rejection of small molecules and ions of the FO 

membrane as compared to the conventional MF/UF. This allows for the implementation of an 

RO step as polishing step which will produce high-quality water. A conventional MBR with 

an UF or MF system would produce a permeate stream with higher fouling propensity for an 

RO step [122,123]. However, the current OMBR technology has two challenges: the salinity 

build-up in the bioreactor and the draw regeneration [121,124,125]. The FS from the bioreactor 

is complex, and its characteristics needs to be minutely controlled to support microbial 
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degradation of organic matter in the wastewater. The increase in salt in the bioreactor, due to 

Js of the FO membrane, can inhibit microbial growth which may shut down the bioreactor. Yet, 

if the salt increase is gradual, microorganisms can adapt to the new environment and the 

bioreactor can function properly until a certain limit of salt concentration. A solution to this 

challenge has been introduced in the literature [121,126,127] by adding an MF/UF membrane 

under low pressures to slowly remove salt accumulation in the bioreactor. Even though the 

solution is promising, and it has been proved to be successful, it has raised the costs of the 

OMBR system. As mentioned earlier, an indirect FO desalination process has become the 

“easy” solution for a cost-effective draw regeneration. Therefore, literature studies 

[121,124,128,129] have been using seawater and desalination streams as DS to reduce costs of 

the OMBR plant with promising results.   

Another element to consider for the OMBR, which involves membrane fouling propensity and 

costs, is the module configuration. Ideally, the FO module would be submerged into the 

bioreactor and the wastewater recirculation costs can be avoided [120]. Being a submerged HF 

the preferred module for MBR applications, the development of the active layer in HFFO 

membranes would be on the outer side of the fibers, and thus the DS would flow through the 

lumen side. Also, the fibers will be subjected to stress due to aeration and would require high 

mechanical strength. This has been recently investigated by Lim et al. [130] in lab-scale with 

moderate success, as membrane performance was not ideal for an OMBR system. Additionally, 

another option for configuration of the FO module would be the conventional side stream 

vessel, used in most of the studies conducted for OMBR systems [120,122]. Yet, the inlet of 

the HFFO modules is narrow and prone to blockage which could pose a severe challenge for 

this configuration, as such, it requires further investigations.  

Overall, FO is a promising technology, especially as a concentration process and in applications 

where feed solute preservation, retention of valuables and rejection of pollutants are vital. Yet, 

with a boost in progress in membrane development and hybrid FO systems, FO can become an 

efficient green technology for high-particulate FS applications, such as industrial wastewater.  
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2.4 Aim and outline of the thesis  

 

The scarcity of drinking water and the increase in water contamination has promoted 

the need for developing any low-cost water treatment technology able to aid these issues. For 

this, FO is trying to enter the commercial marketplace as a green low-cost technology but still 

needs plenty of development. The research on its advantages and disadvantages against other 

processes, such as RO, and the understanding of its uses in pilot scale systems is essential for 

proper usage and implementation of this technology. Additionally, the development of new 

membranes where the current commercially available membrane products are unable to 

succeed, can accelerate the integration of FO into the current technologies. Specially, 

wastewater treatment, as a severe issue worldwide, can benefit the most from the adaptability 

of the FO technology. 

The aim of this thesis is to address these challenges that FO is facing and contribute to its 

implementation where it would bring the most benefits for membrane technology. The core of 

the thesis is based on five studies, presented by publications I-IV and a confidential study, 

divided in three chapters (3-5).  

Chapter 3 investigates the FO technology in detail with publications I-II. The work addresses 

the limitations of the current commercially available HFFO module and creates and 

standardizes a guide for the proper usage of FO to aid process optimization in pilot-scale 

systems. As the advantage of FO in solute rejection against RO has been questioned in 

literature, publication II addresses this issue. And so, for the first time in literature, this work 

homogenizes a process to fairly investigate the differences between FO and RO in regards of 

solute rejection using a pilot-scale module. The study sheds light on the fundamental advantage 

of FO against RO in solute rejection and promotes its further investigation.  

Chapter 4 describes the development of novel HFFO membranes for high-particulate FS, 

where FO technology is promising. There are two options available to handle this difficult FS, 

and avoid severe fouling, and this work addresses both: an efficient outer-selective HFFO 

membrane and a large inner diameter inner-selective HFFO membrane. The study investigates, 

develops and optimizes a HFFO membrane with the selective layer on the outer side of the 

fibers. For membrane development, commercially available and customize membrane support 

is used. Publication III addresses the selectivity optimization, by addition of aquaporins, of 

customized outer-selective HFFO membranes. Second part of the chapter focuses on the 
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development of a large inner diameter HFFO membranes with commercially available 

membrane support. This work further enlightens the relation between membrane support 

characteristics and PA layer formation. Additionally, upscaling feasibility for both types of 

membrane are mentioned. 

Chapter 5 describes the results of the newly developed HFFO membrane in a FO application. 

The large inner diameter HFFO membrane is used on a lab-scale OMBR system for treating a 

difficult wastewater, olive mill wastewater. Publication IV represents this work, where a proof-

of-concept of a HFFO side stream OMBR system was successfully carried out with olive mill 

wastewater. The study further supports the possibility of using OMBR system in the 

wastewater treatment market.  

Lastly, Chapter 6 summarizes the results and conclusions of the studies and introduces an 

outlook for further developments that the studies have opened in the FO technology and 

membrane development.  
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Chapter 3: Forward osmosis performance and 

transport mechanisms  

 

Although FO has shown great promise as a concentration process [1], there is still a 

need for educating the market on the process in a pilot-scale. FO module configurations and 

operating conditions are barely investigated in pilot scale compared to other membrane 

processes. Advantages obtained from optimizing the operating conditions of the process are 

needed to fully benefit from the FO membrane capabilities. Additionally, as a technology new 

to the market, process guidelines for FO installation process and system design can only aid 

the implementation of this technology. However, there are limited studies attempting to create 

a standardization of the testing conditions at a pilot scale for FO membrane modules [2–5], as 

most of them are done at lab-scale (membrane area < 30 cm2) [6–12]. Assessment of the FO 

membranes in these studies show multiple testing conditions and system configurations. Even 

so, the shift from lab-scale to pilot or full-scale is not a straightforward transition and it is 

difficult to extrapolate the laboratory data to pilot-scale. To address this issue, in Chapter 3.1, 

the pilot-scale Aquaporin Inside™ HFFO2 module and its Jw-enhanced version have been 

investigated at different operating conditions for a systematization of the FO process testing 

conditions. In the study, various draw and feed flow rates, draw solute types and 

concentrations, transmembrane pressures, temperatures, and operation modes have been 

examined using two model feed solutions - deionized water and artificial seawater. All in all, 

this is the first extensive study of commercially available inside-out HFFO membrane modules. 

Additionally, regarding the application, a large number of studies have compared FO against 

RO process for solute rejection and many cases have reported that FO has higher rejection than 

RO [2,13–19]. Reasons behind the superior FO rejection have evolved from the simple 

statement of a pressure-less operation and low Jw to the detailed theory of retarded forward 

diffusion. However, pressure does not influence solute diffusion and rejection in FO and RO, 

as described by Fick’s law [20], and thus it cannot aid FO rejection of compounds. Still, the Jw 

of FO membranes are usually lower than that of RO membranes which lowers the concentration 

of feed solutes in the interface between the FS and the active layer as ECP is reduced. A lower 

concentration of feed solutes would then result in a higher solute rejection. A similar effect is 

observed with higher recoveries, as it is directly linked to Jw. Furthermore, RO rejection 

calculations are dependent on their Jw and so, the higher the Jw, the higher the feed solute 
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dilution in the permeate and the higher its rejection value, which complicates comparison 

between FO and RO [10,21]. Recent studies have tried to maintain similar Jw for comparison 

and developed the retarded forward diffusion hypothesis [22,23]. This is based on the Js found 

in the FO process. It is believed that the counter-current diffusion of the draw solute towards 

the FS hampers the feed solute diffusion toward the DS. Particularly, Xie et al. [23], used 

glucose as a DS with a negligible Js and obtained similar solute rejections for FO and RO. 

However, the feed solutes were hydrophobic, and some were adsorbed by the cellulose-based 

membrane, and membrane rejection can be influenced by these factors.  

Consequently, there is no study so far that focuses on the fair comparison of solute rejection 

differences between RO and FO without external interferences. Differences in membrane 

fouling mechanisms, pH, solute charge, solute adsorption, and solute polarity are external 

interferences that hinder the accurate comparability of rejection for FO and RO. Therefore, 

Chapter 3.2 focuses on investigating the mechanisms behind the alleged superior rejection of 

FO compared to RO by controlling these external influences in the process. Membrane 

recovery, Jw, membrane type and configuration are maintained the same for both RO and FO 

and feed solutes that are inert towards the membrane were chosen.   

Generally, Chapter 3 describes the importance of controlling the operating conditions in FO 

and the rejection advantages of the process against RO. The importance of the operational 

conditions in the FO process was credited to a dominant role of concentration polarization 

effects, mainly, the ICP. Thus, the selection of draw solute and draw concentration had the 

biggest impact on membrane performance. Due to the ICP, when the osmotic gradient between 

FS and DS is low, differences in Jw between membranes becomes negligible, regardless of the 

initial differences in their performances. Thus, there may not be any advantage in using a high 

Jw membrane under a low osmotic gradient FO application.  

Regarding solute rejection differences between FO and RO, results in Chapter 3.1 showed that 

retarded forward diffusion is unable, solely, to explain the superior FO rejection compared to 

RO. And so, a new theory is introduced, the chemical potential gradient. As opposed to RO, in 

FO, the chemical potential gradient may be reduced due to the presence of the draw solute in 

the DS, which will decrease the diffusion rate of feed solutes. Therefore, to explain the 

advantage in rejection of FO against RO, two theories are proposed: While the resistance for 

feed solute transport could be increased due to the counter-directed Js and the presence of salt 
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in the support layer, the driving force for feed solute diffusion might be lowered due the 

presence of an ionic compound, the draw agent, on the permeate side of the membrane. 

This investigation on the FO process mechanisms is presented in two published manuscripts in 

this Chapter 3. First manuscript, Chapter 3.1, is published in Membranes and entitled Role of 

operating conditions in a pilot scale investigation of hollow fiber forward osmosis membrane 

modules. Chapter 3.2 consists of the manuscript entitled Transport mechanisms behind 

enhanced solute rejection in forward osmosis compared to reverse osmosis mode and it is 

published in Journal of Membrane Science. 
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1. Introduction 

 

Forward osmosis (FO) is an emerging technology utilizing gradient of the osmotic pressure 

across the membrane as a driving force for water transport. Pressure-less operation results in 

unique features of the process such as low fouling propensity [1], high rejection of the solutes 

[2] and low energy consumption [3]. Osmotically driven membrane processes have been 

intensively studied in academia over recent decades. However, the last years have witnessed 

constant progress in commercialization of this technology manifested by multiple industrial 

applications of commercial FO membranes in pilot and full-scale installations (e.g. [4–9]). Due 

to the relatively early stage of the technology development, FO membranes with diverse form 

factors can be found on the market. Thus, Fluid Technology Solutions (FTSH2O) and Toray 

offer spiral wound membranes elements, Porifera provides plate-and-frame modules, and 

Toyobo and Aquaporin A/S both provide hollow fiber modules. Modules offered by Toyobo 
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are based on outer-selective cellulose acetate fibers whereas Aquaporin A/S manufactures 

inner-selective biomimetic thin film composite (TFC) hollow fibers forward osmosis (HFFO) 

membranes. In applications where two liquids are contacted on a membrane surface, such as 

dialysis, membrane contactors or gas separation, hollow fiber configuration has been proven 

to have multiple advantages compared to other form factors [10]. Also, in traditional filtration 

processes such as ultra- or microfiltration, hollow fiber modules present a competitive solution 

[1,10]. The most prominent advantages of the hollow fiber module are high packing density, a 

self-supporting structure and a uniform flow distribution facilitating mass transfer and 

cleanability of the membrane [1]. This indicates that the hollow fiber configuration for the FO 

process is very promising from a practical and commercial point of view.  

According to the available literature (e.g. [11,12]), an ideal FO membrane should consist 

of an ultra-thin and dense selective layer ensuring high water permeability and solute rejection. 

The layer should be deposited on a highly porous and thin support giving sufficient mechanical 

stability and minimal resistance towards diffusion of the draw solute allowing maximal 

utilization of the available osmotic pressure as internal (ICP) and external concentration 

polarization (ECP) inhibit mass transfer reducing available driving force. In addition, high 

membrane hydrophilicity tend to diminish fouling propensity [13]. Both ICP and ECP are 

influenced by the properties of the solutes, hydrodynamics of the fluid and membrane structure 

and composition [14]. As a result, selection of optimal process parameters [15–17], suitable 

draw solution (DS) [18] and draw recovery strategy [19] are all important to maximize overall 

performance of the FO process. To date, assessments of FO membranes have not been 

standardized and multiple examples of the testing conditions and testing setups configurations 

have been reported [4,7,15,20–25]. Even more challenging is the testing and comparison of FO 

membranes in commercial modules. The hydrodynamic limitations of individual module 

geometries might contribute significantly to the reduction of the performance rendering 

comparison with lab scale membrane coupon testing difficult [26,27]. 

 

Regardless of the application, efficiency and attractiveness of the FO process is heavily 

dependent on the solute rejection and multiple studies have described mechanisms and 

parameters responsible for solute rejection in the FO operation. For example, Jin et al. [28] 

examined the rejection of pharmaceutical compounds with a 60 cm2 TFC-FO membrane and 

reported that an increase in water flux by double NaCl DS concentration did not influence 

forward solute rejection. In contrast, Yamamoto et al. [29] reported an increase in solute 

rejection with an increased concentration of MgCl2 used as a DS. Also, for challenging 



47 

 

compounds such as urea and boron, FO rejection has been tested. For instance, lab-scale 

investigations of Shon et al. [30] revealed that using a configuration where the DS was facing 

the active layer (PRO mode), reduced membrane rejection for boron was observed in 

comparison to the system with DS facing the support layer (FO mode). The effect of these 

configurations (PRO and FO mode) were found also critical by Park et al. [7] as ECP becomes 

a key factor on membrane performance. They minimize negative effects of ECP by developing 

a HFFO membrane with a novel IP process and changing module configuration. Another 

parameter plentifully studied [22,23,31–34], which affects membrane rejection and water flux, 

is the temperature. For example, Xie et al. [22] described that temperature increased the 

diffusion coefficient of the contaminants and thus solute rejection decrease with increasing 

temperature. The variance in FO testing conditions and membrane behavior in all these studies 

only increases the necessity to systematize the influence of the operational conditions on HFFO 

membrane performance.  

 

Cath et al. [35] proposed a standard testing method for osmotically driven membrane 

processes. However, the proposed testing method and setup are applicable only for flat sheet 

membrane coupons. Majeed et al. [36] investigated testing conditions of HFFO membranes 

with various DS and different configurations (PRO mode vs FO mode) of the module. They 

observed that the performance of the investigated HFFO membranes – quantified as water flux, 

reverse solute flux and specific reverse solute flux – are strongly dependent on the flow rates 

of feed solution (FS) and DS. These tests were carried out with lab scale modules with 

membrane areas < 30 cm2. The findings from lab-scale systems are difficult to extrapolate to a 

pilot plant or full-scale systems. Choi et al. [37] recognized this problem and developed a model 

to predict membrane performance under different operational conditions for large FO plants. 

But the model results were compared to experimental data from spiral wound membranes only. 

Another study in a full scale desalination system by Kim et al. [4] described the relevance of 

the operational conditions on FO processes and pilot plant design using spiral wound 

membranes. They found that due to the high flow rates of the pilot plant, co-current operation 

of FS and DS facilitated fouling of the membrane. It was also concluded that the initial draw 

flow rate restricted the maximum number of possible modules in series as the pressure build-

up on the shell side can break the modules. The transition between lab-scale and full-scale is 

also challenging for hollow fiber modules. For inner selective hollow fiber membranes, for 

which the selective layer is deposited after potting of the fiber into the module [38], non-

invasive testing of the membrane performance is only feasible with complete and intact 
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modules. Such modules can have from few to several dozen square meters and a high packing 

density of the fibers affecting flow conditions. Therefore, a design of a suitable testing protocol 

for commercial scale HFFO modules is necessary to evaluate their performance under realistic 

conditions.  

 

In this study, we collected the different operating conditions used in many diverse studies 

and chose a selection of them to create a guideline for testing HFFO modules. Specifically, we 

study the effect of draw and feed flow rates, draw solute and concentration, transmembrane 

pressure (TMP), temperature, membrane orientation (PRO, FO, counter-current and co-current 

modes) and solute rejection of target compounds (caffeine, niacin and urea) under FO and 

reverse osmosis (RO) conditions. These compounds were chosen for their different molecular 

weight which facilitates solute rejection analysis. Using those operating conditions, we 

investigate performance of the commercial inner-selective biomimetic HFFO membrane 

Aquaporin Inside™ HFFO220 with a surface area of 2.3 m2. To show validity and uniformity 

of the operating conditions impact on HFFO membrane modules, Aquaporin Inside™ 

HFFO220 modules were post-treated to increase their water flux. Following literature studies 

[39,40], we used sodium hypochlorite (NaClO) to enchanted the water flux of the membrane 

and we compared its performance to the standard HFFO220 module. Explicitly, we correlate 

the difference in the membrane performance to the properties of the selective layer and we 

describe parameters allowing control of the FO operation when HFFO configuration is applied 

to a pilot or full-scale application. 

 

2. Materials and Methods 

2.1 Materials  

 

The membrane modules used are commercially available HFFO220 membrane modules 

provided by Aquaporin A/S (Denmark). The hollow fiber membrane modules have an active 

membrane area of 2.3 m2. The HFFO membranes consist of a biomimetic TFC selective layer 

[41] supported by polysulfone fibers with an inner diameter of 195 µm. NaClO from Sigma 

Aldrich (Denmark) was used to modify commercially available HFFO membranes in order to 

increase water flux. The salts used for DS were NaCl and MgCl2·6H2O from AzkoNobel A/S 

(Denmark) and MgSO4·7H2O purchased from Tab-Sol (Poland), all in a food grade. For 
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rejection tests, urea (≥99%), niacin (≥98%) and caffeine (≥99%) from Sigma Aldrich were 

used. All the solutions used in tests were prepared with deionized water (DI) (σ < 10µS/cm).  

 

2.2. Methods 

2.2.1 HFFO membrane modification  

 

HFFO membrane modules were exposed to 20 mgL-1 NaClO solution at pH 10.5. During the 

exposure, the solution was recirculated for 2 minutes at the lumen side of the fibers. After the 

exposure, post-treated modules were intensively flushed with DI water for about 1 hour. In this 

study the modified HFFO modules will be referred to as chlorinated membranes and denoted 

HF-C. They will be compared with unmodified HFFO modules, referred to as original 

membranes and denoted HF-O.   

 

2.2.2. Membrane Characterization 

 

The morphology of the selective layer was investigated with scanning electron microscopy 

(SEM). Membrane samples were extracted from dried modules and coated with gold using a 

Leica EM ACE600 coater (Leica Microsystems, Germany). SEM images from the cross-

section and inner surface of the membranes were taken using a high-resolution QuantaTM FEG 

250 SEM microscope (Thermo Fisher Scientific, Germany). Surface charge of the investigated 

membranes was measured with streaming potential technique. To facilitate the analysis of the 

surface charge and due to the equipment available, dried fibers were extracted from HFFO 

modules and mini-modules consisting of 300 fibers were prepared. The mini-modules were 

created and tested only for the surface charge analysis and HFFO modules used to extract the 

fibers were discharged. The inner surface zeta potential was determined with SurPASS™ 3 

electro kinetic analyzer (Anton Paar GmbH, Germany). The streaming potential of the mini-

modules was assessed by flushing 1 mM of KCl through the lumen of the fibers. Calculations 

for the zeta potential using the streaming potential data was done using the Smoluchowski 

https://en.wikipedia.org/wiki/Marian_Smoluchowski
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equation [42]. Water permeability coefficient (A), solute permeability coefficient (B) and 

structural parameter (S-parameter) for the investigated membranes were estimated using an 

adapted Bui et al. [43] approach where various concentrations of NaCl, MgCl2·6H2O and 

MgSO4·7H2O were used as DS and water flux (Jw) and reverse solute flux (Js) of the two 

investigated membrane types were measured and used for the calculations. Detailed 

explanation of the method used for these calculations can be found in the supplementary 

information 5.1 section. 

 

2.2.3. FO tests with HFFO modules and performance evaluation 

 

Two chlorinated membranes (HF-C) and two original membranes (HF-O) modules were 

individually tested in an FO setup using the Titan OSMO Inspector developed by Convergence 

Industry B.V. (The Netherlands). The schematic flow diagram of the system is shown in Figure 

1. The FO system consisted of two diaphragm pumps (model NF 1.6 by KNF Neuberger Inc., 

United States) each to supply DS and FS solutions to the HFFO module. The flow of the 

solutions was controlled by two high precision flow meters (IR-OPFlow 100-11, Tecflow 

International, The Netherlands). Pressure at the inlets and outlets to the modules were 

monitored with 4 manometers. The concentrations of the draw solutes in the DS and 

concentrate solutions (CS) was monitored with two digital conductivity meters (CT) (model 

LTC 0.35/23 and LGT 1/23, respectively by Sensortechnik Meinsberg, Germany). A digital 

palette balance (model KFB-TM 1.5T by KERN, Germany) was used to measure accumulation 

of the CS in the tank. Both FS and DS were stored in tanks and their temperature was controlled 

by heating jackets (IBC-J90 by Frank Berg Supplies, The Netherlands).  

At the beginning of each experiment, membrane modules were rinsed with DI water for 5 

minutes through both the shell and the lumen side. Later, the FO setup was started with the 

specific set of operational conditions and was running for 45 min. The reasons for such a short 

test were: 1-model draw and feed solutions tested have no fouling propensity; 2-stabilization 

of water flux and specific reverse solute flux values in the system were achieved after 2-3 

minutes and 3-time constraint for the usage of the pilot plant. Thus, data obtained for 45 

minutes were found to be of sufficient quality for analysis. After each experiment, the 
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membrane module was cleaned for 45 minutes with DI water through both the shell and lumen 

side.  

 

 

Figure 1. Flow diagram of the Titan OSMO Inspector set up during testing of HFFO modules. 

Flow transmitter controller (FTC), temperature transmitter (TT), conductivity transmitter (CT) 

and pressure transmitter (PT). Concentrate weight was recorded on a balance whereas diluted 

draw was discharged.  

FO performance of tested modules was analysed by measuring Jw, Js and specific reverse solute 

flux (Js/Jw). The concentrate weight recorded on the balance was used to calculate Jw applying 

the equation 1:  

Jw =
QF,in−QF,out

SA
          (1) 

where QF,in and QF,out represent the volumetric flow rate of the feed and concentrate (feed 

outflow) respectively of the module and  SA represent the surface area of the membrane. Js was 

measured experimentally using equation 2:  

Js =
QF,out∙σ∙β

SA
           (2) 

where σ is the average conductivity (µScm-1) of the concentrate and β is a proportionality 

coefficient describing relation between conductivity and salt concentration. Here, β was 

experimentally evaluated for each salt type used as a DS and equals 0.47, 0.43, 0.49 mgL-1 per 

µScm-1 for NaCl, MgCl2 and MgSO,4 respectively. 
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Js/Jw described also as an efficiency the FO process can be easily calculated by division of the 

Js (equation 1) by Jw (equation 2).   

Table 1. Operational conditions for the standard forward osmosis (FO) tests. During the FO 

performance tests only one of the listed testing parameters was modified while other 

parameters were kept constant. TMP, transmembrane pressure; DI, deionized. 

Standard operational conditions for the FO performance tests 

Feed Draw 
Applied 

TMP 
Temperature Operation mode 

Flow Solution Flow Solution Bar oC  

100 Lh-1 
DI H2O 

3.5% NaCl 
25 Lh-1 1 M NaCl 0.2 25 

FO 

Counter-current 

All experiments were carried out in a single-pass mode following the standard conditions listed 

in Table 1. Each parameter was modified one at a time while maintaining the rest of the 

parameters constant. Additionally, for tests with feed flow rates, draw flow rates, TMP and 

operation mode, two different FS varying in osmotic pressure were selected (Table 1). 

Conditions chosen as standard in Table 1 were based on the recommendations of the HFFO 

membrane module manufacturer and Jw and Js characteristics of the membranes to avoid 

damaging the membranes during all the operating conditions tested. A detailed list of the 

parameters modified during the FO performance tests are listed in Table 2.  

Table 2. Operational parameters modified during FO tests. PRO, pressure retarded osmosis. 

Operational conditions modified during the FO performance tests 

Feed Flow Draw Flow Applied TMP Operation mode Temperature 

L/h L/h bar Draw and feed flow oC 

60 25 0.1 FO counter current 15 

80 50 0.4 PRO co-current 25 

100 75 0.7   35 

120 100 1.1   45 

140      

For the test with various DS, four concentrations of each salt type were applied. In order to 

compare performance of the DS based on the osmotic pressure they generate, various 
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concentrations of the salts were prepared. Table 3 lists osmotic pressure of the applied DS as a 

function of salt concentration. The calculations were performed using the Van't Hoff equation 

[44]. 

Table 3. Characteristics of draw solution (DS) used for the FO tests and for estimation of water 

permeability coefficient A, solute permeability coefficient B and structural parameter S.  

Draw solutions 

 Concentration Osmotic pressure 
Diffusivities 

[43,45,46] 

 M bar (x 10-9 m2/s) 

NaCl 0.5 27.7 1.47 

 1 49.5 1.42 

 1.5 74.3 1.36 

 2 99 1.31 

MgCl2 0.32 27.7 1.04 

 0.58 49.5 1.07 

 0.85 74.3 1.09 

 1.11 99 1.11 

MgSO4* 0.3 7.4 0.49 

 0.77 24.7 0.41 

 1.54 49.5 0.35 

 2.53 74.3 0.30 

*Concentrations for MgSO4 differs from the other salts due to the solubility limit of MgSO4.  

For all the experiments and both membranes (HF-C and HF-O), a statistical analysis was 

performed to confirm significant differences between the membranes and the experiments. 

Probability value (p-value) was calculated for Jw and Jw/Js and used to confirm the hypothesis 

explained during examination of the results. Information on the p-values obtained and the 

statistical analysis used can be found in the supplementary information 5.2 section. 
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2.2.4. Forward solute rejection in FO and Low Pressure Reverse Osmosis (LPRO) 

 

Table 4. Operational parameters used for membrane rejection analysis of niacin, caffeine and 

urea in FO and low pressure reverse osmosis (LPRO) processes. Parameters were modified to 

maintain same process recoveries between the experiments. HF-C, chlorinated membrane; 

HF-O, original membrane. 

Niacin - Caffeine - Urea Tests* 

Membrane FO LPRO Recovery 

HFFO 
Feed flow Draw flow TMP 

Feed 

flow 
TMP FO LPRO 

Lh-1 Lh-1 bar Lmin-1 bar % 

HF-C 140 16 0.2 1 2 23 ± 4 

HF-O 135 16 0.2 0.5 2 23 ± 4 

*All compounds were tested with 200 mgL-1 of niacin, caffeine or urea in the feed solution. 

During the FO process, the permeate flow is diluted with the DS. Therefore, rejection 

calculations of a target compound must take this dilution into account. Following literature 

studies [28,47], if concentration of the target compound is obtained from the draw outlet flow, 

instead of the permeate flow, the dilution will create an overestimated rejection which does not 

represent the real membrane rejection. Hence, using the mass balance of the system, 

concentration of the target compound in the permeate is calculated using equation 3:  

cpermeate =
CD,out∙QD,out−CD,in∙QD,in

Qpermeate
        (3) 

where cD,out , cD,in and cpermeate represent the concentrations of the target compound in draw 

outflow, draw inflow and permeate stream. QD,out, QD,in and Qpermeate stand for draw outflow, 

draw inflow and permeate volumetric flow rate. Subsequently, membrane rejection can be 

calculated according to the equation 4:  

RFO = (1 −
Cpermeate∙Qpermeate

CF,in∙QF,in
 ) ∙ 100%       (4) 

where RFO represents the membrane rejection in FO process. A solution of 200 mgL-1 of 

caffeine, niacin and urea were used as FS to analyse membrane rejection in both FO and LPRO 
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processes. Table 4 summarizes the testing conditions applied in these experiments. Lastly, tests 

to investigate correlation between recovery and urea rejection were carried out. Different 

recoveries were obtained changing the feed flow rate in the FO set up for original and HF-C 

modules (Table 5).  

Niacin and caffeine concentration analysis used in membrane rejection experiments was carried 

out with a Genesys™ 10S UV-Vis spectrophotometer (Thermo Fisher Scientific, Denmark). 

Both compounds were analysed at 240 nm. Urea analysis was done by the Urea/Ammonia 

Assay Kit from Megazyme (Ireland). The kit uses urease enzyme to degrade urea into ammonia 

which is later reacted by glutamate dehydrogenase to produce a fluorescent indicator. Results 

were analysed with the UV-Vis spectrophotometer.     

Table 5. Testing conditions used for investigation of the correlation between recovery and urea 

rejection in FO process.  

HF-C and HF-O membrane modules 

Urea FO Test Recovery 

Feed flow Draw flow TMP HF-C HC-O 

L/h L/h bar % % 

60 25 0.2 74.1 ± 3.5 59.9 ± 4.7 

80 25 0.2 57.5 ± 3.5 41.0 ± 1.4 

100 25 0.2 46.0 ± 0.0 35.0 ± 1.4 

120 25 0.2 40.0 ± 0.0 29.5 ± 2.8 

140 25 0.2 34.2 ± 1.0 25.5 ± 0.7 

HF-C and HF-O modules were also tested in LPRO process for rejection of caffeine, niacin 

and urea. The schematic diagram of the setup is shown in Figure 2. The LPRO system consisted 

of a gear pump (model GC-M25.JVS.6 by Micropump, USA) suppling FS, analogue flow 

meter, two analogue manometers situated at the inlet and outlet of the modules and needle 

valve for pressure adjustment. The temperature of the FS was controlled and maintained at 25 

C by heat exchanger immersed in the feed tank.   
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Figure 2. Schematic description of the LPRO setup. Flow meter (FI) and pressure meters (PI).  

Similarly, also during LPRO test FS contained 200 mgL-1 of the niacin, caffeine or urea. In 

order to obtain the same process recovery (23±4%) for both types of studied membrane 

modules, flow rates of the FS were set to 1 Lmin-1 and 0.5 Lmin-1 for HF-C and HF-O modules, 

respectively. For all tests, TMP applied was established at 2 bar and it was calculated according 

to equation 5: 

TMP =
Pin+Pout

2
           (5) 

where Pin and Pout are the pressures at the inlet and at the outlet of the HFFO modules. 

After approximately one hour of the equilibration, tests were carried out and permeate samples 

were collected for permeability and rejection measurements. Water permeability coefficient 

was calculated according to equation 6: 

A =
V

SA·TMP·∆t
           (6) 

where V is volume of the collected permeate sample and ∆t is sample collection time. Collected 

permeate samples were used for concentration analysis with the UV-Vis spectrophotometer or 

urea kit analysis mentioned previously. Rejection of the niacin, caffeine or urea were calculated 

with equation 7:  

RRO = 1 −
Cpermeate

CF,in
          (7) 

where RRO is the solute rejection in RO process. 

Feed

FI PI PI
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For all the experiments, rejection, Jw and Js/Jw were calculated from the individual tests and 

later averaged for HF-O and HF-C modules. Standard deviations were calculated from these 

values obtained from duplicates for each test. 

 

3. Results and Discussion 

 

In this section, characterization and FO performance tests for two types of HFFO membranes 

are presented and discussed. The analysis of the HFFO membrane provides an insight of the 

differences in polyamide layer structure between the HF-C and HF-O membranes. Awareness 

of the difference in the membrane characteristics helps to understand membrane response to 

the operating conditions and the outcome in FO performance. 

 

      3.1 Membrane Characterization 

 

The two types of HFFO modules were analyzed to understand the impact of the chlorination 

treatment on the polyamide layer. Specifically, the difference in surface charge and surface 

morphology between HF-C and HF-O membranes are reported here. Furthermore, the results 

of the mathematical model described in the supplementary information 5.1 section, used to 

estimate intrinsic characteristics of FO membranes (A, B and S-parameter) for three different 

draw solutes, are discussed in this section.  

 

      3.1.1. Zeta potential 

 

Electrostatic interactions between membrane surface and solute contribute to the solute’s 

rejection. Zeta potential measurements are the most common technique to evaluate surface 
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charge of the membrane. In Figure 3, the inner surface zeta potentials as a function of pH for 

both HF-C and HF-O membranes are shown. 

 

Figure 3. Zeta potential as a function of pH at the inner surface of the HF-C and HF-O 

membranes. 

For both membrane types, zeta potential is reduced with a reduction of pH. The isoelectric 

point was measured at 3.7 and 2.8 for HF-O and HF-C membranes, respectively. The isoelectric 

point around pH 2-4 was expected due to the nature of the polyamide and the presence of the 

carboxylic groups at the surface of the polyamide [48]. The shift in the isoelectric point after 

membrane chlorination could be explained as a side effect of the chlorination post-treatment. 

The chlorination-promoted hydrolysis of the polyamide C-N bond and led to the cleavage of 

the polyamide layer. Consequently, the hydrolysis resulted in a rise of the carboxyl group 

number at the surface of the selective layer, and thus, an increase in the negative surface charge 

manifested a more negative zeta potential.  

 

      3.1.2. Scanning Electron microscopy 

 

The morphology of the selective layer for both HF-C and HF-O membranes was studied with 

SEM imaging. SEM images of the inner surface and of the fibers cross-section are shown in 

Figure 4.  
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Figure 4. SEM image of the inner surface of (a) HF-O, (b) HF-C membrane and cross-

section of (c) HF-O and (d) HF-C membrane. 

Based on the cross-section images (Figure 4c and 4d), the thickness of the polyamide layer was 

estimated to 70.8±9.8 nm for HF-O membranes and 49±4.9 nm for HF-C membranes. In 

contrast, the inner surfaces of the investigated membranes (Figure 4a and 4b) did not exhibit 

any significant difference between each other. Chlorine usage is a common method for 

disinfection in water treatment as it inhibits the growth of harmful microorganisms [49]. Yet, 

it is widely known that polyamide membranes are highly sensitive to chlorine solutions and 

Simon et al. [50] highlighted the need for chlorine-resistant membranes for water purification 

processes. The difference in thickness between the membranes can easily be explained by the 

chlorine attack of NaClO to the polyamide. Under alkaline conditions, two competing 

mechanisms might occur in the presence of chlorine species (Figure 5).  

a) b)

c) d)
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Figure 5. Mechanism of chlorine attack under alkaline conditions with low concentrations 

of chlorine. Adapted from Verbeke et al. [40]. 

The first mechanism postulated by Orton et al. [51] is known as N-chlorination. Here, the 

chlorine radicals attack the amidic nitrogen in the polyamide structure having a lone electron 

pair and is prone to share it with the partially positive chlorine radicals. The reaction is 

reversible and can be further aided in acidic conditions where a direct aromatic substitution 

will occur producing a chlorinated aromatic ring (Orton arrangement). Once conditions are 

alkaline, N-chlorination results in the hydrolysis of the polyamide promoted by the chlorine 

attack. In that case, after N-chlorination occurred polarization of the C-N bond facilitates its 

hydrolysis by the OH- groups present at elevated pH of the NaClO solution. This results in the 

cleavage of the polyamide. As schematically described in Figure 5, the cleavage might result 

in the reduction of the cross-linking and an increase of the number of hydroxy groups in the 

polyamide structure, which enhances the hydrophilicity of the selective layer.  

Thus, in accordance with the literature [39,40,50] and our observations, HF-C membranes 

exhibit reduced polyamide layer thickness, an increase in water permeability and a reduction 

in solute rejection. As described by Verbeke et al. [40] severe chlorine-promoted hydrolysis of 

the polyamide will result in dissolution or separation of the selective layer from the support 

layer damaging the membrane. Since the HF-C membranes did not exhibit drastic decrease in 

solute retention and Figures 4a and 4b showed no difference in membrane surface morphology 

we concluded that 20 ppm NaClO solutions can be effectively used to improve Jw for FO 

membranes.  
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      3.1.3. Evaluation of the A, B and S-parameter 

 

LPRO tests with HF-O and HF-C were carried out at 2 bars of TMP and 500 mgL-1 NaCl 

solution as a feed. The LPRO tests resulted in A values of 2.46±0.12 Lm-2h-1bar-1 and 1.59±0.13 

Lm-2h-1bar-1 for HF-C and HF-O modules, respectively. Calculated B parameter were measured 

as 0.18±0.03 Lm-2h-1 and 0.15±0.01 Lm-2h-1 for HF-C and HF-O modules, respectively. The 

LPRO findings are in agreement with our expectations and hollow fibers after chlorination 

indeed exhibit higher water permeability and higher solute (NaCl) permeability. In order to 

estimate A, B and S-parameter in FO process, modified Bui et al. [43] model for randomly-

packed bundle of fibers was applied. Results obtained from FO tests with 4 different 

concentrations of NaCl, MgCl2, and MgSO4 as draw solutions were used as inputs for 

estimation of A, B and S-parameter. The summary of the results generated is listed in Table 6. 

Please note that the applied method is quite sensitive to the quality of the experimental data 

and experimental error in Jw and Js values may lead to calculation of A, B and S parameters 

that are not feasible. For example, for the tests with HF-C module and NaCl as a draw solution, 

obtained A value was 4.04 Lm-2h-1bar-1 and is far from the results generated with the same 

membrane for tests with MgCl2 and LPRO tests.  

Therefore, we had to fix the A value to more feasible 2.46 Lm-2h-1bar-1 (LPRO results) and run 

calculation again. The calculation resulted in slightly higher root mean square error (RMSE) 

value (from 0.77 to 1.22), slightly lower R2-Jw (from 0.98 to 0.92) and significantly better R2-

Js (from 0.79 to 0.95). The fact that RMSE was reduced and R2-Js was improved indicates that 

method requires subjective judgment and calculated values should be treated carefully as 

estimations only. The same logic was behind the adjustment of the applied calculation constrain 

for experiments where HF-C modules were tested with MgSO4. Here, the reason of such a poor 

fit was related to the barely measurable reverse solute flux.  
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Table 6: Parameters A, B and S estimated for NaCl, MgCl2 and MgSO4 draw solute systems. 

RMSE and R2 represent the root mean square error and the coefficient of determination, 

respectively for the model. Jw, water flux; Js, reverse solute flux. 

Draw solute NaCl 

Membrane 

type 

A B S RMSE R2-Jw R2-Js 

Remarks Lm-2h-1bar-

1 

Lm-2h-

1 
mm - - - 

HF-O 1.56 0.24 0.15 0.54 0.99 0.76 - 

HF-C 

4.04 1.29 0.26 0.77 0.98 0.79 Out of range 

2.46 0.80 0.18 1.22 0.92 0.95 
Fixed A = 

2.46 

Draw solute MgCl2 

HF-O 1.86 0.07 0.16 0.40 0.99 0.02 - 

HF-C 2.74 0.59 0.15 0.74 0.97 0.64 - 

Draw solute MgSO4 

HF-O 1.68 0.01 0.12 0.43 0.97 0.11 - 

HF-C 

2.04 0.10 0.08 0.21 1.00 0.78 Out of range 

2.46 0.12 0.09 0.44 0.98 0.50 
Fixed A = 

2.46 

Nevertheless, after subjective treatment of the generated data we can conclude that A value 

ranges from 1.56 Lm-2h-1bar-1 to 1.86 Lm-2h-1bar-1 for HF-O module and from 2.46 Lm-2h-1bar-

1 to 2.74 Lm-2h-1bar-1 for HF-C modules. As expected, the values are pretty close to the results 

obtained for the LPRO test and an increase of water permeability with chlorination is quite 

obvious also for both tests. S-parameter estimation resulted in values of 0.09 mm to 0.18 mm 

for all the membranes. Obtained results are in agreement with S-parameter reported for 

Aquaporin InsideTM membranes by Xia et al. [52]. That low S-parameter contributes 

significantly to reduction of the ICP and better utilization of available driving force. Finally, 

as expected, the estimated B value for NaCl was the highest from all the draw solutions (0.24 

Lm-2h-1 and 0.80 Lm-2h-1 for HF-O and HF-C, respectively) and the lowest was for MgSO4 

(0.01 Lm-2h-1 and 0.12 Lm-2h-1 for HF-O and HF-C, respectively) 
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      3.2 FO tests with hollow fiber modules 

 

The measured water flux Jw and specific solute flux Js/Jw of the HF-O and HF-C modules were 

compared under different feed and draw flow rates, TMP, draw solutes, operational modes 

(PRO vs FO and co-current vs countercurrent) and temperature. In addition, comparison of the 

effect of two types of FS (DI water and seawater solution) was studied. Tests with artificial 

seawater solution were analyzed using only Jw due to the limitations in accurate measurements 

of the solute permeation from the draw to the feed solution. Moreover, rejection of the model 

compounds (caffeine, niacin and urea) with different molecular weights was analyzed when 

modules were operated in FO or LPRO setup. The relation between membrane rejection and 

process recovery was studied on example of urea as a feed contaminant.  

 

      3.2.1. Role of the feed flow rate 

 

Feed flow rate was varied in order to investigate influence of the ECP on the active layer side 

of the membranes. Here, the feed flow rate was varied from 60-140 L/h and 1 M NaCl was 

employed as a DS and operated at 25 L/h. The results for both membrane types are summarized 

in Figure 6.  

 

Figure 6. a) Jw and specific reverse solute flux (Js/Jw) for HF-C and HF-O modules as a 

function of feed flow rate when DI water was used as a feed solution (FS). b) Jw for HF-C 
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and HF-O modules as a function of feed flow rate when 3.5% NaCl solution was used as 

an FS. Draw flow rate was 25 Lh-1, draw concentration was 1 M NaCl and TMP was 0.2 

bar. (n=2). 

For DI water as FS, HF-O module exhibited Jw increase from 17.4 of 20.2 Lm-2h-1 (about 

16.2%) in comparison to HF-C module that showed Jw increase from 20.5 to 26 Lm-2h-1 (about 

26.7%) by varying feed flow rate in the tested range. As shown in Figure 6a, Jw of the HF-C 

membranes is higher than for HF-O membranes at any testing conditions. Js/Jw is also increased 

with feed flow rate for the HF-C membranes whereas it remains relatively constant for HF-O 

membranes for all tested feed flow rates. Furthermore, Js/Jw is much lower for HF-O 

membranes (Js/Jw = 0.15  0.02 g/L) than it is for HF-C membranes (Js/Jw = 0.4  0.1 g/L) 

An increase of Jw for HF-C membranes was expected. As described in the literature [40] and 

in accordance with section 3.1.2 results (Figure 4), chlorination of the TFC polyamide-based 

layer results in the reduction of the cross-linking density and thickness of the selective 

polyamide layer. Thus, chlorine treated membranes are more permeable and less selective. The 

main reason for higher Js/Jw of the HF-C membranes is the increase of the salt permeation 

coefficient B caused by this decrease in solute retention of the polyamide (see section 3.1.3).  

An increase of the Jw with feed flow rate is quite surprising since we do not expect a 

contribution of the ECP on the active layer side for DI water that is free of any solutes. 

Nevertheless, results summarized in Figure 6a clearly indicate that Jw for both membranes 

increases with feed flow rate. Such behavior can only be attributed to the reduction of the ECP 

by reduction of mass transfer coefficient with the flow rate. We speculate that here, by 

introduction of higher feed velocity, a stagnate layer of the fluid at the active layer gets 

disturbed and diffused salt from the DS can be more effectively transported to the bulk of the 

FS. In that way, the net driving force – the difference in osmotic pressure between the feed side 

and draw side of active layer – can be enhanced. A similar rationalization can be applied to the 

explanation of the difference in development of Js/Jw for HF-C and HF-O membrane with feed 

flow rate. As such, low retention HF-C membranes can transport more salt to the feed side 

locally increasing its concentration at the feed side of the selective layer. By facilitating the 

transport of this accumulated salt to the bulk solution via higher feed flow rate, driving force 

for salt transport from DS to the FS also is enhanced. As a result, we can observe an increase 

in Js/Jw with feed flow rate for low retention HF-C membranes. In contrast, Js/Jw for HF-O 

membranes that exhibit higher retention for salt is not affected by the feed flow rate since salt 
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transport from the draw to the feed side is negligible. We think that this effect is valid for all 

the types of FO membranes and DS and can be mitigate by selection of larger molecular size 

draw solutes or more selective membranes. This effect also confirms the postulate by Werber 

et al. [11] for critical need for more selective membranes, not more water permeable FO.  

Nevertheless, DI water actually represents the ideal FS (no osmotic pressure, no solutes) but in 

the other extreme of FS, the artificial seawater represents the problematic FS (high osmotic 

pressure, high concentration of solutes). Hence, the use of these two FS are able to display an 

overview of the effect of the FS osmotic pressure and its impact on the membrane performance. 

In the case of the artificial seawater as an FS, obtained Jw are much lower than obtained for DI 

water case (Figure 6b). The lower Jw obtained were expected as the osmotic pressure of the 

feed is significantly higher and the difference in osmotic pressure between FS and DS is only 

=20.5 bar. Jw for HF-O membranes increased from 2.60.1 Lm-2h-1 to 3.50.3 Lm-2h-1 and 

for HF-C membranes from 2.00.1 Lm-2h-1 to 3.80.1 Lm-2h-1. Interestingly, in the conditions 

where the FS exhibits high osmotic pressure, the difference in Jw between HF-C and HF-O 

membranes is diminished. Furthermore, similarly to the DI water, an increase of the feed flow 

rate resulted in flux improvement again proving dominance of ECP at the active side of the 

membrane. 

 

3.2.2. Role of the draw flow rate 

 

Similarly, to the feed flow rate, applied draw flow rate also has influence on the performance 

of HFFO modules. FO performance obtained at various draw flow rates for two types of 

investigated HFFO modules are summarized in Figure 7. As listed in Table 1, the feed flow 

rate was kept constant at 100 Lh-1 whereas the flow rate of 1M NaCl DS was varied from 25-

100 Lh-1.  
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Figure 7. a) Jw and Js/Jw for HF-C and HF-O modules as a function of draw flow rate 

when DI water was used as an FS, b) Jw for HF-C and HF-O modules as a function of 

draw flow rate when 3.5% NaCl was used as an FS. Feed flow rate was 100 Lh-1, draw 

concentration was 1 M NaCl and TMP was 0.2 bar. (n=2). 

When DI water was applied as FS, HF-O modules exhibited Jw of 19.01.0 Lm-2h-1 at 25 Lh-1 

and Jw was systematically increasing with draw flow rate to 25.41.0 Lm-2h-1 at 100 Lh-1 (Jw 

increase of 33.5%). For HF-C membrane, Jw was higher than for HF-O membrane at any draw 

flow rate investigated and it increased from 24.90.6 Lm-2h-1 at 25 Lh-1 to 31.3 Lm-2h-1 at 100 

Lh-1, respectively (Jw increase of 25.4%). Rate of Jw increase with draw flow rate does not 

have linear character, as it was for the variations of the feed flow rate (Figure 6a) and reaches 

a plateau value (Figure 7a).  

The larger impact of the draw flow rate on the change in Jw in comparison to the feed flow rate 

can be explained by more severe effect of the draw flow rate on the dilutive ICP and the dilutive 

ECP at the shell side of the membrane. The cause of this is simple; dilution of the DS with 

permeated water contributes significantly to the reduction of the available driving force along 

the length of the HFFO module. As a result, average concentration of the DS inside the module 

is no longer 1 M NaCl and it heavily depends on the draw flow rate and water permeation. The 

higher the draw flow rate, the less dilution is obtained in the module. In an ideal situation, DS 

should be operated at very high flow rates, however, hammer effect of the liquid entering the 

module and pressure build-up at the shell side might cause mechanical damage of the fibers. 

Therefore, in order to maintain lifetime of the membrane, low or moderate draw flow rates are 

more practical. When the draw flow rate increases, an average concentration of draw solute 

increases as a result of the shorter residence time of the DS in the module. Moreover, an 
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increase of the mass transfer coefficient makes boundary layer at the support-bulk interface 

thinner allowing accelerated diffusion of the salt from the outer surface of the fiber into the 

support. In that way, dilutive ECP is decreased. An increase in the solute concentration inside 

the module elevates concentration of the solute in the support alleviating the detrimental effect 

of the ICP. Consequently, Jw increases as the net osmotic pressure difference across the active 

layer is higher. The maximum concentration in the module that can be reached is the initial 

concentration of the DS and by increasing draw flow rate we asymptotically approach this 

concentration. Therefore, plateau in Jw can be observed at higher draw flow rates. And hence, 

there is an optimal draw flow rate for each HFFO module, above which an increase in Jw does 

not occur and operation above this draw flow rate makes no sense from a practical and 

economical point of view.  

In the case of artificial seawater as FS, maximum Jw obtained was 5.7 Lm-2h-1. Herein, for tests 

with various draw flow rates, no difference between HF-C and HF-O modules was observed in 

terms of Jw. The unfavorable conditions (concentration polarization effects and low permeate 

flux) produced by a high osmotic pressure FS continues to cancel all differences in Jw between 

HF-C and HF-O. Yet, by an increase of the draw flow rate, average concentration of the DS 

increased and net driving force for water transport was enhanced. Therefore, by reducing ICP 

effect, Jw could show a higher increase here (Figure 7b) than in the case of the experiments 

with various feed flow rates (Figure 6b). 

 

3.2.3. Applied TMP  

 

FO is a process driven by the difference in osmotic pressure between DS and FS and as such 

there is no need to apply pressure to obtain water permeation. Additionally, we would not 

expect great impact of the TMP on the performance of the HFFO membranes since the 

hydraulic pressure applied is much lower than the osmotic pressure difference applied in the 

FO process. Nevertheless, multiple studies have reported both negative and positive impacts of 

the applied TMP in FO processes [21,36,53,54]. In those studies, elevated TMP was used 

mostly to study fouling, to facilitate permeate flow rate or to normalize the draw and feed flow 

rates when there are several modules connected in series. In this study, the effect of elevated 

TMP has been analyzed using the HF-C and HF-O modules. FO performance of the 
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investigated modules at systematically elevated TMP are summarized in Figure 8. For all the 

testing conditions, where TMP was varied from 0.1 to 1.1 bar, feed and draw flow rate were 

kept constant and were 100 Lh-1 and 25 Lh-1, respectively.  

 

Figure 8. a) Jw and Js/Jw for HF-C and HF-O modules as a function of applied TMP when 

DI water was used as an FS, b) Jw for HF-C and HF-O modules as a function of applied 

TMP when 3.5% NaCl was used as an FS. Feed flow rate was 100 Lh-1, draw flow rate 

was 25 Lh-1 and draw concentration was 1 M NaCl. (n=2). 

In this range of tested TMP, Jw increased from 17.90.5 Lm-2h-1 to 19.20.5 Lm-2h-1 (7.3% 

increase in Jw) for HF-O modules and from 24.01.3 Lm-2h-1 to 27.70.2 Lm-2h-1 (15% 

increase in Jw) for HF-C modules. The results obtained are similar to the ones reported by 

Coday et al. [21], where minimal changes in Jw and Js/Jw were obtained at elevated TMPs 

between 1-2 bar. 

On the one hand, the obtained results are expected since TMP does not contribute to a 

significant improvement of Jw for both membrane types. On the other hand, the applied pressure 

range is quite narrow and performance of the tested HFFO modules could be further increased 

by increasing TMP even more. Nevertheless, the fact that FO membranes are in purpose 

designed with thinner and more fragile support restricts possibilities to significantly increase 

TMP. The difference in the rate of Jw increase with the applied TMP between HF-O and HF-C 

module originates from the difference in A between those two modules (see section 3.1.3). A 

more permeable selective layer, like in case of HF-C membrane, will always be more 

responsive to the applied TMP than a membrane with a less permeable selective layer, like an 

HF-O membrane will.  
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Js/Jw was reduced with applied TMP significantly for HF-C membranes (from 0.400.02 gL-1 

at 0.1 bar to 0.310.2 gL-1 at 1.1 bar) and negligibly for HF-O modules (from 0.140.02 gL-1 

at 0.1 bar to 0.120.2 gL-1 at 1.1 bar). We speculate that higher increase of Jw for HF-C 

membranes caused more severe dilutive ICP at the draw side of selective layer. As a result, 

solute concentration difference between draw side and feed side of active layer was reduced 

and, in that way, the driving force for solute diffusion was diminished. Consequently, we 

observed reduced Js/Jw with applied pressure. 

The same minor effects of various TMP applied on Jw were observed for artificial seawater as 

FS (Figure 8b). As shown in previous experiments, no difference in Jw between HF-O and HF-

C membrane were observed when using seawater as FS. 

 

3.2.4. Influence of the applied DS 

 

DS selection has been abundantly studied [18,29,55–57] in order to tune the FO process for a 

specific application, to reduce the costs of the process or to obtain more environmentally 

friendly technology. Here, three common inorganic salts (NaCl, MgCl2, MgSO4) at various 

concentrations were tested as a draw solute. Concentrations of draw solutes were selected to 

obtain the same osmotic pressure and compare the DS based on the driving force that they 

generate. NaCl and MgCl2 osmotic pressure were varied from 24.7-99.0 bar whereas MgSO4 

osmotic pressure was investigated from 7.9-74.2 bar due to the limits in solubility of the 

MgSO4. For all the tests, DI water was used as an FS. Feed flow rate and draw flow rate were 

kept constant at 100 Lh-1 and 25 Lh-1, respectively. The summary of the results is shown in 

Figure 9.  
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Figure 9. Jw and Js/Jw for HF-C and HF-O modules as a function of osmotic pressure of 

a) NaCl DS solution, b) MgCl2 DS solution and c) MgSO4 DS solution. All tests were 

carried out using DI water as an FS. Feed flow rate was 100 Lh-1, draw flow rate was 25 

Lh-1 and TMP was 0.2 bar. (n=2).  

Also here, for all the tests with various DS, Jw obtained with HF-C modules was higher than Jw 

obtained for HF-O modules for any DS and for all the concentrations investigated. Obviously, 

for each draw solute, Jw increases with increasing DS concentration since the driving force 

(osmotic pressure difference) raises across the membrane. As shown in Figure 9a, by applying 

NaCl concentration varied from 0.5M to 2M (24.7 bar to 99.0 bar), HF-O membrane exhibited 

Jw increases from 13.80.7 Lm-2h-1 to 28.31.1 Lm-2h-1 in comparison to HF-C membrane that 

showed Jw increase from 18.60.6 Lm-2h-1 to 30.10.5 Lm-2h-1. When MgCl2 was applied as a 

draw solute in the concentrations equivalent in osmotic pressure to 0.5M to 2M of NaCl (24.7 

bar to 99.0 bar), HF-O membrane showed an increase in Jw from 12.60.9 Lm-2h-1 to 22.51.0 

Lm-2h-1 whereas HF-C membrane showed Jw increase from 15.60.9 Lm-2h-1 to 28.30.5 Lm-

2h-1. Finally, for MgSO4 as draw solute, HF-O membrane exhibited Jw increase from 11.80.9 

Lm-2h-1 to 15.00.8 Lm-2h-1 in comparison to HF-C membrane that showed Jw increase from 
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13.80.8 Lm-2h-1 L to 21.30.1 Lm-2h-1. Note that for MgSO4 maximum applied osmotic 

pressure was 74.2 bar.  

The osmotic pressure of the tested DS is comparable, and therefore, the differences in Jw 

between them is solely due to salt intrinsic properties and ICP development for each salt type. 

Based on the results presented in Figure 9 and the available literature [2,58] we can distinguish 

2 regions of the flux increase with osmotic pressure: 1- linear increase of the Jw with osmotic 

pressure and 2-asymptotical increase of Jw with osmotic pressure. Obviously, the first regime 

where Jw increases linearly with osmotic pressure represents the most efficient operation 

regime since applied potential in osmotic pressure is directly proportional to the flux obtained. 

The second regime with asymptotical increase of the flux with osmotic pressure is related to 

an extensive ICP. In this regime an increase of the osmotic pressure is not directly proportional 

to obtained Jw and the available driving force is not efficiently utilized to generate Jw. As shown 

in Figure 9a, all tests with NaCl show a close to linear correlation between Jw and applied 

osmotic pressure of the DS. High diffusivity of small NaCl ions (Table 3) and low S-parameter 

of the support (Table 6) enhances the transport of salt ions into the support, minimizing dilutive 

ICP. As a result, high concentration of the NaCl is experienced by the selective layer and the 

highest Jw values were obtained for both membrane types using this salt. The diffusion 

coefficient of MgCl2 is slightly lower than NaCl (Table 3) and thus non-linear Jw behavior was 

exhibited by the HF-O membranes at the highest salt concentration. HF-C membranes could 

maintain a linear Jw behavior due to their higher A parameter delaying severe ICP. However, 

for MgSO4 tests, Jw displayed a clear non-linear behavior for both membrane types and here 

we can explain it by a significantly lower diffusion coefficient (Table 3) of the MgSO4, 

compared to the other draw solutes, that makes this system more prone to ICP contribution at 

high salt concentrations. Diffusion coefficient is not the only driver for the Jw differences 

between the draw solutes as it is closely dependent on the molecule/ion size of the solutes 

[18,59]. Na+ and Cl- ions are both small enough to easily diffuse through the membrane support 

without hampering water transport, thus minimizing ICP. However, for MgCl2, the fast-

diffusive Cl- ions are impair by the bigger and slower Mg2+ ions to maintain electroneutrality. 

This causes a slight blockage, by the Mg2+ ions, of the water transport from the FS to DS and 

an increase of the ICP. These effects are only further aggravated when Mg2+ ions are 

introduced, as MgSO4, with SO4
-2 ions, which have the biggest ion size from all the draw 

solutes tested. Consequently, both of these ions, due to their size and low diffusion rate, have 
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more difficulty to travel through the membrane support, lowering the osmotic pressure 

difference across the selective layer and hence, obtaining the lowest Jw in this test.  

Nevertheless, compared to NaCl, the lower diffusion coefficients and bigger size of MgCl2 and 

MgSO4 can be advantageous in terms of obtaining reduced Js and Js/Jw. More severe ICP for 

MgCl2 and MgSO4 results in a lower concentration of the draw solutes at the support-selective 

layer interface, thus, lower driving force for solute transport from the feed to the draw solution 

is generated. Moreover, TFC active layers generally have a higher retention for divalent ions 

like Mg+2 and SO4
2- in comparison with monovalent ions such as Na+ and Cl-. Those two effects 

summarized are responsible for reduced Js and Js/Jw with MgCl2 and MgSO4. In an extreme 

case, combination of high retention HF-O and MgSO4 resulted in lowest Js/Jw barely 

measurable (Js/Jw close to 0 gL-1 for all the MgSO4 concentrations). On the opposite side, the 

tests with NaCl as a DS were generating the highest Js/Jw values. 

 

3.2.5. Operation mode of the membrane  

 

In this section, two membrane operation modes were compared. Firstly, we compared the FO 

performance of the tested modules during operation in FO mode (FS facing active layer) and 

PRO mode (DS facing active layer solution). Secondly, we investigate the impact of the 

operation in co-current and counter-current mode on FO performance of the modules.  

a) Co-current vs counter current for HFFO modules 

In counter-current operations (used in all the experiments in this study), FS and DS enter and 

exit the HFFO module from opposite sides. In the co-current mode, FS and DS enter and exit 

the module from the same side of the module. The comparison of the counter-current and co-

current operation with the HFFO modules was carried out with 1 M NaCl as DS applied at 25 

Lh-1. DI water and artificial salt solution were used as an FS and operated at 100 Lh-1. As shown 

in Figure 10a, for DI water as FS, both HF-C and HF-O modules, the differences in 

performance between operation in co-current or counter-current mode were not significant.  
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Figure 10. a) Jw and Js/Jw for HF-C and HF-O modules in co-current and counter-current 

when DI water was used as FS, b) Jw for HF-C and HF-O modules in co-current and 

countercurrent when 3.5% NaCl solution was used as FS. Feed flow rate was 100 Lh-1, draw 

flow rate was 25 Lh-1, draw concentration was 1 M NaCl and TMP was 0.2 bar. (n=2). 

 

Figure 11. Schematic description of the osmotic pressure development for FS and DS in a 

HFFO module when operated in a counter-current and co-current mode with low and high 

osmotic pressure FS.  

In particular, HF-O modules exhibited Jw of 18.21.1 Lm-2h-1 and 19.01.4 Lm-2h-1 for co-

current and counter-current operation, respectively, whereas HF-C membranes generated 

higher flux for both operation modes: Jw of 23.80.8 Lm-2h-1 and Jw of 24.90.6 Lm-2h-1 for co-

current and counter-current mode, respectively. Similarly, no significant change was measured 

in Js/Jw when the two operational modes were compared (Figure 10a). HF-O modules obtained 

a Js/Jw of 0.140.02 gL-1 and 0.120.01 gL-1 and HF-C modules achieved a Js/Jw of 0.360.05 
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gL-1 and 0.350.04 gL-1 for counter-current and co-current mode, respectively. As 

schematically described in Figure 11, for an FS with low osmotic pressure such as DI water, 

the osmotic pressure of the FS does not change significantly during the up-concentration inside 

the HFFO module. Lack of solutes in the FS and relatively low diffusion of the salt from the 

DS to the feed side keeps almost constant osmotic pressure of the FS. Thus, for operation in 

co-current and counter-current modes, the same average driving force is obtained inside the 

module and no difference between operation in co-current and counter-current mode can be 

measured.  

Also negligible is the difference in Jw between counter-current and co-current operation when 

artificial seawater is applied as an FS (Figure 10b). As reported in the literature [15,36,60], 

operation with counter-current mode with high osmotic pressure FS should generate higher 

flux in comparison to operations in co-current mode. Due to maintained constant osmotic 

pressure difference between FS and DS, available difference in osmotic pressure is used more 

efficiently than during operation in co-current mode (Figure 11). However, this effect cannot 

be seen in our case as a result of the low permeation in the process (Jw < 4 Lm-2h-1). We 

speculate that a higher difference in osmotic pressure or operating conditions that can enhance 

Jw (see section 3.2.1, 3.2.2 and 3.2.4) could reveal the advantage of counter-current operation.  

b) PRO vs FO for HFFO modules 

Operation in FO mode (used in all the experiments in this study) and PRO mode were compared 

maintaining the same concentration of the DS (1 M NaCl) and the same feed and draw flow 

rates (100 Lh-1 and 25 Lh-1, respectively) for both operating modes. As shown in Figure 12a, 

when DI water was applied as a DS, HF-O module exhibited Jw of 17.90.5 Lm-2h-1 in FO 

mode whereas in PRO mode Jw increase to 20.91.3 Lm-2h-1. Similar behavior was observed 

for HF-C modules. Here, Jw increased from 24.11.3 Lm-2h-1 in FO mode to 26.81.3 Lm-2h-1 

in PRO mode. The obtained results are in good agreement with the available literature 

[15,36,58], describing that dilutive ICP of the DS inside the support side (FO mode) provokes 

larger Jw decline than concentrative ICP of the FS inside the support (PRO mode). However, 

under similar conditions, obtained Jw improvement (13.9±3.8% increase) during operation in 

PRO mode is not as significant as reported in the literature [36] (60-80% increase in Jw). We 

correlate this rather low impact of the FS and DS orientation towards the active layer on the 

FO performance to the low S-parameter (see section 3.1.3) of the membrane and generally low 

ICP when operated in FO (see section 3.2.4).  
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Figure 12. a) Jw and Js/Jw for HF-C and HF-O modules operated in FO and PRO mode 

when DI water was used as FS, b) Jw for HF-C and HF-O modules operated in FO and 

PRO mode when 3.5% NaCl was used as an FS. Feed flow rate was 100 Lh-1, draw flow 

rate was 25 Lh-1 and draw concentration was 1 M NaCl. (n=2). 

As shown in Figure 12a, Js/Jw reduces when the process is carried out in PRO mode. In our 

tests, for HF-C membranes Js/Jw decreased from 0.40.02 gL-1 in FO mode to 0.270.02 gL-1 

in PRO mode, respectively. For HF-O membranes this reduction in Js/Jw was much lower 

(0.140.01 gL-1 in FO mode to 0.110.01 gL-1 in PRO mode, respectively). In PRO mode, 

diffusion of the solute from the active layer to the bulk of the FS is restricted by the support, 

similarly to the limited solute diffusion into the support when operated in FO mode. We 

speculate that this limited solute diffusion from the support to bulk solution contributes to 

reduction Js/Jw in PRO mode. 

Similarly to the tests with DI water, when artificial seawater was applied as an FS, the use of 

the PRO mode results in a slight increase in Jw. In particular, Jw increased from 3.60.4 to 

4.90.1 Lm-2h-1 and from 4.80.1 to 5.10.2 Lm-2h-1 when switching from FO to PRO mode 

for HF-O and HF-C modules, respectively. It can be argued that this Jw increase is negligible 

due to an error originating from the accuracy of the applied measuring technique. In fact, it is 

expected that the advantages of PRO mode are limited for high osmotic pressure solutions. Due 

to concentrative ICP of the feed solute, the net difference in osmotic pressure between both 

sides of the active layer is reduced, and thus, PRO mode advantages are minimized. 
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      3.2.6 Role of the temperature  

 

Multiple studies show that an increase of temperature can effectively enhance water transport 

in membrane processes [22,23,31–34]. For example, Seker et al. [23] highlighted the 

importance of the temperature for viscous FS and describe how the efficiency of the FO process 

can be enhanced by an increase of the FS temperature, which reduced its viscosity while 

keeping DS cold to reduce draw solute diffusion to the FS. In addition, Xie et al. [22] 

demonstrated that the increase in Jw with temperature can come with the negative side effect 

of the decrease in solute rejection of trace organic compounds due to the increase in solute 

diffusivity. Therefore, it is crucial to find the right balance between rejection and Jw when 

choosing the process temperature. 

Here, the temperature of both DS and FS was varied from 15°C to 45°C in order to determine 

the temperature impact on the performance of HFFO modules. As before, 1 M NaCl was used 

as DS, and feed and draw flow rates were selected as 100 Lh-1 and 25 Lh-1, respectively. The 

results for both membrane types are summarized in Figure 13.  

 

Figure 13. Jw and Js/Jw for HF-C and HF-O modules as a function of the DS and FS 

temperature when DI water was used as FS. Feed flow rate was 100 Lh-1, draw flow rate was 

25 Lh-1, draw concentration was 1 M NaCl and TMP was 0.2 bar. (n=2). 

In brief, the HF-O module exhibited Jw increase from 12.71.0 Lm-2h-1 to 22.0 1.0 Lm-2h-1 

and HF-C modules showed an increase in Jw from 16.10.2 Lm-2h-1 to 250.1 Lm-2h-1 by 
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increasing temperature of FS and DS from 15 °C to 45 °C. Interestingly, for both HF-C and 

HF-O modules, Jw increases with the same extend (about 9.0 Lm-2h-1) within the tested 

temperature range (Figure 13). The increase in Jw is anticipated as temperature influences 

diffusion rates and fluid viscosity. Firstly, higher diffusivity of the solute enhances its transport 

inside the support reducing ICP and consequently generates higher Jw [34]. Secondly, liquid 

viscosity drops with temperature reducing resistance for solute diffusion again improving Jw 

by the reduction of ICP.  

Enhanced diffusion of the draw solute, and thus reduced ICP caused by elevated temperature, 

also results in an increase in Js. As shown in Figure 13, Js/Jw for HF-O slightly increases with 

temperature from 0.110.01 gL-1 at 15°C to 0.170.01 gL-1 at 45°C. It indicates that Js increases 

faster with temperature than Jw and facilitates solute diffusion that favors salt transport from 

the draw side to the feed side over water transport from feed to draw. We speculate that the 

lower A of the HF-O membranes, compared to HF-C membranes, contributes to this effect. 

For HF-C membranes Js/Jw is relatively constant for tested temperatures (Js/Jw of about 0.32 

gL-1) indicating uniform contribution of the temperature to the enhancement of the salt and 

water transport. 

 

      3.2.7 Rejection of target compounds 

      3.2.7.1 Rejection: FO vs LPRO 

 

The mechanism behind solute rejection in pressure driven processes (e.g. RO) and osmotically 

driven processes (e.g. FO) is discussed in multiple literature studies [47,61–63]. It is described 

as a combination of interactions based on the steric exclusion, the electrostatic repulsion, 

system transmembrane pressure, process recovery, concentration polarization and the 

characteristics of the membrane and the solute. In this section, rejection of the model 

compounds caffeine, niacin and urea is compared between two processes – RO and FO. These 

compounds were chosen due to their differences in molecular weight and molecular charge 

(Figure 14) and their relevance in food and beverage applications. Urea is an abundant and 

common contaminant in wastewater and as a small and neutral molecule (Figure 14) it is the 
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most interesting compound to examine due to challenges that membrane technology faces in 

rejection of this compound. 

 

Figure 14. Chemical structure of the model compounds used for the rejection tests. Below the 

chemical structure information on the molecular weight (Mw) and molecule charge in a neutral 

pH solution is described. 

Feed flow rates for LPRO and FO process were varied to obtain uniform recovery of about 

23±4% (Table 4). Concentration of the model compounds in the FS were 200 mgL-1 for all 

tests. As shown in Figure 15, caffeine rejection of 99±1% was obtained in the FO process 

whereas roughly 95±1% caffeine rejection was obtained in pressure driven LPRO for both HF-

C and HF-O modules. For niacin with a slightly lower molecular weight, also 100±1% rejection 

was obtained in FO for both types of HFFO modules. However, in LPRO process, we observed 

a difference in rejection between HF-C and HF-O module. In particular, niacin rejection in 

LPRO was 77±1% and 90±1% for HF-C and HF-O modules, respectively. Finally, for the low 

molecular weight urea, calculated rejection in FO process was 78±1% and 84±1% for HF-C 

and HF-O membranes, respectively. Again, for LPRO operations, urea rejection was much 

lower and for HF-C membrane we did not observe any urea rejection while HF-O modules 

showed only 19±1% urea rejection.  

  

NiacinCaffeine Urea

Mw 

(gmol-1)

Ionic charge 

(neutral pH)

194.19 None

Mw 

(gmol-1)

Ionic charge 

(neutral pH)
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Ionic charge 

(neutral pH)

60.06 none
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Figure 15. Rejection of caffeine, niacin and urea for HF-C and HF-O modules in LPRO and 

FO. Each compound was tested individually with feed concentration of 200 mgL-1. Feed flow 

rates were modified for FO (130-140 Lh-1) and LPRO (30-60 Lh-1) to obtain 23±4% recovery 

for all the tests. LPRO test was carried out at TMP of 2 bar and FO was carried out with 0.5 

M NaCl as a solution with flow rate of 16 Lh-1 for all the tests. 

In FO, the HF-C and HF-O membrane showed nearly identical rejection values for caffeine 

and niacin, and similar urea rejection values at low recoveries. The results confirm that HF-C 

modules are still selective towards compounds present in the FS regardless of higher Js/Jw 

values obtained during previous FO tests. When operated in FO, for the largest compounds 

such as caffeine (Figure 14), we cannot actually distinguish any difference in solute retention 

between two membrane types, but the difference becomes more pronounced with low 

molecular weight compounds such as urea. In general, rejection in LPRO is lower for the same 

compounds than in FO. Thus, LPRO tests reveal more differences in membrane retention for 

the model contaminants between HF-C and HF-O membranes and the effect of the molecular 

weight and charge becomes more visible (Figure 15). Similarly to the reported studies touching 

on the comparison between FO and RO solute rejections [29,47,63], solute rejections are also 

higher for FO process. On the one hand, larger permeate flux in FO operation can be 

responsible for this effect. On the other hand, Xie et al. [64] compares FO and RO operations 

at the same permeate fluxes and in some cases observed elevated rejection of solutes in FO 

when compared to RO. Xie suggests that this effect is attributed to the retarder forward 

diffusion of feed solutes through the selective layer pore when operated in FO mode. However, 

to fully understand this complex topic more systematically studies on the interactions between 

membrane, feed solute and DS are necessary.  
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      3.2.7.2 Urea Rejection vs Recovery   

 

Urea rejection was analyzed under different process recoveries in FO operation to further 

understand the correlation between recovery and the membrane retention. As mentioned 

before, urea was selected as a model compound due to the challenges it causes in rejection on 

the membranes. Feed flow rates were varied from 60-140 Lh-1 to obtain various recoveries in 

the module while the draw flow rate was maintained at 25 Lh-1 and DS used was 1M NaCl. 

Summarized results on the influence of process rejection on urea rejection are shown in Figure 

16. At the lowest feed flow rate (60 Lh-1) the highest process recovery (74.1%) was achieved 

by the HF-C module while HF-O membrane generated 59.9% recovery. With the highest feed 

flow rate applied (140 Lh-1), a higher process recovery was also obtained for the HF-C 

membranes (34.2%) than for HF-O module (25.5 %).  

 

Figure 16. Rejection of urea in FO operation for HF-C and HF-O modules as a function of 

process recovery. Urea concentration was 200 mgL-1. The feed flow rate for both modules was 

modified from 60-140 Lh-1 to obtain a wide range of process recoveries. Draw flow rate was 

maintained at 25 Lh-1 with a DS of 1M NaCl. Red data points are urea rejections from the FO 

tests showed in Figure 15, where different draw flow rate, 16 Lh-1, and DS concentration, 0.5 

NaCl, was used. 

Reduction of the rejection with increasing recovery is expected as high recovery results in and 

increase of the solute concentration in the module. At the same time, ECP of the feed solute is 

enhanced by the rising solute concentration but also by the reduced feed flow rate decreasing 
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mass transfer coefficient. Those two effects combined lead to a higher solute diffusion rate 

from the feed to the draw side and lower solute rejection. Interestingly, as shown in Figure 16, 

HF-C membranes seem to be more sensitive than HF-O membranes to increasing recoveries 

and reduction of the rejection is more severe for those modules. Here, lower retention of the 

chlorinated polyamide layer is more pronounced at higher process recoveries. The opposite 

phenomenon is seen with low recoveries where HF-C and HF-O membranes have similar 

rejection.  

 

4. Conclusion 

 

In this study, the significance of the operating conditions to the performance of FO process for 

two types of HFFO modules, HF-C and HF-O membranes, has been demonstrated by analyzing 

their behavior under various testing conditions. The following conclusions can be made from 

these investigations: 

• Jw can be enhanced for the HFFO module by chlorination due to a decrease in the 

thickness of the polyamide layer. 

• Dilutive ICP was found to be one of the most significant parameters responsible 

for membrane performance as it acutely limits Jw when it becomes severe. This 

confirmed the dominant role of ICP for FO membranes, independent of membrane 

characteristics. Consequently, draw concentration and draw solute type have the 

biggest impact on the membrane performance. Additionally, optimal flow rates and 

osmotic pressure difference between FS and DS reduces the effect of other 

operating conditions such as membrane orientation (PRO/FO mode, co-

current/counter-current mode). 

• A low osmotic pressure difference between DS and FS drastically reduces any 

differences between the high-flux HFFO and the original HFFO modules. 

However, changes in operating conditions still alter membrane performance 

following the same mechanism explained for large osmotic pressure difference 

between DS and FS. 
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• RO process displayed lower solute rejection compared to the FO process. High 

process recoveries have a detrimental effect on solute rejection due to an increase 

of solute concentration inside the module, which facilitates solute diffusion to the 

permeate.  

This work has demonstrated that operational parameters heavily influence membrane 

performance of HFFO modules. Consequently, our results can serve as a guideline to take the 

maximum advantage of the HFFO membrane modules in pilot plant or full-scale processes. 

Furthermore, guidelines can aid FO installation design, thus paving the way for implementation 

of FO in technological applications. 
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1. Introduction  

 

The United Nations has declared water scarcity as a global issue caused by urbanization, 

industrial development, and the indiscriminate use of natural water resources. Consequently, 

water treatment by membrane technology has been developing rapidly and extensively over 

the last decades. Reverse osmosis (RO) has been the preferred membrane-based technology to 

mitigate the shortage of drinking water since the 1980s [1]. The process applies hydraulic 

pressure to a feed solution (FS), for instance wastewater, as driving force for water transport 

through the membrane. Optimizing membrane selectivity, its durability and permeability, as 

well as reducing its energy consumption, have been the major steps taken to increase the 

efficiency of RO processes [2–4]. Yet, there are still drawbacks of RO-based water treatment 

such as insufficient rejection of numerous compounds [5–8]. To tackle these issues, a relatively 

novel membrane-based technology – forward osmosis (FO) – has re-emerged from its first 

appearance in the 1970s [9]. Unlike pressure-driven membrane processes, FO utilizes a 

gradient in osmotic pressure to extract water. A solution of higher osmotic pressure, named 

draw solution (DS), is used to draw water from the FS across a semipermeable membrane into 
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the DS. One of the major advantages of this technology is the absence of hydraulic pressure 

which reduces significantly CAPEX and OPEX costs compared to RO operations [10].  

Commercialization of FO technology has recently started as several setbacks have shown a 

need for optimization. Cost-effective DS recovery, process design and production of suitable 

membranes are some of the challenges that FO is presently facing. A large number of studies 

[11–18] has been published comparing FO with RO in different applications. These 

investigations have often used unequal operational conditions or even different membranes. 

There are studies using the same membrane or same water fluxes (Jw) are used for process 

comparison [19,20]. One study focuses on fouling while the other examines rejection of 

charged compounds, which makes a direct comparison between FO and RO challenging. 

Nevertheless, it has been reported in many cases that FO achieves higher solute rejection than 

RO [10,14,16–18,21–24]. 

For instance, organic compounds with low molecular weight such as phenol, aniline, and 

nitrobenzene are being rejected more effectively by FO. Cui et al. [16] demonstrated that a 

rejection of 32.4% nitrobenzene in RO was improved to 54.8% in FO. The overall low 

nitrobenzene rejection was attributed to the polar nature of the compound causing strong 

attractive interaction with the membrane. Cui et al. also observed that as the DS concentration 

was changed from 0.5M to 2M NaCl, the rejections of phenol, aniline and nitrobenzene was 

increased by 14%, 4% and 8%, respectively. A similar increase in rejection of nitrates (29%) 

and phosphates (52.1) was achieved by Devia et al. [17] when the DS concentration was raised 

from 0.5M to 2M MgCl2. In both studies, the increased Jw caused by a higher DS concentration 

was credited as the main reason for the differences between FO and RO rejection. In addition, 

an enhanced rejection mechanism based on steric hinderance for the diffusion of pollutants was 

proposed in these two studies. In contrast to RO processes, where mass transfer is only directed 

from the FS toward the permeate, in FO reverse solute flux (Js) occurs additionally. This 

counter-directed diffusion is expected to pose a steric hindrance of feed solute transport 

contributing to a higher solute rejection. This phenomenon is often referred to as retarded 

forward diffusion [13,16,17]. 

In a large study by Alturki et al. [18], the retarded forward diffusion theory was provided as an 

explanation for the rejection mismatch of 40 trace organic compounds (TrOCs) between FO 

and RO. The work revealed that the rejection of charged TrOCs was governed by size exclusion 

and electrostatic interaction without remarkable differences in rejection of both processes. 



93 

 

Contrary, rejections of neutral TrOCs were dominated by size exclusion and rejections 

achieved in FO were significantly higher than in RO operation. Xie et al. [13] further analyzed 

the retarded forward diffusion phenomenon by switching to a DS (glucose) with negligible Js 

resulting in similar rejections as observed in both processes. Hancock et al. [20] conducted an 

extensive study on the rejection of TrOC in wastewater using FO and RO processes. For some 

compounds, like bisphenol A and methylparaben, FO exhibited enhanced rejections. However, 

Jw and recoveries in RO were too different to confirm the superior rejection of FO. 

Additionally, these compounds were being adsorbed by the membranes increasing the 

difficulty to investigate the mechanisms behind rejection differences in both processes. 

Overall, there is a large diversity of studies comparing FO and RO rejection where conditions 

are not kept comparable. Many of these studies are at lab-scale whereas several others do not 

adhere to the same operational conditions such as flux or recovery [13,16,17,20,25]. 

Additionally, in some of these studies, differences in membrane fouling, pH, solute charge, 

solute adsorption, and solute polarity were further factors affecting the comparability of 

rejection for FO and RO.  

In this study, we investigated the feed solute rejection of the commercial inner-selective 

biomimetic hollow fiber forward osmosis (HFFO) membrane Aquaporin Inside® HFFO220 

(2.3 m2) in FO and low-pressure RO operation. We compared the rejection of both processes 

using an untreated HFFO220 module as well as a water-flux-enhanced module developed in 

our previous study [26]. Permeate flux, process recovery and temperature were kept equally in 

FO and RO operation to enable a comparison of feed solute rejection of both processes. Feed 

solutes selected were caffeine and nicotinamide as uncharged target compounds to exclude any 

influence of solute-charge-based rejection mechanism. Additionally, we studied the effect of 

draw flow rate, draw solute type and draw solute concentration to elucidate the mechanisms 

behind the enhanced FO rejection. 

 

2. Materials and Methods 

2.1 Materials  

 

The forward osmosis membrane modules used, kindly provided by Aquaporin A/S (Kgs. 

Lyngby, Denmark), are commercially available HFFO220 membrane modules (2.3 m2). The 
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detailed specifications are described in the supplementary information SI.1 section. The salts 

used as DS were NaCl and MgCl2·6H2O from AzkoNobel A/S (Copenhagen, Denmark) and 

MgSO4·7H2O purchased from Tab-Sol (Straszęcin, Poland), all were food-grade quality. As 

FS marker, nicotinamide (≥99%) and caffeine (≥99%) from Sigma Aldrich were used. All 

solutions used in the tests were prepared with deionized (DI) water (σ < 10µS/cm).  

 

      2.2. Methods 

      2.2.1 HFFO membrane modification  

 

The characteristics and development of the flux enhanced HFFO220 modules are mentioned 

in the previous study by these authors [26]. In summary, Jw of the HFFO220 modules was 

improved with a chlorination post-treatment step by NaClO. In this study, the untreated HFFO 

modules will be referred to as original membranes and denoted HF-O. They will be contrasted 

with modified HFFO modules, referred to as chlorinated membranes and denoted HF-C.   

 

      2.2.2. Rejection tests with HFFO modules  

 

Two chlorinated membrane (HF-C) and two original membrane (HF-O) modules were 

independently tested in a FO and a low-pressure RO setup. The schematic flow diagram of 

both systems and their specific characteristics were the same as the ones described in our 

previous study [26]. FS for all RO and FO experiments consisted of a mixture solution of 40 

mgL-1 of caffeine and nicotinamide. Both compounds are non-charged and are not expected to 

interact electrostatically with neither the support nor the selective layer of the membrane.  

In the FO setup, the controlled and measured parameters were pressure, flow rate, temperature 

and solute concentration of DS and FS as well as concentrate conductivity and weight increase. 

All experiments were conducted in single pass operation. Weight increase in the concentrate 

tank was used to calculate Jw assuming a density of FS and concentrate of 1000 kg/m³. 

Conductivity of the concentrate was used to determine Js. Equations used for the calculations 

of Jw, Js, specific reverse solute flux (Js/Jw) can be found below. 
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𝐽𝑊 =
�̇�𝐹𝑆−�̇�𝐶𝑜𝑛𝑐𝑒𝑛𝑡𝑟𝑎𝑡𝑒

𝐴𝑀
  (1) 

𝐽𝑆 =
�̇�𝐶𝑜𝑛𝑐𝑒𝑛𝑡𝑟𝑎𝑡𝑒∗𝜎∗𝜅

𝐴𝑀
  (2) 

Where VFS and VConcentrate are the flow rates of the feed solution and concentrate respectively, 

AM is the membrane area and σ is the conductivity of the concentrate. κ is the conversion factor 

from conductivity to concentration, which is constant in the low concentration range of 

concentrate outlet. 

In this study, the rejection was calculated based on a mass balance of the feed solute (see 

below). While rejection calculations based on concentrations are directly influenced by the 

water flux, a mass balance allows a water flux independent determination of rejection.  

𝑅 = 1 −
𝑐𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒∗�̇�𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒

𝑐𝐹𝑆∗�̇�𝐹𝑆
  (3) 

𝑐𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒 =
𝑐𝐷𝑆,𝑜𝑢𝑡∗�̇�𝐷𝑆,𝑜𝑢𝑡 

�̇�𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒
  (4) 

Where cpermeate and cFS are the concentrations of the permeate and feed solution respectively 

and Vpermeate is the flow rate of the permeate. cDS,out is the concentration in the draw outlet and 

VDS,out is the flow rate of the draw outlet.  

For FO, all membranes were tested under the operational conditions shown in Table 1.   

Table 1. Operational conditions for the standard forward osmosis (FO) tests. During the FO 

experiments only one of the shown parameters was altered while the other parameters were 

kept constant. TMP: transmembrane pressure. 

Standard operational conditions for the FO performance tests 

Feed Draw Applied TMP Temperature 
Operation 

mode 

Flow Solution Flow Bar oC - 

46 Lh-1 

H2O (DI) 

Nicotinamide 

Caffeine 

*25 Lh-1 0 25 FO 
Counter-

current 

*Draw flow rate was reduced for the HF-C to maintain a 50% recovery 
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In order to compare rejection between FO and LPRO mode, the FS flow rate was set to 46 Lh-

1 and the recovery to 50% resulting in a concentrate flow rate of 23 Lh-1 and a water flux of 10 

Lm-2h-1. The use of an FO membrane in LPRO operation is not representative of a typical RO 

application. However, the use of equal process conditions and same membrane allows the 

investigation of the differences in rejection of osmotic and pressure driven membrane 

processes.  

In addition, different draw flow rates, pressures, draw solutes and draw concentrations were 

studied in FO tests to investigate the effect of these parameters on the rejection. 

Transmembrane pressure (TMP) was altered between 0-2 bar and draw flow rate was changed 

from 25 up to 100 Lh-1. The different draw solutes and concentrations investigated in this study 

are listed in table 2. The concentrations of the various draw solutes were adjusted according to 

equal osmotic pressures based on the Van’t Hoff equation [7,27]. All flow rates used yielded 

laminar flows.   

Table 2. Characteristics of the draw solution used for the FO tests. 

 Concentration Osmotic pressure 

 M bar 

NaCl 0.50 27.7 

 0.75 37.1 

 1.00 49.5 

 1.50 74.3 

MgCl2 0.32 27.7 

 0.50 37.1 

 0.58 49.5 

 0.85 74.3 

MgSO4 0.77 27.7 

 1.15 37.1 

 1.54 49.5 

 2.53 74.3 



97 

 

In the LPRO setup, the controlled and measured parameters were pressures, temperatures and 

solute concentrations of FS and permeate as well as permeate weight increase and feed flow 

rate. These parameters were used to calculate rejection based on the equation 3 and to calculate 

Jw as shown below.  

𝐽𝑊 =
�̇�𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒

𝐴𝑀
  (5) 

Where Vpermeate is the flow rate of the permeate in the LPRO system. Experiments were 

conducted at 5 and 7 bar TMP and feed flow rates were maintained at 46 Lh-1. The pressures 

were chosen to obtain a Jw of 10 Lm-2h-1 leading to a recovery of 50% for both membranes; 5 

bar was needed for HF-C and 7 bar was needed for HF-O. 

 

Initial setup stabilization was performed in FO and LPRO operation to verify steady values of 

membrane performance (Jw, Js/Jw) and rejection. Moreover, all membranes were exposed to 6 

hours of testing where samples were taken every 30 minutes in order to account for changes of 

the membrane performance over time. Nicotinamide and caffeine concentrations were 

determined by a High-Performance Liquid Chromatography (HPLC) analysis from 

Thermofisher (Dreieich, Germany). Both compounds were analyzed using a Phenomenex, 

Kinetex 2.5 µm Biophenyl 100Å, 150x4.6mm column with UVD detector (265nm). Conditions 

of the analysis were as follows: Mobile phase 45% v/v methanol and 0.1% v/v formic acid, 

column temperature at 40°C, sample temperature at 15°C. The analysis time was 5 minutes, 

and the retention times were 1.68 minutes for nicotinamide and 4.10 minutes for caffeine. 

Calibration curve range was between 0 and 40 mgL-1. 

 

3. Results and discussion  

 

In this section, results of experiments conducted with chlorinated and unmodified HFFO 

modules operating in FO and LPRO mode are presented and discussed, alongside solute 

rejection values. First, rejection tests in LPRO mode were performed to set a benchmark value 

and compared to FO results. Then, FO rejection tests under different conditions were examined 

to investgate the mechanism behind the higher rejection of nicotinamide and caffeine in FO 

compared to LPRO mode.  
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3.1 LPRO tests 

 

Both types of membranes, HF-O and HF-C, were assessed at 5 and 7 bar TMP with a caffeine 

and nicotinamide marked solution as FS. Figure 1 shows the rejections of nicotinamide and 

caffeine and respective fluxes generated during LPRO tests. As observed in the previous study 

[26], chlorinated membranes showed higher Jw and lower solute rejection than the original 

membranes due to their looser and thinner polyamide layer [26,28].  

 

Figure 1: Rejections of nicotinamide and caffeine and respective water fluxes (Jw) for HF-C 

and HF-O modules in low pressure reverse osmosis (LPRO) tests. FS composed of a 

nicotinamide and caffeine mixture in a concentration of 40 mgL-1 for each component. 

With a pressure increase from 5 to 7 bar, the HF-O module exhibited an increase in Jw from 

5.1 to 8.8 Lm-2h-1 in comparison to the HF-C module, which showed a Jw increase from 10.3 

to 16.4 Lm-2h-1. Solute rejection was preserved throughout the pressure increase, whereas the 

HF-O module showed a nicotinamide rejection of about 84% and a caffeine rejection of about 

99%. In contrast, HF-C showed a nicotinamide rejection of about 69% and a caffeine rejection 

of about 98%. It has been often observed that an increase in pressure in RO inevitably increases 

Jw and enhance rejection [7,19,29]. Improved rejection due to a pressure surge is attributed to 

the increased permeate flux and membrane compaction [7]. A higher water flux dilutes the 

solute in the permeate and thus, improving the membrane rejection. Therefore, we have 
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calculated the rejection based on a mass balance as shown in equation 3. Furthermore, the 

increase from 5 to 7 bar TMP is not expected to compact the membrane significantly, which 

would increase rejection. Here, this outcome can be noticed in Figure 1, where the change in 

caffeine and nicotinamide rejection is neglectable compared to the observed increase in Jw.  

Lastly, all membranes rejected caffeine to a higher degree than nicotinamide. Both compounds 

are neutrally charged under the conditions used in this study, which discards charge interaction 

with the membrane surface as a potential reason. As a result, the differences in rejection can 

be related to solute molecular weight. Caffeine has a molecular weight of 194.19 gmol-1 and 

nicotinamide 122.12 gmol-1.  

 

3.2 Solute rejection in FO and LPRO operation 

 

To compare FO and LPRO solute rejection for both membrane modules (HF-O and HF-C), 

recovery of 50% at a Jw of 10 Lm-2h-1 was used. The LPRO conditions used were based on 

previous experiments (Figure 1), and FO conditions are listed in Table 1. Figure 2 summarizes 

the rejection and solute passage for caffeine and nicotinamide in both FO and LPRO mode. 

Figure 2b represents the same data as Figure 2a and was used because it shows the differences 

in rejection more distinctly.  

 

Figure 2: a) Rejection and b) solute passage of nicotinamide and caffeine for HF-C and HF-

O modules in FO and RO operation. FS composed of a nicotinamide and caffeine mixture in a 

concentration of 40 mgL-1 for each component. Permeate flux for all modules and testing 

conditions was 10 Lm-2h-1 at 50% recovery. Standard deviations were negligible and cannot 

be seen in this figure. 

a) b) 
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As stated previously, HF-C exhibits lower solute rejection (higher solute passage) than HF-O 

for both solutes due to its modified selective layer both in FO and LPRO. Again, caffeine 

obtained the highest rejection values and the lowest solute passage values respectively for both 

FO and LPRO tests due to its higher molecular weight. For both processes and membrane 

types, rejection was continuously above 98% and solute passage below 2%. In contrast, 

nicotinamide rejection exhibited more visible differences between processes and membranes 

applied. In FO tests, HF-O membrane reached 94.8% (5.2% solute passage), and HF-C 

obtained 85.5% rejection (14.5% solute passage). The rejection of nicotinamide in LPRO tests 

was significantly lower: HF-O membrane achieved 85.5% (14.5% solute passage) and HF-C 

membrane exhibited 69.6% rejection (solute passage of 30.4%). Although the difference 

between FO and LPRO rejection of nicotinamide is more pronounced, change of the solute 

passage is significantly higher for caffeine (38 times for HF-C and 80 times for HF-O) in FO 

operation than in LPRO operation.  

To summarize the results in Figure 2, it can be concluded that FO exhibited higher rejections 

of both solutes and membranes compared to LPRO mode when operated at equal permeate flux 

and recovery indicating a distinct effect of the FO operation. 

Mass transport across membranes depends on the driving force and the resistance of a 

component to pass through the membrane. Thus, process-related differences of these physical 

quantities between FO and RO may help to explain the observed lower mass transport of solutes 

in FO operation.  

Assuming that the effect of pressure in LPRO on the polymeric network of the membrane is 

neglectable, the only difference between FO and LPRO operation regarding transport 

resistance may arise from the counter-directed Js of the draw agent in FO operation. While in 

LPRO net mass transfer only occurs in one direction, from the FS to the permeate, in FO 

operation the presence of draw solutes causes the counter-directed Js. As mentioned in the 

introduction, Xie et al. [13] showed an increased rejection in FO operation and it was attributed 

to the steric hindrance of feed solute transport in the polymeric network caused by the counter-

directed Js.  

On the other hand, D’Haese et al. [30] investigated theoretically the impact of salt diffusion on 

FO rejection by altering variable parameters in a sensitivity analysis. He concluded that an 

additional resistance due to solute friction of oppositely directed draw agent and feed solute 

diffusion would rather occur in the membrane support layer than in the dense selective layer. 
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The water-filled porous support layer poses a resistance that is magnitudes lower for solute 

diffusion compared to the resistance in the active layer which is dominated by friction between 

solutes and the dense polymer network itself. Therefore, D’Haese expects the effect of counter-

directed diffusion in the support layer to be greater than in the active layer. In particular, larger 

and strongly hydrated draw solutes could hinder the transport of feed solute towards the draw 

bulk phase leading to a lower concentration gradient across the active layer and thereby 

increasing its rejection in FO operation. 

Besides the resistance for mass transport, FO and RO differ regarding the driving force for feed 

solute flux. In both processes the driving force for mass transfer of each component 𝑖 is the 

difference in its chemical potential (Δ𝜇𝑖) across the active layer. Presuming a neglectable 

influence of pressure [7,31], the feed solute’s chemical potential in the FS are equal for both 

FO and LPRO experiments. In contrast, on the permeate side of the active layer the solution’ 

composition differs for FO and LPRO operation. While in LPRO the feed solute’s chemical 

potential is only determined by its interaction with water, in FO operation it is additionally 

influenced by a secondary solute, the draw agent.  

An increase in the solute’s chemical potential by addition of a salt-based secondary solute can 

be found in salting-out effects of organics due to the presence of certain ions [32–35]. 

Assuming a comparable effect of salt on the investigated organic compounds nicotinamide and 

caffeine, an enhanced rejection may be caused by the presence of an ionic draw solute 

increasing the chemical potential of the feed solute.  

 

3.3 Feed pressure influencing FO rejection 

 

TMP was increased stepwise during FO operation from 0 to 2 bar. Nicotinamide and caffeine 

rejection results alongside Jw and Js values are shown in Figure 3. As shown in Figure 3a, 

rejection was maintained constant when TMP was varied in FO operation. Likewise, to the 

results obtained in section 3.2, the HF-O module achieved about 94% rejection for 

nicotinamide and 99% for caffeine, whereas the HF-C module reached about 85% rejection for 

nicotinamide and 99% for caffeine, despite applied TMP. Similarly, Js results were also steady 

for both membranes: 1.2 gm-2h-1 for HF-O and 2.2 gm-2h-1 for HF-C (see Figure 3b). In contrast, 
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Jw does slightly increase with TMP from 13.0 to 16.4 Lm-2h-1 for HF-C and from 9.5 to 11.7 

Lm-2h-1 for HF-O.  

 

Figure 3: a) Rejection of nicotinamide and caffeine and b) Jw and Js for HF-C and HF-O as 

a function of TMP. FS composed of a nicotinamide and caffeine mixture in a concentration of 

40 mgL-1 for each component and DS applied was 0.5M NaCl. 

The increase in Jw is expected, as pressure in the FS facilitates the transport of water to the 

draw side. However, this does not alter rejection. Fickian diffusion of aqueous solutes is not 

significantly influenced by pressure [7], as opposed to temperature, which significantly raises 

the kinetic energy of molecules [7,26,36]. It is therefore expected that solute diffusion (and 

thus rejection) does not change with pressure. Negligible variations on the solute rejection can 

be seen throughout the experiment but considering the standard deviations, we assume these 

changes to not be significant. In these tests, changes in Js due to TMP are also negligible and 

thus, a comparable draw concentration at the active layer interface can be assumed leading to 

a similar feed solute rejection.   

 

      3.4. Draw flow rate impact on feed solute rejection 

 

Results obtained by varying the draw flow rate (25-100 Lh-1) are summarized in Figure 4. Star-

shaped data points seen in Figure 4a represent rejection values achieved during LPRO 

operation, which in the graph are located at 0 Lh-1 draw flow rate. Regarding caffeine rejection, 

HF-O and HF-C achieved minor increases as rejection values were higher than 99% throughout 
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the experiments. For nicotinamide, HF-O membranes reached an increase in rejection from 

93.7% to 98.0% while HF-C increased its rejection from 84.5% to 93.5%. In terms of FO 

performance, HF-O exhibited a Jw increase from 9.0 to 11.2 Lm-2h-1 and a Js increase from 1.2 

to 1.7 gm-2h-1, whereas HF-C exhibited a Jw increase from 13.6 to 17.1 Lm-2h-1 and a Js increase 

from 2.2 to 3.1 gm-2h-1.  

 

Figure 4: a) Rejection of nicotinamide and caffeine and b) Jw and Js for HF-C and HF-O as 

a function of the draw flow rate. FS composed of a nicotinamide and caffeine mixture in a 

concentration of 40 mgL-1 for each component and DS applied was 0.5M NaCl. Star-shaped 

points represents the values obtained in RO operation. 

The increases in Jw and Js with draw flow rate are in agreement to our previous study [26]. An 

increase in draw flow rate causes an increment of average draw concentration along the module 

length. Therefore, the average osmotic pressure gradient across the selective layer is increased, 

elevating Jw and a higher quantity of draw salt diffuses to the FS, increasing Js. Rejection for 

both investigated feed solutes is enhanced by the rise in draw flow rate. Since the rejection is 

based on the mass balance of the feed solute (Equation 3), the increase in rejection cannot be 

attributed to the increase in Jw, but to the presence of the draw agent. Therefore, we can theorize 

that an increase in Js resulted in the enhancement of the solute rejection, supporting the 

hypothesis of the retarded forward diffusion. However, Js increases are minor, which indicates 

that the rise in rejection can also be attributed to steric hindrance by the presence of a higher 

draw concentration in the membrane support as well as to the decrease in chemical potential 

gradient of the feed solute. In particular, LPRO data in Figure 4a supports the introduced 

hypotheses as the presence of DS in the process shows a steep increase in solute rejection. 
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      3.5 Draw salt type and concentration 

 

To investigate the influence of different salts on the solute rejection, NaCl, MgCl2 and MgSO4 

at various concentrations were used. The experiments were run at the conditions given in Table 

2. Draw concentrations were adjusted to obtain the same osmotic pressure for all salt solutions. 

The results obtained are summarized in Figure 5.  

 

Figure 5: a) Rejection of nicotinamide for and b) Js for HF-C and HF-O as function of the 

osmotic pressure of the DS type. FS composed of a nicotinamide and caffeine mixture in a 

concentration of 40 mgL-1 for each component and draw solutes applied were NaCl, MgCl2 

and MgSO4. Star-shaped points represents the rejection values of nicotinamide obtained in RO 

operation. 

For caffeine rejection, the influence of the draw type and concentration is barely 

distinguishable due to its high rejection values (above 99%). As a result, only nicotinamide is 

shown in Figure 5. 

In Figure 5a, by raising NaCl concentration, HF-O modules exhibited a nicotinamide rejection 

increase from 94.1% to 97.2% while for HF-C modules nicotinamide rejection increase from 

83.7% to 90.9%. Similarly, for an increased concentration of MgCl2, HF-O achieved an 

increase in nicotinamide rejection from 94.5% to 97.5% while HF-C modules achieved an 

increase from 85.6% to 89.5%. Finally, when MgSO4 was applied as a DS and the draw solute 

concentration was elevated, HF-O modules obtained an increase inrejection from 90.0% to 

94.7% and for HF-C modules rejection raised from 83.6% to 90.0%. As a side effect of the 

operation with elevated draw concentrations, Js values increase for all investigated draw 
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solutes. As shown in Figure 5b, the most pronounced increase of Js is obtained for NaCl and 

the less selective membrane HF-C (Js increase from 2.2 to 4.8 gm-2h-1). Obviously, a minimal 

dependency of Js regarding the concentration of the applied DS is observed for larger draw 

solutes (MgSO4) combined with the more selective membranes (HF-O). Here, Js increases from 

0.5 to 0.7 gm-2h-1 over investigated concentration range. Furthermore, the increased 

concentration of the DS results in significantly higher Jw.  

The data summarized in Figure 5 further supports the retarded forward diffusion hypothesis, 

where the salt with the lowest Js (MgSO4) obtains the lowest nicotinamide rejection for both 

membranes and all test concentrations. Nonetheless, these rejection differences are not 

substantial compared to the large disparity in Js between the investigated draw salts.  

 

Xie and Hancock et al. [13,20] examined the retarded forward diffusion phenomenon for FO 

and RO for bisphenol A under similar permeate fluxes when switching DS from NaCl to 

MgSO4. They reported that negligible values for Js (< 0.5 gm-2h-1) using the latter draw salt 

caused solute rejection in FO and RO to be similar. Consequently, the data supplied by 

Hancock and Xie fully supported the retarded forward diffusion mechanism as an explanation 

for an enhanced rejection in FO compared to RO operation. In contrast, in this study we also 

achieved low Js values using MgSO4 comparable to those found by Hancock and Xie, but 

rejection in FO remains significantly higher than the rejection in LPRO operation. Hence, we 

assume that the elevation of chemical potential of the feed solute by the presence of a secondary 

ionic solute lowers the driving force for feed solute mass transport and thus, a significant 

difference in rejection between FO and LPRO operation can still be observed for MgSO4. This 

is in good accordance with Hofmeister’s series of anions, which indicate a stronger salting-out 

effect of sulphate ions compared to chloride ions and thereby leading to a higher increase in 

feed solute’ chemical potential by sulphate ions [32,33,37–39]. 

As a result, we might be dealing with two mechanisms enhancing feed solute rejection; retarded 

forward diffusion in both the dense active and the porous support layer as well as a decrease in 

driving force due to elevation of the chemical potential of the feed solute by secondary ionic 

solutes. In fact, both of those mechanisms are interconnected and distinction of them is difficult 

since increased draw concentrations are related to both, elevation of feed solutes chemical 

potential and increased Js. Overall, the influence of a secondary solute on the chemical potential 
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of another solute cannot be easily predicted. Further analysis and molecular simulations may 

help to support this theory in the future. 

 

4. Conclusion 

 

Rejection of two neutral trace organic compounds, namely caffeine and nicotinamide, was 

investigated in both FO and LPRO operation by commercially available FO membranes. The 

rejection of both compounds was enhanced in FO compared to LPRO operation, applying the 

same Jw of 10 Lm-2h-1, and a recovery of 50%. Comparing the rejections of caffeine and 

nicotinamide, caffeine rejection was higher in both modes due to its increased molecular 

weight.  

FO operation tests with applied TMP indicated that neither pressure nor Jw were the main factor 

responsible for enhanced FO rejection. Thus, it is expected that the rejection differences 

between both processes is related to the presence of a draw solute on the permeate side of the 

membrane. In line with the obtained results and available literature, these differences between 

FO and LPRO operation could be explained by retarded forward diffusion of feed solutes to 

the DS. The NaCl DS exhibiting the highest Js obtained the highest solute rejection as well, 

supporting the idea of steric hinderance of feed solute transport due to the counter-directed 

draw solute flux. Yet, for DS with negligible Js (MgSO4) FO still maintained its superior 

rejection compared to LPRO operation indicating an additional mechanism based on the 

elevation of chemical potential which leads to a reduced driving force for feed solute transport.  
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Chapter 4: Manufacturing of novel HFFO membranes 

 

In this Industrial PhD, the development of novel hollow fibers (HFs) able to treat high-

particulate FS in FO is described. To avoid severe fouling in the support layer, it is unavoidable 

that the FS is in contact with the active layer of the membrane. Two approaches were 

investigated: a) membrane coating on the outer surface of the HF before potting the fibers into 

a module and b) coating the lumen side of larger inner diameter HF already potted into a 

module. Due to the confidentiality of the development of these novel products for Aquaporin 

A/S, only limited information can be provided in this Chapter. 

 

Outer-selective HFFO – Commercial fibers  

To develop a procedure for outside coating of HFs, commercially available outside-in filtration 

UF membranes were investigated as a membrane support. Commercial HF’s with morphology 

of the support with macro voids close to the lumen combined with narrow pore size distribution 

on the outer side with MWCO below 300 kDa were targeted. A total of 4 types of hollow fibers 

were identified; two from Microdyn-Nadir (MN) (Germany) and two from Polymem (PM) 

(France). Membranes from MN were composed of polysulfone (PSf) and polyacrylonitrile 

(PAN), and membranes from PM were composed of PSf and polyvinylidene fluoride (PVDF). 

Since PVDF and PAN are hydrophobic, the support surface hydrophilicity was increased by 

pretreatment in order to enable PA attachment to the support. In terms of hydrophilicity, PSf is 

still the best choice, but in terms of mechanical and chemical stability, PVDF is the better 

option for applications.  

Table 1: Specifications for the commercial hollow fibers used for developing HFFO 

membranes. 

MN membrane MWCO (kDa) 
Inner diameter 

(mm) 

Support 

structure 

PSf 100 0.5 sponge-like 

PAN 200 1 finger-like 

PM membrane MWCO (kDa) 
Inner diameter 

(mm) 

Support 

structure 

PSf 50 0.8 finger-like 

PVDF 10 0.8 sponge-like 
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Coating process  

Coating a PA layer in the outer-surface of the HF can be performed by two methods: coating 

loose fibers and then assemble a module with them, or coating the fibers already in a module 

vessel. The latter method is efficient for initial testing; however, it would present difficulties 

as the membrane area increases. Fibers in the module would not be able to touch each other, as 

it would interfere with the interfacial polymerization (IP) process, therefore the module design 

would be far too complex and expensive. For proper scalability of the process, it is easier to 

coat the loose fibers and then fabricate the membrane module. Similarly, as flat sheets are 

coated in industry, outer-selective HFs would require a continuous coating process where the 

fibers are submerged in monomer solutions. Hence, the membranes investigated were coated 

imitating this process as shown in Figure 1.  

 

Figure 1: Schematic diagram of the coating process for outer-selective HFFO membranes. 

 

The formation of a PA layer was found to be highly dependent on the proper MPD wetting and 

drying of the outer surface. Different conditions of drying by hot air or oven did not leave a 

thin film of MPD solution on the support surface for the IP to take place. Therefore, coating 

the available membranes with these methods proved to be unsuccessful. Meanwhile, the first 

success of outside coating of HFFO membranes was reported by a team at University 

Technology of Sydney (UTS) led by Professor Shon [1]. They developed a membrane support 

specifically customized for the attachment of a PA layer on the outer-surface of the fiber and a 

module vessel for coating in a module. They overcame the MPD step issues by a vacuum-

assisted drying step, which allowed a retention of a thin film MPD layer in the support after 

drying. Although the formation of a PA layer on the fiber outer side was successful, the 

HF

MPD solution

Blocked 
edges

Air/oven drying

TMC solutionOven drying

Module for testing
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membrane selectivity was limited. Thus, even if not ideal, vacuum-assisted drying was then 

used for this section of the thesis with pre-made modules (Figure 2). 

 

Figure 2: Schematic diagram of coating process with modules and a vacuum-assisted drying 

step. 

 

PM and MN membranes were potted in small modules before coating and the effect of drying 

by pressure reduction on the lumen side was investigated. Vacuum seemed to retain a thin film 

of MPD solution in the support layer and thus aid the proper formation of the PA on the fiber 

shell side. Although it is not feasible to integrate a vacuum step in a continuous coating process 

in a pilot plant, experiments were run with the lowest possible values of vacuum while still 

forming a PA layer. The lowest absolute-pressure vacuum applied was 100 mbar and only PM 

membranes (PVDF) formed a PA layer under these conditions.  

 

PVDF membranes from PM remarkably obtained the best FO performance. Using a DS of 1M 

NaCl and deionized water as FS, the PVDF membranes achieved a Jw of 12 Lm-2h-1 and Js of 

4 gm-2h-1. The reason behind this may be that PVDF had the lowest pore size in the outer 

surface of the fibers from all the membranes tested. For wastewater applications, especially for 

membrane bioreactors, PVDF is preferred for its high tensile strength and low fouling 

propensity. Thus, PVDF membranes were identified for future scalability tests with a small 

pilot plant from PM, for continuous coating process (Figure 3). Vacuum would not be applied 

in the plant, but the rollers used in the process may be used to induce a slight pressure that 

could imitate the vacuum-assisted drying effect and produce a proper PA. However, due to the 

emerging COVID-19 situation, collaboration with PM for the usage of the pilot plant was 

delayed and it could not be performed during this PhD project.  

Aqueous solution Air Drying Submerged in deionized water overnight 

Vacuum-assisted dryingOrganic solutionOven drying
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Figure 3: Schematic diagram of a continuous coating process for outer-selective HFFO 

membranes. 

 

Outer-selective HFFO - Customized fibers 

As the upscaled process with a pilot plant could not be carried out, optimization of modules 

created by Shon et al. from UTS by applying an aquaporin-based formulation was investigated 

instead. Even though their lab-scale HFFO modules could not be easily upscaled, the optimized 

coating process was still promising for osmotic membrane bioreactor (OMBR) applications. 

UTS HFFO prototypes presented a Jw of 10-20 Lm-2h-1, however, the Js of the developed 

modules were high, with levels 3-7 gh-1m-2 which could be problematic as high FO selectivity 

is needed in these applications to mitigate salinity build-up in the bioreactor.  

Therefore, Chapter 4.1 explores the use of an aquaporin-based formulation with Pluronic® 

nanostructures to enhance the selectivity of the outer-selective HFFO membranes from UTS. 

The findings of this study are presented in chapter 4.1 as a manuscript under review in 

Chemical Engineering Journal and entitled Enhancing selectivity of novel outer-selective 

hollow fiber forward osmosis membrane by polymer nanostructures. 

The ideal concentration of the aquaporin-based formulation was at 0.1% addition in the 

aqueous solution during coating. Results indicated that FO selectivity was enhanced by 

decreasing Js in 250% compared to the UTS prototype, while Jw was not affected. Membrane 

surface and hydrophilicity were analyzed by scanning electron microscope (SEM) and contact 

angle analysis. Results showed a significant morphological change of the membrane surface 

and an increase in its hydrophobicity by an increase in the contact angle measurements. 

Nanostructures in the formulation have amino-end chains, poly-ether monoamine (PMA), 

which can react with TMC during the coating process and integrate themselves in the PA layer. 
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It is known that PMA additive is highly hydrophobic [2], which explains the increase of the 

contact angle measurements. Nevertheless, the addition of the nanostructures to the PA layer 

significantly increased the selectivity of the membrane and these aquaporin-based 

nanostructures maintained the Jw of the FO membrane even with the PMA increasing the 

membrane hydrophobicity. To further corroborate the advantages of the new membrane, 

rejection studies using urea as a target compound were performed. Urea was chosen for its 

small molecular weight and absence of charge, to eliminate any possible electrostatic 

interactions between the forward solute and the FO membrane. The outcome of the tests 

showed an increase in urea rejection of 11% compared to the virgin membrane. The selectivity 

improvement of the outer-selective HFFO modules, regarding Js and urea rejection, 

demonstrated that the formulation provides a solution for increasing the PA layer quality and 

produces reasonable Js values (< 3 gm-2h-1) for using in membrane bioreactor applications.  

As the aquaporin-based formulation was able to increase the membrane selectivity (Js) without 

decreasing Jw, it was used in combination with another additive, graphene oxide (GO). GO has 

been used in literature [3,4] as an additive to increase Jw due to the reduction of the cross-

linking density of the PA layer. Although defects like cracks can be easily formed when 

embedding GO into a PA layer, the combination of the aquaporin-based formulation with a GO 

solution was successfully implemented in a flat sheet FO membrane within this PhD project 

[5]. The best membrane found in the mentioned study, TFN50, exhibited around 3 times higher 

Jw than that of the pristine membrane while maintaining a similar Js/Jw.  

 

Large inner diameter HFFO  

In Chapter 4.2, the development of a large inner diameter HFFO membrane is described. 

Various UF membranes are investigated as a FO membrane support with different MWCO, 

wall thickness and inner diameter. The coating process protocol is developed and optimized. 

Based on the quality of the PA layer of the membranes and complexity of the coating process, 

a rough ideal list of characteristics for UF membranes is developed for achieving a proper FO 

membrane. Table 2 shows the ideal membrane support characteristics concluded from this 

study.  
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Table 2: Ideal characteristics for HFFO membrane support that facilitates the coating process. 

PES; polyethersulphone. 

Characteristics for HFFO support Ideal value/range 

Inner Diameter for high-particulate FS 0.5-2 mm 

Membrane material PSf – PES 

MWCO ≤ 100 kDa 

Wall thickness for high-particulate FS 0.2-0.25 mm 

Pure water permeability 40-150 Lm-2h-1bar-1 

Maximum temperature tolerance ≥ 60 ºC 

 

The most promising membranes developed were used for an upscaled coating process 

experiment. Membranes were successfully coated with a membrane area of 3 and 5 m2 and a 

module length of 1 meter. Both sizes of the newly developed membranes are very promising 

as a FO membrane for high-particulate FS. Although an outer-selective HFFO membrane is 

highly preferred in membrane bioreactor applications as a submerged module, the optimization 

and scalability of the coating process still needs to be significantly developed and investigated. 

In contrast, the large inner diameter HFFO membrane developed here can be implemented 

more rapidly into the water treatment market as it requires less development.  

Overall, Chapter 4.2 describes the successful transition from initial fibers screening to lab-scale 

modules and industrial-scale modules (Figure 4). Currently, the industrial-scale modules are 

being further developed to be introduced as a final product in the FO market.  

 

Figure 4: Diagram of product development for large inner diameter HFFO membranes (where 

C and D are the selected fibers) 
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1. Introduction 

 

 As an emerging membrane technology for low-energy desalination and water 

treatment, forward osmosis (FO) in membrane processes has been discussed in the field of 

water and wastewater treatment [1–4]. The main driving force of FO is the osmotic pressure 

difference generated from the salinity gradient between a high saline draw solution (DS) and a 

low saline feed solution (FS), thus it does not require applied pressure to filtrate feed water. In 

addition, FO appears to have a lower fouling propensity compared to ultrafiltration (UF), 

nanofiltration (NF) or reverse osmosis (RO) as there is no hydraulic compression of 

accumulated foulants on the membrane surface [2,5]. However, there are challenges in ensuring 

an efficient FO processes to separate purified water from diluted DS permeate as well as to re-

concentrate the diluted DS [6–9]. Regarding the FO membrane itself, the main challenge is to 
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guarantee high water permeability, low solute permeability, low fouling propensity and 

industrial scalability [3,9,10].  

 Combining FO and membrane bioreactor (MBR) technology for wastewater treatment, 

the hybrid concept of osmotic MBR (OMBR) was first addressed in 2008 [2,11,12]. Since then, 

numerous research activities for OMBR processes under either aerobic or anaerobic conditions 

have been conducted [13–15] with the aim that the treatment process has a lower energy 

consumption and less fouling potential than conventional MBR processes [11]. Furthermore, 

highly purified permeate in OMBR processes would be produced by a highly selective FO 

membrane, i.e. with retention of organic carbon (> 99%), ammonium-nitrogen (> 98%) and 

phosphate (> 98%) [11,12,16]. However, there are still several challenges to overcome the 

drawbacks of OMBR applications. First of all, reported stable water fluxes (Jw) in OMBR are 

relatively low and related to membrane properties, operating conditions such as osmotic 

pressure difference between sewage concentration and DS concentration, and the sludge 

retention time (SRT) / hydraulic retention time (HRT) ratio [11,17]. Secondly, membrane 

fouling from highly turbid feed water in the OMBR may aggravate separation performance, 

membrane’s aging and operational costs even though FO can be considered as a low-fouling 

membrane technology [2,11,16,18]. This is due to the fouling phenomena in FO being 

complicated arising from many kinds of sources such as microorganisms, soluble macro or 

micro organics and inorganics [11]. Thus, it is essential to develop effective strategies for 

fouling control and membrane cleaning. The major issue is salt accumulation in the bioreactor 

during FO operation due to the finite reverse solute diffusion [11,19,20]. The salinity build-up 

in the bioreactor can negatively affect the physico-chemical properties and the biological 

activity of the activated sludge [11,20]. In addition, high-saline conditions in the bioreactor 

may further deteriorate the membrane via scaling.  

 Although most OMBR studies have been conducted using flat-sheet FO membranes, it 

remains challenges for developing promising and scalable FO membranes with high FO 

performance for OMBR applications. So far, only one case for OMBR using a hollow fiber 

(HF) membrane has been reported where an inner-selective layer HF (ISHF) membrane 

consisting of a polyamide (PA) selective layer on the lumen surface of a HF substrate were 

used for OMBR [18]. In general, membrane fouling would be severe in OMBR processes 

directly facing from sludge-based FS. For ISHF FO membranes it is generally not desirable to 

have the FS passing in a relatively narrow lumen due to potential deposition and accumulation 

of foulants and particulates [4,16]. In contrast an HF membrane with the PA layer formed on 
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the outside surface would bring operational benefits for OMBR applications allowing effective 

cleaning and submerged operation [4,16,21]. However, it appears quite challenging to 

uniformly form a defect-free PA layer onto the outer surface of a HF membrane substrate 

[4,22,23]. Yet, Lim et al. [4] successfully developed defect-free poly(ether sulfone) outer-

selective hollow fiber (OSHF) thin-film composite (TFC) membranes for FO applications 

through modified vacuum-assisted interfacial polymerization (VAIP) [4]. The study reported 

that the OSHF TFC membrane exhibited higher water flux, lower specific reverse solute flux 

(Js/Jw), lower fouling potential and easier membrane cleaning than ISHF membranes. Tran et 

al. [21] utilized the hand-made OSHF TFC membrane modules to optimize a lab-scale OMBR 

system for wastewater treatment [16,21]. The papers investigated strategies for fouling control 

of OSHF TFC membrane in an OMBR system including physical cleaning, osmotic 

backwashing, chemical cleaning, cross-flow, and air scouring effects. 

 To further improve FO performance, membrane have been modified by incorporating 

hydrophilic nanofillers into either polymeric membrane substrates or thin active layer for 

altering intrinsic properties (e.g. water permeability, solute selectivity, and surface 

characteristics) of TFC membranes [24,25]. Investigated nanomaterials for FO nanocomposite 

membranes include carbon-based materials such as modified graphene, graphene oxide, 

modified carbon nanotubes and carbon quantum dots or inorganic nanoparticles (e.g., colloidal 

silica, titanium oxide, silver nanoparticles) [24,26–32].  Another approach to improve the 

membrane performance is to integrate the lipid or polymer-based nanostructures into the PA 

layer of the TFC membrane[33–35]. Further increase in the performance can be obtained by 

functional reconstitution of selective water channels, such as transmembrane protein 

Aquaporin Z (AqpZ) into the polymer-based nanostructures [35]. Polymer-based 

nanostructures are known to have increased physical and chemical stability over lipids, which 

is due to the higher molecular weight (MW) of polymer amphiphiles [36–38]. This increased 

stability makes them more suitable to be used for fabrication of membranes used for industrial 

processes. Both AB diblock copolymers as well as ABA and ABC triblock copolymers are 

reported to functionally reconstitute transmembrane proteins. An example of widely reported 

AB copolymer used for proteopolymersomes is poly(dimethylsiloxane)-block-poly(2-

methyloxazoline) (PDMS-PMOXA) [39–42]. Other polymer compositions include AB 

copolymer poly(butadiene)-block-poly(ethyleneoxide) (PB-PEO) [43], ABA triblock 

copolymer poly(2-methyloxazoline)-block-poly(dimethylsiloxane)-block-poly(2-

methyloxazoline) (PMOXA-PDMS-PMOXA) [44,45] or ABC triblock copolymer 
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poly(ethylene glycol)-block-poly(diisopropylaminoethyl methacrylate)-block-

poly(styrenesulfonate) (PEG-PDPA-PSS) [46]. Use of copolymers or copolymer blends 

consisting of chains terminated with active groups for proteopolymersome preparation is 

particularly interesting, due to possibility to covalently bond the assemblies within the cross-

linked polyamide active layer of the membrane, which is speculated to improve the resulting 

membrane stability in comparison to the non-crosslinked polymersomes [35,42,47–49].  

In this study, AqpZ, an orthodox transmembrane water channel of Escherichia Coli (E. 

Coli) is reconstituted into Pluronic® based nanostructures of poly(ethylene glycol)-block-

poly(propylene glycol)-block-poly(ethylene glycol) (PEG-PPG-PEG) blend with poly(ether 

monoamine) (PMA). Such structures are then integrated into the polyamide active layer of the 

OSHF during interfacial polymerization (IP). The reason is that the recently developed OSHF 

are unable to meet the strict characteristics needed for an optimal performance in an OMBR 

due to its high reverse solute flux (Js) for this application. To tackle this problem, we evaluated 

the Pluronic ® nanostructures (PN) as an additive to drastically improve the selectivity of 

OSHF membranes. The ensuing biomimetic OSHF membrane modules were assessed by FO 

flux measurements, intrinsic membrane parameter characterization, and membrane surface 

analysis to investigate the effect of the PN on the membrane. In addition, membrane selectivity 

toward urea, as a challenging solute to reject, was examined.    

 

2. Materials and Methods 

2.1  Materials  

 

For HF membrane substrates, detailed information of the key materials was described 

elsewhere [4]. PN solution was obtained from Aquaporin A/S (Denmark) where detailed 

description of the solution was described in the patent [50]. M-phenylenediamine (MPD ≥ 

99%), trimesoyl chloride (TMC ≥ 99%) and sodium dodecyl sulfate (SDS ≥ 98.5%) used for 

vacuum-assisted interfacial polymerization (VAIP) were obtained from Sigma-Aldrich 

Denmark. N-hexane (≥ 99%) purchased from Merck (USA) was used as an organic solvent for 

dissolving TMC. In the FO performance tests, solutions used were urea (≥ 99%) from Sigma 

Aldrich (Denmark) and NaCl from Chem Supply (Australia). All aqueous solutions were made 

with deionized (D) water (σ < 14 µS/cm, Milli-Q, Millipore).  
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2.2  Characterization of Pluronic ® nanostructures 

 

Size and concentration of PN were analyzed with a Tunable Resistive Pulse Sensing (TRPS) 

instrument qNano Gold (iZON Science Ltd., New Zealand). Samples were measured using 

nanopore NP150 (iZON Science Ltd., New Zealand) at 8 bars operating pressure. Prior to 

analysis samples were diluted 50 times in phosphate-buffered saline (PBS). For the size 

calibration, 100 nm latex beads were used (CPC100, iZON Science Ltd., New Zealand).  

 

2.3  Preparation of the OSHF membranes 

 

HF membrane substrates were supplied from the Centre for Technology in Water and 

Wastewater in University of Technology Sydney, Australia. The OSHF thin film 

nanocomposite (TFN) membranes were prepared by VAIP reacted with MPD and TMC as 

aqueous and organic solutions respectively. The detailed methodologies of the VAIP, alongside 

the membrane support characteristics, are described elsewhere [4]. For incorporating PN into 

the PA layer, the PN suspension was blended into the aqueous MPD solution at various 

concentrations (0 – 0.3 wt %). Subsequently, VAIP using the PN suspension mixed MPD and 

TMC solution was conducted using the HF substrates. First, the membrane modules (6.5 cm2) 

stored in DI water were dried by vacuum suction. Second, fibers were wetted with an aqueous 

solution containing 2 wt.% MPD, 0.2 wt.% SDS and various concentrations of PN. Excess 

MPD solution on the HF membrane substrate was removed through vacuum suction of the 

modules at 900 mbar for 5 minutes. Third, 0.15 wt.% TMC solution was applied for the 

subsequent VAIP reaction. The modules were dried and cured at 80°C for 10 minutes. The 

prepared membranes modules were washed and stored in DI water at 4°C until use. 

 

2.4  Characterization of the OSHF membranes 

 

The morphology of the PA was examined by a field emission scanning electron microscopy 

(FE-SEM). Here, membrane samples were removed from the tested wet modules and coated 

with gold-palladium using a sputtering coater Leica EM ACE600 (Leica Microsystems, 

Germany). SEM images from the outer surface and cross-section of the membranes were 

imaged using a high-resolution FE-SEM Zeiss Supra 55VP (Carl Zeiss AG, Germany). The 
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elemental analysis of the formed selective layers was carried out by X-ray photoelectron 

spectroscopy (XPS) analysis with a scanning XPS microprobe Quantera SXM (Physical 

Electronics, USA) at MESA+ Institute for Nanotechnology at the University of Twente. The 

base pressure was < 7·10-10 Pa, the power of monochromatic Al Ka (hν = 1486.6 eV) was 25 

W and the current was 2.6 mA with a beam size of 100 μm. A lower energy electron flood gun 

was used to supply missing photoelectrons and Auger electrons. Low energy argon ions were 

used to remove the surplus of electrons from the electron flood gun. Reference elements 

(mostly carbon) were used to calibrate the energy scale. Using the XPS results, the cross-link 

degrees (CD) of PA polymeric layers in membrane samples were estimated by using the 

equation described elsewhere [4,51]. Surface contact angle measurements of the membrane 

were done by an optical tensiometer (Dyne Technology, England). Samples for contact angle 

measurements were taken from different spots of the membrane and repeated 5 times to obtain 

a hydrophobicity measurement of the membrane outer fiber surface.  

The intrinsic transport properties of the membranes were studied by calculating; water 

permeability coefficient (A), solute permeability coefficient (B) and structural parameter (S). 

The parameters were calculated using a 4-stage prediction model created by Tiraferri et al. [52] 

using NaCl as DS. The FO tests under various NaCl concentrations from 0.5 to 2 M were done 

following the set-up testing used in previous study [4].  

 

2.5  Evaluation of the OSHF membrane 

 

The FO performance of the membranes modules was evaluated using a laboratory-scale FO set 

up as described in our previous studies [4]. Coated pristine membrane modules, with coated 

without aquaporin proteins were used as control and compared to aquaporin-doped membranes 

with different concentrations of the PN solution. Comparison tests were done in batch mode 

with DI water and 1M NaCl used as FS and DS, respectively. FO performance of the tested HF 

modules was analysed by measuring Jw, Js, and specific reverse solute flux (Js/Jw). The 

recirculated feed weight recorded on the balance was used to calculate Jw as: 

 

Jw =
(mF,in−mF,out)

SA∙∆t
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where mF,in and mF,out represent the initial and final mass of the FS. Δt represents the time 

interval of the experiment and SA represents the membrane area of the module. Js was measured 

experimentally as:  

 

Js =
Cf𝑁𝑎𝐶𝑙∙V𝐹−Ci𝑁𝑎𝐶𝑙∙V0

SA
         

         

where Ci𝑁𝑎𝐶𝑙 and Cf𝑁𝑎𝐶𝑙 are the initial and final concentration rate of solute (gL-1h-1) in the 

feed respectively. V𝐹 and V0 is the final and initial volume of the feed respectively. All densities 

were assumed to be 1 gcm-3. Lastly, Js/Jw was used and described as an efficiency/selectivity 

factor of the FO process. In addition, statistical analysis ANOVA paired with Tukey test was 

carried out on the FO data to evaluate significance of the performance change with membrane 

modifications.  

 

2.6  Rejection tests with urea as a marker 

 

Selected membrane modules, chosen based on the highest and lowest Jw and Js, were 

individually tested in the FO setup used as explained previously. The modules were tested 

under the same conditions of feed and draw flow rate. The concentration of the FS was 200 

mgL-1 of urea and applied DS was 1 M NaCl. Each rejection test was conducted in batch mode 

for 1 h until 1% recovery was achieved. Afterward, FS and DS samples were collected for 

subsequent urea analysis.   

The urea analysis was conducted using the Urea/Ammonia Assay Kit (Megazyme, Ireland). 

The assay kit contains urease enzyme and glutamate dehydrogenase to degrade urea and 

produce a fluorescent indicator. After following the standard protocol given by the 

manufacturer, concentration of urea in the samples was determined by using an UV-Vis 

spectrophotometer (Thermo Fisher Scientific, USA) at 340 nm. Urea rejection (R) was 

calculated as:    

 

R = (1 −
CD,final ∙ VD,final

CF,final ∙ VF,final
 ) ∙ 100% 
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where cD,final and cF,final represent the concentrations of urea in the final DS and FS, 

respectively. VD,final and VF,final stand for the final volume of the DS and FS.  

 

3. Results and Discussion 

3.1  Characterization of the Pluronic® nanostructures   

 

The measured mean particle size in the PN solution was 117 ± 30 nm, with maximum measured 

size of 350 nm and minimum size of 75 nm. Total concentration of particles was 2.31·1010 

particles mL-1. The size distribution of the particles is presented in Figure 1. 

Most of the particles were between 100-300 nm and no larger protein/polymer aggregates were 

present in the polymersomes solution.  

 

Figure 1: Concentration and size distribution of particles in the PN solution. 
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3.2  Membranes Performance  

 

The OSHF TFN membranes with varying concentrations (0 – 0.3 wt%) of PN solution were 

prepared, tested for FO performance and compared against pristine particle-free OSHF TFC 

membranes. In the following, membranes doped with 0.1% of PN solution are referred to as 

PN-0.1 and so forth with increasing concentrations. The measured Jw and Js/Jw of the pristine 

and PN doped membrane modules were carried out in a batch operation with 1 M NaCl as DS 

and DI water as FS. For each investigated concentration of PN, the performance tests were 

duplicated to confirm the reproducibility of the membrane samples. The monitored 

performance parameters (Jw and Js/Jw) of the membrane samples prepared in this study are 

presented in Figure 2. 
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Figure 2: Water flux (Jw) and specific reverse solute flux (Js/Jw) for the outer selective OSHF 

modules as a function of the concentration of the PN solution when deionize (DI) water was 

used as a feed solution (FS) and 1 M NaCl was used as a draw solution (DS). 

As shown in Figure 2, pristine membranes exhibited Jw of 20.92.9 Lm-2h-1 and a Js/Jw of 

0.360.01 gL-1. For PN doped membranes, Jw and Js/Jw slowly decreases with an increase of 

the PN concentration until concentration of 0.2-0.3% of PN where Js/Jw increased significantly. 

The membranes with the lowest Js/Jw were obtained with 0.1% of PN (Js/Jw of 0.120.02 gL-

1). At this concentration of the additive, permeate flux decreased only slightly to Jw of 18.81.2 

Lm-2h-1. However, exempting the membrane with the highest Js/Jw (PN-0.3), a one-way 
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ANOVA paired with Tukey Test analysis on the Jw resulted in a p-value of 0.3 indicating no 

significant difference between Jw of pristine and PN doped membranes. In contrast, the same 

statistical analysis performed on the specific reverse solute flux between pristine and the 

membrane with the lowest Js/Jw, (PN-0.1), produced a p-value of 0.510-3, indicating a 

significant difference. Thus, we conclude that addition of PN had a significant impact on 

membrane selectivity without significantly altering the water flux. Nanostructures 

incorporating AqpZ were reported previously to help maintaining the rejection of the TFC PA 

layer [33,35].  Moreover, amphiphilic nature of the copolymer-based PN limits the transport 

of polar molecules due to the presence of the hydrophobic domains within the PN structures 

that are integrated within the active layer, therefore increasing the rejection [44,45,47–49]. 

Additionally, incorporation of the amino-terminated PMA polymer chains in the structure of 

the nanostructures allows reaction between the PN and TMC functional groups during IP 

reaction, attaching the PN to the PA layer.   

 

3.3  Characterization of the OSHF TFN membranes 

 

The morphology of the selective layer for the pristine membranes and the membranes with the 

highest and lowest performance in terms of Jw and Js was studied with SEM imaging. SEM 

images of the outer surface and of the fibers cross-section are shown in Figure 3. The 

differences in these images support the theory that the PN have modified the membranes’ 

surface and the nanostructures are indeed the cause of the difference between the pristine 

membranes and PN doped membranes characteristics.  
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Figure 3: Scanning Electron Microscopy (SEM) images of the membranes hollow fibers doped 

with various concentrations of PN divided in 3 rows (Pristine, 0.1% PN, 0.3% PN). (a) Outer 

surface of the 3 types of membranes under a magnification of 2000 and (b) under a 

magnification of 10000. (c) Cross-section images of the 3 types of membranes. 

Based on the cross-section images (Figure 3C), the thickness of the PA layer was retained at 

approximately 200 nm even though PN loading was increased. However, the morphological 

shape of the PA layer was visible changed by particle loading. Pristine membranes possessed 

a typical ridge-and-valley structure [4], whereas PN-0.1 membranes presented smoother 

surface morphology. Furthermore, PN-0.3 membranes showed a significant morphology 

change compared to pristine membranes, since an addition of PN created visible darker spots 

or hollow spaces. As the nanostructures possess amino-terminated chains they are able to 

participate directly in the IP reaction. It is expected, then, that the resulting PA layer acquires 

a different structure and morphology compared to pristine membranes. The membrane with the 

highest concentration of PN (0.3%) has shown the most drastic change in the membrane surface 

structure compared to the pristine membrane. These changes prove that, though the 

nanostructures are assimilated as a part of the PA matrix and boosts its selectivity, a high 

concentration will interfere with the IP reaction resulting in small defects in the selective layer. 

As PN-0.3 exhibited a high Js/Jw (Figure 2) it is assumed that the high concentration of the 

0.1% PN

0.3% PN

Pristine
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nanostructures causes a deterioration in membrane selectivity due to the defects in the PA layer 

formation.  

XPS analysis and contact angle analysis were performed to further understand these changes 

in the structure of the PA layer due to addition of the PN in the IP reaction. The XPS analysis 

was performed to determine the elemental composition of the selective layer formed in the 

outer surface of the membrane support. The summarized results giving the concentrations of 

C, N, O and S are listed in Table 1. 

Table 1: X-ray photoelectron spectroscopy analysis of outer selective pristine membrane and 

the best (PN-0.1) and worst (PN-0.3) FO performance membranes doped with PN. CD; cross-

linking density.  

Sample 

name 

C 

concentration 

(%) 

N 

concentration 

(%) 

O 

concentration 

(%) 

S 

concentration 

(%) 

CD (%) 

Pristine 74.53 ± 0.30 11.36 ± 0.25 13.96 ± 0.11 0.15 ± 0.04 69.19 

 

PN-0.1 74.93 ± 0.95 10.52 ± 0.32 14.26 ± 0.95 0.29 ± 0.12 54.72 

PN-0.3 75.77 ± 1.06 9.12 ± 0.66 14.26 ± 1.32 0.17 ± 0.30 34.05 

 

The atomic concentrations of C, O and S were comparable for all the membranes, whereas 

concentration of N decrease from 11.36 ± 0.25 (pristine) to 10.52 ± 0.32 (PN-0.1) and to 9.12 

± 0.66 (PN-0.3) with increase of PN concentration in the aqueous solution used for the 

membrane preparation. It is important to note that together with increased PN concentrations, 

standard deviation values for C, N and O measurements increase, suggesting increased 

differences within the layer structure, supposedly caused by reduced PA cross-linking density 

and PN altering IP reaction. In addition, using N and O concentrations from the XPS results, 

the cross-linking degree (CD) of membrane samples was estimated and presented in Table 1. 

The CD value of the pristine membrane was 69.2%, and the CD values of PN doped membranes 

were significantly decreased to 34.1% when the loading of the PN solution was increased from 

0 to 0.3 wt%. These results imply that the nanostructures’ cross-linker PMA is being 

incorporated into the PA. As PMA will naturally compete with MPD during IP reaction, 

covalently bonding the nanostructures within the PA layer, thus affecting the CD of the layer 

[50]. Contact angle results from the four types of membranes analyzed are shown in Figure 4. 
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Pristine membrane showed a contact angle of 83.3 ± 2.1°. In contrast, for the highest 

concentration of PN, membrane material is more hydrophobic – with a contact angle of 99.1 ± 

3.3. Increased hydrophobicity of the membranes containing PN indicates incorporation of 

hydrophobic domains to the selective layer of the membrane (specifically PMA), and selective 

water channels, resulting in increased selectivity of the membrane. Despite the increased 

hydrophobicity, water permeability was not affected due to the reduction of the CD of the PA 

layer. 
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Figure 4: Contact angle as a function of PN concentration for OSHF membrane modules 

doped with PN. n=5. 

 

3.4  Evaluation of FO membrane performance parameters 

 

Tests with different NaCl concentrations were carried out to calculate intrinsic parameters (A, 

B and S) of the membranes. Membranes selected for the test were pristine, 0.05, and 0.1 wt.% 

PN doped membranes. Since we speculated, from XPS results, that an addition of more than 

0.1 wt.% of PN resulted in formation of defects in the selective layer, those two concentrations 

were chosen to investigate the influence of nanostructures concentration on intrinsic parameters 

of the membrane. Jw and Js/Jw profiles of the membrane samples with various DS 

concentrations ranged from 0 to 2 M are presented in Figure  5.  
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Figure 5: Jw and Js/Jw of the outer selective membranes as a function of NaCl concentration 

as DS for a) pristine membrane, b) OSHF membrane doped with 0.05% of PN and c) OSHF 

membrane doped with 0.1% of PN. All tests were carried out using DI water as FS. 

As expected, Jw increased as the DS concentration increases due to an increase of the osmotic 

pressure gradient across the membrane. Pristine membranes exhibited Jw increases from 14.7 

to 25.9 Lm-2 h-1 in comparison to PN-0.1 that showed the increase of Jw from 13.3 to 22.1 Lm-

2 h-1 when the DS concentration was increased from 0.5 to 2 M. As shown in Figure  5, Js/Jw 

values of the selected OSHF membranes were stably maintained under various DS 

concentrations. In particular, the Js/Jw of the pristine membrane was around 0.36 gL-1, whereas 

PN-0.05 and PN-0.1 maintained their selectivity at 0.17 gL-1 and 0.11 gL-1 respectively, 

confirming the higher selectivity of these membranes compared to the pristine one.  

However, as shown in Figure 5, the results generated for pristine and PN-0.05 membranes have 

a substantial standard deviation. The fact that the substrate and coating process is hand-made 

may explain these discrepancies between the same membranes or indicate that reproducibility 

may not be high when these concentrations of PN are used. 

In terms of Jw, PN-0.05 and pristine behave similarly. The difference between these two 

membranes is that the incorporation of the PN begins showing an impact in membrane rejection 
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where a drop in Js/Jw can be clearly observed. In contrast, PN-0.1 exhibited stable FO 

performances with low standard errors during the repeated tests, which shows its high 

reproducibility. These results are in accordance to the statistical analysis of the Jw of Figure 2, 

where it was shown that there was not significant difference between the tested membranes in 

terms of Jw. Additionally, PN-0.1 membrane appears to suffer from internal concentration 

polarization (ICP) to a higher degree than pristine membrane, as a plateau is reached with 2M 

NaCl (Figure 5). The more selective PA layer from the PN-0.1, which reduces Js, couple with 

the lower Jw could explain the higher ICP effect seen for these membranes compared to the 

pristine membrane.  

The FO performance results in Figure 5 were used as basis for calculating A, B and S using the 

MATLAB program from Tiraferri et al. [52]. The calculation results were summarized in Table 

2.  

Table 2: Parameters A (water permeability), B (salt permeability) and S (structural parameter) 

estimated for a NaCl draw solute system. R2 represent the coefficient of determination for the 

model. 

OSHF 

PN (%) 
A B S R2-Jw R2-Js 

Lm-2h-1bar-1 Lm-2h-1 mm - - 

Pristine 1.60 0.48 0.35 0.98 0.96 

0.05 1.50 0.25 0.39 0.94 0.97 

0.1 1.45 0.15 0.42 0.97 0.97 

 

 Table 2 shows that the highest B value was obtained for the pristine membranes at 0.48 

Lm-2 h-1, while membranes with PN concentrations of 0.05% and 0.1% obtained a significant 

reduction in B values (0.25 and 0.15 Lm-2 h-1 respectively). This is supported by Figure 2 and 

Figure 5, where the incorporation of the PN solution actively improves the membrane rejection 

and consequently Js/Jw decreases. Permeability values show, also, a slight decrease as the 

concentration of PN raises, from pristine membranes with 1.60 Lm-2h-1bar-1 to PN-0.1 

membranes with 1.45 Lm-2h-1bar-1. These values seem to indicate that even though there is no 

difference in Jw in Figure 2, according to the statistical analysis, different conditions (2 M NaCl 

as DS) can reveal that PN-0.1 cannot retain the same Jw as pristine membranes due to the 
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incorporation of the hydrophobic PMA chains, hindering the water transport through the PA 

layer. 

 

3.5  Urea rejection 

 

 Some of the most relevant membranes in terms of membrane performance were chosen 

to demonstrate their rejection behavior when small molecular solutes are introduced in the FS. 

Urea was chosen as a target compound due to its neutral charge and small molecular mass 

(60.06 gmol-1), making it one of the most challenging compounds to reject in membrane 

technology [53–55]. In this experiment, urea concentration was 200 mgL-1 and DS was 1M 

NaCl while feed and draw flow rate were 800 and 2 mLmin-1 respectively. Due to equipment 

constraints and the small membrane area of the modules, tests were carried out in batch mode 

until 1% recovery was achieved. Rejection results are summarized in Figure 6. 

Pristine 0,05 0,1 0,3

80

85

90

95

100

Urea 200 mgL-1

R
e

je
c
ti
o
n

 (
%

)

PN (% w/w)

 

Figure 6: Rejection of urea for the OSHF modules as a function of the PN concentration added 

on the membranes. All tests were carried out in batch mode using 200 mgL-1 of urea as a FS 

and 1 M NaCl as DS. Tests were finished as 1% recovery was achieved. 

The urea rejection of the pristine membrane was 87.7%, and PN doped membranes exhibited 

better urea rejection. For the optimum PN concentration, PN-0.1, based on the FO performance 

results, the urea rejection was reached to 95.2%, which was the highest from all the membranes. 

In contrast, PN-0.3 presented poor urea rejection, less than 85%. This is likely due to 
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deterioration of the membrane’s selective layer by high loading of the PN nanostructures. 

Nevertheless, the urea rejection results are higher than those reported in literature [53–55]. This 

could be due to running the process with low recovery rate. However, despite the low recovery, 

these values can serve as a reference for the solute rejection capabilities of these membranes. 

The highest urea rejection was achieved with PN-0.1 (Figure 6), which confirms that PN-0.1 

exhibits the best performance of all tested membranes, in accordance to previous results (Figure 

2 and Figure 5). In addition, to this membrane having the lowest Js/Jw value (Figure 2), its high 

rejection of urea, as a neutral compound, shows a clear improvement in the selective layer by 

the presence of PN that cannot be obtained with only a pure PA layer. This further supports 

that PN have been effectively integrated in the membrane. Nonetheless, further experiments 

with larger modules and higher recoveries need to be carried out to further substantiate these 

results. 

  

4. Conclusions 

 

Additive PN have been successfully incorporated into the outer selective OSHF membrane 

modules. In this study, we have proved that such nanostructures can successfully increase the 

membrane selectivity by decreasing Js/Jw by 67% in comparison to pristine membrane without 

a detrimental decrease in Jw. SEM images, XPS results, and contact angle measurements of the 

PN doped membranes indicated a change in the morphology. Elemental composition and 

hydrophilicity analysis of the active layer in comparison to the pristine membrane demonstrate 

incorporation of the nanostructures into the PA selective layer. Furthermore, enhanced urea 

rejection of the membrane doped with 0.1% of PN shows that the selectivity of the formed PA 

layer was improved. The PA selective layer synthesis presented here is a well-known process, 

making it easily scalable for membrane manufacturing intended for further testing with more 

realistic conditions found in MBRs. The proposed approach of using biomimetic membranes 

to solve the need for high selectivity in OMBR applications shows great promise and suggests 

that further experiments on upscaled modules and different type of PN solutions can promote 

OMBR development.  
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Chapter 4.2 

 

Development of large inner diameter HFFO modules 

 

In the previous section, an outer-selective HFFO membrane in lab-scale size was 

developed. Yet, the membrane commercialization is still far off as the coating process 

upscaling is particularly difficult, if not impossible. In that case, developing a large inner 

diameter (ID) HFFO module could accelerate the implementation of FO in high-particulate FS. 

As elucidated by Shi et al. [1] and Ren et al. [2], choosing the right membrane support layer is 

the core factor to produce a defect-free PA layer and efficient FO membrane. The studies 

demonstrate that a MWCO below 300 kDa were necessary to form a PA layer on the surface 

of the HF membranes. Knowing this and in order to shorten the development of the new 

membrane, different commercially available UF membranes were chosen to be coated, all 

below 300 kDa. They are summarized in Table 1, using HFFO2, Aquaporin A/S available FO 

module, as reference.  

Table 1: Summary of characteristics of membrane support used for coating.  

Membrane 
Membrane 

structure 

ID 

(mm) 

MWCO 

(kDa) 

Membrane area 

(m2) 

Wall 

thickness 

(mm) 

HFFO2 Sponge-like 0.2 < 5 2.30 0.0035 

B Finger-like 1.1 5 0.09 0.4 

C Finger-like 0.5 10 0.18 0.3 

D Finger-like 1.1 50 0.09 0.4 

E Sponge-like 0.8 70 0.31 0.25 

F Sponge-like 0.8 142 0.33 0.35 

 

This chapter of the thesis involves the successful development of a new HFFO membrane and 

coating process for a new product in Aquaporin A/S. As a result, specifications of the process 

and membranes used need to be kept confidential and cannot be put in this thesis or in a 
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publication. Instead, general overview of results obtained, and some conclusions are 

summarized here.  

The initial coating recipe used for the membranes was based on a high MPD/TMC ratio to raise 

the probability of PA formation on the surface of the support. Specifically, the high ratio can 

form a thick and dense PA layer and defects, such as pinholes, are less likely to form. 

Afterwards, the coating procedure was slowly optimized until a reasonable reproducibility 

level was achieved. These two coating protocols were considered as a proof-of-concept for the 

prospect of using the membrane support for an FO membrane. As such, no additives or post-

treatment steps were used. Thus, an in-depth optimization of the coating protocol for an optimal 

FO performance would still need to be carried out and was not investigated in this study.  

The first obstacle was the proper wetting of MPD of the support layer. Here, there are two types 

of support structures: finger-like structure and sponge-like structure (Figure 1).  

 

 

Figure 1: SEM images of HFFO membrane support. On the right, support with a finger-like 

structure. On the left, support with a sponge-like structure.  

As expected, the finger-like structure can be completely soaked in MPD solution easily, but it 

is less robust compared to the dense sponge-like fiber type. In contrast, the sponge-like support 

layer hinders easy MPD soaking of the support. This, inevitably, would affect the drying and 

removal of MPD from the support surface. The defects on the PA layer formation that it was 

encountered due to the MPD step can be seen in Figure 2.  
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Figure 2: Schematic diagram of the coating process and the most common defects formed 

during it. Adapted from [3]. 

The Figure 2A group of defects are due to excess MPD in the support before TMC introduction. 

The poor removal of droplets on the surface will form a loose PA droplet and detach from the 

surface, forming a pinhole in the selective layer. Also, if the drying is not uniform and the water 

content is high in some areas, the PA will form on the surface but will not be attached to the 
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support. In contrast, defects by overdying (Figure 2C) the support surface will not form any 

PA layer or be formed inside the support layer as the IP occurs inside. Hence, these two 

essential steps, wetting and drying the MPD solution, were adjusted to the characteristics of 

the support layer by monitoring air flow rates. 

Once all membranes were coated and tested under quality control conditions, they were 

subjected to a stability test. Membranes were exposed to solutions of pH 3 and pH 11 at 50°C 

for 24 hours each. Results of both tests are summarized in Figure 3. This figure shows results 

obtained from low pressure reverse osmosis (LPRO) tests done with 2 bar TMP and 500 ppm 

NaCl solution as FS, before and after stability tests  

 

Figure 3: LPRO test of the developed HFFO membranes with HFFO2 as benchmark. FS was 

500 ppm NaCl and pressure was 2 bar. Rejection values before stability tests only correspond 

to membranes which obtained rejections above 60%. These membranes were the only ones 

used for the stability test. Success yield percentage is calculated based on all membranes 

coated, regardless of results in the LPRO test. 

Results from membranes that obtained a NaCl rejection above 60% were averaged and shown 

in Figure 3. Later, only these membranes were used for stability tests. Hence, the real coating 

success of the process is given by the yield percentage shown in the right Y-axis of the graph, 

which considers all membranes coated. Together with the standard deviations, displaying the 

level of reproducibility, these two parameters provide an estimation of the usability of the 

membrane support as a basis for an FO membrane.  

HFFO2 B C D E F

0

20

40

60

80

100

 HFFO before stability test

 HFFO after stability test

R
e
je

c
ti
o
n
 (

%
)

Membrane

0

20

40

60

80

100

S
u
c
c
e
s
s
 y

ie
ld

 (
%

)



147 

 

Standards deviations are high compared to commercial HFFO2 product, before and after the 

stability tests, indicating membranes with different rejection values. This is expected as the 

coating process has not been optimized in-depth as it has been for the HFFO2 membrane. Still, 

a general trend can be seen in the graph; as the MWCO of the membrane rises, the difficulty in 

coating increases and the success yield decreases. The large pore size of the membrane hinders 

the formation of a defect-free PA layer. The pores may not allow the formation of a uniform 

thin film layer of MPD solution, due to their size, creating pinholes throughout the membrane 

surface. There is an exception for membrane B as it had low MWCO but gave lower yield 

success than membrane D. This could be related to a combination of especially low pore size 

in the surface and a high wall thickness which hinders MPD wetting of the support.  

Additionally, stability tests showed a clear tendency where higher MWCO membrane support 

was more affected by the pH and temperature than the lower MWCO membrane. Large pore 

size can decrease the attachment of the PA layer to the support layer and create cracks on it 

during IP. This can easily be aggravated by the pH solutions where cracks and loose attached 

points of the PA can be corroded. The ending result is plainly seen for membrane types E and 

F, where most likely, delamination of the PA occurred in the majority of the membranes.  

This raises awareness that even though membranes below a MCWO of 300 kDa can form a PA 

layer [1,2], it does not mean that it would be stable throughout a normal membrane application 

process. Throughout this study, it was concluded that a membrane support with a MWCO 

below 100 kDa is ideal for PA formation and it lowers the coating complexity of it.  

Another relevant parameter, for membrane manufacturing, found in this study is the wall 

thickness of the support layer. It can hasten or delay the MPD drying step in coating, and it 

needs to be considered when adapting these steps. However, it is during FO operation where 

the greatest effects can be seen. Figure 4 displays the FO performance of membrane types 

HFFO2, C and D against HFFO2 benchmark. The chosen membranes, two of each type, had 

similar rejections from previous tests from Figure 3. The FO tests were done with a DS of 0.5M 

and 1M NaCl and deionized water as FS with no TMP. Draw flow rate was 40 Lh-1 and feed 

flow rate was 20 Lh-1.  
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Figure 4: FO performance of membranes HFFO2, B and C with two different draw solutions. 

On the left, the Jw. On the right, the Js. 

FO performance, Jw and Js, are remarkably low compared to other FO membranes and HFFO2 

[4,5]. This is a side effect of using a high MPD/TMC ratio during coating as it forms a thick 

PA layer. Yet, when comparing wall thickness to the FO performance, it can be observed that 

ICP effects are hindering Jw extremely. Differences in wall thickness can significantly increase 

ICP and thus, even though Jw can be improved by optimizing the coating protocol, the effect 

of the wall thickness is too large to be avoided by a thinner PA layer. The increase in DS from 

0.5M to 1M NaCl showed a minimal increase in Jw, for C and D membranes, further confirming 

the severity of the ICP caused by the wall thickness. Similarly, even though a large pore size 

in the support layer can increase water transport, the wall thickness effect still predominates 

over it. Yet, if it is too thin, mechanical stability will be compromised. For an efficient FO 

performance for high-particulate FS, it was concluded that a wall thickness of 0.2-0.25 mm 

would be the ideal range. If mechanical stability is not an issue, wall thickness of below 0.2 

mm would be preferred as to minimize ICP.  

Membranes C and D were chosen for a short upscaling test with a small pilot scale set-up. 

Membrane area increased to 3 m2 and 5 m2 for C and D, respectively and module length was 1 

meter. Upscaling proof-of-concept was proved to be successful and increase in size required 

only adjustment on the MPD step of the coating protocol. In contrast to the outer-selective 

HFFO modules, these membranes can be upscaled more easily without requiring large changes 

on the set-up.  
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The developed membrane should be able to cope with high-particulate FS found in wastewater 

and further tests need to be performed to corroborate that. However, the large ID of the 

membranes can also be used in the food and beverage market, as they have plenty of 

applications with a high concentration of °Brix solutions that current membranes cannot 

manage.  
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Chapter 5: Wastewater application  
 

For wastewater streams, either industrial or municipal, with high biodegradable organic 

carbon content, membrane bioreactor is an attractive treatment [1]. It is more environmentally 

friendly than other technologies and economical. Even though there are wastewater treatment 

plants with MBR systems handling 25000 m3/day, currently the common range of MBR 

treatment system is within 1-1000 m3/day. Yet, this number is growing as the process and 

system design are further optimized [2–4]. And as a result, the osmotic membrane bioreactor 

(OMBR), as an alternative to the MBR process, has emerged with the potential of becoming 

the new low-cost green technology, compared to conventional MBR systems, for wastewater 

treatment [5–7]. 

 

However, there are still challenges to be tackled like the salinity build-up in the bioreactor [8] 

due to the salt passage from the draw solution in the FO process, the fouling of the FO 

membrane and the draw regeneration optimization [9]. Thus, a proper FO membrane for an 

OMBR needs significantly low Js and low fouling propensity for the long-term stability of the 

process [10]. Ultrafiltration HFs membranes hold the largest share of the MBR market due to 

their low cost, high packing density, and superior performance [9]. Still, current HFFO 

membranes have the selective layer in the narrow lumen side of the membrane and are prone 

to fiber blockage due to the high-particulate nature of the wastewater.  

 

Therefore, in this chapter, a new HFFO membrane was developed with a larger inner diameter 

of the fiber and tested in a lab-scale sidestream OMBR configuration. The manufacturing 

development process of the membrane was identical to the one explained in Chapter 4.2. An 

outer-selective HFFO module could not be tested here as a submerged OMBR configuration, 

due to COVID-19 situation which caused significant delays in the development. Material 

supply chain and partner collaborations were extremely delayed or completely stopped and 

new modules could not be developed for the application test. The selected feed to validate the 

applicability of the newly developed membrane was olive mill wastewater (alpechin) due to its 

difficulty to treat (i.e. mainly high chemical oxygen demand (COD) and high content of toxic 

phenolic compounds difficult to reject) and the recent interest to properly discharge it in the 

olive oil production market [8,11]. Draw regeneration was not investigated in this study, where 
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the focus was to investigate the applicability of the OMBR process itself with the newly 

developed membrane.  

 

The end results from this investigation are presented in Chapter 5.1 as a manuscript almost 

ready for submission entitled Development and performance of hollow fiber membranes for 

olive mill wastewater treatment by sidestream osmotic membrane bioreactor. 

 

In the manuscript, two different types of HFFO’s were developed both with an inner diameter 

of 0.8 mm; one with a MWCO of 10 kDa and the another with a 30 kDa. HFFO membranes 

with a MWCO of 10 kDa were successfully developed and proved to be the most stable one 

[12], which corroborates conclusions from Chapter 4.2. Therefore, these membranes were 

consequently used for the OMBR application. Feed was continuously added to the bioreactor 

to maintain the volume and nutrient level adequate for proper biomass growth. Initial feed, 

artificial wastewater, was dosed into the bioreactor and then, alpechin was added in controlled 

percentages over time as well.  

 

During the 30-day OMBR experiment, salinity reached up to 16 mScm-1 but it did not show to 

be detrimental for the bioreactor as biomass was growing and COD decreasing with microbial 

growth. Yet, microbial population showed a higher stress level, with a biomass stress index 

(BSI) of 13%, than the usual level of 3% BSI. The higher the BSI percentage, the higher the 

cell mortality due to stress from the environment. Alpechin, in contrast, was found to 

significantly inhibit biomass growth due to its composition. After an alpechin addition of 30% 

to the OMBR, BSI levels raised to 53%. Consequently, alpechin addition was paused and not 

added to the artificial wastewater solution to allow microbial recovery. Membrane, throughout 

the 30-day test, achieved rejections of 99%, 75-85% and 99.99% of COD, total nitrogen, and 

total phenolic compounds, respectively. At the end of the experiment, the membrane was 

flushed, and the membrane recovered its FO performance after the OMBR test, which indicated 

no formation of irreversible fouling. Overall, the developed large inner diameter HFFO 

membrane validated the feasibility of the side stream OMBR process and promotes further 

investigation of this application with upscaled HFFO modules.  
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1. Introduction 

   

 Table olive and olive oil production is widespread mainly in the Mediterranean 

countries, being Spain the largest producer in the world [1]. The production process requires 

various washing steps and a fermentation process which generate a variety of wastewater 

streams. The wastewater produced from the fermentation and the washing of the olives 

(henceforth, olive mill wastewater) are some of the most polluted water streams and are 

difficult to treat [2,3]. Particularly, olive mill wastewater contains a high amount of organic 

matter, suspended solids and phenolic compounds paired with a moderate salinity (3-10 

mScm-1). The characteristics of these streams pose a challenge during its treatment as it 



 155 of 30 

155 

 

results, for example, in inefficient pollutant removal by conventional physical-chemical 

processes or an inhibited biological degradation during biological degradation in a membrane 

bioreactor (MBR). The elevated chemical oxygen demand (COD) and phenol content of the 

wastewater can easily alter the microbial population of the MBR system by inhibiting 

biomass growth. Yet, recently literature [1,4,5] has identified that application of membrane 

technology in these streams can be very challenging, therefore there are new efficient ways 

to treat the wastewater by optimizing processes like evaporation (in ponds) or by adsorption 

of toxic contaminants. Still, in the search of an environmentally friendly and innovative 

solution, the forward osmosis (FO) pressureless process combined with the biological 

degradation in MBRs, is a promising technology for treating olive mill wastewater.  

 

The combination of FO membranes with a MBR, the so-called osmotic membrane bioreactor 

(OMBR), has been drawing interest since its first appearance in 2008 [6–8]. The technology 

can function as a lesser fouling propensity system than conventional MBR, with a lower 

energy consumption and an improved permeate water quality. Yet, there are a couple of 

crucial challenges to be tackled for this technology to be competitive in an industrial setting; 

the reverse solute flux (Js) of the FO membrane and the draw regeneration [7,9,10]. The Js 

will build-up the salinity in the bioreactor and as it raises, microbial population would be 

inhibited. As such, FO membrane should present a low Js to mitigate this problem. However, 

there will be a need for purging salts from the OMBR once salinity has increase excessively, 

which can further add complexity to the industrial process. A possible solution to control 

salinity build up is the use of a microfiltration or ultrafiltration membrane to the bioreactor 

[9,11,12], which would extract the salt (draw solution agent) from the bioreactor. In contrast, 

draw regeneration is a challenge not only for OMBR application but for most FO 

applications. An additional step, often a sea water reverse osmosis (SWRO) process, will be 

required to extract the clean permeate water from the diluted draw solution [13,14]. The RO 

step for draw regeneration is generally the most expensive part of the FO-SWRO hybrid 

process and for an OMBR system this will be no exception [15]. Nevertheless, for the OMBR 
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system, mainly for municipal wastewater, utilizing seawater or streams from a desalination 

plant as a draw solution, could potentially reduce the cost and energy for both the OMBR 

and the RO process in the desalination plant [9,15,16]. Additionally, a hybrid OMBR-SWRO 

would bring the advantages of minimized foulants concentrations and increase quality of the 

permeate water for the SWRO process step compared to a possible MBR-SWRO system. 

Ultimately, the OMBR-SWRO system would be able to use a “free” draw solution, seawater, 

and the SWRO membrane could operate under lower pressures as it would be treating a 

diluted seawater stream. 

 

Due to the high-particulate nature of the wastewater streams, such as the olive mill 

wastewater used in OMBR system, FO membranes repeatedly undergo severe fouling issues. 

Thus, FO membrane development for OMBR applications has become a key research focus 

point. Ideally, the OMBR would function with a submerged configuration as it can reduce 

costs compared to a side stream configuration, in which the bioreactor solution would need 

to be pumped. Recent studies have shown a lab-scale submerged OMBR system with a newly 

developed hollow fiber forward osmosis (HFFO) membrane with the selective layer in the 

outer side of the fiber [17–19]. In these studies, it was demonstrated that fouling could be 

moderately controlled. However, the developed fibers were still fragile to handle high 

aeration flows from the bioreactor and the scalability of the membranes is not currently 

possible. As an alternative to this type of hollow fiber (HF) membranes, HFFO membranes 

can be developed with a large inner diameter (ID) to avoid severe fiber blockage without 

having to transition to tubular membranes, which packing density is lower. However, these 

type of HFFO membranes are not commercially available currently. 

 

Thus, in this research study, large ID HFFO membranes with two different molecular weight 

cut-offs (MWCO), 10 kDa and 30 kDa, were developed. A HF with MWCO of 10 kDa was 

chosen for a proof-of-concept side stream OMBR test with olive mill wastewater. The OMBR 

was extensively monitored for a month for biomass growth, nutrient and phenol 
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concentration in the bioreactor. HFFO membrane performance was evaluated in terms of 

water flux, conductivity build-up in the bioreactor due to Js, pollutant rejection and selective 

layer stability of the membrane after OMBR operation. Until now, this is the first side stream 

OMBR with a newly developed HFFO membrane for olive mill wastewater treatment 

reported in literature.  

 

2. Materials and Methods 

2.1  Membrane development and performance  

 

The inner-selective HFFO membrane was developed by using a membrane support from 

PHILOS (South Korea). The membrane support composition was polyethersulphone with a 

membrane area of 0.05 m2, inner diameter (ID) of 0.8 mm and a wall thickness of 0.3 mm. 

This UF substrate has two sponge-like thin layers, one in the outer surface and the other in 

the inner surface, maintaining the finger-like structure in-between. Two types of membrane 

were tested: one with a molecular weight cut-off (MWCO) of 10 kDa and a second one with 

30 kDa. M-phenylenediamine (MPD ≥ 99%) and trimesoyl chloride (TMC ≥ 99%) used for 

interfacial polymerization (IP) were obtained from Sigma-Aldrich (Denmark). Isopar-E (≥ 

99%) used as an organic solvent for dissolving TMC and citric acid used as a post-treatment 

step were purchased from Chemex Products ApS (Denmark). A total of six membrane 

modules were manufactured. Namely, three membranes with a MWCO of 10 kDa and were 

called P1-10, P2-10 and P3-10 and three membranes with a MWCO of 30 kDa and were 

called P1-30, P2-30, P3-30. 

Performance evaluation of the developed FO membranes were done by low pressure reverse 

osmosis (LPRO) and FO tests. LPRO tests were done with a 500 ppm NaCl feed solution and 

2 bars of pressure. Permeability (A) and salt rejection was calculated for membrane 

evaluation of the tests. FO experiments were done with 0.5M NaCl solution as draw and 

deionized (DI) water as feed solution. Flow rates were 60 Lh-1 and 25 Lh-1 for feed and draw, 

respectively. Water flux (Jw) and Js were calculated to evaluate the FO performance. Detailed 
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equations, set up and procedure of the tests can be found in previous publication [20]. Feed 

solution for LPRO and draw solution for FO tests was done using NaCl (≥ 99%) from Sigma 

Aldrich (Denmark). All aqueous solutions were made with deionized (DI) water (σ < 10 

µS/cm).  

 

2.2  Preliminary membrane test 

 

The developed membranes were tested with raw olive oil washing wastewater to obtain the 

membrane compound rejection baseline and identify any material compatibility issues with 

the wastewater. FO set up used is the same as mentioned in section 2.1, but the feed solution 

was kept in batch mode. The draw solution was operated in single pass and was 2M NaCl 

solution. The wastewater composition can be found in previous study [21]. Experiment was 

running for 3 days continuously where samples were taken periodically. These samples were 

analyzed for COD, TN and total phenol content following method described in section 2.4. 

After test, membranes were chemically cleaned with a 70% ethanol solution and a 30% citric 

acid solution at 50ºC. Lastly, FO performance was checked to confirm no deterioration of the 

membranes.   

 

2.3  OMBR plant   

 

A laboratory OMBR plant was set up for the experiments and can be seen in Figure 1. Set up 

specifications used can be found in a previous study [22]. The continuously aerated bioreactor 

was operated in batch mode. The OMBR was extensively monitored for 29 days, and the 

bioreactor volume was kept at 1.8 L. The newly developed FO membrane was connected as 

a side stream system and a 0.8M NaCl draw solution was used as a draw solution. Draw 

solution concentration was chosen to simulate a seawater RO recovery step for future draw 

regeneration. Feed and draw flow rates were kept at 20 Lh-1 and 50 Lh-1, respectively. 
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Figure 1: Schematic design of the OMBR system used. Adapted from [22]. 

The bioreactor was initially fed with activated sludge collected from the “El Carraixet” 

municipal wastewater treatment plant in Valencia (Spain). The activated sludge was diluted 

to achieve a 2.5 mgL-1 concentration of total suspended solids (TSS), or mixed liquor 

suspended solids (MLSS), and a conductivity of 1.2 mScm-1. This concentration was chosen 

for a proper performance of the FO membrane and to avoid severe fouling. Additionally, a 

feed solution consisting of pure synthetic wastewater and a mixture of olive mill wastewater, 

henceforth referred as alpechin, and synthetic wastewater (SWW) was added to the bioreactor 

periodically. Alpechin wastewater was obtained from an olive oil production company 

located in Valencia (Spain). SWW was a mixture of peptone, meat extract and potassium 

phosphate to obtain a COD of 1000 mgL-1 and following ratio of COD:N:P nutrients of 

100:12:1 [4]. Composition of solutions used are summarized in Table 1. As previous studies 

have revealed [10–12,16], the use of ultrafiltration (UF) or microfiltration (MF) during 

OMBR operation can reduce the bioreactor salt content, lessening the salinity build-up 

impact on the bioreactor. In this plant, an UF coupon membrane (Nadir PM UH050) from 

Microdyn Nadir (Spain) of 42 cm-2 was used once for 4 hours to control the salinity in the 

OMBR salinity when needed. 
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Table 1: Composition of the different feed solutions used during the experiment. SWW; 

synthetic wastewater. 

Parameter Olive mill wastewater Diluted inoculum (sludge)  

pH 5.09 ± 0.01 7.02 ± 0.01 

Conductivity (mScm−1) 3.77 ± 0.25 2.07 ± 0.55 

TSS (mgL−1) 
986.67 ± 15.92 

2180 ± 5.82 

Undiluted (~4000) 

COD (mgL−1) 23775.3 ± 238.2 205.3 ± 8.1 

TPh (mgL−1) 1161.80 ± 13.43 - 

Sugars (mgL−1) 1645.32 ± 17.24 - 

Parameter SWW Glucose-SWW 

Peptone (mgL-1) 450 450 

Meat extract (mgL-1) 450 450 

K2PO4 (mgL-1) 56 56 

COD (mgL−1) 1000 1500 

Glucose (mgL-1) - 500 

C/N/P ratio 100/12/1 - 

 

 

Dissolved oxygen (DO) in the feed was maintained between 1-5 mgL-1. The volume was 

maintained by feeding the bioreactor periodically while the FO membrane extracted the clean 

water constantly. Samples from the bioreactor and draw solution were taken every day and 

analyzed. At start-up, the activated sludge and pure SWW were fed to the bioreactor 5 times 

a day to compensate the water filtered by the membrane and to maintain the nutrient content. 

TSS analysis was used to track the biomass growth, and COD was used to evaluate the 

microorganisms’ nutrient consumption. When a decline in COD (< 300-400 mgL-1) and a 

raise in TSS were observed, alpechin was mixed with the SWW fed to the bioreactor. Before 

the alpechin addition, at day 13, the UF membrane was connected for 4 hours to reduce the 

conductivity in the bioreactor. At day 14, 10% alpechin was mixed with SWW until a final 

COD concentration of 2500 mgL-1 was achieved. At day 18, alpechin concentration was 

raised to 30% and at day 21, it was removed completely from the SWW due to loss in 
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biomass. For the recovery of the biomass, glucose was added to the SWW until a final COD 

of 1500 mgL-1 was achieved, from day 22 until the end of the experiment.  

Regarding the FO step, an initial 1.5 L volume of draw solution was used. During OMBR 

operation, the draw solution was getting diluted, and its volume increased slowly. To 

compensate the draw solution dilution from the extracted permeate, the draw concentration 

was maintained at 0.8M NaCl by adding NaCl periodically. Draw exchanges were done on 

days 5, 13 and 18 to follow changes in the bioreactor like alpechin addition. During day 16, 

FO membrane was briefly removed from the OMBR for a 1-hour wash with DI water at 50 

ºC and then 1 hour wash with room temperature DI water. After the experiment was finished, 

the FO membrane was flushed with DI water and chemically cleaned with 30% citric acid 

and 50% sodium hydroxide for 1 hour with a final washing step of DI water for 4 hours. 

Lastly, FO performance was evaluated with conditions mentioned in section 2.1 and then 

membrane was cut open for fiber and fouling analysis.  

 

2.4  Chemical analysis 

 

Samples taken during OMBR experiment from the bioreactor were analyzed for COD, NH4
+-

N, NO2
--N, NO3

--N, TN, SO4
2- and P using soluble fraction by kits from Panreac (Spain). 

Soluble fraction was extracted by filtration by a 0.45 µm filter from Sartorius (Spain). TSS 

was done by using 25 mL of sample and 0.3 µm filter and following the procedure found in 

the Standard Methods for the Examination of Water and Wastewater [23]. Draw samples 

were analyzed for COD and TN using the same kits used for the bioreactor samples. 

Additionally, total phenol concentration during alpechin addition was examined for the feed 

and draw samples. Total phenol content in the samples were analyzed using the Folin-

Ciocalteu method [24] with a detection limit of 0.1 mgL-1. As a result, the total concentration 

of phenolic compounds was based in tyrosol concentration measured by a UV-Vis 

spectrophotometer (Thermo Fisher Scientific, Germany). Chemicals used for this method 

were 20% sodium carbonate, Folin’s reagent and tyrosol standards from Sigma Aldrich 
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(Germany). In the case of soluble phosphorus, it was added manually when values decreased 

below the nutrient ration of C:N:P of 100:12:1 to avoid any hindering of the biomass growth. 

Generally, soluble phosphorus concentration was analyzed only once per week to monitor 

the concentration in the bioreactor was at least 25 mgL-1. The pH was monitored daily and 

remained at pH 6-7.  

Performance of the FO membrane was analyzed by the Jw and conductivity increase in the 

bioreactor, which is related to the Js. 

 

2.5  Chemical forward rejection 

 

FO forward rejection was calculated for COD, TN and phenolic compounds using the draw 

samples collected. The concentration of COD, TN and phenolic compounds was obtained for 

the permeate stream. Rejection was calculated on the permeation volume and mass balance 

for accuracy as showed in equation 1 and equation 2. 

 

𝑐𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒 =
𝑐𝐷𝑆𝑜𝑢𝑡𝑙𝑒𝑡∗�̇�𝐷𝑆𝑜𝑢𝑡𝑙𝑒𝑡 −𝑐𝐷𝑆𝑖𝑛𝑙𝑒𝑡∗�̇�𝐷𝑆𝑖𝑛𝑙𝑒𝑡 

�̇�𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒
  (1) 

𝑅 = 1 −
𝑐𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒∗�̇�𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒

𝑐𝐹𝑆𝑏𝑖𝑜𝑟𝑒𝑎𝑐𝑡𝑜𝑟∗�̇�𝐹𝑆𝑏𝑖𝑜𝑟𝑒𝑎𝑐𝑡𝑜𝑟
  (2) 

 

Where Cpermeate, CFSbioreactor, CDSinlet and CDSoutlet are the concentrations of the compounds in 

the permeate, bioreactor feed and draw inlet and outlet streams, respectively. 

�̇�permeate, �̇�FSbioreactor, �̇�DSinlet and �̇�DSoutlet are the flow rates of the permeate, bioreactor feed 

and draw inlet and outlet streams, respectively.  

 

2.6  Biomass activity 

 

The OMBR biomass biological activity was examined by total adenosine triphosphate (ATP) 

and biomass stress index (BSI) analysis. Three samples were sent for analysis; day 1, day 13 

(before adding the alpechin source) and day 22 (after the alpechin source was removed from 
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the SWW feed). ATP results were divided in vATP and dATP, being vATP the ATP 

concentration from viable cells (healthy) whereas dATP represents the concentration from 

dead cells. BSI percentage indicates the microorganisms stress level, where the higher it is, 

the higher the mortality of the cells are. BSI is simply the ratio of dATP to the total ATP and 

so, it is a good indication of the toxicity of the environment towards the microbial population.  

 

2.7  Membrane surface analysis 

 

Morphology of the membranes fibers and fouling effect, before and after the 29 days, was 

investigated with scanning electron microscopy (SEM). Fibers samples for surface and cross-

section analysis were dried and coated with gold using a Leica EM ACE600 coater (Leica 

Microsystems, Germany). SEM images were obtained by using a high-resolution QuantaTM 

FEG 250 SEM microscope (Thermo Fisher Scientific, Germany).  

 

3. Results and Discussion 

3.1  Membrane development  

 

All six membranes described in section 2.1. were coated with the same protocol, tested in 

LPRO and FO processes and exposed to pH 3 and 11 for coating stability validation. Results 

from LPRO, pH exposure and FO tests are summarized in Figure 2. Membranes with lowest 

MWCO obtained higher selectivity and PA stability. There are recent studies stating the 

importance of the support for the formation of a PA layer and relating the pore size of the 

support to the PA quality [25–31]. Both MWCO used here are representative of an UF 

membrane support substrate and suitable for IP [26,31]. However, support with 10kDa pore 

size on the inner surface of the membrane reached higher rejections after IP than the the 

30kDa pore size supports tested here. When performing the IP, the substrate inner surface is 

soaked in the MPD aqueous solution, and the pores are filled with the solution. Afterward, 

excess MPD is removed until a thin film liquid layer is left on the surface ready to react with 
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the TMC solution and form the PA layer. Yet, if the pore size is too small, the surface tension 

will not allow for the proper MPD penetration into all the pores and there will be areas with 

no MPD, creating pinholes in the PA. On the contrary, if the pore size is too big, either the 

MPD solution will just pass thorough the pores, unable to form a uniform thin layer for the 

IP, or the thin layer will not maintain its integrity during IP. Thus, results shown in Figure 2a 

indicate that 30 kDa is too big of a pore size for an acceptable PA formation for these 

membranes and 10 kDa is the preferred pore size, showing promising results. This conclusion 

is in good agreement with the membrane performance after the pH exposure (Figure 2a). The 

30 kDa membranes had a decline in salt rejection after the pH exposure while the 10 kDa 

membranes maintained its rejection and permeability, except for P1-10. This module had a 

decrease in rejection although it was not caused by a defective PA layer but from a leakage 

in the membrane potting. By exposing the membrane to acidic and alkaline conditions, the 

stability and integrity of the PA layer is tested. For 30 kDa membranes, the PA layer appears 

to be not properly attached to the substrate due to the large pore size and thus it can easily 

delaminate.  

 

Figure 2: Membrane performance of modules coated. a) Low pressure reverse osmosis 

(LPRO) rejection and permeability (A) of the modules before pH exposure (original) and 

after (pH exposed). LPRO was conducited with a 500 ppm NaCl solution and 2 bars of 

pressure. b) FO water flux (Jw) and reverse solute flux (Js) of original and pH exposed 

modules with a 0.5M NaCl solution as draw and deionized (DI) water as feed solution.  
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After the pH exposure, only membranes P2-10 and P3-10 maintained their selectivity and 

thus were tested in FO. Results are shown in Figure 2b. Both membranes exhibited low Jw 

compared to other available FO membranes as well as significantly lower Js [20,31–33]. The 

low Jw can be explained by the high wall thickness of these membranes (0.3 mm) and the 

double skin layer of the substrate (Figure 3).  

 

 

Figure 3: Cross-section SEM image of the P3-10 membrane. 

As explained in section 2.1, this UF substrate has is composed of two thin layers, one in the 

outer surface and the other in the inner surface, with a finger-like structure in-between. The 

combination of these two characteristics significantly reduces water transport through the 

substrate and increases internal concentration polarization (ICP) during FO, further reducing 

the Jw [20,32,34,35]. Additionally, a high MPD concentration is used for the membrane 

development to ensure the formation of a dense and thick PA, which can reduce Jw as well. 

These effects can be attenuated with either optimization of the coating protocol or reduction 

of the wall thickness of the substrate. Nevertheless, for OMBR purposes, the effect of Js is 

by far more important than Jw due to the detrimental effect on the salinity build-up in the 

bioreactor [22,36]. Hence, these two membranes, henceforth referred as P2 and P3, are 

suitable for testing in OMBR operation and were chosen for further experiments.  
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3.2  Preliminary membrane test   

 

A short compatibility test was done with fresh alpechin wastewater for P2 and P3. Fouling 

resistance and a baseline for COD, TN and total phenol rejection were analyzed. For both 

membranes, Jw became nil after 30%-45% up-concentration, caused by acute fouling. Final 

concentrations in the concentrated feed reached of COD, TN and total phenols were 

approximately 144, 2 and 3 gL-1, respectively, while compound rejections for P3 were 

maintained above 99% with a mass balance error below 16%. These rejection values are 

remarkable high, particularly for phenolic compounds, compared to results seen in literature 

[4,7,37–41]. However, it could be that the cake layer formed during the experiment helped 

maintained the high rejections due to an effect described by Hoek and Elimelech [42] termed 

cake-enhanced concentration polarization (CECP). The extra layer on the membrane surface 

could hinder further the diffusion of compounds towards the draw solution, which could 

enhance the rejection of certain compounds. Nonetheless, selectivity of the PA layer for P3 

appears robust and suitable for the OMBR, as feed solute concentrations would be lower in 

this configuration, making a more favorable environment for the membrane. Membrane P2 

was not analyzed for rejection as there was a PA breakage during the test. Wastewater could 

be seen leaking into the draw solution, indicating pinholes in the PA layer. The high 

concentration of inorganics (like Ca2+) may have produced scaling during the test. This 

scaling can form colloids and crystals on the PA surface creating cracks on it [43,44]. 

Additionally, the high-particulate wastewater could slowly scratch away defects found in the 

PA layer creating pinholes or delamination due to the long duration of the test. Overall, 

membrane P3 maintained its FO performance after the up-concentration experiment and was 

used for the OMBR test.  
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3.3  OMBR 

3.3.1 Water flux and salinity build-up in OMBR 

 

Membrane performance during the OMBR operation was monitored by Jw and conductivity 

build-up in the bioreactor. Results are summarized in Figure 4. The Jw of the membrane 

(Figure 4a), decreased during the first 5 days until roughly stabilizing at 0.3 Lm-2h-1. It is 

assumed that this decline in Jw is caused mainly by fouling [4,45] as salt was added 

periodically to maintain conductivity of the draw solution. Additionally, draw was exchanged 

three times (Figure 4) for a fresh one with no visible impact, beneficial or detrimental, on the 

Jw. Nevertheless, a continuous minimal drop in Jw should be expected due to the decrease in 

osmotic pressure difference by the salinity build-up of the feed but it is not noticeable [4,45]. 

In this case, ICP effects and low Jw of the membrane are more dominant than the osmotic 

pressure difference loss due to the salinity build-up.   

On day 16, the membrane was washed with hot DI water followed by a rinsing with room 

temperature DI water and subsequently, a slow raise in Jw can be seen as part of the fouling 

layer was removed during cleaning. However, membrane fouling prompt the Jw decline once 

again until it reached similar values, on day 21, recorded before the wash step. Variations of 

the Jw data on the last days (23-29) of the experiment was due to the further decline of the 

permeation flux and technical issues with the peristaltic pump used, which created the noise 

behavior of the data. Finally, on day 30, the process was stopped, and a chemical cleaning of 

the FO membrane was performed.  
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Figure 4: a) Jw and b) feed conductivity of the bioreactor against time. 

Figure 4b shows the salinity increase in the feed following two differentiated periods. The 

first period, from 0-14 days, and the second from 15-30 days; with a drastic increase in the 

bioreactor conductivity during the first period, while showing a more gradual conductivity 

increase during the second period. An UF membrane was used during the second period, day 

14, but the short duration (4 hours) and the slight lowering of the general conductivity of the 

bioreactor (from 16 to 14 mScm-1) should not affect the patterns seen in the conductivity.  

This general pattern in the conductivity seen in Figure 4b has been previously reported in 

literature [4,7,22,36,45,46] and it is due to the cake layer formation and the decline in the 

osmotic pressure difference between feed and draw. The cake layer can also hinder the 

diffusion of salt from the draw solution into the bioreactor due to external concentration 

polarization and the transport diffusion resistance. 

From day 3 to 4 (Figure 4b), there was an exponential increase of the conductivity possibly 

due to the manual addition of NaCl in the draw solution to leverage dilution. On day 3, after 

the first time draw salt was dosed into the draw solution to leverage dilution, a slight increase 

in Jw is observed. However, the larger salt NaCl gradient simultaneously induces reverse 

diffusion of NaCl from the draw solution side of the membrane to the feed side of the 

membrane further accelerating the cake-enhanced osmotic pressure (CEOP) within the 

existing fouling layer [47]. This shift in osmotic pressure is thought to have promoted the 

release of the salt trapped in the fouling layer, thus increasing the bioreactor conductivity. 
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After 5-6 days of OMBR operation, stabilization occurs for Jw and this phenomenon cannot 

be seen anymore, even though conductivity is still raising.  

 

After 30 days of operation, the HFFO membrane was chemically cleaned. The clean water 

test showed that the performance was not severely changed except for a drop in Jw of 20% 

while maintaining NaCl selectivity in view of FO and LPRO results (data not shown). Then, 

SEM images were taken and compared to the virgin membrane in Figure 5.  

 

 

 

Figure 5: SEM images of P3 inner surface a) before OMBR test and b) after membrane 

cleaning following OMBR test.  

 

Figure 5a shows the virgin P3 membrane surface and Figure 5b shows the P3 membrane 

surface after 30 days operation in the OMBR. Even though SEM resolution is different, it is 

obvious that the surface morphology has changed and a fouling layer with debris 

accumulation in the surface can be observed. This indicates that the membrane cleaning was 

not sufficient to remove all foulants and it clarifies the drop in Jw seen after the OMBR test, 

even though selectivity did not deteriorate.  

 

 

 

 

a) b)
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3.3.2 Biomass monitoring 

 

Biomass of the bioreactor was monitored by analyzing TSS, soluble COD and total phenol 

concentrations during the experiment. Results are summarized in Figure 6. Alpechin was 

added on day 18, being its addition discontinued when the biomass presence significantly 

declined from day 21. 

  

 

Figure 6: Evolution of the mixed liquor a) suspended solids (TSS), organic matter (COD) 

and b) total phenol concentration in the bioreactor. 

As shown in Figure 6a, TSS levels drop from day 1 to day 5, when the overlap with the raise 

in conductivity (Figure 4b) is observed. This behavior could most likely be due to the drastic 

changes in the bioreactor conductivity causing partial inhibition in the microorganisms 

growth as this requires an adaption time for recovery [22,36]. From day 5 to day 18, the 

biomass is recovered, and the COD concentration starts declining indicating microbial 

consumption of nutrients. The addition of 10% alpechin on day 14 did not affect the biomass 

concentration and only increased the COD concentration slightly due to the alpechin 

composition. However, on day 18, when the alpechin concentration was increased to 30%, 

the microbial growth was dramatically inhibited in view of the drastic increase in COD 

concentration and the decrease in TSS in the bioreactor. The limiting factor in the OMBR is 

suspected to be the composition of the alpechin wastewater rather than the salinity build-up 

in the bioreactor, thus confirming the difficulty of treating this type of wastewater [2,48]. 
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Nevertheless, microorganisms were able to adapt slowly and when glucose-SWW was added, 

biomass slowly started to recover, which can be observed from day 25 in Figure 6a.  

 

For further understanding of the microbial development and stress level in the bioreactor, the 

biomass was analyzed for ATP concentration and BSI. ATP is the main energy source for 

most of the cellular processes, and it is essential for microbial growth. Hence, when 

microorganisms experience a slow growth due to inhibition, ATP concentrations will 

decrease proportionally. The ATP obtained from viable and dead cells and the BSI percentage 

can be seen in Table 2.  

 

Table 2: ATP concentrations and biomass stress index (BSI) in the mixed liquor during 

OMBR operation. 

Date  
Dead 

cells ATP 

Viable cells 

ATP 
BSI 

Day ngmL-1 ngmL-1 % 

1 45,7 1670 3% 

14 219 1460 13% 

21 590 500 54% 

 

 

The differences in ATP during the first 14 days represents the stress of the microbial 

population caused solely by the salinity build-up of the bioreactor. Viable cells were reduced, 

and BSI increased showing a slight degradation of the biological process but an adaption, as 

well, to the new conditions as seen from the TSS evolution in Figure 6. As expected, the 

highest impact on the microbial growth was found after the addition of the 30% alpechin 

where a 54% BSI and a low viable ATP concentration, compared to initial values, indicated 

the death of half of the microbial population. This severe degradation of the biological 
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process demonstrates the need of a more gradual addition of the alpechin into the bioreactor 

for microbial adaption purposes.  

3.3.2.1 Total phenol monitoring 

 

Figure 6b shows the evolution of total phenols in the bioreactor from first 10% addition of 

alpechin (day 14) until they could not be detected anymore (day 21). During the short 

exposure time to the alpechin, total phenol concentration in the bioreactor did not raise above 

120 mgL-1 and in fact declined until they couldn’t be detected anymore. Due to the quick 

drop of total phenol in the feed, which is independent of the abrupt biomass decline from day 

21, we assume that they were not inhibiting microbial population, as reported in literature 

[2,21]. The decline in total phenol concentration could be possibly related, either to oxidation, 

inability to be detected by the analytical method or to biological degradation as observed by 

Ferrer-Polonio et al. [3] and Luján-Facundo et al. [4]. 

 

3.3.3 Nutrient monitoring 

 

Figure 7 shows the nitrogen-based compound evolution during the experiment. Organic 

nitrogen data has been calculated based on the TN and other nitrogen forms concentrations.   

 

 

Figure 7: Nitrogen content in the bioreactor over time. a) Nitrogen forms NO2, NO3 and 

NH4 and b) Total nitrogen (TN), calculated Organic nitrogen (NOrg) and its ratio. 
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The bioreactor was constantly fed with the SWW maintaining its volume constant and thus 

variations on the total nitrogen content are attributed to microbial growth and degradation in 

the mixed liquor. Variations in nitrogen content were related to the addition of alpechin to 

the SWW to feed the bioreactor. The content of nitrogen increased when alpechin was added, 

severely for the 30% alpechin solution after day 21, as the microbial population was inhibited, 

and consumption of nitrogen decreased. This microbial inhibition can be seen clearly in 

Figure 7a day 21, where there is a peak in NH4
+ content in the reactor, reflecting that nitrifier 

microorganisms are not consuming the ammonia at the same rate as previously. This is in 

good agreement with the COD increase and TSS decrease seen in Figure 6a when alpechin 

was added. However, concentration of nitrates and nitrites raised slowly after the alpechin 

addition suggesting that, even though there was microbial inhibition, microorganisms were 

still nitrifying to a certain degree and adapting to the conditions.  

 

Earlier in time, from day 5, there is another significant increase in TN and NH4
+ that can be 

seen, indicating another microbial inhibition episode. This corresponds to the sudden increase 

in the bioreactor conductivity in day 4 (Figure 4b). The decrease once again in TN and NH4
+, 

both seen after salinity increase and after alpechin addition, suggests the slow adaption of the 

microorganisms to the new environment. Particularly, after the addition of glucose to the 

SWW on day 22, the microbial recovery seems to accelerate due to the easily degraded 

glucose.  

 

3.3.4 Pollutant rejection during OMBR operation 

 

The pollutant rejection was obtained by analyzing the content in TN, COD and total phenol 

concentration in the diluted draw solution as shown in Figure 8. TN, COD and total phenol 

concentration in the diluted draw were analyzed every time prior to the exchange of the draw 

solution and it was calculated based on the accumulation of the compounds in the diluted 
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draw solution. As mentioned before in section 2.4, the detection limit of the total phenol 

concentration is 0.1 mgL-1 and all values below that were recorded as 100% process rejection.  
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Figure 8: TN, COD and total phenol rejection values in the bioreactor during 26 days of the 

experiment. 

COD rejection was maintained during the experiment close to 99%, while TN rejection 

decreased from 85% to 78%. A decline in compound rejection in TN has been previously 

reported in literature and linked to fouling formation [26,49,50] as well as the membrane 

difficulty in rejecting some nitrogen forms due to the charge and small molecular weight 

[12,20,51]. Lastly, no phenols were detected in the permeate during the experiment. The 

combination of the low permeation volume and the expected low total phenol concentration 

resulted in 100% rejection of total phenols. This high phenol rejection is also supported by 

results reported in section 3.2 during the preliminary FO experiment with alpechin, in which 

the P3 membrane showed a 99% total phenol rejection with a high concentration of phenols 

(3000 mgL-1). This indicates that the membrane has a high rejection of phenolic compounds 

and even if alpechin concentration addition was to be increased, rejection is expected to be 

maintained around 90-99%. This further corroborates that the phenols degradation seen in 

Figure 6b was caused by biological degradation and/or oxidation in the mixed liquor and not 

lost to the produced membrane permeate.  
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COD rejection values are in agreement with literature on OMBR systems, although the high 

TN and total phenol rejections achieved with the newly developed HFFO is higher than those 

reported in literature [4,7,37–41], indicating the successful development of a selective PA 

layer for the newly developed membrane.  

 

4. Conclusions 

 

A large inner diameter HFFO membrane has been successfully developed from commercially 

available membrane support of two different MWCOs. Smaller MWCO, 10 kDa, have shown 

higher stability and better PA quality. Together with the newly developed HFFO module, a 

proof-of-concept laboratory scale OMBR system in a side stream configuration has been 

successfully carried out with olive mill wastewater or alpechin for the first time. Salinity 

build-up in the bioreactor by the HFFO module have been within reasonable limits, below 

16 mScm-1 conductivities after a month operation, and microorganisms were able to adapt to 

the new salinity. Membrane has shown high pollutant rejection, particularly for TN and for 

phenolic compounds, which are difficult to treat. The FO performance was recovered after 

the OMBR test. Alpechin addition only reached 30% due to the detrimental effect on 

microbial population, which would require of a slower addition process into the bioreactor. 

It was observed that the high content of COD after alpechin addition inhibited the microbial 

growth as indicated by a BSI of 54 %. Experiment indicates that alpechin treatment by 

OMBR is feasible but that a more gradual addition of alpechin is needed to reduce this high 

BSI percentage.  

 

Overall, even with the achieved low Jw, the developed membrane has successfully maintained 

a low Js, necessary to control the bioreactor conductivity, and achieved a high membrane 

pollutant rejection with a maintained performance after operation. The developed HFFO 

membrane results proves the feasibility of the side stream OMBR process and suggests that 
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further experiments on upscaled modules and different types of wastewaters can promote 

side stream OMBR development.  
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Chapter 6: Conclusions and outlook  

 

6.1 Conclusions 

This thesis presents and describes the advantages and disadvantages of the FO 

processes and the development of novel HFFO modules to use as a competitive membrane for 

difficult-to-treat solutions, such as industrial wastewater. The know-how and results learned 

through presented investigations supports the application of the FO process in industries and 

aids the future development of new HF-TFC membranes.  

Chapter 3 is a guideline for FO process optimization for HFFO membranes in a pilot scale. 

Moreover, the study presents a detailed comparison between the FO and RO rejection. A wide 

variety of operating conditions for HFFO membranes was tested to analyze their behavior. It 

was shown that the FO process needs to be designed by focusing on reducing the ICP effect. 

ICP effects are often more dominant than ECP and so, DS is the key element to control in an 

FO process. Also, under low osmotic pressure differences between FS and DS, membrane 

performance, specially Jw, tends to equalize between membranes that have different FO 

performances. This means that under extreme conditions which promote low Jw, a high-Jw 

membrane would not give a significant advantage towards a low-Jw membrane in an 

application.  

In some membrane applications, such as desalination or industrial wastewater treatment, the 

use of SWRO is usually prioritized over the FO as a well-stablished technology. However, an 

in-depth study on the feed solute rejection mechanisms between FO and RO, under equal 

conditions, showed the advantage of the FO against SWRO. It was observed that the presence 

of the reverse draw agent (i.e. Js) can reduce the chemical potential gradient for feed solute 

transport, thus enhancing its rejection. Moreover, the Js hinders the diffusion of feed solutes as 

the direction of this flux is opposite to the feed solute flux. Overall, the results are promising 

for further implementation of the FO process in pilot-scale wastewater applications.  

Chapter 4 presents the development of two novel HFFO membranes for high-particulate FS 

or FS with a high fouling propensity. The first novel membrane developed was a lab-scale 

HFFO membrane with the PA layer in the outer surface of the fiber. Commercially available 

and customized supports were successfully used to develop this type of FO membrane. Coating 

process for the membranes required to be carefully adjusted to maintain a thin layer of the MPD 
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aqueous solution after drying, available for the IP reaction. Vacuum-assisted pressure drying 

of MPD was a vital solution used to overcome this challenge. When absolute-pressure vacuum 

(500-900 mbar) was applied into the lumen side of the fiber, the MPD layer could be retained 

in the surface and was not lost during the drying process. From commercially available 

supports, use of PVDF resulted in the best FO performance under low absolute-pressure 

vacuum (100 mbar) during coating. For the customized support, FO performance, especially 

Js, was improved by the addition of an aquaporin-containing additive (Pluronic® based). The 

use of the additive significantly improved Js by a 250% decrease while maintaining similar Jw 

and proven effective as an additive to “remove” defects on the PA layer of the membranes.  

The second type of membrane developed was a large ID HFFO membrane by applying the 

TFC active layer on the lumen side of the fiber. ID of the tested fibers ranged from 0.5 mm to 

1.1 mm. Difficulty in the PA manufacturing process of these membranes was related to the 

MPD drying step, but also to the MWCO of the support layer. MWCO was found to be a more 

critical parameter for these membranes than for the outer-selective HFFO modules. MWCO 

below 100 kDa, particularly 10-50 kDa, showed the best results in regards of the simplicity of 

the PA fabrication process, PA quality and PA stability. Other relevant factors for the coating 

process are support morphology and wall thickness. Morphology of the support layer altered 

the MPD aqueous solution drying patterns and required adjustments in the fabrication process, 

while wall thickness greatly affected the FO performance. Increases in wall thickness of the 

support promoted severe ICP and thus, FO performance was relatively low in terms of Jw. The 

developed coating protocol was upscaled with some adjustments and the final membranes had 

a membrane area of 3 m2 and 5 m2.  

Chapter 5 presents a study in which the knowledge from the previous chapter was used to 

develop a large ID HFFO membrane with TFC active layer on the lumen side of the fiber for a 

proof-of-concept application test. PHILOS PES-membrane supports, with MWCO of 10 and 

30 kDa, were used to develop a large ID HFFO membrane and was tested in a module for a 

month-long OMBR test with olive mill wastewater (also known as alpechin). Alpechin is 

known to be a difficult to treat effluent, due mainly to its high COD and richness in phenolic 

compounds [1,2]. The membrane with 10 kDa-MWCO resulted in the best FO performance 

with the highest PA quality due to the smaller support pore size. Moreover, the integrity of this 

membrane was further confirmed as the FO performance was roughly maintained after a month 

of operation in the OMBR. The membrane was used in a side stream OMBR configuration 

where artificial wastewater and alpechin was fed into the bioreactor. Pollutant membrane 
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rejection during the OMBR operation was high for COD (99%), TN (85%-78%) and phenols 

(100%). The microbial population growth of the OMBR was inhibited due to the salinity build-

up in the bioreactor and the high COD content of the alpechin. Salinity in the bioreactor reached 

16 mScm-1 during the one-month operation, yet biomass stress index reached only 13%, when 

no alpechin was added yet, which shows the promising adaptation of the microorganisms to 

this salinity level. The most detrimental element for the bioreactor was the 30% alpechin 

addition as it promoted the death of half of the microbial population with a biomass stress index 

of 54%. Yet, the sidestream OMBR test proved the feasibility of the process if alpechin addition 

to the system was done gradually, to allow microbial adaption to the high COD and phenolic 

content.  

 

6.2 Outlook 

The research conducted in this thesis paves the way for further investigations, not only 

regarding manufacturing of FO membranes but also for TFC membrane development in 

general.  

The advantage of FO against RO regarding the feed solute rejection needs further confirmation 

with different groups of feed solutes and different matrixes. These groups may be linked to 

different water treatment applications which will aid the FO process design. Highly toxic 

compounds from wastewater streams or valuable compounds from food production can be 

analyzed for FO rejection with different draw agents. Identification of the draw agents that are 

most effective for enhancing the FO rejection, in a pilot-scale system, can be a very relevant 

study for further development and understanding of the FO processes.  

Additionally, the upcoming applications of FO modules with larger membrane areas require 

further investigations on process optimization on a full-scale basis alongside long-term 

operation to facilitate FO operation in industry.  

The development of the novel HFFO membranes has inspired an in-depth look into the coating 

process for PA formation on HFs. Literature often focuses on investigations of additives and 

post-treatment steps to improve PA layer performance [3–7], yet fundamental PA layer 

formation optimization may be more relevant.  

The study on the outer-selective HFFO has the greatest potential for optimization and use in 

the real industrial applications. However, the investigations carried out in this work were 
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stopped at lab-scale modules with no application test. Currently in literature, the focus is on 

describing lab-scale modules with low packing density due to the difficult PA fabrication 

process [8–10]. The development of a continuous PA fabrication process for these membranes 

could easily promote the upscaling of membrane modules and facilitate tests ranging from the 

lab-scale to the full-scale applications. The development of the continuous PA fabrication is a 

key step needed for the future commercialization of the outer-selective HFFO modules. Once 

the prototypes are produced, they can be utilized for all kind of high-particulate FS and not 

only for OMBR applications.  

Lastly, the successful proof-of-concept of the side stream OMBR shown in this PhD thesis 

calls for further investigation. The large ID HFFO membrane behaved efficiently for the 

duration of the tests, although Jw was low. The olive mill wastewater is an attractive FS due to 

its difficulty to be treated [1,2,11] and so, it can be used for further testing of other HFFO 

modules. Long-term OMBR operation with modules with the higher membrane area and 

different IDs of the fibers should be studied to further develop this application. Additionally, 

parallel tests can be planned with the outer-selective HFFO modules for comparison of the 

submerged and side stream OMBR operations.  
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