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Abstract 

Development of a petroleum reservoir requires an accurate description of the fluid 

phase behaviour in order to determine the reservoir fluid type, estimate the gas and oil in-place, 

and analyze or simulate the production process with changes in the state, composition and 

properties of fluid phases. Although the subject has been studied over decades, there are still 

many long-standing challenges. Among them, the description of the density and phase 

equilibrium of highly asymmetric mixtures related to reservoir fluids is an important issue 

especially for high pressure and high temperature (HPHT) reservoirs. Most reservoir fluids are 

by nature comprised of molecules with large contrast in molecular size and property, thus 

forming asymmetric mixtures. The high asymmetry can lead to a lot of practical problems in the 

phase behaviour description, such as the non-ideal mixing in the density and viscosity modeling 

and relatively large phase envelopes that vary significantly with composition. In addition, other 

problems, like formation of additional liquid or solid hydrocarbon phases and difficulty in the 

saturation pressure calculations in the near critical region, are also related to the asymmetry. 

This PhD thesis is dedicated to the study of the high-pressure phase behaviour of 

asymmetric mixtures related to reservoir fluids, whose data are generally scarce in the 

literature. Instead of continuing measurement of well-defined mixtures mimicking reservoir 

fluids, we prepared live fluid systems by combining a light gas component, including carbon 

dioxide, nitrogen, and methane, and stock tank oil (STO). The obtained asymmetric 

multicomponent mixtures can be considered as pseudo binaries. They are better than well-

defined mixtures in mimicking real live fluid samples, which are difficult to obtain from HPHT 

reservoirs. The prepared methane + STO, nitrogen + STO, and carbon dioxide + STO systems 

cover a wide composition range. Their density and phase equilibrium data were systematically 

measured at temperatures from 298.15 to 463.15 K and pressures up to 1400 bar. The densities 

of the three gas + STO systems as well as the STO itself were measured through a vibrating tube 

densimeter Antar Paar DMA HPA while the phase equilibrium of the three systems was studied 

through a full visibility PVT 240/1500 cell manufactured by Sanchez Technologies. The phase 

equilibrium study also ensured that the density measurement was conducted at sufficiently high 

pressures corresponding to single phase. From the experimental densities, we also determined 

the isothermal compressibility values by differentiating the Tammann-Tait equations fitted to 

the densities, and the pseudo excess volumes of gas + STO mixtures by assuming that the 

synthetic mixture was composed of just a gas component and an oil component. In the phase 

equilibrium part, we determined the phase envelopes, relative volumes, and liquid volume 

fractions below the saturation point. Our measurement has produced valuable HPHT density 

and phase equilibrium data for evaluating and further improving thermodynamic models for 

HPHT reservoir fluids, thus supporting the relevant industrial applications on exploring and 

developing the high-pressure reservoirs. The obtained data can also be used for relevant gas 

injection modeling. 

The measured density and phase equilibrium data were modeled by three equations of 

state (EoS) including Soave-Redlich-Kwong (SRK), Peng-Robinson (PR) and Perturbed Chain 

Statistical Associating Fluid Theory (PC-SAFT). For SRK and PR, their volume translated versions 

SRK-VT and PR-VT were also used to improve the performance in the density descriptions. In the 
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present work, C7+ characterization of the STO is based on Pedersen’s characterization method 

with different sets of correlations selected for these EoS models. For PC-SAFT, the correlations 

developed by Yan et al. were used. It is impossible to find one model that performs consistently 

better than the other models. The performance of these models in saturation pressure is case 

dependent. For volumetric properties, volume translation is essential for SRK and PR, and the 

performance of PC-SAFT is similar to that of PR-VT or SRK-VT. It is found that the deviation in 

the calculated STO density has certain correlation with the deviation in the live oil density, which 

shows the importance of the STO density modeling in the live oil density description. It is also 

found that the deviations in calculated excess volumes are small relative to the total volume. 

This can be utilized to estimate the live oil density from the measured STO densities at different 

pressures and calculated excess volumes, which can potentially reduce the amount of 

experimental work on the more difficult live oil density measurement. 

The PhD thesis also includes an experimental and modeling study carried out at the 

Equinor research center on systems containing methane/natural gas and mono-ethylene glycol 

(MEG)/water. The systems are of direct relevance to tackle gas hydrate issues in the subsea 

pipelines. We measured the density and interfacial tension (IFT) of methane + MEG, natural gas 

+ MEG, and natural gas + MEG + water at temperatures of 278.15K, 293.15K and 323.15K to 

support the actual needs of natural gas processing industry. The vapor and liquid densities were 

measured through a vibrating tube densimeter Anton Paar DMA HPM while the IFT was 

measured by the pendant drop method. Meanwhile, we collected relevant density, solubility, 

and IFT data of the systems involving methane, MEG and water in order to compare with our 

measurement results and to test models. In the related modeling part, we tested the 

performance of the cubic plus association (CPA) EoS using the measured IFT and density data as 

well as the collected IFT, density and methane solubility data. CPA was coupled with the 

parachor method and the linear gradient theory to model the IFT data. The measured and 

collected data provide a more complete picture of the thermodynamic properties for MEG 

containing systems and they can contribute to evaluating and further improving the current 

models. 
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Resumé 

Udviklingen af et oliereservoir nødvendiggør en præcis beskrivelse af væskefasen, når 

typen af reservoirvæske typen skal bestemmes, resterende mængde olie og gas skal estimeres, 

konsekvenser af ændringer i produktionsprocesserne skal analyseres og simuleres med hensyn 

til sammensætning og egenskaber af væskefasen. Selvom at dette emne er blevet studeret i 

flere årtier, er der stadig flere udfordringer, der skal løses. Blandt dem er beskrivelsen af 

densitet og faseligevægt for stærkt asymmetriske blandinger forbundet til reservoirvæsker et 

vigtigt emne, især reservoirer med både højt tryk og høje temperaturer. De fleste 

reservoirvæsker består fra naturens hånd af molekyler med stor variation i størrelse og 

egenskaber, hvilket resulterer i asymmetriske blandinger. Det høje niveau af asymmetri kan 

lede til mange praktiske problemer i beskrivelsen af faseadfærd, såsom ikke-ideelle blandinger 

i densitets- og viskositetsmodellering og relativt store fasegrænser med betydelig variation i 

sammensætning. Derudover er der også andre problemer forbundet til asymmetrien: dannelse 

af ekstra væske eller faste faser og besværlighederne med beregningerne af mætningstryk nær 

den kritiske region.    

Denne ph.d. thesis er dedikeret til studiet af højtryks faser i asymmetriske blandinger 

relateret til reservoirvæsker, om hvilke der i litteraturen forefindes begrænset data. I stedet for 

fortsatte målinger af veldefinerede blandinger, der skal efterligne reservoirvæsker, fremstillede 

vi væskesystemer ved at kombinere en komponent af lette gasser, inklusiv kulmonooxid, 

nitrogen og metan, og stabiliseret olie fri af gasser (SOFG). De opnåede asymmetriske 

multikomponent blandinger er bedre end veldefinerede blandinger til at efterligne ægte 

væskeprøver med opløste gasser, som er svære at udtage fra reservoirer med både høj 

temperatur og højt tryk. De forberedte systemer med SOFG og metan, nitrogen og kulmonooxid 

dækker en bred vifte af sammensætninger. Data for deres densitet og faseligevægt blev 

systematisk målt ved temperaturer fra 298.15 til 463.15 K og tryk op til 1400 bar. Densiteten af 

de tre systemer, såvel som for SOFG, blev målt ved hjælp af et densimeter Antar Paar DMA HPA, 

mens faseligevægten for de tre systemer blev studeret med en PVT 240/1500 celle med vindue 

fremstillet af Sanchez Technologies. Faseligevægtsstudiet sikrede også, at densitetsmålingerne 

blev udført ved tilstrækkeligt høje tryk til at kun én fase var til stede. Fra de eksperimentelt 

bestemte densiteter fandt vi også de isotermiske kompressionsfaktorer, ved at differentiere 

Tammann-Tait ligningerne tilpasset densiteterne, og pseudo overskydende volumener af gas-

SOFG blandinger ved at antage, at den kunstige blanding bestod af blot en gas komponent og 

en olie komponent. I faseligevægtsdelen fandt vi fasegrænser, relative volumener og 

væskevolumenfraktioner under mætningstrykket. Vores målinger har resulteret i værdifulde 

data for højt tryk og høj temperatur densiteter og faseligevægte til evaluering og yderligere 

termodynamisk modellering for højt tryk og høj temperatur reservoirvæsker, således 

understøttende de relevante industrielle anvendelser som undersøgelse og udvikling af højtryk 

reservoirer. De opnåede data kan også anvendes til gastilsætningsmodellering.  

De målte densitets- og faseligevægtsdata blev modelleret med tre tilstandsligninger 

inklusiv Soave-Redlich-Kwong (SRK), Peng-Robinson (PR) og Perturbed Chain Statistical 

Associating Fluid Theory (PC-SAFT). For SRK og PR blev deres volumen versioner SRK-VT og PR-

VT også anvendt til at optimere densitets beskrivelserne. I dette studie er C7+ karakterisering af 
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SOFG baseret på Pedersens karakterisations metode med forskellige sæt af valgte forbindelser 

for tilstandsligningsmodellerne. For PC-SAFT blev forbindelserne udviklet af Yan et al. valgt. Det 

er umuligt at finde én model, der konsekvent fungerer bedre end de andre. Modellernes ydelse 

for mæthedstryk er afhængigt af de enkelte systemer. For volumenegenskaber er det essentielt 

at anvende volumenversioner af SRK og PR, og ydelsen af PC-SAFT er sammenlignelig med PR-

VT og SRK-VT. Det blev fundet, at afvigelsen i de beregnede SOFG densiteter havde en vis 

korrelation med afvigelsen i densiteten for olien tilsat gas, hvilket understreger vigtigheden af 

SOFG densitets modelleringen i beskrivelsen af densiteten for olie tilsat gas. Det viste sig også, 

at afvigelserne i de beregnede overskuds volumener er relativ små i forhold til det totale 

volumen. Dette kan anvendes til at estimere densiteten for olien tilsat gas ud fra de målte SOFG 

densiteter ved forskellige tryk og beregnede overskuds volumener, hvilket potentielt kan 

mindske mængden af eksperimentelt arbejde med de komplicerede densitets målinger. 

Ph.d. afhandlingen inkluderer også et eksperimentelt- og modelleringsstudie udført ved 

Equinor forskningscenter på systemer indeholdende metan/naturgas og mono-ehtylen glycol 

(MEG)/vand. Disse systemer er meget relevante for håndteringen af hydrater i 

undervandsgasledninger. Vi målte densiteten og grænsefladespændingen af metan + MEG, 

naturgas + MEG og naturgas + MEG + vand ved 278,15 K, 293,15 K og 323,15 K til at understøtte 

naturgasindustriens faktiske behov. Gas og væskedensiteterne blev målt ved et Antor Paar DMA 

HPM densimeter, mens grænsefladespændingen blev målt via dråbe metoden. Undervejs 

indsamlede vi relevante data for densitet, opløsningsevne og grænsefladespændinger fra 

systemerne med metan, MEG og vand til sammenligne med vores resultater og for at teste 

modellerne. I de relevante dele af modelleringen testede vi ydelsen af cubic plus association 

(CPA) tilstandsligninger ved brug af de målte grænsefladespændinger og densitetsdata sammen 

med de indsamlede grænsefladespændinger, densitetsdata og metan opløselighedsdata. CPA 

blev sat sammen med parachor metoden og den lineære gradient teori for at modellere 

grænsefladespændingsdata. De målte og de indsamlede data giver et mere komplet billede af 

de termodynamiske egenskaber for systemer indeholdende MEG og de kan bidrage til 

evaluering og yderligere forbedring af de nuværende modelle.
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Chapter 1. Introduction 

It is clear that the society is determined to transit its energy resources to renewable 

energies. But the transition period may not be as quickly as many have speculated. The current 

global oil consumption is around 100 million barrels per day, and it is expected that the number 

will keep at this level, if not further increase, for the next decade. The increasing global energy 

demand has required on one hand more research, innovation and investment to achieve more 

output from renewable energy sources, and on the other hand a stable supply from classical 

energy sources particularly gas and oil. Production from the petroleum reservoirs plays an 

important role in the transition period to a completely sustainable energy structure. During this 

transition, the petroleum industry will see more interests in natural gas, more involvement in 

carbon dioxide sequestration, either with or without enhanced oil recovery. To meet the 

increasing demand in a context of depleting conventional oil resources, the development of new 

frontiers, including unconventional resources [1] like shale and reservoirs at extreme conditions, 

becomes particularly important. The unconventional shale has proven tremendously successful 

in the U.S., and has attracted a lot of interests in China and Argentina. For reservoir at extreme 

conditions, the major examples are those in deeper formation with higher temperature and 

pressures. Petroleum reservoirs with temperature higher than 150 oC and pressure higher than 

69 MPa are generally called the HPHT (high-pressure high-temperature) reservoirs [2]. These 

reservoirs can be on-shore or off-shore. The examples for the latter can be found in the Gulf of 

Mexico, the offshore Brazil, and the North Sea [3]. These off-shore reservoirs are of interest 

because of their large amount of resource in place. But they are also challenging to develop and 

require a good understanding of various aspects of the reservoirs in order to reduce the risk. 

The HPHT reservoirs are often volatile oils or gas condensates that are difficult to describe. 

Development of a petroleum reservoir requires an accurate description of the phase 

behavior of the reservoir fluid. The reservoir fluid phase behavior is used for judging of the 

reservoir fluid type, estimating of the gas and oil in-place, determining of the composition, 

amount, density, viscosity, and other equilibrium properties of fluid phases during reservoir 

production. Special phase equilibrium problems like wax formation [4] and asphaltene 

precipitation [5] are also the important subjects of reservoir fluid phase behavior. Despite 

reservoir fluid phase behavior has been studied over decades, there are still some long-standing 

challenges like phase equilibrium description for gas condensate and volatile systems, density 

and viscosity description of high pressure and high temperature reservoir fluids, precipitation of 

wax and asphaltene to be solved. The common scientific issue behind all these challenges is the 

high-pressure phase behavior of asymmetric mixtures related to reservoir fluids.  

An asymmetric mixture comprises components of large contrast in molecular size and 

property, thus leading to a large deviation from the ideal behavior. For reservoir fluids, the pairs 

between light gas molecules and the components in the heavy ends of the reservoir fluids are 

the major constituents to form asymmetric mixtures. The high asymmetry can lead to large 

phase envelopes difficult to predict, non-ideal mixing in density and viscosity, and formation of 

additional liquid or solid hydrocarbon phases. Many HPHT gas condensates and volatile oils are 

typical examples of asymmetric mixtures. The study of asymmetric mixtures is directly relevant 

to gas injection where light gas components, including carbon dioxide, nitrogen and methane, 

are injected into the reservoir fluid, resulting in highly asymmetric mixtures of various 

composition from the injector to the producer. 
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In this study, we intend to study the high-pressure phase behavior of asymmetric 

mixtures related to reservoir fluids. It is a continuation of the earlier studies on HPHT fluids 

carried out in the group. This study emphasizes on systematic density and phase equilibrium 

measurement of systems related to high-pressure reservoir fluids. The classical and more 

theoretical equations of state (EoS) are also tested in this study. The study is intended to 

generate valuable data for highly asymmetric fluid mixtures under HPHT conditions, which are 

scarce in the literature. The data can be used in evaluating and further improving models 

intended for HPHT application and for gas injection. 

Although it is desirable to study various thermophysical properties, the study here has 

focused on density due to limitation of time. Despite its simplicity, it is fundamental to various 

industrial applications and yet difficult to describe accurately over a wide temperature and 

pressure range. Density is generally required for process designs during transportation, 

production and separation. Several physical properties, such as the excess volume, isothermal 

compressibility, isobaric thermal expansion coefficient, can be directly derived from the density; 

some other properties, such as heat capacity, viscosity and speed of sound, are measured with 

density as one of the inputs. Density is particularly important in oil production and density is 

directly related to the volumetric estimate. Furthermore, density and compressibility are key 

parameters in the pressure depletion process of a reservoir fluid. 

Frankly speaking, there are a large number of density and equilibrium data in the 

literature for binary mixtures covering a wide temperature and pressure range. But the data for 

systems more related to HPHT reservoir fluids are much fewer. In the previous studies [6][7][8] 

in this group, synthetic well-defined binary, ternary and multicomponent mixtures were 

prepared to mimic the real HPHT reservoir fluids. Those mixtures include the methane/n-

decane, methane/n-butane/n-decane, methane/n-butane/n-dodecane and methane/n-

butane/n-hexane/n-decane/n-hexadecane/n-eicosane. Their volumetric properties and phase 

equilibria data were determined experimentally and compared with the model predictions. 

Although the use of well-defined mixtures simplifies the experimental difficulty, it is found that 

these synthetic mixtures cannot completely represent real reservoir fluid mixtures. The heavy 

components in the reservoir fluids are usually quite unique and cannot be simply replaced by a 

few well-defined components. The interactions between the heavy components with light 

components can be significantly different between a real reservoir fluid and a synthetic well-

defined mixture. For this reason, we have chosen to use stock tank oil to prepare mixtures closer 

to the real reservoir fluids. 

The experimental measurement consists of density measurement and phase-

equilibrium measurement separately. The density measurement was made using a high-

pressure vibrating tube densimeter from Anton Paar, and the phase equilibrium measurement 

using a full visibility PVT 240/1500 variable volume cell from Sanchez Technologies. The 

measured data were modeled by classical SRK and PR, incl. their volume translated versions, and 

an advanced non-cubic EoS PC-SAFT. 

During a 3-month external stay at the Equinor Research Center in Trondheim, another 

high-pressure measurement study was performed on the interfacial tension of methane/natural 

gas + water/glycol. This is documented in the thesis as chapter 6.  
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The remaining chapters of this thesis are organized as follows: 

Chapter 2 briefly reviews the technology used for high-pressure density and phase 

equilibrium measurement as well as the available data for high-pressure density and phase 

equilibria related to petroleum fluids. Moreover, PVT test methods are briefly introduced in this 

chapter. 

Chapter 3 selectively reviews some of the models related to our PVT modeling of 

reservoir fluids, including the common cubic EoS like the Soave−Redlich−Kwong (SRK) EoS, the 

Peng-Robinson (PR) EoS and the non-cubic Perturbed Chain Statistical Associating Fluid Theory 

(PC-SAFT) EoS. The C7+ characterization method used in the modeling of the ill-defined reservoir 

fluids is also described here. 

Chapter 4 presents the experimental methods used in the density and phase equilibrium 

measurement for high-pressure and high-temperature gas and oil systems. In this present work, 

density and phase equilibrium measurements were carried out for three gas + STO systems, 

including methane + STO, nitrogen + STO and carbon dioxide + STO. Each system was prepared 

through the gravimetric method with a series of mixtures with different gas mole fractions. The 

densities of these mixtures were measured via a vibrating tube densimeter Antar Paar DMA HPA 

while the phase equilibrium data were measured using a full visibility PVT 240/1500 cell 

manufactured by Sanchez Technologies. 

Chapter 5 presents in details the measurement results of HPHT density and phase 

equilibrium of one stock tank oil sample as well as its mixtures with nitrogen/methane/carbon 

dioxide at temperatures from 298.15K to 463.15K and pressures up to 1400 bar. Apart from the 

single phase densities, isothermal compressibility and pseudo excess volume derived from the 

densities are also reported. The phase envelopes, relative volumes and liquid volume fractions 

below the saturation point are presented in this chapter. Those measured data were modeled 

by SRK, PR and PC-SAFT as well as the volume translated versions of SRK and PR, i.e., SRK-VT and 

PR-VT. The measurement has produced valuable HPHT density and phase equilibrium data for 

evaluating and further improving thermodynamic models for HPHT reservoir fluids and 

supporting the relevant industrial applications. 

Chapter 6 describes the experimental study carried out at Equinor on the density and 

interfacial tension (IFT) of methane + MEG, natural gas + MEG and pseudo-ternary system of 

natural gas + MEG + water at temperatures of 278.15K, 293.15K and 323.15K and pressures up 

to 150 bar. The vapour and liquid densities were measured through a vibrating tube densimeter 

Anton Paar DMA HPM while IFT was measured by the pendant drop method. We also collected 

the literature data including the density, solubility and IFT for methane, MEG and water systems. 

We have tested the performance for the cubic plus association (CPA) EoS using the measured 

IFT and densities as well as the data from the literature. To model the measured IFT, CPA was 

coupled with the parachor method and the linear gradient theory (LGT).  

Chapter 7 summarizes the major findings in this PhD thesis and discusses the potential 

future research topics based on the current study.  
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Chapter 2. High-Pressure Density and Phase Equilibrium Measurement 

Petroleum fluids are asymmetric mixtures consisting mainly of hydrocarbon 

components. The properties and phase behaviour of these petroleum-related asymmetric 

mixtures, as well as those of the real petroleum fluids, often require experimental 

determination. This forms the basis for later modeling. The asymmetric hydrocarbon mixtures 

contain molecules of a large contrast in size. They usually give complex phase behaviour at high 

pressures. In this chapter, we briefly review the technology used for high-pressure density and 

phase equilibrium measurement and the available data for high-pressure density and phase 

equilibria related to petroleum fluids. Petroleum PVT experiment is a special type of high-

pressure phase behaviour study where both phase equilibrium and other physical properties are 

measured. It has some typical tests specially designed for reservoir engineering applications. 

These PVT tests are also briefly introduced in this chapter. 

 

2.1. High-Pressure Density 

2.1.1. Introduction 

Density is one of the most important fluid properties, which relates to the phase 

behaviour and thermodynamic property of pure fluids and mixtures. It is regarded as a 

fundamental parameter for industrial applications and process designs during the 

transportation, production, separation, mixing and storage of the fluid. This property can be 

used for the equipment design, such as the column height, reflux ratio and the position of the 

feed plate for the distillation column for an efficient production of the gasoline, kerosene, and 

diesel oil during the oil refinery process. Density values can also be used to estimate the 

Reynolds numbers, oil and gas flow rate, recovery factor during the petroleum exploration and 

production. Several important thermo physical properties necessary to the industrial 

applications can be derived from or determined with the need for density, including excess 

volume, isothermal compressibility, isobaric thermal expansion coefficient, heat capacity, 

viscosity, speed of sound and surface tension. Furthermore, reservoir fluid characterization also 

involves the use of the measurable thermodynamic property of the density to estimate the 

model parameters, such as critical temperature (Tc), critical pressure (Pc) and acentric factor (ω) 

in cubic EoS and the segment length m, segment diameter σ, and dispersion energy ϵ in PC-SAFT. 

The PVT relation is of critical importance for the development, testing and improvement of the 

EoS models, and specifically for applications for reservoir processes. These properties are also 

useful in the study of the geology and mineralogy, such as the formation of a petroleum 

reservoir. There is a practical interest for the study of the experimental density for and 

isothermal compressibility data for petroleum fluids, especially at high pressure and high 

temperatures (HPHT). Those data are valuable and necessary to improve the performance of 

EoS models at HPHT conditions. The well-defined hydrocarbon mixtures are often used to mimic 

reservoir fluids and provide relevant physical properties for the type of fluids of interest. 

However, even for these well-defined mixtures, the available volumetric data for asymmetric 

hydrocarbon mixtures are limited in the literature especially at temperatures and pressures of 

direct relevance to HPHT applications.  



  
 
Chapter 2. High-Pressure Density and Phase Equilibrium Measurement 

 

 
 

 
5 

2.1.2. Density Measurement Technology 

Many techniques can be employed to determine density at elevated pressures, such as 

pycnometers, dilatometers, piezometers, buoyancy methods and vibrating bodies (vibrating 

wire and vibrating-tube densimeters). Among these techniques, vibrating tube densimeters are 

widely used to accurate determine densities of fluids both on gas and liquid for the purpose of 

in industrial production or scientific research [9]. 

The piezometer can be used for the determination of the compression of a fluid, which 

has been reviewed by Whalley [10]. Through this piezometer, volume change caused by system 

pressure variation can be measured by the displacement of a piston or the contraction of a 

bellows cell. The volume change of the primary measurement should be carefully corrected from 

the dilation of the container. Abdulagatov and Azizov [11] [12] performed the density 

measurement of heptane/octane and heptane/ethylbenzene based on the constant volume 

method, and the main part of the apparatus consists of a piezometer, and a U-shaped capillary 

tube filled with mercury. Same apparatus was also used and described by Azizov and Akhundov 

[13] [14] [15] and Abdulagatov and Azizov [16][17]. 

The metal-bellows volumometer is a specific type of piezometer and it was employed 

by Ichihara and Uematsu [18] and Easteal and Woolf [19] for the liquid density measurement. 

This kind of the metal-bellows volumometer consists of a piezometer, which can prevent the 

fluid inside the measuring cell being contaminated by the pressurizing medium. The entire or 

part of the cell is a flexible bellows, which can transmit the applied pressure to the fluid with a 

minimal pressure loss [20][21]. The applied pressure to the bellows can lead to contraction of 

the bellows, until the inside pressure gets equilibrium to the applied pressure. The volume 

change of the fluid is determined by the linear movement of the bellows [20], and the density 

of the fluid is found when its mass is known.  

For the purpose of densities determination of the saturated liquid and vapour of pure 

fluids along the saturation curves, Kleinrahm and Wagner [22][23] developed a two-sinker 

buoyancy densimeter with the application of the Archimedes principle in the early 1980s. 

However, the special advantages of the two-sinker densimeter were not used for most of the 

applications. A novel single-sinker densimeter was developed by Brachthäuser et al. [24] and 

was briefly reviewed by Wagner et al. [25]. This newly designed single-sinker densimeter can 

compensate all side effects to avoid the loss of the accuracy during the measurement. An 

effective improvement of this type of densimeter was performed by Klimeck et al. [26][27] to 

improve the temperature stability and the operating performance. The key factor of this single 

sinker densimeter is the new type of magnetic suspension coupling proposed by Lösch [28] and 

Lösch et al. [29]. The main part of the MSB consists of a measuring cell, a permanent magnet, 

an electromagnet and a microbalance. The sinker is contained in the pressure-proof measuring 

cell, exposed to the gas or liquid at different temperatures and pressures. The permanent 

magnet is placed inside the measuring cell and connects with the sinker via the load decoupling 

device. The analytical balance is located outside from the measuring cell at an ambient pressure. 

The suspension force is transmitted from the pressurized measuring cell to the analytical 

balance through this coupling device, and weight of the sinker is measured [30]. In conclusion, 
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the single sinker densimeter was an essential contribution to the field of the densitometry with 

large operation ranges for density measurement up to higher temperature, pressure.  

Audonet and Pádua [11][12] performed the density measurement with the application 

of the vibrating wire densimeter. It is mainly based on a vibrating-wire sensor, composed of a 

sinker suspended from a thin metallic wire, both of which are immersed in the fluid. The wire 

forms part of the electrical circuit and supplies a variable frequency alternating current. The 

characteristics of oscillation of the wire are obtained through the electromagnetic coupling [31]. 

The resonant frequency of the transverse vibrations of the wire is changed for different fluid 

samples, and the variation of the resonant frequency is related to the buoyancy on the solid 

weight. In this way, the response of the wire is related to the fluid density through the buoyancy 

force taking place on the sinker, which can change the tension of the wire. The principle of 

vibrating-wire sensors was primarily applied to the measurement of viscosity and it was also 

used for the density but restricted to the liquid measurement [32]. This type of densimeter was 

also employed by Pensado et al. [33] Caudwell et al. [34], Takaishi and Oguchi [35], Dix et al. 

[36]. 

In recent years, researchers seem to prefer the vibrating tube densimeter for the high-

pressure density determination. The vibrating tube densimeter has the advantage of being 

highly versatile and precise for relative density measurement. This type of the mechanical 

oscillator densimeter can measure the frequency of vibration of an excited oscillator, which 

relates to its mass. The oscillator consists of a U-shaped tube fused into a dual-wall cylinder. 

Liquid sample is regarded as the part of vibrating system and its mass will affect the system 

resonant frequency [37]. Many works have been published based in this technique, Seitz and 

Blencoe [38] , Baragi et al. [39], Cooper and Asfour [40] , Pečar and Doleček [41], Quevedo-

Nolasco et al.[42][43], Ono et al. [44],  Sayazdi et al. [45]. 

 

2.1.3. High-Pressure Density Database for Binary Hydrocarbon Mixtures 

A huge volume of density data has been measured for the last hundred years, especially 

for hydrocarbon mixtures. We have tried to collect the high-pressure density for binary 

hydrocarbon mixtures related to petroleum applications. Here we extend the scope of 

“hydrocarbons” a bit by including nitrogen, carbon dioxide and hydrogen sulfide, which are 

typically present in reservoir fluids. By searching the literature mainly for densities measured at 

elevated pressures, we have established a density database for binary mixtures related to 

petroleum fluids [46]. The database covers most n-alkanes up to C30 (we drop “n” in front of the 

symbols for n-alkanes for simplicity), iso-alkanes iC4 and iC5, and common non-hydrocarbon 

components N2, CO2, and H2S. Table 2.1 presents the overview of the 74 pairs where the density 

data are available. More details on the data sources, the number of data points (Np), and the 

range of conditions can be found in Yan et al.[46]. There are 34977 data points in total with over 

97% of them at elevated pressures. In Table 2.1, the 14 pairs with only atmospheric data are 

marked in green and the remaining 60 pairs with high-pressure data in blue. Actually, most of 

the atmospheric data are in those green pairs, with the remaining few in some blue pairs whose 

components are heavier than C5. The atmospheric data cover quite many heavy pairs although 
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their total number of data points are just a small percentage. In contrast, the first four columns 

in Table 2.1, especially the pairs with N2, CO2, and C1, account for 1/3 of the pairs and 60% of the 

data points. In the collected high-pressure densities, most are measured as isotherms at fixed 

compositions and some as isochores [47], [48], [49]. Only several sets [50], [51] in the database 

are saturated phase densities. We have not extensively sought for the saturated phase densities 

since the data measured at fixed compositions are usually with higher accuracy. In addition to 

the binary densities, we have also collected some density data for ternary and multicomponent 

mixtures. Table 2.2. provides an overview of these data, most of which have been reviewed by 

Teresa et al [7].  

The collected data can be used for evaluation and improvement of various EoS models. The 

database was not used directly in this thesis but in a relevant study [46]. The collected densities give 

us an overview of the data availability in petroleum related mixtures. Fairly speaking, the 

hydrocarbon mixtures are probably the most extensively studied mixtures. Nevertheless, we can still 

find many blank blocks in the matrix presented in Table 2.1, suggesting the further need for more 

measurement to present a more complete picture. In recent years, the CERE laboratory has 

conducted a series of high-pressure density measurement on hydrocarbon mixtures mimicking 

reservoir fluids. These synthetic binary, ternary and multicomponent alkane mixtures include 

methane/n-decane, methane/n-butane/n-decane, methane/n-butane/n-dodecane and 

methane/n-butane/n-hexane/n-decane/n-hexadecane/n-eicosane [6],[7]. Their compositions 

were carefully selected to represent the volatile oils or gas condensates.  

However, we have found that although the use of well-defined mixtures indeed reduces 

the experimental difficulty, these synthetic mixtures cannot completely represent real reservoir 

fluid mixtures. That is because those heavy components in the reservoir fluids are quite unique 

and cannot be fully replaced by a few well-defined components studied previously. Moreover, 

the interactions between the heavy components and light components are significantly different 

between a real reservoir fluid and a synthetic well-defined mixture. This has driven us to survey 

the published density data of real reservoir fluid at high temperatures. As our findings, densities 

of deep reservoir fluids are generally scarce even though they are crucial to validate, test and 

improve the performance of the EoS models. Some of the published data are restricted to the 

low pressures. Burgess et al. [52] measured the density data for two stock-tank oil samples from 

Gulf of Mexico as well as their mixtures with methane at pressures ranges of 3 to 2760 bar and 

temperatures up to 523 K. Larsen et al. [53] published the density for one-phase hydrocarbon-

based Gulf of Mexico reservoir fluids at temperatures to 400 K and pressures to 1550 bar. In our 

lab, Regueira et al. [2] have systematically measured two HPHT reservoir fluids, one volatile oil 

and one gas condensate, up to 473 K and 1400 bar. These measurements are valuable for the 

further improvement of EoS models for HPHT applications.  
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Table 2.1. Binary pairs in the density database (blue blocks with high-pressure data and green 

blocks with only atmospheric data) [46] 

N2 1 1                          
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CO2 2  2                          

H2S 3   3                         

C1 4    4                        

C2 5     5                       

C3 6      6                      

iC4 7       7                     

C4 8        8                    

iC5 9         9                   

C5 10          10                  

C6 11           11                 

C7 12            12                

C8 13             13               

C9 14              14              

C10 15               15             

C11 16                16            

C12 17                 17           

C13 18                  18          

C14 19                   19         

C15 20                    20        

C16 21                     21       

C17 22                      22      

C18 23                       23     

C20 24                        24    

C22 25                         25   

C24 26                          26  

C30 27                           27 
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Table 2.2. An overview of the ternary and multicomponent densities 

System Source T range (K) P range (bar)    x1  range 

methane/propane/ 
n-decane 

Reamer et al. [54] 277.59-510.93 13.79 - 689.48 0.1000 - 0.7880 

methane/n-butane/ 
n-decane 

Reamer et al. [55] 310.93-510.93 13.79 - 689.48 0.3785-0.9775 

methane/n-butane/ 
n-decane 

Reamer et al. [56] 310.93-510.93 13.79 - 689.48 0.2141 -0.9279 

n-butane/n-heptane/ 
n-hexadecane 

Fenghour et al. [57] 405–469 7–240 0.0904-0.1856 

methane/n-butane/ 
n-hexadecane 

Fenghour et al. [58] 295–350 83–493 0.0185-0.0478 

methane/n-butane/ 
n-heptane/n-hexadecane 

Fenghour et al. [58] 317–460 269–497 0.1210- 0.2186 

n- pentane/n-hexane/ 
n-heptane 

Pečar and Doleček [41] 298.15-348.15 1 to 400 0-1 

propane/n-butane/ 
isobutane 

Miyamoto et al. [59] 280-440 10 to 2000 0.2131-0.5895 

propane/n-butane/ 
isobutane 

Kayukawa et al. [60] 240 -380 4.98 to 70.77  0.2-0.6 

methane/n-butane/ 
n-decane 

Regueira et al. [7] 278.15-463.15 400--1400 0.8099 

methane/n-butane/ 
n-dodecane 

Regueira et al. [7] 298.15-463.15 400--1400 0.8494 

methane/n-butane/ 
n-hexane/n-decane/ 
n-hexadecane/n-eicosane 

Regueira et al. [7] 298.15-463.15 400–1400 0.6969, 0.9001 

 

2.2. High-Pressure Phase Equilibrium Measurement 

2.2.1. Introduction 

Phase is described as any homogeneous and physically distinct part of a system, which 

is isolated from other elements of the system by definite bounding surfaces [61]. The knowledge 

of the phase behaviour at high pressure and high temperatures is crucial to many industrial 

applications, such as high-pressure separation processes, natural gas processing, oil and gas 

production, hydrate formation and supercritical fluid application. High-pressure phase 

equilibrium is an important aspect in the high-pressure phase behaviour study. Although 

theoretical modeling of high-pressure equilibria has advanced a lot in recent years, the 

experimental measurement is still indispensable in many cases. Accurate high-pressure phase 

equilibrium measurement of multi-component vapour-liquid equilibrium (VLE) is regarded as 

one of the most compelling experimental challenges. The equipment for the VLE measurement 

can be broadly categorized as static methods, dynamic methods, and procedures for measuring 

infinitely dilute activity coefficients proposed by Weir and de Loos [62]. In the static method, 

liquid mixture is degassed thoroughly before injecting into an evacuated hermetically sealed 

equilibrium cell in an isothermal environment. However, for the dynamic methods, either the 

vapour phase or the liquid phase, or both phases are circulated during the measurement. Dohrn 

and colleagues [63] [64] categorized the VLE measurement into the analytical and synthetic 

methods. In the analytical methods, composition analysis of the equilibrium phases is done by 

withdrawing samples of each phase and analyze them at ambient pressure or directly analyze 
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the samples inside the equilibrium cell using physicochemical analysis methods. Other 

classifications are available, e.g., Richon and de Loos [65] divided the experimental methods for 

the determination of high-pressure VLE into two groups: the closed and open circuit methods. 

In the following description, we adopt the classification of the high-pressure measurement 

methods in two categories: the analytical methods and the synthetic methods. It should be 

noted that no single method can cover the variety of VLE measurements at high-pressures. This 

is because the experimental determination of different samples can span a wide range of 

temperatures and pressures, and they can also differ largely in its physical properties such as 

volatility, corrosivity, viscosity, thermal stability, and density. 

2.2.2. Analytical Methods 

1. Analytical-Isothermal Methods:  

In isothermal methods, equilibration temperature remains constant, whereas the other 

equilibrium properties such as pressure and composition will be adjusted in terms of the 

temperature, the total composition, and the volume of the system. There are three steps for the 

analytical-isothermal methods: (1) preparation of the mixture, (2) equilibration, and (3) 

sampling and analysis of the phase compositions. The sample analysis of the coexisting phases 

are the most important steps, and it will be analyzed at equilibrium conditions [64].  

2. Analytical-Isobaric Methods& Analytical-Isobaric-Isothermal Methods:  

In isobaric methods, fluid streams are pumped continuously into a thermostatic 

equilibrium cell. During the process, the pressure of the system remains constant by controlling 

an effluent stream with a backpressure regulator. The boiling temperature of the mixture is 

measured under isobaric conditions, and the phase compositions are determined after sampling 

and analysis. The analytical isothermal-isobaric methods can be categorized as three methods 

of continuous-flow methods, semiflow methods, and chromatographic methods [64].  

3. Analytical-Spectroscopic Methods:  

The advantage of the spectroscopic methods is that, it allows fast analysis of the phase 

compositions at high pressures without the requirement to withdraw samples. Therefore, the 

use of the spectroscopic methods is more suitable to study the phase equilibria of the reacting 

systems [64]. There are several spectroscopic techniques that can be applied to the analyze the 

composition, and for example, the infrared spectroscopy and the 2H NMR technique combined 

with light microscopy by Cruz Francisco et al. [66][67].  

4. Analytical-Gravimetric Methods:  

The mass of a nonvolatile condensed phase is monitored, in equilibrium with a fluid 

phase. The phase compositions are determined with the application of an additional 

thermodynamic property, the density of the phases [67]. 

5. Other Analytical Methods  
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There are other analytical methods that can be used to determine the composition of 

the phases without sampling. The use of quartz crystal micro balances to find the solubility of a 

gas in a polymer is one typical example of other analytical methods. The principle of this 

apparatus is based on the piezoelectric effect observed in an AT-cut quartz crystal [64][67].  

 

2.2.3. Synthetic Methods 

In the synthetic methods, the mixture has been prepared with precisely known 

composition. The phase behaviour of the sample inside an equilibrium cell is observed and 

temperature, pressures at equilibrium state is measured. The sampling is not a necessary step 

in synthetic method and this method can be applied to the situations where analytical methods 

are not working. However, the synthetic of the sample can also have some problems. In the case 

of the synthetic methods with a phase transition, the conditions (pressure, temperature and 

composition of the fluid sample) are altered until the generation of new phase or one of the 

existing phases disappears. For the synthetic method without a phase transition, equilibrium 

properties such as pressure, temperature, phase volumes, and phase densities are measured, 

and phase compositions are calculated using a material balance. In general, synthetic methods 

can be categorized into the following groups [64]:  

1.Synthetic-Visual Methods:  

In this procedure, the phase transition is detected through the visual observation. This 

includes the appearance of a new phase or the disappearance of the existing phase [64]. The 

application of synthetic-visual methods has a broad ranges reviewed by Dohrn et al. [64] and 

Fornari et al. [67] such as the determination of simple VLE, phase behaviour of multiphase 

equilibria [68], solid-liquid equilibria [69], critical curves of mixtures [70], gas hydrate formation 

[71], cloud-point determinations of ionic liquid systems [72]. 

2.Synthetic-Nonvisual Methods:  

It is unlike the visual method, the occurrence of phase transitions is detected and 

monitored from the physical properties of the sample. The appearance of a new phase is 

detected by analyzing the abrupt change of the slope of pressure-volume curves of the mixtures. 

This way only works when the volume of the variable volume cell is measured accurately. In 

other way, the measurement is performed at constant volume with temperature as variable. 

There is a sharp change of the (dp/dT) slope at the phase boundary [73][74] and the intersection 

of isochors can equally be used to determine points on the coexistence curve [68]. 

3. Synthetic-Material Balance Methods:  

The phase compositions of the system are calculated with the application of the material 

balance at equilibrium conditions. In terms of the phase rule, with a known temperature and 

pressure condition, density and composition of liquid and vapour phases at equilibrium 

condition are defined for a binary mixture, while the mass of each phase depends on the overall 

composition [64].  
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4. Synthetic-Isothermal Methods 

The synthetic methods can also be measured isothermally, the measurement is 

proceeded by measuring the pressure of a synthesized multiphase mixture at isothermal 

conditions. The Synthetic isothermal methods can be used in studies of gas solubilities in non-

volatile substances. In the process, an evacuated equilibrium cell is loaded with a known amount 

of the first component. The precisely known amount of the second component is added to 

increase the pressure of the system. As long as the second component dissolves into the liquid 

phase, the cell pressure will decrease, and it reaches an equilibrium value. The composition of 

the vapour phase is obtained by using a phase equilibrium model while the composition of the 

liquid phase is gotten using the material balance [75]. Experiments can be repeated along the 

boiling-point line with the addition of the second component with a different global composition 

[67]. 

5. Synthetic-Isobaric Methods  

In synthetic-isobaric methods, the boiling temperature of a synthesized mixture can be 

measured at isobaric conditions and the composition of the phases are obtained through the 

calculation of the material balance. The advantage of this method is that no sampling or analysis 

is required compared to that of the analytical isobaric methods [64]. 

6. Other Synthetic Methods  

Other methods are less common and have been reviewed by Dohrn et al. [64]. In the 

isochoric procedure, the volume of the cell is fixed, and the cell pressure are measured as a 

function of temperature. The performance of the two phase isochoric heat capacity 

measurement can determine the critical pressure and the slope of the vapour pressure curve at 

the critical point [76].  

 

2.2.4. Measurements Related to Petroleum Fluids 

There are numerous high-pressure equilibrium measurements of well-defined mixtures 

related to petroleum fluids in the literature. Basically, the systems consisting of n-alkanes,iso-

alkanes, and non-hydrocarbons like nitrogen, carbon dioxide, and hydrogen sulfide can all 

potentially be relevant. If the systems are asymmetric as for typical reservoir fluids, their data 

can be of a higher relevance. It is impossible to review all the systems, but we present below a 

short review of some relevant studies especially those measured in recent years. Most of the 

systems were briefly reviewed by Regueria et al. [8]. 

In the early publications, Reamer et al. [54][55][56][77][78] measured ternary systems 

of methane/n-butane/n-decane and methane/n-propane/n-decane. Wiese et al. [79] studied 

the phase equilibria in the hydrocarbon systems of methane/propane/n-decane. Similarly, 

Kariznovi et al. [80][81] reported vapour-liquid equilibria data of methane/n-decane/n-

tetradecane and methane/n- decane/n-hexadecane systems.  Cebola et al. [82] studied the 

phase equilibrium of ternary alkane mixtures of methane/n-hexane/n- tetradecane using a 

designed pressure–volume–temperature (PVT) apparatus. Urlic et al. [83] reported the vapour-
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liquid equilibria (VLE) of ternary alkane mixtures methane/n-butane/n-decane. Nourozieh et al. 

[84] reported vapour-liquid equilibria of methane/n-decane/n-octadecane. Yang et al. [85] 

measured the phase behavior of the asymmetric ternary mixture of methane/n-butane/n-

octane in the near-critical region. Uribe-Vargas and Trejo [86] performed the vapour liquid 

equilibria of methane/nitrogen and n-hexane/n-decane mixture. Blanco et al. [87] determined 

dew points of the ternary system methane/ethane/butane and quaternary methane/ ethane/ 

butane/ water mixtures. 

For other studies, Gregorowicz et al. [88] reported the liquid-liquid-vapour equilibria for 

ternary system of methane/n-propane/n-eicosane and retrograde condensation of heavier 

liquid. Machado and de Loos [89] measured the bubble point curve, dew point curve and solid 

+ fluid/fluid boundary curves of ternary system for methane/tetracosane/triacontane. 

Daridon et al. [90] performed the phase boundary measurement of multicomponent 

mixtures composed of methane/n-decane/multi-paraffin, which consists of the n-alkanes 

ranging from n- octadecane to n-triacontane. Pauly et al. [91][92] determined high-pressure 

phase equilibrium data of ternary and multicomponent systems for methane and waxy mixtures 

ranged from n-tridecane to n-docosane. Fenghour et al. [58] determined bubble points of binary 

mixture of methane/n-butane, ternary mixtures of methane/n-butane/n-hexadecane and the 

multicomponent mixture composed of methane/n-butane/n-heptane/n-hexadecane. 

For gas condensate systems, Gonzalpour et al. [93] measured the vapour-liquid 

equilibrium of a five-component gas condensate consists of methane/n-propane/n-pentane/n-

decane/n-hexadecane. Similarly, Mørch et al. [94] performed the measurement of the 

hydrocarbon dew points for five synthetic natural gas (SNG) mixtures containing 

ethane/propane/i-butane/n-butane/n-pentane. Avila et al. [95] measured the dew point curves 

of five synthetic natural gas (SNG) and their mixtures with water and methanol. Shariati et al. 

[96] measured bubble-point pressures of methane/ synthetic C6 and mixtures of alkanes, 

cycloalkanes, and aromatics.  

The CERE laboratory has also carried out some phase equilibrium measurement of 

synthetic mixtures related to petroleum fluids for a HPHT project. Regueira et al. [8]  performed 

phase equilibria of synthetic mixtures for several mixtures of methane/n-decane, one 

methane/n-butane/n-decane mixture, one methane/n-butane/n-dodecane mixture, and two 

six-component mixtures of methane/n-butane/n-hexane/n-decane/n-hexadecane/n-eicosane. 

In addition, Regueira et al. have measured two HPHT reservoir fluids of volatile oil and gas 

condensate [2]. The phase behaviour of the produced synthetic reservoir fluid or the real 

reservoir fluid can be a valuable database for the development and improvement of the EoS 

models at HPHT conditions. 
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2.3. PVT Measurement for Reservoir Fluids 

2.3.1. Introduction 

Production of a petroleum reservoir is always associated with pressure change and it is 

important to understand how the reservoir fluid density change with pressure. In addition, 

temperature drops when the fluid is produced to the surface and the dependence on 

temperature is also important. The description of the relation between pressure (P), volume (V) 

and temperature (T) coins the term PVT typically used for reservoir fluids but its content is 

actually much broader than its literal meaning. This is because the condition change often leads 

to phase transition, e.g., formation of a gas phase from oil, formation of liquid from gas 

condensate, and much more complex phase transition in gas injection and other enhanced oil 

recovery (EOR) processes. The scope of PVT for reservoir fluids is therefore very broad and can 

include the routine PVT tests for petroleum fluids, customized studies for particular phenomena 

related to petroleum fluids, and all the relevant modeling study. It can overlap with many high-

pressure phase behaviour studies of general purposes. 

For experimental PVT study, Pedersen et al. [97] and Shaikh and Sah [98] give some 

general descriptions. It should distinguish between the routine and EOR PVT experiments. The 

routine PVT experiments is designed for the natural depletion process of a reservoir fluid, also 

known as the primary recovery. For the first type of experiment, the depletion process is studied 

at a constant temperature and the most important parameter to be determined is perhaps the 

saturation pressure. This can be the bubble point pressure for black oil and volatile oil, or dew 

point pressure for gas condensate. For the region below the saturation pressure, the mixture is 

in a two-phase state and the separation between gas and oil has important implications for fluid 

flow and oil recovery. In general, gas is more mobile than oil in the two-phase region. The 

dissolved gas is a driving force for the oil production and the amount of dissolved gas in oil is 

thus critical to the final recovery. For gas condensate, the valuable heavy components can be 

left behind after dropping out from the gas condensate. All these need to be quantified in 

conventional PVT experiments. Among the EOR processes, gas injection takes effect due to oil 

welling, viscosity reduction and formation miscibility, which are all related to phase behaviour 

and need to be studied through PVT tests. 

Most PVT experiments belong to the synthetic methods for high-pressure phase 

equilibrium experiments, which means that no direct analysis of the equilibrium phases is made 

during these experiments. It is typically performed at a constant temperature although several 

temperatures can be tested during the study. The key component in any PVT apparatus is a high-

pressure cell with a variable volume for the studied mixture. This was realized in the past using 

mercury as the pressurizing fluid. The modern PVT equipment, however, has replaced mercury 

with a piston that can move up and down. For PVT experiments, the quality and accuracy of the 

volumetric property of the PVT cells at relevant pressure and temperature conditions are of 

foremost importance. It means that the volume of the cell needs to be carefully calibrated, the 

amount of the fluid transferred must be under strict control, and the equilibrium phase volumes 

would desirably be measured.  

Several routine PVT tests are used to study the fluid phase behaviour and equilibrium 

depending on the fluid type. For an oil system, including black oil and volatile oil, the constant 
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mass expansion (CME), differential liberation (DL), and separator test are generally used. For gas 

condensate, CME, constant volume depletion (CVD), and separator test are applied [99]. These 

methods are briefly introduced below. 

2.3.2. Constant Mass Expansion  

CME, also known as the constant composition expansion (CCE) or flash liberation, is a 

series of pressure-volume experiment in which the sample fluid is set in a single-phase pressure 

at a measuring temperature and it undergoes several depressurization steps with the expansion 

of the fluid volume [100]. CME can be performed for an oil mixture or a gas condensate mixture. 

For an oil mixture, the cell pressure will be reduced until the appearance of the bubble point in 

the two-phase region, where a small gas bubble is formed in the system. The knowledge of the 

bubble point pressure is applied to the prediction, the plan, and the handling of the oil 

production from reservoirs [101][102]. The procedure is essentially the same for gas condensate 

except that the depletion leads to the formation of the first oil droplet at the dew point. Dry 

gases will not have a saturation point at the typical reservoir temperature. It is therefore not 

possible to conduct a full CME study on a dry gas. Instead, the single-phase Z-factors are 

reported at the relevant temperature and decreasing pressures. At each stage of the experiment 

the relative volume is recorded, defined as the ratio between the actual volume (Vtot) and the 

volume at the saturation pressure. The knowledge of the saturation pressure has the importance 

of the understanding the fluid flow regime of a reservoir in the two phases existence region. The 

knowledge of bubble point can prevent the significant volume loss in the surface, which has a 

practical meaning for the oil and gas industry. 

2.3.3. Differential Liberation 

DL is also referred to as a differential vaporization or differential depletion experiment. 

It is performed for the analysis of black oil and volatile oil. The purpose of the DL experiment is 

to find out the compositional and volumetric changes of the oil reservoirs during the production. 

Unlike the CME test, this type of the experiment is started at saturation pressure and the gas is 

depleted during the process. After the sample gets equilibrium at the first selected pressure 

under the saturation pressure, the discharged gas is collected at a constant pressure. The 

volume and composition of the discharged gas are measured at the standard conditions. This 

process will repeat at a number of decreasing pressures and the final pressure stage is the 

atmospheric pressure. 

2.3.4. Constant Volume Depletion  

CVD is performed visually to determine the volume of the retrograde liquid. It is 

designed for the purpose of gaining knowledge about the PVT properties of the produced well 

streams from gas condensate reservoirs. The CVD test acknowledges two important aspects in 

the production of a gas condensate reservoir. First, the total reservoir volume is constant. 

Second, the gas is more mobile than liquid and will first flow out—actually, CVD takes this to the 

extreme by assuming all the dropped out liquid in the two-phase region is left in the reservoir. 

In the CVD test, the mixture undergoes first expansion and then constant pressure displacement 

to discharge the excess volume of gas to get a constant volume that equals to the volume at 

saturation pressure. CVD starts at the saturation point. After expansion to a lower pressure and 
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stabilization at this pressure, the mixture splits into two phases in the cell. The excess gas volume 

is then discharged without disturbing the equilibrium until the mixture volume decreases to the 

saturation volume. The discharged gas can be analyzed and the volume of the liquid drop-out is 

recorded. CVD, like DL for oil mixtures, provides richer information about the mixture than CME.  

2.3.5. Separator Test 

Separator tests can be applied to both oil and gas mixtures. It is used to emulate the 

compositional and volumetric changes of a reservoir fluid during the production. Its purpose is 

to gain some knowledge about the relative volumetric properties of oil and gas during the 

production from a reservoir. The selection of the separator test conditions is according to those 

of the field separators. In the separator test, reservoir fluid at temperature and pressure in the 

two-phase region separates will be measured. The measurement will start once the equilibrium 

has reached for the two phases, the volume and composition of the discharged gas will be 

measured at standard conditions. The liquid from the first stage separation will remain to the 

second stage separation at a lower pressure and temperature. The separator test can perform 

for several stages and more gas will be liberated. 

 

2.4. Summary 

Density and phase behaviour of the asymmetric hydrocarbon mixtures play an 

important role in the processes related to chemical or petroleum engineering. Density is a 

fundamental fluid property for pure fluids and mixtures in process design related to 

transportation, production, separation, mixing and storage and of the fluid. We have reviewed 

the typical techniques used for high-pressure density determination, in particular the vibrating 

tube method which is widely used in recent years. This method becomes attractive due to its 

high precision and simplicity. We have established an extensive database for binary mixtures 

related to petroleum fluids, and also reviewed other ternary and multicomponent mixture 

densities and densities for HPHT reservoir fluids. In general, there are abundant density data for 

well-defined mixtures but there are still many gaps to fill and not all the conditions of interest 

are covered. The density data for HPHT reservoir fluids are generally scarce, which is a 

bottleneck for evaluating and improving relevant EoS models.  

Accurate high-pressure phase equilibrium measurement of multi-component vapour–

liquid equilibrium (VLE) is regarded as one of the most compelling experimental challenges. 

Many techniques exist for high-pressure phase equilibrium measurements and there are also 

several ways of classification. We reviewed the existing methods in terms of the classification 

using the analytical methods and synthetic methods. There is no single experimental technique 

that can be used to handle all kinds of high-pressure phase equilibrium measurements because 

the required measurement can span a wide range of temperatures and pressures and the 

sample properties can also vary a lot. Similar to the density data, there are abundant equilibrium 

data for well-defined binary mixtures related to petroleum fluids in the literature. The 

availability decreases when it comes to multicomponent systems. The data for HPHT reservoir 

fluids are generally scarce although some were reported in recent literature. 
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Finally, the experimental determination of the reservoir fluid phase behaviour, known 

as PVT measurement, is still regarded as the non-displaceable. Petroleum PVT tests are built 

upon the technology used in high-pressure density phase equilibrium measurement although 

they serve a more specific purpose. Petroleum PVT is in direct connection with the application 

for reservoir processes, and usually handle ill-defined reservoir fluid mixtures. In the CERE 

laboratory, we have measured well-defined mixtures and reservoir fluids at high pressures in 

recent years, it is attractive to utilize stock tank oil and well-defined gas components to prepare 

live fluids for a systematic measurement of their densities and phase equilibrium. This will be 

further discussed in Chapters 5.
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Chapter 3. Thermodynamic Models 

An equation of state (EoS) relates the state variables of pressure, temperature and 

volume for a mixture of a certain composition. EoS plays an instrumental role in oil and gas 

production, pipeline operation and transportation process, where accurate description of fluid 

phase behaviour is required. There are many EoS models available for phase equilibrium 

modeling and phase properties calculation. In this chapter we selectively review those directly 

related to our later PVT modeling of reservoir fluids, including the common cubic EoS like the 

Soave−Redlich−Kwong (SRK) EoS and the Peng-Robinson (PR) EoS, and the non-cubic Perturbed 

Chain Statistical Associating Fluid Theory (PC-SAFT) EoS [103][104]. To apply a thermodynamic 

model to ill-defined reservoir fluids, characterization of the C7+ fraction is required, and the 

relevant methods are also described in this chapter. 

 

3.1. EoS Models 

EoS has a long history and its simplest form can be traced back to the discovery of the 

ideal gas law. The application scope of the ideal gas law is very limited. It only works for weakly 

polar gases at low pressures and moderate temperatures. It was not until 1873 that a semi-

empirical equation known as the van der Waals (vdW) EoS was proposed by introducing the 

molecular volume and the attraction force of a substance based on the ideal gas law. The vdW 

EoS has the intermolecular attractive and repulsive forces and assumes the following form [105]:  

 
𝑃 =

𝑅𝑇

𝑣 − 𝑏
−

𝑎

𝑣2
 

 

(3.1) 

where v is the molar volume, the constants a and b are equation of state parameters, 
𝑎

𝑉2 

represents the attractive term, 𝑏 is the co-volume giving rise to the repulsive forces. The vdW 

EoS is not so useful for practical design purpose but it has important theoretical implications, 

e.g., serving as the basis for the Principle of the Corresponding States (PCS). The vdW EoS is often 

referred to as cubic EoS and it is regarded as the ancestor for most of the modern cubic EoS. 

Cubic EoS are perhaps the most widely accepted engineering EoS models. Apart from cubic EoS, 

non-cubic EoS with more model parameters (thus higher tuning flexibility) or more theoretical 

basis are also important. Their advantages are mainly reflected in a better description of 

volumetric properties. Among the non-cubic theoretical EoS, the PC-SAFT model based on 

statistical mechanics has attracted great research interest and industrial attention. 

3.1.1. Soave−Redlich−Kwong (SRK) 

Redlich and Kwong [106] modified the attractive term of the van der Waals equation as: 

 
𝑃 =

𝑅𝑇

𝑣 − 𝑏
−

𝛼

𝑇𝑟
0.5𝑣(𝑣 + 𝑏)

 
(3.2) 

 

The Redlich–Kwong equation introduces a temperature dependent attractive term based on the 

van der Waals equation. Even though the Redlich–Kwong equation is generally more accurate 
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than the van der Waals equation, it has been revised and modified to improve the prediction 

accuracy of gas-phase properties and vapour–liquid equilibria at lower temperatures.  

In 1972, Soave proposed an important modification to the Redlich-Kwong EoS by 

replacing the temperature dependency of the attractive term with a more general function α. 

The Soave-Redlich-Kwong (SRK) EoS is given by the expression[107]:   

 
𝑃 =

𝑅𝑇

𝑣 − 𝑏
−

𝛼𝑎

𝑣(𝑣 + 𝑏)
 

(3.3) 

 

The attractive parameter 𝛼 becomes unity at critical condition throughout the critical isotherm. 

 
𝑎 = 0.427480

𝑅2𝑇𝑐
2

𝑃𝑐
   𝑏 = 0.086640

𝑅𝑇𝑐

𝑃𝑐
 

(3.4) 

 

The function α depends on two variables, the reduced temperature Tr and the acentric factor ω: 

 
𝛼 = (1 + 𝑚(1 − 𝑇𝑟

0.5))
2

 

 

(3.5) 

 𝑚 = 0.480 + 1.574𝜔 − 0.176𝜔2 
 

(3.6) 

where m is a function of the acentric factor ω. 

The SRK EoS written in the cubic form is as follows: 

 𝑍3 − 𝑍2 + (𝐴 − 𝐵 − 𝐵2)𝑍 − 𝐴𝐵 = 0 (3.7) 
  

𝐴 =
𝑎𝛼𝑃

𝑅2𝑇2
     

 

(3.8) 

 
𝐵 =

𝑏𝑃

𝑅𝑇
 

(3.9) 

 

 

The SRK EoS has a better prediction result than that of the virial equation of state. Although SRK 

describes the vapour densities of pure components and mixtures quite well, and it predicts 

vapour-liquid equilibria well, its deviation for liquid density is rather high.  

Soave has proposed a modification to the mixing rules by introducing the binary 

interaction parameters kij to the mixture. And for the multicomponent mixtures, the following 

mixing rules are used: 

 
𝑎 = ∑∑𝑥𝑖𝑥𝑗𝑎𝑖𝑗

𝑛

𝑗=1

𝑛

𝑖=1

  𝑎𝑖𝑗 = √𝑎𝑖𝑎𝑗(1 − 𝑘𝑖𝑗) 

 

(3.10) 
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𝑏 = ∑∑𝑥𝑖𝑥𝑗𝑏𝑖𝑗

𝑛

𝑗=1

𝑛

𝑖=1

= ∑∑𝑥𝑖𝑥𝑗

𝑏𝑖 + 𝑏𝑗

2

𝑛

𝑗=1

𝑛

𝑖=1

= ∑𝑥𝑖𝑏𝑖

𝑛

𝑖=1

 

 

(3.11) 

 

where 𝑥𝑖 represents the molar fraction 

The intermolecular repulsive force of i and j is calculated by the arithmetic mean while 

the geometric mean is used for the attractive force of molecules i and j. The use of binary 

interaction parameters allows SRK to yield a closer match to the experiment data, although 

there is no analytical and science-based derivation for them. The binary interaction parameters 

kij are determined through the experimental data of binary systems. By definition, the 

interaction parameter is zero for pairs of molecules that are alike. For two non-polar 

compounds, kij is equal to or close to zero. For a binary pair of one polar and one non-polar 

system, kij is often regarded as nonzero. The value of the interaction parameter is assumed to 

be the same when the two components are constituents of the multi-component mixture. 

 

3.1.2. Peng-Robinson (PR)  

The Peng–Robinson EoS was developed by further modifying the attractive term of the 

SRK EoS. The purpose is to give a more reasonable critical compressibility factor and thus better 

liquid densities. PR was developed with the intention of applications to the natural gas processes 

[108]. The PR EoS can be summarized as follows: 

 
𝑃 =

𝑅𝑇

𝑣 − 𝑏
−

𝛼𝑎

𝑣(𝑣 + 𝑏) + 𝑏(𝑣 − 𝑏)
 

(3.12) 

where 

 
𝑎 = 0.45724

𝑅2𝑇𝑐
2

𝑃𝑐
 

 

(3.13) 

 
𝑏 = 0.07780

𝑅𝑇𝑐

𝑃𝑐
 

 

(3.14) 

 𝛼 = (1 + 𝑚(1 − √𝑇𝑟))
2

 

 

(3.15) 

 𝑚 = 0.37464 + 1.54226𝜔 − 0.26992𝜔2 
 

(3.16) 

 

The Peng-Robinson EoS can also be described as the cubic form as a function of the 

compressibility factor: 

 𝑍3 − (1 − 𝐵)𝑍2 + (𝐴 − 2𝐵 − 3𝐵2)𝑍 − (𝐴𝐵 − 𝐵2 − 𝐵3) = 0 
 

(3.17) 

 
𝐴 =

𝑎𝛼𝑃

𝑅2𝑇2
        

(3.18) 



  
 
Chapter 3. Thermodynamic Models 

 

 
 

 
21 

 
 

𝐵 =
𝑏𝑃

𝑅𝑇
 

 

(3.19) 

 

The mixing rules of the PR EoS is the same as the SRK EoS. The interaction parameters kij for PR 

are not the same as the values for SRK for the same pair of molecules. This is because the 

interaction parameter is empirical and there is no analytical and science-based derivation for 

them. 

 

3.1.3. Volume Shift 

The cubic EoS can give good prediction for vapour-liquid equilibria, especially for the 

non-polar or slightly polar systems. However, their prediction accuracy for the liquid density is 

generally poor and the large magnitude of error is not acceptable by the oil and gas industry. 

Liquid density predicted by the SRK equation can be improved by applying with external density 

correlations. However, this leads to the problem in the near critical region, where the gas and 

liquid phase are hard to distinguish with. For volumetric calculations, Peneloux et al. proposed 

volume correction term, which can be applied to the cubic EoS to compensate for the poor liquid 

prediction [109]. Through the volume translation parameter of SRK (cSRK) and PR(cPR), the molar 

volumes calculated by the cubic EoSs (vSRK and vPR) are related to the molar volumes calculated 

by the volume correction EoSs (SRK-VT and PR-VT) as follows: 

 𝑣𝑆𝑅𝐾−𝑉𝑇 = 𝑣𝑆𝑅𝐾 − 𝑐𝑆𝑅𝐾   
 

(3.20) 

 𝑣𝑃𝑅−𝑉𝑇 = 𝑣𝑃𝑅 − 𝑐𝑃𝑅   
 

(3.21) 

where vSRK-VT and vPR-VT are molar volumes calculated by volume correction SRK and PR, vSRK and     

vPR are the molar volumes calculated by the cubic EoS of SRK and PR, respectively, cSRK and cPR 

are the Peneloux volume correction for SRK and PR, respectively. The volume correction 

parameters can be determined from the experimentally measured liquid density. The use of 

parameter c will not have an influence on the VLE equilibrium calculations because it only 

multiplies the fugacity coefficient of each component in both vapour and liquid phases by the 

same factor. In this way, the equality of fugacity is not affected for pure components. For 

multicomponent mixtures, the value of the equilibrium ratio also remains constant if we adopt 

the following mixing rule to the volume shift parameters for both SRK (cSRK) and PR (cPR):  

 𝑐 = ∑𝑥𝑖 𝑐𝑖 
(3.22) 

where xi is the mole fraction of single carbon number component 𝑐𝑖  in the multicomponent 

mixture, and ci is the Peneloux volume correlation for a pure component i 

In the absence of regression values from the experimental data, for hydrocarbon 

components with a carbon number smaller than 7, the temperature independent Peneloux 

volume corrections for SRK and PR can be estimated as follows [100]: 
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𝑐𝑆𝑅𝐾 = 0.40768

𝑅𝑇𝑐

𝑃𝑐

(0.29441 − 𝑍𝑅𝐴) 

 

(3.23) 

 
𝑐𝑃𝑅   = 0.50033

𝑅𝑇𝑐

𝑃𝑐
(0.25969 − 𝑍𝑅𝐴) 

 

(3.24) 

where R is the gas constant. The Rackett compressibility factor ZRA is calculated as [110]: 

 𝑍𝑅𝐴 = 0.29056 − 0.08775𝜔 
 

(3.25) 

 

Cubic EoS are widely used to predict the phase behaviour and thermodynamic 

properties, and their accuracy in the predicted vapour densities, enthalpy and entropy are 

generally reasonable. For phase equilibria calculation, cubic EoS also gives reasonable results. 

The advantage of using the Peneloux volume correction is that it will not change the predicted 

vapour-liquid equilibrium from the cubic EoS. That is because it only multiplies the fugacity of 

each component in both vapour and liquid phases with an equal amount. Therefore, the value 

of the equilibrium ratio will not change. 

 

3.1.4. PC-SAFT  

The Perturbed Chain Statistical Associating Fluid Theory (PC-SAFT) [103][104] is an 

equation of state that is based on statistical mechanics [111]. It uses spherical particles in the 

context of hard chains as reference fluid different with the use of the unbonded spherical 

particles in earlier SAFT equations of state [103]. It is a molecular approach to present the 

macroscopic systems. PC-SAFT uses the same chain term and association term as some earlier 

SAFT equations, but it has a dispersion term for chain molecules. PC-SAFT can be applied to 

model the highly asymmetric and non-ideal system. The model is expressed in terms of residual 

Helmholtz energy as follows: 

 
𝑎𝑟𝑒𝑠 ≡

𝐴

𝑘𝑇𝑁
= 𝑎𝑖𝑑 + 𝑎ℎ𝑐 + 𝑎𝑑𝑖𝑠𝑝 + 𝑎𝑎𝑠𝑠𝑜𝑐  

 

(3.26) 

where 𝑎𝑖𝑑  is the ideal gas contribution, 𝑎ℎ𝑐  is the hard chain contribution, 𝑎𝑑𝑖𝑠𝑝  is the 

perturbation contribution, which accounts for the attractive interactions, 𝑎𝑎𝑠𝑠𝑜𝑐  is the 

association contribution based on Wertheim's thermodynamic perturbation theory [112]. 

According to the perturbation theories, the interactions of molecules can be divided into 

a repulsive part and a contribution due to the attractive part of the potential. For a non-

associating system, the association term disappears. PC-SAFT can be comparable with that of 

the cubic EoS with the same repulsive contribution (𝑎𝑖𝑑 + 𝑎ℎ𝑐   ) and attractive contribution 

(𝑎𝑑𝑖𝑠𝑝) in PC-SAFT. Chapman et al. has developed an equation of state based on Wertheim's 

thermodynamic perturbation theory for the homonuclear hard-sphere chains comprising m 

segments [112][113]. The hard chain contribution in PC-SAFT consists of the hard sphere 

contribution and the chain contribution, written as:  
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 𝑎ℎ𝑐 = �̅�𝑎ℎ𝑠 + 𝑎𝑐ℎ𝑎𝑖𝑛 = �̅�𝑎ℎ𝑠 − ∑𝑥𝑖

𝑖

(𝑚𝑖 − 1)𝐼𝑛𝑔𝑖𝑖
ℎ𝑠 

 

(3.27) 

 

The mean segment number of the mixture is calculated as: 

 �̅� = ∑𝑥𝑖

𝑖

𝑚𝑖 
(3.28) 

 

where 𝑥𝑖 is the mole fraction of chains of component i, 𝑚𝑖 is the number of segments in a chain 

of component i, 𝑔𝑖𝑖
ℎ𝑠 is the radial part distribution function for segments of component i in the 

hard sphere system, and the superscript hs indicates quantities of the hard-sphere system.  

For mixtures of the hard-sphere reference system, the full Carnahan–Starling equation 

is used, which is written as: 

 
𝑎ℎ𝑠 =

1

𝜁𝑜
[
3𝜁1𝜁2

1 − 𝜁3
+

3𝜁2
2

𝜁3(1 − 𝜁3)
2
+ (

𝜁2
3

𝜁3
2 − 𝜁0)𝐼𝑛(1 − 𝜁3)] 

 

(3.29) 

 

where 𝜁𝑛 is defined as: 

 𝜁𝑛 =
𝜋

6
𝜌 ∑𝑥𝑖

𝑖

𝑚𝑖𝑑𝑖
𝑛  𝑛 ∈ {0,1,2,3} 

 

(3.30) 

 

The temperature-dependent segment diameter of component i is defined as [113]:  

 𝑑𝑖 = 𝜎𝑖 [1 − 0.12exp (−3
𝜀𝑖

𝑘𝑇
)] 

 

(3.31) 

 

The radial partial distribution function for segments of component i in the hard sphere system 

is given by: 

 
𝑔𝑖𝑖

ℎ𝑠 =
1

1 − 𝜁3
+ (

𝑑𝑖𝑑𝑗

𝑑𝑖 + 𝑑𝑗
)

2𝜁2

(1 − 𝜁3)
2
+ (

𝑑𝑖𝑑𝑗

𝑑𝑖 + 𝑑𝑗
)

2
2𝜁2

2

(1 − 𝜁3)
2
 

 

(3.32) 

 

The dispersive term 𝑎𝑑𝑖𝑠𝑝 is calculated by using the second order perturbation theory on chain 

molecules, which is different with the previous work by using the hard sphere, and it is expressed 

as: 

 𝑎𝑑𝑖𝑠𝑝 = −2𝜋𝜌𝐼1(𝜂, �̅�)𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅ − 𝜋𝜌�̅�𝐶1(𝜂, �̅�)𝐼2(𝜂, �̅�)𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅  (3.33) 
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where 𝐼1 is the compressibility expression C 

The van der Waals one fluid mixing rule is applied to the term of 𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅ and 𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅  

 𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅ = ∑∑𝑥𝑖𝑥𝑗

𝑗𝑖

𝑚𝑖𝑚𝑗 (
𝜀𝑖𝑗

𝑘𝑇
)𝜎𝑖𝑗

3 (3.34) 

 
𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅ = ∑∑𝑥𝑖𝑥𝑗

𝑗𝑖

𝑚𝑖𝑚𝑗 (
𝜀𝑖𝑗

𝑘𝑇
)
2

𝜎𝑖𝑗
3 

 

(3.35) 

where the conventional combining rules of Berthelot-Lorentz is used 

 𝜀𝑖𝑗 = √𝜀𝑖𝑖𝜀𝑗𝑗(1 − 𝑘𝑖𝑗) (3.36) 

 𝜎𝑖𝑗 = (𝜎𝑖 + 𝜎𝑗)/2 

 

(3.37) 

 

The PC-SAFT EoS is mathematically complex, but for a non-associating component, the equation 

has only three parameters, i.e., the chain length m, the segment diameter 𝜎  and the segment 

energy 𝜀. 

 

3.1.5. Simplified PC-SAFT 

The simplified PC-SAFT proposed by von Solms et al. [114] is a slightly modified version 

of the original PC-SAFT. It assumes the same mean diameter d for all the segments in the 

mixture. The parameters for the original and simplified PC–SAFT are the same in pure 

compounds. The residual Helmholtz energy of the simplified PC-SAFT is written by: 

 𝑎𝑟𝑒𝑠 = 𝑚𝑎ℎ𝑠 + 𝑎𝑐ℎ𝑎𝑖𝑛 + 𝑎𝑑𝑖𝑠𝑝 + 𝑎𝑎𝑠𝑠𝑜𝑐  
 

(3.38) 

The mean diameter d is obtained by setting 𝑛 ≡ 𝜁3 : 

 
𝑑 = (

∑ 𝑥𝑖𝑚𝑖𝑑𝑖
𝑛

𝑖

∑ 𝑥𝑖𝑚𝑖𝑖
)

1/3

 

 

(3.39) 

 

The equation is simplified as: 

 
𝑎ℎ𝑠 =

4𝜂 − 3𝜂2

(1 − 𝜂)2
 

(3.40) 

 
𝑔ℎ𝑠 =

2 − 𝜂

2(1 − 𝜂)3
 

 

(3.41) 

The simplified PC-SAFT is essentially the same as the original PC-SAFT for pure compounds. For 

mixtures, their results are similar but the simplified PC-SAFT is more computationally efficient. 
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In our study here, we have actually used the simplified PC-SAFT instead of the original one 

although we often simplify the name to “PC-SAFT” when referring to the model. 

 

3.2. Petroleum Fluid Characterization 

Petroleum fluid, in particular its major product crude oil, is the source of many 

petroleum products such as gasoline, kerosene, diesel fuel and lubricating oils, which support 

our daily needs for energy etc. [115]. It has many thousands of different components for 

hydrocarbons [116]. The composition of a crude oil can exhibit regional trends and its property 

is highly dependent on the types of hydrocarbons in the oil mixture. According to the molecule 

structures of the crude oil, it can be categorized into three groups, the paraffinic, naphthenic 

and aromatic groups [117]. Paraffin hydrocarbons are characterized by the structure that carbon 

atoms are connected by single bonds. Oils mainly consisting of paraffin hydrocarbons are 

paraffin-based or paraffinic. Aromatic hydrocarbons are characterized by cyclic structure of 

benzene rings with alternating double bonds. Highly aromatic crudes are unusual but are still 

found all over the world [118]. Naphthenic hydrocarbons are composed of one or more cyclic 

structures connecting with the single bonds of each segment. Naphthenic-based crudes consist 

of a large percentage of cycloparaffins in the heavy components. For unsaturated hydrocarbons, 

it has the molecular structure of highly reactive double or triple bonds, which is almost non-

existent in a reservoir fluid.  

The composition of a reservoir fluid is expressed by the mole fraction of 

nonhydrocarbon compounds (N2, CO2, and H2S) and hydrocarbon compounds with the single 

carbon number (C1, C2, C3…). The boiling point of the hydrocarbons increases with their single 

carbon number (SCN). For each SCN fraction, it consists of the paraffinic (P), naphthenic (N) and 

aromatic (A) hydrocarbons. Defining the SCN in terms of fractions, the SCN fraction for C6 

represents all the components with the boiling point from 0.5 °C above that of nC5 to 0.5 °C 

above that of nC6. In the modeling study of reservoir fluids, only a limited number of pseudo-

components are used to represent the SCN fractions since it is impossible to model all the 

constituents. 

Composition analysis can be proceeded through many techniques such as the gas 

chromatography (GC), the gas chromatography–mass spectrometry (GC–MS), the carbon-

isotope ratio measurement, the optical-rotation measurement, the infrared 

spectrophotometry(IR), the high-performance liquid chromatography (HPLC) and the nuclear 

magnetic resonance (NMR) [3][119]. Additionally, reservoir fluid composition can be 

determined through the true boiling point (TBP) distillation and simulated distillation using gas 

chromatography (GC). Through the TBP distillation, it is possible to reach final temperature of 

400 °C to get the composition of the reservoir fluid up to C24-C25 fractions. Despite the advantage, 

TBP is rather time consuming and its performance is highly affected by the column efficiencies, 

boil up rates and carry-overs. Moreover, the remaining residues are hard to further separate. 

The gas chromatography has the advantage of much faster and precise and due to its similarities 

with the distillation processes, it was also called the simulated distillation by Eggerston et al. in 

1960 [120] [121]. 
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The composition of a reservoir fluid is reported to the heaviest hydrocarbon fraction of 

Cn+. Quite often, the heavy fractions are grouped into C7+ (heptanes plus). The boiling point, 

mole fraction, specific gravity and molar mass of the heptane-plus fraction, which are important 

parameters to perform phase equilibrium calculation of the reservoir fluid, are highly influenced 

by the reservoir fluid type and other detailed characteristic of the fluid. To reduce the phase 

equilibrium flash calculations, some heavy compounds are lumped together and represented as 

pseudocomponents. C7+ Characterization involves a reasonable representation of the C7+ 

(heptane-plus) fraction in terms of a suitable number of pseudo-components with the known 

mole fractions and molecular weights, and determination of the required equation of state 

parameters for each of these pseudocomponents. For cubic EoS, the critical temperature (Tc), 

critical pressure (Pc) and acentric factor ω are determined. In PC-SAFT, three parameters of m, 

σ, ϵ are calculated in terms of the values of those properties.  

Those obtained model parameters are required for any density and phase equilibrium 

calculations with the application of the EoSs. However, the model performance in the reservoir 

fluid phase equilibrium calculations are highly affected by the selection of the characterization 

method. A general characterization method must be suitable to the most of reservoir fluids with 

a large variation of their PNA distribution [122]. As regards the oil characterization method, the 

Pedersen method [97][123] and the Whitson method [124][125] are used in the upstream 

industry to assign the appropriate model parameters for the phase equilibrium calculations. 

Both of the two methods have similar three steps of determining the C7+ molar composition 

distribution, estimating the model parameters for cubic and non-cubic EoS and lumping 

hydrocarbons into a reasonable number of pseudo-components. The application of the oil 

characterization method to obtain model parameters for the cubic EOS is generally mature and 

well established while for PC-SAFT, the process is less mature and requires further improvement.  

In this present work, C7+ characterization of the stock tank oil uses the method described 

by Yan et al. [126]. The method is generally based on the oil characterization method described 

by Pedersen et al. [97][123], but the difference is how the model parameters are established. 

Here we describe the method in three steps similar to the Pedersen’s method. In the first step, 

an exponential distribution is used to calculate the mole fraction of the each SCN component in 

the plus fraction Cn+. In the second step, the model parameters for SRK and PR are estimated by 

Twu’s correlation [127] for Pc and Tc and the Lee-Kesler correlation [128] for acentric factors. The 

correlations proposed by Yan et al. [126] is applied to calculate the model parameters for PC-

SAFT. In the third step, the SCN components are lumped to a few pseudo components with 

almost equal mass.  

 

3.2.1. Molar Distribution of the Pedersen Method 

The composition of a reservoir fluid is mostly reported to C7+, C10+ or C20+ and in some 

rare cases to C30+ [97]. Pedersen et al. had found that a simple exponential decay distribution 

could fit the C7+ distribution of all the 17 oil mixtures very well [129]. Based on the extensive 

data of the reservoir fluids, Pedersen et al. proposed that the mole fraction of the single carbon 

number component i is almost an exponential function of the carbon number i [129][130]: 
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 𝐼𝑛𝑧𝑖 = 𝐴 + 𝐵 ∗ 𝑖 (𝑖 > 6) 
 

(3.42) 

 𝑧𝑖 = 𝑒𝑥𝑝(𝐴 + 𝐵 ∗ 𝑖) 
 

(3.43) 

 

where 𝑧𝑖  is the total mole fraction of the components with i carbon atoms, and A, B are 

constants. These mole fractions are constrained by the mass balance equation as follows: 

 

𝑧𝐶+
= ∑ 𝑧𝑖

𝐶𝑚𝑎𝑥

𝑖=𝐶+

 

 

(3.44) 

 
𝑀𝐶+

=
∑ 𝑧𝑖

𝐶𝑚𝑎𝑥
𝑖=𝐶+

𝑀𝑖

∑ 𝑧𝑖
𝐶𝑚𝑎𝑥
𝑖=𝐶+

 

 

(3.45) 

where C+ is the single carbon number of the plus fraction of a reservoir fluid, Cmax represents the 

component with the maximum single carbon number. Those two equations can be used to 

determine the constants A and B in the molar distribution equations. 

Regarding the density distribution, Pedersen et al. noticed that the density of the plus 

fraction usually increases with the single carbon number (SCN), represented as following: 

 𝜌𝑖 = 𝐶 + 𝐷𝑙𝑛𝑖 
 

(3.46) 

The parameter C and D can be determined by the overall density of the plus fraction and the 

density of the last carbon number fraction before the plus fraction: 

 
𝜌𝐶

𝑛+ =
∑ 𝑧𝑖

𝐶𝑚𝑎𝑥
𝑖=𝐶+

𝑀𝑖

∑
𝑧𝑖𝑀𝑖
𝜌𝑖

𝐶𝑚𝑎𝑥
𝑖=𝐶+

 

 

(3.47) 

 

It is suggested by Pedersen et al that C80 should be the last carbon number for the reservoir fluid. 

Recently, the components for single carbon number of C200 has been found in the residue of a 

reservoir fluid, which could have an influence on the fluid phase behaviour for the heavy oils 

[100]. 

Finally, it is assumed that the molecular weight of a given carbon number fraction has 

the expression of: 

 𝑀𝑊𝑖 = 14.0 ∗ 𝑖 − 4.0 
 

(3.48) 

 

The coefficient 14 corresponds to a –CH2– group and the term 4.0 accounts for the existence of 

aromatic structures in the reservoir fluids. In a petroleum fluid, there are several groups 
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including paraffinic, naphthenic, and aromatic hydrocarbons in terms of their molecule 

structures. And the aromatic group always contains fewer hydrogen atoms per carbon atom 

than a paraffin [131]. 

 

3.2.2. Estimation for the Model Parameters 

Petroleum fluids are complex mixtures. The hydrocarbon compositions can exhibit 

regional trends for different reservoirs, leading to a variation of the estimated model parameters 

for the EoSs. For SRK and PR, the PVT calculation of a reservoir fluid requires the model 

parameters of Pc, Tc and ω while for -SAFT, m, σ, 𝜀 are the three model parameters needed for 

any phase equilibrium calculations. Pedersen’s method was firstly developed and applied to 

characterize the reservoir fluid for cubic EoS and it is also modified to calculate the model 

parameters for PC-SAFT. 

In the C7+ characterization method described by Yan et al [126], Twu’s correlations are 

used to estimate Tc and Pc [127] and Lee-Kesler/Kesler-Lee correlations [128] for ω. The two 

sets of correlations are recommended by Whitson and Brule [132]. For PC-SAFT, the correlations 

of Yan et al. [126] are used for calculating 𝑚,𝑚ε/𝑘 𝑚𝜎3. In addition, the binary interaction 

parameters are generated for each pair of the components.  

1. Critical properties by Twu’s correlations 

Twu’s correlations involve two steps. In its first step, the properties of n-alkanes at the 

given boiling point Tb are calculated. The n-alkane mixtures were chosen as the reference system 

in Twu’s correlations, and the superscript o denotes the correlation is for n-alkanes. The critical 

temperatures for n-alkanes are given by: 

 𝑇𝑐
𝑜 = 𝑇𝑏(0.53327 + 0.19102 ∗ 10−3𝑇𝑏 + 0.77968 ∗ 10−7𝑇𝑏

2 

−0.28438 ∗ 10−3𝑇𝑏
3 + 0959468 ∗ 1028/𝑇𝑏

13)−1 
 

(3.49) 

 

The normal boiling point temperature has the expression of: 

 𝑇𝑏 = exp (5.71419 + 2.71579𝜃 − 0.286590𝜗2 − 39.8544/𝜃
− 0.122488/𝜃2) − 24.7522𝜃 + 35.3155𝜃2 

 

(3.50) 

 

where 

 𝛼 = 1 − 𝑇𝑏/𝑇𝑐
𝑜 

 
(3.51) 

 𝜃 = 𝐼𝑛𝑀𝑊𝑜 
 

(3.52) 
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For any given boiling point temperature of a compound, the molecular weight is determined 

from a trial-and-error procedure starting by the initial simple equation and solved with a few 

iterations: 

 𝑀𝑊𝑜 = 𝑇𝑏/(10.44 − 0.0052𝑇𝑏) 
 

(3.53) 

 

The critical pressure of n-alkanes up to C100 except methane has the correlation of: 

 𝑃𝑐
𝑜 = (3.83354 + 1.19629𝛼0.5 + 34.8888𝛼 + 36.1952𝛼2

+ 104.193𝛼4)2 
 

(3.54) 

 

The critical volume is expressed as: 

 𝑉𝑐
𝑜 = [1 − (0.419869 − 0.50583𝛼 − 1.56436𝛼3 − 9481.70𝛼14]−8 

 
(3.55) 

 

The specific gravity is found as: 

 𝑆𝐺𝑜 = 0.843593 − 0.128624𝛼 − 3.36159𝛼3 − 13749.5𝛼12 
 

(3.56) 

 

In the second step, a perturbation is made by using ∆𝑆𝐺 to account for aromaticity: 

 ∆𝑆𝐺𝑇 = 𝑒𝑥𝑝(5(𝑆𝐺0 − 𝑆𝐺)) − 1 

 

(3.57) 

 
𝑓𝑇 = ∆𝑆𝐺𝑇(−

0.362456

𝑇𝑏
0.5 + (0.0398285 −

0.948125

𝑇𝑏
0.5 )∆𝑆𝐺𝑇) 

 

(3.58) 

 
𝑇𝑐 = 𝑇𝑐0

(
1 + 2𝑓𝑇

1 − 2𝑓𝑇
)2 

 

(3.59) 

 ∆𝑆𝐺𝑉 = 𝑒𝑥𝑝 (4(𝑆𝐺0
2 − 𝑆𝐺2)) − 1 

 

(3.60) 

 
𝑓𝑉 = ∆𝑆𝐺𝑉(

0.466590

𝑇𝑏
0.5 + (−0.182421 +

3.01721

𝑇𝑏
0.5 )∆𝑆𝐺𝑉) 

 

(3.61) 

 
𝑉𝑐 = 𝑉𝑐0

(
1 + 2𝑓𝑣
1 − 2𝑓𝑣

)2 

 

(3.62) 

 ∆𝑆𝐺𝑃 = 𝑒𝑥𝑝(0.5(𝑆𝐺0 − 𝑆𝐺)) − 1 

 

(3.63) 
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𝑓𝑝 = ∆𝑆𝐺𝑃((2.53262 −

46.1955

𝑇𝑏
0.5 − 0.00127885𝑇𝑏)

+ (−11.4277 +
252.14

𝑇𝑏
0.5 + 0.00230535𝑇𝑏)∆𝑆𝐺𝑃)) 

 

(3.64) 

 
𝑃𝑐 = 𝑃𝑐0

(𝑇𝑐/𝑇𝑐0)(𝑉𝑐0/𝑉𝑐)(
1 + 2𝑓𝑃
1 − 2𝑓𝑃

)2 

 

(3.65) 

where 𝑇𝑏 and 𝑇𝑐 are in 𝑜𝑅 and 𝑃𝑐 is in psia. 

 

2. Acentric factor correlation by Kesler and Lee 

Kesler and Lee developed 3-parameter analytical correlations first proposed by Pitzer 

and co-workers [133] covering the whole range of Tr, Pr for the hydrocarbon processing: 

For 𝑇𝑏𝑟 < 0.8 

 

𝜔 =
𝐼𝑛(𝑃𝑏𝑟) − 5.92714 +

6.09648
𝑇𝑏𝑟

+ 1.28862𝐼𝑛(𝑇𝑏𝑟) − 0.169347𝑇𝑏𝑟
6

15.2518 −
15.6875

𝑇𝑏𝑟
− 13.4721𝐼𝑛(𝑇𝑏𝑟) + 0.43577𝑇𝑏𝑟

6
 

(3.66) 

 

For 𝑇𝑏𝑟 > 0.8 

 𝜔 = −7.904 + 0.1352𝐾 − 0.007465𝐾2 + 8.359𝑇𝑏𝑟

+
1.408 − 0.01063𝐾

𝑇𝑏𝑟
 

 

(3.67) 

 
𝑇𝑏𝑟 =

𝑇𝑏

𝑇𝑐
    𝑃𝑏𝑟 =

1

𝑃𝑐
    𝐾 = 𝑇𝑏𝑟

1/3/𝑆𝐺 

 

(3.68) 

 

The unit of 𝑇𝑏 and 𝑇𝑐 is oR and 𝑃𝑐 is in atm. 

 

3. Parameter correlation for PC-SAFT by Yan et al. 

Yan et al. [126] have developed the characterization method of the reservoir fluid for 

PC-SAFT. The correlations were developed for the modeling parameters of 𝑚,𝜎, ε as a function 

of 𝑇𝑏 and SG. In the first step, the correlations to get the model parameters is developed based 

on the fitting the database from DIPPR of 358 hydrocarbons by Yan et al. Model parameters for 

alkane mixtures with the application of PC-SAFT is described as linear functions: 

 𝑚0 = 0.02644𝑀𝑊0 + 0.83500       
 

(3.69) 

 𝑚0𝜀0

𝑘
= 6.90845𝑀𝑊0 + 139.30970     (3.70) 
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 𝑚0𝜎0

3 = 1.71638𝑀𝑊0 + 19.19189      
 

(3.71) 

where 𝑚0 is dimensionless, 
𝜀0

𝑘
 has the unit of Kelvin, and 𝜎0 has the unit of Å.  

The property of the SCN component are estimated by using ∆𝑆𝐺 = 𝑆𝐺 − 𝑆𝐺𝑝 as the 

perturbation parameter. The expression of the specific gravity is derived from the Soave’s 

correlation with the following formula [134]:  

 𝑆𝐺𝑝 = (1.8𝑇𝑏)
1/3(11.7372 + 3.336 × 10−3𝑇𝑏 − 976.3𝑇𝑏

−1 + 3.257

× 105𝑇𝑏
−2)

−1
 

(3.72) 

 

The final correlations for m, σ, ε by Yan et al. are described as follows by Yan et al [126]: 

 𝜎 = 𝜎0 
 

(3.73) 

 𝜀 = 𝜀0 (1.1303391(𝑆𝐺 − 𝑆𝐺0) + 1) 
 

(3.74) 

 𝑚 = 𝑚0(1.0460471(𝑆𝐺 − 𝑆𝐺0)
2 − 1.6209973(𝑆𝐺 − 𝑆𝐺0) + 1) 

 
(3.75) 

Those values in the correlations are the optimal values developed only using the DIPPR database. 

Varzandeh et al. [135] later further optimized the coefficients used in the correlations using a 

large PVT database. Two schemes was tested to minimize the deviation of the saturation 

pressure, density and STO density. In the first scheme, only ε correlation is modified:  

 𝜀 = 𝜀0 (0.9533531(𝑆𝐺 − 𝑆𝐺0) + 1) 
 

(3.76) 

 

In the second scheme, all the three coefficients in the correlations for ε and m are modified:  

 𝜀 = 𝜀0 (0.9550243(𝑆𝐺 − 𝑆𝐺0) + 1) 
 

(3.77) 

 𝑚 = 𝑚0(2.4516079(𝑆𝐺 − 𝑆𝐺0)
2 − 1.6710480(𝑆𝐺 − 𝑆𝐺0) + 1) 

 
(3.78) 

Here we have chosen to use the original correlations in Yan et al. [15]. 

 

3.2.3. Lumping 

The characterized stock tank oil sample consists of more than 80 components. 

Therefore, it is impractical to perform phase equilibrium calculations for all the components. It 

is desirable to reduce the simulation time by lumping several heavier components into one 

group.  

Pedersen et al. recommend a weight-based grouping where each pseudo component of 

the lumping group has an approximately same weight amount [100]. The 𝑇𝑐, 𝑃𝑐 𝑎𝑛𝑑 𝜔 of the 
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pseudocomponents are found as the weight averages of  𝑇𝐶 , 𝑃𝐶  𝑎𝑛𝑑 𝜔 for single carbon number 

components in the final pseudo-components.  

If the k-th pseudo-component includes the single carbon number from 𝐶+  to 𝐶𝑚𝑎𝑥 , 

𝑇𝐶 , 𝑃𝐶  𝑎𝑛𝑑 𝜔 are calculated as: 

 
𝑇𝐶𝑘

=
∑ 𝑧𝑖

𝑐𝑚𝑎𝑥
𝑖=𝐶+

𝑀𝑖𝑇𝑐𝑖

∑ 𝑧𝑖
𝑐𝑚𝑎𝑥
𝑖=𝐶+

𝑀𝑖

 

 

(3.79) 

 
𝑃𝐶𝑘

=
∑ 𝑧𝑖

𝑐𝑚𝑎𝑥
𝑖=𝐶+

𝑀𝑖𝑃𝑐𝑖

∑ 𝑧𝑖
𝑐𝑚𝑎𝑥
𝑖=𝐶+

𝑀𝑖

 

 

(3.80) 

 
𝜔𝑘 =

∑ 𝑧𝑖
𝑐𝑚𝑎𝑥
𝑖=𝐶+

𝑀𝑖𝜔𝑖

∑ 𝑧𝑖
𝑐𝑚𝑎𝑥
𝑖=𝐶+

𝑀𝑖

 

 

(3.81) 

where zi is the mole fraction, Mi is the molecular weight of carbon number fraction i. The weight 

based lumping procedure can make sure that all the hydrocarbon segments heavier than the 

single carbon number 7 give the same importance in the oil characterization.  

 

3.2.4. Summary 

Petroleum fluid has many thousands of different components for hydrocarbons and its 

composition can exhibit regional trends. The composition of a petroleum fluid is expressed by 

the mole fraction of nonhydrocarbon compounds and hydrocarbon compounds with the single 

carbon number. For each SCN fraction, it consists of the paraffinic (P), naphthenic (N) and 

aromatic (A) hydrocarbons in terms of its molecule structures. Defining the SCN in terms of 

fractions, the SCN fraction for C6 represents all the components with the boiling point from 0.5 

°C above that of nC5 to 0.5 °C above that of nC6. 

C7+ characterization involves a reasonable representation of the C7+ (heptane-plus) 

fraction with a few pseudo-components to find the required equation of state parameters for 

each of these pseudocomponents. In the present work, C7+ characterization of the stock tank oil 

uses the method described by Yan et al.. The characterization follows the three steps procedure 

similar to the Pedersen’s method. In the first step, an exponential distribution is applied to 

estimate the mole fraction of the each SCN component in the plus fraction Cn+. In the second 

step, the model parameters for SRK and PR are estimated by Twu’s correlation for Pc and Tc and 

estimated by the Lee-Kesler correlation for acentric factors. The correlations proposed by Yan 

et al is applied to calculate the model parameters for PC-SAFT. Those correlations are regressed 

from a large database from DIPPR for hydrocarbons and a PVT database for reservoir fluids. In 

the third step, the SCN components are lumped to a few pseudo components with almost equal 

mass. 
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Chapter 4. Experimental Methods 

This chapter presents in detail the methods used for our density and phase equilibrium 

experiments for high-pressure and high-temperature gas and oil systems. Separate density and 

phase equilibrium measurements were carried out for three gas + stock tank oil (STO) systems, 

including methane + STO, nitrogen + STO and carbon dioxide + STO. Each system consists of a 

series of mixtures with different gas mole fractions (see section 5.1. in Chapter 5), prepared 

gravimetrically. The densities of these mixtures were measured with a vibrating tube densimeter 

Antar Paar DMA HPA while the phase equilibrium of these mixtures were studied through a full 

visibility PVT 240/1500 cell manufactured by Sanchez Technologies. One purpose of the phase 

equilibrium study is to determine the saturation pressures to ensure that the density 

measurement is always in single-phase. In this chapter, we first give an introduction on the 

density measurement principle and the detailed procedure including calibration, sample 

loading, measurement, and cleaning. In the phase equilibrium measurement, we show the PVT 

experiment set up as well as the measurement procedure.  

4.1. Density Measurement 

4.1.1. Measurement Principle 

Densities of the mixtures were measured through a vibrating tube densimeter Anton 

Paar DMA HPM. The fluid sample is charged into a U-shaped Hastelloy C-276 tube which is 

excited to vibrate at its characteristic frequency. The characteristic frequency of the sample fluid 

is influenced by the mass of sample. With a precise determination of the characteristic 

frequency and a mathematical conversion, the oscillation period 𝜏  is related to the density 

through the following equation: 

𝜏 = 2𝜋(
𝑚0 + 𝜌𝑉

𝑘
)1/2 

(4.1) 

 

Rearranging the density term yields: 

𝜌 =
𝑘𝜏2

4𝜋2𝑉
−

𝑚0

𝑉
 

(4.2) 

 

where:  𝜌 is density of the fluid in kg/m3;  

                𝜏 is oscillation period of the fluid in µs; 

                𝑘 is the oscillation constant in N/m, depending on the size and shape of the tube; 

               𝑚0 is the empty mass of the U-tube in kg; 

               𝑉 is the inner volume of the vibrating tube in m3; 

Defining two variables A and B as follows: 

𝐴 =
𝑘

4𝜋2𝑉
     𝐵 =

𝑚0

𝑉
 

(4.3) 
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The equation is rewritten as: 

𝜌(𝑇, 𝑝) = 𝐴(𝑇, 𝑝) × 𝜏2(𝑇, 𝑝) − 𝐵(𝑇, 𝑝) (4.4) 

 

𝐴(𝑇, 𝑝) and 𝐵(𝑇, 𝑝) are the values of the vibrating tube physical property of the densimeter, 

which is dependent on the temperature and pressure. 

 

4.1.2. Calibration  

Prior to the measurement, the vibrating tube densimeter was calibrated via two 

reference fluids with known densities at temperature and pressure conditions of the study 

requirement. Their oscillating periods were measured. The selection of the two reference fluids 

are the most crucial things during the measurement, since they both have significant effect on 

the final measurement accuracy.   

Calibration of the vibrating tube densimeter was performed in the temperature range 

from 278.15 K to 463.15 K following a procedure similar to that proposed by Comuñas et 

al.[136], using the reference fluids of Milli-Q water and n-dodecane with known density and 

measuring the oscillation period of vacuum.   

We can use the subscripts w and v to indicate the water and vacuum and obtaining the 

following equations as: 

𝜌𝑤(𝑇, 𝑝) = 𝐴(𝑇, 𝑝) × 𝜏𝑤
2(𝑇, 𝑝) − 𝐵(𝑇, 𝑝) (4.5) 

𝜌𝑣(𝑇, 𝑝) = 𝐴(𝑇, 𝑝) × 𝜏𝑣
2(𝑇, 𝑝) − 𝐵(𝑇, 𝑝) (4.6) 

The first term 𝐴(𝑇, 𝑝) is determined by the size, the shape and the inner volume of the vibrating 

tube. Lagourette et al.[137] have suggested that the first term is only temperature dependent 

and density is equal to zero in vacuum. The equation is then rewritten as: 

𝜌𝑣(𝑇, 0) = 𝐴(𝑇) × 𝜏𝑣
2(𝑇, 0) − 𝐵(𝑇, 0) = 0 (4.7) 

 

The second term B (T, p) is determined by the empty mass of the U-tube and the inner volume 

of the vibrating tube. Thus, variation of the measurement volume caused by pressure change 

from 0 bar to 1 bar is insignificant. Considering that B (T, 1 bar) = B (T, 0 bar), the density of 

water at 1 bar is found as: 

𝜌𝑤(𝑇, 1) = 𝐴(𝑇) × 𝜏𝑤
2(𝑇, 1) − 𝐵(𝑇, 0) (4.8) 

 

The temperature dependent function 𝐴(𝑇) is obtained, which yields: 

𝐴(𝑇) =
𝜌𝑤(𝑇, 1)

𝜏𝑤
2(𝑇, 1) − 𝜏𝑣

2(𝑇, 0)
 

(4.9) 

 

The second term 𝐵(𝑇, 𝑃) is obtained by rewriting the expression of density for waters: 

𝐵(𝑇, 𝑝) = 𝐴(𝑇) × 𝜏𝑤
2(𝑇, 𝑝) − 𝜌𝑤(𝑇, 𝑝) (4.10) 
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In this way, both 𝐴(𝑇)  and 𝐵(𝑇, 𝑝)  are determined. The equations used for the 

calculation of the density values with a certain measuring oscillating period are described as: 

For T< 373.15 K: 

𝜌(𝑇, 𝑝) = 𝜌𝑤(𝑇, 𝑝) + 𝜌𝑤(𝑇, 1)
𝜏2(𝑇, 𝑝) − 𝜏𝑤

2(𝑇, 𝑝)

𝜏𝑤
2(𝑇, 1) − 𝜏𝑣

2(𝑇, 0)
 

(4.11) 

 

where density data of water 𝜌𝑤  is taken from Wagner and Pruß [138].  

The equation above cannot be used for the entire T and P range using water as the 

reference fluid because the water is in the vapour phase at T≥373.15 and P=1 bar. Another 

reference fluid n-dodecane with high boiling point is used at some high temperature ranging 

from 373.15K to 463.15K.  

For T≥373.15 K, p=1 bar and T=463.15 K, p= 10 bar: 

𝜌(𝑇, 𝑝) = 𝜌𝑑(𝑇, 𝑝) + 𝜌𝑑(𝑇, 1)
𝜏2(𝑇, 𝑝) − 𝜏𝑑

2(𝑇, 𝑝)

𝜏𝑑
2(𝑇, 1) − 𝜏𝑣

2(𝑇, 0)
 

(4.12) 

 

where the density values of n-dodecane 𝜌𝑑  is taken from Lemmon and Huber [139].  

Under any other conditions, For T=373.15K, p>1 bar and T =463.15K, p>10 bar: 

𝜌(𝑇, 𝑝) = 𝜌𝑤(𝑇, 𝑝) + 𝜌𝑑(𝑇, 1)
𝜏2(𝑇, 𝑝) − 𝜏𝑤

2(𝑇, 𝑝)

𝜏𝑑
2(𝑇, 1) − 𝜏𝑣

2(𝑇, 0)
 

(4.13) 
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4.1.3. Experimental Set-Up 

The experimental apparatus for HPHT density measurement is shown schematically in 

Fig 4.1. It consists of a syringe pump, injection cylinder, manual piston pump, Anton Paar 

densimeter, thermostatic bath and a buffer cylinder. Table 4.1 gives some detailed description 

on the components in the apparatus. Density measurement was conducted in an Anton Paar 

DMA HPM high pressure vibrating tube densimeter following a modified method proposed by 

Lagourette et al. [137]. Density measurement uncertainty through this technique was rigorously 

calculated by Segovia et al.[140]. The external measuring cell DMA™ HPM was used to measure 

the density of the sample at pressures up to 1400 bar and temperatures from 263.15 K to 473.15 

K with the measurement accuracy up to 0.0001 g/cm3. The mPDS 5 evaluation unit controls the 

DMA™ HPM measuring cell and displays the measurement parameters. The maximum allowable 

pressure, temperature, vibration frequency deviation, and experimental measurement period 

in the density experiment will be controlled by the computer, and the measurement results will 

also be transmitted to the computer. The system temperature was controlled by a thermostat 

liquid circulator bath Julabo PRESTO A30 and was read through a temperature transducer Pt-

100 inserting in the densimeter measuring cell with the uncertainty of ± 0.02 K. The system 

pressure was generated via a high-pressure generator (Hip 37-6-30). It connects to a pressure 

transducer SIKA type P with a maximum measurable pressure of 1500 bar with a 0.05% FS 

uncertainty.  

 

Fig 4.1.  Schematic overview of the experimental setup for HPHT density measurement (E1) 

mPDS 5 unit, (E2) DMA HPM measurement cell [6]. 
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Table 4.1. List of the major components in the experimental apparatus for density measurement 

No Apparatus name Description  

1 260D Syringe 
Pump 

ISCO 260D Syringe Pump is a pressure generator 
designed for refilling of the high-pressure fluids. It 
consists of a controller and pump module. The 
pressure can go up to 7,500 psi (517 bar) and the flow 
rate is ranging from sub-microliter to 100 ml/min.  

 
 

2 
 

Densimeter The Anton Paar DMA HPA is a high-pressure vibrating 
tube densimeter. It consists of the measuring cell and 
interface module. The interface module can generate 
and measure the period of oscillation. The external 
measuring cell DMA™ HPM can operate at pressures 
up to 1400 bar and temperatures from 263.15K to 
473.15K with measuring density accuracy up to 
0.0001 g/cm3. DMA HPA also connects to the mPDS 5 
evaluation unit to display the measuring parameters. 

 

 

3 Thermometer PT 100 Platinum resistance thermometers (PRTs) can 
measure the temperature of a substance over wide 
temperature ranges with high accuracy. The principle 
of the apparatus is to measure the resistance of a 
platinum element.  
 

 

4 Manual Pressure 
Pump 
Generators 

The HiP High Pressure Generator is made by the High 
Pressure Equipment Company. It is a piston screw 
pump operated manually by rotating the steering 
wheel to adjust and develop the pressure for the 
study requirement. The chamber of the manual 
pressure pump generators has a volume of 11 ml and 
the maximum pressure it can handle with is 30,000 
psi.  
 

 

5 SIKA Digital 
Pressure Gauge 

SIKA digital pressure gauge is suitable for both 
stationary and mobile measurement and display of 
pressure. The gauge is ranging from 0 – 1500 bar and 
it has a unit of Barg instead of Bara. 
 
 

 

6 Temperature 
Control System 
(Thermostat) 

The liquid circulating bath Julabo PRESTO A30 can 
change the temperature rapidly. The working 
temperature ranges from -243.15K to 523.15K with 
setting display resolution of 0.01 K. The integrated 
5.7’’ industrial touch screen displays all important 
information clearly and concisely to control or 
manage the temperature change of the system.  
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4.1.4. Experimental Procedure 

Preparation of the Equipment 

Some preparation work is needed before start of the experiment. Since the density 

experiment is carried out at high pressure and high temperature, the measuring accuracy of the 

temperature and pressure is more pronounced. The pressure is measured through a SIKA digital 

pressure gauge with a reliable accuracy. Hereby, we need to calibrate the temperature after a 

certain period of experiment. The preparation work also includes checking all the instruments 

for their cleanliness and vacuum. It is also necessary to conduct pressure testing before the high-

pressure experiment.  

Temperature Calibration 

Prior to the density measurement, the temperature sensor Pt-100 is calibrated with the 

use of the Fluke 1524 reference thermometer connected with the precision thermistor with an 

accuracy of 0.002 oC. Pt-100 and precision thermistor from the reference thermometer are 

immersed into hydraulic oil in a stainless cylinder. The cylinder is heated up via a thermal static 

bath PolyScience PPO7R-20-A12E. A magnet stirrer is used to ensure the temperature is 

uniformly distributed, which is present in Fig.4.2. The temperature sensor Pt-100 is calibrated at 

nine temperatures up to 463.15K. The measuring temperature from Pt-100 is displayed in the 

mPDS 5 evaluation unit. A calibration correlation is obtained from this calibration work and set 

to correct its displayed temperature values  

 

 

Fig.4.2.  The apparatus for the temperature calibration equipped with a thermostatic bath 

PolyScience PPO7R-20-A12E and a magnetic stirrer. 
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Cleaning of the equipment 

Prior to any density measurement, the measuring instrument needs to be thoroughly 

cleaned and evacuated. After completion of the previous measurement, the remaining gas and 

liquid residues were purged out and collected in a waste collection cylinder. The piston of the 

manual pressure pump generator was moved to its end position to empty all the remaining 

samples. The sample cylinder needs to be disassembled for cleaning. The system was cleaned 

using ethanol and toluene to remove the remaining contaminant from last measurement, and 

then swept by air. The remaining gas was removed via a vacuum pump and the system was 

evacuated. 

 

Pressure Test  

Pressure test is the prerequisite for conducting of HPHT experiment. The purpose is to 

avoid losses of valuable samples and the possible danger due to the leakage during the 

measurement. Pressure test was performed for the sample cylinder and the manual pressure 

pump generator with the use of the reference fluid ethanol or nitrogen. For the pressure test of 

the manual pressure pump generator, the checking pressure was increased to 600 – 700 bar. 

For a successful pressure test, pressure must sustain a constant value at high pressures for a 

long period without further compressing of the piston to compensate the pressure due to the 

leakage happens. The damage of the special O-ring inside the manual pressure pump generator 

is often the cause for the leakage of the system.  

The pressure test of the sample cylinder is also necessary since it requires to maintain 

the single-phase pressure of the sample fluid until the completion of the density measurement. 

The checking pressure of the sample cylinder should be sufficiently high with the use of a syringe 

pump to compress the nitrogen to a target pressure.   

 

Preparation of the Mixture  

After preparation of the equipment, we can start preparing the experimental mixtures. 

We prepared the mixtures of the STO + methane/nitrogen/carbon dioxide at different gas oil 

ratios in a high-pressure sample cylinder that has been pressure tested. The cylinder was 

evacuated first. The oil sample was transferred to the sample cylinder through a burette at 

atmospheric pressure. Volumes of transferred oil was read from the volume scale of burette 

with uncertainty of 0.1 ml. The gas was transferred into the sample cylinder by connecting with 

a plastic tube to a small bottle container where the target gas was stored. The small gas bottle 

container was weighed by the digital balance Mettler Toledo PR1203 with an accuracy of 0.001 

g. Since the measured gas mass from digital balance was affected by the force exerted by the 

plastic tube. It is important to ensure that the plastic tube was not subjected to a large tension. 

The mixture of oil and gas was compressed into the single phase by using a syringe pump. The 

cylinder can be shaken a few times during the course and a stainless-steel sphere inside the 

cylinder will speed up the equilibration. 
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Loading of the Mixture 

The densimeter was evacuated before the sample was transferred into the system, and 

the piston of the manual pressure generator was fully retracted to the bottom position. The 

sample cylinder was connected to the system, and a buffer cylinder was connected to the end 

path of the densimeter to collect the discharged waste. Two syringe pumps were used to control 

the pressure of these two cylinders. The loading sample was injected into the system under the 

single-phase pressure via the syringe pump. The valve was opened slowly to avoid the 

generation of too much separated oil and gas due to the pressure reduction during the 

transformation. If that happens, the proportion of the oil and gas for the mixture, which entered 

the system will be different with our prepared sample mixture. To ensure that the mixture 

entering the system has the same gas and oil proportion as the prepared samples, the mixture 

was purged several times from the system with a total disposal volume of 10-15ml to a buffer 

cylinder. At this stage, the manual pressure pump generator was set at its minimum volume to 

reduce the total system volume. After the purging, the chamber of the manual piston pump was 

filled to its end to make it possible to pressurize the system during the measurement.  

 

Measurement Procedure 

Densities of the high-pressure fluid samples were measured at six temperatures ranging 

from 298.15K to 463.15K and pressures up to 1400 Bar. The pressure of the system was 

generated through a high-pressure generator (HiP 37-6-30) and measured by the pressure 

transducer SIKA type P with an available maximum pressure of 1500bar with a 0.05% FS 

uncertainty. The temperature of the system was managed by the liquid circulator bath Julabo 

PRESTO A30 and measured by a thermometer Pt100 inserted inside the measuring cell of the 

densimeter with uncertainty of ±0.02K. The densimeter was connected to the mPDS 5 evaluation 

unit, which displays the measuring parameters of temperature, pressure and oscillation period 

through its touch screen. Density measurement was made through a computer. The measuring 

times were strictly and automatically controlled with the predefined maximum allowable 

deviations of each individual measured oscillating period, temperature and pressure. All the 

results of these parameters are transmitted to the computer and recorded in an Excel spread 

sheet. For a successful density measurement, densities are measured 100 times within 60s and 

each measuring oscillating period, temperature and pressure should not far from their average 

values. Otherwise, the system will conduct another measurement until the maximum deviation 

does not exceed a setting value. Densities are measured at least with three repetitions and the 

maximum difference of their oscillating period between each measurement was less than 

±0.007 µs.  
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4.1.5. Data-Processing Using the Tammann-Tait Equation  

Tammann-Tait equation  

Density of a compressed fluid as a function of temperature and pressure can be 

expressed by a modified Tammann-Tait equation: 

𝜌(𝑇, 𝑃) =
𝜌(𝑇, 𝑃𝑟𝑒𝑓)

1 − 𝐶 × 𝐼𝑛 [
𝐵(𝑇) + 𝑃

𝐵(𝑇) + 𝑃𝑟𝑒𝑓
]
 

(4.14) 

 

where 𝑃𝑟𝑒𝑓 is the reference pressure. 𝜌(𝑇, 𝑃𝑟𝑒𝑓) is a function of temperature at the reference 

pressure, given in a format of the polynomial equation: 

𝜌(𝑇, 𝑃𝑟𝑒𝑓) = ∑𝐴𝑖

𝑚

𝑖=0

𝑇𝑖  
(4.15) 

 

The polynomial equation of degree 2 is used and the optimal value of 𝐴0, 𝐴1 and 𝐴2 can be 

obtained by fitting the experimental density at various temperatures at the reference pressure 

with the least squares method. 

where 𝐶 is a constant independent of the temperature and pressure, 𝐵(𝑇) is a temperature 

dependent variable written as a polynomial equation: 

𝐵(𝑇) = ∑𝐵𝑗

𝑛

𝑗=0

𝑇𝑗 
(4.16) 

 

where 𝐵(𝑇) is expressed as a polynomial equation of degree 2 and the optimal values of 𝐵0, 𝐵1, 

𝐵2 and 𝐶 are obtained by fitting the experimental density data over the relevant temperature 

and pressure range with the least squares method.  

 

Isothermal Compressibility 

The measured density data can also be used for the derivation of the thermodynamic 

properties for specific volume, expansion coefficient and isothermal compressibility. The 

isothermal compressibility is the relative volume change of the fluid as a response to the change 

of its pressure, which is expressed as: 

𝜅𝑇(𝑇, 𝑝) = −
1

𝜌
(
𝜕𝜌

𝜕𝑝
)𝑇 

(4.17) 

 

Isothermal compressibility is calculated by differentiation of the modified Tammann-Tait 

equation, and the term of (
𝜕𝜌

𝜕𝑝
)𝑇 is written as: 
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𝜕𝜌(𝑇, 𝑝)

𝜕𝑝
=

𝜕

𝜕𝑝
[
 
 
 𝜌(𝑇, 𝑝𝑟𝑒𝑓)

1 − 𝐶 × 𝐼𝑛 [
𝐵(𝑇) + 𝑝

𝐵(𝑇) + 𝑝𝑟𝑒𝑓
]
]
 
 
 

 

(4.18) 

 

The isothermal compressibility is expressed as a function of temperature and pressure: 

𝜅𝑇(𝑇, 𝑝) =
𝐶

(𝐵(𝑇) + 𝑝) (1 − 𝐶 × 𝐼𝑛 [
𝐵(𝑇) + 𝑝

𝐵(𝑇) + 𝑝𝑟𝑒𝑓
])

 
(4.19) 

 

4.2. Phase Equilibrium Measurement 

4.2.1. Experimental Set-Up 

The phase equilibrium measurement for the system involving methane/nitrogen 

/carbon dioxide + stock tank oil was conducted at six temperatures from 298.15K to 463.15K. 

The purpose of the measurement was to find out the maximum allowable gas (C1, N2, CO2) 

concentration for the system at a given pressure. The prepared mixture was the same as the 

composition of the density measurement. However, different from the density measurement, 

the mixture for measuring the phase equilibrium was prepared by injecting a certain amount of 

gas into the same STO in several times to obtain the mixtures with different gas and oil ratios. 

With more gas added, we can cover the composition range studied in the density measurement.  

A full visibility PVT 240/1500 cell manufactured by Sanchez Technologies was used to 

measure the phase equilibria. It comprised a high-pressure stainless steel hollow cylindrical 

connecting with a sapphire transparent window and a motor driven piston. The PVT cell has a 

maximum volume of 240cm3 and can operate to a maximum temperature of 473.15K and 

pressures up to 1500 bar. The digital camera Lumenera Lw1335C is located in front of the 

sapphire window and used to make a visual observation of the fluid phase changes through the 

sapphire window. In this way, the saturation pressure and liquid fraction of the system were 

visually determined. The magnetic stirring system is located in the head of the piston with 

adjustable stirring speed. The magnetic stirring system homogenizes the fluid inside the PVT cell. 

In the light system, the light from two lamps in two light boxes is transmitted through four 

optical fibers to illuminate in four directions through the sapphire window. The PVT cell was 

heated by eight heating cartridges and the temperature was measured by a temperature sensor 

Pt-100 with uncertainty of ±0.02 K. For the purpose of the improvement on the stability of the 

temperature regulation, a heating circulator Julabo PRESTO A40 was used to circulate hydraulic 

oil at a certain setting temperature and exchange the heat with the PVT cell. The heating 

circulator Julabo PRESTO A40 can also provide a way of fast cooling during temperature 

decrease. It is very important to use heating circulator Julabo PRESTO A40, especially at high 

temperatures. That is because the heating device usually has a certain hysteresis, when the 

temperature of the system reaches stability, the temperature may be higher than the set values. 

The pressure of the system was measured via a pressure transducer Dynisco PT435A, which had 

been calibrated prior to each measurement. The digital pressure gauge SIKA Type P with 
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uncertainty of 0.05FS% was used as a reference pressure sensor in the routine calibration of the 

pressure transducer Dynisco PT435A.  

The operation of the PVT cell was controlled by a computer. The system temperature 

and pressure are displayed through the Falcon software. During the fluid phase equilibrium 

measurement, most operations are completed through the Falcon software in the control 

computer, such as setting the system temperature, pressure, piston position , camera light, the 

status of the valves, and the PVT cell angle. In a visual determination of the saturation pressure 

and liquid fraction of oil and gas mixture, the Euclide software can capture the digital picture in 

the cell using the camera Lumenera Lw1335C. The saturation pressure was determined through 

a pressure reduction procedure at a constant flow rate of 2 ml/h until the generation of the new 

phase was visually observed. The liquid fraction was determined in a constant mass expansion 

(CME) experiment automatically programmed in the Falcon software. The measured PVT data 

as well as the picture of the fluid phase phenomenon for each measuring pressure stage were 

recorded for further trace back and analysis the data. As regards the pressure control of the 

system, it can be achieved in three ways of moving the piston: constant flow rate, constant 

pressure ramp speed, or going to a target volume with adjustable constant flow rate. The PVT 

cell also has a rocking mechanism so that the apparatus can rotate to a certain angle (45◦, 90◦ 

and 135◦) to perform the measurement depending on the types of fluid such as gas condensate 

and volatile oil.  

As regards the sample loading of the PVT cell, the top valve V1 and the bottom valve V2 

can be operated manually or automatically through the Falcon software. Each of these two 

valves are connected to a set of four branched needle valves. The top valve is used here as an 

inlet valve for the loading of the stock tank oil sample. The reference SIKA pressure sensor is also 

connected to one of the top branched valves. Normally, the bottom valve V2 is used here mainly 

for discharging the fluid. In this work, the branched valves in the bottom was removed, and only 

the valve V2 was kept letting the gas come into the system. The schematic for the PVT 240/1500 

visibility cell setup is presented in Fig.4.3.  

 

 

Fig.4.3.  The schematic diagram for the PVT 240/1500 visibility cell setup [8]. 
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PVT Cell  

The maximum volume of the PVT 240/1500 full visibility cell is 240 cm3 and it can 

operate in the pressures up to 1500 bar and the maximum working temperature is 473.15K.  

Some operation limits must be strictly complied with during the experiment due to the safety 

concerns. The pressure ramping speed should not exceed 1 bar/s and the maximum 

temperature ramp is 5 K/min to protect the sapphire window. In the gas transfer process, the 

bottom valve V2 was opened slowly to avoid the rapid pressure ramp caused by the huge 

pressure difference from the gas and empty cell. For the purposes of measurement of the crude 

oil, volatile oil and gas condensate, the PVT cell can rotate for three positions 45◦,90◦ and 135◦. 

The cell position in angle 45◦ is for dew point measurement, 90◦ for asphaltene quantification, 

and 135◦ for bubble point measurement. The magnetic stirring system is located in the head of 

the piston and used to agitate the sample for fast equilibration.  

Camera  

The digital camera Lumenera Lw1335C is located in front of the sapphire window and it 

is used to make a visual observation for the phase behaviour of oil and gas mixture. The camera 

is linked to the computer through the Euclide software, to monitor, observe, take photos and 

record the phase behavior of the sample fluids inside the PVT cell chamber. The Euclide software 

also provides an adjustable red line to measure the liquid fraction. It supports an automatic 

control, which means all the necessary parameters such as initial pressure, stirring and waiting 

time, end pressure and volume steps can be set beforehand, and the measurement will be 

carried out automatically.  

Lighting system 

The PVT cell is connected to a lighting system with two bulbs in two special lighting boxes 

linked with four optical fiber cables to the instrument. The brightness and the exposure are 

adjusted to have a clear observed image showing the phase changes of a fluid in the 

depressurization.  

Pressure Regulation 

A motor driven piston is used to control the pressure of the PVT cell by varying its 

volume. The pressure in the PVT cell is measured by a pressure transducer Dynisco PT435A with 

an accuracy of ±0.6 bar. The pressure transducer is calibrated through a SIKA digital pressure 

gauge as a function of temperature and pressure. The pressure of the system can be changed 

by the piston through three ways: (1) constant flow rate (2) constant pressure and (3) go to a 

specific volume. In a constant pressure, the pressure ramp speed is constant, and the optimal 

flow rate is calculated by the Falcon software and it always changes to maintain the ramp speed 

of the pressure. The advantage of adjusting the system pressure through the constant pressure 

is to avoid the damage on the sapphire window by using constant flow rate with rapid pressure 

ramp of a fluid mixture in a liquid-like state. 
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Temperature Regulation  

Temperature of the PVT cell is monitored and measured by a temperature transducer 

Pt-100 in the wall of the cell with uncertainty of ±0.02 K. The system is heated by an electric 

heating system. It also has a heating jacket connected to a liquid circulator Julabo PRESTO A40. 

This additional heating system helps stabilize the system temperature. The maximum deviation 

of the system temperature from the setting temperature is within ±0.1K. Adjusting the system 

temperature should not exceed 5 K/min to avoid the damage of the sapphire window. 

 

4.2.2. Experimental Procedure 

In this present work, we have conducted the swelling test by injecting the gas (methane, 

nitrogen, or carbon dioxide) into an undersaturated STO. The gas is injected to the STO stepwise. 

Each step corresponds to a certain concentration and the whole procedure ends when the 

saturation pressure reaches a sufficiently high value. The dissolved gas results in the swelling of 

the oil, and thermodynamic properties during this process are particularly useful in the oil and 

gas industry. Those data are helpful to the study of the primary recovery during the oil and gas 

production. Among all these thermodynamic properties, saturation pressure and volumetric 

data of the mixture in the two-phase vapour-liquid region are measured during the 

depressurization process. We give below a description of the procedure of the swelling test 

including the preparation of the equipment and mixture, measurement procedure for saturation 

pressure and CCE test. Some photos captured during the experiment will be shown to illustrate 

some phenomena that we typically observed.  

Preparation of the Equipment 

The pressure of the PVT cell was measured by the pressure transducer Dynisco PT435A. 

It is always calibrated prior to the measurement. The zero point of the system was calibrated 

using the atmospheric pressure. For high pressures, it was calibrated by connecting to an 

external SIKA digital pressure gauge with an uncertainty of 0.05 FS%, which was used as a 

reference pressure transducer in the routine calibration of the pressure transducer Dynisco 

PT435A. Pressure calibration was performed at six temperatures from 298.15K to 463.15K and 

pressures up to 700 bar. The correlation of the corrected pressure read from the SIKA digital 

pressure gauge is a function of the temperature and the pressure from the pressure transducer 

Dynisco PT435A. After each measurement has been accomplished, the system pressure was 

corrected with this derived correlation. 

 

Preparation of the Sample Mixture  

For the preparation of the oil and gas mixture, the stock tank oil was first injected into 

the PVT cell through the top valve V1 using a burette with volume scale. The added volume was 

read and recorded with an uncertainty of 0.1 ml. The gas was transferred from an external gas 

bottle with a gravimetric method weighed by a digital mass balance Mettler Toledo PR1203. To 

avoid the contamination by the residual oil in the pipelines, the gas was transferred through the 

bottom valve V2. In the equipment, there was a dead volume between V2 and another valve 
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(not shown in Figure 4.3). In order to reduce the dead volume, the connecting pipeline between 

this valve and V2 was shortened as much as possible. Even after the shortening, there is still a 

certain amount of high-pressure gas trapped in the dead volume after the transfer. To account 

for that, an empty cylinder with a known volume was connected to the dead volume segment 

after the transfer. The trapped gas was transferred partly to the cylinder after opening the valve 

and equilibrating the pressure. The amount of gas collected in the cylinder was weighed and the 

total amount of the trapped gas was calculated using this mass and the volumes of the cylinder 

and the dead volume. The gas transfer during the mixture preparation is presented in Fig.4.4. 

 

 

Fig. 4.4. Transfer of the gas into the PVT cell for mixture preparation. 

 

Cleaning Procedure 

After each measurement, the PVT cell was cleaned to remove all the contaminant left 

in the apparatus. By moving the piston to the bottom of the cell, the fluid sample was pushed 

out from the bottom valve V2. Toluene and ethanol were then used for cleaning the cell. 

Nitrogen was injected into the PVT cell to sweep all the remaining contaminant as well as to dry 

the system. In the end, PVT cell was evacuated through the vacuum pump shown in Fig 4.5. 
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Fig.4.5. Evacuation of the PVT cell with the use of vacuum pump. 

 

Measurement Procedure 

Saturation Pressure  

Experimental determination of the saturation pressure was performed through a visual 

observation of the fluid phase changes through the depressurization process with the 

predefined manner. The measurement was started after the system pressure and temperature 

were stabilized. The cell pressure was then decreased at a rate of 1 bar/s to a pressure a bit 

above the estimated saturation pressure. The pressure was slowly decreased at a constant flow 

rate of 1-2 ml/h depending on the compressibility of the fluid sample. The decrease stopped 

when a new phase was observed. The measurement was performed with three repetitions at 

temperatures of 298.15K to 463.15K for three systems involving methane/nitrogen/carbon 

dioxide + STO at different gas mole fractions. The pressure firstly being observed the appearance 

of the new phase was regarded as the saturation pressure, and photos were taken at this point. 

As concerns the combined uncertainty of the saturation pressure determination, it is estimated 

to be 1 bar-3 bar for the bubble point determination of our measured system involving three 

gases + STO mixture with different gas mole fractions accounting for the uncertainty of the 

pressure transducer and the uncertainty of the visual determinations.  

 

CCE Measurement 

Once the saturation pressure (bubble-point pressure in all our measurement) was 

determined. We compressed the fluid to single-phase and perform the so-called constant 

composition expansion (CCE) measurement. CCE is an experiment used for reservoir fluid PVT 

study. During the process, we equilibrated the fluid at a number of pressure steps above and 

below the saturation pressure. Through this procedure, we can obtain how the total volume 

varies with pressure. For the two-phase region, it is also possible to measure the liquid fractions 

in our full visibility cell. Although the two-phase measurement in CCE does not provide the 
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equilibrium phase composition, it provides some useful information reflecting how the two 

phases are partitioned. The CCE measurement was applied to the stock tank oil + 

methane/nitrogen/carbon dioxide system at temperatures of 298.15K to 463.15K with different 

gas oil ratio. CCE was performed automatically through the Falcon software with high 

repeatability. The procedure started from a single phase high pressure, and it mainly consisted 

of three pressure steps, (1) single phase depletion (monophasic stage), (2) saturation point 

searching (3) volume steps for further pressure depletion in the two-phase region (diphasic 

stage). At each pressure stage, the fluid sample was stirred for 300 s and waited for 600 s to get 

the system equilibrium. The photos during the CCE measurement were recorded through the 

Euclide software. Regarding the volume steps of the CCE measurement, it has typically total 10 

steps with different volume increments and flow rates set for each step. Table 4.2 shows the 

typical volume increments and flow rates chosen for the measurement. 

 

Table 4.2. Typical volume increments and flow rates used in our CCE test 

Step ∆V(cm3) Q(cm3/h) 

1 0.1 20 
2 0.2 20 
3 0.5 30 
4 1 40 
5 2 50 
6 5 70 
7 10 70 
8 20 80 
9 30 100 
10 40 100 

 

At each stage of the CCE measurement, the Falcon software can record the equilibrium 

temperature, pressure, total volume, and a photo of fluid inside the cell. After the measurement, 

we can use the Euclide software to process the recorded photos and obtain the liquid fractions 

in the two-phase region. The measurement of the liquid fraction requires the height of liquid 

and the radius of the observed sapphire window. Based on the inclination angle of the PVT cell 

and the total volume, the software can calculate the amount of liquid phase in the cell. 

Determination of the liquid fraction is usually not a problem at most pressure stages, but it can 

appear at some pressures that the border between gas and liquid is not clear.  
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4.2.3. Observation Phenomenon 

Fig. 4.6, Fig. 4.7 and Fig. 4.8 present some photos of the mixtures at the saturation points 

or in the two-phase region where the liquid fractions are measured. Feed composition for the 

saturation pressure and PVT measurement of methane, nitrogen, and carbon dioxide in the 

stock tank oil is present in Chapter 5 and Table 5.15. The compositions of the mixtures include 

0.2 methane + 0.8 STO (xmethane=0.2046 in mole fractions), 0.2 nitrogen + 0.8 STO (xnitrogen=0.2057) 

and 0.8 methane + 0.2 STO (xmethane=0.8063), all at 373.15K. The liquid fraction was determined 

in the two-phase region by the ratio of the liquid volume and the total volume. The orange line 

in Fig 4.6 represents the interface between the gas phase accumulated at the top and the liquid 

phase at the bottom.  

The observed phenomena are similar for the mixtures of 0.2 methane + 0.8 STO and 0.2 

nitrogen + 0.8 STO. It is possible to clearly observe the transition from single phase to two phases 

just below the saturation pressure, and the interface between the gas and oil phases is usually 

curved near the saturation pressure. A big gas bubble appears adhering to the top of the PVT 

cell. It is only until a certain liquid fraction that we can clearly observe a relatively straight gas-

oil interface for 0.2 methane + 0.8 STO and 0.2nitrogen + 0.8 STO. However, the pressure drops 

of 0.2 nitrogen + STO is larger than the 0.2 methane + 0.8 STO to get an approximately equal 

amount of liquid fraction values.  

For 0.8 methane + 0.2 STO at a higher methane mole fraction, the observed bubbles are 

more dispersed when they emerge as compared with 0.2 methane + 0.8 STO. It is often 

challenging to capture the first bubble exactly for these high gas-oil ratio samples. Furthermore, 

the gas-oil interface is not clear close to the saturation pressure. For example, in this case, it is 

not observed until the pressure decreases from 501.87 bar to 458.28 bar. Sometimes, small oil 

drops or gas bubbles can adhere to the sapphire window and blur it, making it more difficult to 

make a visual observation.  

During CCE, the saturation point determined can be a bubble point or a dew point. For 

all our mixtures, they appear to be bubble point ones. In principle, a higher gas fraction may 

change the mixture from a bubble point oil to a dew point gas condensate. This has not been 

observed in our experiment. But some of our mixtures with high methane mole fractions are 

closer to the critical point, which means that the phase transition below the bubble point is more 

dramatic in comparison. We have tried to use smaller pressure steps to capture the change 

better. Measurement of the liquid fractions in the two-phase region is also helpful in this case 

to judging whether the phase transition is a bubble point one or a dew point one. This is because 

that the phase transition at high gas mole fraction or close to the critical point looks like a 

formation of cloud in the system and it is difficult to distinguish between bubbles and droplets. 

The variation of the liquid fraction can help to identify the phase change, and this will be 

discussed in Chapter 5. 
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Fig.4.6. CCE test photos for 0.2 methane + 0.8 STO at 373.15K, the red circle represents the 

observed bubbles and the red line shows the gas-oil interface, the cell position is at 135°. 

 

   

   

Fig.4.7. CCE test photos for 0.2nitrogen + 0.8 STO at 373.15K, the red circle represents the 

observed bubbles and the red line shows the gas-oil interface, the cell position is at 135°. 
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Fig.4.8. CCE test photos for 0.8 methane + 0.2 STO at 373.15K, the red circle represents the 

observed bubbles and the red line shows the gas-oil interface, the cell position is at 135°. 
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Chapter 5. Results and Discussion 

The growth of the global oil demand has pushed the oil and gas industry to explore deep 

reservoirs, some of which are characterized as high pressure and high temperature (HPHT) 

reservoirs. Accurate knowledge of the thermodynamic properties such as density and phase 

equilibrium data at these reservoir conditions are fundamental to estimate the amount of the 

recoverable oil from the reservoir as well as to the equipment design of the production wells. 

However, the thermodynamic properties of reservoir fluids, including density, are seldom 

reported for these extreme conditions in the open literature. 

This chapter introduces the HPHT density and phase equilibrium measurement of one 

stock tank oil sample as well as its mixture with nitrogen/methane/carbon dioxide at 

temperatures from 298.15K to 463.15K and pressures up to 1400 bar. These synthetic mixtures 

have multiple components but can be considered as pseudo binaries, and they can somewhat 

mimic the live oil samples, which are hard to obtain from the reservoir at HPHT conditions. 

Densities were measured through a high-pressure vibrating tube densitometer DMA HPA from 

Anton Paar and phase equilibrium data was measured via a full visibility PVT 240/1500 cell 

manufactured by Sanchez Technologies. Moreover, the density derivative property- isothermal 

compressibility values of the studied system were obtained by differentiating the Tait equations 

fitted to the experimental densities. Additionally, we also determined the pseudo excess volume 

of oil and gas mixtures by assuming that the synthetic fluid was composed of just a gas 

component and an oil component. The phase envelopes and liquid volume fractions below the 

saturation point were also determined. The measured density and phase equilibrium data were 

modeled by three equations of state (EoSs) including Soave-Redich-Kwong (SRK), Peng-Robinson 

(PR) and Perturbed Chain Statistical Associating Fluid Theory (PC-SAFT) simplified by von Solms 

et al.[114]. For SRK and PR, their volume translated versions SRK-VT and PR-VT were also used 

to improve the density description. Our measurement has produced valuable HPHT density and 

phase equilibrium data for evaluating and further improving thermodynamic models for HPHT 

reservoir fluids, thus supporting the relevant industrial applications on exploring and developing 

the high-pressure reservoirs. 

 

5.1. Materials 

The stock tank oil (STO) sample is from a HPHT reservoir in the Danish North Sea and it 

has been stored in a sealed oil drum. The gases used in the study, methane, nitrogen and carbon 

dioxide, are manufactured by AGA GAS A/B, with the purity of 99.995%, 99.999% and 99.995%, 

respectively. The STO composition was analysed by both true boiling point (TBP) distillation and 

simulated distillation (gas chromatography, GC) in the laboratory. The true boiling point 

distillation results are presented in Table 5.1. 

The STO has a density of 0.8035 g/cm3 at 298.15 K and 1 bar as measured by an Anton 

Paar densitometer. The STO was degassed by using an ultrasonic bath Branson 1510 DTH for 1 

hour prior to the measurement. In this work, we have prepared the synthetic mixtures 

composed of methane/nitrogen/carbon dioxide + STO. We have performed the density 
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measurement of 401 data points in total and saturation pressures of 71 data points for the 

systems of the stock tank oil + methane/nitrogen/carbon dioxide at temperatures of 298.15 K 

to 463.15 K and pressures up to 1400 bar. The composition data of the measured oil and gas as 

well as the temperature and pressures conditions of the systems are presented in Table 5.2. 

Table 5.1. Compositional analysis results for STO up to C24+ by true boiling point (TBP) distillation: 

weight percent (wt%), mole percent (mol%), molecular weight and density 

Name CN wt 
% 

mol 
% 

Molecular weight 
g/mol 

  /g∙cm-3 
15.55°C 

C6 6.00 4.4 9.65 85.52  0.6836 

C7 7.00 4.0 7.32 100.84  0.7319 

C8 8.00 5.4 9.28 109.19  0.7459 

C9 9.00 5.5 8.15 125.21  0.7691 

C10 10.00 4.3 5.75 138.27  0.7862 

C11 11.00 3.9 4.93 147.12  0.7887 

C12 12.00 4.7 5.48 160.88  0.7924 

C13 13.00 6.6 7.31 167.40  0.7932 

C14 14.00 12.1 12.28 183.03  0.7954 

C15 15.00 5.2 4.84 198.67  0.8107 

C16 16.00 3.3 2.92 213.20  0.8302 

C17 17.00 3.0 2.48 229.08  0.8348 

C18 18.00 2.8 2.11 244.92  0.8408 

C19 19.00 1.3 0.94 251.33  0.8588 

C20 20.00 2.0 1.46 256.80  0.8609 

C21 21.00 2.4 1.67 267.12  0.8635 

C22 22.00 1.2 0.76 284.35  0.8657 

C23 23.00 1.8 1.14 290.21  0.8736 

C24+ 24.00 26.3 11.50 426.92  0.9155 

C7+   90.35 197.39  0.8076 

 

Table 5.2. Feed compositions, and temperature and pressure ranges used in our density and 

phase equilibrium measurement 

Component Content NExp T, P range 

STO Density 58 298.15 K- 463.15 K 
1 bar-1400 bar 

C1 + STO Density: C1 - 0.203, 0.404, 0.613 
Psat: C1 - 0.205, 0.404, 0.601, 0.703, 0.806 

108 
30 

298.15 K- 463.15 K 
400 bar-1400 bar 

N2 + STO Density: N2 - 0.202, 0.312 
Psat: N2 - 0.206, 0.309, 0.404 

66 
17 

298.15 K- 463.15 K 
400 bar-1400 bar 

CO2 + STO Density: CO2 - 0.203, 0.402, 0.604, 0.702 
Psat: CO2 - 0.208, 0.400, 0.602, 0.701 

169 
24 

298.15 K- 463.15 K 
100 bar-1400 bar 
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5.2. Density  

Part of the research project is to measure the densities of the stock tank oil as well as 

the pseudo binary mixtures of stock tank oil + nitrogen/methane/carbon dioxide at 

temperatures from 298.15K to 463.15K and pressures up to 1400 bar. The saturation pressures 

for these mixtures were measured beforehand so that the density measurement was carried 

out a sufficiently high pressures to ensure a single-phase state. The measured data were 

modeled by SRK, PR, PC-SAFT, SRK-VT and PR-VT. 

In the present work, the quantitative evaluation of the experimental data with that of 

the model calculations is through the absolute average deviation (AAD) described as: 

 

𝐴𝐴𝐷/% =
100

𝑁
∑|

𝑌𝑖
𝑒𝑥𝑝 − 𝑌𝑖

𝑐𝑎𝑙

𝑌𝑖
𝑒𝑥𝑝 |

𝑁

𝑖=1

 

 

 

(5.1) 

where 𝑌𝑖
𝑒𝑥𝑝 is the measured property in this work, 𝑌𝑖

𝑐𝑎𝑙  is the calculated property from the 

models related to the 𝑌𝑖
𝑒𝑥𝑝 at same conditions, and 𝑁 is the total number of the data points. 

The expanded density uncertainty U(ρ) (k=2) is 0.7·10−3 g·cm−3 at T < 373.15 K; 5·10−3 g·cm−3 at 

T ⩾ 373.15 K and p = 10 bar; 3·10−3 g·cm−3 at other temperature and pressure conditions. 

 

5.2.1. Calibration and Validation 

Prior to the density measurement, the densitometer was calibrated via a procedure 

similar to that proposed by Comuñas et al.[136]. The quality of the densitometer was validated 

through the measurement of the pure liquid density data of n-decane at temperatures of 

278.15K to 463.15 K and pressures up to 1400 bar. The measured densities of n-decane are 

presented in Table 5.3, which were compared with the literature reported by Lemmon and 

Span [141] and Cibulka and Hnědkovský [142]. Their relative deviations are shown in Fig.5.1. 

The measured densities of n-decane agree with the data from the literature with an absolute 

average deviation (AAD%) of 0.10% with Lemmon and Span and 0.05% with Cibulka and 

Hnědkovský, respectively. 

Table 5.3. Densities, ρ, of the n-decane in g/ cm3 at temperatures of 278.15 K to 463.15 K and 
pressures up to 1400 bar  

P/bar T/K             
  278.15 298.15 323.15 348.15 373.15 423.15 463.15 

1 0.7415 0.7263 0.7071 0.6875 0.6682   

10 0.7419 0.7267 0.7079 0.6886 0.6685 0.6262  

50 0.7446 0.7296 0.7116 0.6928 0.6734 0.6335 0.6005 
100 0.7478 0.7333 0.7158 0.6978 0.6792 0.6413 0.6111 
200 0.7539 0.7401 0.7236 0.7067 0.6895 0.6549 0.6281 
400 0.7648 0.7521 0.7372 0.7219 0.7065 0.6762 0.6532 
600 0.7747 0.7628 0.7489 0.7346 0.7204 0.6930 0.6724 
800 0.7833 0.7722 0.7591 0.7458 0.7325 0.7068 0.6881 

1000 0.7914 0.7808 0.7682 0.7556 0.7431 0.7191 0.7016 
1200 0.7989 0.7886 0.7766 0.7646 0.7526 0.7298 0.7132 
1400 0.8057 0.7959 0.7844 0.7729 0.7614 0.7395 0.7237 
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(a) (b) 

  
Fig.5.1. Relative deviations of the density data measured in this work for n-decane and those 

from literature from Lemmon and Span (▪) and Cibulka and Hnědkovský (●), (a) against the 

temperature, (b) against the pressure. 

 

5.2.2. Stock Tank Oil Density 

The measured densities of the stock tank oil (STO) at temperatures from 298.15 K to 

463.15 K and pressures up to 1400 bar are gathered in Table 5.4. The densities at some 

selected temperatures (298.15 K, 373.15 K and 463. 15 K) and pressures (200 bar, 800 bar, 

1400 bar) are shown in Fig.5.2. Five models (incl. variations) PR, SRK, PC-SAFT, PR-VT and SRK-

VT are used to calculate the density at the experimental temperatures and pressures. The 

AADs for these models are compared in Fig.5.3. SRK-VT and PR-VT show the best agreement 

with the experimental data with an AAD of 1.8% and of 1.6%, respectively. PC-SAFT shows a 

slightly larger AAD of 1.9%. Not surprisingly, the poorest density prediction is given by SRK with 

an AAD of 19.9% and a maximum deviation of 23.1%. The prediction by PR is rather poor, with 

an AAD of 10.6%. This shows that the volume translation improves the density significantly in 

this case. PC-SAFT does not describe the high-pressure density of the stock tank oil very well, 

which may be related to the parameters obtained from the characterization. The low-pressure 

densities from PC-SAFT are very good at different temperatures. As concerns SRK-VT and PR-

VT, they show similar performance for most of the cases. Their maximum deviations are found 

at 463.15 K for both models, with an AAD of 5.1% for SRK-VT and 4.5% for PR-VT at 600 bar. 

 

Table 5.4. Densities, ρ, of the stock tank oil in g/ cm3 at different temperatures and pressures 

P/bar T/K      
 298.15 323.15 348.15 373.15 423.15 463.15 

1 0.8021 0.7832 0.7646 0.7484   
50 0.8033 0.7855 0.7674 0.7502 0.7122 0.6804 

100 0.8062 0.7888 0.7713 0.7552 0.7189 0.6892 
200 0.8103 0.7938 0.7771 0.7641 0.7304 0.7034 
400 0.8173 0.8022 0.7868 0.7794 0.7493 0.7257 
600 0.8277 0.8133 0.7989 0.7922 0.7646 0.7432 
800 0.8373 0.8234 0.8098 0.8036 0.7777 0.7578 

1000 0.8459 0.8324 0.8194 0.8136 0.7894 0.7702 
1200 0.8540 0.8407 0.8282 0.8227 0.7995 0.7813 
1400 0.8615 0.8485 0.8364 0.8311 0.8087 0.7914 
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(a) (b) 

  
Fig.5.2. Density of the STO: (a) against pressure at (●)298.15 K, (●)373.15 K, (●)463.15 K and 
(b) against temperature at (●)200 bar, (●)800 bar, (●)1400 bar,  (---)SRK-VT EoS, (···)PR-VT EoS, 
(––––)PC-SAFT EoS, (– ·)SRK EoS ,( – –)PR EoS. 

 

 
Fig.5.3. Absolute average deviations of calculated density for STO by (●) SRK, (●) PR, (●) PC-

SAFT, (●) SRK-VT and (●) PR-VT. 
 

5.2.3. Composition of Three Gas + STO Systems 

Densities for three pseudo binary systems, stock tank oil + methane/nitrogen/carbon 

dioxide, were measured at pressures up to 1400 bar and temperatures from 298.15 K to 

463.15 K. For each system, several mixture compositions were prepared. The feed 

compositions are reported in Table 5.5.  

 

Table 5.5. Feed composition (x-mole fraction) for the density measurement of three pseudo 
binary systems including methane + STO, nitrogen + STO and carbon dioxide + STO 

Mixture number 1 2 3 4 

xC1 in C1+STO 0.2032 0.4040 0.6133  
xN2 in N2+STO 0.2016 0.3122   
xCO2 in CO2+STO 0.2028 0.4017 0.6044 0.7019 
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5.2.4. Density of Methane + STO 

The measured density of the synthetic binary system of methane + STO at six 

temperatures from 298.15K to 463.15K and pressures from 400 bar to 1400 bar are shown in 

Table 5.6. Density calculation results for methane + STO with SRK-VT, PR-VT and PC-SAFT are 

depicted in Fig.5.4 (a) as isotherms and (b) as isobars at xC1=0.2032, and in Fig.5.5 (a) as a 

function of pressure at 298.15 K and (b) against the temperature at 800 bar at xC1=0.2032, 0.4040 

and 0.6133. The quantitative evaluation of the model performance with the experimental data 

are depicted by their AADs in Fig 5.6, where the original SRK and PR are also included. The AADs 

over the whole T, P and xC1 range are 1.8%, 1.5% and 1.6% for PC-SAFT, SRK-VT and PR-VT, 

respectively. Among these three models, it is obviously that PR-VT has the best performance for 

two mixtures at xC1=0.2032 and 0.4040 while PC-SAFT is better at xC1=0.6133. SRK-VT has the 

least AAD for the studied system of methane + STO considering its behavior for the three 

mixtures. SRK-VT and PR-VT show very similar calculation results, and their deviations change 

with temperature and pressure in a similar way. Both SRK-VT and PR-VT have poor performance 

at higher temperatures and their maximum deviations are observed at 463.15 K as seen in 

Fig.5.4 (b). However, their calculated densities do not change significantly with the variation of 

pressure. As concerns PC-SAFT, for most of the cases, it is not superior to PR-VT and SRK-VT; 

only for a few points at xC1=0.6133 are better than the other two models. The deviations in PC-

SAFT seem to increase with pressure but do not change much with temperature. In general, the 

change in methane composition has some influence on the performance of SRK-VT, PR-VT and 

PC-SAFT but not significantly. However, the calculated densities from these three models are in 

less agreement with the experiment data at xc1=0.2032. PR and SRK without volume translation 

are generally poor in the whole T, P and xC1 range. 

Table 5.6. Densities, ρ, of the pseudo binary mixture methane (1) + stock tank oil (2) in g/ cm3 at 

different temperatures and pressures 

 

P/bar T/K       
 298.15 323.15 348.15 373.15 423.15 463.15  
 x1=0.2032       

400 0.7907 0.7754 0.7587 0.7497 0.7173 0.6920  
600 0.8019 0.7875 0.7720 0.7640 0.7345 0.7119  
800 0.8121 0.7982 0.7837 0.7764 0.7489 0.7281  

1000 0.8213 0.8077 0.7940 0.7873 0.7615 0.7420  
1200 0.8297 0.8164 0.8034 0.7971 0.7725 0.7542  
1400 0.8374 0.8246 0.8121 0.8060 0.7824 0.7652  

 x1=0.4040       
400 0.7609 0.7446 0.7276 0.7180 0.6826 0.6558  
600 0.7731 0.7582 0.7427 0.7342 0.7026 0.6791  
800 0.7841 0.7700 0.7556 0.7480 0.7187 0.6975  

1000 0.7938 0.7803 0.7668 0.7598 0.7325 0.7129  
1200 0.8028 0.7897 0.7768 0.7703 0.7445 0.7261  
1400 0.8113 0.7984 0.7862 0.7798 0.7552 0.7378  

 x1=0.6133       
400 0.7051 0.6864 0.6670 0.6551 0.6172 0.5876  
600 0.7202 0.7033 0.6860 0.6760 0.6431 0.6180  
800 0.7330 0.7174 0.7015 0.6927 0.6627 0.6405  

1000 0.7440 0.7293 0.7146 0.7066 0.6791 0.6587  
1200 0.7539 0.7399 0.7261 0.7187 0.6928 0.6740  
1400 0.7628 0.7496 0.7365 0.7296 0.7051 0.6874  
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(a) (b) 

  
Fig.5.4. Density of (1) methane + (2) STO at x1=0.2032: (a) as a function of pressure at (●)298.15 

K, (●)373.15 K, (●)463.15 K and (b) as a function of temperature at (●)400 bar, (●)800 bar, 

(●)1400 bar,  (---)SRK-VT  EoS, (···)PR-VT EoS, (―)PC-SAFT EoS. 

 

(a) (b) 

  
Fig.5.5. Density of (1) methane + (2) STO, (a) as a function of pressure at 298.15K for 

(●)x1=0.2032, (●)x1=0.4040, (●)x1=0.6133 and (b) as a function of temperature at 800 bar for 

(●)x1=0.2032, (●)x1=0.4040, (●)x1=0.6133, (---)SRK-VT  EoS, (···)PR-VT EoS, (―)PC-SAFT EoS. 

 

 

Fig.5.6. Absolute average deviations of densities between the models and the experiment data 

of (1)methane + (2)STO with (●) SRK, (●) PR, (●) PC-SAFT, (●) SRK-VT and (●) PR-VT. 
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5.2.5. Density of Nitrogen + STO 

The measured density for the synthetic system of nitrogen + STO obtained in this work 

are gathered in Table 5.7. These values together with the corresponding modeling calculations 

are illustrated in Fig.5.7 (a) against pressure at three selected temperature of 298.15K, 373.15K 

and 463.15K and (b) as a function of temperature at 400 bar, 800 bar and 1400 bar at xN2=0.2016. 

Density variation with xN2 is shown in Fig.5.8. The modeling deviations are compared in Fig 5.9. 

Unlike the methane + STO system, the measured density values of the nitrogen + STO only 

decreases slightly with an increasing xN2 at same T, P conditions. This phenomenon is also agreed 

by the calculated densities from the models. In contrast, the effect of temperature or pressure 

on the density of the mixture is obvious, which is observed both in the experimental results and 

the calculated ones. Both PR-VT and SRK-VT show a large deviation from the experimental 

densities at high temperatures. PR-VT gives the smallest AAD of 1.4 % while the AAD of SRK-VT 

is 2.0%. As concerns the PC-SAFT, the AAD is 2.5%. Similar to what is observed for methane + 

STO system, the pressure can change the calculation accuracy more than the temperature.  

 

Table 5.7. Densities, ρ, of the pseudo binary mixture nitrogen (1) + stock tank oil (2) in g/ cm3 
at different temperatures and pressures 

P/bar T/K       

 298.15 323.15 348.15 373.15 423.15 463.15  
 x1=0.2016       

400 0.8069 0.7910 0.7743 0.7655 0.7330 0.7077  
600 0.8181 0.8034 0.7879 0.7800 0.7505 0.7277  
800 0.8286 0.8143 0.7998 0.7926 0.7651 0.7441  

1000 0.8380 0.8240 0.8103 0.8036 0.7778 0.7580  
1200 0.8465 0.8330 0.8198 0.8135 0.7889 0.7702  
1400 0.8546 0.8414 0.8286 0.8226 0.7990 0.7810  

 x1=0.3122       
600 0.8140 0.7989 0.7827 0.7744 0.7440 0.7202  
800 0.8250 0.8108 0.7956 0.7880 0.7601 0.7381  

1000 0.8350 0.8215 0.8071 0.8001 0.7738 0.7533  
1200 0.8441 0.8309 0.8172 0.8107 0.7859 0.7665  
1400 0.8526 0.8398 0.8265 0.8202 0.7966 0.7782  
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(a) (b) 

  
Fig.5.7.Density of (1) nitrogen + (2) STO at x1= 0.2016:  (a) as a function of pressure at 
(●)298.15 K, (●)373.15 K, (●)463.15 K and (b) as a function of temperature at (●)400 bar, 
(●)800 bar, (●)1400 bar  (---)SRK-VT  EoS, (···)PR-VT  EoS, (―)PC-SAFT EoS. 

 

(a) (b) 

  
Fig.5.8.Density of (1) nitrogen + (2) STO: (a) as a function of pressure at 298.15K for 
(●)x1=0.2016, (●)x1=0.3122 and (b) as a function of temperature at 800 bar for (●)x1=0.2016, 
(●)x1=0.3122, (---)SRK-VT  EoS, (···)PR-VT  EoS, (―)PC-SAFT EoS. 

 

 

Fig.5.9. Absolute average deviations for the densities between the models and the experiment 
data of (1)nitrogen + (2)STO with (●) SRK, (●) PR, (●) PC-SAFT, (●) SRK-VT and (●) PR-VT. 
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5.2.6. Density of Carbon Dioxide + STO 

Densities of binary system for carbon dioxide + STO are presented in Table 5.8. The 

relationship of the experimental data with temperature, pressure and mole fraction of carbon 

dioxide is plotted together with the calculation results in Fig.5.10 and Fig.5.11 while their AADs 

are presented in Fig.5.12. Different with the other two systems, the measured density of this 

system increases with the amount of the carbon dioxide in the mixture. PC-SAFT gives the least 

deviations among the three models with an AAD of 1.4% while the AADs of SRK-VT and PR-VT 

are 2.4% and 1.5%, respectively. However, none of these models gives the best results at all 

temperature, pressure, and composition conditions. PC-SAFT performs worse than the other 

two models at high pressures while the SRK-VT and PR-VT are always poor predictions at high 

temperatures, which was previously observed also for methane + STO, nitrogen + STO, and STO 

itself. This suggests that although the density modeling is for the live fluids with different types 

and amounts of dissolved gases, the deviation in a particular model seems to be strongly 

influenced by its modeling performance for STO.  

 

Table 5.8. Densities, ρ, of carbon dioxide (1) + stock tank oil (2) in g/ cm3 at different 
temperatures and pressures 

P/bar T/K      
 298.15 323.15 348.15 373.15 423.15 463.15 

 x1=0.2028      
100 0.8076 0.7885 0.7685 0.7497 0.7083 0.6737 
200 0.8126 0.7946 0.7756 0.7604 0.7226 0.6918 
400 0.8209 0.8047 0.7875 0.7781 0.7448 0.7186 
600 0.8322 0.8170 0.8010 0.7926 0.7624 0.7389 
800 0.8427 0.8280 0.8130 0.8053 0.7771 0.7552 

1000 0.8520 0.8378 0.8235 0.8164 0.7899 0.7695 
1200 0.8606 0.8468 0.8331 0.8264 0.8011 0.7817 
1400 0.8686 0.8552 0.8421 0.8356 0.8111 0.7927 

 x1=0.4017      
200 0.8216 0.8013 0.7800 0.7621 0.7186 0.6824 
400 0.8317 0.8139 0.7947 0.7833 0.7462 0.7166 
600 0.8445 0.8278 0.8102 0.8002 0.7670 0.7406 
800 0.8561 0.8403 0.8237 0.8146 0.7838 0.7598 

1000 0.8664 0.8511 0.8355 0.8271 0.7983 0.7758 
1200 0.8759 0.8610 0.8461 0.8383 0.8109 0.7898 
1400 0.8846 0.8703 0.8560 0.8484 0.8221 0.8022 

 x1=0.6044      
200 0.8375 0.8121 0.7854 0.7616   

400 0.8517 0.8297 0.8067 0.7913 0.7447 0.7077 
600 0.8674 0.8473 0.8265 0.8132 0.7727 0.7413 
800 0.8812 0.8624 0.8431 0.8313 0.7944 0.7662 

1000 0.8934 0.8754 0.8575 0.8467 0.8125 0.7864 
1200 0.9044 0.8872 0.8701 0.8600 0.8279 0.8034 
1400 0.9146 0.8980 0.8817 0.8721 0.8414 0.8183 

 x1=0.7019      

200 0.8499 0.8189 0.7861    

400 0.8684 0.8421 0.8150 0.7953 0.7398 0.6957 
600 0.8869 0.8633 0.8392 0.8227 0.7756 0.7391 
800 0.9030 0.8810 0.8588 0.8443 0.8021 0.7698 

1000 0.9169 0.8960 0.8755 0.8623 0.8235 0.7939 
1200 0.9294 0.9095 0.8900 0.8778 0.8416 0.8140 
1400 0.9408 0.9217 0.9032 0.8917 0.8573 0.8311 



  
 
Chapter 5. Results and Discussion 

 

 
 

 
62 

 

(a) (b) 

  
Fig.5.10. Density of (1) carbon dioxide + (2) STO at x1=0.2028: (a) against pressure at (●)298.15 

K, (●)373.15 K, (●)463.15 K and (b) as a function of temperature at (●)400 bar, (●)800 bar, 

(●)1400 bar  (---)SRK-VT EoS, (···)PR-VT EoS, (―)PC-SAFT EoS. 

 

(a) (b) 

  
Fig.5.11. Density of (1) carbon dioxide + (2) STO: (a) as a function of pressure at 298.15K for 

(●)x1=0.2028, (●)x1=0.4017, (●)x1=0.6044, (●)x1=0.7019 and (b) as a function of temperature at 

800 bar for (●)x1=0.2028, (●)x1=0.4017, (●)x1=0.6044, (●)x1=0.7019,  (---)SRK-VT EoS, (···)PR-VT 

EoS, (―)PC-SAFT EoS. 

 

 

Fig.5.12. Absolute average deviations for the densities between the models and experiment 

data of (1)carbon dioxide + (2)STO with (●) SRK, (●) PR, (●) PC-SAFT, (●) SRK-VT and (●) PR-VT. 
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5.2.7. Summary 

In order to facilitate the comparison of the effects from different gases on the density 

calculations, we presents in Fig.5.13 the experimental densities of three gas + STO systems 

together with three models of SRK-VT, PR-VT and PC-SAFT. Fig.5.13 (a) shows the results at 

298.15 K as a function of pressure and Fig.5.13 (b) shows the results at 400 bar against the 

temperature. The gas mole fractions are chosen to be comparable in Fig. 5.13, i.e., 0.2032 for 

methane, 0.2016 for nitrogen, and 0.2028 for carbon dioxide. The AADs of the three models 

are presented in Fig.5.14.  

None of the models can always give the best results at the tested conditions. PC-SAFT 

seems to be poor at high pressures while SRK-VT and PR-VT always show high deviations at 

high temperatures. SRK-VT and PR-VT show very similar overall trends with the temperature, 

pressure, and compositions. For most cases, the density calculations from SRK-VT and PR-VT 

are similar. PC-SAFT seems to be the best for carbon dioxide + STO, PR-VT has the least 

deviations for nitrogen + STO while SRK-VT has the best results for methane + STO. 

It is found that the modeling of the STO density gives a large influence on the modeling 

of the systems with dissolved gases. The variation of the STO density deviation with 

temperature and pressure is somewhat inherited by the modeling of the densities for the live 

fluids. This stresses the importance of a better modeling of the STO density in the future work. 

It is interesting to note that Fig. 5.14 shows that the deviations of PC-SAFT, SRK-VT and PR-VT 

are in a similar trend for different systems, with the deviations for those live fluids a bit 

variation for most cases but the change of the AAD% is within 1%. This further supports the 

importance of accurate modeling of the STO density in the final modeling of a live fluid 

consisting of STO and dissolved gas. Fig. 5.14 also shows that PC-SAFT is a bit better for carbon 

dioxide + STO system even though its description for STO is not very satisfactory.  

The classical cubic EoS without volume translation show the worst predictions for all 

the studied systems. The AADs of the SRK, PR, PC-SAFT, SRK-VT and PR-VT for all the studied 

four systems are 18.7%, 9.5%, 1.9%, 1.9%, 1.5%, respectively. 

 

(a) (b) 

  
Fig.5.13. Density of (1) carbon dioxide /nitrogen/methane + (2) STO: (a) against pressure at 
298.15K for (●)xco2 = 0.2028, (●)xN2 = 0.2016, (●)xc1 = 0.2032, (b) as a function of temperature 
at 800 bar for (●)xco2 = 0.2028, (●)xN2 = 0.2016, (●)xc1 = 0.2032, (---)SRK-VT EoS, (···)PR-VT EoS, 
(―)PC-SAFT EoS. 
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Fig.5.14.Absolute average deviations of density predictions for the STO and pseudo binary 
mixtures of STO + methane/nitrogen/carbon dioxide through (●) SRK, (●) PR, (●) PC-SAFT, (●) 

SRK-VT and (●) PR-VT. 

5.3. Excess Volume 

5.3.1. Introduction 

Excess volume describes the volume difference between a real mixture and the 

corresponding ideal mixture at the same temperature, pressure, and composition, which is 

described as: 

 𝑣𝐸 = 𝑣 − 𝑣𝑖𝑑 = 𝑣 − ∑𝑥𝑖𝑣𝑖
𝑝𝑢𝑟𝑒   (5.2) 

where 𝑣𝐸 is the excess molar volume, 𝑣 is the actual molar volume of the mixture, 𝑣𝑖𝑑 is the 

molar volume of the ideal mixture, 𝑣𝑖
𝑝𝑢𝑟𝑒 is the molar volume of pure component i at the 

same T and P and phase state. 

An analogy can be made if we consider a reservoir fluid consists of just a gas 

component and an oil component, which is the essential concept in the so-called black oil 

model in reservoir engineering. In principle, we can split the overall reservoir fluid composition 

into two components of the STO and stock tank gas (STG). The pseudo excess volume has quite 

practical significance despite its difference from the excess volume. We can calculate the 

pseudo excess volume for the oil and gas systems measured here and inspect how ideal the 

mixing behavior is. 

For the reservoir fluid as a pseudo binary system consisting of STO and STG, the 

“pseudo” excess molar volume can be defined as follows: 

 𝑣𝑃𝐸 = 𝑣 − (𝑥𝑜𝑣
𝑜 + 𝑥𝐺𝑣𝐺) (5.3) 

In the present study, we calculate the pseudo excess molar volume through the following 

equation: 

 
𝑣𝑃𝐸 =

𝑥𝐺𝑀𝐺 + 𝑥𝑜𝑀𝑜

𝜌
− (

𝑥𝐺𝑀𝐺

𝜌𝐺
+

𝑥𝑜𝑀𝑜

𝜌𝑜
) 

(5.4) 

where 𝑥𝑜 and 𝑥𝐺 are the mole fraction of stock tank oil and gas, 𝑣𝑜 and 𝑣𝐺 are the molar 

volume of stock tank oil and gas, 𝑀𝐺 and 𝑀𝑜 are the molecular weights of gas and oil, 

respectively.  
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It should be noted that 𝑣𝑃𝐸  is not equal to 𝑣𝐸  unless STO and STG at this T and P happen to 

follow ideal mixing. Or in another case, their combination happens to be ideal mixing due to 

cancellation of their individual errors. 

 

5.3.2. Excess Volume of Methane + STO 

The obtained excess volume for the methane + STO is reported in Table 5.9. It should be 

claimed that the density data of methane, nitrogen and carbon dioxide are derived from the 

NIST database to calculate the excess volumes in this work since we did not measure the density 

of pure methane. It is observed that the obtained excess volume is negative in the whole T, P, x 

range. As a general trend in our studied range, the excess volume becomes more negative as 

the temperature increases or pressure decreases. A similar trend of the excess volume has been 

reported by Reguirea et al. for the binary systems of n-hexane + n-decane, n-haxane + n-

hexadecane [143], and methane + n-decane [6], and by Katzenski and Schneider [144] for the 

system of n-alkane mixtures that the excess volume becomes less negative with the increasing 

pressure and almost close to the zero at the highest pressure. Lepori et al. [145] has pointed out 

that the negative excess volume can reflect that mixture is becoming more asymmetric and the 

close packing of different molecular sizes requires more attention. The excess volume for 

methane + STO determined in this study appears to decrease and become more negative with 

increasing methane fraction. It should be noted that the observation is valid for the composition 

range studied here, and a higher methane mole fraction should change the trend after an excess 

volume minimum. 

The measured excess volumes are plotted with the calculation results from SRK, PR and 

PC-SAFT in Fig.5.15 for methane + STO. The volume translated SRK-VT and PR-VT will not be 

discussed here since the volume translation effect on STO, gas, and their mixture will be 

cancelled out in the excess volume calculation. 

All the models agree with the experimental data in terms of the variation of the excess 

volume with T, P and xC1, namely, the minimal value of the excess volume is observed at low 

pressure, high temperature and high mole fraction of methane. In general, none of the three 

models can always give the best predictions at all the T, P, xC1 conditions. Similar to the modeling 

performance of the density measurement, PC-SAFT has large deviations at elevated pressure 

while PR and SRK give closer predictions but still with relatively high deviations at high 

temperatures. 
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Table 5.9. Excess volume, VE (cm3 mol-1), for the pseudo binary system of methane (1) + stock 

tank oil (2) 

P/bar T/K      
 298.15 323.15 348.15 373.15 423.15 463.15 
 x1=0.2032      

400 -2.90 -3.78 -4.44 -5.19 -6.41 -7.23 
600 -1.30 -1.76 -2.00 -2.32 -2.80 -3.19 
800 -0.62 -0.94 -1.02 -1.17 -1.37 -1.54 

1000 -0.27 -0.46 -0.51 -0.61 -0.61 -0.84 
1200 -0.03 -0.18 -0.21 -0.28 -0.23 -0.42 
1400 0.12 -0.02 -0.02 -0.07 0.01 -0.18 

 x1=0.4040      

400 -7.51 -9.22 -10.88 -12.77 -15.39 -17.41 
600 -4.29 -5.19 -5.99 -6.97 -8.18 -9.27 
800 -2.91 -3.50 -3.99 -4.62 -5.22 -5.93 

1000 -2.13 -2.58 -2.93 -3.39 -3.67 -4.30 
1200 -1.66 -2.01 -2.27 -2.64 -2.80 -3.29 
1400 -1.38 -1.64 -1.88 -2.13 -2.23 -2.64 

 x1=0.6133      

400 -11.64 -13.98 -16.28 -19.02 -23.24 -26.13 
600 -6.97 -8.07 -9.13 -10.61 -12.77 -14.41 
800 -4.96 -5.65 -6.25 -7.21 -8.48 -9.58 

1000 -3.83 -4.31 -4.73 -5.43 -6.29 -7.14 
1200 -3.11 -3.49 -3.80 -4.36 -4.97 -5.67 
1400 -2.61 -2.94 -3.19 -3.66 -4.15 -4.73 

 

 (a) (b) 

  
Fig.5.15. Excess volume of (1) methane + (2) STO: (a) as a function of pressure at 298.15K for 

(●)x1=0.2032, (●)x1=0.4040, (●)x1=0.6133 and (b) as a function of temperature at 600 bar for 

(●)x1=0.2032, (●)x1=0.4040, (●)x1=0.6133,  (---)SRK EoS, (···)PR EoS, (―)PC-SAFT EoS. 

 

5.3.3. Excess Volume of Nitrogen + STO 

Excess volumes of synthetic nitrogen + STO is included in Table 5.10. Compared to the 

methane + STO system, the excess volume of nitrogen + STO system is more negative at same 

T, P and xN2, which may be attributed to the fact the mixture formed by nitrogen and STO is 

more asymmetric. The general trends of both the measured and calculated excess volume for 

nitrogen + STO against T, P and xN2 are in agreement with our observations for methane + STO 

system, which is plotted together with the calculations from SRK, PR and PC-SAFT in Fig.5.16. 

Not surprisingly, none of the three models always show the best performance as PC-SAFT is 
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poor at high pressures while PR and SRK tends to give a rather high deviations at high 

temperatures. 

 

Table 5.10. Excess volume, VE (cm3 mol-1), for the pseudo binary system of nitrogen (1) + stock 

tank oil (2) 

P/bar T/K      
 298.15 323.15 348.15 373.15 423.15 463.15 
 x1=0.2016      

400 -6.25 -7.11 -7.80 -8.58 -9.77 -10.61 
600 -3.35 -3.90 -4.24 -4.66 -5.29 -5.73 
800 -2.12 -2.46 -2.67 -2.92 -3.31 -3.57 

1000 -1.45 -1.66 -1.81 -1.98 -2.18 -2.47 
1200 -0.99 -1.18 -1.27 -1.40 -1.53 -1.75 
1400 -0.73 -0.88 -0.92 -1.02 -1.12 -1.25 

 x1=0.3122      
400       
600 -5.81 -6.64 -7.22 -7.98 -9.12 -9.86 
800 -3.84 -4.47 -4.80 -5.29 -6.11 -6.53 

1000 -2.80 -3.32 -3.54 -3.90 -4.40 -4.83 
1200 -2.13 -2.55 -2.71 -3.01 -3.44 -3.74 
1400 -1.71 -2.06 -2.15 -2.38 -2.76 -3.02 

 

(a) (b) 

  
Fig.5.16. Excess volume of (1) nitrogen + (2) STO: (a) as a function of pressure at 298.15K for 

(●)x1=0.2016, (●)x1=0.3122 and (b) as a function of temperature at 600 bar for (●)x1=0.2016, 

(●)x1=0.3122 ,  (---)SRK EoS, (···)PR EoS, (―)PC-SAFT EoS. 

 

5.3.4. Excess Volume of Carbon Dioxide + STO 

The measured excess volume for carbon dioxide + STO, however, is positive for most of 

the T, P and xCO2 conditions. Those values are gathered in Table 5.11. A positive value of this 

property means the molar volume of the system increases upon mixing. A few negative excess 

volume data appears at higher temperatures and lower pressures. For those points with very 

negative excess volumes, the pure carbon dioxide density is lower than the density of carbon 

dioxide + STO mixture at same T and P. However, for those positive excess volumes, the pure 

carbon dioxide density is higher than the mixture of carbon dioxide + STO. The positive excess 
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volume indicates that the mixture density under ideal mixing is higher than its actual measured 

value. 

The model predictions are shown with the experimental data in Fig.5.17. The excess 

volume is positive at low temperatures, but it becomes negative with the increase of the 

temperature at constant pressure. None of the three models can show a well predicted excess 

volume against the pressure, and the results from PC-SAFT are particularly different. For a given 

pressure, all the three models seem to be able to capture the correct trend with temperature. 

 

Table 5.11. Excess volume, VE (cm3 mol-1), for the pseudo binary system of carbon dioxide (1) + 

stock tank oil (2) 

P/bar T/K      
 298.15 323.15 348.15 373.15 423.15 463.15 

 x1=0.2028      
100 -0.18 -11.82 -25.92 -34.00 -45.63 -52.61 
200 0.71 -0.33 -2.39 -5.88 -12.73 -16.69 
400 1.19 0.87 0.56 -0.01 -1.53 -2.86 
600 1.33 1.13 1.05 0.84 0.31 -0.19 
800 1.34 1.21 1.21 1.12 0.88 0.72 

1000 1.36 1.25 1.27 1.23 1.18 0.97 
1200 1.35 1.26 1.29 1.28 1.27 1.16 
1400 1.32 1.23 1.27 1.29 1.34 1.25 

 x1=0.4017      
200 0.30 -1.80 -6.10 -13.22 -26.93 -34.85 
400 1.29 0.59 -0.20 -1.51 -4.80 -7.63 
600 1.57 1.16 0.84 0.24 -1.10 -2.24 
800 1.65 1.37 1.22 0.88 0.15 -0.41 

1000 1.68 1.47 1.39 1.15 0.75 0.33 
1200 1.69 1.53 1.47 1.29 1.03 0.74 
1400 1.69 1.53 1.50 1.37 1.19 0.96 

 x1=0.6044      
200 -0.28 -3.26 -9.62 -20.11   
400 1.09 0.20 -1.00 -2.96 -7.50 -11.39 
600 1.47 0.99 0.46 -0.45 -2.24 -3.92 
800 1.63 1.29 0.99 0.42 -0.52 -1.42 

1000 1.67 1.44 1.23 0.80 0.25 -0.36 
1200 1.69 1.49 1.36 1.04 0.65 0.23 
1400 1.67 1.51 1.41 1.14 0.88 0.58 

 x1=0.7019      
200 -0.64 -3.81 -10.85    
400 0.81 -0.06 -1.31 -3.42 -8.18 -12.16 
600 1.18 0.74 0.21 -0.77 -2.60 -4.31 
800 1.30 1.03 0.75 0.13 -0.83 -1.74 

1000 1.35 1.17 0.98 0.53 -0.05 -0.65 
1200 1.35 1.22 1.10 0.74 0.34 -0.06 
1400 1.33 1.23 1.14 0.85 0.57 0.29 
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 (a) (b) 

  
Fig.5.17. Excess volume of (1) carbon dioxide + (2) STO: (a) as a function of pressure at 298.15K 

for (●)x1=0.2028, (●)x1=0.4017, (●)x1=0.6044, (●)x1=0.7019  and (b) as a function of temperature 

at 600 bar for (●)x1=0.2028, (●)x1=0.4017, (●)x1=0.6044, (●)x1=0.7019, (---)SRK EoS, (···)PR EoS, 

(―)PC-SAFT EoS. 

 

5.3.5. Absolute Average Deviation 

To evaluate the difference between calculated and experimental excess volumes, we introduce 

the following AAD scaled by the experimental excess volume: 

 
𝐴𝐴𝐷% =

100

𝑁
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𝑉𝐸𝑂𝑆
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|

𝑁

𝑖=1

 
 
(5.5) 

This AAD reflects how much the difference contributes to the deviation in the calculation of 

molar volume or density. For a pseudo excess volume calculated by the models, we evaluate it 

difference in the same way, and show the percentages of these differences relative to the 

corresponding total molar volumes in Fig.5.18. 

 

 

Fig.5.18. Absolute average deviations of excess volume between the models and experiment 

data of methane/nitrogen/carbon dioxide + STO through (●) SRK, (●) PR, (●) PC-SAFT. 
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These differences are in a very small percentage compared to the total molar volume of 

the system. The AADs for methane + STO system for three models of SRK, PR and PC-SAFT are 

1.1%, 1.1% and 1.0%, respectively, while for carbon dioxide + STO system is 0.4%, 0.5%, 0.7%, 

separately. The deviations from the three models for nitrogen + STO is the least, with AADs of 

0.4%, 0.3% and 0.5% for SRK, PR and PC-SAFT. 

 

5.4. Isothermal Compressibility 

In thermodynamics and fluid mechanics, isothermal compressibility measures the 

relative volume change of a fluid or solid in response to the pressure change. In the present 

work, our reported experimental isothermal compressibility values are calculated through the 

differentiation of the modified Tammann-Tait correlations. The experimental isothermal 

compressibility is performed at temperature from 298.15K to 463.15K and pressure up to 1400 

bar for the systems including methane + STO, nitrogen + STO and carbon dioxide + STO. The 

obtained values of this property are presented in Table 5.12 to Table 5.14. The experimental 

isothermal compressibility for carbon dioxide + STO system is compared to the calculated results 

from the models in Fig.5.19: the subplot (a) shows two isotherms at 298.15K and 463.15K with 

xCO2=0.2028 and the subplot (b) for two mole fractions xCO2=0.2028 and 0.4017 at 298.15 K. 

Fig.5.20 provides a comparison of the isothermal compressibility for the three systems with 

different gases. The gas mole fraction of the three gases are kept the same in the comparison. 

The curves are presented as isotherms in (a) and isobars in (b). Fig.5.21 summarizes the AADs 

for all three systems. 

 

(a) (b) 

  
Fig.5.19. Isothermal compressibility of (1) carbon dioxide + (2) STO: (a) as a function of pressure 

at x1=0.2028 for (●)298.15 K and (●)463.15 K, (b) as a function of pressure at 298.15K  for 

(●)x1=0.2028, (●)x1=0.4017, (---)SRK-VT EoS, (···)PR-VT EoS, (––––)PC-SAFT EoS, (– ·)SRK EoS ,( – 

–)PR EoS. 
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(a) (b) 

  
Fig.5.20. Isothermal compressibility of (1)methane/nitrogen/carbon dioxide + (2) STO: (a) as a 

function of pressure at 298.15 K for (●) xco2 =0.2028, (●)xc1 = 0.2032, (●)xN2 = 0.2016, (b) as a 

function of temperature at 800 bar for (●) xco2 =0.2028, (●)xc1 = 0.2032, (●)xN2 = 0.2016, (---)SRK-

VT EoS, (···)PR-VT EoS, (––––)PC-SAFT EoS, (– ·)SRK EoS ,( – –)PR EoS. 

 

 

Fig.5.21. Absolute average deviations for the isothermal compressibility between the models 

and the experiment data of methane/nitrogen/carbon dioxide + STO through (●) SRK, (●) PR, (●) 

PC-SAFT (●) SRK(VT), (●) PR(VT). 

 

Although the measured values of isothermal compressibility are not the same for the 

three systems including methane + STO, nitrogen + STO and carbon dioxide + STO, there are 

some general trends of the isothermal compressibility that are affected by the different 

variables. The isothermal compressibility increases as the temperature rises while it decreases 

as the system pressure increases. Moreover, the increasing amount of gas in the mixture can 

significantly increase the isothermal compressibility. We also notice that the values of 

isothermal compressibility for methane + STO and nitrogen + STO are very similar while the value 

for carbon dioxide + STO is lower at same T, P, and xgas.  

As concerns the model predictions, both SRK and PR seem to have poor results. Their 

volume translation versions SRK-VT and PR-VT are not superior to them for methane + STO 
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system. Among all the five models, The PC-SAFT curves appear parallel to the experimental 

values at different temperatures and for different gas + STO systems as seen in Fig.5.19 and 

Fig.5.20, which is in contrast to the results from the other four models. However, it does not 

mean that PC-SAFT have the best agreements with the experimental data. PC-SAFT is not 

superior to the PR-VT and SRK-VT at low temperatures. Moreover, PC-SAFT is even worse than 

SRK and PR for methane + STO system. The overall AADs for all the three systems are 

24.3%,25.9%, 27.1%, 20.6%, 21.9% for SRK, PR, PC-SAFT, SRK-VT and PR-VT, respectively. 

 

Table 5.12. Isothermal compressibility values (105 kT bar-1) of the carbon dioxide (1) + stock tank 

oil (2) 

P/bar T/K           
  298.15 323.15 348.15 373.15 423.15 463.15 

 x1=0.2028      
100 7.57 9.14 11.16 13.77 21.20 28.55 
200 7.01 8.33 9.98 12.02 17.31 21.93 
400 6.10 7.08 8.24 9.58 12.67 14.98 
600 5.40 6.16 7.02 7.97 9.99 11.37 
800 4.90 5.45 6.11 6.82 8.25 9.17 

1000 4.64 4.89 5.41 5.96 7.02 7.68 
1200 4.28 4.43 4.85 5.29 6.11 6.60 
1400 3.98 4.05 4.40 4.76 5.41 5.79 

 x1=0.4017      
200 8.45 10.08 12.16 14.80 22.20 29.76 
400 7.19 8.34 9.71 11.33 15.20 18.41 
600 6.26 7.11 8.09 9.17 11.56 13.33 
800 5.58 6.20 6.93 7.71 9.33 10.44 

1000 5.24 5.49 6.06 6.65 7.82 8.58 
1200 4.80 4.93 5.38 5.84 6.73 7.29 
1400 4.43 4.47 4.84 5.21 5.90 6.33 

 x1=0.6044      
200 10.34 12.54 15.30 18.69   
400 8.80 10.35 12.16 14.21 21.31 27.61 
600 7.66 8.81 10.09 11.46 15.14 18.07 
800 6.86 7.71 8.62 9.60 11.74 13.43 

1000 6.50 7.25 7.52 8.26 9.59 10.68 
1200 5.96 6.59 6.68 7.25 8.10 8.87 
1400 5.52 6.04 6.00 6.46 7.02 7.58 

 x1=0.7019      

200 14.02 18.01 23.86    

400 10.77 13.37 15.76 19.58 32.99 45.07 
600 8.74 10.69 11.77 13.58 18.90 22.33 
800 7.44 8.94 9.39 10.39 13.25 14.84 

1000 6.86 7.06 7.81 8.42 10.19 11.12 
1200 6.11 6.13 6.68 7.07 8.29 8.88 
1400 5.52 5.41 5.84 6.10 6.98 7.40 
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Table 5.13. Isothermal compressibility values (105 kT bar-1) of the methane (1) + stock tank oil (2) 

P/bar T/K           
  298.15 323.15 348.15 373.15 423.15 463.15 

 x1=0.2032      
400 7.55 8.65 9.91 11.31 14.37 16.50 
600 6.47 7.25 8.12 9.04 10.89 12.07 
800 5.68 6.25 6.88 7.53 8.77 9.52 

1000 5.21 5.48 5.97 6.45 7.34 7.86 
1200 4.74 4.89 5.27 5.64 6.31 6.69 
1400 4.34 4.41 4.71 5.01 5.53 5.82 

 x1=0.4040      
400 8.75 10.14 11.78 13.66 17.95 21.06 
600 7.34 8.29 9.36 10.51 12.87 14.40 
800 6.35 7.01 7.76 8.54 10.03 10.94 

1000 5.79 6.08 6.63 7.19 8.22 8.82 
1200 5.22 5.36 5.79 6.21 6.96 7.39 
1400 4.75 4.80 5.13 5.46 6.04 6.36 

 x1=0.6133      
400 11.55 13.64 16.20 19.27 26.76 32.57 
600 9.32 10.64 12.13 13.77 17.22 19.45 
800 7.85 8.72 9.69 10.72 12.69 13.86 

1000 7.10 7.38 8.07 8.77 10.05 10.77 
1200 6.31 6.40 6.92 7.42 8.32 8.81 
1400 5.69 5.65 6.05 6.43 7.10 7.45 

 

Table 5.14. Isothermal compressibility values (105 kT bar-1) of the nitrogen (1) + stock tank oil (2) 

P/bar T/K           
  298.15 323.15 348.15 373.15 423.15 463.15 

 x1=0.2016      
400 7.57 8.69 9.97 11.38 14.36 16.23 
600 6.46 7.26 8.13 9.05 10.83 11.86 
800 5.66 6.23 6.86 7.51 8.70 9.35 

1000 5.19 5.46 5.94 6.42 7.26 7.71 
1200 4.71 4.86 5.24 5.60 6.24 6.57 
1400 4.31 4.38 4.68 4.97 5.46 5.72 

 x1=0.3122      
600 7.20 8.23 9.38 10.60 12.96 14.13 
800 6.20 6.93 7.73 8.55 10.01 10.70 

1000 5.56 5.99 6.58 7.16 8.16 8.61 
1200 5.01 5.27 5.72 6.16 6.88 7.20 
1400 4.55 4.71 5.06 5.40 5.95 6.19 

 

5.5. Saturation Pressure 

The phase equilibrium study was conducted in the PVT visibility cell PVT 240/1500 made 

by the Sanchez Technologies. The measurement temperature is from 298.15 K to 463.15 K. One 

reason for measuring the saturation pressures is to ensure the samples for the density 

measurement were prepared at a sufficiently high pressure, i.e., in single-phase state. The 

measured phase equilibrium, including saturation pressure and liquid fractions in the two-phase 

region, also provides the data for future modeling. Experimental determination of the saturation 

pressure was performed by the visual observation with several steps of the depressurization 
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procedure controlled by the PVT cell. The feed composition for the mixtures studied here is 

reported in Table 5.15. 

Table 5.15. Feed composition for the saturation pressure and PVT measurement of methane, 

nitrogen, and carbon dioxide in the stock tank oil  

Mixture number 1 2 3 4 5 
xC1 in C1+STO 0.2046 0.4039 0.6007 0.7033 0.8063 
xN2 in N2+STO 0.2057 0.3086 0.4044   
xCO2 in CO2+STO 0.2082 0.4000 0.6024 0.7013  

 

5.5.1. Psat for Methane + STO 

In the visual determination of the saturation pressure for the system of gas + STO, all 

the saturation points are observed as the bubble point, even for some measurements performed 

at a rather high gas oil ratio. The measured saturation pressures (Psat) of methane + STO are 

presented in Table 5.16 at temperatures from 298.15K to 463.15K with mole fraction of 0.2046 

– 0.8063 for methane. The maximum saturation pressure of methane + STO is 564.21 bar, which 

was measured for the methane mole fraction of 0.8063 at 298.27 K. The relationship of the 

saturation pressure with temperature can be affected by the xc1: the saturation pressure 

increases with the temperature at xc1= 0.2046 and 0.4039; for xc1=0.6007, the saturation 

pressure shows a maximum at 426.16 K. With a continuous injection of methane into the 

mixture, the saturation pressure decreases with temperature when xc1 is 0.7033 and 0.8063. 

These experimental saturation pressures are also plotted together with the results from SRK, PR 

and PC-SAFT in Fig.5.22 (a) against the temperature at xc1=0.4039, 0.7033, and in (b) against xc1 

at temperatures of 298.15K, 373.15K and 463.15K. Fig.5.23 presents a quantitative comparison 

of the deviations of the three models. 

As concerns the model calculations, PC-SAFT has the best performance with an AAD% of 

3.7% than the other two models from SRK and PR with AADs of 4.3% and 4.5%, respectively, 

except for xc1=0.4039. The general trends of the calculated saturation pressure from three 

models have consistency with the experimental data. The advantage of using PC-SAFT is obvious 

at low temperatures, which can be observed in Fig.5.22.  

           (a)             (b) 

  
Fig.5.22.Saturation pressure of the (1) methane + (2) STO: (a) against temperature for 

(●)x1=0.4039 and (●)x1=0.7033 (b) as a function of x1 at (●)298.15K, (●)373.15, (●)463.15K, (--

-)SRK EoS, (···)PR EoS, (––––)PC-SAFT EoS. 
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Fig.5.23. Absolute average deviations for the saturation pressure between the models and the 

experiment data of (1) methane + (2) STO through (●) SRK, (●) PR, (●) PC-SAFT. 

 

Table 5.16. Saturation pressures (Psat) of the methane (1) + stock tank oil (2) 

T/K P/bar T/K P/bar T/K P/bar 

x1=0.2046  x1=0.4039  x1=0.6007  
298.15 44.60 298.17 117.50 298.12 259.45 
323.15 50.78 323.11 130.73 323.14 272.43 
348.17 56.11 348.14 140.80 348.21 281.07 
373.17 60.46 373.19 148.60 373.18 286.42 
423.21 67.49 423.22 158.08 423.16 288.46 
463.10 71.82 463.21 161.01 463.15 284.31 

x1=0.7033   x1=0.8063   
298.11 392.72  298.27 564.21  
323.03 391.95  323.33 536.02  
348.13 391.01  348.12 518.03  
373.02 388.28  373.20 501.87  
423.16 377.20  423.09 468.56  
463.18 360.46  463.24 440.91  

 

5.5.2. Psat for Nitrogen + STO 

The measured saturation pressures (Psat) of nitrogen + STO are presented in Table 5.17. 

Unlike the methane + STO system, the saturation pressure always decreases with temperature. 

The maximum saturation pressure for nitrogen + STO was obtained at 687.35 bar, 323.14 K, and 

xN2=0.4044. The calculation results are presented in Fig.5.24 while the AADs of all the three 

models are depicted in Fig.5.25.  

The AADs for nitrogen + STO system are 17.7%, 19.2% and 5.6% for SRK, PR and PC-SAFT, 

respectively. Among all the three models, PC-SAFT provides the best predictions. In general, the 

calculated saturation pressures from three models are always low for all the T, P and xN2 

conditions, particularly, for PR and SRK at low temperatures. This low predicted saturation 

pressure for PR and SRK gets even worse with a higher xN2. But surprisingly, PC-SAFT can always 

present a good result, and its prediction accuracy almost does not get worse with high xN2, 

checked by its AAD% with the experimental data.  
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Table 5.17. Saturation pressures (Psat) of the nitrogen (1) + stock tank oil (2) 

T/K P/bar T/K P/bar T/K P/bar 

x1=0.2057  x1=0.3086  x1=0.4044  
298.16 231.89 298.12 406.60 298.15  
323.14 219.29 323.12 385.29 323.14 687.34 
348.22 202.79 348.15 357.06 348.23 581.40 
373.23 187.91 373.24 329.29 373.16 505.91 
423.15 164.18 423.12 276.56 423.15 409.60 
463.09 148.55 463.13 243.84 463.21 350.42 

 

             (a)           (b) 

  
Fig.5.24. Saturation pressure of (1) nitrogen + (2) STO: (a) against temperature for (●)x1=0.2057 

and (●)x1=0.3086  (b) as a function of x1 at (●)298.15K, (●)373.15, (●)463.15K, (---)SRK EoS, (···)PR 

EoS, (––––)PC-SAFT EoS. 

 

 

Fig.5.25. Absolute average deviations for the saturation pressure between the models and the 

experiment data of (1) nitrogen + (2) STO through (●) SRK, (●) PR, (●) PC-SAFT. 

 

5.5.3. Psat for Carbon Dioxide + STO 

The carbon dioxide can be used as an injection gas to enhance the oil recovery. Phase 

equilibrium study of carbon dioxide + STO system is therefore of enormous interest to the oil 

and gas industry. Table 5.18 illustrates the experimental saturation pressures (Psat) of carbon 

dioxide + STO system. Different from methane + STO and nitrogen + STO, carbon dioxide + STO 

exhibits increasing saturation pressure with temperature for all the studied mixtures at 

different carbon dioxide mole fractions. The maximum saturation pressure for carbon dioxide 
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+ STO was found at 222.05 bar, 463.18K, and xCO2=0.7013. Not surprisingly, the measured 

saturation pressure for carbon dioxide + STO system is the lowest as compared to nitrogen + 

STO and methane + STO at the same T, P and xgas. The model calculations of the carbon dioxide 

+ STO system is depicted in Fig.5.26. The quantitative evaluation of the model performance is 

through the AADs shown in Fig.5.27. In conclusion, PC-SAFT tends to be better for the mixtures 

at xCO2=0.2082 and 0.4000 while PR and SRK provide similar and more reasonable results for 

xCO2=0.6024 and 0.7013. The AADs for SRK, PR and PC-SAFT for the saturation pressure of 

carbon dioxide + STO system are 6.0%, 5.6% and 11.6%.  

Table 5.18. Saturation pressures (Psat) of the carbon dioxide (1) + stock tank oil (2) 

T/K P/bar T/K P/bar T/K P/bar T/K P/bar 

x1=0.2082  x1=0.4000  x1=0.6024  x1=0.7013  
298.16 19.29 298.15 39.22 298.19 57.89 298.17 64.71 
323.09 24.66 323.19 51.51 323.17 82.65 323.18 97.08 
348.18 30.34 348.17 64.41 348.21 108.71 348.16 135.22 
373.18 35.68 373.16 77.39 373.21 133.29 373.18 165.59 
423.19 46.96 423.20 99.03 423.15 171.81 423.20 209.97 
463.17 54.53 463.21 112.39 463.16 191.60 463.18 222.05 

 

          (a)             (b) 

  
Fig.5.26.Saturation pressure of (1) carbon dioxide + (2) STO: (a) against temperature for 

(●)x1=0.2082 and (●)x1=0.6024  (b) as a function of x1 at (●)298.15K, (●)373.15, (●)463.15K, (--

-)SRK EoS, (···)PR EoS, (––––)PC-SAFT EoS. 

 

 

Fig.5.27. Absolute average deviations for the saturation pressure between the models and the 
experiment data of (1) carbon dioxide + (2) STO through (●) SRK, (●) PR, (●) PC-SAFT. 
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5.5.4. Summary 

Saturation pressure increases as the mole fraction of gas in the system becomes larger. 

The dependence of the saturation pressure on the temperature is different for the three 

systems. In nitrogen + STO system, saturation pressure decreases with temperature while for 

carbon dioxide + STO system, saturation pressure increases with temperature. However, for 

methane + STO, the saturation pressure increases with temperature at lower methane mole 

fractions, but the trend is reversed after a certain methane mole fraction.  

A quantitative comparison of the model prediction performance is given in Fig.5.28, 

where the overall absolute average deviations (AAD) are calculated for the three systems. The 

AADs with SRK for the methane + STO, nitrogen + STO and carbon dioxide + STO are 4.3%, 

17.7% and 6.0%, respectively while the AADs with PR are 4.5%, 19.2% and 5.6% for three 

systems. PC-SAFT has its advantage for nitrogen + STO with an AAD of 5.6%, while the AADs for 

methane + STO is 3.7% and 11.6% for carbon dioxide + STO. 

 

 

Fig.5.28.Absolute average deviations for the saturation pressure between the models and the 

experiment data of methane/nitrogen/carbon dioxide + STO by (●) SRK, (●) PR, (●) PC-SAFT. 

 

 

Therefore, it is not possible to find one model that always provides the best calculation 

results for all the three systems unless the binary interaction parameters kij is optimized. SRK 

and PR have similar predictions for the saturation pressure of three systems, however, their 

deviations are high for nitrogen + STO. As concerns the PC-SAFT, its performance is not superior 

to SRK and PR for carbon dioxide+ STO, but it has good agreement with the experimental data 

for nitrogen + STO and methane + STO. To improve the prediction accuracy of the saturation 

pressure for different systems, it is recommended to further modify and improve the three 

models. 
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5.6. Liquid Fraction 

The liquid fraction (%) in the two-phase region reflects the ratio between the liquid 

volume and the total volume at given T and P below the saturation pressure. It is determined 

visually through the PVT cell and the values are obtained by manually marking the boundary 

line of the vapor-liquid interface in the two-phase region through constant mass expansion 

(CME) process at temperatures from 298.15K to 463.15K for three systems. The results of the 

liquid fractions determined by the CME procedure are gathered in Table 5.19. – Table 5.21. 

Experimental values for liquid fractions are also plotted against the pressure for (a) methane + 

STO, (b) carbon dioxide + STO, (c)nitrogen + STO at temperatures of 298.15K, 373.15K and 

463.15K with a variety of mole fraction of gas in Fig.5.29. 

The liquid fractions for all the gas + STO systems decrease with decreasing pressure 

below the saturation pressure, which is normal for mixtures with bubble point phase 

transition. Actually, without knowing in advance whether the mixture is a bubble point one or 

a dew point one, it is helpful to infer what the system is from the liquid fraction variation with 

temperature, which is particularly useful for mixtures close to the critical point.  

As observed in Fig.5.29, with the increase of temperature, most liquid fraction curves 

appear to shift to the right due to the increased saturation pressures, meaning that for the 

same liquid fraction the corresponding pressure is generally higher at a higher temperature. A 

noticeable exception is for methane + STO, for which a crossover of these liquid fraction curves 

at different temperatures can be observed at xC1=0.8063. This is because the saturation 

pressure at this methane mole fraction can decrease with the increasing temperature. 

The calculated liquid fractions are plotted together with the experimental data at three 

selected temperatures of 298.15K, 373.15, 463.15K in Fig. 5.30, including (a) methane + STO at 

xC1=0.2046 , (b) nitrogen + STO at xN2=0.2057, and (c) carbon dioxide + STO at xCO2=0.2082. The 

gas mole fraction of the three gases are almost the same for the convenience of the 

comparison. In general, the model prediction results of liquid fraction can be highly affected by 

its calculation for the saturation pressure of the relevant system. The AADs for liquid fraction 

calculations from SRK, PR and PC-SAFT have a rather high similarity with their AADs for 

saturation pressure for methane + STO and carbon dioxide + STO as seen in Fig.5.28 and 

Fig.5.31. The poor predictions of the saturation pressure for carbon dioxide + STO by using PC-

SAFT is the main reason for its large deviation on the liquid fraction calculations of the same 

system. However, for nitrogen + STO system, although SRK and PR are also poor in the 

prediction of saturation pressure, their calculated liquid fractions are surprisingly good, which 

are even better than that of PC-SAFT. As it is observed in Fig.5.30, compared with the methane 

+ STO and carbon dioxide + STO, the liquid fractions curve for nitrogen + STO is rather smooth. 

In nitrogen + STO system, the accumulated gas is not that much even the pressure drop is very 

huge from saturation pressure of 231.89 bar to around 140 bar at xN2=0.2057. Therefore, the 

calculated AADs for liquid fractions from SRK and PR are not very much affected by their 

underestimated saturation pressures. In summary, for the liquid fraction calculations, PC-SAFT 

is not superior to the cubic EoSs even though none of the models can stay the best for all the 

three systems. 
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(a) (b) 

  
 

(c) 

 
Fig.5.29. Liquid fraction of (1) methane/nitrogen/carbon dioxide + (2) STO at temperatures 

of (●)298.15K, (■)373.15, (◆)463.15K for (a): (1) methane + (2) STO: as a function of 

pressure for (●)xC1=0.2046 , (■)xC1=0.6007, (◆)xC1=0.8063, (b): (1) nitrogen + STO against 

pressure for (●)xN2=0.2057, (■)xN2=0.3086, (◆)xN2=0.4044, (c): (1) carbon dioxide + (2) STO 

against pressure for (●)xCO2=0.2082, (■)xCO2=0.4000, (◆)xCO2=0.6024. 
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(a) (b) 

  
 

(c) 

 
Fig.5.30.Liquid fraction of (1) methane/nitrogen/carbon dioxide + (2) STO at temperatures of 

(●)298.15K, (●)373.15, (●)463.15K for (a): (1) methane + (2) STO: as a function of pressure at 

xC1=0.2046,  (b): (1) nitrogen + (2) STO against pressure at xN2=0.2057, (c): (1) carbon dioxide 

+ STO against pressure at xCO2=0.2082, (---)SRK EoS, (···)PR EoS, (––––)PC-SAFT EoS. 

 

 

 
Fig.5.31.Absolute average deviations for the liquid fraction between the models and the 

experiment data of methane/nitrogen/carbon dioxide + STO by (●) SRK, (●) PR, (●) PC-SAFT. 
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Table 5.19. Liquid fraction (100·Vliq/Vtot) of the methane (1) + stock tank oil (2) 

P/bar Liquid Fraction P/bar Liquid Fraction P/bar Liquid Fraction 
T=298.15K T=373.15K T=463.15K 

x1=0.2046      
42.13 98.97 60.40 100.00 71.82 100.00 
39.70 97.28 59.77 100.00 61.15 93.27 
35.42 93.47 57.88 99.99 51.15 83.57 
28.05 83.09 54.58 97.40 39.15 69.64 
19.80 68.34 49.09 93.17 27.55 51.31 
12.35 51.71 39.50 83.44 19.85 38.21 

  28.59 68.12   
  18.76 51.34   
  12.67 37.79   

x1=0.4039      
110.09 98.58 118.88 91.74 135.76 90.96 
102.18 96.18 95.20 82.15 113.29 80.39 
90.08 91.47 69.10 65.04 85.98 66.86 
70.81 81.28 45.15 49.56 58.95 48.82 
51.00 66.77     
32.63 50.12     

      
x1=0.6007      

181.39 88.20 255.16 93.91 262.51 93.49 
139.20 77.57 228.06 87.81 243.21 87.36 
100.31 64.66 183.36 77.74 206.71 75.07 
66.84 47.85 135.17 63.41 160.66 61.23 

  90.72 46.97 112.82 46.22 
x1=0.7033      

318.01 89.90 347.85 89.83 337.76 86.65 
266.28 82.85 312.88 82.73 316.28 78.68 
198.68 72.34 254.07 71.41 273.89 66.99 
142.17 60.48 189.88 59.13 218.42 54.78 
96.47 45.71 130.33 44.99 157.80 41.79 
66.66 33.42     

      

x1=0.8063      
477.13 75.86 500.56 94.50 437.03 60.26 
405.74 69.94 497.93 91.00 431.52 58.44 
300.30 62.50 493.06 85.85 419.98 56.30 
210.57 53.33 481.00 79.39 399.80 53.34 
144.26 41.80 458.28 72.97 357.89 48.63 

  420.52 66.16 298.38 41.86 
  352.18 58.49 226.90 33.65 
  272.58 49.18   
  194.41 39.05   
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Table 5.20. Liquid fraction (100·Vliq/Vtot) of the nitrogen (1) + stock tank oil (2) 

P/bar Liquid Fraction P/bar Liquid Fraction P/bar Liquid Fraction 
T=298.15K T=373.15K T=463.15K 

x1=0.2057      
151.85 97.21 166.06 98.84 107.51 93.39 
108.30 93.11 142.65 97.28 79.64 83.57 
64.01 83.40 111.92 93.35 53.71 70.12 
35.92 68.51 73.47 83.25 34.11 52.14 
19.37 51.87 44.44 69.19 23.32 38.60 
11.46 37.59 25.53 51.43   

  16.10 38.97   
      

x1=0.3086      
173.85 91.28 247.85 96.88 225.86 98.70 
105.01 81.55 193.34 92.62 206.22 96.51 
59.71 68.02 125.76 83.92 175.82 91.82 
32.58 51.88 75.18 68.53 129.47 83.11 
19.57 38.09 42.46 52.27 86.14 69.12 

  26.32 38.34 53.23 51.61 
    35.07 38.59 
      

x1=0.4044      
574.21 97.86 383.35 96.64 297.83 96.33 
555.58 97.77 298.08 92.68 254.79 91.90 
538.04 97.55 191.27 82.63 188.27 82.00 
518.22 97.19 113.02 67.84 125.05 68.17 
499.24 96.73 63.29 51.90 76.63 50.72 
463.30 96.56 38.85 37.37 49.86 37.55 
416.66 95.53     
344.37 93.68     
253.69 89.61     
153.76 80.35     
87.77 67.17     
47.97 50.50     
28.87 37.84     
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Table 5.21. Liquid fraction (100·Vliq/Vtot) of the carbon dioxide (1) + stock tank oil (2) 

P/bar Liquid Fraction P/bar Liquid Fraction P/bar Liquid Fraction 

T=298.15K T=373.15K T=463.15K 

x1=0.2082      
19.74 99.87 36.37 99.92 54.80 99.63 
19.35 99.22 36.13 99.67 53.98 99.04 
18.67 97.65 35.52 99.06 52.27 97.27 
17.60 94.41 34.31 97.27 49.18 93.63 
15.77 84.34 32.23 93.28 43.22 84.47 
13.40 69.32 28.25 84.43 35.24 70.75 
10.40 52.73 22.95 69.48 26.50 53.15 
7.94 38.27 16.97 53.11 20.06 38.94 

  12.50 38.83   
x1=0.4000      

38.96 99.72 77.07 99.69 112.25 100.00 
38.38 99.09 75.85 98.93 110.35 99.99 
37.29 97.62 73.43 97.21 106.98 96.61 
35.65 93.96 69.24 93.39 100.74 92.84 
32.66 84.58 61.11 83.58 88.48 83.25 
28.49 69.97 50.13 68.84 71.74 68.87 
22.94 53.12 37.37 52.48 53.07 52.24 
17.79 39.16   38.98 37.55 

      
x1=0.6024      

54.75 93.40 120.41 91.41 173.50 88.54 
51.67 84.37 107.86 81.34 154.49 78.69 
47.22 69.03 90.73 67.33 128.31 64.44 
40.71 52.38 70.14 50.68 97.41 48.33 

      
x1=0.7013      

62.50 92.71 137.01 78.17 198.03 72.02 
60.14 84.01 117.48 64.35 193.03 69.19 
56.50 69.84 103.92 55.45 182.91 64.86 
53.63 53.08   172.90 59.89 

    162.80 55.56 
    152.89 52.26 

 

 

 

5.7. Relative Volume 

 The relative volume (Vtot/Vsat) is the ratio between the total volume of the mixture 

at the current condition (T and P) and the volume at the saturation point (T and Psat). With the 

existing data of relative volume, the measured reference density can be used to calculate the 

density and compressibility factors at other pressures. The relative volumes of all the three 

systems are presented in Table 5.22– Table 5.24. 
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Table 5.22. Relative volume (Vtot/Vsat) of methane (1) + stock tank oil (2) 

P/bar Relative Volume P/bar Relative Volume P/bar Relative Volume 
T=298.15K T=373.15K T=463.15K 

x1=0.2046      
204.09 0.954 201.58 0.961 119.60 0.979 
179.21 0.961 223.45 0.959 94.53 0.989 
160.66 0.965 203.52 0.966 94.58 0.989 
139.97 0.968 184.11 0.970 75.02 0.997 
116.95 0.972 162.93 0.974 73.12 0.998 
99.57 0.975 143.98 0.979 73.12 0.998 
81.80 0.979 122.56 0.983 72.06 1.001 
62.86 0.984 104.31 0.988 71.45 1.006 
44.19 0.990 83.74 0.993 69.78 1.019 
44.66 0.990 63.69 1.000 66.61 1.046 
43.87 0.995 63.36 1.000 61.15 1.099 
43.74 0.998 60.40 1.004 51.15 1.230 
43.36 1.004 59.77 1.010 39.15 1.494 
42.13 1.020 57.88 1.024 27.55 2.022 
39.70 1.051 54.58 1.054 19.85 2.813 
35.42 1.113 49.09 1.112 14.99 3.868 
28.05 1.268 39.50 1.258   
19.80 1.577 28.59 1.549   
12.35 2.197 18.76 2.133   
7.73 3.126 12.67 3.010   
5.07 4.365 9.02 4.178   

      
x1=0.4039      

250.98 0.963 201.59 0.980 282.16 0.946 
236.78 0.969 247.01 0.973 259.12 0.957 
217.37 0.976 229.46 0.978 242.95 0.963 
195.67 0.981 210.24 0.983 222.18 0.971 
176.49 0.986 189.17 0.989 202.59 0.979 
155.82 0.989 170.85 0.994 182.30 0.988 
136.59 0.993 150.80 0.999 162.66 0.998 
118.00 0.998 149.03 1.000 162.07 0.999 
118.11 0.998 149.04 1.000 161.36 0.999 
116.82 1.001 148.18 1.003 161.21 0.999 
114.97 1.007 146.22 1.008 160.94 1.000 
110.09 1.021 141.32 1.022 160.33 1.002 
102.18 1.050 132.73 1.049 158.79 1.007 
90.08 1.109 118.88 1.103 154.88 1.019 
70.81 1.254 95.20 1.239 147.80 1.044 
51.00 1.545 69.10 1.510 135.76 1.092 
32.63 2.128 45.15 2.052 113.29 1.213 
20.98 3.001 29.92 2.865 85.98 1.455 
13.91 4.165 20.63 3.949 58.95 1.939 

    40.72 2.665 
    29.19 3.634 
      

x1=0.6007      
351.31 0.959 382.17 0.964 319.60 0.977 
359.46 0.958 364.45 0.964 382.69 0.948 
336.23 0.962 346.87 0.969 365.45 0.955 
319.48 0.966 328.01 0.974 345.75 0.964 
297.96 0.970 308.09 0.980 325.54 0.974 
278.52 0.974 288.52 0.987 305.61 0.985 
261.61 0.979 287.69 0.987 285.56 0.998 
260.58 0.980 285.54 0.990 284.35 0.998 
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257.34 0.982 281.43 0.994 284.22 0.998 
250.40 0.987 272.10 1.006 283.52 0.999 
236.30 1.000 255.16 1.030 282.16 1.001 
212.76 1.026 228.06 1.077 279.68 1.005 
181.39 1.077 183.36 1.196 273.68 1.016 
139.20 1.206 135.17 1.434 262.51 1.037 
100.31 1.464 90.72 1.909 243.21 1.078 
66.84 1.979 61.45 2.621 206.71 1.183 
45.04 2.752 43.07 3.571 160.66 1.392 
31.18 3.783   112.82 1.811 

    78.88 2.439 
    56.69 3.277 
      

x1=0.7033      
495.51 0.958 492.52 0.954 463.79 0.937 
494.49 0.959 490.81 0.955 456.54 0.938 
470.95 0.966 470.63 0.962 441.18 0.945 
452.89 0.969 451.69 0.968 422.38 0.955 
431.99 0.974 431.03 0.974 402.60 0.966 
412.97 0.978 411.40 0.981 382.35 0.979 
394.68 0.983 391.63 0.988 362.67 0.993 
393.50 0.983 390.22 0.988 361.60 0.993 
388.26 0.985 390.10 0.989 361.36 0.993 
378.35 0.990 389.74 0.989 360.57 0.994 
355.15 1.002 388.92 0.989 359.22 0.996 
318.01 1.025 386.44 0.991 356.54 0.999 
266.28 1.072 381.51 0.995 349.86 1.008 
198.68 1.188 369.40 1.006 337.76 1.026 
142.17 1.421 347.85 1.027 316.28 1.062 
96.47 1.887 312.88 1.069 273.89 1.152 
66.66 2.586 254.07 1.175 218.42 1.331 
47.37 3.517 189.88 1.386 157.80 1.691 

  130.33 1.807 112.73 2.229 
  90.16 2.439 82.19 2.947 
  64.26 3.283   
      

x1=0.8063      
672.70 0.958 604.82 0.951 544.00 0.926 
664.46 0.962 603.15 0.953 541.25 0.928 
648.13 0.966 584.27 0.959 523.72 0.938 
627.25 0.971 564.34 0.966 503.87 0.951 
608.19 0.975 544.72 0.974 484.08 0.964 
588.22 0.980 525.07 0.982 464.01 0.979 
567.35 0.985 504.63 0.991 443.95 0.997 
566.15 0.986 503.33 0.992 442.59 0.998 
565.92 0.986 502.63 0.992 442.02 0.999 
559.91 0.988 502.04 0.993 441.55 0.999 
548.60 0.991 501.36 0.993 440.67 1.000 
521.66 1.001 501.24 0.993 440.57 1.000 
477.13 1.020 500.56 0.994 439.29 1.002 
405.74 1.058 497.93 0.995 437.03 1.004 
300.30 1.153 493.06 0.999 431.52 1.011 
210.57 1.343 481.00 1.007 419.98 1.025 
144.26 1.724 458.28 1.024 399.80 1.053 
102.88 2.295 420.52 1.057 357.89 1.122 
75.58 3.056 352.18 1.141 298.38 1.260 

  272.58 1.308 226.90 1.536 
  194.41 1.643 168.86 1.950 
  139.37 2.145 126.78 2.503 
  102.28 2.815   
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Table 5.23. Relative volume (Vtot/Vsat) of nitrogen (1) + stock tank oil (2) 

P/bar Relative Volume P/bar Relative Volume P/bar Relative Volume 

T=298.15K T=373.15K T=463.15K 

x1=0.2057      
328.67 0.976 290.69 0.975 303.67 0.946 
308.90 0.982 268.12 0.980 254.45 0.964 
292.53 0.985 249.05 0.985 231.58 0.972 
272.54 0.988 229.39 0.989 211.74 0.979 
253.92 0.991 209.34 0.994 191.43 0.986 
244.18 0.995 190.88 0.999 170.20 0.994 
239.96 0.996 190.39 0.999 150.63 1.001 
233.12 0.999 186.82 1.002 150.67 1.001 
219.16 1.006 180.78 1.008 148.04 1.004 
191.01 1.022 166.06 1.023 144.94 1.009 
151.85 1.054 142.65 1.053 138.35 1.023 
108.30 1.118 111.92 1.112 126.05 1.049 
64.01 1.279 73.47 1.261 107.51 1.103 
35.92 1.600 44.44 1.559 79.64 1.237 
19.37 2.242 25.53 2.155 53.71 1.505 
11.46 3.205 16.10 3.048 34.11 2.041 
7.48 4.489 11.08 4.240 23.32 2.846 

    17.13 3.918 
      

x1=0.3086      
458.47 0.984 434.43 0.973 343.42 0.965 
455.94 0.986 432.81 0.975 325.07 0.972 
439.95 0.993 412.11 0.982 306.71 0.977 
420.27 0.998 389.84 0.987 285.10 0.984 
402.94 1.003 369.55 0.991 265.32 0.992 
384.67 1.008 349.92 0.996 246.70 0.999 
366.00 1.014 333.30 1.000 245.02 0.999 
359.60 1.016 331.06 1.001 244.67 0.999 
356.52 1.017 325.35 1.004 242.26 1.002 
356.45 1.017 313.57 1.009 237.35 1.007 
347.77 1.020 288.46 1.024 225.86 1.020 
330.58 1.027 247.85 1.054 206.22 1.046 
292.45 1.042 193.34 1.113 175.82 1.099 
238.49 1.074 125.76 1.260 129.47 1.230 
173.85 1.138 75.18 1.554 86.14 1.491 
105.01 1.297 42.46 2.143 53.23 2.014 
59.71 1.615 26.32 3.026 35.07 2.799 
32.58 2.250 17.73 4.204 24.90 3.846 
19.57 3.204     
12.74 4.475     

      
x1=0.4044      

  604.10 0.978 467.37 0.962 
  585.15 0.982 450.94 0.967 
  564.82 0.985 431.02 0.972 
  544.85 0.990 411.59 0.979 
  525.85 0.994 391.24 0.985 
  508.32 0.998 371.48 0.992 
  508.17 0.998 351.68 0.999 
  500.31 1.001 351.27 1.000 
  483.01 1.007 347.98 1.002 
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  443.58 1.021 341.18 1.007 
  383.35 1.050 324.74 1.020 
  298.08 1.108 297.83 1.046 
  191.27 1.254 254.79 1.097 
  113.02 1.544 188.27 1.224 
  63.29 2.125 125.05 1.479 
  38.85 2.997 76.63 1.989 
  26.08 4.159 49.86 2.754 
    34.92 3.774 

 

 

Table 5.24. Relative volume (Vtot/Vsat) of carbon dioxide (1) + stock tank oil (2) 

P/bar Relative Volume P/bar Relative Volume P/bar Relative Volume 

T=298.15K T=373.15K T=463.15K 
x1=0.2082      

157.59 0.952 163.14 0.952 156.26 0.958 
136.65 0.958 162.84 0.956 136.88 0.967 
118.09 0.961 137.54 0.966 117.36 0.974 
98.44 0.964 118.03 0.971 97.20 0.981 
78.68 0.968 98.28 0.976 77.33 0.990 
58.56 0.972 75.84 0.982 57.62 1.000 
40.37 0.978 56.80 0.995 56.21 1.001 
19.60 0.990 36.90 1.002 55.14 1.003 
19.72 0.990 36.35 1.002 54.80 1.008 
19.86 0.993 36.37 1.005 53.98 1.021 
19.74 0.999 36.13 1.011 52.27 1.048 
19.35 1.014 35.52 1.025 49.18 1.100 
18.67 1.045 34.31 1.054 43.22 1.230 
17.60 1.106 32.23 1.111 35.24 1.492 
15.77 1.258 28.25 1.255 26.50 2.014 
13.40 1.563 22.95 1.542 20.06 2.798 
10.40 2.173 16.97 2.116 15.59 3.843 
7.94 3.087 12.50 2.977   
6.14 4.306 9.45 4.124   

      
x1=0.4000      

167.17 0.956 183.25 0.965 223.11 0.949 
162.06 0.958 178.99 0.968 214.78 0.955 
141.27 0.967 158.21 0.977 195.32 0.963 
121.32 0.971 138.67 0.982 175.57 0.971 
102.08 0.974 118.39 0.987 154.56 0.981 
80.85 0.979 98.95 0.993 135.00 0.990 
62.48 0.986 78.75 0.999 115.26 1.001 
41.19 0.996 78.65 0.999 114.07 1.001 
41.21 0.997 77.55 1.002 113.72 1.002 
39.24 0.999 77.07 1.007 112.91 1.004 
38.96 1.005 75.85 1.021 112.25 1.009 
38.38 1.019 73.43 1.048 110.35 1.021 
37.29 1.048 69.24 1.101 106.98 1.045 
35.65 1.105 61.11 1.235 100.74 1.093 
32.66 1.247 50.13 1.502 88.48 1.212 
28.49 1.533 37.37 2.037 71.74 1.452 
22.94 2.103 27.42 2.840 53.07 1.931 
17.79 2.958 20.45 3.910 38.98 2.649 
13.73 4.099   29.35 3.608 
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x1=0.6024      
184.14 0.963 243.73 0.961 312.38 0.930 
180.83 0.965 235.77 0.966 291.02 0.941 
158.91 0.973 219.33 0.971 273.52 0.949 
139.13 0.977 199.69 0.977 253.64 0.959 
120.52 0.980 179.31 0.983 234.13 0.970 
100.91 0.985 158.45 0.990 214.00 0.982 
81.23 0.989 138.93 0.997 193.87 0.997 
60.54 0.995 136.85 0.998 192.80 0.998 
60.59 0.996 136.86 0.998 192.04 1.000 
58.00 0.998 133.41 1.000 190.91 1.004 
57.77 1.003 132.68 1.004 188.05 1.014 
57.36 1.016 130.74 1.016 182.89 1.034 
56.36 1.040 126.93 1.039 173.50 1.074 
54.75 1.090 120.41 1.085 154.49 1.174 
51.67 1.215 107.86 1.200 128.31 1.375 
47.22 1.465 90.73 1.429 97.41 1.775 
40.71 1.964 70.14 1.888 72.63 2.375 
33.42 2.713 52.94 2.576 54.84 3.176 
26.72 3.712 40.16 3.494   

      
x1=0.7013      

214.48 0.954 284.96 0.946 292.98 0.911 
206.20 0.959 267.47 0.952 285.21 0.916 
187.31 0.965 247.37 0.959 267.05 0.929 
167.54 0.969 227.62 0.965 247.16 0.946 
147.98 0.973 207.89 0.973 226.74 0.985 
128.03 0.978 187.26 0.982 226.31 0.987 
107.90 0.983 168.67 0.991 225.77 0.988 
86.55 0.989 168.44 0.992 224.69 0.992 
66.75 0.995 168.15 0.994 222.16 1.000 
64.88 0.996 166.96 0.998 217.27 1.016 
64.90 0.998 164.20 1.008 208.21 1.049 
64.81 1.003 159.60 1.028 198.03 1.089 
64.38 1.014 151.68 1.067 193.03 1.111 
63.71 1.036 137.01 1.167 182.91 1.161 
62.50 1.080 117.48 1.365 172.90 1.218 
60.14 1.190 103.92 1.563 162.80 1.284 
56.50 1.410 85.35 1.959 152.89 1.360 
53.63 1.629 72.74 2.355   
48.44 2.069     
43.85 2.509     

 

 Calculated relative volumes as well as the experimental data for three gas + STO 

systems are presented for three selected temperatures of 298.15K, 373.15, 463.15K in Fig. 

5.32, including (a) methane + STO at xC1=0.2046 , (b) nitrogen + STO at xN2=0.2057, and (c) 

carbon dioxide + STO at xCO2=0.2082. Their AADs are summarized in Fig 5.33. None of the 

models can give the best performance for all the three systems. PC-SAFT is better for nitrogen 

+ STO and carbon dioxide + STO with an AAD% of 2.0% and 4.3 %, respectively. For methane + 

STO, PR seems more reasonable, with AAD% of 1.8%. The model behaviour on the relative 

volume calculations are not correlated with the results for saturation pressure.  
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(a) (b) 

  
 

(c) 

 
Fig.5.32.Relative volume of (1) methane/nitrogen/carbon dioxide + (2) STO at temperatures 

of (●)298.15K, (●)373.15, (●)463.15K for (a): (1) methane + (2) STO: as a function of pressure 

at xC1=0.2046,  (b): (1) nitrogen + (2) STO against pressure at xN2=0.2057, (c): (1) carbon 

dioxide + STO against pressure at xCO2=0.2082, (---)SRK EoS, (···)PR EoS, (––––)PC-SAFT EoS. 

 

 

Fig.5.33. Absolute average deviations for the relative volumes between the models and the 

experiment data of methane/nitrogen/carbon dioxide + STO by (●) SRK, (●) PR, (●) PC-SAFT. 
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5.8. Conclusions 

This chapter presents the valuable HPHT density and phase equilibrium data of highly 

asymmetric methane + STO, nitrogen + STO and carbon dioxide + STO systems over a wide 

composition range. The data are particularly valuable for evaluating and further improving 

thermodynamic models for HPHT reservoir fluids because our previous studies found that the 

well-defined mixtures are useful but not sufficiently representative. We have compared SRK, 

PR and their VT versions with PC-SAFT for the measured oil and gas systems in saturation 

pressure, liquid fraction, relative volume, density, excess volume, and isothermal 

compressibility. We have found that it is not possible to find one model that performs equally 

well for the calculation of the density and phase equilibrium data for all the three studied gas + 

STO systems unless the interaction parameter kij values is further optimized. Among all these 

properties, the performance of PC-SAFT is case-dependent. PR and SRK gives almost equally 

well predictions in the saturation pressure for systems of carbon dioxide + STO, while PC-SAFT 

is better for the nitrogen + STO system and slightly better for methane + STO system. As 

concerns the liquid fractions, the predicted saturation pressure is the apparently the most 

important factor that can affect the results from the models for the calculation of liquid 

fraction. The model comparison of PC-SAFT with classical models show that the more 

theoretical PC-SAFT has some advantages but may not be superior to PR -VT and SRK -VT in 

density modeling. 

As concerns the excess volume property, we suggest using the pseudo excess volume 

via a hypothesis that a reservoir fluid consists of a stock tank oil and stock tank gas. The AADs 

for the excess volume is calculated here as the absolute deviation in excess volume scaled by 

the total volume. It is observed that the difference between calculated and experimental 

excess volumes is just a small percentage of the total volume, thus giving a small AAD. It 

implies that the excess volumes from the models can be used directly to estimate the density 

of the asymmetric mixtures at HPHT. For the study of isothermal compressibility, the 

performance of all the models are similar. 

Some of the findings from the model comparison results are in agreement with our 

previous studies. The performance of a model is highly dependent on the measured fluid 

types. For a petroleum fluid system, the oil characterization method, the correlations used for 

the characterized parameters, and the optimization of the interaction parameters can 

significantly influence on the model calculation accuracy. A further test of the model 

performance calls for two efforts. On one hand, we can include more volumetric properties for 

well-defined mixtures in the literature. On the other hand, we should measure or collect more 

data for reservoir fluid systems to include them in the testing.
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Chapter 6. High Pressure Interfacial Tension and Density of Ethylene 

Glycol + Water + Methane/Natural Gas 

Exploration and production of natural gas in deep-water fields has expanded in recent 

years due to the rising global demand and the availability of the large natural gas resources in 

ocean basins [146]. The existing flow assurance techniques have challenges in preventing the 

formation of hydrates for long distance multiphase flow in subsea pipelines [147]. The formation 

of gas hydrate in offshore pipelines leads to various operational problems and safety issues 

[148]. The most common strategy for the hydrate management and avoidance is to use gas 

hydrate inhibitors, for example, methanol or mono-ethylene glycol (MEG) [149], at processing 

pressures above 100 bar. Thermodynamic study for MEG-hydrocarbon-water systems typically 

involves formation of gas hydrate and scale control for the multiphase flow in the natural gas 

production. Accurate knowledge of the phase equilibrium and the phase properties of MEG-

hydrocarbon-water systems is crucial to the description and optimization of the pipeline 

operations and to the prevention of gas hydrate formation during the transportation or in the 

processing facilities [150]. 

An extensive literature search and data collection of the density, solubility, and 

interfacial tension (IFT) of the systems involving methane, MEG and water has been performed 

over a wide range of temperature, pressure and composition. The purpose of the literature 

survey is to collect the experimental data of the relevant system to compare with the measured 

values in our experiments as well as to test and evaluate the models used in the study. According 

to our findings, those measured data are scarce in the literature, but they are crucial to the 

accurate description of the phase equilibrium and the phase properties of MEG-hydrocarbon-

water systems. 

Hence, we have conducted a parallel experimental study on the measurement of some 

useful data needed for tackling the gas hydrate in the long-distance multi-phase flow in the pipes 

for the subsea area. We have measured the density and IFT of methane + MEG, natural gas + 

MEG and the pseudo-ternary system of natural gas + MEG + water at temperatures of 278.15K, 

293.15K and 323.15K and pressures up to 150 bar. The aim is to improve the thermodynamic 

models as well as to support the actual requirement of natural gas processing industry. In this 

work, the vapor and liquid densities were measured by the vibrating tube method with Anton 

Paar DMA HPM and meanwhile, IFT was measured by the pendant drop method. The measured 

IFT and density of methane + MEG was validated by comparing with the unpublished data 

measured previously.  

In the modeling work, we tested the performance for the cubic plus association (CPA) 

EoS using the IFT and densities measured here as well as the IFT, densities and methane 

solubility collected in the literature. To model the IFT, CPA was coupled with the parachor 

method and the linear gradient theory. The collected literature data and the corresponding CPA 

EoS calculation results can be used to verify our experimental data as well as to improve the 

thermodynamic modeling using the CPA EoS. The experiment data from the literature for 

methane, MEG and water system will contribute to the improvement of the calculation accuracy 

of the models and to a better understanding of the thermodynamic properties for MEG existing 

system. 
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In the following sections, we first describe the experimental set up, material and 

methods, and then introduce some models relevant to the modeling of the data measured here 

or collected from the literature. The modeling results are discussed for the collected data and 

the measured data in sections 6.3 and 6.4, respectively. Section 6.5 presents the conclusions for 

this part of study. 

 

6.1. Experimental 

6.1.1. Apparatus 

The experimental apparatus for measuring the high pressure density and interfacial 

tension is shown schematically in Fig.6.1. It consists of a pendant drop cell, a high pressure liquid 

circulation pump, two densitometers for measuring the vapor and liquid phases, two pressure 

sensors. Temperature for all the facilities are controlled by an air bath thermostat chamber 

made by Heraeus Votsch. The solubility measurement is performed outside the chamber with 

an online GC sampling cell connected by a gas-sampling valve and a liquid sampling valve. Table 

6.1 briefly describes the major components in the apparatus. 

 

Fig. 6.1. Schematic overview of the apparatus for the IFT and density measurement equipped 

with the liquid and gas circulating paths [151]. 
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Table 6.1. List of the major components in the experimental apparatus for IFT and density 

measurement [151][152] 

No Name Description  

1 Pendant drop cell Provider: Temco Inc., USA 

Type: IFT-2 

Maximum pressure: 690 bar 

Maximum temperature: 450.15K 
 

2 High Pressure Liquid 

 Metering Pumps 

Provider: Eldex Laboratories Inc. 

Type:B – 100 – S – 2CE 

Flow rate: 0.2 – 8 ml/min 

Maximum pressure: 345 bar 
 

 

3 

 

Densitometer Provider: Anton Paar GmbH 

External measuring cell: DMA HPM 

Evaluation unit: mPDS 2000v3 

Temperature range: 263.15 – 473.15K  

Pressure range: 0- 1400 bar 

Density range: 0 – 3 g/cm3 
 

 

4 Pressure sensor Provider: Paroscientific, Inc. 

Type: Digiquartz 410KR-HHT-101 

Absolute pressure transducer 

Pressure range: 0 - 689 bar 

Temperature range: 0 – 450.15K 
 

 

5 Video Camera  Provider: Rame-Hart Instrument Co. 

Lens: COSMICAR television lens 50mm, 

1:1.8 

 
6 Light system Light source: BODSON GBE 75 

Name of parts:  

One diffuse reflection glass 

Two-meter fibber optical cable 
 

 

7 Online GC sampling 

 system 

Provider: SRI Instruments 

Column temperature: 433.15K 

Carrier gas: Helium (He); 18 psi 

Injector time: 0.3 – 4 sec 

Injector temperature: 423.15K 

TCD temperature: 433.15K 

 
 

 

8 Air-bath thermostat 

 chamber 

Provider: Votsch Industrietechnik 

Type: VT3 7150 

Temperature range:198.15–453.15K 

Max pressure: 150 bar 
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6.1.2. Materials 

Methane was supplied by Air Liquide Norway AS with a reported purity of 99.9995 %. 

Natural gas was supplied by an unspecified natural gas processing plant in the Equinor gas 

network, and the composition of the gas was determined by gas chromatography. The natural 

gas consists of 91.72% methane, 2.35% carbon dioxide, 0.86% nitrogen, 4.5% ethane and 0.5% 

propane. No further purification for the chemicals was attempted. MEG was provided by Sigma-

Aldrich with the purity of 99.8 mol %. The feed mole fractions of gas, z, for natural gas + MEG 

and natural gas + MEG + water is shown in Table 6.2. Since the temperature and pressure have 

some oscillation during the measurement, all the reported T and P conditions are the average 

values obtained in a short period when the experimental measurement of IFT and density took 

place.  

Table 6.2. Feed composition of gas in the binary system of natural gas + MEG and in ternary 

system of natural gas + 90 wt% MEG + 10 wt% water 

P/bar z (gas) P (bar) z (gas) P (bar) z (gas) 

Natural gas + MEG 

T= 278.25K  T= 293.35K  T= 323.25K  

55.35 0.19 50.49 0.18 49.29 0.14 

98.73 0.28 102.31 0.26 99.49 0.26 

154.19 0.33 154.35 0.36 147.61 0.29 

Natural gas + 90 wt% MEG + 10 wt% water 

T= 278.25K  T= 293.15K  T= 323.15K  

50.66 0.15 50.47 0.14 51.34 0.08 

99.47 0.27 100.68 0.26 100.55 0.15 

148.29 0.28 149.87 0.32 153.28 0.19 

 

6.1.3. Pendant Drop Method  

Equilibrium IFT measurement has a long history in the study of surface science. Many 

techniques developed in the 19 century for the IFT measurement are still used today. 

Improvements have been made over the time on the measurement technique and the achieved 

accuracy, most recently with the help of using electronics and computers.  

IFT measurement can be divided into the following three categories:  

(1) The force methods, which consists of the static method, including the capillary rise 

method [153] and the Wihelmy plate method [154], and the dynamic detachment method, such 

as the Du Noiiy ring method [155] and the drop weight method [156]; 

(2) The shape methods, which refer to the pendant or sessile drop method, and the 

spinning drop method [153][157]; 

(3) The pressure methods, such as the maximum bubble pressure method [153].  



  
 
Chapter 6. High Pressure Interfacial Tension and Density Measurement 

 

 
 

 
96 

The pendant drop method is one of the most appropriate and accurate methods that 

can measure the surface tension of a liquid as well as to determine the contact angle with the 

processing of digital video image through the sessile drop [158]. In this work, the pendant drop 

method is used to measure the equilibrium IFT of natural gas in pure MEG and in a mixture of 

MEG and water solutions under high-pressure conditions. For those systems, experimental IFT 

is determined through a pendant drop tensiometer with a connecting video recorder. During 

the measurement, the liquid drop of a consistent reproducible geometry is attached at the tip 

of the needle in the cell. The shape of droplet is recorded by camera and the data is analysed by 

the software Dropimage from the Rame-Hart instrument Co.  

IFT is determined through a 2-step axisymmetric drop shape analysis (ADSA) [159]. In 

the first step, the size parameters 𝑅0 and 𝛽 are determined from the drop profile. In the second 

step, the IFT of the system is found as: 

 
𝜎 =

∆𝜌𝑔(𝑅0)
2

𝛽
 

(6.1) 

 

In the equation, ∆𝜌 is the difference for the density between the droplet and the surrounding 

vapor phase, 𝑅0 is the radius of the curvature at the drop apex and 𝛽 is the shape factor, as 

illustrated in Fig. 6.2.  Those two parameters are read by the video camera from the Rame-Hart 

instrument though several numerical smoothing techniques.  

 

Fig. 6.2. The characteristic dimensions and the coordinated used in the Young Laplace equation 

of the pendant drop method. 

The equations describing the drop profile, derived from the Young-Laplace equation, are 

several first order differential equations. In terms of the coordinates for an axisymmetric surface 

in a gravitational field described in dimensionless form, all the equations are illustrated beneath: 

 𝑑𝑋

𝑑𝑆
= 𝑐𝑜𝑠𝜃 

 

(6.2) 
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 𝑑𝑌

𝑑𝑆
= 𝑠𝑖𝑛𝜃 

 

(6.3) 

 𝑑𝜃

𝑑𝑆
= 2 − 𝛽𝑌 −

𝑠𝑖𝑛𝜃

𝑋
 

 

(6.4) 

The parameter, s, is the distance along the drop profile from the drop apex. In addition, X, Y and 

S are the dimensionless parameters derived by dividing x, y and s, respectively, by 𝑅0.  

 

6.1.4. Measurement Procedure 

The experimental procedure consists of three main steps: sample preparation and 

loading, measurement and cleaning. According to the Gibbs phase rule, the number of the 

degrees of freedom is related to the number of the separate phases and the number of the 

chemical constituents in a closed equilibrium system. The number of degrees of freedom is zero 

for a binary system of methane + MEG at fixed temperature and pressure, whereas it is non-

zero for a pseudo-binary mixture of natural gas + MEG. To report the density and surface tension 

data for natural gas systems, pressure, temperature and feed compositions are necessary. The 

feed composition of the studied systems was measured using the gravimetric method with a 

digital balance. 

Sample preparation and loading 

The sequence for the sample filling of the IFT measurement was to fill the gas first and 

then inject the liquid with an ROP high-pressure pump (using hydraulic oil to drive the piston in 

a high-pressure sample cylinder). The mass of the transferred gas was measured with a digital 

balance with a gravimetric method. The volume of the liquid transferred into the rig was read 

from the Vernier scale in the pump. The Vernier scale was calibrated at pressures of 70 bar, 120 

bar and 170 bar so that the accuracy for the feed composition of liquid can be guaranteed.  

The liquid circulating pump should be turned on once the system was filled with gas 

before liquid was transferred into the system. Otherwise, it would be hard to circulate the liquid 

in the loops. The transferred liquid should not exceed the half volume of pendant drop cell; 

otherwise the sessile droplets during circulation tend to adhere to the sapphire window.  

For a successful loading of the gas and liquid samples, all the drops formed in the 

pendant drop cell should be only liquid drops instead of gas bubbles. The measured density of 

the liquid phase from the densitometer should be equal to the density of pure MEG at that T, P 

conditions to make sure the liquid circulating path were full filled with the sample. For the high-

pressure gas transfer, a high-pressure gas booster from PROSERVA was needed since gas bottle 

pressure was not high enough (only 80 bar). 

For the natural gas + MEG experiment, gas was transferred into a big cylinder first. A 

digital balance was used to determine the mass of transferred gas with an accuracy of 0.1 g and 

the Vernier scale on the ROP pump records the volume of transferred liquid in the feed. In the 

sample preparation of natural gas + MEG + water, the mass of MEG and water was weighed with 
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the digital balance with an accuracy of 0.01 g and mixed together by using a magnetic stirrer. 

They were later transferred into the sample cylinder.  

Measurement 

Interfacial tensions were measured by the Temco tensiometer. The measurement 

started after the equilibrium has reached in the cell. The circulating pump was stopped before 

the measurement was taken, and the air bath thermostat was turned off if it was at the cooling 

stage. This was to avoid that the vibration of the chamber would affect the density and IFT 

measurement. In the beginning of the measurement, the filename, the measured system and 

their temperature, pressure, and density information should be entered through the interface 

of the software Dropimage. Then, we turned the liquid circulation pump on for an extremely 

short period (on and then quickly off) to form a droplet attached to the end of the needle in the 

pendant drop cell. The droplet size should be as large as possible. The large droplet favours a 

higher accuracy and the software from Rame-Hart cannot measure very small droplets. For each 

temperature and pressure, 10 repetitions were taken with each measurement of 100 pictures 

for the droplets. The average value for the density and surface tension was calculated and the 

total standard deviation of the surface tension was reported. 

Cleaning 

The system was cleaned by water and acetone. During the cleaning procedure, the 

cleaning liquid should almost fill the sapphire window with a small gap to the top of the cell. 

Liquid circulating pump was on during the whole cleaning procedure. The remaining liquid was 

removed by the vacuum pump. 

 

6.2. Models 

Appropriate thermodynamic models are required for the equipment sizing, the selection 

of absorbents, and the feasibility studies of facilities in the process design of subsea natural gas 

processing. This section briefly describes some relevant models including the CPA equation of 

state and the IFT models of the parachor method and gradient theory. For IFT models, we 

present more than actually used in the study. 

6.2.1. The Cubic-Plus-Association (CPA) EoS 

An EoS is a thermodynamic equation that relates the state variables. It can be used to 

calculate various properties under a given set of physical conditions. For oil and gas applications, 

the EoS models are instrumental tools for equilibrium and properties calculations. In engineering 

practice, Cubic EoS are the classical models for high-pressure applications, and their various 

extensions are accepted by the industrial engineers. The Cubic-Plus-Association (CPA) model is 

an extension of SRK by adding an association term, making the model suitable for associating 

compounds, like MEG and water. The resulting equation, however, is not cubic anymore. 

The CPA EoS proposed by Kontogeorgis et al. for describing the mixtures in terms of pressure 

is shown as [160][161]: 
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𝑃 =

𝑅𝑇

𝑉𝑚 − 𝑏
−

𝛼(𝑇)

𝑉𝑚(𝑉𝑚 + 𝑏)
−

1

2

𝑅𝑇

𝑉𝑚
(1 + 𝜌

𝜕𝐼𝑛𝑔

𝜕𝑝
)∑𝑥𝑖

𝑖

∑(1 − 𝑋𝐴𝑖

𝐴𝑖

) 

 

(6.5) 

For the CPA EoS, a key variable in the association term is 𝑋𝐴., i.e., the fraction of the sites A on 

molecule i that do not form bonds with other active sites.  

 
𝑋𝐴𝑖

=
1

1 + 𝜌 ∑ 𝑥𝑗 ∑ 𝑋𝐵𝑗
∆𝐴𝑖𝐵𝑗

𝐵𝑗𝑗

 

 

(6.6) 

The association strength ∆𝐴𝑗𝐵𝑗  in CPA is described as: 

 
∆𝐴𝑗𝐵𝑗 = 𝑔(𝜌)[exp (

ℰ𝐴𝑖𝐵𝑗

𝑅𝑇
) − 1]𝑏𝑖𝑗𝛽

𝐴𝑖𝐵𝑗  

 

(6.7) 

𝑔(𝜌) is the radial distribution function shown as: 

 
𝑔(𝜌) =

1

1 − 1.9𝜂
  𝑎𝑛𝑑  𝜂 =

1

4
𝑏𝜌  𝑤ℎ𝑖𝑙𝑒  𝑏𝑖𝑗 =

𝑏𝑖 + 𝑏𝑗

2
 

 

(6.8) 

The energy parameter of the EoS is given by a Soave-type temperature dependency formula for 

(𝑇) : 

 𝛼(𝑇) = 𝑎0[1 + 𝑐1(1 − 𝑇𝑟
0.5)]2 (6.9) 

 

The b parameter is temperature independent in this case. All the three parameters of a0, b and 

c1 are the pure compound parameters of the model from SRK. 

The mixing and combining rules in the physical terms are the same as those in SRK. The 

geometric mean is used for the cross-energy parameter and an interaction parameter 𝑘𝑖𝑗  is 

involved in the mixture rules: 

 𝛼𝑚 = ∑∑𝑧𝑖 𝑧𝑗√𝛼𝑖𝛼𝑗(1 − 𝑘𝑖𝑗) 

 

(6.10) 

 𝑏𝑚 = ∑𝑧𝑖𝑏𝑖

𝑖

 

 

(6.11) 

No mixing rules are required for the association term, but the extension of CPA EoS to the 

mixtures including two associating compounds requires the combining rules for association 

energy and association volume. 

 

6.2.2. IFT Models 

Interfacial tension is an important property for many industrial processes. An accurate 

description of interfacial tension is required because IFT has a strong effect on the capillary 

pressure, relative permeabilities and residual saturation in the oil industry. Experimental 

determination of surface tension is time consuming and costly, making it attractive to estimate 
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IFTs using appropriate models whenever possible. Many methods have been proposed to 

calculate the IFT of pure components or complex fluid mixtures, such as the parachor method 

[162] [163], the corresponding states theory [164], the gradient theory for the fluid interfaces 

[165], the perturbation theory [166], modified Van der Waals theory of fluid interfaces [167], 

and various thermodynamic correlations  [168][169]. 

Corresponding states theory 

The corresponding states theory indicates all fluids have approximately the same 

compressibility factor and all deviate from ideal gas behavior to about the same degree when 

compared at the same reduced temperature and reduced pressure.  

The parachor method 

A good knowledge for the surface tension of water-gas and water-oil system is 

important for the study of reservoir fluid. A general surface tension estimation method is 

proposed by MacLeod and Sugden. The equation suggested by Macleod with an entirely 

empirical basis [162] and later it is found by Sugden [163] the empirical constant appearing in 

Macleod’s appears to be identical to a constitutive constant called the parachor, which is defined 

as: 

 
𝛾1/4 = 𝑃

∆𝜌

𝑀
  ∆𝜌 = 𝜌𝑙 − 𝜌𝑣 

 

(6.12) 

where P = a constant called the Parachor 

             𝛾 = surface tension, dynes/cm 

             M = molecular weight 

             𝜌𝑙 = density of liquid, g/cc 

             𝜌𝑣 = density of vapor. g/cc 

Weinaug and Katz [170] has proposed an equation suited to calculate the surface 

tension of the mixture, which takes into consideration the mole fraction of each constituent in 

its respective phase: 

 
𝛾1/4 = ∑𝑃𝑖

𝑁

𝑖=1

(
𝜌𝑙

𝑀𝑙
𝑥𝑖 −

𝜌𝑣

𝑀𝑣
𝑦𝑖) 

 

(6.13) 

 

The characteristic error of the method for the hydrocarbon mixtures is around 10% to 20%. The 

performance of the model can be improved by using different mixing rules and other exponents 

instead of 4. Firoozabadi and Ramney has proposed a correlation to estimate the surface tension 

of hydrocarbons and water [171]. 

Gradient theory 
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The gradient theory is important in the interfacial region, which can be used to calculate 

surface tension and density profiles. Cahn-Hilliard modified the free energy by adding the 

gradient term to model surface energy of the interface separating the phases [172] and it had 

been previously attempted by Van der Waals [173][174]. The GT theory has been improved and 

modified by numerous authors and has been successfully used for estimating interfacial 

properties of pure fluids and mixtures. The input for the gradient theory is the free-energy 

density of homogeneous fluids (local value of the property) and the influence parameter of the 

inhomogeneous fluid (gradient value of the property). The gradient value of the property can be 

derived from properties of the homogeneous fluid by applying the influence parameters [152].  

Consider a planar interface between two bulk vapor and liquid phases at equilibrium. 

The equilibrium equation is applied to the inhomogeneous fluid at a condition of minimum free 

energy: 

 
∑

𝑑

𝑑𝑧

𝑁

𝑗=1

(𝑐𝑖𝑗

𝑑𝑛𝑗

𝑑𝑧
) −

1

2
∑ ∑

𝜕𝑐𝑗𝑘

𝜕𝑛𝑖

𝑁

𝐾=1

𝑁

𝑗=1

𝑑𝑛𝑗

𝑑𝑧

𝑑𝑛𝑘

𝑑𝑧
=

𝜕Φ(𝑛)

𝜕𝑛𝑖
 

 

(6.14) 

 

where c=influence parameter of the inhomogeneous fluid 

             Φ= grand thermodynamic potential energy density 

             z= Distance normal to the interface 

 
Φ(𝑛) = 𝑓𝑜(𝑛) − ∑𝑛𝑖𝜇𝑖

𝑁

𝑖=1

 

 

(6.15) 

where 𝜇𝑖=chemical potential of component i 

             𝑓𝑜= Helmholtz free-energy density 

According to the gradient theory proposed by Sahimi et al. [175], the interfacial tension 

is expressed as: 

 
𝜎 = ∑∫ √2𝑐[Φ(𝑛) − Φ𝐵]

𝑛𝑖+∆𝑛𝑖

𝑛𝑖𝑖

𝑑𝑛𝑖 
(6.16) 

 

 

 

𝜎 = ∑∫ √2[Φ(𝑛) − Φ𝐵]∑ ∑
𝑑𝑛𝑗

𝑑𝑛𝑖

𝑑𝑛𝑘

𝑑𝑛𝑖
𝑐𝑗𝑘

𝑁

𝑘=1

𝑁

𝑗=1

𝑛𝑖+∆𝑛𝑖

𝑛𝑖𝑖

𝑑𝑛𝑖  

 

(6.17) 

where ∆𝑛𝑖 = the interval over which 𝑛𝑖 is a monotonic function of z 
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              Φ𝐵 = −𝑃 , and P is the equilibrium pressure 

The cross-term influence parameter is calculated as: 

 𝑐𝑖𝑗 = √𝑐𝑖𝑖𝑐𝑗𝑗(1 − 𝑙𝑖𝑗) 

 

(6.18) 

where 𝑙𝑖𝑗= binary interaction coefficient 

The properties of the homogeneous fluid can be estimated by an EoS model such as SRK, PR or 

PT. 

Linear gradient theory 

In gradient theory, a set of density profile equations must be solved with numerical 

methods before calculating the interfacial tension of the mixture. Fleming has suggested an 

interpretation of interfacial phenomena using linear density profiles for pure fluids [176][177], 

however, the method is not tested on a real system and it is applied not for the mixture. Zuo 

and Stenby [177] developed the linear gradient theory (LGT) in 1996. The advantage of this 

method is to significantly reduce the computation time without solving the complex algebraic 

density profile equations. In their work, it is assumed that the number density 𝑛𝑖(𝑧)  of 

component i at position z in a N-component mixture is linearly distributed across the interface 

and the interfacial width is represented by h, the expression is shown as: 

 𝑑𝑛𝑖(𝑧)

𝑑𝑧
= 𝐷𝑖, 𝐷𝑖 =

∆𝑛𝑖

ℎ
=

𝑛𝑖𝐿 − 𝑛𝑖𝑉

ℎ
 

 

(6.19) 

where D is the constant for the component i. 

In the linear gradient theory, ∆𝑛1 is the maximum density difference between the 

coexisting liquid and phase phases 

 ∆𝑛1 = max(𝑛𝑖𝐿 − 𝑛𝑖𝑉) ,    𝑖 = 1,2…… . . 𝑁 
 

(6.20) 

In the LGT theory, the influence parameter at low pressure is expressed as: 

 
𝑐 = ∑∑𝑐𝑖𝑗

𝑁

𝑗=1

𝑁

𝑖=1

(
∆𝑛𝑖

∆𝑛1
)(

∆𝑛𝑗

∆𝑛1
) 

(6.21) 

 

where ∆𝑛𝑖 is the density difference of the component I between the coexisting liquid and vapor 

phase. 

The mixing rule for the influence parameter is shown as: 

 
𝑐 = ∑∑𝑐𝑖𝑗𝑥𝑖

𝑁

𝑗=1

𝑁

𝑖=1

𝑥𝑗 

 

(6.22) 

where 𝑥𝑖  is the mole fraction of component i in the equilibrium liquid phase. The same 

combining rule as in the GT theory is used for cij. 
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6.3. Literature Survey of Relevant Data 

An extensive literature search and data collection of the density, solubility and 

interfacial tension (IFT) of the systems with methane, MEG and water has been performed over 

a wide range of temperature and pressure. The literature survey also belongs to a large research 

effort on the high-pressure gas liquid separation and the study of gas hydrate inhibitors. The aim 

of the survey is to collect the data relevant to the MEG containing systems for future 

experimental and modeling study. The survey is useful to our experimental study on the density 

and IFT of methane/natural gas + MEG/MEG solutions. It reveals whether data at similar 

conditions were available in the existing literature. For data measured at similar conditions, they 

can also be used to evaluate our experimental measurement. 

The models for calculating the interfacial properties for the gas, water and MEG 

solutions have been introduced in Section 6.2. In the present work, the CPA EoS is used to 

account for the association in water and MEG solutions. The parachor method is coupled with 

CPA for the calculation of the IFT.  

The collected data include MEG + water and methane + water for their density, IFT and 

solubility. For both systems, their density and IFT were modelled using CPA. The solubility for 

methane + water was also modelled using CPA. In the following subsections, we report the data 

for each system together with the modeling results.  

6.3.1. MEG + Water 

Density and IFT data have been extensively reported in the literature for the MEG + H2O 

system. As shown in Table 6.3, the literature data span a wide range of temperature and 

composition although all the data are at atmospheric pressure. The data still provide a useful 

basis for determining model parameters. Sometimes, it is preferable to have a simultaneous 

regression of different types of data in the modeling of thermodynamic properties since the 

resulting model parameters can be used to represent multiple properties. Table 6.3 also 

presents the AAD% for the model calculations. Fig.6.3 and Fig.6.4 present some selected 

modeling results of density and IFT properties, which are compared with the literature data.  
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Table 6.3. An overview of the literature data [178-190] for density and IFT for the MEG + Water 

system and the average absolute deviations (AAD%) for the calculated results by CPA 

Sources Datatype T/K P/bar xMEG AAD% 

Horibe et al. [178] σ 253.15 - 298.15 1 0 - 1 3.09 

Hoke et al. [179] σ 297.15 - 471.15 1 0 - 1 2.91 

Habrdová et al. [180] σ 298.15 1 0.008 - 0.2 1.97 

Nakanishi et al. [181] σ 303.15 1 0 - 1 2.36 

Zhang et al.[182] σ 308.15 – 323.15 1 0 - 1 2.25 

Tsierkezos and Molinou [183] σ  
ρ 

283.15 - 313.15 1 0 - 1 1.98 
2.21 

Morenas and Douhéret [184] ρ 288.15 - 308.15 1 0 - 0.9983 2.32 

Sesta and Berardelli [185] ρ 298.15 1 0.2966 - 1 1.74 

Yang et al. [186] ρ 293.15 - 353.15 1 0 - 1 1.65 

Iulian and Ciocirlan [187] ρ 293.15 – 313.15 1 0 - 1 3.18 

Sun and Teja [188] ρ 296.3 - 445.85 1 0.25 - 0.75 2.38 

   Lee et al. [189] ρ 283.15 - 303.15 1 0.126 - 0.9917 3.84 

Zhang et al. [190] ρ 308.5 – 323.15 1 0 - 1 1.94 

 

 

In the binary system of MEG + water, interfacial tension data from several literature 

sources agree with each other in the temperature range from 253.15 K to 323.15 K. Although 

the collected experimental data is not exactly the same at temperatures and MEG compositions, 

the AAD% for the model calculations with the measured data ranges from 2.0% to 3.1%. The 

data from Hoke et al. [179] is in good agreement with the data from Nakanishi et al. [181], 

Habrdová et al. [180] and Tsierkezos and Molinou [183] at low temperatures even though it is 

plotted as a function of temperature. Considering the deviation between the model calculations 

and the experimental data from literature, we have found that a large AAD% is obtained at high 

temperature observed in Hoke et al. [179] and MEG mole fractions from 0 - 0.1 agreed by 

Nakanishi et al. [181] and Tsierkezos and Molinou [183]. According to the data from Tsierkezos 

and Molinou [183] and Nakanishi et al. [181], although their IFT of pure water at 303.15K are 

almost the same, they have some difference in the IFT values of pure MEG at 303.15K, which 

are 48.67 mN/N and 46.24 mN/N, respectively. This indicates us before optimizing the model 

parameters in the future work, the used experimental data must be selected. Some collected 

data are removed because it has less agreements with most of the experimental results at same 

T, P and xMEG. 
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Fig.6.3. Comparison of the experimental (circle symbols) and calculated (lines) interfacial 
tension for the MEG + water system. The symbol x represents the mole fraction of MEG. The 
experimental data were taken from Nakanishi et al. [181], Tsierkezos and Molinou [183], 
Zhang et al. [182], Habrdová et al. [180] and Hoke et al. [179]. 
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Fig.6.4. Density for the binary system of MEG + water. The symbol x represents the mole 
fraction of MEG. The symbols are the literature data and the lines are calculated from the CPA 
EoS models (to be continued). 
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Fig.6.4. (Continued). 
 

 

For the binary system of MEG + water, the calculated density from the CPA EoS is always 

smaller than the literature density. For very dilute MEG solutions where the MEG concentration 

is approximately zero, the CPA EoS can give a reasonable calculation over wide temperatures. 

This indicates that the CPA modeling of the water density is generally satisfactory. We also find 

that, the deviations of the CPA model with the literature density generally increases at higher 

MEG concentrations. The large deviations can be mainly attributed to the large deviation in 

modeling the density of pure MEG by CPA. This should be taken care in the further model 

improvement of CPA. 

 

Table 6.4. Literature data sources [191-199] of density, solubility, IFT, and average absolute 

deviation (AAD%) for the CPA model for the methane + water binary system 

Sources Datatype T/K  P/bar AAD% 

Yasuda et al. [191] σ 278.15 – 298.15 0.1 – 100.1 8.17 

Ren et al. [192] σ  
ρ 

298.15 – 373.15 10 - 300 34.04 
0.67 

Chapoy et al. [193] Solubility 283.08 – 318.12 10.06 – 350.9 3.75 

Michels et al. [194] Solubility 298.15 – 423.15 40.63 – 469.13 15.33 

Chapoy et al. [195] Solubility 275.11 – 313.11 9.7 - 180 6.06 

Amirijafari and Campbell [196] Solubility 
 

41.37 – 344.74 5.11 

Wang et al. [197] Solubility 283.15 – 303.15  20 –  400.3 5.82 

Culberson and McKetta  [198] Solubility 298.15 –  444.26 23.51 – 641.21 14.06 

Duffy et al. [199] Solubility 298.15 – 303.15 3.17 – 51.71 8.06 
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6.3.2. Methane + Water 

The density, IFT and solubility data from sources [191-199] for methane + water are 

summarized in Table 6.4. The temperature ranges from 275.11 K to 444.26 K and pressure from 

0.1 bar to 641.21 bar. The AAD% is in a range from 0.7 % to 8.2 % for most of the cases at low 

temperature and pressure regions. For some higher temperatures or pressures, the AAD% 

becomes much larger.  

  
Fig.6.5. Interfacial tension of methane + water at various pressures. The symbols are the 
literature data and the lines are calculated from the CPA EoS model coupled with the parachor 
method. 
 

 
 

Fig.6.6. The density difference in the liquid and vapor phase for methane + water as a function 
of pressure. The symbols are the literature data and the lines are calculated from the CPA EoS 
model. 

 
In general, the calculated IFT is lower than the literature data from Ren et al. [192] and 

Yasuda et al. [191]. Larger deviation is obtained with an increased pressure of the system. For 

the data from Yasuda, it can be observed in Fig.6.5 that the parachor method can provide a 

reasonable result in a pressure range from 0.1 to 20 bar. It becomes the worst case when 

pressure increases to 100 bar. At a higher temperature or pressure, the situation is even worse. 

However, the density difference of the liquid phase and vapor phase is accurately calculated by 

the CPA model, with an AAD% of only 0.7% covering all the temperature and pressure ranges.  
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Fig.6.7. Solubility for methane (mol CH4/mol H2O x 103) in water as a function of 

pressure. The symbols are taken from the literature and the lines are calculated from the CPA 
EoS model (to be continued). 
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Fig.6.7. (Continued). 
 

 
 

 

Fig.6.8. Solubility for water (mol H2O /mol CH4 x 103) in methane as a function of pressure. 
The symbols are taken from the literature and the lines are calculated from the CPA EoS 
model. 
 

 

The solubility of methane in water increases at the elevated pressures whereas the 

water mole fraction in methane decreases at higher pressures. Most of the CPA calculation is in 

reasonable agreement with the data from Wang et al. [197], Chapoy et al. [195] and Duffy et al. 

[199]. However, it is found that the largest deviation of the CPA EoS with the literature data is 

reached at 444.26 K, and, subsequently, high-pressure is another reason for the large deviation 

of the model according to the data of Michels et al. [194] while high pressure does not affect 

the deviations of the model according to the data from Wang et al. [197] and Duffy et al. [199].  

The CPA EoS can calculate the water vapor fraction in methane with AAD% of 3.8%. The AAD% 

for the solubility of methane in water is around 5.1% to 15.3%.   
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6.4. Results and Discussion 

Through literature survey and model calculations of the relevant data, we have a 

preliminary understanding of the model performance in the prediction of the density and 

surface tension of the methane, water and MEG systems, but we have found that the data 

directly related to our experimental systems are still very limited. In order to validate our 

experimental approach, our measured data for methane + MEG were compared in Fig.6.9 with 

the unpublished data [151] previously measured for the same system. The newly measured data 

in this work are in reasonable agreement with the previous data. 

 

(a) (b) 

  
(c) 

 

 
 

Fig.6.9. The comparison of the between the measured IFT(a), vapor phase density(b) and 
liquid phase density(c) for methane + MEG system at temperatures of 278.15K and 293.15K 
and the previous unpublished data. 
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6.4.1. Interfacial Tensions 

The IFT data for methane + MEG, natural gas + MEG, and natural gas + MEG + water was 

measured at temperatures of 278.15K, 293.15K and 323.15K, and pressures up to 150 bar. The 

measured IFT data together with the corresponding modeling results are presented in Tables 

6.5 - 6.7 for methane + MEG, natural gas + MEG and natural gas + MEG + water, respectively. 

The model calculation results are shown in the tables in terms of their absolute average 

deviations (AAD%). The experimental IFT data and the corresponding modeling results at three 

temperatures of 278.15K, 293.15K and 323.15K are shown in Fig. 6.10 to 6.12 for our studied 

systems. 

Table 6.5. IFT data for the binary system methane + MEG measured in this work and the 

modeling results by the parachor and LGT methods 

T(K) P(Bar) σ (mN/m) σ (mN/m) σ (mN/m) AAD% 
  Exp. Parachor LGT Parachor LGT 

278.35 52.13 38.62 36.95 45.21 4.3 17.0 
278.35 93.71 33.54 27.16 41.05 19.0 22.4 
278.35 99.70 32.64 25.88 40.45 20.7 24.0 
278.35 154.10 28.57 16.46 35.56 42.4 24.5 
293.45 39.46 40.86 39.66 45.42 2.9 11.2 
293.35 51.05 39.07 37.56 44.61 3.9 14.2 
293.45 103.45 31.92 26.17 39.87 18.0 24.9 
293.35 150.94 29.44 18.52 36.10 37.1 22.6 
323.25 9.31 44.94 44.36 45.27 1.3 0.7 
323.15 50.98 38.86 36.12 42.29 7.1 8.8 
323.35 100.32 33.49 27.68 38.95 17.4 16.3 
323.35 149.38 30.26 20.79 35.81 31.3 18.4 

    AAD% 17.1 17.1 

 

  
Fig.6.10. The measured IFT and the calculated IFT isotherms (left) and the AAD% for three 
models (right) for methane + MEG at temperatures 278.35K, 293.35K and 323.35K and 
pressures up to 154.10 bar. 
 

 



  
 
Chapter 6. High Pressure Interfacial Tension and Density Measurement 

 

 
 

 
113 

The measured experimental IFT data is compared with the modeling results from the 

CPA EoS coupled with the parachor, LGT at temperatures of 278.35K, 293.35K and 323.35K and 

pressures up to 154.10 bar in Fig 6.10. We have found that the measured IFT data decreases 

with the elevated pressure significantly; in contrast, it is not very sensitive to temperature. 

However, the temperature influence on the measured IFT data is not as simple and it is case 

dependent. That is because the isotherms cross over is observed at some pressure. For example, 

the measured IFT at 50 bar has almost the equal values for three temperatures, whereas at 150 

bar it has the highest value at 323.35K. This observation is also agreed by the calculated IFT data. 

The calculated IFT by the parachor method and LGT show a similar trend with temperature, i.e., 

the change of temperature does not significantly change the calculated IFT. However, the 

isotherms cross over is also reflected in the calculated results by the two models. Frankly 

speaking, although the AADs of the two models are both 17.1%, their performance depends on 

the pressure. At low pressures, it is obvious that parachor method has a good agreement with 

the measured IFT while at high pressures, LGT works better.  

Table 6.6. IFT data for the binary system natural gas + MEG measured in this work and the 

modeling results by the parachor and LGT methods 

T(K) P(Bar) σ (mN/m) σ (mN/m) σ (mN/m) AAD% 
  Exp. Parachor LGT Parachor LGT 

278.25 55.35 36.74 35.63 44.42 3.0 20.9 
278.25 98.73 30.75 25.00 39.56 18.7 28.7 
278.25 154.19 26.74 15.10 34.03 43.5 27.2 
293.35 50.49 38.07 36.77 44.09 3.4 15.8 
293.35 102.31 31.29 25.49 39.11 18.6 25.0 
293.35 154.35 27.20 16.92 34.54 37.8 27.0 
323.15 49.29 38.53 36.28 42.25 5.9 9.7 
323.25 99.49 32.56 27.20 38.48 16.5 18.2 
323.25 147.61 29.70 20.18 35.15 32.1 18.4 

    AAD% 19.9 21.2 

 

  
Fig.6.11. The measured IFT and the calculated IFT isotherms (left) and the AAD% for two 
models (right) for natural gas + MEG at temperatures 278.25K, 293.35K and 323.25K, 
pressures up to 154.35 bar. 
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The IFT predictions for natural gas + MEG from the parachor and LGT methods are 

compared with the experimental IFT data at temperatures of 278.25K, 293.35K and 323.25K and 

pressures up to 154.35 bar. Firstly, we have observed that the measured IFT for natural gas + 

MEG is slightly smaller than methane + MEG at same T, P conditions. The relationship of the IFT 

data with temperature and pressure are consistent with our finding in methane + MEG system. 

The IFT data decreases with the increase of the pressure significantly but its value is not highly 

affected by the temperature. We have found the isothermal cross over at some pressure in the 

model calculations, but it is not very obvious in the measured IFT.  The AADs of the two models 

are very similar, with the value of 19.9% and 21.2%, respectively.  

 

Table 6.7. IFT data for the ternary system of natural gas + MEG + water measured in this work 

and the modeling results by the parachor and LGT methods 

T(K) P(Bar) σ (mN/m) σ (mN/m) σ (mN/m) AAD% 
  Exp. Parachor LGT Parachor LGT 

278.25 50.66 39.18 38.08 46.06 2.8 17.6 
278.25 99.47 32.59 25.75 40.60 21.0 24.6 
278.25 148.29 28.90 16.58 35.70 42.6 23.5 
293.15 50.47 39.79 37.89 45.13 4.8 13.4 
293.15 100.68 33.50 26.64 40.30 20.5 20.3 
293.25 149.87 28.29 18.17 35.98 35.8 27.2 
323.15 51.34 39.87 36.73 42.88 7.9 7.6 
323.05 100.55 34.80 27.74 39.28 20.3 12.9 
323.25 153.28 31.09 20.06 35.73 35.5 14.9 

    AAD% 21.2 18.0 

 

 

 
 

 

Fig.6.12.The measured IFT and the calculated IFT isotherms (left) and the AAD% for two 
models (right) for ternary system of natural gas + MEG + Water at temperatures 278.25K, 
293.15K and 323.15K,  pressures up to 153.28 bar. 

 

 



  
 
Chapter 6. High Pressure Interfacial Tension and Density Measurement 

 

 
 

 
115 

 

The model prediction is compared with the experimental data for the pseudo ternary 

system of natural gas + MEG + water at temperatures of 278.25K, 293.15K, 323.15K and 

pressures up 153.28 bar (see Table 6.7 and Fig. 6.12). Due to the existence of the 10wt% of water 

in the liquid phase, the measured IFT data as well as the model calculated one are slightly higher 

than the IFT for natural gas + MEG system at same temperature and pressure. The relationship 

of IFT data with pressure and temperature has been discussed in methane + MEG system and 

natural gas + MEG system, and here we have the same conclusions as we have discussed 

previously. Here, we only give an overall evaluation of the model performance. The AADs for the 

modeling results from the parachor and LGT methods are 21.2 % and 18.0 %, respectively. It is 

found that the performance of LGT method is better for this system with an AAD% of 18.0% than 

for natural gas + MEG with an AAD% of 21.2% perhaps because the existence of the water. We 

have found in the literature research that the prediction results of the parchor model are better 

with respect to the surface pressure of water. However, for pure MEG, even the experimental 

values of the surface tension collected from different articles could have a certain deviation, the 

calculated deviations from the model is inevitable. 

 

6.4.2. Vapor and Liquid Phase Densities 

Tables 6.8– 6.10 summarize the experimental data of gas and liquid densities measured 

for three systems at temperatures of 278.15K, 293.15K and 323.15K, pressures up to 150 bar. 

The calculated results by CPA are also presented together with the absolute average deviations 

(AAD%). The measured vapor and liquid phase densities together with the modeling results are 

also plotted in Fig 6.13 – 6.15. The AADs of the modeling predictions are summarized in Fig.6.16. 

  
Fig.6.13. Measured and calculated vapor phase density (left) and liquid phase density (right) 
for methane + MEG at temperatures 278.35K, 293.35K and 323.35K and pressures up to 
154.10 bar. 
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Table 6.8. Vapor and liquid densities measured in this work and calculated by the CPA EoS for 

methane + MEG 

T(K) P(Bar) ρ (kg/ m3) ρ (kg/ m3) ρ (kg/ m3) ρ (kg/ m3) AAD% 
  Liquid Vapor Liquid Vapor Liquid Vapor 
  Exp. Exp. CPA CPA   

278.35 52.13 1127.00 41.48 1086.17 40.54 3.6 2.3 
278.35 93.71 1124.95 81.66 1085.74 78.72 3.5 3.6 
278.35 99.70 1125.31 87.84 1085.70 84.45 3.5 3.9 
278.35 154.10 1124.69 143.38 1085.84 135.04 3.5 5.8 
293.45 39.46 1113.81 28.12 1079.43 27.83 3.1 1.0 
293.35 51.05 1114.02 37.10 1079.12 34.83 3.1 6.1 
293.45 103.45 1113.38 82.37 1078.70 79.68 3.1 3.3 
293.35 150.94 1114.31 124.74 1078.78 119.02 3.2 4.6 
323.25 9.31 1091.43 6.81 1065.82 5.62 2.3 17.5 
323.15 50.98 1090.99 32.84 1064.63 32.54 2.4 0.9 
323.35 100.32 1092.27 67.94 1064.25 65.74 2.6 3.2 
323.35 149.38 1091.76 102.77 1064.09 99.10 2.5 3.6 

     AAD % 3.0 4.6 

 

Table 6.9. Vapor and liquid densities measured in this work and calculated by the CPA EoS for 

natural gas + MEG 

T(K) P(Bar) ρ (kg/ m3) ρ (kg/ m3) ρ (kg/ m3) ρ (kg/ m3) AAD% 
  Liquid Vapor Liquid Vapor Liquid Vapor 
  Exp. Exp. CPA CPA   

278.25 55.35 1123.04 49.59 1085.98 47.01 3.3 5.2 
278.25 98.73 1122.56 98.97 1085.65 92.40 3.3 6.6 
278.25 154.19 1124.87 165.38 1085.88 150.75 3.5 8.8 
293.35 50.49 1113.82 40.85 1079.05 39.23 3.1 4.0 
293.35 102.31 1112.88 92.39 1078.59 86.51 3.1 6.4 
293.35 154.35 1112.74 146.07 1078.71 134.98 3.1 7.6 
323.15 49.29 1089.92 35.39 1064.78 33.53 2.3 5.3 
323.25 99.49 1089.57 74.47 1064.11 71.15 2.3 4.5 
323.25 147.61 1089.85 114.20 1063.99 107.45 2.4 5.9 

     AAD % 2.9 6.0 

 

  



  
 
Chapter 6. High Pressure Interfacial Tension and Density Measurement 

 

 
 

 
117 

  
Fig.6.14. Measured and calculated vapor phase density (left) and liquid phase density (right) 
for the binary system natural gas + MEG at temperatures 278.25K, 293.35K and 323.25K and 
pressures up to 154.35 bar. 
 
 

 

Table 6.10. Vapor and liquid densities measured in this work and calculated by the CPA EoS for 

natural gas + MEG + water 

T(K) P(Bar) ρ (kg/ m3) ρ (kg/ m3) ρ (kg/ m3) ρ (kg/ m3) AAD% 
  Liquid Vapor Liquid Vapor Liquid Vapor 
  Exp. Exp. CPA CPA   

278.25 50.66 1116.71 45.02 1074.17 42.60 3.8 5.4 
278.25 99.47 1116.82 98.97 1074.00 93.52 3.8 5.5 
278.25 148.29 1118.53 159.05 1074.35 145.20 3.9 8.7 
293.15 50.47 1107.34 41.40 1066.65 39.29 3.7 5.1 
293.15 100.68 1105.30 90.09 1066.45 85.42 3.5 5.2 
293.25 149.87 1108.05 139.65 1066.71 131.34 3.7 5.9 
323.15 51.34 1083.28 36.68 1050.85 34.91 3.0 4.8 
323.05 100.55 1083.64 75.45 1050.68 71.78 3.0 4.9 
323.25 153.28 1084.07 118.46 1050.80 111.32 3.1 6.0 

     AAD% 3.5 5.7 
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Fig.6.15. Measured and calculated vapor phase density (left) and liquid phase density (right) 
for the ternary system natural gas + MEG + Water at temperatures 278.25K, 293.15K and 
323.15K, and pressures up to 153.28 bar. 

 

  
Fig.6.16.AAD% for vapor phase density (left) and liquid phase density (right) for all the systems 
at temperatures 278.15K, 293.15K and 323.15K and pressures up to 154.35 bar. 
 

 

Taking an overall assessment of the density results predicted by the CPA EoS model, we 

can find that the CPA model tends to underestimate the vapor and liquid phase densities 

compared with the experiment data at same T, P conditions. It is found that the AADs of the 

measured vapor phase density with the CPA EoS for methane + MEG, natural gas + MEG and 

natural gas + MEG + Water are 4.6%. 6.0% and 5.7% respectively. For the AAD% of liquid phase 

density, they are 3.0%. 2.9% and 3.5%.  

The performance of the CPA EoS in the liquid density calculation is worse in the ternary 

system containing water in MEG solutions. This situation has been discovered in the density 

calculation of MEG + water of the literature collected data. That is, in the density calculation, 

the model performance of MEG + water system is even worse than the pure MEG system when 

xMEG=0.3-0.7. Moreover, for the gas density calculations, the CPA EoS has poor performance for 

natural gas containing systems compared to methane + MEG. A further modeling study of the 

liquid density is recommended to improve the performance of CPA. 
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6.4.3. Experimental Uncertainty Analysis 

No physical quantity can be measured with absolute certainty, and there are always 

errors in any measurement. In the experiment. total deviation for the IFT measurement is mainly 

caused by two deviations. The first deviation results from the drop shape analysis with hundreds 

of pictures taken for the IFT determination at the same T and P conditions. This deviation is 

caused by the brightness of the camera light, the distance from the camera to the pendant 

needle in the pendant drop cell, the crossline set up for the drop picture in the drop image 

software and so on. All this uncertainty can be calculated based on the equation that: 

 

𝑒1(𝜎) = √
1

𝑁
∑(𝜎𝑖 − �̅�)2

𝑁

𝑖=1

 

 

 
(6.23) 

 

The second part deviation is caused by the standard uncertainty from the measured phase 

densities, the shape factor and the apex radius. The combined standard uncertainty for the 

surface tension of the system is calculated as with the ISO standard criterion [200]:  
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where 𝑅𝑜 is the radius of the curvature at the drop apex and 𝛽 is the shape factor, those two 

parameters are read by the video camera from the Rame-Hart instrument though several 

numerical smoothing techniques. 𝜌𝐿𝑖𝑞  and 𝜌𝑣𝑎𝑝 are the densities in liquid and vapour phase, 

respectively.  

The total uncertainty for the IFT of the system 𝑒𝑇𝑜𝑡 is defined by the sum of the deviations from 

𝑒1(𝜎) and 𝑒2(𝜎) divides the IFT at the specified T and P. The total uncertainty of the system is 

summarized in Table 6.11. 
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Table 6.11. Experiment uncertainty for the IFT measurement of methane + MEG, natural gas + 

MEG and natural gas + MEG + Water 

Methane + MEG 

T(K) P(Bar) σ (mN/m) 𝑒1(𝜎) [mN/m] 𝑒2(𝜎) [mN/m] 𝑒𝑇𝑜𝑡(𝜎) [%] 

278.35 52.13 38.62 0.08 0.7 2.01 
278.35 93.71 33.54 0.04 0.72 2.24 
278.35 99.70 32.64 0.4 0.76 3.55 
278.35 154.10 28.57 0.06 0.6 2.30 
293.45 39.46 40.86 0.09 0.38 1.16 
293.35 51.05 39.07 0.1 0.73 2.11 
293.45 103.45 31.92 0.16 0.70 2.71 
293.35 150.94 29.44 0.12 0.64 2.60 
323.25 9.31 44.94 0.37 0.51 1.95 
323.15 50.98 38.86 0.05 0.25 0.77 
323.35 100.32 33.49 0.04 0.38 1.25 
323.35 149.38 30.26 0.14 0.35 1.64 

    Average 𝑒𝑇𝑜𝑡 2.02 
      

Natural gas + MEG  
278.25 55.35 36.74 0.05 0.53 1.57 
278.25 98.73 30.75 0.13 0.33 1.50 
278.25 154.19 26.74 0.14 0.47 2.28 
293.35 50.49 38.07 0.15 0.67 2.17 
293.35 102.31 31.29 0.13 0.54 2.15 
293.35 154.35 27.20 0.18 0.29 1.75 
323.15 49.29 38.53 0.18 0.54 1.87 
323.25 99.49 32.56 0.12 0.45 1.78 
323.25 147.61 29.70 0.11 0.54 2.22 

    Average 𝑒𝑇𝑜𝑡 1.92 
      

Natural gas + MEG + Water 
278.25 50.66 39.18 0.08 0.39 1.20 
278.25 99.47 32.59 0.11 0.59 2.13 
278.25 148.29 28.90 0.06 0.38 1.51 
293.15 50.47 39.79 0.04 0.3 0.85 
293.15 100.68 33.50 0.13 0.42 1.64 
293.25 149.87 28.29 0.21 0.63 2.99 
323.15 51.34 39.87 0.06 0.26 0.82 
323.05 100.55 34.80 0.17 0.33 1.43 
323.25 153.28 31.09 0.08 0.54 2.00 

    Average 𝑒𝑇𝑜𝑡 1.62 
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6.5. Conclusions 

The study in this chapter has produced systematic sets of IFT data and coexistent phase 

densities data for methane + MEG, natural gas + MEG, natural gas + MEG + water at 

temperatures of 278.15K, 293.15K and 323.15K and pressures up to 150 bar. The measured IFT 

data show reasonable trends and the data for methane + MEG is in agreement with the previous 

measurement, which confirms the reliability of the experimental method. We have found that 

the experimental IFT for binary system of methane + MEG is slightly higher than that of natural 

gas + MEG at the same T and P. In the presence of the water, the IFT data for the ternary system 

of natural gas + MEG + water is the highest among the three systems both on the experiment 

and modeling results. In the density calculations, we have compared the experimental values 

with the modeling results from the CPA EoS. The density modeling needs to be improved 

because the CPA prediction results tends to give lower density compared with the experimental 

data of the vapour and liquid phase. As concerns the modeling of the IFT data, the CPA EoS is 

coupled with the parachor method and the LGT. Both the measured and calculated IFT data 

decrease with the elevated pressure significantly; in contrast, it is not very sensitive to 

temperature. The temperature influence on the measured IFT data is also case dependent. The 

isotherms cross over is observed at some pressure. Although LGT and the parachor method have 

a similar overall AAD, the LGT model although has a better performance at high pressures while 

the parachor method is close to the experimental data at low pressures. The optimization of the 

model parameters based on the gradient theory is also recommended.   

Meanwhile, an extensive literature search for the density, solubility and interfacial 

tension (IFT) data for systems MEG + water and methane + water has been made over wide 

temperature, pressure and MEG concentrations. One aim of the literature survey is to validate 

our experimental data, and for example, the collection data for MEG + water is helpful to judge 

the performance of the model predictions on the density and IFT and evaluate our experiment 

accuracy. The CPA EoS has been used to calculate thermodynamic properties for the collected 

data and the parachor method is coupled with the CPA EoS to obtain the interfacial tension of 

those data. The collected literature data for the relevant systems provide a valuable database 

together with our measured density and IFT data for methane + MEG, natural gas + MEG and 

natural gas + MEG + water systems under high pressure conditions. The collected data also 

shows some limitations of the CPA model at certain T, P ranges and gives some suggestions on 

how to further improve CPA. The IFT for MEG and water has been accurately modelled at low 

temperatures, pressures and MEG concentrations compared with the literature data. For the IFT 

of methane + water, the parachor method shows a large deviation from the literature data, and 

in particular, in the high-pressure regions. Since the density difference between the liquid phase 

and the vapour phase is reasonably modelled by the CPA EoS, it shows the limitation of the 

parachor method in the prediction of IFT for the water + methane system. It is suggested that a 

further test of the CPA model should be made at high pressures and high temperatures so as to 

extend its application to this region with more confidence.   
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Chapter 7. Conclusions and Future Work 

Accurate description of the high-pressure fluid phase behaviour is central to the 

development of petroleum reservoirs as well as to many other important industrial processes, 

such as supercritical fluid extraction. For petroleum production, the knowledge on high-pressure 

fluid phase equilibrium is useful to determine the reservoir fluid type, the fluid distribution, the 

oil and gas in-place, and the amount recoverable during depletion or other recovery processes. 

Petroleum fluids are typical asymmetric mixtures consisting of components in large contrast in 

molecule sizes and interaction strength. The asymmetry can lead to special phenomena and 

challenging modeling problems. The asymmetric systems tend to give large phase envelopes 

with saturation pressures more difficult to calculate. For single-phase properties of asymmetric 

systems, like density and viscosity, their prediction is generally difficult due to the non-ideal 

mixing of these mixtures. Meanwhile, accurate prediction of these properties are important for 

high-pressure high-temperature (HPHT) reservoirs and for gas injection systems. Asymmetry is 

also behind the formation of a second liquid hydrocarbon phase, precipitation of organic 

matters like wax and asphaltene, although these are not included in this study.  

 This PhD thesis is mainly about the measurement and modeling of high-pressure 

asymmetric hydrocarbon mixtures related to oil and gas production although there is a separate 

study carried out during an external stay at Equinor on monoethylene glycol (MEG) containing 

systems related to gas processing and hydrate prevention. The major experimental section 

concerns the measurement of the high-pressure phase behaviour of three gas + stock tank oil 

(STO) systems, methane + STO, nitrogen + STO and carbon dioxide + STO. Each system has 

several compositions and was measured at temperatures from 298.15 to 463.15 K and pressures 

up to 1400 bar. The measured data include densities, saturation pressures, relative volumes, 

and liquid fractions in the two-phase region. Other volumetric properties like excess volume and 

isothermal compressibility were also generated from the density data. Our measurement has 

produced valuable HPHT density and phase equilibrium data for evaluating and further 

improving thermodynamic models for HPHT reservoir fluids, thus supporting the relevant 

industrial applications on exploring and developing the high-pressure reservoirs. The data are 

also useful for modeling in relevant gas injection processes. The measured data were further 

modeled by three equations of state (EoS) including Soave-Redich-Kwong (SRK), Peng-Robinson 

(PR) and Perturbed Chain Statistical Associating Fluid Theory (PC-SAFT).  

As concerns the study carried out at the Equinor research center, the density and 

interfacial tension (IFT) were measured for a binary system (methane and MEG), a pseudo-

binary systems (natural gas and MEG) and a pseudo-ternary system (natural gas, MEG and 

water) at temperatures of 278.15 K, 293.15 K and 323.15 K and pressures up to 150 bar. The 

measurement is intended to support the actual needs in the offshore natural gas processing. In 

the meantime, IFT and density data for the relevant systems were collected. The measured and 

collected data were modeled using the cubic plus association (CPA) EoS. CPA was tested for its 

density description, and was coupled with the parachor method and the linear gradient theory 

to model IFT.  The work in this part contributes to a better understanding of the thermodynamic 

properties for MEG containing system and a better evaluation of the current models for this 

type of system.  
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We present below a more detailed description of the major findings and conclusions 

from the experimental and modeling study in this thesis. Some ideas on future research are 

presented in the end. 

 

7.1. Conclusions 

High-Pressure Density and Phase Equilibrium Measurement in General: 

1. Techniques used for high-pressure density and phase equilibrium measurement were 

reviewed. Among various techniques applicable for high-pressure density measurement, the 

vibrating tube densimeter seems to become more attractive in recent studies due to its high 

precision and simplicity. For high-pressure phase equilibrium measurement, the techniques can 

be largely classified into the analytical methods and the synthetic methods. No single 

experimental technique can be used to handle all kinds of high-pressure phase equilibrium 

measurements because of the wide range of measurement conditions and large variation in the 

sample properties. For petroleum fluids, they are typically studied in a PVT equipment following 

the synthetic approach.  

2. High-pressure density and phase equilibrium data are central to the understanding of 

the high-pressure phase behaviour of asymmetric petroleum fluids and the modeling of these 

fluids. We have established an extensive high-pressure density database for binary mixtures 

related to petroleum fluids. In general, there are abundant density data for well-defined 

mixtures but there are still gaps to fill and not all the conditions of interest are covered. The 

density data for HPHT reservoir fluids are generally scare, forming a bottleneck for evaluating 

and improving relevant EoS models. For high-pressure phase equilibrium data, there are some 

recent results on multicomponent systems but the data at HPHT conditions are generally scarce. 

This is especially the case for HPHT reservoir fluids. The previous studies in this laboratory show 

that the multicomponent data, although very useful, are not sufficiently representative for real 

reservoir fluids because they cannot fully capture the characteristics of the real C7+ fractions. 

Hence, for the experimental study in this thesis we have chosen to use real stock tank oil (STO) 

instead of a mixture of well-defined components. 

Experimental and Modeling Study of Gas + STO Systems 

3. We prepared three gas + STO systems in the experimental study, including methane 

+ STO, nitrogen + STO and carbon dioxide + STO, and systematically measured their density and 

phase equilibrium data at temperatures from 298.15 to 463.15 K and pressures up to 1400 bar. 

The density measurement was made with a vibrating tube densimeter Antar Paar DMA HPA 

while the phase equilibrium was measured through a full visibility PVT 240/1500 cell 

manufactured by Sanchez Technologies. The obtained volumetric data include single phase 

densities and two other properties derived from the densities, isothermal compressibilities and 

excess volumes. For phase equilibrium, we have measured the saturation pressures at different 

gas mole fractions and the liquid fractions in the two-phase region. The obtained data are 

particularly useful for HPHT density and phase equilibrium modeling and for gas injection 

modeling. 
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The measured density and phase equilibrium data were modeled by three equations of 

state (EoS) including Soave-Redlich-Kwong (SRK), Peng-Robinson (PR) and Perturbed Chain 

Statistical Associating Fluid Theory (PC-SAFT). For SRK and PR, their volume translated versions 

SRK-VT and PR-VT were also used to improve the modeling performance in the density 

descriptions. In the present work, C7+ characterization of the STO largely followed Pedersen’s 

characterization method with different sets of correlations selected for these EoS models. For 

PC-SAFT, the correlations developed by Yan et al. were used. We have found that it is impossible 

to find one model that performs equally well for the calculation of the density and phase 

equilibrium data for all the three studied gas + STO systems. The cubic state equations SRK and 

PR have a very high similarity to the density or saturation pressure predictions of many systems 

compared to PC-SAFT. For details, PR and SRK gives almost equally well predictions for the 

saturation pressures including system of carbon dioxide + STO, while PC-SAFT is obviously better 

for the nitrogen + STO system and slightly better for methane + STO. The model comparison of 

PC-SAFT with classical models show that the more theoretical PC-SAFT has some advantages but 

may not be superior to PR (VT) and SRK (VT) in density modeling. It is found that the modeling 

of the STO density gives a large influence on the modeling of the systems with dissolved gases. 

The variation of the STO density deviation with temperature and pressure is somewhat inherited 

by the modeling of the densities for the live fluids. This stresses the importance of a better 

modeling of the STO density in the future work. 

4. In the modeling work, we compared several EoS models including SRK, PR, SRK-VT, 

PR-VT and PC-SAFT. Pedersen’s characterization method was used for SRK and PR with a 

different set of correlations, and the characterization method by Yan et al. was used for PC-SAFT. 

All the calculations are predictive except for SRK-VT and PR-VT, the volume translation 

parameters for C7+ fractions are determined from STO. It is impossible to find a model that is 

consistently better than the others for the density and phase equilibrium for all three studied 

gas + STO systems but some trends are still worth noticing.  

5. The cubic models SRK and PR behave similarly for phase equilibrium while their 

density description is not satisfactory without volume translation. For saturation pressure, PC-

SAFT is better than SRK and PR for nitrogen + STO, and slightly better than SRK and PR for 

methane + STO. We should avoid generalizing the finding too much because the saturation 

pressure calculation is sensitive to interaction parameter which is subject to certain uncertainty. 

It is also known that PC-SAFT is more sensitive than SRK and PR to interaction parameter.  

6. Although PC-SAFT is supposed to give a better volumetric description than cubic 

models, its advantages are not so clear for the system studied here. In particular, it is difficult to 

claim the superiority of PC-SAFT to PR-VT and SRK-VT. This observation is for the systems 

measured here and not completely in agreement with our previous results for well-defined 

HPHT mixtures and HPHT reservoir fluids measured in this lab. We also note that the STO density 

calculated by PC-SAFT already shows some deviations in this study. It should be remembered 

that the calculation by PC-SAFT is completely predictive and the model is also sensitive to its 

model parameters generated from the characterization. 

7. It is found that that the STO density modeling plays an important role in the final 

density modeling of the live fluid. The deviation in the calculated STO density varies with 



  
 
Chapter 7. Conclusion and Future Work 

 

 
 

 
125 

temperature and pressure, and the variation seems to be somewhat inherited by the calculated 

densities for the live fluids. This stresses the importance of a better modeling of the STO density. 

8. We calculated pseudo excess volumes by treating STO as one component. The pseudo 

excess volumes by different models are similar and in reasonable agreement with the model 

predictions. In particular, it should be noted that the deviations in excess volume is just a small 

percentage of the total volume, indicating that the excess volumes calculated by a model may 

be used directly to estimate the density of the asymmetric mixtures at HPHT. This has great 

implication for the experimental density measurement and the density modeling of HPHT 

reservoir fluids. It can potentially reduce the workload on expensive live oil density 

measurement by utilizing the STO densities at various pressures and the calculated excess 

volume from a model. In addition, the similarity in the excess volumes calculated by different 

models also suggest that these models are similar in describing the volume mixing behaviour. 

 

IFT and Density for MEG/Water Containing Systems Related to Natural Gas Processing 

9. The systems containing MEG and water in equilibrium natural gas or methane are of 

particular interest to offshore gas processing and subsea pipeline transport. The systems are of 

direct relevance to gas hydrate prevention. We systematically measured the IFT data and 

coexisting phase densities of methane + MEG, natural gas + MEG, natural gas +MEG + water at 

temperatures of 278.15K, 293.15K and 323.15K and pressures up to 150 bar. The measured IFT 

varies significantly with pressure but not so sensitive to temperature under the studied 

conditions. The measured data are useful for evaluating and further improving the current 

models for MEG + water + light hydrocarbons. 

10. The measured density data were modelled by the CPA EoS. Although CPA tends to 

under predict the densities for both gas and liquid phases, the description of the gas phase 

density is generally acceptable while that for the liquid phase needs further improvement. For 

the IFT modeling, CPA is coupled with the parachor method and the linear gradient theory (LGT) 

in the predictive calculation. Although LGT seems to give a better performance at high-pressure 

regions, the overall performance is similar for two models. The predicted IFT values are generally 

higher than the experimental value. It shows the necessity of further tuning of the model 

parameters as well as the importance of experimental determination of the interfacial tensions 

for these challenging systems. 
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7.2. Future Work 

The extent of the experimental and modeling study is limited by time available for this 

PhD study and more work can be considered in the future to extend this study in its experimental 

and modeling aspect. The findings from this study also encourage exploration of some new 

issues. Some ideas on the future work are summarized below: 

1. In the current study, the gas + STO systems have not covered the full composition 

range. This is because the high gas concentration gives a high saturation pressure, making it 

difficult for preparing the recombined sample. This should be overcome in the future. Actually, 

since the mixing behaves more non-ideally at high gas concentration, it can be more interesting 

to get the results in this composition range.  

2. It is desirable to study other thermophysical properties. Viscosity seems to be the 

natural candidate for the next step. Viscosity is another property critical to reservoir engineering 

but our knowledge on viscosity, both in terms of data availability and modeling, is much poorer 

than on density. This also indicates a large room for improvement for this property. 

3. The current study uses only predictive modeling because our focus was to test how 

the involved models perform without extensive tuning. In practice, tuning is always required. It 

is meaningful to test how the models can describe these systems with reasonable tuning. In 

particular, we found the importance of STO density modeling to the live fluid density modeling. 

This should be further developed to a practical method for HPHT density modeling. Its 

importance in reducing the amount of difficult HPHT measurement and increasing the accuracy 

on density modeling should not be underestimated. 

4. A long standing question is the role of advanced EoS models, like PC-SAFT, in reservoir 

engineering. Many studies, including some from this laboratory, have been dedicated to this 

subject. The advanced models are theoretically sound and give more accurate description for 

pure components and well-defined mixtures. But the advantages are not clear when it comes to 

petroleum fluids. This involves complicated factors including the system composition, system 

conditions, characterization methods, sensitivity to model parameters. On one hand, more 

comparison on petroleum fluids should be carried out. On the other hand, it should be 

considered how to find a way to articulate the actual advantages and limitations for the 

advanced models. It is likely that the model is advantageous for specific applications, but a more 

clear definition of these applications is needed to guide the industrial applications. 
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