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Summary
Energy-dense liquid biofuels are envisaged to be required in the future long-haul heavy
transportation sector to supplement battery electric vehicles in phasing-out fossil fuels.
Methanol represents a versatile liquid compound featuring a considerable number of rel-
evant applications in the chemical sector. Recently, the use of methanol as liquid fuel
raised interest, as it may power engines, or may be used as building block to synthesize
more complex fuels for heavy transportation sectors such as aviation, maritime trans-
ports and heavy trucks. Owing to a limited sustainable biomass feedstock potential, a
careful utilization of the carbon initially contained in the biomass structure is essential
to maximize the synthesis of biofuels like methanol. Thermochemical conversion is an
efficient route to convert biomass to a syngas suitable for the synhtesis of biofuels. More-
over, gas conditioning performed via addition of electrolytic hydrogen to the syngas en-
ables to increase the yield of biofuel and to enhance the overall carbon conversion from
biomass to the desired biofuel. In this context, methanol production units struggle to
reach commercial maturity, due to (1) large investment costs, and (2) low capacity fac-
tors. A potential solution to maximize the capacity factor involves the design of methanol
production facilities able to operate in different modes, thus adapting the operation to
fluctuating electricity prices, ultimately extending the time of profitable operation. More-
over, flexible production units ensure the use of electricity when electricity is at low price,
or when available from renewable energy sources (RES), while produce electricity when
electricity has high price, or when produced from fossil-fuel-based backup power plants.
The goal of this Ph.D. study is to propose novel methanol production units based on
biomass gasification and solid oxide cells (SOCs), to analyze them from a thermodynamic
and techno-economic perspective, and to compare them against outcomes from previous
studies and real bio-methanol prices. Eleven methanol production units were designed,
including five flexible and six single-mode facilities. Flexible units are able to (1) produce
methanol, (2) co-produce methanol and electricity, or (3) produce electricity. They can
adapt to the national energy system, and more generally to fluctuations in the electricity
price and RES. Conversely, single-mode facilities produce only methanol. Depending on
the biomass feedstock used (either wood-chips or wheat-straw) different gasification tech-
nologies were employed. The TwoStage gasifier, a bubbling fluidized bed, a pressurized
entrained flow gasifier (EFG) and the Low Temperature Circulating Fluidized Bed (LTCFB)
constituted the core technologies used for the thermochemical conversion. Among the
flexible units, the thermodynamic analysis showed that the production units based on
the TwoStage gasifier and on a pressurized entrained flow gasifier with integrated pyrol-
ysis showed thermal efficiencies up to 71 an 72 %, with overall carbon conversion up
to 92 and 97 %, respectively. A more conventional and simpler single-mode unit based
on the TwoStage gasifier and steam electrolysis via SOEC was able to convert wood to
methanol with a thermal efficiency of 68 %, and overall carbon conversion of 74 %. In
general, the novel flexible units constituted an excellent platform for methanol synthesis
from lignocellulosic biomass. When maximizing the methanol yield, they outperformed
other single-mode production units previously proposed by other authors both in terms
of efficiency and overall carbon conversion. When co-producing methanol and electricity
or producing electricity only, flexible units ensured performances similar to other state-
of-art single-mode facilities. Straw-to-methanol conversion was possible by coupling the
LTCFB gasifier with steam electrolysis via SOCs and a novel partial oxidation and char
bed cleaning unit. The unit offering the highest overall carbon conversion (up to 58 %)
utilized a CO2/O2 mixture as gasifying agent for the LTCFB gasifier. Compared to other
works treating straw-to-methanol conversion, this coupling ensured the highest utilization
of the carbon initially in the straw, as well as enhanced efficiency. However, the proposed
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production facilities based on straw-gasification were outperformed in terms of thermal
efficiency and overall carbon conversion by methanol production units processing woody
biomass. The techno-economic analysis was carried out on three 400MWth-dry-biomass-
input units: (1) the flexible unit based on the TwoStage gasifier, (2) a single-mode unit
based on the TwoStage gasifier, representing one operating mode of the flexible facil-
ity, and (3) the more conventional single-mode unit based on the TwoStage gasifier and
steam-electrolysis via SOECs. The conventional facility featured the lowest investment
cost (390 M$2019), followed by the single-mode unit based on the TwoStage gasifier (490
M$2019), and the flexible facility (620 M$2019). The analysis of the methanol production
cost showed that electricity and biomass represented the major cost factors. Minimum
fuel selling prices (MFSPs) were computed for six real and projected electricity price sce-
narios, representing the minimum methanol selling price to achieve a zero net present
value (NPV). MFSPs were generally lower for the conventional unit (92-117 $/MWhth),
followed by the single-mode unit based on the TwoStage gasifier (87-127 $/MWhth) and
the flexible facility (93-125 $/MWhth). It was difficult to identify a generally most cost-
competitive solution, as payback periods and NPVs are highly dependent on the actual
bio-methanol selling price. Typically, single-mode solutions were more cost-competitive,
as their investment cost was lower, compared to a more complex flexible unit. However,
subsidies might be introduced to support the facilities ensuring a better utilization of the
carbon initially stored in the biomass (namely the flexible unit, and the single-mode unit
based on the TwoStage gasifier). Flexible facilities became cost-competitive when con-
sumption of electricity was limited to hours when RES were directly available, since the
single-mode facilities were shut down and operated with limited capacity factors. More-
over, flexible facilities generated an additional advantage for the society, as they could
produce electricity when RES like e.g. wind and solar are not available. Flexible facilities
covered indeed the power production of backup power plants, whose construction could
thus be avoided.
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Resumé
For at supplere elektriske køretøjer ved udfasningen af fossile brændsler må det an-
tages at flydende biobrændsler med høj energitæthed vil blive nødvendige. Det gælder
især indenfor tung langdistancetransport, som luftfart, skibstransport og tunge lastbiler.
Metanol er en alsidig kemisk forbindelse, som har et betydeligt antal relevante anven-
delser i kemisektoren. For nylig har anvendelsen af metanol som flydende brændsel end-
videre skabt interesse eftersom det kan bruges direkte som brændstof i motorer eller det
kan bruges som byggesten i mere komplekse brændsler. På grund af den begrænsede
adgang til bæredygtige biomasseressourcer er en effektiv anvendelse af det kulstof der
oprindelig er indeholdt i biomassen, vigtig. Målet med dette PhD studie er at foreslå
nye typer af metanolproduktionsenheder baseret på biomasseforgasning og fast-oxid-
celler (solide oxide cells, SOC’er), at analysere dem udfra et termodynamisk og teknisk-
økonomisk perspektiv samt sammenligne dem med resultaterne af tidligere studier og
sammenligne dem med aktuelle priser på biometanol. Termokemisk omdannelse er en
effektiv metode til at omdanne biomasse til en syntesegas der er egnet til fremstilling af
biobrændsler. Desuden vil gaskonditionering ved hjælp af tilførsel af elektrolytisk brint
kunne forbedre udbyttet af biobrændsel og forbedre kulstofomdannelsen fra biomasse til
det ønskede biobrændsel. I denne sammenhæng er metanolproduktionsenheder baseret
på termokemisk omdannelse endnu ikke kommercielt modne på grund af (1) høje invester-
ingsomkostninger og (2) lav udnyttelsesgrad. En mulig løsning til at forbedre udnyttelses-
graden indebærer design af produktionsenheder der er i stand til virke i forskellige funk-
tionsmåder, sådan at driften kan tilpasses varierende elektricitetspriser og dermed udvide
tidsrummet for rentabel drift. Desuden vil fleksible driftsenheder muliggøre anvendelsen
af elektricitet, når denne er billig, eller når den er tilgængelig fra vedvarende energikilder
(Renewable Energy Sources, RES), mens der produceres elektricitet når prisen på denne
er høj, eller når den produceres på back-up kraftværker udfra fossile brændsler. Der er
designet elleve metanolproduktionsenheder i form af fem fleksible og seks enkeltfunktion-
senheder. De fleksible enheder kan (1) producere metanol (2) samproducere metanol og
elektricitet eller (3) producere elektricitet. De kan tilpasses landets energisystem og mere
generelt til variationen i priser på elektricitet og RES. I modsætning hertil kan enkeltfunk-
tionsanlæg kun producere metanol. Afhængig af den anvendte biomasseressource (en-
ten træflis eller hvedehalm) blev der anvendt forskellige forgasningsteknologier. Totrins-
forgasseren, boble-fluid bed, en tryksat suppleret flow forgasser(entrained flow gasifier,
EFG) og en lavtemperatur cirkulerende fluid bed (Low Temperature Circulating Fluidized
Bed, LTCFB) udgjorde de kerneteknologier der blev anvendt til den termokemiske omdan-
nelse. Blandt de fleksible enheder viste den termodynamiske analyse at produktionsen-
heder baseret på en totrinsforgasser og en tryksat suppleret flow forgasser med integreret
pyrolyse udviste en termisk virkningsgrad op til 71 hhv. 72% ogmed en omdannelsesgrad
af kulstof på op til 92 hhv. 97 %. En mere konventionel og enklere enkeltfunktionsenhed
baseret på totrinsforgasser og dampelektrolyse ved hjælp af fast oxid elektrolyse celler
(SOEC’er) var i stand til at omdanne træ til metanol med en termisk virkningsgrad på 68
% og en samlet omdannelsesgrad af kulstofpå 74 %. Generelt udgør de nye fleksible en-
heder en fremragende metode til metanolsyntese udfra lignocellulose. Når metanoludbyt-
tet maximeres udkonkurrerer de andre enkeltfunktions produktionsenheder der tidligere
har været foreslået af andre forfattere både med hensyn til termisk virkningsgrad og sam-
let omdannelsesgrad af kulstof. Ved samproduktion af metanol og elektricitet eller ved
ren elproduktion udviste fleksible enheder ydelser svarende til state-of-the-art af enkelt-
funktionsenheder. Omdannelse af halm til metanol var mulig ved at koble en LTCFB
forgasser med dampelektrolyse ved hjælp af SOC’er og en ny type enhed baseret på
delvis oxidation og en tjærebedrenseenhed. Denne enhed der udviste den højeste sam-
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lede kulstofomdannelse (op til 58 %) anvendte en CO2/O2 blanding som udgangspunkt
for LTCFB forgasseren. Sammenlignet med andre arbejder der behandler omdannelse
af halm til metanol udviste denne kobling den højeste grad af udnyttelse af det kulstof
der oprindelig var i halmen, ligesom den udkonkurrerede de førnævntes effektivitet. Imi-
dlertid kan produktionsenheder baseret på halmforgasning ikke konkurrere med hensyn
til termisk virkningsgrad og samlet kulstofomdannelse med metanolproduktionsenheder
baseret på biomasse i form af lignocellulose. Den teknisk-økonomiske analyse blev udført
på tre 400 MWth tør biomasse input enheder: (1) den fleksible enhed baseret på totrins-
forgasser, (2) enkeltfunktionsenhed baseret på trotrins forgasser, repræsenterende én
driftsmåde af det fleksible anlæg og (3) den mere konventionelle enkeltdriftsmåde enhed
baseret på dampelektrolyse ved hjælp af SOEC’er. Den konventionelle enhed udviste
den laveste investeringsomkostning (390 M$2019) fulgt af en enhed med enkeltdriftsmåde
baseret på en totrinsforgasser (490M$2019) og det fleksible anlæg (620M$2019). Analysen
af omkostninger ved produktion af metanol viste at elektricitet og biomasse var de vigtig-
ste omkostningsfaktorer. Minimum salgspriser (MFSP) blev beregnet for 6 aktuelle og
projekterede elektricitetsscenarioer, repræsenterende den mindste salgspris for metanol
der vil give nutidsværdi (net present value, NPV) 0. MFSP var generelt lavere for den
konventionelle enhed(92-117 $/MWhth) og den fleksible enhed(93-125) fulgt af en enkelt-
funktionsenhed baseret på totrinsforgasseren (87-127 $/MWhth) og det fleksible anlæg
(93-125 $/MWhth) Det var vanskeligt at identificere en generelt mest omkostningsgun-
stig, eftersom tilbagebetalingstid og NPV er stærkt afhængige af den aktuelle salgspris
for metanol. Det typiske billede var at løsninger baseret på anlæg med enkeltdriftsmåde
økonomisk konkurrencedygtige eftersom deres investeringsomkostninger var lavere sam-
menlignet med en mere kompleks fleksibel enhed. Imidlertid kunne dette billede ændres,
hvis der indføres subsidier der begunstiger anlæg der sikrer en bedre udnyttelse af det
kulsto0f der oprindelig er lagret i biomassen (nemlig den fleksible enhed, og anlæg med
enkeltdriftsmåde baseret på totrinsforgasser) Fleksible anlæg blev konkurrencedygtige
når elektricitetsforbruget blev begrænset til tidspunkter hvor RES var tilgængelig efter-
som anlægmed enkeltdriftsmåde blev lukket ned og drevet med begrænsede udnyttelses-
grader. Desuden havde fleksible anlæg en yderligere fordel for samfundet da de kunne
producere elektricitet når RES som f.eks. vind og solenergi ikke er til rådighed. I så fald
kunne fleksible anlæg erstatte elproduktionen fra back up anlæg, bygningen af hvilke så
kunne undgås.
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1 Introduction
1.1 Background
The necessary global reduction of greenhouse gas emissions entails the utilization of
alternative solutions to phase out fossil fuels from various sectors, including transport.
In 2017, the transportation sector accounted for 24% of total worldwide CO2 emissions
(Fig. 1.1), according to the International Energy Agency (IEA) [1]. Transport constitutes
a multi-faceted sector where multiple alternative solutions could be applied.
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Figure 1.1: Annual emitted CO2 from different sectors. Reproduced from [1].

Concerning light-duty transports, it is envisaged that battery electric vehicles (BEVs) will
power future passenger vehicles [2, 3]. In urban frameworks, implementing a direct elec-
trification of buses and trucks is already feasible [1]. However, utilization of electric bat-
teries is challenging in the long-haul heavy transportation sector (i.e. air, maritime and
long-haul road transports), and a direct electrification via batteries is hampered by tech-
nological limitations such as low energy density of batteries. Under these circumstances,
energy-dense liquid biofuels have the potential to play a relevant role in the future trans-
portation context. Biofuels will not constitute an alternative to BEVs. They will rather
supplement BEVs in phasing out fossil fuels in a sector (namely long-distance transports)
where BEVs will hardly be competitive. Among the few options to synthesize biofuels, an
interesting path involves the use of carbon-containing biomass.

Biomass is among the most widespread sources for renewable energy, accounting for
around 10% of the world total primary energy supply in the form of today [1]. Biomass
can be categorized as (1) residuals (e.g. agricultural and forest residuals) and waste
(e.g. organic and municipal solid waste (MSW)), (2) surplus forestry, and (3) energy
crops. Particularly, the technical estimated potential from the cropping system is signifi-
cant. However, utilization of biomass from energy crops raises concerns about complex
topics, such as land availability, competition with food demand, conservation of biodiver-
sity, water availability, efficiency and quality. Despite the technical biomass potential could
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Figure 1.2: Predicted ranges for the biomass global sustainable potential (100-300 EJ/yr) [7], tech-
nical potential (50-1500 EJ/yr) [10] and demand (50-250 EJ/yr) in 2050 [10]. Sustainable biomass
potential is defined as agricultural and forest residues, MSW, surplus forestry, cropping systems
managed without threatening food availability and other sustainability indicators [7].

cover the whole biomass demand, the sustainable biomass potential is limited (fig. 1.2).
Several studies proposed models to estimate the global sustainable biomass potential
in the future, mainly using 2050 as date. There is no consensus in the literature about
an exact estimate of the future sustainable biomass potential [4–6], mainly because the
existing papers are based on widely different assumptions for the identification of sustain-
able biomass. Recent studies conducted after 2010 suggested a biomass sustainable
deployment level in the range of 100-300 EJ/yr in 2050 [7–9]. Since sustainable biomass
is a limited resource, a careful and efficient utilization of biomass feedstock is paramount,
and maximizing the conversion of biomass carbon to liquid biofuels is needed. A route to
optimize the conversion of carbon from biomass to biofuels, thus maximizing biofuel syn-
thesis, involves the integration of electrolytic H2 or, more generally, electrolysis systems
powered by renewable electricity from e.g. wind and solar farms. Biofuels synthesized
by coupling biomass and renewable electricity via electrolysis are often referred to as
electrofuels.

One of the most promising and efficient technological platforms to synthesize biofuels
from biomass is thermochemical conversion. Thermochemical biomass conversion, in-
cluding biomass gasification, pyrolysis and other processes such as torrefaction, enables
to convert biomass to an H2- and CO-rich syngas to be used downstream for fuel synthe-
sis. Despite many years of research, commercial maturity of biomass gasification tech-
nology is limited by technological and economic constraints (e.g. difficulties in scaling-up,
moderate capacity factors etc.) resulting in high investment costs and low economic com-
petitiveness. In addition, production of electrofuels coupling biomass gasification and
electrolysis is a high-energy-demanding process. It is convenient to synthesize electrofu-
els when the electricity price is low or electricity is directly available from renewable energy
sources (RES). Conversely, consumption of electricity should be avoided when electricity
price is high or when electricity is produced from fossil-fuels-based backup power plants.
The ability of a biofuel production unit to switch operating mode and adjust to e.g. fluc-
tuating electricity market prices could maximize the capacity factor and play a key-role
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to accelerate the maturity process and commercialization of biomass gasification tech-
nologies [11]. Moreover, adjusting the operating mode to fluctuating RES may (1) reduce
the consumption of electricity when RES are not available, and (2) ease the buffering
between electricity production and demand from a transmission system operator (TSO)
perspective. Production facilities able to adjust the operation by (1) producing biofuels, (2)
co-producing biofuels and electricity, and (3) producing electricity only are referred to as
flexible production units, in contrast with single-mode production facilities. A solution to-
wards flexible production units aimed at synthesizing electrofuels involves the integration
of biomass gasification and solid oxide cells (SOCs). SOCs are electrochemical devices
able to work as electrolysis or fuel cell devices by consuming or producing electricity, re-
spectively. Coupling of thermochemical biomass conversion and SOCs has recently been
investigated through both experimental works (e.g. [12]) and modeling studies (e.g. [13,
14]), but no relevant information exist in literature about their integration in flexible produc-
tion units and whether their increased capacity factor could constitute an advantage.

Depending on the desired end-use, several liquid biofuels can be synthesized. Various
synthesis routes exist, leading to the production of different biofuels such as Synthetic
Natural Gas (SNG) [11] , Dimethyl Ether (DME) [15], Fischer-Tropsch (FT) fuels [16] or
methanol (MeOH) [15, 17]. Methanol is a particularly versatile chemical, with a consid-
erable number of applications in the chemical engineering sector. Besides, MeOH can
fuel existing power-trains in internal combustion engines or fuel cells, and can be used as
a building block for the production of more complex biofuels such as DME (e.g. [18]) or
airliners jet-fuels [19–21].

1.2 Research objectives
The overall goal of the Ph.D. project is to analyze the production of methanol from a
thermodynamic and techno-economic perspective, by coupling thermochemical biomass
conversion and SOCs. Specific objectives are to:

1. propose a novel flexible methanol production unit coupling SOCs and the TwoStage
gasifier (see further details in chapter 2);

2. optimize the efficiency and overall conversion of biomass-carbon to methanol, by
investigating the effects of CO2 recirculation, steam content, and pressurization on
the carbon conversion and efficiency of the aforementioned flexible unit;

3. propose innovative alternative concepts to synthesize MeOH from biomass in a flex-
ible way, and compare them with the production facility based on the TwoStage
gasifier;

4. investigate the potential of methanol production by combining straw gasification via
the Low Temperature Circulating Fluidized Bed (LTCFB) gasifier, SOC and a novel
char bed cleaning unit;

5. based on the obtained thermodynamic and process properties, evaluate the cost-
competitiveness of flexible and single-mode MeOH production facilities.

1.3 Thesis outline
This thesis structured as follows.

Chapter 2 presents the core technologies involved in the production of methanol, namely
the main biomass thermochemical conversion technologies, SOCs, issues related to the
coupling of biomass gasification and SOCs, gas conditioning, and the methanol synthesis
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reactor. Moreover, a comprehensive literature review is presented about relevant studies
investigating thermodynamic and techno-economic aspects of methanol production via
thermochemical conversion of wood-chips and straw residues.

Designs of flexible and single-mode production units for MeOH synthesis from wood or
straw biomass are presented in chapter 3, together with a brief introduction of the tools
and methods used for the thermodynamic and techno-economic modeling and analyses.

Outcomes from the thermodynamic analyses of methanol production units enabled to iden-
tify the most promising and efficient production units. These results are summarized in
chapter 4 of this thesis, and compared to previous studies. Relevant parametric analyses
are presented and discussed. The outcomes are described in detail in Paper I, Paper II,
Paper IV and Paper V.

Ultimately, based on the results of the thermodynamic analysis, a novel flexible unit cou-
pling TwoStage gasifier and SOC is identified as one of the most efficient solutions. A
techno-economic analysis is carried out to evaluate the cost-competitiveness compared
to similar single-mode facilities. Detailed results are described in Paper III. Chapter 5
summarizes the main techno-economic outcomes and proposes a comparison with other
relevant studies available in the literature.
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2 Methanol synthesis from biomass
Methanol is a clear and colorless chemical, with an increasing yearly production exceed-
ing 80Mt/yr in 2018 [22]. Production of bio-methanol (also referred to as green methanol,
in contrast to fossil-methanol) has recently become a relevant topic, and new facilities
have been commercialized. Enerkem built the worlds’s first commercial household waste-
to-biofuels facility, with a waste feedstock of ∼100,000 tDM/yr and thermochemical con-
version as core technology [23]. The Swedish company Värmlandsmetanol plans to build
the first commercial facility to produce methanol from forestry via thermochemical conver-
sion [24]. Carbon Recycling International has operating facilities in Iceland based on the
emissions-to-Liquid (ETL) technology [22]. It also offers standardized solutions for the
production of bio-methanol sized for 50,000-100,000 t/yr.
Typically, methanol synthesis coupling biomass gasification and solid oxide cells involves
the following processes:

• biomass thermochemical conversion;

• operation of the solid oxide cells;

• gas conditioning;

• methanol synthesis.

The following sections treat the fundamentals about the previously mentioned processes.
At last, a solid literature review about methanol production from biomass is presented.

2.1 Biomass gasification
Over the years, extensive research has been carried out about biomass gasification. Ther-
mochemical conversion enables an efficient conversion of a large variety of solid biomass
(wood-chips, wood pellets, agricultural residues, waste etc.) to a product gas with cold gas
efficiencies (CGE) up to ∼93% [25], and carbon conversions up to 99% (see definitions
of these two efficiencies in chapter 3).

The conversion of solids to gas is carried out through multiple intermediate steps. Gener-
ally, these include pre-treatment processes (e.g. drying, chipping or grinding), pyrolysis,
gasification, and partial oxidation (POX). Depending on the plant layout, these processes
can be located in a single reactor or in separated dedicated units. The main processes
are briefly described below.

Pyrolysis is a thermal decomposition process under moderate temperatures (300–700 ◦C),
in the absence of oxygen [26, 27]. The initial biomass macrostructure is decomposed in
light gases (H2,CO, CO2, N2), light hydrocarbons (C1-C6), solid char (fixed carbon (∼85
wt%), oxygen, hydrogen and ashes), and a liquid fraction referred to as tars (or bio-oil,
discussed below) [28, 29]. Pyrolysis typically precedes gasification reactions and does
not require any external agent [28]. The process involves several chemical reactions and
is generally mildly endothermic or exothermic. However, the devolatilization process re-
quires heat to heat up biomass (4-7% of the biomass lower heating value (LHV)) [29].
Depending on temperature severity and residence time of the solid fuel, pyrolysis pro-
cesses are divided into fast (temperatures above 500 ◦C, low residence time, high yield
of liquid hydrocarbons) and slow (temperatures below 500 ◦C, high residence time, more
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gaseous products) pyrolysis processes. Pyrolysis is not treated further in this synopsis.
A more detailed description of biomass pyrolysis can be found in [26, 28].

The gasification process enables the conversion of the fixed carbon contained in the
porous structure of the solid char into gas products. The produced syngas is a mixture
of H2, CO, H2O and CO2. Depending on the operating temperature, type of gasifier,
and layout (e.g. separated pyrolysis unit), the gas could contain amounts of CH4, other
light hydrocarbons and tars. Conversely to pyrolysis, gasification requires a gasifying
medium like air, oxygen, H2O or CO2 to convert the solid biomass to gas [28]. Gasifica-
tion involves endothermic reactions ((R.1) and (R.2)), and requires temperatures above
∼700 ◦C to ensure acceptable reactivity. Depending on the choice of gasification technol-
ogy and biomass feedstock, the upper operating temperature is limited by issues such
as thermo-mechanical stress on the bottom grate (in case of fixed bed gasifiers) and ash
agglomeration (usually starting at ∼950 ◦C for wood biomass). The heat required by the
gasification reactions is provided by partial oxidation reaction (see below (R.4)).

C(s) + H2O −−→ H2 + CO (R.1)
C(s) + CO2 −−→ 2CO (R.2)

Additionally, several other reactions take place in the freeboard of a gasification reactor.
Among these, water gas shift (WGS) reaction (R.3) is generally used to predict the outlet
gas composition [29].

CO+ H2O −−→ H2 + CO2 (R.3)

Partial oxidation reaction (R.4) occurs when the fuel (typically solid) reacts with the oxidant
(air or O2) in sub-stoichiometric conditions. Typically, POX reaction is associated with
partial oxidation of solid carbon C(s) with oxygen (reaction (R.4)) to indicate the overall
reaction occurring in the gasification zone. In practice, POX could also involve complete
oxidation of C(s) to CO2 (reaction (R.5)), depending on local temperatures [28] and local
oxygen excess. Importantly, the rate of reaction (R.4) is 3-5 orders of magnitude faster
than (R.1), and 6-7 orders of magnitude faster than (R.2) [28]. Thus, the O2 injected for
POX in a gasifier is almost completely consumed by reaction (R.4). When a dedicated
reactor is designed for POX, POX involves oxidation of other gaseous compounds such
as H2, CO and other hydrocarbons (e.g.CH4) (see reactions (R.6)-(R.8)).

C(s) + 0.5O2 −−→ CO (R.4)
C(s) +O2 −−→ CO2 (R.5)
H2 + 0.5O2 −−→ H2O (R.6)
CO+ 0.5O2 −−→ CO2 (R.7)
CH4 + 2O2 −−→ CO2 + 2H2O (R.8)

Biomass thermochemical conversion involves operational issues such as ash sintering
and agglomeration, attrition, and presence of contaminants in the syngas (e.g. particles,
sulfur, chlorine and tars) affecting downstream equipment. Depending on the biomass
feedstock, also other aspects could become troublesome (e.g. high content in the gas of
corrosive alkali metals from straw biomass).

Ash sintering and agglomeration occurs when the temperature inside the bed is above the
ash softening temperature. Under these circumstances, solid particles begin to adhere,
forming larger particles and compromising the operation of the gasifiers.
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Particle removal from the syngas is generally performed through candle filters or bag-
house filters. Depending on the operating temperatures, metal or ceramic filters could be
used.
Depending on the type of processed biomass, the produced syngas includes impurities
such as e.g. sulfur (typically in the range 20-100 ppm) and chlorine, which can severely
poison synthesis catalysts (e.g. causing sintering of catalyst components) and equipment.
Effective removal of sulfur-compounds such as H2S, COS, and organically-bound sulfur
can be done via sulfur guard beds using zinc- (Zn) and copper- (Cu) oxides within a
temperature range from 180 ◦C to 400 ◦C [30]. Alternatively, removal is done via physical
or chemical acid gas removal (AGR).
Chlorine removal is performed trough chlorine guard beds. Other contaminants which
could affect synthesis of methanol are NH3, HCN [18].

Tars are organic compounds released during pyrolysis processes, and subject to evolu-
tion in a temperature range from 200 ◦C to 1000 ◦C [31]. Tars comprise a wide range of
condensable hydrocarbons including e.g. alkenes, oxygenated alcohols, aromatic com-
pounds, and complex polycyclic aromatic hydrocarbons (PAHs) [32]. In literature, several
definitions exist to identify tars. IEA Bioenergy [31] suggested that “all organics boiling at
temperatures above that of benzene should be considered as tars” [31]. The amount and
composition of the released tars depend on (1) the physical and chemical structure of the
solid fuel, and (2) intensity of the pyrolysis process (temperature and pressure). Biomass
has lower fixed carbon, higher moisture content and larger volatile matter compared to
coal [32]. The higher volatile matter of biomass represents the major responsible for the
more significant formation of tars from biomass gasification compared with coal gasifi-
cation. Additonally, while tars derived from coal gasification constitute useful products,
biomass pyrolysis releases oxygenated tars, which usually represents an issue [31] 1.
Presence of tars in the gas introduces severe difficulties in coupling biomass gasification
with other equipment such as heat exchangers or energy conversion devices (gas en-
gines and SOCs), as tars condense over cooler surfaces 2, resulting in fouling, blockage
of pipes and ultimately in failure of the equipment. Additionally, operation of catalysts in
presence of tars can be arduous, as tar cracking contributes to soot formation and block-
age of the active sites of the catalysts. To avoid this phenomenon, it is vital to regenerate
the catalysts. Eventually, tar compounds could contain a large share of the biomass ini-
tial chemical energy, having a relevant role for the whole energy efficiency of the whole
process. Removal or efficient conversion of tars from the product gas are key-aspects to
commercialize biomass gasification.
Several measures have been investigated to effectively remove biomass tars from prod-
uct gas. Physical removal entails use of wet scrubbers (water or organic liquids serve as
scrubber liquids) or filters to condense out tars. However, issues arise about disposal of
collected tars and waste water management, in case tars are not separated, recirculated
back to the system, and destroyed [29, 33]. Thermal cracking route is effective at very
high temperature only [33]. Research activities on the use of POX to crack the tars have
shown that injection of air or O2 fosters the conversion of tar molecules to light permanent
gases (e.g. H2, CO, CO2 and CH4) and to heavier tar compounds (such as PAHs) [29, 33].
Catalytic cracking involves the utilization of catalysts to crack the tars. Dolomite, olivine
and nickel (Ni) are potential catalysts. Particularly, dolomite and olivine are natural ores
that can serve as additives in gasifiers, while Ni is the best solution in an external fixed bed
reactor [33]. Porous materials with high specific surface area such as e.g. bio-char could

1However, biomass tars could be condensed and de-oxygenated via zeolite beds, enabling the production
of valuable bio-oil.

2Dew point depends on the tar compounds as well as on the tar concentration in the gas.
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serve to crack tars [33]. Recently, a novel technique was investigated combining POX
and a char bed in a single reactor. Successful results show tar cracking via this cleaning
unit at∼ 800-850 ◦C [34, 35]. A more detailed description of measures to handle biomass
tars can be found in [33].

Another key-aspect associated with biomass thermochemical conversion and synthesis
of biofuels is the presence of inerts (mainly N2 and CH4) in the syngas. Use of air as
gasifying agent or for the POX introduces inert N2 in the product gas. The N2-diluted syn-
gas increases compressor power consumption to pressurize the syngas to the synthesis
pressure. In addition, N2 builds up in the methanol synthesis loop, and inhibits MeOH
formation. Utilization of pure O2 as medium for gasification and POX is a pathway to
avoid presence of inert N2 in the syngas. Presence of CH4 becomes relevant in case of
coexisting conditions of low temperatures and high pressures in the gasifier.

2.1.1 Classification of gasifiers
Depending on the type of reactor bed, gasifiers are categorized as (1) fixed (updraft or
downdraft) bed gasifiers, (2) fluidized (bubbling or circulating) bed gasifiers and (3) en-
trained flow gasifiers (EFGs).
Updraft and downdraft fixed beds
Updraft fixed beds are characterized by counter-current motion between solid particles
and the upward-flowing gasifying agent (typically air, O2, H2O, CO2 or a mixture of them).
They feature relatively large particle size (limited ability to handle fines), low superficial gas
velocities, poor mixing and subsequent low heat transfer and large temperature gradients,
relatively high CH4- and tar-content (because the pyrolysis zone, where tars and hydro-
carbons are released, is located above the reduction zone). Additionally, H2O-content is
high in the product gas, since drying zone is located after the reduction zone. This type
of gasifier could encounter agglomeration-related issues [36]. In addition, since product
gas preheats the solid fuel while flowing upwards, the CGE is usually high [37].
A downdraft fixed bed gasifier features a co-current configuration, where solid fuel and
gas flow downwards. Owing to a layout where drying zone and pyrolysis zone are lo-
cated before the reduction step, this solutions ensures lower H2O-, CH4- and tar-content,
compared to an updraft configuration.
Fluidized beds
A fluidized bed is a near perfectly-mixed reactor where fresh solid particles are mixed with
partially- or fully-gasified particles. The gasifying agent is fed from the bottom. Conversely
to fixed beds, fluidized beds process particles with smaller mean diameter dp; higher gas
superficial velocities us,g ensure extremely good mixing, resulting in high reactivity, high
heat transfer, and small temperature gradients. The fluidized bed is more compact than
fixed bed, processes a wider range of solid fuels, and offers good scalability. Tar-content
is typically higher than in a downdraft fixed bed, but lower than in an updraft fixed bed.
Fluidized bed category includes bubbling fluidized beds (BFBs) and circulating fluidized
beds (CFBs). In BFBs, gas velocities are high enough to float the solids, but there is
no (or little) phenomena of solid entrainment out of the bed. CFBs feature higher gas
velocities us,g, and solid particles are typically entrained out of the bed. A downstream
cyclone separates the particles, and a downcomer conveys the particles downwards, to
be recirculated in the bed.
Entrained flow gasifiers
EFGs are compact reactors, featuring finely-ground solid particles entrained in an inert
gas flow (typically N2 or CO2) in a co-current near plug flow with the oxidant (air or O2).
Solid particles rapidly heat up and react (residence time is in the order of seconds). To
ensure high carbon conversion, the gasifier operates at high temperatures (from 1200 ◦C
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to 1600 ◦C) and biomass feedstock is pulverized via an high-energy demanding milling
process. Fuel pre-tratment processes (e.g. torrefaction, pyrolysis or hydrothermal car-
bonization (HTC)) alter the characteristics of biomass, reducing the consumption of the
mill. Other features of EFGs include (1) non-slagging (temperature below the ash melting
temperature, as a rule of thumb ∼1300 ◦C for biomass) or slagging (above ash melting
temperature) operation, and (2) atmospheric or pressurized operation [18]. In case of
pressurized operation, pressurization systems such as lock hoppers are required [18].
The very high temperatures reached via entrained flow gasification ensure the production
of a syngas with little content of CH4 and tars.

Table 2.1 presents an overview of the main characteristics of treated gasifiers. A detailed
graphical illustration of the three types of gasifiers and related temperatures profiles can
be found in [37, 38]. For an extensive description of operational fluid-dynamic regimes of
common gasifiers depending on dimensionless superficial gas velocities and dimension-
less particle size, the reader is referred to the work of Grace et al. in [36].

Table 2.1: Summary of the main characteristics of the gasifiers. This table is a review from data
available in the literature from [18, 27–29, 36].

Fixed bed Fluidized bed Entrained flow

Updraft Downdraft

dp [mm] <51 <51 <6 < 0.15
us,g [m/s] < 0.3 < 0.3 0.5 - 3 15 - 30
CGE [%] 90 85 80-85 72-80
Processed fuel wood wood pellets wood, straw, MSW all grindable
Ash/particles in gas high low high low
O2-demand low low/moderate moderate high
Gasification T [◦C] 950-1100 900-1050 800-1000 1300-1600
Outlet T [◦C] 150-400 700 800-1000 >1260
Gas motion up down up down
Solid motion down down up and down down
Solid mixing poor poor very good near plug flow
Tars in syngas [g/Nm3

dry] 10-150 0.01-6 4-60 traces
Temperature gradients large large very small significant
Scalability limit [MWth] ∼10 ∼1 ∼100 ∼100
Attrition little little some considerable
Agglomeration serious serious some no problem

2.1.2 Studied gasifiers
In this work, four gasifiers are used as support for the thermochemical biomass conversion,
towards the synthesis of methanol from biomass. Below, a brief description is provided. A
detailed description of the entire methanol production units based on these technologies
is given in chapter 3. For further information about these gasification platforms, the reader
is referred to Paper II, Paper IV, Paper V.
TwoStage Gasifier
The TwoStage (or Two-Stage) gasifier is an established gasification technology, devel-
oped at the Biomass Gasification Group (BGG) at the Technical University of Denmark
(DTU) in the 1990s. It is a robust technology, able to process and convert efficiently
(CGE above 90%) wood-chips and wood-pellets [39], producing a gas with low tar con-
tent and suitable for power production in a gas engine or in fuel cells [12]. The ability to
produce a tar-free syngas represents the main key-strength, making this technology one
of the most attractive in the gasification research field. The common TwoStage gasifier
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configuration features a drying unit, a pyrolysis unit, air- or O2-blown POX reactor, and
char gasification unit. It is in fact the POX step located in between pyrolysis and char
gasification that ensures that most of the tars are converted at very high temperatures
(above 1100 ◦C), reducing the concentration from ∼50g/Nm3

dry to ∼1g/Nm3
dry. A further

decrease in tar-content occurs in the char gasifier, where the porous char particles en-
hance the conversion of tars down to ∼50mg/Nm3

dry. The TwoStage gasifier has mostly
been studied for the production of power. However, O2-blown operation of the gasifier
guarantees a nitrogen-free gas suitable for synthesis of biofuels. Several configurations
of the TwoStage gasifier have been proposed over the years, to promote the development
and commercialization of a large-scale unit [12, 40]. Among these, the most famous is
the ”Viking” TwoStage gasifier (fig. 2.1). Recently, an updated version has been proposed
[12], featuring an updraft fixed bed pyrolysis unit using hot recirculated pyrolysis gas from
the bottom to provide the heat for the pyrolysis reactions. This configuration is expected
to be scaled-up to at least 20MWth dry-biomass input.

Figure 2.1: Process diagram for the Viking demonstration and research plant [25].

Bubbling fluidized bed
In this work, the bubbling fluidized bed (BFB) is employed in a configuration where high
temperature heat pipes are used to transfer heat from a dedicated combustion chamber to
the gasification reactor. Heat pipes entail utilization of sodium as working fluid, and enable
allothermal (or indirectly-heated) gasification, producing a non-diluted gas. Nitrogen from
the air used for the combustion is indeed not mixed with the product gas. This layout was
developed at the Technical University of Munich (TUM). Steam is used as gasifying agent.
Typically, this BFB gasifier is coupled with a catalytic tar reformer, to convert the tars and
hydrocarbons contained in the outlet gas [41].
Pressurized entrained flow gasifier
Pressurized EFGs are widely used on a commercial scale for coal gasification [42]. Con-
cerning biomass gasification, EFGs likely represent the most commercially-ready technol-
ogy, as they offer extremely good scalability and fuel flexibility. However, issues such as
fuel pre-treatment and ash behavior have to be tackled. Entrainment and pressurization
with lock-hoppers is generally done using inerts (e.g. N2 or CO2).
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Low temperature circulating fluidized bed
The LTCFB (fig. 2.2) is a staged state-of-the-art (SoA) gasifier, developed and commer-
cialized by Danish Fluid Bed Technology, in corporation with DTU and Ørsted.

Figure 2.2: Process diagram for the LTCFB gasifier [43].

It enables thermochemical conversion of a large variety of residues, including straw, ma-
nure and sludge, and was first developed for combined heat and power (CHP) plants. It
has been commercialized up to 6MWth biomass input. It is a unique gasifier, as it enables
conversion of agricultural biomass (and other feedstocks with high content of potassium
(K), phosphorous (P), silicon (Si) and Cl), known to create problems of fluctuactions, foul-
ing, slagging and agglomeration during gasification [44]. The LTCFB gasifier consists of
a fast pyrolysis CFB unit and a slow BFB char gasifier. Owing to the fast pyrolysis, the
produced syngas has a high content of tars (∼30gNm3

dry), while the small char residue
has a good reactivity. The high char reactivity combined with the high retention time of the
slow BFB gasifier guarantee excellent carbon conversions also at low temperatures. The
low temperatures inside the beds (∼650 ◦C for the pyrolysis, ∼730 ◦C for the char gasi-
fier) ensure indeed low content of alkaline and chlorine compounds in the gas. Alkaline
species and phosphorous are hence maintained in the ash, separated via a secondary
cyclone. Since ashes are not subject to sintering phenomena, nutrients such as e.g. K
and P could potentially be reused as fertilizers. Initially, the LTCFB was conceived to use
air as gasifying agent, but recently the LTCFB gasifier was successfully operated using
mixtures of O2 and CO2. Additional liquid water or steam is added in the char reactor
to control the temperature. Silica sand is used as heat carrier from the exothermic char
gasifier chamber to the mildly endothermic pyrolysis unit. To convert the tars present in
the product gas, POX and porous char are combined in a novel reactor [34].

2.2 Solid oxide cells
SOCs are high-temperature electrochemical devices, typically operating in temperature
ranges from 650 ◦C to 850 ◦C. SOCs are organized inmodular single repeating units within
a stack. Each single repeating unit includes several layers. The main layers are a porous
fuel electrode, a dense ion-conducting electrolyte membrane and a porous air electrode,
as well as interconnects to connect the cells in series (see fig. 2.3 for a schematic layout of
the layers in a single repeating unit of a SOC). Several geometries exist for SOCs (planar
against tubular, co-current flow against counter-current flow or cross-flow).
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Owing to the elevated operating temperatures, thermodynamic and mechanical stabil-
ity are required features for the materials involved in the construction [45]. Ceramic
and metallic materials are employed for the construction of SOCs. The solid oxide ion-
conducting electrolyte is typically based on zirconia (ZrO2), such as e.g. yttria-stabilized-
zirconia (YSZ) composites. Among these composites, the composition ensuring the high-
est ion-conduction is referred to as 8YSZ [45]. The classical fuel electrode is a nickel- (Ni)
8YSZ [45]. A major issue associated to the operation of Ni-8YSZ-based fuel electrode on
carbonaceous gas is the formation and deposition of carbon, resulting in blockage of the
active sites in the triple phase boundary (TPB)3. There is evidence that these problems
may be solved by changing the fuel electrode from Ni-8YSZ to Ni-gadolinum-doped-ceria
(GDC) or by infiltrating GDC in the Ni-8YSZ cermet (see below the discussion about oper-
ation of SOCs on tar-laden gas) [45]. Perovskite-structured metal oxides are used for the
air electrode, as these guarantee excellent oxygen reduction and oxide ion oxidation [45].
As in other areas, materials, microstructure and manufacturing process play an important
role in SOCs, as they affect the performance and durability of the SOCs [45]. A discussion
about materials and construction of SOCs is a wide and complex topic, and goes beyond
the objective of this synopsis. For a more comprehensive review of materials for SOCs,
the reader is thus referred to the thorough work of Mogensen [45].

Fuel electrode

Electrolyte

Reaction barrier

Air electrode

Cell support

Air channel outletAir channel inlet

Fuel channel inlet Fuel channel outlet

O2- e-

Figure 2.3: Schematic layout of a planar SOC. Layers are reproduced based on a cross-section
of a SOC manufactured at DTU and presented by Mogensen in [45].

SOCs are able to operate as solid oxide electrolysis cells (SOECs) or as solid oxide fuel
cells (SOFCs).
SOECs reduce H2O and CO2 to H2 and CO, by consuming electric power, according
to reactions (R.9) and (R.10). The reduction process takes place over the TPB on the
cathode of the SOEC.

H2O+ 2e- −−→ H2 +O2− (R.9)
CO2 + 2e- −−→ CO+O2− (R.10)

Within the air channel, reaction (R.11) takes place:

O2− −−→ 0.5O2 + 2e− · (R.11)

3The TPB is the site where ion-conduction electrolyte, electron-conducting Ni-structure and the gaseous
reactants meet.

12



SOECs are able to process H2O (steam electrolysis) 4, CO2 [46], or a mixture of these
(the process is also referred to as co-electrolysis). Pressurized operation of SOECs on
a carbonaceous gas results in exothermic internal methane formation via reaction (R.12)
[47], leading to benefits in terms of thermal management of the stack.

3H2 + CO −−→ CH4 + H2O (R.12)

Conversely, SOFCs produce electricity, by oxidizing H2 and CO to H2O and CO2 via re-
actions (R.13) and (R.14). Again, reactions take place on the TPB of the fuel electrode
(anode).

H2 +O2− −−→ H2O+ 2e- (R.13)
CO+O2− −−→ CO2 + 2e- · (R.14)

Exothermic operation of the SOFCs creates major problems about the thermal manage-
ment of the stack. Large air flows are required on the air channel to keep the temperature
controlled. Another route to ease the thermal management is to induce internal reform-
ing inside the stack. The highly-reactive Ni-percolated fuel electrode fosters endothermic
internal reforming of CH4 (R.15) and potentially other hydrocarbons and tar compounds.
This solution allows avoiding large cooling air requirements during SOFC operation.

CH4 + H2O −−→ 3H2 + CO (R.15)

In addition to SOEC and SOFC, operation of the SOC at high frequency (in the kHz range)
alternating current (AC) could in principle generate heat, to be used to quickly heat up the
cell or to foster internal reforming reactions [48], thus acting as a reformer. In this case,
only a small flow on the oxygen side is needed to keep the oxygen electrode oxidized.

SOCs raised interest especially because of SOFC operation. SOFCs are indeed more
efficient than any traditional power production technology based on thermodynamic cycles
(e.g. internal combustion engines, gas turbines, steam cycles). While the latter are limited
by the efficiency of the combustion process and the thermodynamic cycle, SOFCs (as
well as other electrochemical devices) directly convert the chemical energy stored in the
fuel to electricity. Ideally, for SOFCs (or SOECs), the maximum (or minimum) reversible
power is associated to the variation of Gibbs free energy between inlet and outlet ports.
In practice, SOCs are affected by other loss phenomena such as activation, ohmic and
diffusion losses. These have an impact on the SOCs performance, as they are responsible
for the deviation from reversible operation 5. From a different perspective, the losses
occurring within the SOCs can also be distributed among the different layers of the SOCs
[49]. In this work, the losses within SOCs are lumped into a single factor referred to as
area specific resistance (ASR).

2.2.1 Issues integrating gasification and SOCs
The Ni-percolated fuel electrode of the SOCs is extremely sensitive to sulfur and other
poisoning contaminants. As for sulfur, the maximum tolerable amount is below 2ppm
[50]. Utilization of sulfur guard beds with Zn- and Cu-oxides ensures capture of sulfur-
containing molecules [30].

A further issue is represented by tars, or more generally by the presence of carbonaceous
gas. During reforming of hydrocarbons and tars, carbon may form and deposit as soot on

4In practice, in a mixture with H2, to avoid electrode oxidation
5Reversible operation of the SOC is here intended as a process without thermodynamic irreversibilities,

i.e. without entropy generation. The term reversible operation is not to be confused with the ability of SOCs
of dual operation, as SOECs and SOFCs.
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the Ni-based fuel electrode of the SOCs. This phenomenon eventually results in block-
age of the TPB active sites and in the degradation of the Ni-based cermet. Avoidance
of carbon formation within the fuel channel is eased by (1) ensuring a significant amount
of H2 and H2O within the fuel channel gas and by (2) using specific materials in the con-
struction of the fuel electrode. A high content of H2 and H2O ensures a high H-to-C ratio,
defined as the ratio between hydrogen and carbon atoms. The H-to-C ratio is an indicator
of the distance between the operation of the SOCs and the operating conditions in which
formation of carbon deposits occurs. Figure 2.4 illustrates the carbon formation region,
in case of operation on carbonaceous gas. For a given oxygen-content, there is a mini-
mum H-to-C ratio ensuring no carbon formation. The minimum H-to-C ratio depends on
the operating temperature and pressure of the SOC stack. It is important to note that the

0.10.20.30.40.50.60.70.80.9

C

H O

Carbon Formation Region

Figure 2.4: Ternary diagram for the SOC. Built using FactSageTM version 7.3 [51]. Carbon forma-
tion region shown for operation at 700 ◦C and atmospheric pressure.

minimum H-to-C ratio is an indicator of carbon formation according to the thermodynamic
equilibrium. However, carbon formation is a complex phenomenon and thermodynamics
can not exactly predict safe operation. Reforming of hydrocarbons is an endothermic pro-
cess, and it may potentially lead to local low temperatures across the SOCs. Despite an
overall SOC operation occurring at e.g. 750 ◦C, reforming reactions could create regions
with temperatures as low as e.g. ∼650 ◦C. Also, co-electrolysis operation of SOCs results
in reduction of H2O to H2. Since H2 has a larger diffusivity coefficient than other carbona-
ceous species, H2 moves faster from the TPB active sites to the bulk flow of the fuel
channel, creating regions where the local H-to-C ratio is lower than the minimum H-to-C
ratio suggested by thermodynamics. In general, where thermodynamic equilibrium would
ensure no carbon formation, there may be signs of carbon formation and deposition, due
to severely different local operating conditions. This is particularly evident in some cases
where SOCs run on tar-laden gas. A supplementary solution is the use of Ni-GDC fuel
electrodes or GDC-infiltrations in the Ni-8YSZ structure. GDC guarantees self de-coking
of carbon deposits due to hydrocarbons internal reforming on the fuel electrodes. The
carbon de-coking results in formation of CO and CO2 [52, 53]. Over the years, a num-
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ber of studies has been carried out on operation of SOCs on tar-laden gas [54–62], but
there is no consensus about how SOCs withstand tars. In general, formation of carbon
deposits within the SOCs depends on microstructure and composition of the fuel elec-
trode [62]. In addition, Ni-GDC electrodes ensure a more resilient operation compared to
Ni-YSZ, highly affected by formation of carbon deposits [62]. SOC operating temperature
also plays an important role in carbon formation. Experimental campaigns on SOCs op-
erated at ∼700 ◦C typically show more carbon deposits due to internal reforming of tars,
compared to SOCs operated above ∼800 ◦C [63]. A detailed review of the outcomes of
the experimental campaigns on SOCs operated on tar-laden gas is presented in Paper II,
presented in Appendix B.

2.3 Gas conditioning
To avoid poisoning of the methanol synthesis catalyst, gas cleaning methods described
in section 2.1 are required. In addition, MeOH synthesis requires an H2-to-CO ratio of
∼2 (this will be evident from the methanol synthesis reaction introduced in the next sec-
tion). The composition of the syngas from the gasifier is usually not tuned to have a
H2-to-CO ratio of 2, and an excess of CO is observed. Thus, a gas conditioning step is
needed. Two routes have been identified to reach the suitable H2-to-CO ratio. SoA solu-
tions entail the use of WGS units (reaction (R.3)) on syngas (or part of it). More advanced
solutions include injection of electrolytic hydrogen produced via low-temperature (namely
via e.g. proton-exchange-membrane (PEM) or alkaline electrolysis) or high-temperature
(namely SOEC) electrolysis. A further advanced solution is to implement co-electrolysis
via SOECs on the produced syngas. Such a solution presents the further advantage
of reforming potentially unconverted hydrocarbons present in the syngas on the Ni fuel-
electrode (this case will be treated in chapter 3).

Moreover, during MeOH synthesis, excessive presence of CO2
6 boosts the formation

of H2O via WGS reaction, and hinders the production of MeOH by reducing the partial
pressures of the reactants [64]. Several pathways are possible to remove acid gases
(e.g. CO2, H2S) from the syngas, including chemical and physical absorption, as well
as membranes and cryogenic separation. Of these, chemical and physical absorption
represent the most conventional solutions. Chemical absorption is an industrial process,
based on an aqueous solution with alkanolamines such as e.g. monoethanol amines
(MEA) or diethanol amines (DEA). Physical absorption uses solvents to selectively bind
CO2. Physical absorbents are e.g. SelexolTM (a mix of dimethylethers of polyethylene gly-
col) or Rectisol® (methanol chilled to ∼−40 ◦C). At low pressures, chemical absorption is
favored, while physical absorption ensures a more effective capture at higher pressures,
where chemical absorption is constrained by the number of active sites. Chemical absorp-
tion ensures high loading capacity on the basis of solvent weight, faster rate of reactions
and simultaneous dehydration. Downsides include high energy demand for regenera-
tion, corrosion and solvent degradation [65]. Physical absorption with SelexolTM offers
advantages such as use of chemically stable, non-toxic and biodegradable absorbent,
and requires no energy for solvent regeneration. However, it features high solubility of
hydrocarbons and complex removal of sulfur [65]. Among others, advantages offered
by physical absorption with Rectisol® include low utility consumption, use of cheap and
available methanol, and flexibility in process configuration. Drawbacks include complex
flow scheme and design, need for refrigeration and a lower selectivity in sulphur species
compared to SelexolTM [65]. In this study, acid gas removal is performed using chemi-

6A small amount of CO2 is required. There is evidence that complete absence of CO2 and H2O in a
methanol synthesis reactor results in irreversible catalyst deactivation.
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cal absorption via MEA at atmospheric pressure, while physical absorption with Rectisol®
is used at high pressures. Rectisol® is preferred over SelexolTM, because methanol is
available at the plant. More information about removal of acid gases can be found in [65,
66].

2.4 Methanol synthesis
Methanol is industrially produced via catalytic conversion of syngas in reactors at ele-
vated pressure (up to∼250bar) and relatively low temperatures (from∼250 ◦C to 300 ◦C).
Nowadays, production of methanol is almost exclusively done on catalyst based onCu, Zn,
and Al-components [67]. Methanol synthesis reaction (R.16) is an equilibrium-controlled
reaction [68].

2H2 + CO −−→ CH3OH (R.16)
Another key-reaction taking place in the methanol reactor is the WGS reaction (R.3). The
synthesis reactor can be isothermal (pressure-controlled boiling water reactors (BWR))
or adiabatic (several reactors with intermediate cooling) [27]. Cu-based catalysts ensure
very high selectivity (above 99.9%), guaranteeing high yields and small amount of by-
products [27]. Downstream the methanol reactor, separation in a gas-liquid flash tank,
separation of uncondensable gas in a topping column, and separation of water in a distil-
lation column ensure pure methanol (typically 99.9 wt%).

2.5 Literature review
A considerable number of research studies is available in the literature about production
of biofuels via biomass thermochemical conversion. Among these, studies focused on
production of SNG (e.g [11, 69]), DME (e.g [17, 18, 64, 70–72]), or FT fuels (e.g. [16, 17,
64, 71, 73, 74]).

The number of studies treatingMeOH synthesis is limited. This section aims at introducing
the most relevant literature studies.

All the technologies proposed in the literature belong to the category that in this thesis is
referred to as single-mode MeOH production units.
Hamelinck et al. [75] proposed several single-mode units for production of MeOH, or
co-production of MeOH and electricity. Layouts were based on a pressurized O2-blown
CFB and on an atmospheric-pressure indirectly heated CFB. Total thermal efficiency of
the facilities ranges between 50 and 57% (based on higher heating value (HHV)), while
the MeOH production cost was estimated in a range from 31 $/MWhth to 44 $/MWhth for
a 380MWth dry biomass input.
Tock et al. [17] investigated MeOH production and co-production of MeOH and electricity
from wood biomass via a fast-internally circulating fluidized bed (FICFB) or a CFB, show-
ing a minimum production cost of 88 €/MWhth (corresponding to ∼104 $/MWhth). Overall
carbon conversion (see definition in section 3.3.1) ranged from 19% to 34%.
Peduzzi et al. [65, 76] performed a techno-economic analysis about lignocellulosic biomass
thermochemical conversion to methanol. Different layouts were proposed via FICFB and
EFG, showing thermal efficiencies in the range of 43-45%, and production costs from
25€/GJ to 35 €/GJ (∼106-149$/MWhth), for a ∼400MWth biomass input.
Hannula et al. [71] investigated production of liquid transportation fuels via large-scale
(300MWth biomass input) pressurized H2O/O2-blown fluidized gasification. The study in-
vestigated five methanol production units, showing efficiencies from 61% to 78%7. Over-

7These efficiencies are calculated including district heating (DH) as by product. In case DH is not con-
sidered (as in this study, see efficiency definition in section 3.3.1) efficiencies drop in a range from 57% to
64% on wet biomass (∼51-58% dry biomass, assuming dry biomass LHV of 19.34MJ/kgDM [77].
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all carbon conversion ranged between 36-42%.
Isaksson et al. [78] investigated methanol synthesis by integrating biomass thermochemi-
cal conversion via a pressurized CFB with a thermomechanical pulp and paper mill, show-
ing an efficiency of ∼50%, and carbon conversion of ∼33%.
Holmgren et al. [79, 80] proposed improved solutions based on the work by Isaksson et
al. [78], by integrating biomass drying process and the methanol-to-olefins (MTO) step to
increase the methanol throughput.
Clausen analyzed the biomass-to-methanol conversion process via pressurized entrained
flow gasification with integrated torrefaction [13, 81]. Injection of electrolytic H2 could en-
hance the carbon conversion from 44% [81] to 62% [13], keeping an input-output effi-
ciency around ∼63%.
Andersson et al. [82] investigated from a techno-economic perspective production of
methanol via the integration of a pressurized EFGwith a pulp and paper mill for the produc-
tion of methanol. Three different layouts were analyzed (efficiencies in the range 44-49%8,
production costs above 118 $/MWhth), showing the importance of the supportive policies
on biofuels to make bio-methanol economically competitive.
Zhang et al. [14] investigated production cost of methanol via three different units based
on EFG, illustrating an interesting trade-off between methanol production cost and sys-
tem efficiency. The work shows that methanol can be produced with a minimum cost of
336 $/ton (corresponding to ∼61 $/MWhth).
While the number of experimental campaigns on thermochemical conversion of straw is
large [44, 83–86], little information is available in the literature about system-level studies
on straw-to-MeOH conversion via gasification [87–89]. Among these studies, Zhang et
al. [87] and Xiao et al. [88] investigated the potential of the same straw feedstock from
a thermodynamic perspective. The straw-to-methanol process was built upon intercon-
nected fluidized beds, where recirculating catalytic bed material was used as heat carrier
between the combustion and gasification chambers. Particularly, the work by Xiao et al.
[88], showed that straw can be converted to methanol with an efficiency of ∼43%. The
research study by Nakagawa et al. [89] investigated straw-to-methanol conversion via an
atmospheric EFG using O2 and H2O as gasification agents. However, the study lacked
information to perform an accurate evalutation of the efficiency of the entire process.
Regarding biomass thermochemical conversion with the purpose of electricity production,
coupling with both conventional (e.g. gas engines) and more advanced (e.g. SOFCs)
power production technologies have been investigated. Data from real plant operation
(e.g. Ahrenfeldt et al. [25] and Ridjan et al. [90]) and experimental campaigns (e.g.
Gadsbøll et al. [91]) are available in the literature. A better overview of the aforemen-
tioned studies is given in table 2.2, where literature studies are grouped into four cate-
gories: (1) MeOH production combining biomass gasification and electrolysis (B + EL to
MeOH), (2) MeOH production from biomass with simultaneous electricity consumption (B
+ E to MeOH), (3) MeOH and electricity co-production (B to MeOH + E), and (4) electricity
production from biomass (B to E).

8Efficiencies calculated based on the data available in [82]. By products are not considered when calcu-
lating the efficiencies.
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Table 2.2: Overview of literature studies.

Code Authors Ref. Feed Efficiency [%] Carbon conv. [%] Cost [$/MWhth]

B + EL to MeOH
A.1 Clausen [13] wood 63 96 N.a.a
A.2 Holmgren et al. [79] wood 52 44b
A.3 Zhang et al. [14] wood 66 71b 139.3c
A.4 Zhang et al. [14] wood 53d 39b 74.8c

B + E to MeOH
B.1 Hamelinck et al. [75] wood 50 N.a. 39.4
B.2 Hamelinck et al. [75] wood 55 N.a. 39.7
B.3 Hamelinck et al. [75] wood 51 N.a. 43.8
B.4 Hamelinck et al. [75] wood 57 N.a. 30.8
B.5 Hamelinck et al. [75] wood 55 N.a. 37.4
B.6 Hamelinck et al. [75] wood 55 N.a. 32.8
B.7 Tock et al. [17] wood 53 34b 121.5
B.8 Tock et al. [17] wood 54 34b 113.3
B.9 Tock et al. [17] wood 31 19b 136.9
B.10 Peduzzi et al.e [76] wood 43 32b 155.5
B.11 Peduzzi et al. [76] wood 45 36b 164.8
B.12 Peduzzi et al. [76] wood 44 32b 104.1
B.13 Hannula et al. [71] wood 60f 39b 73.4g
B.14 Hannula et al. [71] wood 64f 42b 68.9g
B.15 Hannula et al. [71] wood 57f 36b 74.5g
B.16 Clausen [81] wood 63d 44 N.a.
B.17 Isaksson et al. [78] wood 50 33b N.a.
B.18 Holmgren et al. [80] wood 51 33b N.a.
B.19 Xiao et al. [88] straw 43 N.a. N.a

B to MeOH + E
C.1 Tock et al. [17] wood 35 22b 103.8
C.2 Holmgren et al. [79] wood 52 33b N.a.
C.3 Hannula et al. [71] wood 62f 39b 76.8g
C.4 Hannula et al. [71] wood 59f 36b 74.5g
C.5 Zhang et al. [14] wood 53 37b 60.8

B to E
D.1 TwoStageh [25] wood 35 - -
D.2 Gadsbøll et al.i [91] wood 43 - -
D.3 Värnamoh [90] wood 33 - -
D.4 Skiveh [90] wood 21 - -

a Information not available.
b Calculated in this work, based on literature data about biomass carbon content, assuming
methanol LHV of 19.9MJ/kg, and MeOH content of 100wt% in the distilled product.

c These units can be optimized to obtain lower production costs [14].
d Units featuring biomass to methanol conversion. No power consumption/production.
e Only the units with 200 MW input were considered.
f No district heating is accounted for.
g Levelized cost of fuel (LCOF). This corresponds to the minimum fuel selling price (MFSP)
used within this thesis.

h Real plants.
i Experimental campaign.
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3 Methods and system design
Methanol production units may be grouped in flexible and single-mode units. A total of 11
methanol production units were modeled and analyzed during this Ph.D. project, based
on various gasification technologies (TwoStage gasifier, BFB gasifier, pressurized EFG,
and LTCFB) and different biomass feedstock (wood or wheat straw).
To ease the referencing within this thesis, each methanol production unit was identified
with a code associated to the specific gasification technology employed to perform the
biomass thermochemical conversion (see section 3.1 and section 3.2 for more details
about the identification names). Table 3.1 lists the methanol production units investigated
from a thermodynamic perspective. The production units are briefly described in sec-
tion 3.1 and section 3.2, while a detailed description is given in Paper II (Appendix B),
Paper IV (Appendix D), and Paper V (Appendix E).

Table 3.1: Overview of methanol production units investigated within this work, via a thermody-
namic analysis.

Production unit name Type Biomass Gasifier type SOC operation Paper

TWOSTAGE-SOC-F Flexible wood TwoStage Tarry pyrolysis gas I,II,IV
TWOSTAGE-EH Flexible wood TwoStage Clean syngas IV
BFB Flexible wood BFB Clean syngas IV
EFG Flexible wood EFG H2O-electrolysis IV
EFG-PYRO Flexible wood EFG H2O-electrolysis IV
TWOSTAGE-C Single-mode wood TwoStage H2O-electrolysis III
LTCFB-Air-WGS Single-mode straw LTCFB -a V
LTCFB-CO2-WGS Single-mode straw LTCFB -a V
LTCFB-H2O-WGS Single-mode straw LTCFB -a V
LTCFB-CO2-SOEC Single-mode straw LTCFB H2O-electrolysis V
LTCFB-H2O-SOEC Single-mode straw LTCFB H2O-electrolysis V

a SOC not used. WGS unit is used to perform gas conditioning.

3.1 Flexible production units
Five novel flexible production units were designed to enable switching from one operating
mode to another. This allows to continuously operate the production units over a range of
electricity prices, maximize the plant capacity factor, and avoid resorting to part-load oper-
ation. While single-modemethanol production units produce onlyMeOH, flexible units can
produce MeOH, co-produce MeOH and electricity, or produce electricity only, depending
on the fluctuating electricity market price. Five operating modes were envisaged for the
flexible production units. Methanol is produced at very low price (VLP), low price (LP) and
intermediate price (IP) of electricity, with a decreasing consumption of electric power. At
high price (HP) of electricity flexible units co-produce MeOH and electricity, while at very
high price (VHP) of electricity these units maximize the marginal revenues by producing
electricity only. The flexible methanol production facilities were designed to process wood
biomass feedstock, and required a steam drying unit to reduce the moisture content of
the received feedstock. A schematic interpretation of the concept of flexible production
units is shown in fig. 3.1. It is relevant to mention that these production units are envis-
aged to operate most of the time in the configuration designed for VLP, guaranteeing the
maximum MeOH throughput.
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Figure 3.1: Concept and operating modes for the flexible methanol production units. Lines rep-
resent how the units switch operation among the operating modes. Bars show indicatively the
energy inputs and outputs. When electricity is negative, it represents an energy output.

3.1.1 TwoStage Electro-gasifier
This novel concept introduced by Butera et al. in Paper II (Appendix B) was built upon a
deep integration of the novel TwoStage gasifier described by Gadsbøll et al. in [12] and
SOCs. The coupling is done within the gasification section, and is referred to as TwoStage
Electro-gasifier. In this thesis, the entire unit (fig. 3.2) is identified as TWOSTAGE-SOC-F.
This solution features two novelties. The former consists in the replacement of the POX
step of the conventional TwoStage gasifier with SOC. In the conventional TwoStage gasi-
fier, the POX process had a dual function consisting in (1) thermally cracking the tars and
(2) providing the heat for the endothermic gasification reactions. In the TwoStage Electro-
gasifier, the Ni-percolated fuel electrode of the SOC promotes in fact internal reforming
of tars from the pyrolysis gas. At the outlet of the SOC, the fuel is free of tars. SOC
can work as SOEC, as reformers at high frequency AC, or as SOFC, depending on the
electricity market price. The latter novelty is that either (1) electric heating or (2) air-blown
POX are used to cover the heat demand of the BFB char gasifier. Heat is provided via
electric heating elements directly inside the bed, where the good mixing ensured by high
superficial gas velocities guarantees an excellent heat transfer. The air may be injected
in the bed itself. The concept of dual operation of the char gasifier is implemented to allow
to adjust the operation mode according to the electricity price.
By varying the operation mode of the SOCs and the char gasifier, it is possible to run the
system flexibly and in the most cost-effective way. At VLP, LP and IP, the heat demand
of the char gasifier is covered by electric heating, while the SOC is operated as SOEC
(VLP), as reformer (LP), or SOFC (IP). Such a management of the SOC allows to gradu-
ally reduce the overall power consumption from VLP to IP, while the syngas quality and
the methanol yield decrease. At HP, air-blown operation of the char gasifier ensures the
required heat for the gasification reactions ((R.1) and (R.2)), while SOFC operation guar-
antees the co-production of electricity. In this case, air-blown operation of the char gasifier
introduces N2 in the syngas, resulting in nitrogen build-up in the methanol loop and reduc-
tion of the MeOH yield. However, under these circumstances, production of MeOH is not
the main goal. At VHP, the operation of the char gasifier and SOC does not vary from HP,
but the produced syngas fuels a turbocharged gas engine. It is important to mention that
the entire operation of the TWOSTAGE-SOC-F flexible unit is based on the hypothesis
that operation of the SOC on tar-laden gas is feasible at temperature of ∼850 ◦C. Since
operation of SOCs on tar-laden gas has not been proven with long-term experiments and
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Figure 3.2: Superstructure of the TWOSTAGE-SOC-F unit. Illustration from Paper II.

is a debated topic, a pre-reformer is placed upstream of the SOC, to partly convert the tars
and ensure safe operation of the SOC. The remaining fraction of tars is converted in the
fuel channel of the SOC. A more detailed description of the TWOSTAGE-SOC-F flexible
production unit is available in Paper II by Butera et al. (Appendix B), while an overview
of the operation of the main hardware is given in table 3.2.

Table 3.2: Overview of the operation of main equipment in the five operating modes of the
TWOSTAGE-SOC-F production unit. Adapted from Paper IV.

Electricity price VLP LP IP HP VHP

SOC operation SOEC (DCa) Reformer (AC) SOFC (DC) SOFC (DC) SOFC (DC)
Air side ejector No No Yes Yes Yes
Char gasifier heat EHb EH EH POX POX
CO2 removal MEA MEA MEA MEA -c

a Direct current, to distinguish from high frequency AC.
b Electric heating.
c No CO2 removal is used when producing only electricity.

Parametric analyses
Since biomass represents the scarce resource, it is paramount to ensure that as much
as possible of the carbon stored within the biomass structure is converted to methanol.
However, during biomass thermochemical conversion some carbon remains in the form
of CO2, and is removed via an AGR absorption process. Operation of the TWOSTAGE-
SOC-F flexible production unit is mainly at VLP, with SOEC performing co-electrolysis on
cleaned tar-laden pyrolysis gas. In this perspective, it becomes interesting to recycle the
CO2 captured during operation at VLP upstream the SOEC, to reduce it to CO and in-
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crease the MeOH yield. An investigation of the effects of CO2 recirculation is done on the
TWOSTAGE-SOC-F unit. Also, H2O-content in the char gasifier plays a key-role as it en-
hances the reactivity inside the reactor and thus allows for smaller and cheaper reactors.
However, it is unclear whether the increased amount of steam has impact on the overall
process. A first parametric analysis was performed, by varying the H2O-content inside
the gasifier, to assess the impact on the entire process. Eventually, pressurization of the
gasification section becomes relevant in the context of MeOH production as it leads to sav-
ings in compression power. Moreover, pressurized operation of the gasification section
may result in smaller and cheaper components. As downside, it adds some complexity to
the entire plant (e.g. pressurization of the biomass with inert gas). A second parametric
analysis was carried out to assess the effects of pressurization of the gasification on the
entire process. These parametric analyses were investigated in Paper I (Appendix A),
and their outcomes were used to design the optimized TWOSTAGE-SOC-F and as input
for the other methanol production units.

3.1.2 TwoStage electrically heated gasifier
This flexible unit was first introduced in Paper IV (Appendix D) with the name TwoStage
electrically heated gasifier (here named TWOSTAGE-EH). The facility features the inte-
gration of a TwoStage gasifier and an SOC, operating on clean tar-free gas downstream
the gasifier (fig. 3.3). The char gasifier is an updraft fixed bed. High temperatures, low gas
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Figure 3.3: Superstructure of the TWOSTAGE-EH flexible unit, using an updraft fixed bed char
gasifier and SOC on tar-lean gas. Illustration from Paper IV.

velocities and high retention time of the solid particles enable the conversion of tars over
the porous structure of the bio-char in the char gasifier [34]. The outlet gas is a syngas
free of tars and with low content of hydrocarbons. The TWOSTAGE-EH methanol produc-
tion unit does not feature POX, to avoid dilution of the gas with N2, or excessive content
of H2O and CO2. Electric resistances embedded in the reactor do not represent a viable
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solution, as the poor solid mixing and heat transfer typical of updraft fixed beds would cre-
ate hot spots and regions at high risk of agglomeration. For this reason, electric heating
is used to heat up the volatile gas upstream the char gasification reactor. Constraints on
the maximum temperature that the bottom grate could withstand limit the temperatures to
∼900 ◦C, so that a large recycling of syngas is needed.
The TWOSTAGE-EH was proposed in four operating modes. However, a fifth mode could
be conceived by substituting the electric heating with POX. To ensure flexibility, this solu-
tion relies on the ability of the SOC to operate as SOEC, SOFC or as reformer.
At VLP the SOC operates as SOEC, at LP as reformer, while SOFC operation is planned
for IP. At VHP, the TWOSTAGE-EH flexible facility produces only electricity, with the SOC
in SOFC operation and a turbocharged gas engine to maximize electricity production.
Table 3.3 displays the operation of the main equipment used in the TWOSTAGE-EH flex-
ible methanol production unit, while a more detailed description of the facility is available
in Paper IV, Appendix D.

Table 3.3: Overview of the operation of main equipment in the four operating modes of the
TWOSTAGE-EH unit. Adapted from Paper IV.

Electricity price VLP LP IP HP VHP

SOC operation SOEC (DC) Reformer (AC) SOFC (DC) N.m.a SOFC (DC)
Air side ejector No No Yes N.m. Yes
Char gasifier heat EH EH EH N.m. EH
CO2 removal MEA MEA MEA N.m. -

a Not modeled.

3.1.3 Bubbling fluidized bed
This flexible production facility is introduced in Paper IV, with the name Bubbling fluidized
bed (here identified as BFB production unit, see fig. 3.4). It is based on the BFB with heat
pipes described in section 2.1. However, the BFB was conceived to accommodate elec-
tric heating elements (as in the case of the TWOSTAGE-SOC-F unit), to enable uptake
of electricity to cover the gasification heat demand. This expedient enables to consume
electricity at low/intermediate electricity prices, while part of the biomass is burned in a
dedicated chamber to provide heat through the heat pipes at high electricity prices. This
allows allothermal gasification, resulting in nitrogen-free syngas. The gasifier-SOC con-
figuration of the BFB production unit is similar to the one of the TWOSTAGE-EH unit, with
the SOC operating on tar-lean gas. An electrically-heated tar-reformer was assumed at
the outlet of BFB to convert tars and most of the other hydrocarbons at ∼800 ◦C. The
conversion of tars in the tar-reformer was based on a real air-blown tar-reformer used in a
gasification site in Skive, Denmark [41]. At low/intermediate electricity prices (i.e. VLP,LP,
IP), the gasifier is heated via electricity, while SOC operates as SOEC, as reformer, or
as SOFC. At high prices (HP, VHP), SOFC operation is maintained, while part of the
biomass fuels a combustion chamber to provide the heat required for gasification. Op-
eration of main components employed within the bubbling fluidized bed production unit
is summarized in table 3.4. For a more thorough description of the unit, the reader is
referred to Paper IV in Appendix D.

3.1.4 Entrained flow gasifer without fuel pre-treatment
The flexible methanol production unit based on EFG without fuel pre-treatment (EFG pro-
duction unit in this thesis) is first introduced by Butera et al. in Paper IV. It features pres-
surized operation of the O2-blown slagging gasifier, and SOC performing H2O-electrolysis
(fig. 3.5). Pressurization of the biomass is done via lock hoppers placed downstream of
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Table 3.4: Overview of the operation of SOC and char gasifier in the five operating modes, for the
BFB production facility. Adapted from Paper IV.

Electricity price VLP LP IP HP VHP

SOC operation SOEC (DC) Reformer (AC) SOFC (DC) SOFC (DC) SOFC (DC)
Air side ejector No No Yes Yes Yes
BFB gasifier heat EH EH EH Heat pipes Heat pipes
CO2 removal MEA MEA MEA MEA -
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the energy demanding milling process, where the dry biomass is pulverized to a suitable
particle size. Pressurization is performed by using CO2. Entrainment process is com-
pleted via recirculated CO2 from the AGR. Injection of H2 or WGS reactors are used for
the gas conditioning, while a Rectisol® process is used to capture CO2. A gas turbine
enables power production at increasing electricity prices, and it is placed in parallel with
the methanol synthesis section. The EFG production unit features operation of the SOC
on a H2O/H2 mixture, thus avoiding risks of carbon formation inside the fuel channel. At
VLP, the SOEC is in operation and the electrolytic H2 is used (1) to chemically quench the
gas from the gasifier and (2) to condition the gas before the methanol section. Chemical
quench was adopted to convert as much CO2 to CO, according to WGS reaction (R.3).
This solution was suggested also in the work by Hillestad et al. [16], and is based on
the assumption that high temperatures of ∼1100 ◦C foster WGS equilibrium. In the other
operating modes (i.e. LP, IP, HP, VHP), the SOEC is not in operation and a WGS unit is
used to condition the gas for the MeOH synthesis. In particular, at IP, and HP a fraction
of the cooled and clean gas is sent to the gas turbine. At VHP, the gas turbine expands
all the gas, as this is not used for synthesis of methanol. Further details are reported in
Paper IV in Appendix D, while table 3.5 provides an overview of the operation of the main
components in the various operating modes.

3.1.5 Entrained flow gasifier with pyrolysis
Themethanol production unit based on the entrained flow gasifier with pyrolysis (identified
in the synopsis as EFG-PYRO production unit) is a flexible facility introduced in Paper IV.
As the EFG flexible unit presented in section 3.1.4, the EFG-PYRO production facility is
based on a pressurized O2-blown slagging EFG, and SOEC performing H2O-electrolysis
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(fig. 3.6). In addition, a pyrolysis unit is placed upfront the milling step, to enhance the
grindability of the initial biomass structure and reduce the milling power consumption. De-
pending on the electricity market price, gas conditioning was done via H2-chemical quench
(as for the EFG unit section 3.1.4) or WGS unit. At VLP, the EFG with pyrolysis features
steam electrolysis via SOEC. At increasing electricity price, gas conditioning is done via
WGS unit instead of H2-injection, to reduce the overall power consumption. Part of the
syngas could fuel the gas turbine (IP and HP). At electricity price peaks, the syngas fu-
els the gas turbine only. An overview of the operation of the main components of the
EFG-PYRO production unit is given in table 3.5. For further details about the EFG-PYRO
methanol production unit, the reader is referred to Paper IV in Appendix D.

Table 3.5: Overview of the operation of main equipment in the five operating modes, for the EFG
and EFG-PYRO flexible methanol production facilities. Adapted from Paper IV.

Electricity price VLP LP IP HP VHP

SOC operation SOEC (DC) - - - -
Gas conditioning H2-quench WGS WGS WGS -
CO2 removal Rectisol® Rectisol® Rectisol® Rectisol® -
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3.2 Single-mode production units
Six single-mode methanol production units were investigated. Of these, only one uses
wood feedstock, while the remaining five process wheat straw. Conversely to wood
biomass feedstock, wheat straw is characterized by an initial low moisture content. Thus,
the drying step can be avoided. The single-mode production units are shortly described in
section 3.2.1 and section 3.2.2, while more details are presented in Paper III and Paper
V.

3.2.1 Conventional TwoStage gasifier
This single-mode production unit is described in Paper III, where it is named conventional
TwoStage gasifier production unit (here TWOSTAGE-C). Wood biomass is the feedstock.
The TWOSTAGE-C unit features the novel updraft fixed bed pyrolysis unit suggested by
Gadsbøll et al. [12], an O2-blown POX reactor to convert pyrolysis tars, and an O2-blown
fluidized bed char gasifier. An SOC operating on a H2O/H2 mixture produces H2 and pure
O2, required for the gas conditioning and the POX reactions, respectively. Figure 3.7
illustrates a schematic diagram of the TWOSTAGE-C production unit. More information
are given in Paper III in Appendix C.
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Figure 3.7: Block diagram for the TWOSTAGE-C production unit. Illustration from Paper III.

3.2.2 Low temperature circulating fluidized bed
Five single-mode production units were structured upon the LTCFB gasifier. Wheat straw
was used as biomass feedstock. The conventional layout of the LTCFB, described in sec-
tion 2.1, was used. These production facilities were conceived to maximize the methanol
throughput and the overall carbon conversion of the plant, and were first discussed in Pa-
per V (see Appendix E). Downstream the LTCFB gasifier, a novel cleaning unit framed on
the coupling of a POX step and a char bed is used to convert most of the tars and hydro-
carbons. The syngas is downstream conditioned by using high temperatureWGS units on
a fraction of the syngas, or by injecting electrolytic H2 produced in an SOEC. Eventually,
the gas is cleaned from remaining tars with an activated carbon filter (bio-char may be
used) at ambient temperature. The LTCFB gasifier, as well as the POX step can use var-
ious mixtures to operate. In Paper V, the LTCFB gasifier used air, a CO2/O2 mixture, or
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a H2O/O2 mixture. In case of operation with air or CO2/O2 mixture, additional H2O (liquid
or vapor) is added to the gasifier, as gasifying media and to control the temperature. The
POX step in the novel cleaning unit reactor used air, a CO2/O2 mixture, H2O/O2 mixture,
or pure O2. In case the gas conditioning is done via electrolytic H2 injection, the SOEC
produces O2 needed for the gasifying mixtures. Otherwise, a cryogenic air separation unit
(ASU) is required to provide the necessary O2. Depending on the gasification agent, the
operation of the SOEC is set by H2- or O2-requirement. In the latter case, the prodution
unit produces excess H2, which represents a valuable by-product. The construction of
the five straw-to-methanol production units is summarized in table 3.6 and illustrated in a
superstructure in fig. 3.8, while a detailed description is given in Paper V in Appendix E.

Table 3.6: Overview of the five straw-to-methanol single-mode production facilities based on the
integration of LTCFB, SOC and the novel cleaning unit based on POX and char bed. Illustration
from Paper V.

Production unit namea LTCFB-

Air-WGS CO2-WGS H2O-WGS CO2-SOEC H2O-SOEC

Gasifying agent air CO2/O2 H2O/O2 CO2/O2 H2O/O2
Additional agent H2O H2O - H2O -
Oxydizing agent air CO2/O2 H2O/O2 O2 O2
Gas conditioning WGS WGS WGS SOEC SOEC
O2-producer - ASU ASU SOEC SOEC
CO2 removal MEA MEA MEA MEA MEA

a Originally, the production unit names did not include the prefix LTCFB- in Paper V. This
is added in this thesis, to give a clearer identification to the LTCFB-based methanol
production units.

Parametric analyses
In addition to the basic thermodynamic analysis, two parametric analyses were performed
on (1) POX temperature and (2) CO2 volume fraction of the gasifying media for the char
gasifier, using the most promising LTCFB-structured facility.
POX temperature was varied in a range from 850 ◦C to 1100 ◦C, keeping the temperature
at the outlet of the char bed 50 ◦C below the POX temperature. It was assumed that the
carbon of the char bed carbon was not consumed. In practice, experimental tests indicate
presence of gasification reactions ((R.1) and (R.2)) at such high temperatures in the char
bed, resulting in the need for replacement of char [34]. Utilization of alternative porous
materials as e.g. dolomite or olivine may be more convenient, as they suffer less attrition.
The increase in the POX temperature is relevant, as it ensures enhanced conversion of
tars into light gases, and enables increased overall carbon conversion and methanol yield.
The WGS reaction (R.3) was considered at the equilibrium at the POX temperature, while
content of tars and CH4 was calculated using empirical data and correlations available in
the literature.
The CO2 volume fraction in the gasifying media to the char gasifier was varied to evaluate
the impact on the reduction in the AGR heat demand (and related make-up MEA con-
sumption), at decreasing CO2 volumetric contents. Decreasing the CO2 volume content
in the gasifying agent (i.e. increasing the O2 volume fraction) results in reduction of the
CO2-recirculation from the AGR to the LTCFB gasifier. The overall effect is a reduction in
the amount of CO2 to be captured via amine-wash, a reduction of the required re-boiler
heat, as well as a reduction in the make-up MEA consumption. As downside, a decrease
in the CO2 volume fraction shifts the equilibrium of the WGS reaction away from CO in
the gasifier and POX. The expected overall effect was a reduction in the overall carbon
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conversion and methanol yield.
For further information regarding the modeling of the parametric analyses on POX tem-
perature and CO2 volume fraction in the gasifying agent, the reader is referred to Paper
V in Appendix E.
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3.3 Methods
3.3.1 Thermodynamic analysis
Relevant thermodynamic performance indicators were identified to evaluate and compare
the efficiencies of the various production units. The CGE (or ηCGE) indicates the share of
the initial chemical energy of the biomass that is transferred to the syngas via a thermo-
chemical conversion process. CGE is defined in eq. (3.1) as:

ηCGE =
ṁg · LHVg

ṁb · LHVb
, (3.1)

where ṁ represents the mass flow rate of the reactants and products. Subscript g and b
indicate the product gas and the biomass feedstock, respectively.
The CGE is not to be confused with the thermal (or input-output) efficiency of the overall
methanol synthesis process, defined as η in eq. (3.2):

η =
ṁMeOH · LHVMeOH + Ẇo

ṁb · LHVb + Ẇi

, (3.2)

where Ẇ represents the net electric power, and subscripts MeOH, o and i indicate the
produced methanol, electricity output and electricity input.
For the gasification section alone, another relevant performance indicator is the carbon
conversion, quantifying how much carbon initially present in the biomass structure is em-
bedded in the product gas via thermochemical conversion. The carbon conversion of the
thermochemical conversion process χtc (eq. (3.3)) is defined as the ratio between the
mass of carbon in the syngas ṁC,g, and the mass of solid carbon initially stored within the
biomass structure ṁC,b.

χtc =
ṁC,g

ṁC,b
(3.3)

In addition, an overall carbon conversion χ (eq. (3.4)) of the entire process is defined as
the ratio between the mass of carbon ṁC,MeOH in form of MeOH in the final product (purity
of methanol is typically 99.9 wt%), and the mass of solid carbon in the structure of the
biomass feedstock.

χ =
ṁC,MeOH
ṁC,b

(3.4)

Modeling
The thermodynamic analysis was carried out using the in-house modeling software Dy-
namic Network Analysis (DNA)9 [92, 93] and the commercial tool Aspen Plus® from As-
penTech [94]. Solid processing was modeled using Redlich-Kwong-Soave (RK-SOAVE)
equation of states (EOS), Peng-Robinson EOS with Boston-Mathias modifications (PR-
BM) were used for the gas conditioning and compression, and Schwartzentruber-Renon
(SR-POLAR) EOS for the methanol synthesis section. When CO2-chemical absorption
with MEA was modeled in detail, rate-based models for the absorber and stripper were
modeled using electrolyte Non-Random-Two-Liquid (NRTL) EOS for the liquid phase,
while Redlich-Kwong EOS were used for the vapor phase. To ease the comparison, the
production units were all modeled to have a dry biomass input of 100MWth.
The modeling of each component is meticulously described in Paper I, Paper II, Paper
III, Paper IV and Paper V. The assumptions used for the modeling vary for the different
production units. A brief overview about the modeling of the main components is shown in

9DNA is used only for Paper I.
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table 3.7. Concerning the SOC operation on carbonaceous gas, the software FactSageTM
version 7.3 was used to ensure no formation of carbon deposits at thermodynamic equi-
librium.

Table 3.7: Basic description of the modeling of the main components involved in the production
units.

Component Description

Steam dryer The steam dryer was modeled as an updraft fixed bed, using superheated
steam to reduce the moisture content in the biomass. It is used in all the units,
with the exception of the LTCFB-based facilities, as straw moisture content was
assumed to be already sufficiently low.

Pyrolysis unit The pyrolysis unit was assumed as an updraft fixed bed reactor, assuming con-
servation of the LHV [95–97], and an atomic mass balance. Recirculated clean
and hot volatiles were fed from the bottom grate, to provide the heat needed to
heat up the solid biomass to the temperature required for the devolatilization
process. Since no experimental results were available on the novel updraft
fixed bed pyrolysis unit, content of CO, tars and light hydrocarbons were as-
sumed according to literature data about slow pyrolysis, to obtain a fictive outlet
composition.

Char gasifier The char gasifier was modeled assumingWGS reaction (R.3) at the equilibrium
at the outlet. Updraft fixed beds or BFBs were assumed. CH4 was assumed
inert through the fluidized beds, while partly converted in case of high residence
time in an updraft fixed bed. More details in Paper IV (Appendix D).

BFB The BFB was modeled by assuming a gas composition at the outlet. The outlet
gas composition was based on available literature data [98, 99]. See Paper IV
in Appendix D for further information.

EFG The EFGwasmodeled as a pressurized slagging O2-blown EFG using cold gas
for the quench process. Thermodynamic equilibrium was assumed at the outlet
of the gasifier. See Paper IV in Appendix D for a more detailed description.

LTCFB The LTCFB was modeled as a combination of a fast pyrolysis reactor (same
concept as for the updraft fixed bed slow pyrolysis unit, with different gas com-
position) and a slow char gasifier bubbling fluidized bed. Sand recirculation
between the two fluidized beds was modeled with heat flow. See Paper V in
Appendix E for more details.

POX and char bed The combined POX and char bed unit was modeled as a single reactor. WGS
reaction (R.3) was assumed at equilibrium [100] at 50 ◦C above the char bed
outlet temperature (i.e WGS was assumed at equilibrium at the POX tempera-
ture). Hot gas from the POX provided heat for the conversion of CH4 and tars
on the porous structure of the char bed. More details in Paper V (Appendix E)

SOC Thermodynamic equilibrium assumed at the inlet and outlet of the fuel chan-
nel, due to the high reactivity of the Ni-percolated electrode. For a thorough
description of the equations used to model the SOC, the reader is referred to
Paper II.

Methanol synthesis The methanol synthesis reactor was assumed to be an isothermal steam-
cooled BWR. Reactions (R.16) and (R.3) were assumed at the equilibrium, with
a temperature approach of 15 ◦C.

Heat exchanger network A detailed heat exchanger network (HEN) was defined for the production units
in Paper II and Paper III, as sizing of the heat exchangers was required to
assess the capital investment associated to the HEN. Otherwise, the Problem
Table algorithm of pinch analysis was used to assess whether external heat
sources were required.
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3.3.2 Techno-economic analysis
The techno-economic analysis was performed to (1) evaluate capital costs, (2) decom-
pose the fuel production costs Cfuel and identify the major cost factors, and (3) compute
the methanol minimum fuel selling price (MFSP). In addition, a local sensitivity analysis
was performed to assess the impact of relevant parameters on the MFSP.
A brief description of the methods used to perform the techno-economic analysis is given
below.
The techno-economic analysis was performed on three methanol production facility: (1)
the TWOSTAGE-SOC-F flexible unit, (2) a single-mode production unit corresponding
to the layout of the TWOSTAGE-SOC-F operating at VLP, referred to as electricity stor-
age single-mode in Paper III (identified within this work as TWOSTAGE-SOC-ES), and
(3) a second more conventional single-mode production unit, namely the TWOSTAGE-C
unit. Table 3.8 illustrates the three methanol production units evaluated via the techno-
economic analysis.

Table 3.8: Overview of methanol production units investigated from a techno-economic perspec-
tive.

Production unit name Type Notes

TWOSTAGE-SOC-F Flexible Presented in section 3.1.1.
TWOSTAGE-SOC-ES Single-mode Single operating mode of the TWOSTAGE-SOC-

F flexible production facility, initially referred to as
electricity storage mode in Paper II (Appendix B).

TWOSTAGE-C Single-mode Presented in section 3.2.1.

Capital costs
The module costing technique introduced by Turton et al. [68] was used to estimate cap-
ital costs, i.e. the grassroot (GR) costs CGR, term used to refer to a completely new
facility where construction started on essentially undeveloped land [68]. The bare mod-
ule cost of each component was computed via equipment-based factors and size of the
hardware (e.g. heat transfer area for heat exchangers, compressor power, reactor vol-
ume etc.). Thermodynamic and process parameters obtained during the thermodynamic
analysis were used to size the equipment. In case the cost for a specific hardware com-
ponent was not available in the handbook from Turton et al., the cost of the components
was computed by scaling the cost of a reference size equipment via power-law equations.
Preliminary design of specific pieces of equipment such as methanol reactor, packed and
tray columns for AGR and distillation processes is described in details in Paper III.
To ease the comparison with existing research work [17, 75], the techno-economic analy-
sis was performed assuming a dry biomass input of 400MWth. Reference year was 2019,
while plant lifetime was set to 25 years.
The procedure is described in details in Paper III (Appendix C), and will not be treated
further in this synopsis.
Manufacturing costs
Manufacturing costsCM were computed using the method suggested by Turton et al. [68].
All the details are presented in Paper III. Prices of raw materials (wood biomass), utilities
(electricity) and products (methanol, electricity and bio-char), depend on several factors
such as the local market conditions, plant location and supportive policies. Danish market
conditions were chosen for the analysis.
The techno-economic analysis was performed based on six electricity price scenarios
(fig. 3.9). These are real and projected electricity market prices. Scenario 2019 repre-
sents the real electricity price during 2019. Scenarios 2025, 2035-A, 2035-B and 2040
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Figure 3.9: Real and projected electricity prices used for the techno-economic analysis. Trans-
mission fees are not included. Production units such as the ones proposed in this synopsis are
conceived to be built close to e.g. wind farms. An agreement with the TSO may be stipulated to
avoid transmission fees. Figure from Paper III.

are projected electricity prices in the corresponding years. Data were retrieved from the
Danish TSO Energinet.dk [101]. Scenario 20XX is structured upon scenario 2019, with
the peak 50 hours based on 2035-A, while prices are computed via linear interpolation in
the rest of the peak 2000 hours.
Revenues from selling methanol depend on the operation of the system. Concerning the
operation of the production units, the flexible unit was assumed to operate in the mode
ensuring the highest revenue, while the single-mode production units were operated in
the baseline conditions. In case no operating mode ensured positive marginal revenue,
the methanol production units were assumed to be shut down.
Profitability analysis
The methanol production cost was calculated via eq. (3.5) as:

Cfuel =
CACR + CM −Rel −Rbio-char

ṁMeOH,yr · LHVMeOH
, (3.5)

where CACR is the annual capital repayment (ACR), ṁMeOH,yr the annual methanol pro-
duction, and Rel and Rbio-char are the revenues from electricity and bio-char, respectively.
The methanol production cost was decomposed into several entries, to identify the major
cost factors. Further details about the calculation of the annual capital repayment CACR

are given in Paper III in Appendix C and in [102]. The MFSP was calculated via a dis-
counted cash flow rate of return (DCFROR) analysis, and represents the bio-methanol
selling price to achieve a zero net present value (NPV). MFSP was calculated for each
production units, in the six electricity price scenarios.
Local sensitivity analysis
Economic indicators such as the MFSP calculated in Paper III are strongly dependent on
the initial assumptions. To identify the impact of each of the main assumed parameters
on the MFSP, a local sensitivity analysis was performed on eight key-factors. Parameters
were individually varied, keeping all remaining factors fixed at their baseline conditions.
The reader is referred to Paper III, in Appendix C, for a description of the investigated
parameters.
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Green electricity price
In the future, it is expected that large-scale storage solutions will be available to act as a
buffer between electricity production from renewable energy sources (e.g. wind and solar)
and electricity demand. In such a scenario, electricity production will completely rely on
renewable energy sources, and phasing out of fossil fuels will be complete.
Currently, large-scale storage solutions do not represent a viable route, for various rea-
sons. Pumped-hydro and compressed air energy storage require appropriate geographi-
cal sites, batteries are characterized by low energy-density [103], while reversible power-
to-gas-to-power (P2G2P) solutions based on SOC (e.g. [104]) are far from being com-
mercial solutions. In this context, fossil fuels (and e.g. SNG-fuelled backup power plants
in the future) are used to cover electricity demand peaks.
Since the main concept of biofuels is to phase out fossil fuels, it is paramount to avoid
consumption of electricity to produce MeOH when electricity is produced from fossil fuels
(or when the need for electricity creates competition with other users). To the best of the
author’s knowledge, no data are available regarding the hourly breakdown of electricity
sources for the real and projected electricity scenarios used in this project. A simplified
approach was herein used by setting a green electricity price limit, to distinguish between
electricity produced directly from RES (electricity prices below the limit) and from fossil
fuels (electricity prices above the limit). Under these circumstances, when the electric-
ity price lays above the green electricity price limit, the flexible production unit operates
in one of the two operating modes where electricity is produced (HP or VHP), while the
single-mode facilities are shut down. This simplified technique may show the real opera-
tion of these MeOH production units, when electricity from renewable energy sources is
not directly available. It is expected that the flexible production unit benefits from the flex-
ibility, compared to the single-mode units, thus ensuring a higher capacity factor. Further
details are available in Paper III, Appendix C.
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4 Thermodynamic analysis
4.1 Comparison of methanol production units
Five novel flexible and six single-mode methanol production units were modeled and ana-
lyzed from a thermodynamic perspective. For each production unit, inputs (biomass and
electricity input) and outputs (methanol, electricity output and bio-char) were calculated.
Results are displayed in table 4.1 (flexible units) and table 4.2 (single-mode units).

Table 4.1: Results of the thermodynamic analysis of flexible methanol production units. Adapted
from Paper II and Paper IV.

Input Output

Mode Biomass [MWth] Ẇi [MWel] MeOH [MWth] Ẇo [MWel] Char [MWth] η [%] χ [%]

TWOSTAGE-SOC-F
VLP 100 83 129 0 4 71 92
LP 100 32 90 0 4 69 65
IP 100 17 75 0 4 64 58
HP 100 0 41 8 4 49 29
VHP 100 0 0 37 4 37 0

TWOSTAGE-EH
VLP 100 92 131 0 1 68 94
LP 100 37 92 0 1 67 66
IP 100 25 83 0 1 67 60
VHP 100 0 0 22 1 22 0

BFB
VLP 100 85 119 0 9 64 85
LP 100 35 84 0 9 62 60
IP 100 20 73 0 9 61 52
HP 100 0 62 ∼0 9 62 38
VHP 100 0 0 36 9 36 0

EFG
VLP 100 99 135 0 0 68 96
LP 100 9 60 0 0 60 43
IP 100 1 45 0 0 44 32
HP 100 0 30 7 0 37 21
VHP 100 0 0 22 0 22 0

EFG-PYRO
VLP 100 88 135 0 0 72 97
LP 100 3 65 0 0 63 47
IP 100 0 49 5 0 54 35
HP 100 0 33 13 0 46 23
VHP 100 0 0 29 0 29 0

Detailed flowsheets, information about gas compositions in the main nodes, as well as
thermodynamic and process properties are included in Paper II (Appendix B), Paper III
(Appendix C), Paper IV (Appendix D) and Paper V (Appendix E).
The thermodynamic analysis pointed out that all the flexible production units offered the
highest efficiency and overall carbon conversion in the operating layout designed for VLP,
with SOC performing co- or steam-electrolysis. In general, efficiencies and utilization of
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Table 4.2: Results of the thermodynamic analysis of single-mode methanol production units.
Adapted from Paper III and Paper V.

Input Output

Mode Biomass [MWth] Ẇi [MWel] MeOH [MWth] Ẇo [MWel] Char [MWth] η [%] χ [%]

TWOSTAGE-C
a 100 52 88 0 4 68 74

LTCFB-Air-WGS
a 100 10 18 0 7 17 13

LTCFB-CO2-WGS
a 100 11 45 0 7 41 32

LTCFB-H2O-WGS
a 100 8 46 0 7 43 32

LTCFB-CO2-SOEC
a 100 51 82 0 7 54 58

LTCFB-H2O-SOEC
a 100 38 67b 0 7 49b 47

a Only MeOH production. Single-mode units.
b This unit produces excess H2 (∼10MWth, resulting in an overall biomass to methanol and H2
efficiency of 56%).

the carbon in the biomass decreased with decreasing consumed electricity.
The TWOSTAGE-SOC-F ensured in all operating modes high efficiencies, ranging from
37% to 71%. In addition, overall carbon conversion reached up to 92%. The TWOSTAGE-
SOC-F may represent one of the most competitive flexible units. The main disadvantage
is the requirement for specific materials to construct the SOC, as it operates on tar-laden
pyrolysis gas (the pre-reformer only partly reforms the tars). The operation of fluidized
bed char gasifier results in a relativley high carbon content in the bio-char, which is a valu-
able by-product.
Owing to a higher solid retention time in the updraft fixed bed char gasifier, the TWOSTAGE-
EH production unit guaranteed slightly higher overall carbon conversion (from 60% to
94%) at slightly lower efficiencies (22-68 %). The enhanced carbon conversion offered
by the fixed bed is however balanced by the operation of the SOC at lower temperatures
(750 ◦C against 850 ◦C) compared to the TWOSTAGE-SOC-F unit. Lower temperatures
promote indeed CH4 formation at the outlet of the SOC (see exothermic reaction (R.12)),
which represents an inert in the MeOH synthesis loop. Production of electricity at VHP is
not efficient (22%), as part of the electricity produced is used to provide heat for the gasifi-
cation reactions. No particular materials are needed for the SOC, as it processes tar-lean
gas, but the syngas recirculation around the char gasifier may add to the complexity of
the system.
The BFB production unit generally offered the lowest efficiencies (36-64 %) and overall
carbon conversion (38-85 %) among the flexible units. Due to a low carbon conversion of
the bubbling fluidized bed gasifier10, a considerable amount of carbon is indeed retained
in the bio-char structure. Bio-char may be a valuable by-product to be sold for soil amend-
ment, or for CO2 capture and storage.
The EFG unit is an effective solution ensuring high efficiencies (22-68 %) and overall

10The TWOSTAGE-SOC-F also features an updraft fixed bed pyrolysis unit, in addition to the BFB char
gasifier. The carbon conversion of the two reactors is higher than the single BFB gasifier.
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carbon conversion (21-96 %). Advantages include (1) high efficiency and overall carbon
conversion at VLP, (2) maturity of the pressurized EFG and ease to upscale the system,
(3) operation of the SOEC on H2O/H2 mixture, and (4) low heat demand of the Rectisol®.
Downsides are (1) poor carbon conversion at IP and HP, due to gas conditioning via high
temperature WGS11, (2) high energy requirement of the milling process, (3) no produc-
tion of bio-char, and (4) high investment cost for the SOC, associated to a large SOC
area needed to cover the high demand for H2. In addition, the EFG unit is based upon
the assumption that WGS reaction (R.3) is at the equilibrium during the chemical quench.
This assumption still has to be experimentally verified.
The EFG-PYRO unit offered slightly higher performances compared to the EFG unit. The
reasons are (1) a reduced consumption of energy for the milling process, (2) a reduced
amount of solid particles to be gasified in the entrained flow reactor, and (3) a lower con-
sumption of O2. In addition, the EFG-PYRO unit ensures the highest efficiency (72 %)
and highest overall carbon conversion (97 %) at VLP.

Among the single-mode units, the TWOSTAGE-C unit represents the most competitive so-
lution, in terms of efficiency (68 %) and carbon conversion (74 %). Owing to an enhanced
carbon conversion of the TwoStage gasifier, and to the production of tar-free syngas, the
TWOSTAGE-C unit ensures that a larger amount of the initial carbon in the wood biomass
is converted to MeOH. Compared to flexible units in VLP-configuration, the TWOSTAGE-
C has poorer efficiency and carbon conversion. The reasons include (1) lower gasification
temperature compared to e.g. EFG reactors, (2) use of O2 to provide the heat for gasifi-
cation, and (3) steam-electrolysis, which does not enable reduction of CO2 to CO.
The LTCFB-structured units offer lower overall carbon conversions and efficiencies, com-
pared to the flexible units and to the TWOSTAGE-C single-mode unit. The lower carbon
conversion has to be ascribed to lower recirculation of the CO2, or to lower gasification
temperatures (compared to e.g. EFG). The lower efficiencies are mainly due to a lower
process integration.
The performances of the LTCFB-Air-WGS unit are hampered by the presence of nitro-
gen in the methanol synthesis loop, associated to air utilization as gasifying and oxidizing
agent. The large nitrogen content impacted the power consumption of the compression
line, which constituted the largest electricity demand.
Utilization of a CO2/O2 mixture as gasifying and POX agents enabled to increase the effi-
ciency (41 %) and overall carbon conversion (32 %) in the LTCFB-CO2-WGS single-mode
unit, as N2 did not create a build-up in the synthesis section. The high content of CO2 in
the product gas from the LTCFB gasifier hindered the formation of H2 at the outlet of the
POX and char bed unit. In addition, high content of CO2 resulted in the need for large
heat demand in the AGR section.
Similar performances (efficiency of 43%, carbon conversion of 32%) were achieved by
the LTCFB-H2O-WGS single-mode unit, using a H2O/O2 mixture as gasifing and oxidiz-
ing agents.
The utilization of an SOEC to provide the O2 and H2O increased the overall carbon con-
version and thus the methanol yield. Particularly, the highest carbon conversion was
achieved by the LTCFB-CO2-SOEC unit (η of 54 %, χ of 58 %), as the significant CO2
content promoted the formation of CO at the outlet of the POX and char bed unit. Thus,
more carbon was available in the form of CO, to synthesize methanol, at the cost of a
large H2-requirement from the SOEC.
Concerning the LTCFB-H2O-SOEC unit, the simultaneously lower amount of CO2 and

11WGS reaction (R.3) relocate carbon from CO into CO2. CO2 is removed upstream the methanol synthe-
sis via an AGR, thus carbon in form of CO2 represents a loss.
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higher presence of H2O promoted a larger amount of H2 at the outlet of the POX and char
bed unit. Therefore, more carbon remained in the form of CO2 (according to the WGS
reaction (R.3)), being removed via the AGR, and reducing the overall carbon conversion
(47 %) and methanol yield. The operation of the SOEC was driven by the O2-requirement
for the gasifier and POX operation, and excess H2 was available as valuable by-product
at the plant. The biomass-to-methanol input-output efficiency was 49 %, and increased to
56 % when accounting for the excess H2. In general, it is clear that addition of electrolytic
H2 via the SOEC boosts the carbon conversion and efficiencies, compared to the use of
WGS units.
For further information regarding the TWOSTAGE-C and the LTCFB-based single-mode
units, the reader is referred to Paper III (Appendix C) and Paper V (Appendix E).
Comparison with available literature
Figure 4.1 illustrates efficiency and carbon conversion for the novel flexible and single-
mode methanol production units, and a comparison with previous studies available in the
literature. Data about the previous studies were presented in section 2.5, table 2.2. To
ease the comparison with literature studies, the same groups introduced in table 2.2 are
used in this section.

The first group includes flexible units in the layout for VLP, novel single-mode units such as
the TWOSTAGE-C, LTCFB-CO2-SOEC and LTCFB-H2O-SOEC, and more generally all
the units coupling biomass gasification and electrolysis (B + EL to MeOH, overall carbon
conversion χ ranging from ∼ 70 to 97 %). The comparison with literature studies included
in this group points out that the novel flexible units are more efficient and ensure higher
overall carbon conversion. Only the solution proposed by Clausen (A.1) in [13] offered
comparable carbon conversion (up to 96 %), while the solutions proposed by Zhang et
al. (A.3 and A.4) [14] and Holmgren et al. (A.2) [79] are outperformed. The TWOSTAGE-
C single-mode unit ensures similar performances as the solution proposed by Zhang et
al. (A.3 in this synopsis), since a similar gas conditioning concept via steam-electrolysis
was used. Straw-to-methanol units based on the LTCFB offer lower efficiency and carbon
conversions χ. On the other hand, they constitute platforms to convert a lower-grade
biomass such as straw.

The second group comprises flexible units in the layout for LP and IP, the remaining
LTCFB-structured units (i.e. LTCFB-Air-WGS, LTCFB-CO2-WGS and LTCFB-H2O-WGS)
and all the solutions proposed in the literature fitted to produce methanol via biomass
gasification and by consuming electricity (B + E to MeOH, overall carbon conversion in
the range ∼10-65 %). In this group, the flexible production units outperform all the other
proposed solutions. The higher carbon conversion of the proposed facilities is attained at
cost of larger electricity consumption, but is associated with higher efficiency. The straw-
to-methanol LTCFB-based units are competitive with some of the solutions using wood
feedstock, but they are outperformed by flexible solutions in LP and IP configurations and
the best state-of-the-art solutions.

The third group consists of flexible units in the layout for HP, and all the single-mode units
designed to co-produce methanol and electricity (B to MeOH + E, overall carbon conver-
sion from∼20% to 40%). In general, the single-mode production units proposed by other
authors perform better, ensuring higher efficiencies and overall carbon conversions (e.g.
unit C.2, C.3, C.4 and C.5).

Ultimately, among the units configured for the production of electricity (B to E, zero overall
carbon conversion), only the solution proposed by Gadsbøll et al. (D.2) resulted more
efficient than the flexible units in VHP layout.
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Figure 4.1: Overview of the efficiency and overall carbon conversion for the novel flexible and
single-mode units investigated within this work, as well as for previous research available in the
literature. Modified from Paper IV.

While single-mode units are most efficient at high electricity prices producing electricity or
co-producing methanol and electricity, the flexible units generally outperform single-mode
solutions at VLP. Since flexible units operate mostly in VLP layout, the flexible units benefit
from having higher efficiencies and overall carbon conversions when storing electricity
via SOEC in the configuration for VLP. Moreover, the key-advantage of flexible methanol
production units is the possibility to operate at different electricity prices, while the other
units are shut-down or operate in part-load.
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4.2 Parametric analyses
4.2.1 TWOSTAGE-SOC-F
The impact of CO2 recirculation, pressurization of the gasification process, and steam
content in the char gasifier on the efficiency and the overall carbon conversion of the
TWOSTAGE-SOC-F flexible production unit was investigated. The evaluation was per-
formed only on the layout designed for VLP, and general conclusions were drawn. Ta-
ble 4.3 reports the main results for the analyzed cases. The baseline case does not
feature CO2-recirculation. Case A refers to atmospheric pressure, while cases B and C
refer to pressurized gasification section. Cases B and C were structured by assuming a
fixed CH4 content at the outlet of the SOC, instead of setting the gasification pressure (1
and 2mol% of CH4 for cases B and C, respectively). ReactivityR and size of the methanol
reactor were considered relevant parameters.

The analysis showed that the facility benefited from theCO2-recirculation (case A.1 against
baseline case), as both efficiency (from 70 to 71 %) and carbon conversion (from 80 to
92 %) increased. More CO2 was in fact reduced to CO, available for the synthesis of
methanol. More H2O was needed to avoid formation of carbon deposits in the SOC and
to have a 10 mol% content at the outlet of the char gasifier. In addition, the SOC con-
sumed more power. The impact on the methanol reactor size was limited.

Increasing the pressure of the gasification section increased the formation of CH4 at the
outlet of the SOC. CH4 represents an inert in the methanol synthesis loop, and represents
a loss of carbon, as this can not be converted to MeOH. The outcomes highlighted that
higher pressures in the gasification section have a detrimental effect on the efficiency and
the overall carbon conversion χ (e.g. compare cases A.1, B.1 and C.1). It was observed
that higher pressures were required at larger H2O content, to attain the same CH4 content.
H2O hinders the formation of CH4, thus higher pressures are required to have the same
CH4 content. The analysis also showed the need for larger reactors at higher pressures,
since CH4 creates build-ups in the MeOH loop. No particular effect was noted on the
reactivity in the char gasifier.
In general, the pressurization of the gasification section resulted in (1) smaller equipment
(∼3 times smaller equipment from case A.1 to case C.1), (2) reduced compression de-
mand (see Paper I, Appendix A), (3) reduced efficiency and overall carbon conversion,
and (4) increased size of the MeOH reactor.

The parametric analysis on the H2O content showed that the reactivity in the char gasifier
increased by having a higher H2O content (e.g. R was ∼2.4 times larger at 20 mol%,
compared to 10 mol%).
At atmospheric pressure, the increased H2O content increased the carbon conversion
(see Paper I, Appendix A), as less carbon would be in the form of CH4, on a dry basis. As
a consequence, the methanol reactor size decreased (by ∼3.6% from case A.1 to case
A.3).
As mentioned above, in the higher pressure cases B and C, larger H2O content resulted
in higher gasification pressures, for a fixed CH4 content at SOC outlet. On a dry basis, the
syngas contained larger amount of CH4 at larger H2O content, resulting in lower overall
carbon conversion, and larger MeOH reactor size (between ∼6 and 9% larger with 20
mol%, compared to 10 mol%).
In terms of efficiency, the unit generally suffered increase of H2O content at the outlet
of the char gasifier, since external heat was required to generate the increased steam
amount needed in the facility.
In general, the increase of H2O content in the char gasifier had beneficial effects on the
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reactivity, on the carbon conversion and methanol reactor size at fixed pressure (see
cases A), while efficiency was penalized. Further information about the results from the
thermodynamic analysis on single-mode units are available in Paper I (Appendix A).

Table 4.3: Results about parametric analysis on the TWOSTAGE-SOC-F methanol production
units. Effects of CO2-recirculation, H2O content in the char gasifier and pressurization of the
gasification section. Adapted from Paper I.

Case CO2-rec. xH2O [-]a p [bar]b η [%] χ [%] R [s−1]c Size [kmolgas/kmolMeOH]
d

Base no 0.10 1.02 70 80 1.95·10-5 5.8
A.1e yes 0.10 1.02 71 92 1.95·10-5 5.9
A.2 yes 0.15 1.02 71 92 3.17·10-5 5.7
A.3 yes 0.20 1.02 69 92 4.62·10-5 5.7
B.1 yes 0.10 2.27 70 90 1.98·10-5 7.1
B.2 yes 0.15 3.08 70 89 3.24·10-5 7.3
B.3 yes 0.20 4.18 68 89 4.76·10-5 7.5
C.1 yes 0.10 3.38 69 86 2.01·10-5 8.8
C.2 yes 0.15 4.60 69 86 3.29·10-5 9.1
C.3 yes 0.20 6.28 67 85 4.82·10-5 9.6

a Molar H2O content at the outlet of the char gasifier.
b Pressure at the outlet of the SOC. Set for Base case and cases A. Pressure in cases B
and C was calculated by assuming a CH4 molar content of 1 mol% (B) and 2 mol% (C)
at the outlet of the SOC, respectively.

c Reactivity at the outlet of the char gasifier. Further information are available in Paper
I, Paper II, and in the work by Gøbel [105]. Estimated values of the reactivity are not
precise, but serve as a reference to analyze the differences between the cases.

d Size of the methanol reactor.
e Case A.1 corresponds to the optimized configuration of the TWOSTAGE-SOC-F pre-
sented in table 4.1, at VHP.

4.2.2 LTCFB-CO2-SOEC
The parametric analyses on the POX temperature and CO2 volume fraction in the gasi-
fying mixture was performed on the LTCFB-CO2-SOEC single-mode unit, since this unit
outperformed the other LTCFB-structured solutions and ensured the largest overall car-
bon conversion. Figure 4.2 illustrates the effects of the POX temperature on overall car-
bon conversion, efficiency, SOEC area, and normalized CO content. The effects of CO2
volumetric content in the gasifying media are shown in fig. 4.3.

Increasing POX temperature resulted in enhanced efficiency (from 54% to 58%) and over-
all carbon conversion (from 58% to 68%). The effects of raising the POX temperature in-
cluded (1) a deeper conversion of tars and light hydrocarbons, and (2) an increased equi-
librium temperature for the WGS reaction. Both effects increased the CO available for the
synthesis of MeOH, and are responsible for the increased carbon conversion. Figure 4.2
illustrates the normalized amount of CO at the outlet of the POX and char bed unit. The to-
tal normalized CO is decomposed to show the single effects. This simplified investigation
served to show that both phenomena had a similar effect on the increase of CO. The in-
creased CO to be converted to methanol required a larger amount of electrolytic H2, which
subsequently required larger electricity consumption, larger SOEC active area (increased
by ∼33 %) and, ultimately, an increased investment cost related to the SOEC. The ther-
modynamic analysis should be coupled with a techno-economic analysis to assess the
effective benefits of an increased POX temperature on the production of methanol. The
investigation on the effects of POX temperature was conducted by assuming that carbon
in the char bed remained intact. As mentioned in section 3.2.2, gasification reactions take
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place at such high temperatures, thus consuming the carbon in the char bed. In this cir-
cumstance, other materials could be used instead of char. At POX temperatures above
∼1000 ◦C, the conversion of tars due to high temperatures may be sufficient to avoid the
char bed. In this case, residual tars may be removed via activated carbon filters (e.g. char
bed at ambient temperature) or scrubbers.

The parametric analysis on CO2 volume fraction in the gasifying agent revealed a strong
connection between the decrease in the CO2 injected in the LTCFB gasifier and the re-
duction in the overall carbon conversion (from 58 % to 50 % with pure O2). The reduced
CO2 in the gasifying agent hinders the formation of CO within POX and char bed reactor
(see the normalized CO content at the outlet of the POX reactor in fig. 4.3). The efficiency
dropped to a minimum of ∼54%, when using 50 vol% content of CO2 in the gasifying me-
dia. In case of CO2 volumetric fraction below 50 vol%, the SOEC operation was driven by
the O2 requirement (tipically it was set by the H2 requirement), thus resulting in production
of excess H2. Since by-product H2 was available, the total efficiency of the unit increased
for CO2 volumetric contents below 50 vol%. Owing to a decrease of the carbon allocated
in the form of CO, less electrolytic H2 was required when injecting less CO2. This resulted
in smaller SOEC areas. Below a CO2 volume fraction of∼50 vol%, the curve of the SOEC
area remained flatter, as the O2 requirement for the gasifier and the POX is more stable.
Eventually, also the AGR heat consumption decreased when CO2 volume fraction was
reduced, since less CO2 was looping in the gasification section.
More detailed information about the parametric analyses on the LTCFB-CO2-SOEC unit
is available in Paper V (Appendix E).

42



850 900 950 1000 1050 1100

POX temperature [°C]

50

55

60

65

70

E
ff

ic
ie

n
c
y
/C

a
rb

o
n

 c
o

n
v
e

rs
io

n
 [

%
]

3600

3800

4000

4200

4400

4600

4800

S
O

E
C

 a
re

a
 [

m
2
]

Carbon conversion Efficiency SOEC area

(a) Effects of the POX temperature on overall carbon conversion, efficiency and SOEC area for the LTCFB-
CO2-SOEC single-mode unit.
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Figure 4.2: Effects of POX. The investigated unit is the LTCFB-CO2-SOEC. Adapted from Paper
V.
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5 Techno-economic analysis
In this chapter, the suffixes F, ES and C are used to refer to the flexible TWOSTAGE-
SOC-F unit, and the two single-mode TWOSTAGE-SOC-ES and TWOSTAGE-C facilities
respectively. The results presented in this chapter are characterized by a relatively high
level of uncertainty, as they are highly dependent on the initial assumptions and used
references. While their absolute value should be regarded as a mere estimate, they still
provide valuable information when used to assess the relative performance of the investi-
gated production units. Furthermore, these estimates may be useful for comparison with
future works dealing with methanol production via biomass gasification and electrolysis.

5.1 Capital cost
The grassroot costs (fig. 5.1) were computed for the flexible facility TWOSTAGE-SOC-
F, and the two single-mode units TWOSTAGE-SOC-ES and TWOSTAGE-C. The F unit
featured the highest capital cost (617 M$2019), followed by the ES unit (489 M$2019), and
the C unit (389 M$2019).
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Figure 5.1: Grassroot costs for the three investigated plants. Modified from Paper III.

To ensure the operation in five modes, the flexible facility requires additional equipment
(e.g. a gas engine and turbomachinery) or larger size components (e.g. for the AGR
unit and distillation section), compared to the ES single-mode unit. These factors are
responsible for the higher capital cost of the F unit.
Owing to a lower requirement for H2 (associated to a lower content of CO in the product
gas), the conventional unit featured a smaller SOC. Also, a reduced complexity of the char
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gasifier and heat exchangers resulted in a lower grassroot cost. In general, the factors
affecting the most the investment were the SOC (in the range 19-24% of the capital cost),
turbomachinery (13-17%) and the pyrolysis unit (13-18%).

5.2 Methanol production cost
Figure 5.2 illustrates the methanol production cost and its breakdown into single entries.
Fuel production cost was evaluated for two different electricity price scenarios, namely
scenario 2019 and 2040, assuming bio-methanol selling price equal to the respective
MFSP.
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Figure 5.2: Fuel production cost and decomposition into major factors. The black vertical line
represents the methanol production cost. Modified from Paper III.

The analysis based on scenario 2019 shows that methanol production cost ranged from
91 $/MWhth to 101 $/MWhth (∼25 $/GJth to 28 $/GJth). The conventional TWOSTAGE-
C unit had the lowest production cost, mainly due to a lower consumption of electricity,
while the flexible facility had the highest production cost. Electricity price was the major
cost factor for the flexible and ES single-mode unit. Since these facilities operate most of
the time with SOC in electrolysis mode, the electricity demand was high. Concerning the
TWOSTAGE-C unit, the major cost factor was the biomass.
In scenario 2040, the methanol production cost ranged from 84 $/MWhth to 91 $/MWhth
(from ∼23 $/GJth to 25 $/GJth), with the TWOSTAGE-SOC-ES unit having the lowest and
the TWOSTAGE-C unit the highest costs, respectively. The breakdown of production cost
changed, with biomass representing the major cost factor for all the three units.
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The yearly methanol production decreasedmarkedly from scenario 2019 to scenario 2040
for the TWOSTAGE-SOC-F unit (from 733 kt/yr to 595 kt/yr) and for the TWOSTAGE-
SOC-ES unit (from 736 kt/yr to 515 kt/yr), while it remained nearly stable for the TWOSTAGE-
C facility (from 590 kt/yr to 551 kt/yr).
Moreover, the capacity factors were stable for the TWOSTAGE-SOC-F unit (constant at
1), and decreased for single-mode facilities TWOSTAGE-SOC-ES (from ∼1 to 0.7) and
TWOSTAGE-C (from 1 to 0.93).
Yearly methanol production and capacity factors had an impact on the variation of the
production cost distribution among the several entries.
The production cost share of the C single-mode unit was not subject to a noticeable vari-
ation, since annual methanol production and capacity factors remained similar. Biomass
share remained unchanged, while no particular variation was noted on the electricity
share.
The TWOSTAGE-SOC-F unit had the same capacity factors in scenario 2019 and 2040,
but the yearly methanol throughput decreased, showing that in scenario 2040, the flexible
unit operated more hours in other operating modes than VLP mode. This behavior is also
confirmed by the largest impact of the revenues from electricity in scenario 2040 (null in
scenario 2019, fig. 5.2). The result is that biomass share increased in scenario 2040, as
the same amount of biomass is consumed, with a reduced methanol yield. Moreover,
the electricity share decreased, since the electricity used during methanol production in
scenario 2040 was in average cheaper.
Capacity factors for the TWOSTAGE-SOC-ES unit were very different in scenarios 2019
and 2040 (down to 70% in scenario 2040). Thus, the methanol yield decreased also.
Biomass share was exactly the same in the two scenarios, while the electricity share
decreased since electricity price was in average lower during the operation of the unit,
compared with scenario 2040. This was not the case for the TWOSTAGE-C single-mode
unit. The lower electricity consumption of the TWOSTAGE-C facility enabled the operation
on a larger number of hours. In average, the yearly expense for electricity did not change
particularly between scenario 2019 and scenario 2040, for the TWOSTAGE-C unit.
In general, the TWOSTAGE-SOC-F and the TWOSTAGE-SOC-ES units benefited from
averagely lower electricity prices of scenario 2040, while the TWOSTAGE-C facility showed
a more stable production cost.

5.3 Minimum fuel selling price
The methanol MFSPs for the three production facilities were computed for the six electric-
ity price scenarios (fig. 5.3). The bio-methanol selling price should be above the MFSP, to
ensure positive NPVs and shorter payback periods. With the only exception of scenario
2040, the conventional TWOSTAGE-C unit ensured the lowest MFSPs, in the range be-
tween 92 $/MWhth (scenario 2019) and 117 $/MWhth (scenario 2035-B). Themain reason
is the lower investment cost. The TWOSTAGE-SOC-ES unit guaranteed the lowest MFSP
in scenario 2040 (87 $/MWhth), while the highest corresponded to 127 $/MWhth in sce-
nario 2035-B. The MFSPs for the TWOSTAGE-SOC-F unit varied between 93 $/MWhth
in scenario 2040 and 125 $/MWhth in scenario 2035-A.
In general, it is observed that the lowest MFSP corresponded to scenarios with low-
est average electricity price (scenarios 2019 and mainly 2040), while the highest MFSP
were associated to a higher average electricity price (scenarios 2035-A and 2035-B). The
TWOSTAGE-SOC-ES unit normally offered lower MFSPs than the flexible TWOSTAGE-
SOC-F, with the exception of scenario 2035-B. In scenario 2035-B, the average electricity
price was relatively high, resulting in higher operating expenses for the ES single-mode
facility. Conversely, the flexible TWOSTAGE-SOC-F unit was able to adjust the operat-
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Figure 5.3: Minimum fuel selling price of methanol for the three investigated units, in the different
electricity price scenarios. Adapted from Paper III.

ing mode to lower the electricity consumption or to switch to electricity production, thus
meeting the optimal operating mode.
In addition to MFSPs, also NPVs, payback time (PBT), yearly methanol production and
capacity factors were evaluated for the three methanol production units. The six electricity
price scenarios were investigated, assuming a methanol selling price in the range from
80 $/MWhth to 160 $/MWhth. The detailed results for the aforementioned economic and
plant parameters can be found in Paper III (Appendix C). The most cost-competitive pro-
duction unit in terms of PBT and NPV depends on the actual methanol selling price. In
scenarios 2019, 2025, and 20XX the single-mode TWOSTAGE-SOC-ES facility ensured
the highest NPVs. While the TWOSTAGE-C unit offered the lowest MFSPs, the ES unit
ensured a larger methanol throughput (generally around +25%). From a societal perspec-
tive, a larger methanol yield from the same biomass feedstock has a beneficial impact,
as it increases the avoided CO2 emitted from fossil-methanol. Subsidies to support the
TWOSTAGE-SOC-ES unit based on the avoided CO2 may in the future become a relevant
political strategy to favor this type of production unit also in terms of shorter payback pe-
riods and reduced MFSPs. The single-mode TWOSTAGE-SOC-ES facility outperformed
also the TWOSTAGE-SOC-F in terms of NPV and PBT, while the yearly methanol yield
were similar. Overall, the slightly larger capacity factor of the flexible TWOSTAGE-SOC-F
unit did not counterbalance the higher investment cost.
In scenarios 2035-A and 2035-B, the single-mode TWOSTAGE-C unit was the most com-
petitive in terms of NPV and PBT, while the yearly methanol production resulted below
the TWOSTAGE-SOC-F and TWOSTAGE-SOC-ES units. Under these circumstances,
the beneficial impact of the TWOSTAGE-C unit on reduction of CO2 emissions would be
lower, compared to the other facilities. The ES unit was more competitive than the flexi-
ble F unit, in terms of NPV, payback periods and methanol yields, but the capacity factors
could decrease below 90% (scenario 2035-A) and to 20 % (scenario 2035-B), when the
methanol selling price was low.
In scenario 2040, the single-mode ES unit guaranteed highest NPV, largest methanol pro-
duction, and typically the shortest payback time. In this case, the conventional TWOSTAGE-
C unit was outperformed by the other facilities.
It is difficult to identify a generally more cost-competitive production unit, as the results are
strongly affected by a high level of uncertainty of the initial assumptions. To help drawing
less ambiguous conclusions, it is recommended to identify the parameters affecting the
most the cost-competitiveness of these production units, and to perform an uncertainty
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analysis. Further information about MFSPs of the investigated units and about profitability
analysis are available in Paper III, Appendix C.

5.4 Comparison with available literature
The investigation about investment costs and MFSPs resulted in rough estimates. A
comparison with real bio-methanol prices data should therefore be done carefully. At
the moment, bio-methanol represents a niche market, and literature treating the price of
bio-methanol is limited, to the author’s best knowledge. Price of bio-methanol is related
to the price of fossil-methanol, which is periodically fluctuating (e.g. in the range from
∼48 $/MWhth to 91 $/MWhth during the period January 2018 - September 2020 [106]).
A suggested range for bio-methanol price may be between 106 and 130 $/MWhth [107].
In this case, the TWOSTAGE-C and TWOSTAGE-SOC-ES single-mode production units
would ensure MFSPs below the lower end of the suggested bio-methanol price range in
most of the electricity price scenarios (exceptions in case of scenarios 2035-A and 2035-
B). Conversely, the TWOSTAGE-SOC-F facility would offer competitive MFSPs below the
lower limit of the suggested range only in scenarios 2019 and 2040.
Care should be used also when comparing the presented results with previous research
studies, owing to the significance of the initial assumptions.
The single-mode production units proposed by Tock et al. [17] (see units B.7, B.8, B.9
and C.1 in table 2.2) were dimensioned for a 400MWth biomass input, and were character-
ized by an investment cost ranging between 160 and 430 M$200712 (corresponding to 186
and 497 M$2019). Different assumptions (e.g. contingency factors) and components (e.g.
WGS units instead of SOC to condition the gas) are responsible for the different grassroot
costs. The methanol production costs were estimated between∼104 and∼137 $/MWhth,
higher than the production cost computed in this work (for example, between ∼91 and
∼101 $/MWhth in scenario 2019), mainly due to a higher estimated electricity price. Han-
nula et al. [71] evaluated the total capital cost of five 300MWth biomass-input single-mode
units (B.13, B.14, B.15, C.3 and C.4, see table 2.2) at around ∼400 M$2007. The different
investment cost is to be ascribed to different estimation methods, the avoided use of SOC,
and different process equipment. The LCOF (or MFSP) (in the range 69-75 $/MWhth) re-
sulted lower than the MFSPs estimated for the three methanol production units presented
in this synopsis. Zhang et al. [14] showed that methanol production units based on WGS
ensure lower investment costs (168 M$, for a 155MWth biomass input unit), shorter pay-
back times, and lower production costs (61 $/MWhth, see unit C.1 in table 2.2), compared
to SOEC-based production units (investment of 198 M$ for a 80MWth biomass input unit,
and production cost of ∼ 139 $/MWhth, see A.3 in table 2.2). It is however important
to mention that the WGS-based unit requires double amount of biomass feedstock, com-
pared to electrolysis-based facilities, to supply the same amount of methanol. Regardless
of the method used to estimate capital and manufacturing costs, it is generally observed
that simpler production units based on WGS reactors ensure lower investment and pro-
duction cost (or MFSPs), as suggested by Zhang et al. [14]. However, and although not
quantified in the present work, it is reasonable to assume that the higher overall carbon
conversion and optimized biomass utilization in SOEC-based facilities would lead to soci-
etal and environmental benefits compared to simpler production units based on e.g. WGS.
From a broader perspective, considering that biomass is a scarce resource, it is paramount
to maximize the exploitation of the initial carbon. Introduction of supportive incentives may
be evaluated to reward those production units that offer an optimized carbon utilization.

12The $ to € exchange ratio was assumed at 1.18, as in the whole techno-economic analysis.
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5.5 Local sensitivity analysis
A local sensitivity analysis aimed at evaluating the impact of eight parameters on the
methanol MFSP was performed on scenario 2019. The range of variation was different for
each parameter, and lower and upper limits were assumed on the basis of previous works
available in the literature. Figure 5.4 illustrates the effects of the investigated parameters
on the MFSPs.
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Figure 5.4: Local sensitivity analysis on the MFSP, for the three investigated facilities. Electricity
price scenario 2019 was used to assess the effects of the various parameters. Figures from Paper
III.

Concerning the flexible TWOSTAGE-SOC-F and the single-mode TWOSTAGE-SOC-ES
facilities, the SOC cost (+42% and +45% of the baseline MFSP) and the biomass price
(+23% and +25% of the baseline MFSP) were the factors impacting the most. If the same
contingency factor13 was assumed for the three units, the MFSPs for the TWOSTAGE-
SOC-F and TWOSTAGE-SOC-ES facilities would decrease to 99.5 $/MWhth and 92.5
$/MWhth. Therefore there would be almost no difference between the MFSP of the two
single-mode units.
SOC cost and biomass represented the most critical parameters also for the TWOSTAGE-
C facility. However, the influence of SOC was reduced (+34% of the baseline MFSP),
compared to the other production units, due to a smaller-size SOC and double lifetime
(steam-electrolysis operation of the SOC was assumed with higher technological readi-
ness level (TRL), compared to operation on carbonaceous gas). Conversely, biomass
influence increased (+32% of the baseline MFSP), in line with the higher biomass share
on the production cost of methanol synthesized via the TWOSTAGE-C unit.

13In the techno-economic analysis, a higher contingency factor was assumed for the TWOSTAGE-SOC-F
and TWOSTAGE-SOC-ES units, to account for contingencies. The increased factor was assumed to account
for potential additional complexities of these facilities. Refer to Paper III, Appendix C for additional details.

50



5.6 Green electricity price limit
An additional analysis on the MFSPs was carried out by introducing a green electricity
price limit. The threshold distinguishes between electricity available from renewables and
electricity produced from backup fossil-fuel-based power plants, or more generally when
renewables are not available (e.g. when wind is not blowing). The simplified assump-
tion consists in assuming that electricity at prices above the green electricity price limit
come from backup power plants. When electricity price is above this threshold, the flexi-
ble unit TWOSTAGE-SOC-F co-produces electricity or produces electricity only, while the
two single-mode units are shut down. Figure 5.5 displays the behavior of the MFSPs at
various electricity green price limits. From a comparison of the three methanol production
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Figure 5.5: MFSPs for the three investigated methanol production units, according to the green
electricity price limit. Figures from Paper III.

units, it is observed that a green electricity price limit exists for which the MFSP of the
TWOSTAGE-SOC-F flexible unit is lower than the MFSP of the single-mode facilities. It
is worth to mention that the green electricity price limit should not be too low, else it would
result in an unrealistic future scenario where electricity would be produced by fossil-fuel
backup power plants during most of the operating hours14. To investigate the competi-
tiveness of each methanol production units, an evaluation was performed about the pay-
back periods, NPVs, annual methanol productions, and capacity factors (see fig. 5.6).
In case of methanol selling prices exceeding ∼120 $/MWhth, the flexible TWOSTAGE-
SOC-F unit outperformed the single-mode units, ensuring higher NPVs, higher capacity
factors (always at 100%, while limited to ∼64% for the two single-mode units), and pay-
back periods in line with the ones offered by the single-mode facilities. This phenomenon
was observed for both the investigated electricity price scenarios (2019 and 2040). More-
over, the TWOSTAGE-SOC-F units ensured the largest yearly methanol production, re-
spectively 18% and 46% higher than the ones offered by the TWOSTAGE-SOC-ES and
TWOSTAGE-C single-mode units. Under these circumstances, the flexibility offered by

14This does not seem to coincide with the desired future scenario, typically characterized by a large share
of renewable energy technologies covering most of the operating hours [108]
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Figure 5.6: Payback periods, NPVs, annual methanol productions and capacity factors for the
three investigated methanol production units. A green electricity price limit of 50 $/MWhel was
assumed, and electricity price scenarios 2019 and 2040 were investigated. Adapted from Paper
III.

the TWOSTAGE-SOC-F unit becomes an important asset, as it ensures a lower environ-
mental impact compared to single-mode production units. Further details regarding the
variation of the MFSPs at different green electricity price limits are treated in Paper III
(see Appendix C).
At last, it is paramount to mention that the TWOSTAGE-SOC-F unit may not be the most
appropriate flexible solution. Other flexible units may be more cost competitive, such as
e.g. the EFG-PYRO, treated in chapter 4. Other possibilities for flexible methanol pro-
duction facilities may involve (1) the reduction in the number of operating modes, to save
in additional process equipment, or (2) single-mode units based on steam-electrolysis
via SOECs, using externally-produced and stored electrolytic H2 to ensure continuous
operation when RES are not available.

5.7 Societal benefit of flexible methanol production units
From a societal or TSO perspective, the flexible TWOSTAGE-SOC-F unit ensures an
additional benefit. In scenarios where backup power is based on fossil fuels, the flexible
facility allows to avoid the construction of a backup power plant, whose size corresponds
to the maximum power produced by the TWOSTAGE-SOC-F unit. A preliminary analysis
was performed on the MFSP of the TWOSTAGE-SOC-F unit, by subtracting the cost
of a natural gas (NG) backup power plant, as this corresponds to an avoided cost for
society and the TSO. The analysis showed that, by accounting for the societal benefit
of the flexible unit, the TWOSTAGE-SOC-F unit ensured MFSPs e.g. in the range 82-
97 $/MWhth in scenario 2019, or in the range 62-83 $/MWhth in scenario 2040. In this
situation, the TWOSTAGE-SOC-F unit may result more competitive than the single-mode
facilities.
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6 Conclusions
The Ph.D. project aimed at investigating methanol production units designed by coupling
biomass thermochemical conversion and solid oxide cells (SOCs).
Eleven production units, comprising five flexible units and six single-mode units, were
herein proposed and analyzed from a thermodynamic perspective.
The flexible units are able to adapt to the electricity price by reducing the consumption of
electricity. Configurations conceived to operate in five operating modes enable the units to
(1) produce methanol, (2) co-produce methanol and electricity, or (3) produce electricity.
On the other hand, single-mode production units are designed to maximize the methanol
yield. While the flexible units were all designed to operate on wood, five single-mode
facilities were designed to operate on wheat straw as feedstock.
The main findings of the thermodynamic analysis may be summarized as follows, with
highlights on the related accomplished research objectives.

Research objective 1
A novel flexible methanol production unit based on the deep integration of the TwoStage
gasifier and SOCs has been proposed with the name TWOSTAGE-SOC-F. This solution
offers a promising thermal efficiency up to 71%, and overall carbon conversion up to 92%.

Research objective 2
Recirculation of CO2 ahead of the SOC in the TWOSTAGE-SOC-F flexible unit allows to
increase the methanol yield and the overall carbon conversion. Increasing the steam con-
tent in the char gasifier leads to enhanced reactivity in the gasifier and to potentially smaller
reactors. However, an associated drawback on the thermal efficiency is noted. Increasing
the gasification pressure results in reduced power demand for the syngas compression
and smaller size of the equipment, but reduces the overall carbon conversion.

Research objective 3
Various thermochemical conversion platform may be used to design flexible methanol
production units, alternative to the TWOSTAGE-SOC-F facility. Among these units, the
solution based on an entrained flow gasifier with integrated pyrolysis, herein referred to
as EFG-PYRO, offers the highest thermal efficiencies (up to 72%), and the highest overall
carbon conversion (up to 97%).
The comparison among flexible units and single-mode units revealed that flexible units
generally outperform single-mode facilities described in previous works, when producing
methanol. Moreover, flexible units deliver high efficiencies and are competitive with simi-
lar single-mode facilities when co-producing methanol and electricity, or when producing
electricity only.

Research objective 4
Agricultural residues such as e.g. straw may be efficiently converted to methanol via
the Low Temperature Circulating Fluidized Bed (LTCFB), solid oxide electrolysis cells
(SOECs) and a novel combined partial oxidation (POX) and char bed cleaning unit. The
thermodynamic analysis showed that the highest efficiency (54%, biomass and electricity
to methanol efficiency) and carbon conversion (58%) are obtained when using a CO2/O2
mixture as gasifying media and pure O2 for the POX. Higher POX temperatures may lead
to full conversion of tars, thus avoiding the char bed. Straw-to-methanol pathway via ther-
mochemical conversion and SOCs is not as efficient as wood-to-methanol pathway, but
it enables utilization of lower-grade resources. Hence, in a context where wise utilization
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of biomass is essential, these LTCFB-structured single-mode units may constitute the
supplement to wood biomass gasification in the production of biofuels.

A techno-economic analysis was carried out to investigate the cost-competitiveness of
the flexible TWOSTAGE-SOC-F unit, against similar single-mode methanol production
facilities, namely the TWOSTAGE-SOC-ES (corresponding to one of the operating modes
of the TWOSTAGE-SOC-F), and the TWOSTAGE-C unit. Six real and projected electricity
price scenarios were analyzed.
The main outcomes of the techno-economic analysis, useful to achieve the last research
objective, may be summarized as follows.

Research objective 5
From the investment perspective, the more conventional TWOSTAGE-C unit featured
the lowest grassroot cost, followed by the single-mode TWOSTAGE-SOC-ES unit. The
TWOSTAGE-SOC-F flexible unit had the highest investment cost, due to a more com-
plex configuration to easily adapt to different operating modes. As a consequence of the
lower investment costs, the single-mode units generally featured the lowest minimum bio-
methanol minimum fuel selling price (MFSP).
The most cost-competitive solutions in terms of payback periods and net present value
(NPV) depend on the actual bio-methanol selling price. In general, single-mode units
ensure higher NPVs and shorter payback periods than the flexible TWOSTAGE-SOC-F
facility. Supportive subsidies, that may be introduced to incentivize solutions that ensure
a better exploitation of the biomass feedstock, may however change these outcomes in
favor of units with the highest overall carbon conversions.
The comparison with real bio-methanol selling prices indicates that MFSPs for the single-
mode units lay below the suggested bio-methanol price, while MFSPs for the TWOSTAGE-
SOC-F flexible units may lay below or in the low-end of the actual bio-methanol price de-
pending on the specific electricity price scenarios.
A simplified analysis on the hourly availability of electricity from renewable energy sources
revealed that the flexible production unit may offer highest capacity factors, annual methanol
production and competitive MFSPs.
Additionally, flexible units may include a benefit from a societal perspective, since they can
produce electricity at need. This may result in an avoided cost for society, corresponding
to the avoided construction of backup power plants.
Overall, while single-mode units may be preferred from a merely economic perspective,
flexible units offer relevant advantages that society may benefit from.

54



7 Perspectives
Based on the experience acquired during this Ph.D. and the outcomes of this thesis, fur-
ther research may be suggested on the following topics.

• Operation of the SOC on tar-laden gas has been investigated in previous experi-
mental campaigns. The general outcome is that SOC may operate on tarry gas
under specific circumstances (e.g. particular materials of the SOC electrodes, tem-
peratures ∼800 ◦C). Successful operation has been proven only on short terms
tests. Long-term experimental campaigns are needed to test operation of SOC on
tar-laden gas from the novel updraft fixed bed pyrolysis unit, developed at DTU, or
from other kinds. Different materials may be used for the construction of the SOC, to
assess whether specific materials such as e.g. Ni-GDC electrodes better withstand
tars.

• During this Ph.D., the flexible solution analyzed within the techno-economic analysis
featured a large investment cost, that hampered the cost-competitiveness of the unit.
The investigated flexible unit is only one of the several flexible facilities. Therefore,
a techno-economic analysis is recommended focusing on other suggested flexible
facilities or configurations (e.g. single-mode steam-electrolysis-based units featur-
ing addition of external electrolytic hydrogen when renewable energy sources are
not available).

• The techno-economic analysis is a useful tool to investigate themost cost-competitive
solution, but can not indicate how each solution would fit in a national energy sys-
tems. It is necessary to analyze how the flexible and single-mode units fit in e.g.
the Danish energy system, to investigate whether the national system would ben-
efit from a flexible unit able to act as a buffer to the fluctuating renewable energy
sources.

• At this stage, it is difficult to draw conclusions about the most cost-competitive so-
lution. A global sensitivity analysis built upon sets of variables would enable to
consider the entire variation range of inputs and to explore the whole design space.
This will be useful to identify the most critical variables. A subsequent uncertainty
analysis on these parameters may be carried out. The outcomes may give clearer
indications about the best solution.

• A Life Cycle Assessment (LCA) may be used to assess the environmental impacts
of each of the proposed solutions over their entire life cycle. This would allow to
account for e.g. the environmental implications of optimized carbon conversion, or
the operation of single-mode units consuming electricity when renewable energy
sources are not directly available.
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Synthesis of biofuels is an important step in the phase out of fossil fuels in the transportation sector, especially 

in long-distance sea, air and road transport where direct electrification seems unfeasible. Integration of 

renewable electricity enables efficient electricity storage as well as an increased utilization of the biomass 

carbon, which lowers the biomass demand. This paper presents a flexible system for the conversion of biomass 

and electricity to methanol. The system is based on the deep integration of a Two-Stage gasifier and solid oxide 

cells (SOC). The integration enables efficient production of a nitrogen-free high-quality syngas, suitable for 

methanol production. This study focuses on the system in electrolysis mode, and analyzes the effects of 

recirculating CO2 from the gas conditioning and methanol synthesis process back to the SOC, as well as the 

effects of pressurized operation of the gasifier and increased H2O content in the gasifier. Thermodynamic 

modeling shows that CO2-recirculation allows an increase in conversion of the carbon in the biomass to 

methanol from 80 % up to 92 %, with an energy efficiency of 71 %. Only a slight pressurization seems feasible, 

as an increase in pressure beyond ~3 bar results in significant methane formation inside the SOC. 

1. Introduction 

The phase out of fossil fuels from the transportation sector requires several solutions in order to be cost efficient 

and technically feasible. Battery electric vehicles are an important part of the solution, especially for cars, but 

biofuels or electro-fuels are needed for long-distance transports, for example by ships, airplanes and trucks 

(Mathiesen et al., 2015). Gasification represents a pathway to convert biomass to a syngas suitable for 

production of biofuels, such as methanol (MeOH), dimethyl ether (DME) or synthetic natural gas (SNG) - all 

suitable for internal combustion engines. A way to limit the consumption of biomass for biofuels is to mix the 

biomass syngas with electrolytic H2. This can approximately double the biofuel output per biomass input 

(Clausen, 2015). Among the different gasification technologies, the Two-Stage Gasifier developed at the 

Technical University of Denmark (DTU) has high cold gas efficiency and low tar content of the produced syngas, 

adopting only a bag-filter for gas cleaning (Gadsbøll et al., 2019). New concepts for the Two-Stage gasifier 

based on updraft fixed bed pyrolysis and fluid bed char gasification can be scaled to 50-100 MW (Gadsbøll et 

al., 2019), or even more if pressurized. The integration of Two-Stage gasification and solid oxide cells (SOC) 

has previously been studied, both for electricity production when operating as solid oxide fuel cells (SOFC) 

(Bang-Møller et al., 2011) or for biofuel production when operated as solid oxide electrolysis cells (SOEC) 

(Pozzo et al., 2015). One study has also considered both operating modes of the SOC in a polygeneration plant 

employing Two-Stage gasification and SOC, converting biomass to SNG (69 % efficiency) or electricity (46 % 

efficiency), depending on electricity prices (Sigurjonsson and Clausen, 2018). Instead of adding electrolytic 

hydrogen to the syngas, it is also possible to feed the SOEC directly with syngas, as suggested by (Pozzo et 

al., 2015). In this way, co-electrolysis is performed directly on the syngas, and it becomes much easier to change 

operation to SOFC mode, as the syngas flow does not need to be redirected. In this paper, the integration 
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between gasifier and SOC is increased further by placing the SOC between the pyrolysis reactor and the char 

gasification reactor of the Two-Stage gasifier. The novel configuration features the operation of the SOC as 

either SOFC or SOEC, creating a system able to produce a high quality syngas for biofuels production no matter 

the electricity price. Compared to the paper by (Pozzo et al., 2015), this system has simple oxygen handling, as 

the gasifier does not need oxygen. The fluid bed char reactor is instead electrically heated with heating elements 

in the bed. Furthermore, when using electric heating the size of the SOC is reduced. Internal reforming in the 

SOC of pre-reformed tars also increases efficiency in SOFC mode. This novel concept has been named the 

Two-Stage Electro-Gasifier. This paper focuses on the operation in SOEC mode, as this is the main mode of 

operation. The syngas is used for methanol synthesis. The system, shown schematically in Figure 1, is designed 

and analyzed by thermodynamic modelling in energy and exergy terms. A parametric analysis has the objective 

of investigating the effect of varying pressure and steam content in the gasifier. An increase in pressure could 

possibly push towards smaller components, whereas the increase in steam content in the gasifier improves the 

kinetics of the gasification reactions, making the reactor smaller. A number of cases are evaluated by changing 

these two parameters. Furthermore, the cases will show the impact of recirculating CO2 from the acid gas 

removal (AGR) and the topping column in the methanol synthesis section back to the SOEC. 

 

Figure 1: Schematic view of the plant for biomass conversion to methanol, when the SOC operates as SOEC. 

CO2 recirculation, not adopted in the base case, is also shown. 

2. Methods 

The thermodynamic modeling is carried out using the software Dynamic Network Analysis (DNA) (Elmegaard, 

1999) for the gasification section and AspenPlus from AspenTech® for the methanol synthesis plant, where PR-

BM equations of states are used for the syngas processing and SR-POLAR equations of states are used for the 

methanol synthesis and distillation and for the recirculation (Clausen, 2015). 

2.1 Plant description and modelling 

Wet wood chips are dried using superheated steam in an updraft fixed bed. The generated steam is cleaned for 

particles and added to the gas downstream to provide the H2O for both electrolysis and the gasification 

reactions. The dry biomass from the dryer undergoes pyrolysis and is cleaned for particles and sulfur before 

mixing with steam. To avoid tar condensation in the tar-laden volatiles exiting the pyrolysis, temperature is kept 

above 250 °C. Sulfur removal is important to preserve the lifetime of the pre-reformer and the SOEC, as both 

are very sensitive to sulfur poisoning. To effectively remove sulfur, present as H2S, COS and sulfur-containing 

organic molecules, the combined effects of Zinc-oxide- and Copper-oxide-bed technologies can be applied 

(Haldor Topsøe, 2019). Furthermore, the pre-reformer will act as a secondary guard bed for the SOEC, lowering 

sulfur levels to sub ppm levels. Before sending the gas to the SOEC, the adiabatic pre-reformer converts tar 

compounds and higher hydrocarbons to methane, to prevent a fast decay of the SOEC lifetime. In the SOEC, 

the gas is reduced, and the methane in the gas is reformed to H2 and CO. The gas then enters the electrically 

heated fluid bed char gasifier, where char is gasified by the steam and CO2 content in the gas. After particle 

removal the syngas goes to acid gas removal (AGR) carried out by an amine wash. Dry CO2-lean syngas is 

compressed and sent to the methanol synthesis loop. The methanol reactor is cooled with boiling water at ~255 

°C. The produced steam condenses at around the same temperature releasing heat primarily to the steam 

superheater in the steam dryer section. Methanol and water are condensed from the methanol reactor product 

gas. Most of the residual gas is recirculated to the methanol reactor (97 %). The purged gas is burned to provide 

high temperature heat to other sections of the plant. The liquid stream is sent to distillation, consisting of a 

topping column for removal of absorbed gasses, and a distillation column at atmospheric pressure for separation 

of methanol and water. Table 1 shows all the process parameters used to model the system. The pyrolysis 

process has been modeled as a balanced reaction (neither exothermic or endothermic), and an “equivalent gas 
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composition” has been calculated based on this and a normal mass (H,C,O etc.) and energy balance. The 

SOEC has been modeled as described in (Butera et al., 2019).  

2.2 Parametric analysis 

Besides the modeling and analysis of a base case, a parametric analysis is performed to evaluate the effects 

on the system by 1) including CO2 recirculation from the AGR and the topping column, 2) increasing the steam 

content at the outlet of the char gasifier (10-20 mol. %) and 3) increasing the pressure. The change in pressure 

is done indirectly by changing the maximum allowable methane content in the syngas. The methane content 

will be determined by the SOEC, as the nickel containing fuel electrode catalyzes methane synthesis (and 

reforming). An increase in methane content will therefore correspond to an increase in pressure. Grand 

Composite Curves are built for each case to assess whether an external heat source is needed.  

Table 1: Process design parameters for the biomass to methanol conversion plant. 

Component  Parameters 

Woody Biomass feed 

Beech wood chips 

(Gadsbøll et al., 2019) 

Dry composition [wt %]: C 48.1, O 44.8, H 6.4, N 0.081, ash 0.619. 

Biomass in [MWth,dry]=100 LHV [kJ/kg]=18280 Cp,dry biomass [kJ/kg∙K]=1.35 

Tbiomass,in [°C]=25   

Steam Dryer Tinlet,steam [°C]=250 Tout,steam,atm pressure [°C]=120 Tout,biomass [°C]=240 

Tout,steam,high pressure [°C]=170 Moisture out [wt %]=2 ∆psteam dryer [mbar]=30 

Pyrolysis reactor  

(updraft fixed bed) 

Char Composition [wt %]: C 90.7, O 4.5, H 2.1, N 0.2, ash 2.5. 

Cp,char [kJ/kg∙K]=1.276 mchar/mbiomass,dry [-]=0.25 heat loss [MW]=1 

LHV [kJ/kg]=33130 Tin,recirculated volatiles [°C]=750 Tout,volatiles [°C]=250 

Tout,char [°C]=740 ∆ppyrolysis [mbar]=30  

Gas Cleaning ∆pparticle removal [mbar]=5 ∆psulfur removal [mbar]=20  

Compressors, 

Blowers and Ejector 

ηis,compressor [-]=0.8 ηis,turbine [-]=0.85 ηis,compressor part-load [-]=0.4 

ηis,blower [-]=0.4 ηel-mech [-]=0.95; ηejector [-]=0.20* 

Solid Oxide Cell ASRcell = 0.2** iSOEC [A/cm2]=-1 xO2,air, out [mol. %] = 50 

 Tfuel gas,in [°C]=750 Tfuel gas,out [°C]=750 Tair,in [°C]=700 

 Tair,out [°C]=750 no heat loss ∆pSOEC [mbar]=30 

 Chemical equilibrium at the fuel outlet. 

Char Gasifier 

(fluid bed) 

C conversion*** [-]=0.95 heat loss [MW]=1 Tsyngas,out [°C]=850 

Tash,out [°C]=850 Tash,out [°C]=850 ∆pgasifier [mbar]=150 

WGS at equilibrium at the outlet (CH4 inert). 

Methanol synthesis Based on (Clausen, 2015). 

Acid Gas Removal Heat [MJ/kgCO2,removed]=3.8 Theat for stripping column [°C]=120 xCO2,syngas out [mol. %] =1.2 

 xH2O,syngas out [mol. %] =0 ∆pAGR [mbar]=50  

Heat exchangers ∆T/2evap-cond[°C]=2.5 ∆T/2gas[°C]=25 ∆T/2syngas-H2O-condensing[°C]=5 

 ∆T/2MeOH reactor[°C]=5 ∆T/2steam heater[°C]=5 ∆pHE,gasif. section [mbar]=10 

 ∆pHE,int. pressure[mbar]=100 ∆pHE,high pressure [mbar]=800  

Burner xO2,exhausts out [mol. %] = 16 ∆pburner [mbar]=10  

*Value from (Wendel et al., 2016). 

**Value from (Noponen et al., 2014). ASR = ASRcell + ASRinterconnects. ASRinterconnects is deliberately increased to 

provide heat for the electrolysis and reforming reactions. The value of ASRinterconnects is an output of the model.  

***Considering the combined process of pyrolysis and gasification. 

3. Results and discussion 

The full plant is shown in Figure 2 for the base case, where the gasification section operates at atmospheric 

pressure and the steam content at the outlet of the gasifier is set to 10 mol %. CO2 recirculation is not used but 

shown in light grey to clarify how CO2 recirculation is incorporated in the other cases. 

The exergy analysis performed on the base case, drawn in Figure 3, shows an exergy efficiency of 74.5 %. The 

analysis shows that the least efficient process from an exergetic point of view is heat transfer (10.2 %, ~11 MW). 

The temperature difference between fluids is the major responsible for this phenomenon and its reduction could 

improve the exergy efficiency. Nevertheless, larger-area and more expensive heat exchangers would be 

required. Table 2 includes the inputs and results from all the cases studied. At 1 and 2 mol. % CH4 content at 

the outlet of the SOEC, the pressure in the gasification section increases from atmospheric conditions to 2-6 

bar. Furthermore, at constant CH4 molar fraction (cases B or C), it is seen that an increase in H2O content results 
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in an increase in gasifier pressure, as higher steam content inhibits CH4 formation. An increase in pressure from 

atmospheric up to 6.3 bar (case C.3), results in approx. 6 times smaller components for the gasification section, 

which becomes attractive when pushing towards large-scale plants of 100 MWth or more of dry biomass input. 

The pressure increase also reduces compressor cost and power, from 14 MWel (case A.3) to 7 MWel (case C.3). 

The CO2-recirculation only slightly increases efficiency (70.0 % to 70.6 %) but instead increases overall carbon 

conversion to methanol from 79.7 % to 92.2 %. Efficiency is reduced when increasing the methane content 

above 1 %, as inert methane builds up in the methanol synthesis loop, leading to a higher purge gas loss.  

 

 

Figure 2: Full plant for the conversion of woody biomass to methanol. Data refers to the base case. (note: 

components in grey are not used in the base case). Note: the reactivity in the char gasifier is calculated by the 

method explained in (Gøbel, 1999). 

A high H2O content (20 %) also has a negative impact on efficiency, as there is not enough waste heat to cover 

the needed heat for steam drying, AGR and the distillation column reboiler. This can also be seen on the Grand 

Composite Curve for case B.3 (Figure 4). Here a maximum external heat source of 7.97 MW is needed to satisfy 

the thermal energy demand of the process. The need for an external heat source is detrimental for the efficiency 

of the system, as the heat is assumed to be provided by electric heating. A solution is to use a heat pump to 

cover the distillation column heat demand by using excess low temperature heat from the plant. This could 

considerably decrease the demand for external heat. When AGR heat is supplied through electric heating, the 

use of a high temperature heat pump to cover the AGR heat demand would improve the energy efficiency of 

the process even further. Table 2 also reports the char gasifier reactivity evaluated at the outlet of the gasifier. 

By changing the steam content from 10 mol. % to 20 mol. % the reactivity increases by ~140 %, indicating the 

potential size reduction of the fluid bed char gasifier. The specific size of the methanol reactor is indirectly shown 

by the ratio between the molar flow rate of gas at the inlet of the methanol reactor divided by the molar flow rate 

of product methanol. Adding CO2 recirculation does not change this ratio, as the increase in gas flow to the 

methanol reactor is compensated by an increase in methanol production. When increasing the CH4 content to 

1-2 %, the reactor size is increased by 66 % (case C.3), as the methane builds up in the methanol synthesis 

loop. 
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Figure 3: Exergy analysis for the base case. Reference temperature T0 and pressure p0 are set respectively to 

25 °C and 1.013 bar. Reference environment for the chemical exergy is the Model II, Appendix C from (Bejan 

et al. 1999). ED and EL stand for exergy destruction and exergy loss in each process. 

Table 2: inputs and relevant outputs of the analyzed cases. Note that pressure is an input at atmospheric 

pressure when the methane content is not set, but pressure is an output when the methane content is set. 

Case  Base A.1 A.2 A.3 B.1 B.2 B.3 C.1 C.2 C.3 

Inputs           

xCH4,SOEC-outlet [mol. %] - - - - 1 1 1 2 2 2 

xH2O,gasifier-outlet [mol. %] 10 10 15 20 10 15 20 10 15 20 

CO2 recycle No Yes Yes Yes Yes Yes Yes Yes Yes Yes 

pSOEC-outlet [bar] 1.02 1.02 1.02 1.02 2.27 3.08 4.18 3.38 4.60 6.28 

Outputs           

Syngas compressors [MWel] 12.1 14.0 14.0 14.0 10.4 9.3 8.4 8.9 8.0 7.1 

Total power demand [MWel] 58.8 81.9 82.0 87.8 77.7 77.0 83.1 75.6 74.7 76.9 

Methanol output [MWth] 111.4 128.4 128.7 128.9 125.1 124.7 124.1 120.9 119.9 118.8 

AGR heat demand [MWth] 2.0 2.3 7.8 12.1 2.2 7.7 11.9 4.1 7.5 11.6 

External heat source [MWth] 0.0 0.0 0.0 5.7 0.0 0.3 8.0 0.0 0.0 3.0 

Efficiency [ %] 69.8 70.5 70.6 68.5 70.4 70.4 67.7 68.7 68.6 67.2 

Carbon Conversion to methanol [ %] 79.7 91.8 92.1 92.2 89.5 89.2 88.7 86.4 85.8 85.0 

Char gasifier reactivity (outlet) ∙105 [s-1] 1.95 1.95 3.17 4.62 1.98 3.24 4.76 2.01 3.29 4.82 

Eq biomass moisture content [wt. %] 45.3 50.9 54.4 57.9 50.8 54.2 57.7 50.6 53.9 57.4 

MeOH reactor size [kmolgas / kmolMeOH] 5.78 5.88 5.74 5.67 7.11 7.27 7.51 8.76 9.13 9.58 

 

 

Figure 4: Grand Composite Curve for the case B.3. 
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4. Conclusion 

A novel system integrating a Two-Stage gasifier and solid oxide cells for the conversion of biomass and 

electricity to methanol has been proposed and analyzed by thermodynamic modelling. The effects of CO2 

recirculation, pressurization and H2O content in the gasification have been evaluated. In general, the analysis 

showed that the system overall benefits from CO2 recirculation, as carbon conversion increases from 80 % up 

to 92 %, while plant efficiency is stable. The increase in pressure of the Two-Stage Electro-Gasifier decreases 

component sizes as well as compressor power and cost. Increasing the pressure beyond ~3 bar results in 

decreased carbon conversion and efficiency and increased size of the MeOH reactor, as methane is formed in 

the SOEC. Further analysis is needed to assess whether an increase in pressure is beneficial for the economy 

of the system. Increasing steam content in the char gasifier increases the reactivity, allowing it to be downsized, 

but when the steam content is increased beyond 15 mol. % the plant efficiency decreases. The decrease in 

efficiency can almost be offset by integrating a heat pump. Further experimental campaign will also investigate 

SOC running on pyrolysis gas, to test the SOC operation without use of the pre-reformer. 
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A B S T R A C T

Synthetic fuels produced from carbonaceous sources and renewable electricity can play an important role in
phasing out fossil fuels. By integrating electricity in fuel production, an indirect electrification of long-distance
sea, air and road transport becomes feasible. This paper presents the modeling analysis of a flexible system for
the conversion of biomass and electricity to methanol. The system integrates an efficient TwoStage biomass
gasifier and solid oxide cells (SOC). The SOC can operate in both electrolysis mode and fuel cell mode. In this
way, the system can store electricity in the form of methanol in electrolysis mode or have co-production of
electricity in fuel cell mode. Additional operational modes are also presented, making it feasible to operate the
system no matter the electricity price. The heat for the endothermic gasification reactions is provided either
through electric heating or partial oxidation directly in the char fluid bed gasifier. Five operating modes have
been modeled and analyzed, showing a promising input–output efficiency ranging between 71% with maximum
electricity consumption, and 37% when producing only electricity (LHVdry). The presented system outperforms
most of the more conventional state-of-the-art systems using biomass gasification as route to produce methanol.
Most importantly, its flexibility enables continuous operation no matter the electricity price.

1. Introduction

Several scenarios for the future green transportation sector forecast
a high degree of direct electrification of vehicles [1–3]. Extension of
direct electrification to e.g. aviation, shipping and heavy goods trans-
port is difficult [4], especially long-distance and heavy transport will
most likely require high-density energy carriers. Covering this demand
with liquid biofuels may result in very high biomass consumption,
which could be difficult to cover in a sustainable way [4–8]. A solution
to lower the biomass consumption is to use electricity from renewables
such as wind and solar to boost the energy content of the biomass-
derived fuels. Such fuels are therefore often referred to as electrofuels
[9,10]. Electricity can be integrated in the production of liquid biofuels
either by high temperature electric heating [11] or electrolysis [11–15].

Another way of lowering the biomass consumption for liquid fuel
production while decreasing CO2 emissions is to use CO2 captured from
e.g. process industries. By combining CO2 with electrolytic H2 or al-
ternatively co-electrolysis of H2O and CO2, syngas can be generated for
the production of various synthetic fuels, such as Synthetic Natural Gas

(SNG) [16,17], Fischer-Tropsch (FT) fuels [18,19], Dimethyl Ether
(DME) [20] or Methanol (MeOH) [12].

Biomass gasification is a key technology for efficient production of
biofuels. Among the various biomass gasifiers developed [21–30], the
TwoStage Gasifier enables production of a tar-free syngas with very
high cold gas efficiency [31–34]. The strengths of the TwoStage gasi-
fication technology, developed at the Biomass Gasification Group at the
Technical University of Denmark (DTU), arise from the separation of
pyrolysis and char gasification in two different reactors. Between pyr-
olysis and char gasification, volatiles are partially oxidized with air or
O2, to perform tar cracking and to provide the necessary heat for the
char gasification process. Fig. 1 shows a schematic plant of an upscaled
TwoStage Gasifier employing an updraft fixed bed for pyrolysis and a
fluid bed for char gasification [35]. When air-blown, the produced gas
can be converted in a gas engine [33,34,36], gas turbine or fuel cell
[37] for combined heat and power (CHP) generation. When oxygen-
blown the syngas can be used for chemical synthesis of fuels or che-
micals [38–40].

Biomass gasification can be coupled to water electrolysis in order to
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increase the hydrogen content of the syngas to match downstream
synthesis requirements, and part of the oxygen generated by electrolysis
can be used by the gasification process, thus avoiding an air separation
unit (ASU). This combination of biomass gasification and electrolysis
for biofuels production has been the subject of several published papers
[12,39–45]. Some of these studies have looked at combining a Two-
Stage Gasifier with solid oxide cells to achieve a highly energy efficient
production of SNG [39,40], DME [44] or MeOH [45]. In [40], Clausen
analyzed SNG production from very wet biomass by integrating steam
drying, gasification and steam electrolysis. The steam drying delivered
the needed steam for gasification and steam electrolysis. In [44], Pozzo
et al. analyzed the installation of an SOEC downstream a TwoStage
gasifier to perform co-electrolysis on the syngas from the gasifier: the
biomass to DME plant achieved a biomass to biofuel efficiency of 69.5%

(LHV). In [39], Sigurjonsson and Clausen proposed a technoeconomic
analysis of a poly-generation system where biomass is converted in a
TwoStage Gasifier to syngas, afterwards upgraded to SNG with elec-
trolytic H2 or oxidized in a solid oxide fuel cell (SOFC) to produce
electricity. The ability to alternate between power production and
consumption proved to increase the overall feasibility of the system.

Experimental tests of the coupling of a TwoStage Gasifier and an
SOEC system has not been performed yet, but oxygen blown operation
of the Viking TwoStage Gasifier has been performed [38,46], and the
syngas from the same plant has been tested in an SOFC stack for power
production [37,46]. Besides particle removal by a bag house filter, the
SOFC tests were performed with only an active carbon filter for gas
cleaning. Even when removing the active carbon filter there were no
significant performance loss [37].

Nomenclature

Symbols

ASOC SOC Active Area [m2]
ASR Area Specific Resistance [Ω∙cm2]
Cp Specific heat capacity [kJ/kg K]
ENernst Nernst potential [V]
ENernst av, Average Nernst potential [V]
F Faraday Constant [C/kmole]
g Specific Gibbs Free Energy [kJ/kg]
H C/ Hydrogen to Carbon ratio [–]
iSOC Current Density SOC [A/cm2]
ISOC Total Current SOC [A]
k Rate Constant [s−1 atm−1]
LHV Lower Heating Value [kJ/kg]
M Mass [kg]
m Mass Flow Rate [kg/s]
p Pressure [bar]
pi Partial pressure i-species [bar]
Q Heat flow rate [MW]
R Reactivity [s−1]
T Temperature [°C]
UF Utilization factor [–]
VSRU SOC, Operating voltage SRU SOC [V]
W Electric Power [MW]
xi Molar fraction i-species [–]
X Conversion [–]

G Gibbs Free Energy of reaction [KJ/kmol]
G Variation rate of Gibbs Free Energy [kW]
p Pressure difference [bar]
T Temperature difference [°C]

ne Number of electrons[kmole/kmol]
Efficiency [–]

is Isentropic Efficiency [–]
mech Mechanical Efficiency [–]
CG Cold Gas Efficiency [–]

Abbreviations

AGR Acid Gas Removal
ASU Air Separation Unit
BOP Balance of Plant
CHP Combined Heat and Power
DC Distillation Column
FICFB Fast internally circulating fluid bed
FT Fischer-Tropsch
GDC Gadolinum doped Ceria
DME Dimethyl Ether
DTU Technical University of Denmark
HT High Temperature
MEA Monoethanolamine
MeOH Methanol
Ni Nickel
POX Partial Oxidation
SNG Synthetic Natural Gas
SOC Solid Oxide Cell
SOEC Solid Oxide Electrolysis Cell
SOFC Solid Oxide Fuel Cell
SRU Single Repeating Unit
TC Topping Column
WGS Water gas shift

Fig. 1. Schematic of the upscaled TwoStage Gasifier developed at DTU with two updraft reactors for drying and pyrolysis and a fluid bed char gasifier.
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This paper proposes a deeper integration of a TwoStage Gasifier and
SOC technology, in which the SOC is placed between the pyrolysis and
char gasification reactors (Fig. 2), thus replacing the partial oxidation.
This implies cleaning the pyrolysis gas for particles and sulfur before
sending the gas to the SOC. The Nickel (Ni) in today’s SoA SOC fuel
electrode catalyzes internal reforming of methane and possible tars and
light hydrocarbons in the volatiles [47–51]. However, new ceria con-
taining SOCs may be needed to handle the high tar content – this will be
discussed later. Internal reforming in the SOC provides cooling in SOFC
mode, thus lowering the need for air cooling on the oxygen side. When
the SOC is in SOEC mode, electricity provides the needed heat for

internal reforming by ohmic heat release of the stack. Air is used to
sweep the oxygen side of the SOC in SOEC mode, as the oxygen pro-
duced is not needed by the system. Depending on the operating mode of
the system, electric heating or air injection provides the heat for char
gasification (Fig. 2). This integrated system has been named the
“TwoStage Electro-gasifier”, to differentiate from previous studies
combining the TwoStage gasifier and SOC technology. The main idea
behind the concept is that high quality syngas for methanol synthesis
can be produced efficiently no matter the electricity price: when elec-
tricity prices are low, electricity will be stored in the form of MeOH,
when electricity prices are high, there can be an efficient co-production

Fig. 2. Schematic of the system for converting biomass to methanol via the TwoStage Electro-gasifier.
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Fig. 3. Operating modes, inputs and out-
puts of the methanol production plant based
on the TwoStage Electro-gasifier, at varying
electricity prices. At low electricity prices,
the plant is expected to maximize biofuel
synthesis by consumption of electricity. At
high electricity prices, the system opts for
electricity production instead of synthesis of
methanol.
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of electricity. At intermediate electricity prices the system can gradually
reduce electricity consumption to a minimum that still enables biomass
gasification without air injection. Additionally, at electricity price
peaks the system can choose to only produce electric power. Further
details related to the operating modes will be given in the next section.
Such a system was previously investigated in a study by the authors
[52], covering the analysis of one operating mode only (corresponding
to electrolysis operation of the SOC). A sensitivity analysis was carried
out on process parameters such as CO2 recirculation, gasifier steam
content and gasification pressure. Results are briefly discussed later, as
they apply also to the flexible plant presented in this work. The flex-
ibility of the TwoStage Electro-gasifier is highlighted in Fig. 3, where
operating modes, inputs and outputs of the plant are shown, at varying
electricity prices.

The purpose with this paper is to 1) introduce the novel TwoStage
Electro-gasifier and the five operating modes, 2) describe the potentials
and challenges, and 3) analyze the system by thermodynamic modeling.

A main output of the thermodynamic analysis is the energy efficiency of
each operating mode. The proposed system is eventually compared
with more conventional SoA gasification-based routes to synthesize
methanol from woody biomass, highlighting the main advantages and
disadvantages.

2. Operating modes

As previously mentioned, the system has five operating modes, and
can choose to either consume or produce electricity. Biomass is always
the main input to the system, whereas methanol is the main output. As
the syngas to methanol conversion is similar for all modes, this section
covers the description of the TwoStage Electro-gasifier only. Fig. 4 il-
lustrates how the TwoStage Electro-gasifier system operates in the five
modes discussed in this paper. Note that the Electro-gasifier operates in
the same way for two of the modes.
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Fig. 4. Schematic view of how the TwoStage Electro-gasifier operates in each mode: electricity storage mode (a), electricity heated mode (b), electricity minimum
mode (c), electricity production mode and electricity production mode plus (d). Blue lines represent electric power, red dotted lines represent heat flows.
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2.1. Electricity storage mode

In case of low electricity prices, the system will store electricity as
MeOH. The SOC works as an SOEC and the electric power is mainly
used to convert H2O and CO2 to H2 and CO in the SOEC, but also to
provide heat for the reforming of tars and light hydrocarbons in the
SOEC and for char gasification in the char reactor. The gasifier gen-
erates a syngas with no nitrogen and with low CO2 content, as CO2 is
reduced to CO in both the SOEC and char gasifier. Referring to Fig. 4(a),
wet wood chips are fed to the steam dryer and dried with superheated
steam. Dry wood chips enters the updraft fixed bed pyrolysis reactor,
where pyrolysis reactions release the volatiles. The heat for pyrolysis is
provided by hot recirculated volatiles. CO2 from the downstream me-
thanol synthesis process is injected before the SOEC to increase the
overall carbon conversion and the methanol production1 [52]. The
volatiles are de-sulfurized and mixed with steam, required both to run
the SOC with a high H/C ratio and to gasify the char. Volatiles are
heated up – part of the tars are reformed in a catalytic pre-reformer –
and the remaining part reformed in the SOEC. At the outlet of the SOEC,
the gas will be practically free of tars. Purged gas, from the downstream
MeOH synthesis plant, are burned with air to provide high temperature
heat to the gas downstream the SOC. The hot gas from the SOC is then
used to fluidize the char bed and gasify the char. The syngas output is
cooled by heat exchange with the pyrolysis gas and then sent to the
downstream gas conditioning and methanol synthesis plant.

2.2. Electricity heated mode

At low/intermediate electricity price, the electricity consumption is
reduced by only using the SOC as an electrically heated catalytic reactor
to reform hydrocarbons and tars. The SOC is heated by high frequency-
alternating current and has no air flow on the oxygen side, as shown in
Fig. 4(b). CO2 is not recirculated from the downstream capture, while
the rest of the equipment works as in electricity storage mode.

2.3. Electricity minimum mode

At intermediate/high electricity price, the idea is to produce a ni-
trogen-free syngas with the minimum allowable electric power con-
sumption. The SOC works as an SOFC to produce the electric power
required for the electric heating of the char gasifier and to run the
balance-of-plant (BOP) hardware. This mode is represented in Fig. 4(c).
As the SOC operates as an SOFC, the heat for internal reforming is
provided by the exothermic oxidation reactions. The remaining hard-
ware operates as in electricity heated mode.

2.4. Electricity production and electricity production plus modes

At high electricity price, the SOC still operates as an SOFC to pro-
duce electric power. The heat for char gasification is however provided
by air injection. The syngas produced will therefore contain nitrogen,
and the downstream methanol plant have very moderate recycle of
unconverted syngas. The surplus unconverted syngas will be used for
electricity production in a gas engine. The configuration of the
TwoStage Electro-gasifier during electricity production plus mode is the
same, but syngas is entirely sent to the gas engine. These two modes are
illustrated in Fig. 4(d).

Table 1 summarizes the differences in system operation. The system
can gradually change operation from one mode to another as shown in
Fig. 3, meaning that there are no discontinuities when changing op-
eration from e.g. electricity storage to electricity production.

3. System design and modelling

The modeling work has been carried out using the software Aspen
Plus from AspenTech® [53]. Solid processing was modeled using Red-
lich-Kwong-Soave (RK-SOAVE) equation of states (EOS), while Peng-
Robinson EOS with Boston-Mathias modifications (PR-BM) were used
for gas conditioning and gas compression, and Schwartzentruber-Renon
(SR-POLAR) EOS for the methanol synthesis section [12,52]. All the
main components of the plant are described below, followed by a de-
scription of the modelling assumptions and input data.

3.1. Component descriptions

3.1.1. Steam dryer
An updraft fixed bed steam dryer is used to dry the wet wood chips

before the gasifier. Drying is important to lower the high temperature
heat demand of the gasifier. The excess steam released by the dryer is
cleaned for particles and mixed with the downstream cleaned pyrolysis
gas. The steam addition is needed by the downstream electrolysis and
char gasification. The moisture content of biomass does not represent
an issue. If excess steam is available from the dryer, this can be vented
or condensed, else additional water can be added to the biomass before
the dryer to generate more steam.

3.1.2. TwoStage gasifier
The TwoStage Gasifier can convert biomass to clean syngas with

high energy efficiency. Gadsbøll et al. [35] recently proposed a new
upscaled configuration of the gasifier, employing an updraft fixed bed
for pyrolysis and a fluid bed for char gasification. The direct heat ex-
change in the pyrolysis reactor (through recirculated volatiles) drasti-
cally simplifies the upscaling of the gasifier. This design is estimated to
scale to 50–100 MWth biomass input at atmospheric pressure. This may
push towards the commercialization of the technology. Effective up-
draft pyrolysis requires that tars are not condensed at any point. This is
ensured by having the steam dryer upstream to preheat the wood chips.

Table 1
Overview of the differences in system operation of the TwoStage Electro-gasifier.

Electricity storage Electricity heated Electricity minimum Electricity production (plus)

SOC
Operation type SOEC Reformer SOFC SOFC
Current through SOC DC AC DC DC
Air side ejectora No No Yes Yes

Char gasifier
Heating type Electric heating Electric heating Electric heating Air injection

a When the SOC operates in SOFC mode, the air recuperator will not be able to preheat air to a sufficiently high temperature before the SOFC. An ejector is then
used to recycle hot air from the outlet of the SOFC to further preheat the inlet air. Using an ejector requires higher inlet air pressure as this is the motive flow of the
ejector. This requires a compressor. The compressor will work in part-load when the ejector is not used.

1 An SOEC processing an increased amount of CO2 reduces more CO2 to CO,
consuming more electricity. The larger amount of carbon in the form of CO is
converted to MeOH, resulting in an improved carbon conversion and methanol
yield (under the premise of keeping an H2/CO ratio of 2 at the reactor).
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In this way, the top of the updraft pyrolysis reactor will be ~200–250 °C
and the pyrolysis gas is then only cooled to ~250–300 °C thereby
avoiding tar condensation. The use of a fluid bed for char gasification
enables bed heating with either electric heaters or by air injection,
depending on the operating mode2. The configuration of the electric
heating and air injection can vary, depending whether the fluid bed is
bubbling, turbulent or circulating. The choice of fluid bed type is be-
yond the scope of this work, as well as the configuration of the electric
heating and air injection.

3.1.3. Gas cleaning
Gas cleaning is comprised of particle removal and sulfur removal.

Two particle removal systems are needed in the plant: one to remove
particles from the dryer steam, and one for the volatiles produced in the
pyrolysis reactor. Electrostatic precipitators [54] bag-house filters
[31,34,37] or candle filters can be employed for this treatment. Sulfur
removal is required to avoid poisoning of the SOC [55] due to the
presence of sulfur components such as H2S and COS as well as orga-
nically bound sulfur in the pyrolysis gas. Metal oxides beds (e.g. Zinc-
oxide and Copper-oxide) can efficiently remove sulfur species at mod-
erately high temperature (200–400 °C) [46,56], which matches with
the gas temperature from the updraft pyrolysis reactor. As wood con-
tains very little sulfur (~0.05 wt%), the metal oxides can be re-
generated off-site, but large-scale plants may choose to have in-situ
regeneration. Sulfur removal is performed before steam addition in
order to lower the partial pressure of steam in the sulfur removal; this
pushes the equilibrium towards a deeper sulfur removal [57].

3.1.4. Solid oxide cells
An SOC is an electrochemical device that can work as an SOFC,

oxidizing the gas in the fuel channel and producing electricity, or as an
SOEC, reducing the gas in the fuel channel by consumption of elec-
tricity. SOCs have demonstrated to work with mixtures of H2 and H2O
[58,59], mixtures of CO and CO2 [56,60] and mixtures of H2, H2O, CO,
CO2, CH4 and other light hydrocarbons [37,47,61–63]. When the SOC
operates in SOFC mode, an ejector is used on the air side to reach the
correct inlet temperature to the SOC. This is not needed in SOEC mode,
as the higher mass flow rate of oxygen-enriched air exiting the SOEC
moves the pinch point in the air recuperator to the hot end.

3.1.5. Tar handling in the SOC and pre-reformer
The literature discussed in this paper shows conflicting results on

how SOC withstand tars. The main issue is represented by carbon de-
posits forming on the fuel electrode, due to cracking of tars and light
hydrocarbons [37]. Carbon deposition can cause permanent damage to
the electrodes [64]. Very few short-term experimental campaigns have
demonstrated operation with tar laden gas. Baldinelli et al. operated a
Ni-YSZ SOFC at 800 °C on 10 g/Nm3 toluene-containing syngas without
experiencing carbon deposition [65]. Hofmann et al. performed an 8 h
test with an SOFC with a Nickel-Gadolinium-doped ceria (Ni-GDC) fuel
electrode on syngas from a biomass gasifier with tar levels exceeding
10 g/Nm3: operation of the SOFC at 850 °C showed no carbon de-
position or other impurity accumulation on the electrode and its mi-
crostructure was found intact [47]. Hofmann et al. also investigated the
operation of the Ni-GDC SOFC with producer gas from two other ga-
sifiers [66,67]. The studies revealed that the Ni-GDC SOFC electrode
operates successfully with low fuel utilization factor (UF) and sufficient
steam. Conversely, Jeong et al. [68] and Geis et al. [69] noted carbon
deposition, followed by metal dusting during their test campaigns when

Ni-YSZ SOC operated at 700 °C. This phenomenon was not predicted by
thermodynamics. Local cooling due to reforming of tars was identified
as the main responsible. Mermelstein et al. operated both Ni-YSZ and
Ni-GDC SOFC with a benzene load of 15 g/Nm3 [70]. They concluded
that carbon deposits formation highly depends on structure and com-
position of the electrode – noting significant carbon formation on Ni-
YSZ SOC and confirming a more resistant behavior of the Ni-GDC SOC –
as well the operational characteristics of the SOC [70]. The different
results achieved in the mentioned works suggest that Ni-GDC SOC
better withstands tars. GDC allows indeed self de-coking of carbon
deposit from internal reforming of CH4 over Ni-GDC electrodes, forming
CO and CO2 [71,72]. In addition, thermodynamics cannot precisely
predict whether carbon deposits occur, as this phenomenon highly
depends on the local temperature inside the SOC – that might drop due
to internal reforming – and on the local H/C ratio. In this work, the SOC
is operated at 850 °C on a pyrolysis gas and steam mixture, resulting in
a significantly higher tar content than 10 g/Nm3 reported above
(~50 g/Nm3 [22,35]). Operation at 850 °C eases the handling of tars
inside the SOC, as shown by Hofmann et al. [47], but it does not
eliminate the risk of local cooling and carbon deposits. A precautionary
solution such as pre-reforming of tars should guarantee the lifetime of
the SOC. The pre-reformer used in this paper converts only a minor part
of the tars upstream the SOC at 800 °C. A high selectivity in the pre
reformer can be chosen so that CH4 is not reformed [73], and the heat
consumption of this component is reduced. A so-called heat exchange
reformer could be used. This solution will still ensure internal re-
forming in the SOC, and guarantee a correct operation of the SOC. SOCs
operating at 850 °C are commercially available, from e.g. Sunfire [74].
The pre-reformer could additionally be electrically heated to allow the
bulk of the reforming to occur in the pre-reformer when the SOC is in
SOEC mode. This solution is however not adopted in this work due to
complexity of the reformer design. Despite a Ni-GDC electrode SOC
seems to be the preferred choice, the choice of material for the SOC is
not treated further in this work. Long-term single cell and stack tests are
needed to prove the possibility to directly operate an SOC on pyrolysis
gas, which has only been cleaned for particles and sulfur.

3.1.6. Acid gas removal
Syngas conditioning is essential to ease the downstream synthesis

and to maximize the production of methanol. Gas conditioning includes
water condensation and CO2 removal by amine wash with mono-
ethanolamine (MEA) in an AGR treatment. The AGR consists of an
absorption column, where CO2 is removed from the syngas, and a
stripping column, where the CO2 is desorbed from the amine-water
solution.

3.1.7. Methanol synthesis
At the outlet of the AGR, the syngas contains mainly H2 and CO and

a small amount of CO2. The optimal ratio of H2 and CO is two, as
dictated by the methanol synthesis reaction:

+H CO CH OH2 2 3 (R.1)

Moreover, combustion of unconverted purge gas from the methanol
synthesis provides high temperature heat that is utilized in the gasifier
system. A heat pump is used to deliver heat to the reboiler of the me-
thanol distillation column using the heat rejected in the condenser on
top of the same column.

3.2. Modeling

In this work, the system has been dimensioned to have a constant
biomass input, to ease the comparison among the different operating
modes in terms of efficiency. In reality, the coupling between the
TwoStage Electro-gasifier and the downstream MeOH synthesis plant
requires an economic optimization to assess the size of each component
and if part-load operation should be enabled on both gasifier and MeOH

2 A fluid bed ensures extremely good mixing and heat transfer, enabling the
use of embedded electric resistances to provide heat. Conversely, electric re-
sistances embedded in a fixed bed would result in formation of hot spots around
the resistances, as this type of bed is characterized by poor heat transfer and
presents important thermal gradients.
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synthesis plant. Table 2 reports all the process design parameters, and
important modelling assumptions are described below. All component
models are zero-dimensional. Concerning biomass gasification, a zero-
dimensional approach is sufficient [75], as showed by Kaushal et al. in
[76], where a complex one-dimensional model of a fast internally

circulating fluid bed (FICFB) showed that most of the gasification re-
actions are located at the bottom of the reactor, while little variation in
syngas composition occurs in the freeboard.

Table 2
Process design parameters used in the modeling.

Woody biomass feed (Beech wood chips)
Required moisture content: 46–51 wt%a, depending on the operating mode
Composition (dry basis) [wt%]: C 48.1; O 44.8; H 6.4; N 0.081; ash 0.619b [35,78]. Dry biomass input 100 MWth.
Cp dry wood, [kJ/kg K] 1.35 LHVdry[kJ/kg] 18280 Tbiomass in, [°C] 25

Steam dryer
Tsteam in, [°C] 250 Tsteam out, [°C] 120 pdryer[mbar] 30
Tbiomass out, [°C] 240 Moisture out [wt%] 2

Pyrolysis reactor (updraft fixed bed)
Composition Char [wt%]: C 90.7; O 4.5; H 2.1; N 0.2; ash 2.5 [35,78]. 50 g/Nm3dry gas Naphtalene, as model tar, in the volatiles. Other hydrocarbons modeled with C2H6.

ppyrolysis[mbar] 30 Tvolatiles out, [°C] 250 Tvolatiles recycle, [°C] 750 Tchar out, [°C] 740

m m/char dry wood[–] 0.25 LHVchar[kJ/kg] 33130 Cp char, [kJ/kg K] 1.276 Qloss[MW] 1
xCO dry volatiles, [–] 0.485 [83] xCH dry volatiles4, [–] 0.096 [83]

Gas cleaning
pparticle rem[mbar] 5 psulfur rem[mbar] 20

Compressors, blowers and ejector
is compr, [–] 0.8 is compr part load, . [–] 0.4 mech[–] 0.98

ejector
c [–] 0.2 is blower, [–] 0.4

Pre-reformer
The reformer operates at 800 °C reforming 50% of the tars while CH4 and light hydrocarbons are not converted [73].WGS reaction is at the equilibrium at the

outlet.

Solid Oxide Cell
ASRd [Ω cm2] 0.607 iSOEC[A/cm2] −1 ASOC

d [m2] 3574
Tvolatiles in, [°C] 800 – 850 pSOC[mbar] 30 xO air out SOEC2, , [–] 0.5
Tfuel out, [°C] 850 Tair in, [°C] 800 xO air out SOFC2, , [–] 0.1
Tair out, [°C] 850 Qloss[MW] 0

Char gasifier (fluid bed)
WGS reaction at the equilibrium at the outlet of the reactor.
Carbon conversion 0.95e pChar gasifier[bar] 0.15 Qloss[MW] 1
Tmax gasin, [°C] 850

Heat exchangers
patmospheric p[bar] 0.01 pmedium p[bar] 0.1 phigh p [bar] 0.8
TMIN HE gas gas, , [°C] 50 TMIN HE AGR, , [°C] 5 TMIN HE boiling, , [°C] 5

Qloss[MW] 0

Acid Gas Removal
All water is removed from the syngas at the outlet of the AGR section. Condensing steam at 115 °C provides heat for the reboiler.

pAGR[mbar] 50 Treboiler[°C] 110 qreb[MJ/kgCO2 captured] 3.8 [11]
xCO syngas out2, [–] 0.012f

Methanol synthesis
Boiling water reactor (isothermal) [84]. Tapproach of 15 °C for both methanol reaction and WGS reaction.
97% of the unconverted gas is recirculated. x x/H CO2 2 of 2 at the reactor inlet.
Treactor in, [°C] 230 Treactor out, [°C] 260 pin[bar] 85.0
pout[bar] 80.7

Distillation
Topping column (TC): 10 stages. Distillation column (DC): 35 stages. Feed stage positions optimized.
pTC[bar] 8.0 Tcond TC, [°C] 30 xCO bottom TC2, [ppm] 1
pDC[bar] 1.013 xH O top DC2 , [–] 0.001 xMeOH bottom DC, [–] 0.03

Burner
pburner[mbar] 10 Tburner out, [°C] 950 Qloss[MW] 0

Turbocharged Gas engineg

ηengine [–] 0.38 pin[bar] 2.02 Tout[°C] 400
pengine[mbar] 10

(continued on next page)
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3.2.1. Pyrolysis reactor
Pyrolysis is modelled as a balanced reaction, meaning neither exo-

thermic nor endothermic [35]. The heating value is therefore constant,
but split into the char and gas products [77]. The char yield, compo-
sition and heating value is set based on experiments reported in
[35,78]. A fictive composition of the pyrolysis gas containing H2, N2,
CO, CO2, H2O and CH4 is calculated, which satisfies the condition of
conservation of heating value as well as conservation of mass of each
element (H, C, O, etc.). In this way, it becomes easier to handle the
downstream heat exchange and input to the SOC. Naphtalene (C10H8) is
used as model tar to represent the tars in the pyrolysis gas, while ethane
(C2H6) represents other hydrocarbons.

3.2.2. Pre-reformer
The pre-reformer is modeled as a simple heat exchanger heated up

using hot syngas from the char gasifier. It is assumed that 50% of the
tars is converted in the pre-reformer, and that WGS reaction is at the
equilibrium at the outlet.

3.2.3. SOC
An SOC is characterized by a Nernst Voltage ENernst , normally eval-

uated with eq. (1):

=E G
n F·

,Nernst
e (1)

where G represents the molar Gibbs free energy of the electrochemical
reaction, ne the number of electrons transferred and F the Faraday
constant. The zero-dimensional model of the SOC in the current work
uses an average value of the Nernst voltage ENernst AVG, , calculated
through Eq. (2) [79,80]:

=E G
I

,Nernst AVG
SOC

, (2)

where G represent the change in Gibbs free energy across the SOC,
and ISOC represents the current of the SOC. G is subsequently calcu-
lated using Eq. (3):

= +G m g m g m g

m g

· · ·

· ,

fuel IN fuel IN air IN air IN fuel OUT fuel OUT

air OUT air OUT

, , , , , ,

, , (3)

where m and g represent respectively the mass flow rates and the
specific mass Gibbs free energy.

The internal losses in the SOC are taken into account through a
constant value of the stack area specific resistance ASR, so that the
operating voltage VSRU SOC, of the single repeating unit (SRU) (i.e. the
stack voltage divided by the number of cells) can be calculated by eq.
(4):

=V E ASR i· ,SRU SOC Nernst AVG SOC, , (4)

where iSOC is the current density of the SOC. The ASR and the active
area ASOC of the SOC is determined by the electricity storage mode.
ASR is determined by the required heat for tar reforming, air side

heating and electrolysis reactions whereas ASOC is evaluated from the
current density, which has been set in electricity storage mode, as this is
the mode with the highest current. The calculated ASR and active area
are then used as input to the other operating modes, and the current
density of each mode is calculated. The stack ASR accounts for the
contributions of the cell and the interconnects between cells. It should
be noted that SOC stacks may have a significantly lower ASR than
0.607 Ω cm2 specified in Table 2 [58]. In this case, the ASR is increased
by raising the ohmic resistance of the interconnects. This means that the
cell voltage will be significantly lower than VSRU SOC, . Chemical equili-
brium of the fuel gas leaving the SOC is assumed at the specified
temperature and pressure.

3.2.4. Char gasification reactor
Reactivity in the char gasifier is a paramount factor for char con-

version. Reactivity is primarily dependent on temperature and partial
pressure of H2 and H2O [78]. Due to the reduction of H2O to H2 in the
SOEC coupled with the gasification reactions, the syngas produced is
lean in H2O in electricity storage mode. This makes this mode the most
critical from the point of view of the reaction kinetics. To ensure a
sufficient reactivity, especially in the top part of the reactor, the outlet
temperature of the syngas from the fluid bed is set to 850 °C [81,82].
The reactivity R is calculated for the top of the fluid bed through eq. (5):

= =
+

+ + + +
R

M
dM
dt

k p k p

p p p p
1 ·

· ·

1 · · · ·
,fw H O fc CO

k
k H O

k
k CO

k
k H

k
k CO

1, 1,
fw fc bw bc

2 2
1,

3 2
1,

3 2
1,

3 2
1,

3 (5)

where M represents the mass and pi the partial pressure of each species.
Coefficients k fw1, , k fc1, , k bw1, , k bc1, and k3 represent the rate constants for
the gasification reactions (and the reverse reactions) and are calculated
using the parameters in Table S1 as described in the Supplementary
information. The minimum steam content in the outlet syngas is set to a
molar fraction of 0.10. Lowering this value further, drastically affects
the reactivity. A low steam content is wanted to ensure a low CO2
content and thereby a high quality syngas. The utilization factor of the
SOEC is calculated based on the assumed steam content, and lowering
the steam content increases the utilization factor and thereby the
amount of electricity stored as syngas. The syngas composition is cal-
culated by assuming equilibrium of the water gas shift reaction at the
outlet temperature. Methane is assumed inert through the reactor as
methane forming reactions are very slow at these operating conditions
and in absence of a catalyst.

4. Results and discussion

The results of the thermodynamic modelling are presented for each
mode of operation by a detailed flowsheet (Figs. 5–9), followed by ta-
bles (Tables 3–7) summarizing key results of all modes, such as ther-
modynamic properties, energy flows and efficiencies.

Table 2 (continued)

Heat pump
Tsource[°C] 64 Tsink[°C] 95 COP COP/Real Carnot[–] 0.5

a The moisture content needed to supply the needed steam for electrolysis and char gasification. Wood chips will typically have a moisture content up to 50 wt%.
b Sulfur content is neglected as it is below 0.05 wt% [78].
c Ejector efficiency is defined as = V p ln p p V p p· · ( / )/ ·( )ejector 2 2 3 2 1 1 3 , whereV represents the volume flow rate, p the pressures and subscripts 1, 2 and 3 the driving

flow, the recycled flow and the discharge flow, respectively [85].
d Output of modeling in electricity storage mode, input for the other operating modes.
e The carbon conversion refers to the biomass to syngas conversion, considering both pyrolysis reactor and char gasifier.
f In electricity production mode, electricity is not used in the AGR to remove CO2, resulting in a higher concentration at the inlet of the methanol reactor.
g A gas turbine can also be used instead of a turbocharged gas engine.
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Fig. 5. Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in electricity storage mode. Full heat integration is shown in
Fig. S.1 in the Supplementary information.

Table 3
Thermodynamics properties for the plant operating in ES mode. Nodes refer to Fig. 5.

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar]

1 11.14 25 – 22 9.43 850 0.87 43 17.70 31 1.04
2 5.58 240 – 23 9.43 850 0.87 44 17.70 786 1.03
3 1.37 740 – 24 9.43 45 0.86 45 17.90 950 1.02
4 0.17 850 – 25 1.31 30 0.86 46 17.90 106 1.01
5 64.39 250 1.08 26 8.12 30 0.86 47 6.78 40 79.90
6 69.96 120 1.05 27 6.97 30 0.81 48 6.78 43 8.10
7 69.96 129 1.09 28 6.97 249 4.04 49 6.78 64 8.00
8 69.96 250 1.08 29 6.97 30 3.94 50 6.50 128 8.00
9 5.57 250 1.08 30 6.97 249 19.70 51 6.50 65 1.01
10 5.57 250 1.07 31 6.97 30 19.60 52 0.02 95 1.01
11 2.55 750 1.08 32 6.97 228 85.80 53 6.49 64 1.01
12 6.76 250 1.05 33 13.35 145 85.80 54 1.14 30 0.81
13 6.76 250 1.05 34 13.35 230 85.00 55 1.14 57 1.10
14 2.55 262 1.09 35 13.35 260 80.70 56 0.27 30 8.00
15 4.21 262 1.09 36 13.35 40 79.90 57 1.41 50 1.10
16 5.63 260 1.09 37 6.57 40 79.90 58 1.41 250 1.09
17 5.63 260 1.07 38 6.37 40 79.90 59 4.61 25 1.01
18 11.19 254 1.07 39 6.37 48 85.80 60 4.61 35 1.06
19 11.19 800 1.06 40 0.20 40 79.90 61 4.61 800 1.05
20 11.19 850 1.05 41 0.20 37 1.04 62 7.57 850 1.02
21 8.23 850 1.02 42 17.70 25 1.01 63 7.57 394 1.01
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Fig. 6. Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in electricity heated mode. Full heat integration is shown in
Fig. S.2 in the Supplementary information.

Table 4
Thermodynamics properties for the plant operating in EH mode. Nodes refer to Fig. 6.

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar]

1 10.08 25 – 19 8.71 850 1.02 37 4.46 48 85.80
2 5.58 240 – 20 9.91 850 0.87 38 0.14 40 79.90
3 1.37 740 – 21 9.91 850 0.87 39 0.14 37 1.04
4 0.17 850 – 22 9.91 61 0.86 40 2.58 25 1.01
5 53.32 250 1.07 23 2.47 30 0.86 41 2.58 31 1.04
6 57.81 120 1.04 24 7.44 30 0.86 42 2.58 130 1.03
7 57.81 129 1.08 25 4.88 30 0.81 43 2.72 950 1.02
8 57.81 250 1.07 26 4.88 249 4.04 44 2.72 90 1.01
9 4.50 250 1.07 27 4.88 30 3.94 45 4.75 40 79.90
10 4.50 250 1.06 28 4.88 249 19.70 46 4.75 43 8.10
11 2.55 750 1.07 29 4.88 30 19.60 47 4.75 64 8.00
12 6.76 250 1.04 30 4.88 228 85.80 48 4.56 128 8.00
13 6.76 250 1.04 31 9.34 145 85.80 49 4.56 65 1.01
14 2.55 262 1.08 32 9.34 230 85.00 50 0.01 95 1.01
15 4.21 262 1.08 33 9.34 260 80.70 51 4.54 64 1.01
16 4.21 262 1.06 34 9.34 119 79.90 52 2.55 81 1.09
17 8.71 255 1.06 35 4.59 40 79.90 53 0.19 30 8.00
18 8.71 800 1.05 36 4.46 40 79.90
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Fig. 7. Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in electricity minimum mode. Full heat integration is shown in
Fig. S.3 in the Supplementary information.

Table 5
Thermodynamics properties for the plant operating in EM mode. Nodes refer to Fig. 7.

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar]

1 10.15 25 – 22 11.21 68 0.86 43 2.25 950 1.02
2 5.58 240 – 23 3.47 30 0.86 44 2.25 90 1.01
3 1.37 740 – 24 7.74 30 0.86 45 3.91 40 79.90
4 0.17 850 – 25 4.03 30 0.81 46 3.91 43 8.10
5 54.10 250 1.07 26 4.03 249 4.04 47 3.91 64 8.00
6 58.67 120 1.04 27 4.03 30 3.94 48 3.76 128 8.00
7 58.67 129 1.08 28 4.03 249 19.70 49 3.76 65 1.01
8 58.67 250 1.07 29 4.03 30 19.60 50 0.01 95 1.01
9 4.57 250 1.07 30 4.03 228 85.80 51 3.75 64 1.01
10 4.57 250 1.06 31 7.74 145 85.80 52 3.71 56 1.09
11 2.55 750 1.07 32 7.74 230 85.00 53 0.16 30 8.00
12 6.76 250 1.04 33 7.74 260 80.70 54 9.04 25 1.01
13 6.76 250 1.04 34 7.74 40 79.90 55 9.04 75 1.57
14 2.55 262 1.08 35 3.82 40 79.90 56 9.04 718 1.56
15 4.21 262 1.08 36 3.71 40 79.90 57 23.59 800 1.05
16 4.21 262 1.06 37 3.71 48 85.80 58 22.37 850 1.02
17 8.79 255 1.06 38 0.11 40 79.90 59 14.55 850 1.02
18 8.79 800 1.05 39 0.11 37 1.04 60 7.81 850 1.02
19 10.01 850 1.02 40 2.13 25 1.01 61 7.81 125 1.01
20 11.21 850 0.87 41 2.13 31 1.04
21 11.21 850 0.87 42 2.13 130 1.03
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Fig. 8. Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in electricity production mode. Full heat integration is shown
in Fig. S.4 in the Supplementary information.

Table 6
Thermodynamics properties for the plant operating in EP mode. Nodes refer to Fig. 8.

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar]

1 10.62 25 – 23 4.42 30 0.86 45 7.23 100 1.01
2 5.58 240 – 24 10.40 30 0.86 46 2.43 40 79.90
3 1.37 740 – 25 8.05 30 0.81 47 2.43 39 8.10
4 0.17 850 – 26 8.05 237 4.04 48 2.43 64 8.00
5 58.90 250 1.07 27 8.05 30 3.94 49 2.15 130 8.00
6 63.93 120 1.04 28 8.05 238 19.70 50 2.15 66 1.01
7 63.93 129 1.08 29 8.05 30 19.60 51 0.10 95 1.01
8 63.93 250 1.07 30 8.05 218 85.80 52 2.05 64 1.01
9 5.03 250 1.07 31 23.48 112 85.80 53 2.34 72 1.10
10 5.03 250 1.06 32 23.48 230 85.00 54 0.28 30 8.00
11 2.55 750 1.08 33 23.48 260 80.70 55 9.40 25 1.01
12 6.76 250 1.05 34 23.48 40 79.90 56 9.40 64 1.43
13 6.76 250 1.04 35 21.05 40 79.90 57 9.40 720 1.42
14 2.55 262 1.09 36 15.43 40 79.90 58 24.19 800 1.05
15 4.21 262 1.09 37 15.43 48 85.80 59 22.96 850 1.02
16 4.21 262 1.07 38 4.33 40 79.90 60 14.79 850 1.02
17 9.25 255 1.06 39 1.29 40 79.90 61 8.17 850 1.02
18 9.25 800 1.05 40 1.29 26 1.04 62 8.17 114 1.01
19 10.48 850 1.02 41 5.94 25 1.01 63 3.14 25 1.01
20 14.82 850 0.87 42 5.94 28 1.04 64 3.14 29 1.03
21 14.82 850 0.87 43 5.94 130 1.03 65 3.14 800 1.02
22 14.82 69 0.86 44 7.23 950 1.02
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4.1. The operating modes

Fig. 5 shows the results of the system simulation for the electricity
storage mode. The main gas compositions can be seen in Table 8. Key
results include the electric power provided in the SOC for electrolysis
reactions and for internal reforming (55.1 MWth). The LHV flow of the
produced MeOH is 129.1 MWth, from an input of 100 MWth of biomass
and an overall electric power expenditure of 83.1 MWel. This results in
an overall efficiency of 70.5%, calculated with equation (6):

=
+

+
m LHV W

m LHV W
·
·

MeOH MeOH net output

biomass dry biomass dry net input

,

, , , (6)

where the terms m, LHV and Wnet represent the mass flow rate, the
lower heating value and the net electric power, respectively. The ash
has a high content of unconverted carbon (80 wt%)3 corresponding to
an energy flow of 4.3 MWth. This byproduct could be valuable in e.g.
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Fig. 9. Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in electricity production plus mode. Full heat integration is
shown in Fig. S.4 in the Supplementary information.

Table 7
Thermodynamics properties for the plant operating in EP mode. Nodes refer to Fig. 9.

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar]

1 10.62 25 – 13 6.76 250 1.04 25 10.40 128 2.02
2 5.58 240 – 14 2.55 262 1.09 26 9.40 25 1.01
3 1.37 740 – 15 4.21 262 1.09 27 9.40 64 1.43
4 0.17 850 – 16 4.21 262 1.07 28 9.40 720 1.42
5 58.90 250 1.07 17 9.25 255 1.06 29 24.19 800 1.05
6 63.93 120 1.04 18 9.25 800 1.05 30 22.96 850 1.02
7 63.93 129 1.08 19 10.48 850 1.02 31 14.78 850 1.02
8 63.93 250 1.07 20 14.82 850 0.87 32 8.17 850 1.02
9 5.03 250 1.07 21 14.82 850 0.87 33 8.17 114 1.01
10 5.03 250 1.06 22 14.82 69 0.85 34 3.14 25 1.01
11 2.55 750 1.08 23 4.42 30 0.85 35 3.14 29 1.03
12 6.76 250 1.05 24 10.40 30 0.85 36 3.14 800 1.02

3 It is assumed that the ash at the bottom of the gasifier contains only carbon
and ash.
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agriculture as biochar. The SOEC operates with a low utilization factor
(35%) as steam is also needed by the downstream char gasification. The
system rejects high temperature heat that could theoretically be used in
the reboiler in the distillation column to replace the heat pump. To
guarantee that the same configuration of heat exchangers is used in all
the modes, the heat pump is used instead, and extra high temperature
heat can serve district heating. The last distillation column removes
water, which is important in case of mixing methanol with gasoline. In
case of production of fuel-grade methanol, the distillation column and,
consequently, the heat pump for the distillation reboiler are avoided,
thus simplifying the system.

Fig. 6 shows the system in electricity heated mode. The SOC is he-
ated by 8.5 MWel supplied by high frequency alternating current to
internally reform tars and light hydrocarbons. This corresponds to
switching between + 0.62 A/cm2 and −0.62 A/cm2 AC current at high
frequency. A methanol output of 90.4 MWth translates into an overall
efficiency of 68.7%.

Fig. 7 shows the plant when the Electro-gasifier runs in electricity
minimum mode. In this operating mode, the SOC operates as an SOFC
and provides most of the needed electricity to heat the gasifier. Overall,
there will still be electricity consumption from the grid (17.0 MWel) for
the syngas compression and for electric heating. The MeOH output is
74.6 MWth against a biomass consumption of 100 MWth resulting in an
efficiency of 63.7%. The SOFC operates with a low UF (31%) to keep
the SOFC only slightly exothermic in order to achieve high efficiency
and to have a limited temperature increase across the SOFC. The air
consumption of the SOC is therefore not set by the cooling demand, but
by the molar fraction of oxygen (0.10) in the oxygen lean air from the
SOC. The primary source of cooling for the SOFC is therefore the in-
ternal reforming reactions.

Fig. 8 shows the plant when the Electro-gasifier is in electricity
production mode. The SOC still operates as an SOFC but the electric
heating of the fluid bed char gasifier is substituted with air injection to
achieve a net power output (7.7 MWel). The MeOH LHV flow is
40.8 MWth resulting in an efficiency of 48.5%. The hot syngas from the
fluid bed, in this mode, is not only used to provide heat for the pyrolysis

Table 8
Gas compositions for the main process streams in the four different operating modes (molar fractions).

H2 CO CO2 H2O N2 CH4 CH3OH C10H8 C2H6

Electricity storage
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054
SOC inlet 0.154 0.037 0.159 0.609 ~0 0.020 ~0 0.002 0.019
SOC outlet 0.521 0.166 0.071 0.242 ~0 ~0 ~0 ~0 ~0
Char gasifier outlet 0.571 0.283 0.046 0.100 ~0 ~0 ~0 ~0 ~0
AGR outlet 0.660 0.328 0.012 ~0 ~0 ~0 ~0 ~0 ~0
MeOH reactor Inlet 0.641 0.320 0.029 ~0 0.005 0.002 0.003 ~0 ~0
Flash Gas outlet 0.618 0.310 0.051 ~0 0.010 0.005 0.007 ~0 ~0

Electricity heated
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054
SOC inlet 0.188 0.037 0.128 0.597 ~0 0.024 ~0 0.002 0.023
SOC outlet 0.352 0.103 0.116 0.430 ~0 ~0 ~0 ~0 ~0
Char gasifier outlet 0.458 0.227 0.099 0.216 ~0 ~0 ~0 ~0 ~0
AGR outlet 0.660 0.328 0.012 ~0 ~0 ~0 ~0 ~0 ~0
MeOH reactor Inlet 0.641 0.320 0.029 ~0 0.006 ~0 0.003 ~0 ~0
Flash Gas outlet 0.618 0.311 0.051 ~0 0.013 ~0 0.007 ~0 ~0

Electricity Minimum
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054
SOC inlet 0.187 0.036 0.127 0.600 ~0 0.024 ~0 0.002 0.023
SOC outlet 0.238 0.070 0.147 0.545 ~0 ~0 ~0 ~0 ~0
Char gasifier outlet 0.375 0.186 0.138 0.301 ~0 ~0 ~0 ~0 ~0
AGR outlet 0.660 0.328 0.012 ~0 ~0 ~0 ~0 ~0 ~0
MeOH reactor Inlet 0.640 0.320 0.029 ~0 0.007 ~0 0.003 ~0 ~0
Flash Gas outlet 0.615 0.311 0.051 ~0 0.016 ~0 0.007 ~0 ~0

Electricity production (Plus)a

Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054
SOC inlet 0.179 0.032 0.122 0.620 ~0 0.023 ~0 0.002 0.022
SOC outlet 0.230 0.063 0.143 0.563 ~0 ~0 ~0 ~0 ~0
Char gasifier outlet 0.283 0.134 0.142 0.326 0.114 ~0 ~0 ~0 ~0
AGR outlet 0.470 0.222 0.119 ~0 0.190 ~0 ~0 ~0 ~0
MeOH reactor Inlet 0.372 0.186 0.152 ~0 0.285 ~0 0.004 ~0 ~0
Flash Gas outlet 0.307 0.163 0.174 ~0 0.349 ~0 0.007 ~0 ~0

a It applies to both the electricity production mode and the electricity production plus mode.

Table 9
Energy flows and efficiencies for the four operating modes (LHV, dry basis).

Electricity
storage

Electricity
heated

Electricity
minimum

Electricity
production

Electricity
production
plus

Input [MW]
Dry biomass 100.0 100.0 100.0 100.0 100.0
Electric

power
83.1 31.6 17.0 – –

Syngas [MW] 159.4 111.6 92.0 80.1 80.1

Output [MW]
Methanol 129.1 90.4 74.6 40.8 –
Electric

power
– – – 7.7 37.0

Efficiencies [%]
Efficiencya 70.5 68.7 63.7 48.5 37.0
Biomass to

MeOHb
129.1 90.4 74.6 40.8 –

Carbon
efficiency

92.3 64.7 57.5 29.2 –

a Efficiency is calculated as the input to output efficiency, see Eq. (6).
b Biomass to MeOH efficiency is calculated as

m LHV m LHV( · )/( · )MeOH MeOH biomass dry biomass dry, , .
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process but also for air preheating before injection to the char gasifier.
The syngas has a relatively high molar fraction of nitrogen (0.114),
which affects the downstream MeOH synthesis, resulting in a lower
MeOH production and higher purge gas loss. The extra purge gas is
however used for power production through a gas engine. At electricity
price peaks, the system can switch to the fifth mode, which is the
electricity production plus mode (Fig. 9), in which only electricity is
produced from the biomass input – with an efficiency of 37.0%. In
electricity minimum mode, the AGR requires electricity to provide the
heat for the stripping column. To reduce electricity consumption, high
temperature heat pumps can be used to deliver the required heat. As-
suming a COP of 4.5 for a high temperature heat pump using steam
[86], the efficiency increases to 66.0% (+0.4%-points) in electricity
minimum mode.

It is noted from Table 8 that the impact of reforming on the SOC is
limited as the methane content is only 0.020–0.024. When SOCs op-
erate on pre-reformed natural gas, the methane content can be as high
as 28 mol% [61]. Nonetheless, the temperature will drop at the SOC
inlet due to the endothermic reforming reactions.

Table 9 sums up the energy inputs and outputs for the different
operating modes. As the system can be gradually adjusted between each
mode, the system can choose to have an operating point defined be-
tween two modes, meaning that a spectrum of operating points is
possible as shown in Fig. 3. The operating spectrum varies from an
electricity input of 83.1 MWel to an electricity output of 37.0 MWel,
corresponding to a change in methanol output from 129.1 MWth to
0 MWth. The efficiency would vary from 70.5% to 37.0%. The carbon
efficiency, defined as biomass carbon ending up as methanol, is highest
in electricity storage mode (92.3%) and zero in electricity production
plus mode. The recirculation of CO2 in the electricity storage mode is
responsible for the high carbon conversion4. The increasing content of
CO2 in the electricity heated and minimum modes, caused by the dif-
ferent operation of the SOC, results in higher carbon losses, as CO2 is
removed in the AGR treatment. Air injection in the char gasifier and the
operation as SOFC introduces a higher content of CO2 and N2 in the
syngas. This translates into a higher amount of carbon vented with the
purge gas. A way to increase the overall carbon efficiency of the plant is
to store the captured CO2 and then inject it to the pyrolysis gas in
electricity storage mode. The SOEC would then reduce the CO2 to CO,
resulting in an even higher electricity input in electricity storage mode.
Biomasses with higher moisture content could then be used to supply

the extra water needed, or water could simply be injected to the steam
dryer.

Table 10 reports the main results obtained from Aspen Plus about
the SOC and char gasifier. The operating conditions for the SOC are
seen to be milder in SOFC mode compared with SOEC mode, as the
current density is lower (~0.4 A/cm2 vs. −1 A/cm2). However, both
modes benefit from a low UF (31% and 35%). Thermodynamic equili-
brium shows that carbon formation on the fuel electrode is avoided, as
seen on Fig. 10, by having a low UF combined with a sufficiently high
H/C ratio (6.4–7.7). During internal reforming in the SOC, temperature
drops locally, thus increasing the risk of carbon formation. A line
showing the carbon formation region at 700 °C is included to point out
that, in case of a temperature drop to 700 °C, thermodynamic equili-
brium does not predict carbon formation inside the SOC. Nevertheless,
especially during electrolysis, the H/C ratio might decrease locally at
the triple phase boundary due to a higher diffusion coefficient of H2
with respect to the other species. To ensure the proper operation of the
SOC without carbon deposits, a long-term experimental campaign of
the SOC running on a mixture of pyrolysis gas and steam is needed. If
the SOC is able to increase the current density in electricity storage
mode from −1 A/cm2 to e.g. −1.5 A/cm2 without compromising SOC
lifetime, the needed stack ASR would be reduced from 0.607 Ω cm2 to
0.404 Ω cm2 matching better with state of the art SOC stacks (Elcogen
ASR of 0.370 Ω cm2 [58]) and furthermore improves performance in
SOFC mode. The average cell overpotential would however be 0.6 V in
SOEC mode.

The reactivity in the char gasifier is a key parameter. It is im-
portant to have a high reactivity to avoid an extremely large fluid bed
reactor. The absolute values are not important, and most likely not
accurate as the actual reactivity is highly affected by the fluid bed
operation and choice of bed material and addition of catalyst such as
alkali carbonates [88,89]. However, the comparison between the
modes is important. It is clear that the electricity storage mode would
be challenged in terms of reactivity as the molar fraction of steam at
the outlet of the fluid bed was set to 0.10, together with a calculated
molar fraction of H2 of 0.57. It was therefore chosen to have a high
bed temperature (850 °C): the results showed that the reactivity in
electricity storage mode is one order of magnitude lower than in
electricity production mode. This suggests that the fluid bed should be
sized for the electricity storage mode, while the other modes will
benefit from a higher reactivity.

Reduction in the size of the fluid bed char gasifier is of particular
interest, as this could lead to a decrease in the investment cost of the
plant. A solution entails the improvement in the reactivity across the
reactor, by adding more gasifying steam. Additionally, cost-saving can

Table 10
Key parameter results for the four operating modes.

Electricity Storage Electricity Heated Electricity minimum Electricity production (plus)

SOC
Current density [A/cm2] −1 −0.62/0.62a 0.41 0.41
Average Nernst voltage [V] 0.94 – 0.91 0.91
SRU voltage [V]b 1.55 – 0.66 0.66
Utilization factor (UF) [%] 35c 0 31 31
H/C ratio [–] 6.42 7.17 7.24 7.68

Char Gasifier
Reactivity at the top reactor [s−1] 1.95E-05 5.23E-05 8.64E-05 1.25E-04

Methanol Reactor
Inlet molar flow rate [kmol/s] 1.13 0.79 0.65 1.13d

a High frequency alternating current.
b The single repeating unit (SRU) voltage includes interconnects. The cell voltage may be significantly lower in SOEC mode and higher in SOFC mode as a high

fraction of the ASR of 0.607 Ω cm2 may be ohmic resistance intentionally added to the interconnects to provide enough heat for internal reforming in SOEC mode.
c Defined as the ratio between the oxygen transferred to the anode side and the total amount of oxygen entering the SOC (as H2O, CO and CO2).
d This number does not apply to the electricity production plus mode, as the methanol reactor is not used in that mode.

4 This is the overall carbon conversion defined as biomass carbon ending up
in product methanol.

G. Butera, et al. Fuel 271 (2020) 117654

15

88



be attained by downsizing the hardware employed in the gasification
section, increasing the operating pressure of the TwoStage Electro-ga-
sifier. A previous work by the authors [52] investigated the effects on
the efficiency of the aforementioned parameters through a sensitivity
analysis. The work analyzed only the electricity storage mode, but the
results have impact on the entire system treated within this study, as
the plant is conceived to operate most of the time in electricity storage
mode. The work shows that increasing the steam content at the outlet of
the char gasifier from 10 mol% to 20 mol%, keeping atmospheric
pressure operation of the gasifier, results in higher reactivity (increased
by 140%), with the downside of a reduced efficiency (from 70.5% to
68.5%) – due to the larger energy requirement for the needed steam
production. In general, the results from the sensitivity analysis do not
suggest exceeding 15 mol% steam content at the outlet of the char
gasifier. Additionally the study highlights that increasing the operating
pressure of the TwoStage Electro-gasifier up to ~6 bar could result in 6
times smaller hardware and reduced compression power. However,
high pressure in the SOC results in larger formation of CH4 in the SOEC,
which hinders methanol synthesis and lowers the overall carbon con-
version of the process (from 92% to 86%). The results indicate that
gasification pressures of ~3 bar could be a compromise between carbon
conversion and efficiency on one side and capital cost on the other.

4.2. Comparison with alternative technologies

In this section, previous works are compared, showing the ad-
vantages and disadvantages of the presented work. A review, built upon
the work by Holmgren et al. [30] and including the latest relevant
studies, is implemented. Among the several works on biomass gasifi-
cation as conversion route for the synthesis of liquid fuels – only re-
levant technologies meeting three requirements have been considered:
(1) production of methanol from (2) woody biomass, (3) having a
moisture content ~50%. The systems are compared in terms of energy
efficiency (computed using Eq. (6)), carbon conversion, flexibility and
parameters related to electrolysis. The comparison is split into four
categories. Electricity storage mode is compared to all the technologies
converting biomass and electricity to methanol by use of electrolysis
(B + EL to MeOH) [12,30]. Electricity heated and electricity minimum
modes group together with the technologies converting biomass and

electricity5 to methanol (B + E to MeOH) [12,90,91]. The electricity
production mode is compared to the technologies converting biomass to
methanol and electricity (B to MeOH+ E) [30,90], while the electricity
production plus mode is compared to systems converting biomass to
electricity (B to E) [21,22,37]. Table 11 shows the comparison among
the different technologies for methanol synthesis from biomass gasifi-
cation.

The main purpose of the plant based on the TwoStage Electro-ga-
sifier is to store electricity in the form of liquid methanol. The main
mode is therefore the electricity storage mode, and it is expected that
the gasifier would mainly operate in this mode – storing electricity from
wind and solar energy. The electricity storage mode outperforms, in
terms of efficiency, previous works (A.1 – A.2) from the same category
(B + EL to MeOH). Considering the methanol output (and related
carbon conversion), the novel plant has the second highest methanol
yield per biomass input, meaning a better exploitation of the biomass
by having a higher consumption of renewable electricity. Previous
works [12,30] uses O2 from the electrolysis to provide heat for the
gasification reactions: this might increase the complexity of the sys-
tems. The electricity storage mode eases the O2 handling on the air side
of the SOC using air as sweep gas, as the heat for the gasification re-
actions is provided through electric heating. In addition, the SOEC in
electricity storage mode benefits a much lower UF compared to H2O
electrolysis (35% against typically ~80%). Steam electrolysis has the
advantage of not having carbon deposits inside the cell. This phenom-
enon represents indeed one of the major issues when operating the SOC
on carbon containing gas.

The electricity minimum mode and especially the electricity heated
mode have higher energy and carbon efficiencies than other systems in
the second category (B + E to MeOH). Again, the novel system better
exploit the biomass by integrating more renewable electricity for the
synthesis of methanol.

Electricity production mode is far from being the most efficient
among the systems converting biomass to methanol and electricity
listed in the third class (B to MeOH+ E). The reason is the high content
of N2 in the syngas that reduces the methanol yield. Nevertheless, the
novel system is thought to operate in electricity production mode only
for shorter periods, when electricity prices are high.

Among systems converting biomass entirely to electricity (B to E),
the electricity production plus mode is comparable with a 500 kWth

TwoStage Viking gasifier coupled with a gas engine (D.1) and with
Värnamo integrated gasification combined cycle (D.3), but cannot
achieve the same efficiency (43%) as a TwoStage Viking gasifier cou-
pled with a SOFC (D.2).

Most importantly, none of the alternative solutions proposed in
Table 11 is conceived as a flexible plant able to adjust its operation
according to electricity (and methanol) prices6. This means that
whenever the combination of biomass, electricity and methanol prices
generates negative marginal revenues, the plant stops the operation or
operates with negative incomes. The flexibility of the novel plant based
on the TwoStage Electro-gasifier is its key-strength and represents a
great advantage.

The lack of long-term testing on internal reforming of tars in SOCs
represents an uncertainty of the Electro-gasifier viability. Gas cleaning
of pyrolysis gas as well as electric heating of the fluid bed char gasifier
also needs to be demonstrated before the technology can be commer-
cialized.

The comparisons shown in Table 11 point out the advantages of-
fered by the Electro-Gasifier when comparing the modes to the re-
spective more conventional SoA alternatives. The advantages are: (1)
high efficiency, (2) better exploitation of the biomass resource when

H O

C

0.10.20.30.40.50.60.70.80.9

SOEC

SOFC
Fully Oxidized Fuel

Carbon Formation

Fig. 10. Ternary diagram showing the carbon formation region and the region
with fully oxidized fuel at atmospheric pressure, both at 850 °C and 700 °C. The
four operating modes are represented by one line for SOEC operation and one
line for SOFC operation (shown for the electricity minimum mode). The ternary
diagram has been created using Factsage™ version 7.2 [87].

5 Electricity is not used for electrolysis in this case.
6 The alternative solutions will most likely be able to operate in part-load to

adapt to the electricity and methanol prices.
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consuming renewable electricity, (3) flexible operation, (4) low UF and
(5) easy oxygen handling in the SOEC.

5. Conclusion

A novel system combining solid oxide cells and a TwoStage Gasifier
in a deep integration has been introduced and analyzed by thermo-
dynamic modeling. The system integrates electricity from renewables in
the conversion of biomass to methanol. Electricity is used for electro-
lysis reactions and high temperature heating when the electricity price
is low. At higher electricity prices, the system can switch operating
mode, and thereby lower the electricity consumption or switch to
electricity production. In one of the operating modes, the SOC operates
as an electric heated reformer by supplying a high frequency alternating
current through the stack. The analysis of the five operating modes
showed an input–output efficiency between 70.5% and 37.0%. The
proposed system stands out against most of the more conventional
state-of-the-art systems based on gasification to convert biomass to
methanol in terms of efficiency. The key-strength of the plant is how-
ever the flexibility, enabling the plant to adapt the operation, max-
imizing the revenue at different electricity prices. A main challenge of
the system is operation of the SOC on cleaned pyrolysis gas. Internal
reforming of tars and hydrocarbons in the SOC is a main part of the
concept, but will probably demand special SOC materials. However,
short-term tests with Ni-GDC fuel electrodes show promising results.
Further advantages of the system include (1) improved use of the
woody biomass, (2) low utilization factor of the SOC, (3) easy handling
of the oxygen produced by the SOC as oxygen is not needed by the
gasifier. Further works include an experimental campaign of a SOC
running on pyrolysis gas with minimal gas cleaning (i.e. particle and
sulfur removal only), as well as an economic and operational analysis of
the presented poly-generation plant based on predicted future elec-
tricity prices.
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Flexible Biomass conversion to Methanol integrating Solid Oxide Cells and TwoStage Gasifier 
Giacomo Buteraa,*, Søren Højgaard Jensenb, Rasmus Østergaard Gadsbøllc, Jesper Ahrenfeldtc, Lasse 
Røngaard Clausena 

a DTU Mechanical Engineering, Technical University of Denmark, Lyngby, 2800, DK. 
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Nomenclature    
Abbreviations    
AIR Oxidizing Air heater MEA Monoethanolamine 
ASU Air Separation Unit MeOH Methanol 
BFB Bubbling fluid bed PREREF Pre-reformer 
BURN Purge gas burner PYRO Pyrolysis reactor 
CFB Circulating fluid bed SC Syngas cooler 
CS Condensing Steam SS Superheated Steam 
EE Engine Exhausts VOL Volatiles 
FICFB Fast Internally circulating fluid bed WGS Water gas shift 
LP-MeOH Liquid phase methanol   
    

 

Reactivity at the outlet of the char gasifier 
Equations (S.1)-(S.5) represents the rate constants needed to evaluate the reactivity described in eq. 
(5). Coefficients reported in Table S.1 are used. 
 

 

Table S.1: Rate constant and activation energy coefficients needed to compute the factors in eqs. (S.1)-(S.5) [1]. 
k10,fw [s-1 atm-1] 7.531e7 E10,fw [J/mol] 2.11e5 
k10,fc [s-1 atm-1] 3.282e6 E10,fc [J/mol] 1.52e5 
k10,bw [s-1 atm-1] 3.270e8 E10,bw [J/mol]] 2.48e5 
k10,bc [s-1 atm-1] 2.016e8 E10,bc [J/mol] 2.17e5 
k30 [s-1 atm-1] 2.458e7 E30 [J/mol] 2.14e5 

 

 

 

 

 

k1,fw=k10,fw∙e
-
E10,fw

R∙T   
(S.1) 

k1,fc=k10,fc∙e
-
E10,fc

R∙T   
(S.2)  

k1,bw=k10,bw∙e
-
E10,bw

R∙T   
(S.3)  

k1,bc=k10,bc∙e
-
E10,bc

R∙T   
(S.4) 

k3=k30∙e
-
E30
R∙T   

(S.5) 
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Electricity storage mode 

Figure S.1: Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in 
electricity storage mode: full heat integration. When not directly shown, correspondence of the heat flows is 
indicated using letters. Waste heat is represented by arrows without any specification about the use. 

 
Figure S.2: T-Q diagram for the main heat exchangers in electricity storage mode.  
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Electricity heated mode 

 
Figure S.3: Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in 
electricity heated mode: full heat integration. When not directly shown, correspondence of the heat flows is 
indicated using letters. Waste heat is represented by arrows without any specification about the use. 

 
Figure S.4: T-Q diagram for the main heat exchangers in the electricity heated mode. 
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Electricity minimum mode 

 

Figure S.5: Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in 
electricity minimum mode: full heat integration. When not directly shown, correspondence of the heat flows is 
indicated using letters. Waste heat is represented by arrows without any specification about the use. 

 
Figure S.6: T-Q diagram for the main heat exchangers in the electricity minimum mode. 
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Electricity production mode 

 
Figure S.7: Detailed flowsheet for the conversion of biomass to methanol via the TwoStage Electro-Gasifier in 
electricity production mode: full heat integration. When not directly shown, correspondence of the heat flows is 
indicated using letters. Waste heat is represented by arrows without any specification about the use. 

 
Figure S.8: T-Q diagram for the main heat exchangers in the electricity production mode. 

Updraft 
fixed bed
Pyrolysis 
Reactor

Methanol
Reactor

Flash
Tank

Topping
Column

Distillation
Column

0.6 MWth

Heat 
Pump

3.6 MWth

CO2

1

2

3

4

5

6

3.0 MWth

4.5 MWth

0.1 MWel

ZnO/CuO
fixed bed

Sulfur

Particles

Particles

10.9 MWth

(A)1.1 MWel

Air

~0 MWel

6.5 MWth

(to A)

4.3 MWth

(to B)

0.9 MWth

(to A)

CO2

0.2 MWth

1.1 MWth

MeOH
40.8 MWth

Air

H2O

2.5 MWth

0.3 MWth

0.8 MWth

7 8 9 10

9.9 MWth

11

12 13

14

20 24

4748

40

414243

44 45

50

51

52
55

Wood (48% moisture)
100 MWth ,d ry

Ash
4.3 MWth

Particles

Fluid
Bed
Char

Gasifier

Char

Dry
Wood

Updraft 
fixed bed

Steam
Dryer

Pre-reformer

SOC unit in 
SOFC mode

6.6 MWth

9.7 MWel DC

0.4 MWel

Acid Gas
Removal

5.6 MWth

(B)

Burner

0.6 MWel

53

H2O

3.0 MWel

1.7 MWth

26

27

28

29

30

3.0 MWel

2.6 MWel

1.7 MWth

46

11.7 MWth

0.2 MWel

15 16

17

18

19

21

23

25

31

32

333449

35

36 37

5456

57 61

62

1.1 MWth

22

Reactivity
1.25E-04 s-1

Syngas
80.1 MWth

58 59
60

Air

~0 MWel

2.6 MWth

636465

Gas 
Engine

8.8 MWth

(engine cooling)

4.2 MWth

9.1 MWel

38

39

1.3 MWth

(to B)3.5 MWth

(to A)

1.3 MWth

1.2 MWth

5.1 MWth

0

100

200

300

400

500

600

700

800

900

1000

0 5 10 15 20 25 30 35 40

Te
m

pe
ra

tu
re

 [°
C

]

Cumulative Heat Transferred [MW]

BURN

CS

CS

MEA
SSSSSSSS

EE SC

SC SC SC

PYRO REF AIR

98



Electricity production plus mode 

 
Figure S.9: Detailed flowsheet for the conversion of biomass to electricity via the TwoStage Electro-Gasifier in 
electricity production plus mode: full heat integration. When not directly shown, correspondence of the heat flows 
is indicated using letters. Waste heat is represented by arrows without any specification about the use. 

 
Figure S.10: T-Q diagram for the main heat exchangers in the electricity production plus mode. 
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Comparison with alternative technologies 
Table S.2: List of the alternative solutions for methanol production from gasification of lignocellulosic biomass. 

 Sources Description 
B to MeOH + E 

A.1 Clausen et 
al. [2] 

Entrained flow gasifier and integrated torrefaction + Alkaline electrolyzer. 

A.2 Holmgren 
et al. [3] 

O2-blown pressurized circulating fluid bed (CFB) gasifier. O2 from ASU. Liquid phase methanol (LP-MeOH ) synthesis. 
No CO2 removal before MeOH synthesis. Drying of  biomass from 50 % to 15 % moisture content included. Electrolytic 
H2 to replace the water gas shift (WGS) before MeOH synthesis. Based on the work by Isaksson et al. reported in B.2. 

B + E to MeOH 

B.1 Clausen et 
al. [4] 

Entrained flow gasifier and integrated torrefaction. 

B.2 Isaksson et 
al. [5] 

O2-blown pressurized CFB gasifier. O2 from ASU. LP-MeOH synthesis. No CO2 removal before MeOH synthesis. Drying 
of  biomass from 50 % to 15 % moisture content included. 

B.3 Tock et al. 
[6] 

Fast internally circulating  fluid bed (FICFB) at atmospheric pressure. WGS and ASU included. 90% recycle in MeOH 
synthesis. MEA for CO2 removal. Cold gas cleaning. 

B.4 Tock et al. 
[6] 

FICFB at atmospheric pressure. WGS and ASU included. 90% recycle in MeOH synthesis. Selexol for CO2 removal. Cold 
gas cleaning. 

B.5 Tock et al. 
[6] 

CFB atmospheric pressure. WGS and ASU included. 90% recycle in MeOH synthesis. MEA for CO2 removal. Cold gas 
cleaning. 

B.6 Holmgren 
et al. [3] 

Stand-alone plant with integrated biomass drying from 50 %. Excess low temperature heat used for district heating. Based 
on the work by Isaksson et al. reported in B.2. 

B to MeOH + E 

C.1 Holmgren 
et al. [3] 

O2-blown pressurized CFB gasifier. O2 from ASU. LP-MeOH synthesis. No CO2 removal before MeOH synthesis. Drying 
of  biomass from 50 % to 15 % moisture content included. Heat pumps integrated. Steam cycle with two steam levels. 
Based on the work by Isaksson et al. reported in B.2. 

C.2 Tock et al. 
[6] 

CFB atmospheric pressure. WGS and ASU included. 90% recycle in MeOH synthesis. Selexol for CO2 removal. Cold gas 
cleaning. 

B to E 

D.1 Ahrenfeldt 
et al. [7] 

TwoStage gasifier coupled with a gas engine, located in Hillerød. 

D.2 Gadsbøll et 
al. [8] 

TwoStage gasifier coupled with a solid oxide fuel cell. 

D.3 Ridjan et 
al. [9] 

Värnamo Integrated Gasification Combined Cycle. Pressurized CFB gasifier. 

D.4 Ridjan et 
al. [9] 

Skive plant. Single bubbling fluidized bed (BFB) gasifier, producing gas for combined heat and power (CHP). 
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Techno-economic analysis of methanol production units coupling solid oxide cells and thermochemical 
biomass conversion via the TwoStage gasifier 
Giacomo Buteraa,*, Søren Højgaard Jensenb, Jesper Ahrenfeldtc, Lasse Røngaard Clausena 
a Section of Thermal Energy, Department of Mechanical Engineering, Technical University of Denmark (DTU), Nils Koppels Allé 403, 2800, Lyngby, 
Denmark. 
b Department of Energy Technology, Aalborg University, Fredrik Bajers Vej 5, 9100, Aalborg, Denmark. 
c Department of Chemical Engineering, Technical University of Denmark (DTU), Frederiksborgvej 399, 4000 Roskilde, Denmark. 

Abstract 
Energy dense liquid biofuels are needed where direct electrification is infeasible, such as the heavy-
transports sector. A novel flexible methanol production unit with highly integrated solid oxide cells, 
characterized by five operating modes, is compared with two non-flexible units from a techno-economic 
perspective. The aim is to investigate whether a more complex flexible methanol production facility that 
is able to both store and produce electricity could be cost-competitive with single-mode solutions, by 
ensuring a higher capacity factor. The flexible solution has the highest capital cost (620 M$2019), followed 
by the so-called electricity storage single-mode unit (490 M$2019) and the conventional unit (390 M$2019). 
Decomposition of the methanol production costs shows that electricity and biomass are the major cost 
factors. The minimum fuel selling price is generally lowest for the conventional unit (92-117 $/MWhth), 
followed by the electricity storage single-mode unit (87-127 $/MWhth), and the flexible system (93-125 
$/MWhth). Flexibility is generally not a key-strength for the flexible unit, as the increased investment cost 
associated to a major complexity represents a disadvantage. However, flexibility becomes relevant 
when imposing constraints on the use of electricity produced from fossil fuels to produce methanol, 
since it ensures higher capacity factor and methanol yield. 

Keywords: Techno-economic analysis; Biomass Gasification; Solid Oxide Cells; Bio-methanol; Indirect electrification. 
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Nomenclature    
Symbols    
𝐴𝐴𝐴𝐴𝐴𝐴  Area Specific Resistance [Ω∙cm2] 𝑥𝑥𝑖𝑖  Molar fraction i-species [-] 
𝑏𝑏1,𝑏𝑏2  Equipment based parameters [-] 𝑦𝑦𝑖𝑖  Mass fraction i-species [-] 
𝐶𝐶𝐴𝐴𝐴𝐴𝐴𝐴  Annual capital repayment [M$/yr] Δ𝑝𝑝  Pressure difference [bar] 
𝐶𝐶𝐵𝐵𝐵𝐵0   Bare module cost (base case conditions) [M$] Δ𝑇𝑇  Temperature difference [°C] 
𝐶𝐶𝐵𝐵𝐵𝐵  Bare module cost (real conditions) [M$] 𝛼𝛼1  Contingencies factor [-] 
𝐶𝐶𝐵𝐵𝐵𝐵,𝑟𝑟𝑟𝑟𝑟𝑟  Bare module cost (reference size) [M$] 𝛼𝛼2  Fees factor [-] 
𝐶𝐶𝑟𝑟𝑓𝑓𝑟𝑟𝑓𝑓  Fuel Production cost [$/MWhth] 𝛼𝛼3  Auxiliary facilities factor [-] 
𝐶𝐶𝐺𝐺𝐴𝐴  Grassroot cost [M$] 𝛾𝛾  Scale factor [-] 
𝐶𝐶𝑂𝑂𝑂𝑂  Operating labor cost [M$/yr] 𝜀𝜀  Tray efficiency [-] 
𝐶𝐶𝐵𝐵  Manufacturing cost [M$/yr] 𝜀𝜀𝑠𝑠  Stage efficiency [-] 
𝐶𝐶𝑝𝑝0  Purchased equipment cost [M$] 𝜂𝜂  Efficiency [-] 
𝐶𝐶𝑝𝑝  Actualized purchased equipment cost [M$2019] 𝜂𝜂𝑖𝑖𝑠𝑠  Isentropic Efficiency [-] 
𝐶𝐶𝑝𝑝  Specific heat capacity [kJ/kg K] 𝜂𝜂𝑚𝑚𝑟𝑟𝑚𝑚ℎ  Mechanical Efficiency [-] 
𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶  Chemical Engineering Plant Cost Index [-] 𝜌𝜌  Density [kg/m3] 
𝐶𝐶𝐶𝐶𝐶𝐶  Coefficient of performance [-]   
𝑑𝑑  Diameter [m] Abbreviations  
𝑓𝑓𝑚𝑚  Material-based factor [-] AC Alternate Current 
𝑓𝑓𝑝𝑝  Pressure-based factor [-] AGR Acid Gas Removal 
ℎ  Height [m] C Conventional unit 
ℎ𝑡𝑡  Tray separation distance [m] CEPCI Chemical Engineering Plant Cost Index 
𝐻𝐻𝐶𝐶𝑇𝑇𝐶𝐶  Height equivalent to theoretical plate [m] DC Distillation Column 
𝐻𝐻𝐻𝐻𝐻𝐻  Higher Heating Value [kJ/kg] DCFROR Discounted Cash Flow Rate Of Return 
𝑘𝑘1,𝑘𝑘2,𝑘𝑘3 Equipment-based factors [-] DME Dimethyl Ether 
𝐾𝐾𝑆𝑆𝐵𝐵  Souders-Brown constant [m/s] EIA Energy Information Administration 
𝐿𝐿𝐻𝐻𝐻𝐻  Lower Heating Value [kJ/kg] EOS Equation of States 
�̇�𝑚  Mass flow rate [kg/s] ES Electricity storage (single-mode unit) 
𝑀𝑀𝑔𝑔  Molecular weight [kg/kmol] ETL Emissions-to-Liquid 
𝑀𝑀𝑀𝑀𝐴𝐴𝐶𝐶  Minimum Fuel Selling Price [$/MWhth] F Flexible unit 
�̇�𝑛  Molar flow rate [kmol/s] FT Fischer Tropsch 
𝑁𝑁𝑂𝑂𝑂𝑂  Number of operators per shift [-] LTCFB Low Temperature Circulating Fluidized Bed 
𝑛𝑛𝑠𝑠𝑡𝑡𝑠𝑠𝑔𝑔𝑟𝑟  Number of stages [-] MEA Monoethanolamine 
𝑝𝑝  Pressure [bar] MeOH Methanol 
𝑝𝑝𝑖𝑖  Partial pressure i-species [bar] MFSP  Minimum Fuel Selling Price 
�̇�𝑄  Heat flow rate [MW] MTO Methanol-to-Olefins 
𝐴𝐴𝑏𝑏𝑖𝑖𝑏𝑏−𝑚𝑚ℎ𝑠𝑠𝑟𝑟  Revenue bio-char [M$/yr] NPV  Net Present Value 
𝐴𝐴𝑟𝑟𝑓𝑓  Revenue Electricity [M$/yr] PBT Payback time 
𝐴𝐴  Size parameter (installed size) POX Partial Oxidation 
𝐴𝐴𝑟𝑟𝑟𝑟𝑟𝑟  Size parameter (reference size) SNG Synthetic Natural Gas 
𝑇𝑇  Temperature [°C] SOC Solid Oxide Cell 
𝑢𝑢𝐵𝐵  Fluid mean velocity [m/s] SOEC Solid Oxide Electrolysis Cell 
𝑢𝑢𝑠𝑠,𝑔𝑔  Superficial gas velocity [m/s] SOFC Solid Oxide Fuel Cell 
𝑈𝑈𝑀𝑀  Utilization factor [-] TC Topping Column 
�̇�𝐻  Volume flow rate [m3/s] TSO Transmission System Operator 
�̇�𝑊  Electric Power [MW] WGS Water gas shift 
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1. Introduction 
Interest in biofuels has increased in the recent years, as they have the potential to replace fossil fuels 
from the heavy-duty transportation sector (i.e. long-haul air-, marine- and heavy-duty road transports) 
[1–3]. Thermochemical conversion of biomass is an efficient pathway to synthesize biofuels from 
forestry, agricultural residues or municipal waste [1,4]. However, biomass is a limited resource and 
biofuels from biomass alone will not solve the problem in the transportation sector [5,6]. Combination 
of biomass thermochemical conversion and renewable electricity via electrolysis enables the production 
of electrofuels, ensuring an enhanced exploitation of the carbon stored within the biomass.  
Various synthesis routes exist to convert syngas from biomass gasification, each of them having a 
different end-product (e.g. Fischer-Tropsch (FT) fuels, dimethyl ether (DME), methanol (MeOH) etc.). 
Recently, focus on methanol has increased, as this alcohol represents an interesting and versatile 
option, with several applications in chemical processes, possibility to directly fuel internal combustion 
engines or fuel cells, as well as a role as building block towards synthesis of more complex biofuels 
such as e.g. gasoline [7,8], DME [9] or jet-fuels0F

1 [10–12].   
Previous modeling works investigated production of methanol via thermochemical conversion of wood 
[13–20] and straw [21]. Clausen investigated production of methanol via wood biomass gasification 
through an entrained flow gasifier, showing that addition of electrolytic H2 could increase the efficiency 
and the carbon conversion up to 62% and 96%, respectively. Isaksson et al. proposed a case-study to 
evaluate the integration of biomass gasification with a thermomechanical pulp and paper mill for the 
production of methanol, achieving an energy efficiency of ~50%. Holmgren et al. [16] used the work by 
Isaksson et al. [15] as baseline case, and proposed improved solutions with integrated biomass drying 
process, as well as integrated methanol-to-olefins (MTO) step to maximize the methanol yield. Tock et 
al. [17] carried out a thermo-economic analysis proposing different layouts for the production of FT-
fuels, DME and methanol, with a minimum production cost of methanol of 88 €/MWhth for a 400 MWth 
biomass input solution. Zhang et al. investigated the methanol production costs from three different 
single-mode units featuring entrained flow biomass gasification, showing the existence of a trade-off 
between the methanol production cost and the efficiency of the systems [18]. The work shows that 
methanol can be synthesized combining biomass gasification and water gas shift (WGS) with 
production cost of 336 $/ton (61 $/MWhth). The production cost increased when coupling biomass 
gasification and steam electrolysis, due to a high cost for the SOEC. 
Butera et al. investigated from a thermodynamic perspective a methanol production unit, combining 
straw gasification and electrolysis via the low temperature circulating fluid bed (LTCFB), solid oxide 
cells (SOC) and a novel gas cleaning unit consisting of a partial oxidation (POX) step and a char bed 
[21]. The analysis shows that straw-based methanol can be produced with an efficiency up to 58% and 
a carbon conversion up to 68%, outperforming most of the solutions based on wood gasification.  
An innovative solution to continuously produce methanol over a wide range of electricity prices is 
proposed by the authors in [19,20]. This solution entails a deep integration of a novel TwoStage gasifier 
and SOC. The SOC is placed between the pyrolysis and the char gasification units of the conventional 
TwoStage gasifier, replacing the air-blown POX step. In addition, the Ni-percolated electrode of the 
SOC fosters conversion of tars, methane and light hydrocarbons. The result is the production of a high-
quality tar- and nitrogen-free syngas suitable for production of biofuels. The study proposes five 
operating modes, obtained by varying (1) the operation of the SOC (which operates either as solid oxide 
electrolysis cell (SOEC), solid oxide fuel cell (SOFC), or as a reformer by using high frequency 
alternating current (AC)), and (2) the char gasifier (electrically heated via electric resistances in the bed, 
or using air-blown operation). Operation from negative to intermediate electricity prices is obtained by 
providing electric heating to the gasification reactor needed for the char gasification reactions, while 
operation of the SOC switches from SOEC to AC to SOFC, at increasing electricity prices. Operation 
at higher electricity prices is obtained via air-blown operation of char gasifier and SOC running as 
SOFC. 

                                                      
1 Methanol conversion to jet-fuels is currently not a process available at industrial scale [11]. However, 
olefins produced via methanol-to-olefins (MTO) process could be catalytically converted to e.g. jet fuel 
range iso-paraffins [12]. In case the desired end-product is jet-fuel only, FT fuels might be the preferred 
pathway, instead of methanol. 
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The operating concept behind the flexible methanol production plant proposed in [20] is shown in Figure 
1, where the five operating modes are plotted for different electricity prices, showing qualitatively 
biomass and electricity consumption, as well as methanol and electricity production. 
 
 

 
Figure 1: Concept of the flexible methanol production unit based on the TwoStage Electro-gasifier. Figure from 
[20]. 
 
The flexibility of the proposed technology could represent a key-strength for the system, able to operate 
continuously within a wide range of electricity prices without resorting to part-load operation of the main 
components. This enables to maximize the capacity factor and the net present value of the plant. The 
relevance of high flexibility and high capacity factor was previously noted in [22], where Sigurjonsson 
et al. proposed a polygeneration solution for synthetic natural gas (SNG) production that could consume 
or produce electricity, depending on the market electricity price, showing increased capacity factor and 
net present value (NPV) with respect to a single operating mode solution.  
To the knowledge of the authors, no other research study in the literature explores from a techno-
economic perspective the competitiveness of flexible methanol production units. The present work is a 
continuation of the work proposed by the authors in [20] and aims to fill the knowledge gap around the 
economic competitiveness of flexible methanol production facilities. The techno-economic analysis of 
the flexible production unit aims to evaluate the capital costs, manufacturing costs and the minimum 
fuel selling price (MFSP), for six electricity price scenarios. The results of the flexible system is 
compared with two single-mode methanol production facilities. The first single-mode unit is built on the 
most-used operating mode of the flexible production facility, which is the electricity storage mode, while 
the second is a more conventional solution coupling a TwoStage gasifier and steam electrolysis. The 
scope of the comparison is to assess the importance of the flexibility and to evaluate the best cost-
competitive solution. Sensitivity analyses is used to show the main factors impacting the profitability of 
methanol production units. A key strength of the flexible system is that it can switch operating mode, if 
electricity from renewables is no longer available, while the non-flexible systems will need to shut down 
if the goal is production of bio-methanol. A preliminary analysis is performed to assess the impact of 
electricity production from non-renewable energy sources on the main profitability parameters. 
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2. System designs 
As mentioned in section 1, the flexible production unit was compared to two different single-mode 
methanol production units. The three solutions for the production of methanol from wood biomass and 
electricity are described below. 

2.1. Flexible methanol production unit 
Five operating modes were investigated in [20], to ensure a high capacity factor of the plant, at different 
electricity prices. It is assumed that the plant continuously adjusts the operation, by changing the 
operation of the SOC and the char gasifier. As these changes can be done gradually without 
discontinuities, dynamic behavior of the hardware was not considered by the authors in [20]. Figure 2 
proposes a superstructure of the flexible methanol production unit based on the TwoStage Electro-
gasifer. 

 
Figure 2: Superstructure describing the flexible methanol production unit based on the TwoStage Electro-gasifier. 
Figure modified from [20]. 
 
At very low electricity prices, the plant operates in electricity storage mode. The SOC operates as SOEC 
reducing H2O and CO2 to H2 and CO respectively, while electricity covers the heat requirement of the 
char gasifier via electric heating elements embedded in the gasification reactor. The produced syngas 
is free of nitrogen and has a high H2 and CO content, ensuring a high yield of methanol. The plant will 
mostly operate in this mode. At low electricity prices, electricity heated mode is used. The SOC is 
operated at high frequency AC, with low flow rate of sweep gas on the air-side. AC provides the heat 
to reform remaining hydrocarbons on the fuel electrode. Heat for the endothermic char gasification 
reactions is provided via the resistance elements in the fluidized bed gasifier. At intermediate electricity 
price, the plant minimizes electricity demand operating in electricity minimum mode. During this 
operating mode, while electric heating rods provide heat for the char gasification reactions, the SOC 
produces power in SOFC mode, oxidizing H2 and CO to H2O and CO2, respectively. At high electricity 
price, the plant starts producing power via the electricity production mode. The SOC operates as SOFC, 
while the char gasifier switches to air-blown operation. This results in a high nitrogen content in the 
syngas, reducing the methanol yield. Eventually, at peak electricity prices, the plant operates in 
electricity production plus mode. Operations of SOC and char gasifier are the same as in electricity 
production mode, with the main difference that the syngas is directly sent to a gas engine to maximize 
power production. For detailed information about SOC operation conditions, including critical aspects 
such as e.g. H2/CO ratio coking risk, the reader is referred to [20]. 
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2.2. Electricity storage single-mode production unit 
The first single-mode solution is based on the concept of the electricity storage mode, discussed in 
section 2.1. The reason behind the choice of this operating mode is that the flexible methanol production 
unit operates in electricity storage mode most of the time, despite fluctuations in electricity price. It is 
relevant to investigate whether a single-mode methanol production unit, named electricity storage 
single-mode unit, is cost-competitive compared to a flexible unit. The electricity storage single-mode 
unit presents advantages like lower complexity (such as e.g. no part-load operations of heat 
exchangers, compressors etc.) and lower capital costs. Conversely, the capacity factor and the yearly 
marginal revenues are expected to decrease.   
 
2.3. Conventional single-mode production unit 
A single-mode methanol production unit is proposed based on a TwoStage gasifier combined with 
steam-electrolysis in an SOEC. This solution is named conventional1F

2 single-mode production unit 
(Figure 3). The process entails a steam drying process, and a more traditional TwoStage gasifier where 
O2-blown POX takes place in between pyrolysis and char gasifier, to completely remove the tars from 
the pyrolysis [23]. Gas quench using clean steam and recycled CO2 from the acid gas removal (AGR) 
reduces the temperature to avoid excessive thermal stresses on the distribution grate of the char 
gasifier fluidized bed. O2-blown operation of the char gasifier provides the required heat for the 
endothermic gasification reactions. Syngas from the slow fluidized bed gasifier is cooled, cleaned for 
particles, chlorine [24] and sulfur [25], before CO2 is removed via amine wash in the AGR. Downstream, 
electrolytic H2 is added to the syngas and the conditioned syngas is sent to the methanol synthesis 
section. Conversely to the units proposed in sections 2.1 and 2.2, the conventional solution does not 
feature an SOEC running on carbonaceous gas, which presents lower technology readiness level (TRL) 
and higher risk of hard-failure due to coking. In general, the conventional single-mode production unit 
should have a lower investment cost and complexity, but also lower efficiency and carbon conversion. 
 

 
Figure 3: Schematic layout of the conventional methanol production unit based on the TwoStage gasifier.  

  

                                                      
2 The conventional solution refers to a bio-refinery using electrolytic hydrogen produced from an SOEC, 
not commercialized yet on a large-scale. The state-of-the-art solution to condition syngas from biomass 
gasification is based on water gas shift units. 
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2.4. Thermodynamic modeling 
Aspen Plus from AspenTech® was used for the thermodynamic modeling of the units [26]. Redlich-
Kwong-Soave (RK-SOAVE) equation of states (EOS) have been used for solid processing, Peng-
Robinson with Boston-Mathias modifications (PR-BM) EOS for gas processing, while 
Schwartzentruber-Renon (SR-POLAR) EOS were used for the methanol synthesis and distillation 
process. In addition to the previous work by the authors in [20], modeling of the CO2 capture with 
monoethanolamine (MEA) was updated with rate-based absorber and stripper, using electrolyte Non-
Random-Two-Liquid (NRTL) EOS for the liquid phase and Redlich-Kwong EOS for the vapor phase 
[27]. For further information regarding the modeling of the flexible and the electricity storage single-
mode methanol production units, the reader is referred to [20], while details about the modeling of the 
conventional solution are reported in the Appendix.  
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3. Methods 
For the flexible and the electricity storage single-mode production units, equipment sizing was 
performed using thermodynamic (temperatures, pressures, flow rates etc.) and process properties (heat 
and power demands) retrieved from [20]. Thermodynamic and process data for the conventional 
methanol production unit are shown in the Appendix. The three investigated methanol production units 
were sized to have 400 MWth dry biomass input, to ease the comparison with previous studies on 
methanol synthesis from biomass gasification [17]. 

3.1. Economic assessment 
This section introduces the methods used to estimate the capital costs of the three investigated 
solutions, manufacturing costs, the operating mode, and the calculation of the methanol MFSPs. Basic 
assumptions used for the economic analysis are listed in Table 1. 
 
3.1.1. Capital costs 
The module costing technique presented by Turton et al. in [28] was used to estimate the plant capital 
cost, namely the grassroot cost 𝐶𝐶𝐺𝐺𝐴𝐴, term used to refer to a completely new facility where construction 
started on essentially undeveloped land [28]. The procedure to estimate the grassroot cost is described 
in the following. The purchased cost of each ith piece of equipment at manufacturer’s site 𝐶𝐶𝑃𝑃,𝑖𝑖

0  was 
computed for base conditions assuming carbon-steel construction, and ambient operating pressure, by 
cost correlations (eq. (1)):  

log10 𝐶𝐶𝑃𝑃,𝑖𝑖
0 = 𝑘𝑘1,𝑖𝑖 + 𝑘𝑘2,𝑖𝑖 ⋅ log10 𝐴𝐴𝑖𝑖 + 𝑘𝑘3,𝑖𝑖 ⋅ (log10 𝐴𝐴𝑖𝑖)2,  (1) 

where parameters 𝑘𝑘1, 𝑘𝑘2 and 𝑘𝑘3 represent equipment-based factors, and 𝐴𝐴𝑖𝑖 represents the size of the 
hardware (e.g. heat transfer area for heat exchanger2F

3, volumes for reactors and towers etc.).  
 
The purchased cost of equipment were actualized to account for the inflation between the reference 
year and the base-year, using the Chemical Engineering Plant Cost Indexes (CEPCI) via eq. (2):  
𝐶𝐶𝑃𝑃,𝑖𝑖 = 𝐶𝐶𝑃𝑃,𝑖𝑖

0 ⋅ (𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2019/𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝑟𝑟𝑟𝑟𝑟𝑟),  (2) 
where 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2019 and 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝑟𝑟𝑟𝑟𝑟𝑟 represent the CEPCI for the base and reference years.  
 
The bare module cost 𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖 of the ith equipment was adjusted using eq. (3): 
𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖 = �𝑏𝑏1,𝑖𝑖 + 𝑏𝑏2,𝑖𝑖 ⋅ 𝑓𝑓𝑝𝑝,𝑖𝑖 ⋅ 𝑓𝑓𝑚𝑚,𝑖𝑖� ⋅ 𝐶𝐶𝑃𝑃,𝑖𝑖,  (3) 

using factors to account for effective operating pressure (𝑓𝑓𝑝𝑝,𝑖𝑖) and construction material (𝑓𝑓𝑚𝑚,𝑖𝑖) and  
equipment-based parameters 𝑏𝑏1,𝑖𝑖, 𝑏𝑏2,𝑖𝑖. 
 
The bare module cost 𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖

0  for the ith component in base conditions were computed using equipment-
based factors, accounting for direct and indirect associated costs, as described in eq. (4):  
𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖
0 = �𝑏𝑏1,𝑖𝑖 + 𝑏𝑏2,𝑖𝑖� ⋅ 𝐶𝐶𝑃𝑃,𝑖𝑖  (4) 

 
The grassroot cost 𝐶𝐶𝐺𝐺𝐴𝐴 was computed by equation (5), accounting for contingencies costs (𝛼𝛼1, 0.353F

4 
for the flexible and electricity storage single-mode production units [29], 0.15 for the conventional single-
mode unit), fees (𝛼𝛼2, value 0.03 [28]) and auxiliary facility costs (𝛼𝛼3, value 0.5 [28]): 
𝐶𝐶𝐺𝐺𝐴𝐴 = (1 + 𝛼𝛼1 + 𝛼𝛼2) ⋅ ∑ 𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖𝑖𝑖 + 𝛼𝛼3 ⋅ ∑ 𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖

0
𝑖𝑖 . (5) 

 
In the case where the handbooks by Turton et al. [28] and Ulrich et al. [30] did not report cost-
correlations for the required items, other empirical laws were employed. Bare module costs for each 
equipment were given for a reference size 𝐴𝐴𝑟𝑟𝑟𝑟𝑟𝑟 (Table 2) and were scaled to the actual size 𝐴𝐴𝑖𝑖 through 
the power law shown in eq. (6): 
𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖 = 𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖,𝑟𝑟𝑟𝑟𝑟𝑟 ⋅ �𝐴𝐴𝑖𝑖/𝐴𝐴𝑖𝑖,𝑟𝑟𝑟𝑟𝑟𝑟�

𝛾𝛾𝑖𝑖,  (6) 

where 𝐶𝐶𝐵𝐵𝐵𝐵,𝑖𝑖,𝑟𝑟𝑟𝑟𝑟𝑟 is the reference bare module cost of the ith equipment, and 𝛾𝛾𝑖𝑖  is the scaling factor. 
                                                      
3 The heat transfer area for each heat exchanger was computed assuming an overall heat transfer 
coefficient 𝑈𝑈 from the handbook by Ulrich et al. [30]. 
4 The factor 𝛼𝛼1 accounting for contingencies costs is usually assumed around 0.15, for well understood 
systems [28]. For the solutions based on the TwoStage Electro-gasifier, a conservative value of 0.35 
was assumed in accordance with [29], to account for their novelty. 
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Table 1: Assumptions used for the techno-economic analysis. 
Parameter Unit Value Reference 
Reference year [-] 2019  
CEPCI 2019 [-] 607.5  
Expected lifetime [yr] 25 [29] 
Availability [-] 0.9 [29] 
Inflation rate [-] 0.01 [29] 
Discount rate [-] 0.08 [29] 
Salvage value  [$] 0 [28] 
Tax rate  [-] 0.22 [29] 
Biomass price [$/GJth] 7.1 [31] 
Bio-char price [$/GJth] 1.5  [29] 

 
Table 2: Data to estimate cost of equipment scaled using the power law in eq. (6). Data were updated to year 2019.  

Component 𝐶𝐶𝐵𝐵𝐵𝐵,𝑟𝑟𝑟𝑟𝑟𝑟 [M$2019] 𝐴𝐴𝑟𝑟𝑟𝑟𝑟𝑟  Unit Scale factor 𝛾𝛾 [-] Reference 
Conveyors 0.62 33.5 [tonwet bio/h] 0.80 [32] 
Biomass Storage 1.77 33.5 [tonwet bio/h] 0.65 [32] 
Steam Dryera 18.07 71 [tonsteam/h] 0.60b [33–35] 
Particle Filters 2.44 12.1 [m3/s] 0.65 [32] 
Sulfur removal  0.29 8 [Nm3/s] 1.00 [32] 
Char Gasifierc 9.62 41.7 [tonchar/h] 0.70 [36] 
Ash Cyclone 1.37 68.7 [m3/s] 0.70 [36] 
Ceramic Filter 2.44 12.1 [m3/s] 0.65 [32] 
SOCd 70 250 [MW] 0.90 [37,38] 
Gas Enginee 0.90 1 [MW] 0.70 [39] 
SOC Ejector 0.55 250 [MW] 1.00b [40] 
Pyrolysis unitf 1.60 7 [MW] 0.60b [41] 
Compressorsg 7.30 10 [MW] 0.67 [42] 
Turbinesg 3.64 10 [MW] 0.67 [42] 

a An investment cost of 17 M$2013 (around 130 million Danish Crowns [35]), for the installation of a J-size steam dryer from EnerDry [33,34], was 
used as reference cost. 
b Scaling factor was assumed [22]. 
c In case of electric heating of the gasifier, the cost for the char gasifier was multiplied by a factor of 1.5, to account for electric heating elements 
placed inside the bed. 
d The cost is the projected price of SOEC in 2050, under the premises of industrial scale production and solution of technological limits. It accounts 
also for the extra costs related to connection to the grid. The assumed lifetime of the SOC stack running on carbonaceous gas is 5 years. At the 
end of each 5-year period, an expense corresponding to the bare module cost of the SOC stack was born. Lifetime of an SOEC running on an 
H2O/H2 mixture is 10 years. 
e Forecasted value in 2050. 
f The pyrolysis unit cost includes the cost of the pyrolysis updraft fixed bed and the particle filter. The cost was estimated based on the grassroot 
cost of a commercial scale plant based on the concept of the combined heat-and-power plant in Harboøre (Denmark) [41,43,44]. The grassroot 
cost for a 7 MWth dry biomass input module is 6 M€2005 [41]. Total costs of two gas engines, conveyors and biomass storage were subtracted, while 
it was assumed that tar removal system and heat exchanger network accounted for half of the remaining grassroot cost. The bare module cost of 
the updraft pyrolysis unit and particle filter, in base conditions, was found considering factors for contingencies costs (0.15), fees (0.03) and auxiliary 
facility costs (0.5). It was assumed that the updraft fixed bed could be upscaled to a maximum size of 50 MWth. 8 reactors were considered for a 
400 MWth dry biomass input. 
h Cost estimation for compressors and turbines were computed using the power-law equation (6), when the size exceeded the validity range for 
cost-correlations from Turton et al. [28]. 
 
A fluidized bed is assumed for the methanol synthesis reactor, whose cost was estimated using cost-
correlations from [28], based on the reactor volume as sizing factor. 
The diameter 𝑑𝑑 of the methanol reactor was estimated using equation (7):  
𝑑𝑑 = 0.5 ⋅ � �̇�𝐻/(𝜋𝜋 ⋅ 𝑢𝑢𝑚𝑚)�0.5,  (7) 

where �̇�𝐻 is the inlet volume flow rate, and 𝑢𝑢𝑚𝑚 is the fluid velocity, assumed constant during scale-up, 
The reactor height ℎ was related to the diameter via equation (8) [29] :  
ℎ = 1.62 ⋅ 𝑑𝑑.  (8) 

For further details regarding the sizing of the methanol reactor, the reader is referred to [29]. 
The cost of the Copper-based catalyst was computed by assuming a bulk density of 1200 kg/m3 [45], a 
cost of 21.36 $/kg [18], and a catalyst lifetime of 4 years [18]. 
 
Cost-correlations from [28] were also used to estimate costs for topping and distillation tray columns, 
as well as for absorber and stripper packed towers of the AGR section. Preliminary dimensioning of 
these items followed the procedure described in [30]. The estimation of diameter 𝑑𝑑 and height ℎ needed 
for the tower sizing the vapor flow velocity 𝑢𝑢𝑠𝑠,𝑔𝑔 based on a total tower cross section, that was calculated 
via equation (9), using the Souders-Brown constant 𝐾𝐾𝑆𝑆𝐵𝐵 (assumed 0.12 m/s [30]), and the liquid and 
gas densities 𝜌𝜌𝑓𝑓 and 𝜌𝜌𝑔𝑔: 

𝑢𝑢𝑠𝑠,𝑔𝑔 = 𝐾𝐾𝑆𝑆𝐵𝐵 ⋅ �(𝜌𝜌𝑓𝑓 − 𝜌𝜌𝑔𝑔)/𝜌𝜌𝑔𝑔�
0.5.   (9) 
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The tower diameter 𝑑𝑑 was computed via equation (10), using the maximum molar vapor rate �̇�𝑛 and the 
vapor molecular weight 𝑀𝑀𝑔𝑔, under the assumptions of cylindrical tower:  

𝑑𝑑 = �4 ⋅ �̇�𝑛 ⋅ 𝑀𝑀𝑔𝑔/(𝜋𝜋 ⋅ 𝜌𝜌𝑔𝑔 ⋅ 𝑢𝑢𝑠𝑠,𝑔𝑔)�0.5.  (10) 

 
Estimation of the vertical height of tray towers (topping and distillation columns) was based on the actual 
tray separation distance ℎ𝑡𝑡, calculated via equation (11): 
ℎ𝑡𝑡 = 0.5 ⋅ 𝑑𝑑0.3,   (11) 

The total height ℎ for tray towers, based on the number of trays 𝑛𝑛𝑠𝑠𝑡𝑡𝑠𝑠𝑔𝑔𝑟𝑟 and the tray efficiency 𝜀𝜀 (assumed 
0.9 [45]), was calculated via equation (12):   
ℎ = ℎ𝑡𝑡 ⋅ 𝑛𝑛𝑠𝑠𝑡𝑡𝑠𝑠𝑔𝑔𝑟𝑟/𝜀𝜀.  (12) 

 
Estimation of vertical height ℎ for packed towers (used for absorber and stripper in the AGR section), 
was done via equation (13):  
ℎ = 𝑛𝑛𝑠𝑠𝑡𝑡𝑠𝑠𝑔𝑔𝑟𝑟 ⋅ 𝐻𝐻𝐶𝐶𝑇𝑇𝐶𝐶,   (13) 

considering an height equivalent to theoretical plate 𝐻𝐻𝐶𝐶𝑇𝑇𝐶𝐶 computed via equation (14), using a stage 
efficiency 𝜀𝜀𝑠𝑠 (assumed 0.9 [45]): 
𝐻𝐻𝐶𝐶𝑇𝑇𝐶𝐶 = 0.5 ⋅ 𝑑𝑑0.3/𝜀𝜀𝑠𝑠,   (14) 

 
For the partial oxidation reactor, used in the conventional single-mode methanol production unit 
described in section 2.3, the reactor volume was calculated assuming a gas hourly space velocity of 
2476 h-1 [46,47], estimated for a catalytic tar reformer and assumed constant during scale-up4F

5.  
 
3.1.2. Manufacturing costs  
The method described by Turton et al. [28] was used to estimate manufacturing costs 𝐶𝐶𝐵𝐵, divided into 
direct costs, varying with rate of production, fixed costs, and general expenses (see Table 3). Direct 
manufacturing costs comprise also raw material (woodchips) and utilities (electricity). Biomass and 
electricity prices, as well as other products (i.e. methanol and bio-char), are affected by several factors, 
the main being market conditions, plant locations and political incentives. For the economic analysis, 
market conditions in Denmark were chosen. Fuel costs used in the economic analysis are presented in 
Table 1, where price of biomass feedstock is the mid-value projection in 2030 [31]. 
 
Table 3: Manufacturing cost data, from [28]. 

 Value [M$/yr] 
Direct manufacturing costs  
Operating labor 𝐶𝐶𝑂𝑂𝑂𝑂a  0.07 ⋅ 4.5 ⋅ 𝑁𝑁𝑂𝑂𝑂𝑂  
Direct supervisory and clerical labor 0.18 ⋅ 𝐶𝐶𝑂𝑂𝑂𝑂  
Maintenance and repairs  0.06 ⋅ 𝐶𝐶𝐺𝐺𝐴𝐴  
Laboratory charges 0.15 ⋅ 𝐶𝐶𝑂𝑂𝑂𝑂  
Patents  0.13 ⋅ 𝐶𝐶𝐵𝐵  
  
Fixed manufacturing costsb   
Local taxes 0.032 ⋅ 𝐶𝐶𝐺𝐺𝐴𝐴  
Plant overhead 0.708 ⋅ 𝐶𝐶𝑂𝑂𝑂𝑂 + 0.036 ⋅ 𝐶𝐶𝐺𝐺𝐴𝐴  
  
General manufacturing costs  
Administration  0.177 ⋅ 𝐶𝐶𝑂𝑂𝑂𝑂 + 0.009 ⋅ 𝐶𝐶𝐺𝐺𝐴𝐴  
Distribution 0.11 ⋅ 𝐶𝐶𝐵𝐵  
Research and development  0.05 ⋅ 𝐶𝐶𝐵𝐵  

a Operating labor costs were estimated as described by Turton et al. [29], assuming 1095 shifts per year and an average yearly 
salary of 70000 $. The number of operators per shift 𝑁𝑁𝑂𝑂𝑂𝑂 was computed using the method described in [30]. 
b Depreciation was considered over 9.5 years, using the Straight-Line method [28].  
 
Market electricity price is a fluctuating variable, making the ability to operate with flexibility an interesting 
technical characteristic. Six electricity price scenarios (Figure 4) were used to perform the techno-
economic analysis of the plant. Scenario 2019 represents the actual electricity price during year 2019 
                                                      
5 Alternatively, it is possible to estimate the reactor volume assuming a residence time of 2.7 s [23], 
calculated for a gas upgrading unit consisting of a POX reactor and a char bed. This alternative 
assumption resulted in a negligible increase of ~1% on the capital cost of the conventional single-mode 
production unit, compared to the capital cost estimated using the assumption from [46]. 
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in western Denmark, retrieved from Nord Pool [48]. Scenarios 2025, 2035-A, 2035-B and 2040 are 
plausible electricity prices in Denmark for the corresponding years, estimated by the Danish 
transmission system operator Energinet.dk [49]. Scenario 20XX represents the electricity price in a 
hypothetical future year where electricity prices are volatile due to a higher penetration of renewable 
energy technologies in the energy mix. Scenario 20XX builds on scenario 2019, with the 50 peak hours 
based on scenario 2035-A, while the rest of the highest 2000 hours are calculated using a linear 
interpolation. It can be noted that each electricity scenario is characterized by a plateau, i.e. a number 
of hours where the electricity price is nearly constant. Profitability analysis and sensitivity analyses were 
performed assuming these hourly electricity prices during the year. 
 

 
Figure 4: Cumulative curves of the hourly electricity price during the year, for the six analyzed scenarios. 
Transmission fees were not considered in the electricity price. Bio-refineries like the ones presented in this work 
would operate close to e.g. a wind farm, so that an agreement with the transmission system operator (TSO) could 
be stipulated to avoid transmission fees. 
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3.1.3. Operation of the production units 
The investigated production units are conceived to operate to maximize the hourly marginal revenue. 
For a given pair of electricity price and methanol price, the flexible production unit operate choosing the 
highest revenue among the ones ensured by the five operating modes discussed in section 2.1, with 
the additional shut down mode, in case all revenues are negative (Figure 5(a)). The electricity storage 
(Figure 5(b)) and the conventional (Figure 5(c)) single-mode units are operational in case the hourly 
marginal revenues are positive, while they are shut down, in case of negative hourly revenues. 
Operating maps presented in Figure 5 were built assuming fixed biomass and bio-char prices (Table 
1), for electricity and methanol prices ranging between 0 and 150 $/MWh. Energy flows reported in 
Table 4 were used to find the operating mode ensuring the highest hourly revenue. 
(a) 

 
(b) (c) 

  
Figure 5: Operating map for (a) the flexible, (b) electricity storage single-mode, and (c) conventional single-mode 
production units. 
 
Table 4: Energy flows and efficiencies for the three investigated methanol production facilities (LHV, dry basis) [20]. 

 Flexible production unit Conventional 
single-mode unit 

 Electricity 
storagea 

Electricity 
heated 

Electricity 
minimum 

Electricity 
production 

Electricity 
production 
plus 

 

Input [MW]        
Dry biomass  100.0b 100.0 100.0 100.0 100.0 100.0 
Electric power  83.1 31.6 17.0 - - 52.2 
Syngas [MW] 159.4 111.6 92.0 80.1 80.1 88.4c 
Output [MW]       
Methanol  129.1 90.4 74.6 40.8 - 103.3 
Electric power  - - - 7.7 37.0 - 
Bio-char  4.3 4.3 4.3 4.3 4.3 4.3 
Efficiencies [%]       
Efficiency 70.5 68.7 63.7 48.5 37.0 67.9 
Carbon efficiency 92.3 64.7 57.5 29.2 - 73.9 

a This mode corresponds to the electricity storage single-mode unit. 
b Thermodynamic analysis was performed assuming 100 MWth dry biomass input. All energy flows were scaled to 400 MWth dry biomass input. 
c Not including H2 from electrolysis. 
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3.1.4. Profitability analysis 
The methanol production cost was computed using eq. (15): 
𝐶𝐶𝑟𝑟𝑓𝑓𝑟𝑟𝑓𝑓 = (𝐶𝐶𝐴𝐴𝐴𝐴𝐴𝐴 + 𝐶𝐶𝐵𝐵 + 𝐴𝐴𝑟𝑟𝑓𝑓 + 𝐴𝐴𝑏𝑏𝑖𝑖𝑏𝑏−𝑚𝑚ℎ𝑠𝑠𝑟𝑟)/(�̇�𝑚𝐵𝐵𝑟𝑟𝑂𝑂𝑀𝑀,𝑦𝑦𝑟𝑟 ⋅ 𝐿𝐿𝐻𝐻𝐻𝐻𝐵𝐵𝑟𝑟𝑂𝑂𝑀𝑀 ),  (15) 

where 𝐶𝐶𝐴𝐴𝐴𝐴𝐴𝐴 is the annual capital repayment, 𝐶𝐶𝑂𝑂𝐵𝐵 represents the manufacturing cost, �̇�𝑚𝐵𝐵𝑟𝑟𝑂𝑂𝑀𝑀,𝑦𝑦𝑟𝑟 
represents the annual production of methanol,  𝐿𝐿𝐻𝐻𝐻𝐻𝐵𝐵𝑟𝑟𝑂𝑂𝑀𝑀 the lower heating value of methanol, while 𝐴𝐴𝑟𝑟𝑓𝑓 
and 𝐴𝐴𝑏𝑏𝑖𝑖𝑏𝑏−𝑚𝑚ℎ𝑠𝑠𝑟𝑟 represents the revenues from electricity and bio-char, respectively. 
For further information about the calculation of the annual capital repayment, the reader is referred to 
[29]. 
A discounted cash flow rate of return (DCFROR) analysis was performed to evaluate the methanol 
MFSP, i.e. the price at which green methanol should be sold to achieve a zero NPV. For each production 
unit, the MFSPs were calculated for the six electricity price scenarios described in section 3.1.2.  
Eventually, NPVs and payback time (PBT) were calculated for the six electricity price scenarios, at 
different bio-methanol selling price between 80 and 160 $/MWhth. 
 
3.2. Local sensitivity analyses 
The economic parameters investigated within this work strongly depend on the initial assumptions, 
which could vary and have affect significantly the profitability of the methanol production units. Local 
sensitivity analyses were carried out, aiming to identify the impact of each parameters on the methanol 
MFSP. 
To perform the local sensitivity analyses, each of the economic parameters listed in Table 5 was varied 
one-at-a-time, keeping all the remaining factors fixed at their base values.  
Lower and upper limits shown in Table 5 were used to compute the local sensitivity analyses. 
 
Table 5: Parameters varied in the local sensitivity analyses. Reference [29]. 

Variable Unit Lower limit  Upper limit 
Biomass price [$/GJth] 6 14 
Bio-char price [$/GJth] 1.5 10.25 
SOC cost (250 MWel size) [M$] 70 375 
Grassroot factor [-] 0.7 1.3 
Contingencies factor [-] 0.15 0.35a 
Discount rate [-] 0.02 0.10 
Plant Lifetime [yr] 5 40 
Tax level [-] 0.2 0.4 

a The upper limit of the contingengy factor was not investigated for the conventional facility. 
 
3.3. Green electricity analysis 
In a likely future, large-scale electricity storage solutions will balance the difference between intermittent 
renewable sources, such as e.g. wind and solar, and the fluctuating electricity demand. Currently, these 
technologies are not available worldwide for different reasons. Pumped hydropower and compressed 
air energy storage need specific geographical sites, batteries are characterized by low energy density 
and low power capacity [50], while electricity storage solutions based on production of natural gas 
storage via reversible solid oxide cells are not commercially mature at the moment [40,51,52]. Thus, 
conventional power plants fueled with fossil fuels are used as peak load technologies to cover the 
difference between renewable electricity production and electricity demand. The main target of the 
methanol production units presented within this work is to produce green methanol for the transport 
sector. It is therefore clear that the methanol production units has to consume renewable electricity and 
should not use electricity from fossil fuels, or compete with other users when renewable energy sources 
are not directly available (e.g when wind is not blowing). In this perspective, it becomes relevant to 
analyze the behavior of the MFSP for the three production units, assuming that part of the electricity 
available comes from non-renewable energy sources. A green electricity price limit was set, so that 
electricity at prices above the limit (peak load), was generated from fossil fuels, while electricity at prices 
below the limit comes from renewable energy technologies5F

6. The electricity storage and conventional 
single-mode units were shut down when the electricity was generated from fossil fuels, while the flexible 

                                                      
6 The name green electricity price limit refers to today’s utilization of fossil fuels to cover electricity 
demand peak, but will still be valid when large-scale energy storage technologies will be available. In 
practice, the price limit embraces the concept of only consuming electricity when renewable electricity 
is available. 
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production unit operated in electricity production mode or electricity production plus mode. In this 
circumstance, the role assumed by the flexible production unit is more relevant, as it can keep a high 
capacity factor. The green electricity price limit was varied to assess whether flexibility is relevant, and 
to evaluate the impact on the MFSP and the yearly methanol production.  
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4. Results 
The following section presents results about economics and sensitivity analyses performed on the three 
methanol production units analyzed within this work. Results about capital, manufacturing and 
production costs, and MFSPs are rough estimates, as they strongly depend on the initial assumptions 
and the literature references used. However, they help to perform a techno-economic comparison 
between the three production units, and to assess the best solutions. Additionally, the estimates can 
serve as base for comparison for future work treating the production of methanol from biomass, via 
thermochemical biomass conversion and electrolysis. 

4.1. Economic analysis 
4.1.1. Capital costs 
The analysis about the total capital costs revealed that the two production units based on the TwoStage 
Electro-gasifier have the highest capital cost (~620 M$ for the flexible unit, ~490 M$ for the electricity 
storage single-mode), while the conventional single-mode production unit has a lower capital cost (~390 
M$, Figure 6(a)). The difference arose from a generally more complex structure of the flexible and 
electricity storage single-mode solutions (e.g. more complex char gasifier), as well as from the novelty 
of the solution (affecting the contingencies). Importantly, the conventional single-mode production unit 
featured a smaller SOC (H2 requirement was relatively low, due to a lower CO production in the 
gasification section) with consequently a lower cost. The difference in capital costs between the flexible 
and electricity storage single-mode units is to be attributed to (1) a lower complexity of the plant, 
operating in one single mode and avoiding equipment such as e.g. gas engine or part of the 
turbomachinery, and (2) downsizing of sections dedicated to e.g. AGR and distillation process. Figure 
6(b) shows the percentage distribution of the grassroot cost for the flexible production unit, where the 
biggest share was associated to the SOC (~19%), followed by turbomachinery (~17%) and the pyrolysis 
unit (~13%). The capital cost percentage distribution was similar for the two single-mode production 
facilities (Figure 6(a)). 
 

(a) (b) 

  
Figure 6: (a) Absolute grassroot costs for the flexible (F), electricity storage (ES) single-mode, and conventional 
(C) single-mode production units. (b) Percentage grassroot cost distribution for the flexible production unit. 
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4.1.2. Methanol production cost 
The methanol production cost is expressed as the cost per methanol output, and includes the 
annualized capital repayment, direct, fixed and general manufacturing expenses, and revenues. As 
shown in Figure 5, the operation of the plant depends on both electricity and methanol price. Therefore, 
the methanol production cost depends on the particular operation of the plant, and was evaluated for 
two specific electricity scenarios, namely 2019 and 2040, see Figure 7). Annualized capital repayment, 
annual production of methanol, revenues from selling electricity and bio-char, and operating costs were 
evaluated. The methanol production cost for the three investigated units were computed and 
decomposed to evaluate the contribution of each factor, and to identify the major factors. 
When electricity prices from 2019 were used, the methanol production costs for the three production 
units, ranged from 91 to 101 $/MWhth (between ~25 and ~28 $/GJth). The conventional methanol 
production unit had the lowest production cost, mainly due to a lower electricity consumption, while the 
flexible solution was characterized by the highest fuel production cost. 
The flexible and the electricity storage single-mode production units had the electricity as the major cost 
factor. The reason for this result is that these two units have a high electric power demand, as in both 
cases the SOC runs in electrolysis mode with a high consumption most of the operating time (always, 
in case of the electricity storage single-mode unit). The major cost factor for the conventional single-
mode was represented by the biomass, as the electricity consumption was moderate. 
In scenario 2040, the methanol production costs spread from 84 to 91 $/MWhth (between ~23 and ~25 
$/GJth), having the electricity storage single-mode unit the lowest fuel production cost, and the flexible 
unit the highest. Additionally, the distribution of the methanol production costs among the factors 
changed, being the biomass the major cost factor for all the methanol production units. The reason for 
the large reduction in the electricity share in the methanol production cost for the flexible and electricity 
storage units is associated with the decreased annual methanol production in scenario 2040, compared 
to 20196F

7.  
While the conventional unit had an almost constant production of MeOH, the electricity storage and 
flexible units decreased the MeOH yield from 2019 to 2040 scenario.  
The conventional unit was not particularly affected by the electricity price scenario, as capacity factors 
and MeOH production were similar. 
In 2040, the flexible unit had the same capacity factor as in 2019, but lower MeOH production. This 
facility operated more in the operating modes designed for higher electricity prices, consuming less 
electricity and producing less methanol. The biomass contribution was higher, since MeOH production 
was reduced, while capacity factor and biomass consumption were the same. The electricity share 
decreased because the methanol was averagely produced using cheaper electricity. 
The electricity storage single-mode unit had different capacity factors and MeOH production in 2019 
and 2040. In 2040, this unit was shut-down for ~30% of the time. Biomass had the exact same share 
in 2019 and 2040. But the electricity share was reduced, only because methanol was in average 
synthesized using electricity at lower price, compared to 2019.   
This was not the case for the conventional unit. Owing to a lower consumption of electricity, the 
conventional unit was in operation more hours than the electricity storage single-mode unit, at higher 
electricity prices. In average, the electricity consumed to produce methanol was more expensive for the 
conventional unit than for the electricity storage single-mode facility. 
In general, the systems based on the TwoStage Electro-gasifier benefited from the averagely lower 
electricity prices of scenario 2040, while the fuel production cost of the conventional unit was more 
stable. 
 
  

                                                      
7 Yearly methanol production is 733 (F unit), 736 (ES unit), and 590 kton/yr (C unit) in scenario 2019, 
and 595 (F unit), 515 (ES unit), and 551 kton/yr (C unit) in scenario 2040. Capacity factors are 1 (F 
unit), ~1 (ES unit), 1 (C unit) in scenario 2019, and 1 (F unit), 0.70 (ES unit) and 0.93 (C unit) in scenario 
2040. 
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(a) (b)  

  

 

Figure 7: Methanol production cost and distributions for the flexible (F) electricity storage (ES) and conventional 
(C) methanol production units. (a) scenario 2019, (b) scenario 2040. The SOC share included also the cost 
associated with the replacements. The black columns display the net methanol production cost.  
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4.1.3. Minimum fuel selling price 
The MFSP was computed for the three investigated methanol production units, in the six electricity price 
scenarios (Figure 8). To guarantee shorter payback periods, and to reduce the impact of the 
uncertainties associated with the economic conditions, actual methanol selling prices should be higher 
than the MFSPs. 
In nearly all the investigated scenarios (with the exception in scenario 2040), the conventional single-
mode unit ensured the lowest MFSPs, due to a lower investment cost. For this production unit, the 
methanol MFSPs ranged between 92 $/MWhth (scenario 2019) to 117 $/MWhth (scenario 2035-B). 
The electricity storage single-mode facility ensured MFSPs ranging between 87 $/MWhth (scenario 
2040) and 127 $/MWhth (scenario 2035-B), while the MFSPs for the flexible production unit ranged 
between 93 $/MWhth (scenario 2040) to 125 $/MWhth (scenario 2035-A). 
The lowest MFSPs for the two units units based on the TwoStage Electro-gasifier coincide with the 
electricity price scenarios with lowest plateau, while the highest MFSPs correspond to the scenarios 
with the highest plateau: these results were in line with the analysis on the production cost distribution 
showing that the electricity was one of the major cost factors.  
In addition, MFSPs for the electricity storage single-mode production unit were generally lower than the 
one for the flexible production unit, with an exception in scenario 2035-B. In scenarios 2019, 2025, 
2035-A, 2040 and 20XX the electricity price was relatively low and ensured low expenses for the 
electricity, thus making the electricity storage single-mode production unit competitive. In general, it is 
more convenient to lower the investment cost rather than to increase flexibility and capacity factors in 
the scenarios where the electricity price is very low for most of the operating hours. 
Scenarios 2035-A and 2035-B were characterized by a plateau at higher electricity prices, meaning that 
the electricity storage single-mode unit had larger operating expenses associated to constant electricity 
consumption, while the flexible production unit could lower the electricity demand or switch to electricity 
production, by adjusting the operating mode. 
 

 
Figure 8: Minimum fuel selling price of methanol for the three investigated production units, in the different electricity 
price scenarios. 

Payback time and NPV were calculated for the three investigated production units, in the six different 
scenarios, for methanol prices ranging between 80 $/MWhth to 160 $/MWhth (Figure 9). Additionally, 
annual methanol production and capacity factors7F

8 were computed for each methanol production unit, 
in the different electricity price scenarios (Figure 10).  
At methanol fuel selling prices below the MFSP, payback periods exceeded the plant lifetime, showing 
negative NPVs and non-profitable activities. However, it is possible that the methanol production units 
will be operating in these conditions for short periods: the operation will generate positive marginal 
revenues, but will not fully cover investment and manufacturing costs. 
The choice of the most cost-efficient methanol production unit in terms of payback time and NPVs 
depends on the actual bio-methanol selling price. This depends on the fossil-methanol selling price, 
which is subject to periodic fluctuations8F

9 [53].  
In scenarios 2019, 2025 and 20XX, from methanol selling prices above the MFSPs, the electricity 
storage single-mode outperformed the other solutions in terms of NPV (Figure 9). The lowest MFSPs 
and payback periods of the conventional solution should not mislead. Compared to the conventional 
unit, the electricity storage single-mode unit ensured in fact larger production of methanol (generally 
+25%, see Figure 10). The larger annual yield of bio-methanol has a broader beneficial impact, as it 

                                                      
8 Estimated on the available hours. 
9 Between 48 and 91 $/MWhth in the period 2018 to September 2020 [53]. 
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enables to avoid a larger amount of fossil CO2 (~1.37 tonCO2/tonMeOH), coming from fossil methanol. 
Should political incentives be introduced to support solutions aiming to reduce the emitted fossil CO2, 
the electricity storage single-mode production unit might also have lower MFSPs and shorter payback 
periods. The electricity storage single-mode unit was also more competitive than the flexible unit in 
terms of NPV and PBT. Furthermore, the annual methanol productions were similar (scenarios 2019 
and 2025, Figure 10(a) and (b)) or higher (scenario 20XX, Figure 10(c)) for the electricity storage single-
mode than the flexible unit. The slightly larger capacity factor of the flexible unit did not balance the 
higher investment cost than the electricity storage single-mode unit. 
For all the three production units, the capacity factors were relatively high (always above 0.99) in both 
scenarios 2019 and 2025, while in scenario 20XX electricity storage single-mode and conventional 
production units had capacity factors below 0.90 for low methanol selling prices. 
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Figure 9: Payback time and NPVs for the three investigated methanol production unit, as a function of methanol 
selling price. (a) 2019 scenario, (b) 2025 scenario, (c) 2035-A scenario (d) 2035-B scenario (e) 2040 and (f) 20XX 
scenario. 
 
In scenarios 2035-A and 2035-B, the conventional single-mode unit offered the lowest MFSPs, shortest 
PBT and generally the highest NPVs (Figure 9). Analogously to scenarios 2019, 2025 and 20XX, for 
methanol selling prices above the MFSPs, the yearly methanol production was lower for the 
conventional unit, compared to the units based on the TwoStage Electro-gasifier (Figure 10(c) and (d)). 
Thus, the overall beneficial impact on the reduction of fossil CO2 emissions would be lower for the 
conventional production unit, compared to the flexible and the electricity storage single-mode 
production units. From a comparison between the electricity storage single-mode and the flexible units, 
the former offered shorter payback periods and generally higher NPVs (Figure 9), in addition to a larger 
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methanol yearly production (Figure 10). However, the capacity factor of the electricity storage single-
mode plant decreased below 90% (scenario 2305-A, Figure 10(c)) and to 20% (scenario 2305-B, Figure 
10(b)), for very low methanol selling prices, while it remained constant at 100% for the flexible unit. 
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Figure 10: Yearly methanol production (MeOH) and capacity factors (CF) for the three investigated methanol 
production units. (a) 2019 scenario, (b) 2025 scenario, (c) 2035-A scenario, (d) 2035-B scenario, (e) 2040, and (f) 
20XX scenario. 

Concerning scenario 2040, the electricity storage single-mode unit guaranteed the highest NPV and 
generally the shortest payback periods (Figure 9(e)). Moreover, this unit ensured the highest annual 
methanol yield at methanol selling prices above ~95 $/MWhth (Figure 10(e)). Below a fuel selling price 
of ~95 $/MWhth, the capacity factor decreased (~70% for a methanol selling price of 80 $/MWhth) and 
the flexible unit showed the highest annual methanol production. In scenario 2040, the conventional 
unit did not seem competitive with the two solutions based on the TwoStage Electro-gasifier. 
 
Concerning the capacity factors (Figure 10), in all the investigated electricity price scenarios, the flexible 
production unit operated with a capacity factor of 100%, using the five available modes. Decreases from 
100% in the capacity factors of the two single-mode units indicates that the production units were shut 
down: these results matches with a decrease in the annual methanol production. Moreover, when the 
capacity factor of the electricity storage single-mode equals 100%, the yearly methanol production of 
the flexible unit is often lower than the production of the electricity storage unit. This result indicates that 
the flexible unit operated using one of the other modes, to maximize the marginal revenues. 
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4.2. Local sensitivity analyses 
Local sensitivity analyses were performed to quantify the impact on the MFSP of the variations of 
specific economic parameters. The analysis method is presented in section 3.2. Figure 11 shows the 
results of sensitivity analyses computed for the three investigated production units, assuming the 
electricity prices of scenario 2019.  
For the flexible and electricity storage production units, the most influential parameters were the cost of 
the SOC (+42% and +45% of the MFSP base value), the biomass feedstock cost (+23% and +25% of 
the MFSP base value) and the lifetime (+22% and +18% of the baseline MFSP). The variation of all the 
other parameters had a moderate influence on the minimum fuel selling price. 
Interestingly, if the contingencies factor 𝛼𝛼1 were set to 0.15 instead of 0.35, the methanol MFSPs for 
the flexible and electricity storage single-mode units would decrease by 4% and 3%, respectively, 
resulting in MFSPs of 99.5 and 92.5 $/MWhth. In this specific case, the difference in terms of MFSP 
between the electricity storage and the conventional single-mode units would be zero.  
 

(a) 

 
(b) 

 
(c) 

 
Figure 11: Local sensitivity analyses for (a) the flexible, (b) electricity storage single-mode and (c) conventional 
single-mode methanol production unit. Year 2019 is the base-scenario for the market electricity price. 
 
For the conventional production unit, again the most impacting parameters were cost of SOC, biomass 
price and lifetime. However, the cost of the SOC had a more moderate influence on the MFSP compared 
to the influence it had on the other production units (+34% of the MFSP baseline value). This is due to 
a smaller size of the SOC. 
Conversely, biomass feedstock assumed a more important role, with an increase up to +32% of the 
MFSP. This is in line with the higher relevance of the biomass feedstock on the methanol production 
cost (Figure 7(a)). 
It is expected that the influence of the variations of the investigated parameters is reduced in scenarios 
with higher average electricity price, which represents one of the major cost factors.  
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4.3. Green electricity 
Further analyses on the MFSPs were computed by setting a green electricity price limit. Above this 
price limit, electricity was considered produced from non-renewable sources, and the production units 
were not allowed to operate with a consumption of electricity. 
It is paramount to state that this method is not the most accurate to differentiate between green 
electricity and electricity from non-renewable energy sources. A more precise and reliable method 
would be to obtain data regarding the energy sources used hourly for the production of electricity. 
Unfortunately, these data were not available, especially when considering future projections. 
For each production unit, methanol MFSPs were calculated in the six electricity price scenarios (Figure 
12). At high green electricity price limits, the methanol MFSPs corresponds to the MFSPs calculated in 
section 4.1.3. 
 

(a) 

 
(b) 

 
(c) 

 
Figure 12: MFSP as a function of the green electricity price limit, for the (a) flexible, (b) electricity storage single-
mode, and (c) conventional single-mode methanol production units. 

In all the electricity price scenarios, a green electricity price limit exists so that the flexible production 
unit exhibits the lowest MFSP, by ensuring a high capacity factor through the flexible operation. These 
green electricity price limits were relatively low (e.g. below ~50 $/MWhel for scenario 2019), meaning 
that the flexible production unit had the lowest MFSP only in conditions where electricity was produced 
from non-renewable sources throughout most of the year. In practice, this situation is very unlikely, and 
the single-mode facilities seem to guarantee the lowest MFSPs. 
Moreover, all the production units surprisingly showed a minimum in the MFSPs in the various electricity 
price scenarios. This is particularly visible in the three curves representing scenario 2040 (Figure 12). 
A decrease in the green electricity price limit is expected to contribute to an increase of the MFSPs. 
However, manufacturing costs included direct expenses (other than biomass feedstock and utilities, 
see Table 3), not considered when choosing the plant operation that maximizes the revenues. Thus, 
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there are some hours, with positive marginal revenues, where direct manufacturing costs are only partly 
covered: from an economic perspective, it is more convenient to keep the plant shut down instead of in 
operation. Decreasing the green electricity price limit, part of these operating hours, previously used for 
production of methanol, are used for co-production of electricity and electricity production (in case of 
flexible unit) or corresponds to shut down. This mechanism reduces the hours where expenses 
associated to the production volume are not covered and decreases the MFSPs. 
 
Payback periods, NPVs (Figure 13), annual methanol production and capacity factors (Figure 14) were 
computed for the three units, at varying methanol selling prices, for a fixed green electricity price limit 
of 50 $/MWhel. Scenarios 2019 (Figure 13(a), Figure 14(a)) and 2040 (Figure 13(b), Figure 14(b)) were 
investigated. 
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Figure 13: Payback time and net present values for the three investigated production units at varying methanol 
selling price, assuming a green electricity price limit of 50 $/MWhel. (a) scenario 2019, (b) scenario 2040. 
 
In both scenarios, above methanol selling prices of ~120 $/MWhth, the flexibility to switch operating 
mode, key-strength of the flexible production unit, ensured higher capacity factors (100%, Figure 14), 
higher NPVs and payback periods comparable with the ones of the single-mode units (Figure 13). 
Capacity factors of the single-mode units were constrained by the green electricity price limit to ~64%, 
for both scenarios (Figure 14).  
Importantly, the flexible unit ensured the highest annual methanol production (up to ~560 ∙ 103 ton/yr), 
18% larger than the electricity storage single-mode (constant, ~470 ∙ 103 ton/yr), and 46% higher than 
the conventional unit (constant, ~380 ∙ 103 ton/yr). These results highlight the importance of having a 
flexible plant and a high capacity factor, as the flexible production unit would have a more sustainable 
impact than the single-mode solutions. 
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Figure 14: Annual methanol production and capacity factors for the three production units at varying methanol 
selling prices, assuming a green electricity price limit of 50 $/MWhel. (a) scenario 2019, (b) scenario 2040. 

  

80 90 100 110 120 130 140 150 160

300

400

500

600

700

0.6

0.7

0.8

0.9

1.0

80 90 100 110 120 130 140 150 160

300

400

500

600

700

0.6

0.7

0.8

0.9

1.0

MeOH F MeOH ES MeOH C
CF F CF ES CF C

125



5. Discussion  
5.1. Economic analyses 
Production of bio-methanol is currently a relevant research area, with ongoing commercialization 
projects on a large-scale based on e.g. thermochemical conversion [4,54,55] and other technological 
platforms [56]. Enerkem aims at addressing a major problem such as disposal of household waste [4]. 
Their waste-to-biofuel technology represents the core of the world’s first commercial facility for the 
production of bio-methanol from household waste, with an input of 100,000 tondry,waste/yr.  
VärmlandsMetanol plans to built the first commercial gasification plant (investment cost of ~250 M$ for 
a biomass input of ~110 MWth) for the production of bio-methanol from Swedish forestry, with a 
methanol production of ~315 ton/day [54,55]. 
The Icelandic company Carbon Recycling International produces non-fossil methanol from captured 
CO2 via the emission-to-liquid (ETL) technology [56], and offers standardized solutions for methanol 
production via the ETL platform with methanol production in the order of 50,000–100,000 ton/yr. 
A direct comparison of the investment costs with aforementioned commercial plants is difficult, as the 
results obtained within this study heavily depends on the assumed initial economic hypotheses. 
Concerning bio-methanol9F

10 market price, to the authors’ knowledge, little literature information is 
available, as bio-methanol currently represents a niche market. Price of bio-methanol depends on the 
fossil-methanol market price, with a  suggested range between 106 and 130 $/MWhth [57]. The minimum 
fuel selling prices for the three investigated methanol production facilities heavily depend on the initial 
assumptions and a comparison with the real bio-methanol market price should be done carefully. 
However, it is observed that the conventional unit (MFSPs between 92–117 $/MWhth) and the electricity 
storage single-mode (MFSPs between 87–127 $/MWhth) generally have MFSPs below the 
abovementioned range. Exceptions are for scenarios 2035-A and 2035-B, where the higher electricity 
price results in higher MFSPs. Conversely, the flexible production unit (MFSPs in the range 93–125 
$/MWhth) has MFSPs below the bio-methanol market price range only for scenarios 2019 and 2040. To 
reduce payback periods and to have positive NPVs, it is necessary that the bio-methanol market price 
is above the MFSPs. In this perspective, it is observed that single-mode facilities are favored, mainly 
because they have a lower investment cost. 
It is difficult to indicate a generally most cost-competitive methanol production unit in terms of NPV and 
payback periods, as these profitability indexes are highly dependent on the considered electricity price 
scenario. Generally, the conventional unit outperforms the other solutions in terms of MFSPs, due to 
the lowest investment cost. Additionally, it generally ensures shorter payback times. However, the 
higher carbon conversion of the electricity storage single-mode unit ensures larger annual methanol 
production (normally +25% compared to the conventional unit). This ultimately results in an improved 
utilization of the ligno-cellulosic feedstock (which is the limited resource). In this context, it could be 
interesting to evaluate the introduction of incentives to subsidize and reward those facilities with a higher 
impact on the sustainability. Compared to the conventional unit, the electricity storage single-mode 
facility benefited from the larger annual bio-methanol production combined with a reasonably higher 
investment, guaranteeing higher NPV at relatively high bio-methanol selling prices. In the situation 
where the single-mode production units have high capacity factors, the flexible unit does not seem 
competitive, due to the very high investment cost. 
Bio-methanol production via biomass gasification has been techno-economically investigated in 
previous research studies [17,18]. 
Tock et al. investigated four methanol production single-mode facilities [17], with a dry biomass input of 
400 MW. Investment costs range between ~160 and ~430 M$2007 (actualized to ~190 and 500 M$2019). 
The difference in terms of grassroot cost with the current systems is associated with different assumed 
economic conditions (i.e. contingencies cost) and the use of WGS instead of SOC. Methanol production 
cost (between ~104 and ~137 $/MWhth) is higher than the methanol production costs computed in this 
work (e.g. between 91 and 101 $/MWhth for scenario 2019). 
Zhang et al. proposed three methanol production facilities based on entrained flow gasification [18]. 
The units are sized for an annual methanol production of 100,000 ton (~80-155 MWth biomass input). 
The work shows that the lowest methanol production cost (~61 $/MWhth) coincides with the facility with 
lowest efficiency, characterized by the lowest investment cost (168 M$) due to the WGS units. A solution 
coupling biomass gasification and steam electrolysis via SOEC have higher efficiencies, but also higher 
                                                      
10 Also referred to as “green” methanol, as it is derived from renewable energy sources. 
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investment costs (182 M$) and methanol production costs (~98 $/MWth). However, the system using 
WGS unit as gas conditioning step doubles the biomass feedstock required by the system, compared 
to the system based on steam electrolysis. 
A comparison with the production units presented in this paper would not be accurate, as different 
economic conditions were assumed. However, it is observed that systems based on SOC can not 
compete in terms of methanol production cost with systems based on WGS units.   
Conversely, it is noted in both studies that production units with higher efficiency and carbon conversion 
make a better use of the carbon-containing feedstock, which represents the scarce resource. Aiming to 
maximize the use of the carbon-containing feedstock, it is relevant to evaluate introduction of incentives 
or taxation systems (such as. e.g. CO2 tax, see section 5.5) to support facilities with larger overall carbon 
conversion. 
 
5.2. Local sensitivity analyses 
The local sensitivity analyses performed using the electricity prices of scenario 2019 reiterates the 
results obtained by Zhang et al. [18], who showed a strong influence of the SOC on the methanol 
production cost  (in this case, on the MFSPs). A full exploration of the design space is not possible 
through local sensitivity analyses, since there are no simultaneous variations of input variables. 
A further step to investigate the most influencing parameters involves the use of global methods such 
as e.g. multivariable linear regression. These use sets of variables to take into account the whole 
variation range of inputs and fully explore the design space. 
 
5.3. Green electricity analysis 
The relevance of flexibility emerges from the analysis on the green electricity price, as the flexible facility 
keeps a high capacity factor also when a large share of electricity derives from non-renewable energy 
sources. However, these results are valid only for specific electricity price scenarios (not for example in 
scenarios 2035-A and 2035-B, where electricity price is higher on average). 
The meaning of the results is that flexibility is a key-aspect when the scope is to produce bio-methanol 
by integrating electricity directly available from renewable energy sources (this precludes fossil fuels 
and the use of electricity from large-scale energy storage). It is not reasonable to run e.g. electrolysis 
when backup power is needed, and single-mode units will suffer continuous start-ups and show-downs. 
Therefore, a flexible unit ensuring high capacity factors, larger methanol yield and continuous operation 
is favored. 
However, the flexible methanol production unit proposed within this work may not be the best solution. 
It is observed that the high investment cost hampers the competitiveness of this unit. 
A flexible unit involving only two operating modes (electricity storage and electricity production plus 
modes) may offer the same capacity factor, with reduced complexity and capital cost. 
Other solutions involving e.g. pressurized entrained flow gasification and steam electrolysis may be 
favored [58]. A further alternative is to couple a single-mode unit with underground storage of electrolytic 
H2, produced when renewable energy sources are directly available. Normal operation of the methanol 
production unit is expected when electricity from renewables is directly available, while availability of 
electrolytic H2 guarantees operation when electricity is produced from backup technologies. Such 
expedient ensures a continuous operation of the unit. In this circumstance, the concept of flexibility has 
to be extended to the entire group involving the single-mode methanol production unit and the external 
electrolysis underground storage. 
A more accurate and reliable analysis on the relevance of flexible methanol production facility would be 
achieved by collecting data on the sources used to produce electricity. Moreover, energy system 
analysis for a country such as e.g. Denmark may point out whether flexible or single-mode units perform 
better. 
 
5.4. Societal benefit of the flexible unit 
From the perspective of the society or TSO, the flexible unit offers a further key-advantage. In scenarios 
where fossil-based backup power is needed, the flexible facility enables to avoid an expense associated 
to the construction of a backup power plant. The U.S. Energy Information Administration (EIA) estimated 
the cost of a natural gas-based plant in the range 0.7-2.1 M$2012/MWel (~0.7-2.2 M$2019/MWel). Since a 
400 MWth dry biomass input flexible facility ensures the production of ~148 MWel in electricity 
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production plus mode, a same-size natural-gas backup power plant does not weigh on the society. 
Preliminary analyses on the methanol MFSP accounting for the avoided backup power10F

11 showed that 
the cost of the methanol may be reduced to 82-97 $/MWhth for scenario 2019, 86-100 $/MWhth for 
scenario 2025, 99-118 $/MWhth for scenario 2035-A, 94-114 $/MWhth for scenario 2035-B, 62-83 
$/MWhth for scenario 2040, 82-99 $/MWhth for scenario 20XX. Under these circumstances, the flexible 
facility may not only ensure positive NPV, but also be more competitive than the electricity storage and 
conventional single-mode solutions. 
 
5.5. CO2 tax 
A solution to incentivize the use of bio-methanol would be to introduce a CO2 tax to be applied on the 
use of fossil-methanol. It is calculated that use of fossil-methanol generate ~0.25 tonCO2/MWhth,MeOH11F

12. 
The introduction of a corresponding CO2 tax, would add to the price of the fossil-methanol, with the aim 
to break even the price of bio-methanol. Figure 15 illustrates a possible CO2 tax, to include with the use 
of the fossil-methanol price to balance the bio-methanol market price. For example, for a bio-methanol 
selling price of 120 $/MWhth and a fossil-methanol price of 70$/MWhth, a CO2 tax of 200 $/tonCO2 would 
balance the market prices of bio- and fossil-methanol. 
  

 
Figure 15: CO2 tax to include with the use of the fossil-methanol price, to break even the bio-methanol selling price. 
The CO2 tax is shown as a function of bio-methanol selling price, for various fossil-methanol selling prices. 
  

                                                      
11 The avoided cost for a 25-year lifetime natural gas-based backup power plant is subtracted from the 
cost of the flexible facility. A green electricity price limit was not introduced. Upper limits of the calculated 
MFSPs correspond to low capital costs for the backup power facility. 
12 This is the CO2 emitted by burning 1 MWhth of fossil methanol. It assumes negligible carbon loss in 
the conversion process from NG to methanol (this is today’s state-of-art route for methanol production). 
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6. Conclusion 
A techno-economic analysis was performed to investigate the economic competitiveness of three 
methanol production units coupling thermochemical biomass conversion and solid oxide cells (SOC). 
The facilities included (1) a flexible unit, able to adjust the operation to different electricity prices, (2) an 
electricity storage single-mode unit corresponding to one of the operating modes of the flexible facility, 
and (3) a more conventional unit based on pure steam electrolysis. Profitability parameters were 
estimated assuming six different electricity price scenarios, corresponding to real and projected 
electricity prices in Denmark. The flexible plant was characterized by the highest investment cost (~620 
M$2019), followed by the electricity storage (~490 M$2019) and the conventional (~390 M$2019) single-
mode units. The decomposition of the methanol production costs into single entries showed that the 
major factors affecting the production costs are electricity and biomass. The analysis on the minimum 
fuel selling prices (MFSPs) showed generally lower MFSPs for the conventional unit (range 92-117 
$/MWhtth), followed by the electricity storage single-mode (range 83-127 $/MWhth) and the flexible 
production units (range 93-125 $/MWhth). MFSPs for the conventional and electricity storage single-
mode units are often located below the actual range for bio-methanol market prices, while this is true 
only in few electricity price scenarios for the flexible production unit. 
It is difficult to point out the best solution in terms of payback periods and net present value (NPV), as 
cost-competitiveness varies largely with the investigated electricity price scenario. 
Additionally, cost-competitiveness in terms of payback periods and NPVs depends on the actual 
methanol selling price, subject to periodical fluctuations. In most of the electricity price scenarios, the 
two single-mode facilities guarantee the highest NPV and shortest payback periods. However, the 
electricity-storage single mode unit ultimately ensures larger annual methanol yields from the same 
feedstock, compared to the conventional unit (generally 25% larger). This represents the real goal of 
coupling thermochemical biomass conversion and SOC, and ensures a more sustainable impact. 
Introduction of incentives to support the most sustainable solutions, based on avoided fossil-CO2 and 
high feedstock utilization, will favor the electricity storage single-mode.  
In the investigated scenarios, the flexibility does not represent a key-strength for the flexible unit. 
Conversely, the high investment cost associated with the capacity to switch from one mode to another, 
represents a disadvantage for the flexible methanol production unit. 
A local sensitivity analysis showed that SOC cost, biomass price and the grassroot cost have a large 
influence on the MFSPs. A further global sensitivity analysis could be implemented in the future, to 
assess the most impacting parameters by fully exploring the design space. 
Additionally, an analysis was performed on the operation of the methanol production facilities, 
considering no electricity consumption when electricity was considered produced from non-renewable 
energy sources. The analysis showed that the flexible unit ensured a high capacity factor, while capacity 
factors of the single-mode facilities decreased. Under these conditions, the flexible unit was the most 
cost-competitive solution. However, different configurations may be proposed for flexible methanol 
production units, ensuring enhanced cost-competitiveness and utilization of biomass, compared to the 
flexible facility proposed within this study. 
Ultimately, flexible units ensures also societal benefits, avoiding the construction of natural-gas backup 
power plants. If capital cost corresponding to a backup power facility were subtracted from the capital 
cost of the flexible unit, the flexible facility could become the most cost-competitive. 
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Appendix 
 
Table A.1: Assumptions used for the thermodynamic modeling of the conventional methanol production unit in 
Aspen Plus.  

Woody biomass feed (Beech wood chips) 
Moisture content: 50 wt% 
Composition (dry basis) [wt%]: C 48.1; O 44.8; H 6.4; N 0.081; ash 0.619 a [59,60]. Dry biomass input 100 MWth. 
𝐶𝐶𝑝𝑝,𝑑𝑑𝑟𝑟𝑦𝑦 𝑤𝑤𝑏𝑏𝑏𝑏𝑑𝑑[kJ/kg 

K] 
1.35 𝐻𝐻𝐻𝐻𝐻𝐻𝑑𝑑𝑟𝑟𝑦𝑦 [kJ/kg] 19680 𝑇𝑇𝑏𝑏𝑖𝑖𝑏𝑏𝑚𝑚𝑠𝑠𝑠𝑠𝑠𝑠,𝑖𝑖𝑖𝑖 [°C] 25   

Steam dryer 
𝑇𝑇𝑠𝑠𝑡𝑡𝑟𝑟𝑠𝑠𝑚𝑚,𝑖𝑖𝑖𝑖  [°C] 250 𝑇𝑇𝑠𝑠𝑡𝑡𝑟𝑟𝑠𝑠𝑚𝑚,𝑏𝑏𝑓𝑓𝑡𝑡  [°C] 120 ∆𝑝𝑝𝑑𝑑𝑟𝑟𝑦𝑦𝑟𝑟𝑟𝑟  [mbar] 30 𝑇𝑇𝑏𝑏𝑖𝑖𝑏𝑏𝑚𝑚𝑠𝑠𝑠𝑠𝑠𝑠,𝑏𝑏𝑓𝑓𝑡𝑡 [°C] 240 
Moisture out 

[wt%] 
2       

Pyrolysis reactor (updraft fixed bed) 
Composition Char [wt%]: C 90.7; O 4.5; H 2.1; N 0.2; ash 2.5 [59,60]. 50 g/Nm3

dry gas Naphthalene, as model tar, in the volatiles. Light hydrocarbons modeled with C2H6. 
∆𝑝𝑝𝑝𝑝𝑦𝑦𝑟𝑟𝑏𝑏𝑓𝑓𝑦𝑦𝑠𝑠𝑖𝑖𝑠𝑠 [bar] 1 𝑇𝑇𝑣𝑣𝑏𝑏𝑓𝑓𝑠𝑠𝑡𝑡𝑖𝑖𝑓𝑓𝑟𝑟𝑠𝑠,𝑏𝑏𝑓𝑓𝑡𝑡 [°C] 250 𝑇𝑇𝑣𝑣𝑏𝑏𝑓𝑓𝑠𝑠𝑡𝑡𝑖𝑖𝑓𝑓𝑟𝑟𝑠𝑠,𝑖𝑖𝑖𝑖 [°C] 750 𝑇𝑇𝑚𝑚ℎ𝑠𝑠𝑟𝑟,𝑏𝑏𝑓𝑓𝑡𝑡 [°C] 740 

𝑚𝑚𝑚𝑚ℎ𝑠𝑠𝑟𝑟 𝑚𝑚𝑑𝑑𝑟𝑟𝑦𝑦 𝑤𝑤𝑏𝑏𝑏𝑏𝑑𝑑⁄ [
-] 

0.25 𝐻𝐻𝐻𝐻𝐻𝐻𝑚𝑚ℎ𝑠𝑠𝑟𝑟 [kJ/kg] 33600 𝐶𝐶𝑝𝑝,𝑚𝑚ℎ𝑠𝑠𝑟𝑟 [kJ/kg K] 1.276 �̇�𝑄𝑓𝑓𝑏𝑏𝑠𝑠𝑠𝑠[MW]  1 

𝑥𝑥𝐴𝐴𝑂𝑂,𝑑𝑑𝑟𝑟𝑦𝑦 𝑣𝑣𝑏𝑏𝑓𝑓𝑠𝑠𝑡𝑡𝑖𝑖𝑓𝑓𝑟𝑟𝑠𝑠 [-] 0.485 [61] 𝑥𝑥𝐴𝐴𝑀𝑀4,𝑑𝑑𝑟𝑟𝑦𝑦 𝑣𝑣𝑏𝑏𝑓𝑓𝑠𝑠𝑡𝑡𝑖𝑖𝑓𝑓𝑟𝑟𝑠𝑠 [-] 0.096 [61]     
Partial oxidation reactor 
Thermodynamic equilibrium assumed at the outlet, with an outlet temperature of 1300 °C. No heat loss assumed.  
Char gasifier 
WGS reaction at the equilibrium at the outlet. Methane is assumed inert in the char gasifier. 

Carbon 
conversion 

0.95b ∆𝑝𝑝𝐴𝐴ℎ𝑠𝑠𝑟𝑟 𝑔𝑔𝑠𝑠𝑠𝑠𝑖𝑖𝑟𝑟𝑖𝑖𝑟𝑟𝑟𝑟 
[bar] 

0.15c �̇�𝑄𝑓𝑓𝑏𝑏𝑠𝑠𝑠𝑠[MW] 1 𝑇𝑇𝑚𝑚𝑠𝑠𝑚𝑚,𝑔𝑔𝑠𝑠𝑠𝑠 𝑖𝑖𝑖𝑖 [°C] 900  

𝑇𝑇𝑔𝑔𝑠𝑠𝑠𝑠 𝑏𝑏𝑓𝑓𝑡𝑡  [°C] 850 𝑥𝑥𝑀𝑀2𝑂𝑂,𝑏𝑏𝑓𝑓𝑡𝑡𝑓𝑓𝑟𝑟𝑡𝑡 [-] 0.20     
Solid oxide cells 

𝐴𝐴𝐴𝐴𝐴𝐴 [Ω cm2] 0.35 ∆𝑝𝑝𝑆𝑆𝑂𝑂𝐴𝐴a [mbar] 30 𝑝𝑝𝑖𝑖𝑖𝑖,𝑆𝑆𝑂𝑂𝐴𝐴 [bar] 43.6 𝑈𝑈𝑀𝑀𝑆𝑆𝑂𝑂𝑆𝑆𝐴𝐴[-] 0.8  
𝑇𝑇𝑟𝑟𝑓𝑓𝑟𝑟𝑓𝑓,𝑖𝑖𝑖𝑖 [°C] 800  𝑇𝑇𝑟𝑟𝑓𝑓𝑟𝑟𝑓𝑓,𝑏𝑏𝑓𝑓𝑡𝑡  [°C] 800  𝑇𝑇𝑂𝑂2,𝑏𝑏𝑓𝑓𝑡𝑡  [°C] 800 �̇�𝑄𝑓𝑓𝑏𝑏𝑠𝑠𝑠𝑠[MW] 0 

𝑥𝑥𝑂𝑂2,𝑠𝑠𝑖𝑖𝑟𝑟,𝑆𝑆𝑂𝑂𝑆𝑆𝐴𝐴 𝑏𝑏𝑓𝑓𝑡𝑡 [-] 1       
Gas cleaning 
∆𝑝𝑝𝑝𝑝𝑠𝑠𝑟𝑟𝑡𝑡𝑖𝑖𝑚𝑚𝑓𝑓𝑟𝑟−𝑟𝑟𝑟𝑟𝑚𝑚[mb

ar] 
5 ∆𝑝𝑝𝑠𝑠𝑓𝑓𝑓𝑓𝑟𝑟𝑓𝑓𝑟𝑟−𝑟𝑟𝑟𝑟𝑚𝑚 

[mbar] 
20     

Turbomachinery and ejector 
𝜂𝜂𝑖𝑖𝑠𝑠,𝑚𝑚𝑏𝑏𝑚𝑚𝑝𝑝𝑟𝑟 [-] 0.8 𝜂𝜂𝑖𝑖𝑠𝑠,𝑏𝑏𝑓𝑓𝑏𝑏𝑤𝑤𝑟𝑟𝑟𝑟 [-] 0.4 𝜂𝜂𝑚𝑚𝑟𝑟𝑚𝑚ℎ [-] 0.98   

Heat exchangers 
∆𝑝𝑝𝑀𝑀𝑆𝑆 [bar] 0.01 (0.1b, 0.8c) �̇�𝑄𝑓𝑓𝑏𝑏𝑠𝑠𝑠𝑠,𝑀𝑀𝑆𝑆[MW] 0 ∆𝑇𝑇𝑔𝑔𝑠𝑠𝑠𝑠 [°C] 50 ∆𝑇𝑇𝑓𝑓𝑖𝑖𝑙𝑙 [°C] 10 

∆𝑇𝑇𝑟𝑟𝑣𝑣𝑠𝑠𝑝𝑝−𝑚𝑚𝑏𝑏𝑖𝑖𝑑𝑑 [°C] 5       
Acid Gas Removal (AGR) with Monoethanolamine (MEA) 
All water is removed from the syngas at the outlet of the AGR section. Packed columns for absorber and stripper. 
14 stages for the absorber column, 10 stages for the stripping column. Rate-based modeling of the columns [27]. 

∆𝑝𝑝𝐴𝐴𝐺𝐺𝐴𝐴 [mbar] 50 𝑥𝑥𝐴𝐴𝑂𝑂2,𝑠𝑠𝑦𝑦𝑖𝑖𝑔𝑔𝑠𝑠𝑠𝑠 𝑏𝑏𝑓𝑓𝑡𝑡  [-] 0.012 𝑦𝑦𝐵𝐵𝑆𝑆𝐴𝐴,𝑠𝑠𝑏𝑏𝑓𝑓𝑣𝑣𝑟𝑟𝑖𝑖𝑡𝑡  [-] 0.35   
Methanol synthesis 
Boiling water reactor (isothermal) [62]. ∆𝑇𝑇𝑠𝑠𝑝𝑝𝑝𝑝𝑟𝑟𝑏𝑏𝑠𝑠𝑚𝑚ℎ of 15 °C for both methanol reaction and WGS reaction. SR-POLAR equations for the methanol loop. 
97% of the unconverted gas is recirculated. 𝑥𝑥𝑀𝑀2/𝑥𝑥𝐴𝐴𝑂𝑂2 of 2 at the reactor inlet. 
Distillation 
SR-POLAR equations of states for the distillation process. 
Topping column (TC): 10 stages. Distillation column (DC): 35 stages. Feed stage positions optimized. 

𝑝𝑝𝑇𝑇𝐴𝐴 [bar] 8.0 𝑇𝑇𝑚𝑚𝑏𝑏𝑖𝑖𝑑𝑑,𝑇𝑇𝐴𝐴 [°C] 30 𝑥𝑥𝐴𝐴𝑂𝑂2,𝑏𝑏𝑏𝑏𝑡𝑡𝑡𝑡𝑏𝑏𝑚𝑚−𝑇𝑇𝐴𝐴 
[ppm] 

1 𝑝𝑝𝐷𝐷𝐴𝐴 [bar] 1.013 

𝑥𝑥𝑀𝑀2𝑂𝑂,𝑡𝑡𝑏𝑏𝑝𝑝−𝐷𝐷𝐴𝐴 [-] 0.001 𝑥𝑥𝐵𝐵𝑟𝑟𝑂𝑂𝑀𝑀,𝑏𝑏𝑏𝑏𝑡𝑡𝑡𝑡𝑏𝑏𝑚𝑚−𝐷𝐷𝐴𝐴 [-
] 

0.03     

Burner 
∆𝑝𝑝𝑏𝑏𝑓𝑓𝑟𝑟𝑖𝑖𝑟𝑟𝑟𝑟  [mbar] 10 𝑇𝑇𝑏𝑏𝑓𝑓𝑟𝑟𝑖𝑖𝑟𝑟𝑟𝑟 ,𝑏𝑏𝑓𝑓𝑡𝑡  [°C] 950 �̇�𝑄𝑓𝑓𝑏𝑏𝑠𝑠𝑠𝑠[MW]  0   

Heat pump for condenser-reboiler of the distillation column 
𝑇𝑇𝑠𝑠𝑏𝑏𝑓𝑓𝑟𝑟𝑚𝑚𝑟𝑟 [°C] 64 𝑇𝑇𝑠𝑠𝑖𝑖𝑖𝑖𝑠𝑠 [°C] 95 𝐶𝐶𝐶𝐶𝐶𝐶𝐴𝐴𝑟𝑟𝑠𝑠𝑓𝑓/

𝐶𝐶𝐶𝐶𝐶𝐶𝐴𝐴𝑠𝑠𝑟𝑟𝑖𝑖𝑏𝑏𝑡𝑡  [-] 
0.5   

a Sulfur content is neglected as it is below 0.05 wt% [59]. 
b Intermediate pressures (considered up to 50 bar). 
c High pressures (considered above 50 bar). 

 
Table A.2: Gas composition in the main nodes of the conventional methanol production unit. 

 H2  CO CO2  H2O N2 CH4 CH3OH C10H8 C2H6 
SOC inlet 0.100 0 0 0.900 0 0 0 0 0 
SOC outlet  0.820 0 0 0.180 0 0 0 0 0 
Pyrolysis reactor outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
POX reactor outlet 0.334 0.325 0.087 0.254 ~0 ~0 ~0 ~0 ~0 
Char gasifier inlet 0.214 0.209 0.182 0.394 ~0 ~0 ~0 ~0 ~0 
Char gasifier outlet 0.315 0.305 0.179 0.201 ~0 ~0 ~0 ~0 ~0 
AGR outlet 0.502 0.485 0.012 ~0 ~0 ~0 ~0 ~0 ~0 
MeOH reactor inlet 0.647 0.324 0.020 ~0 0.005 ~0 0.003 ~0 ~0 
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Figure A.1: Conventional methanol production unit based on TwoStage gasifier and steam electrolysis. 
 
Table A.3: Thermodynamic properties for the nodes in Figure A.1. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 25 0.69 800 1.19 49 10.19 260 80.70 
2 5.58 240 - 26 0.99 800 1.19 50 10.19 40 79.90 
3 1.37 740 - 27 2.55 750 1.19 51 4.83 40 79.90 
4 0.17 800 - 28 6.76 250 1.16 52 4.69 40 79.90 
5 62.13 250 1.26 29 6.76 250 1.16 53 4.69 48 85.80 
6 67.49 120 1.23 30 6.76 261 1.20 54 0.14 40 79.90 
7 67.49 127 1.27 31 4.21 750 1.19 55 0.30 33 1.04 
8 67.49 250 1.26 32 5.11 1300 1.18 56 2.59 25 1.01 
9 5.36 250 1.25 33 9.36 894 1.18 57 2.59 31 1.04 

10 1.82 250 1.25 34 11.26 850 1.02 58 3.88 950 1.03 
11 3.54 250 1.25 35 11.26 307 1.01 59 3.88 120 1.02 
12 3.54 250 1.23 36 11.26 307 1.01 60 5.35 40 79.90 
13 3.54 811 1.22 37 11.26 307 0.99 61 5.35 43 8.10 
14 3.68 800 1.22 38 1.61 30 0.99 62 5.35 64 8.00 
15 1.10 800 1.19 39 9.64 30 0.99 63 5.20 128 8.00 
16 1.10 250 1.18 40 5.17 30 0.94 64 5.20 64 1.01 
17 0.13 250 1.18 41 5.50 30 0.94 65 0.01 95 1.01 
18 0.13 265 1.23 42 5.50 249 4.69 66 5.19 64 1.01 
19 0.13 699 1.22 43 5.50 30 4.59 67 4.12 73 1.20 
20 0.96 250 1.18 44 5.50 249 22.95 68 1.68 73 1.20 
21 0.64 30 1.17 45 5.50 30 22.85 69 2.43 73 1.20 
22 0.33 30 1.17 46 5.50 204 85.80 70 2.43 250 1.19 
23 2.58 800 1.19 47 10.19 134 85.80 71 0.15 30 8.00 
24 0.90 800 1.19 48 10.19 230 85.00     
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a b s t r a c t

Thermochemical conversion of biomass is a promising option to produce energy-dense liquid biofuels,
aiming to phase out fossil fuels from the transportation sector. Integration of renewable electricity boosts
biofuel yield and carbon conversion from the scarce biomass resource, creating an indirect electrification
of the transportation sector. Coupling biomass gasification and solid oxide cells (SOC), able to run in both
electrolysis and fuel cell mode, constitutes the framework for flexible biofuel production. This paper
compares the performance of five novel plant configurations for flexible biomass conversion to methanol
and power. The plant performance is evaluated at five different operation modes: high production of
methanol at low/intermediate electricity prices, co-production of electricity and methanol at high prices,
and production of electricity without methanol co-production at price peaks. A TwoStage gasifier, a
bubbling fluidized bed and an entrained flow gasifier are chosen as gasification technologies. The sys-
tems are thermodynamically modeled, and analyzed in terms of efficiency and carbon conversion. The
highest efficiencies are achieved with the systems based on TwoStage Electro-gasifier (71%) and
entrained flow gasification with pyrolysis as fuel pre-treatment (72%). The flexibility achieved by this
technology combination enables high capacity factors, important for an accelerated commercialization of
thermochemical biomass conversion.

© 2020 Elsevier Ltd. All rights reserved.

1. Introduction

A direct electrification of the transportation sector by battery
electric vehicles is very important to reduce the emissions of fossil-
based CO2 [1]. However, application of batteries in heavy trans-
portation (air, marine and land) seems unfeasible and this sector
will likely rely on the supplement of energy-dense liquid fuels.
Biomass-based fuels can serve as substitutes for fossil-based fuels,
to reduce the carbon footprint within this sector. Thermochemical
conversion of biomass by gasification produces a syngas that can be
converted to liquid fuel by chemical synthesis. The biofuel pro-
duction can be boosted with renewable electricity by adding

electrolytic hydrogen to the syngas. Such a fuel is often referred to
as an electrofuel. Methanol (MeOH) can be produced as an elec-
trofuel. Methanol is a basic chemical feedstock but also an attrac-
tive versatile fuel, as it can feed internal combustion engines [2],
can efficiently be converted to dimethyl ether (DME) [3] to be used
in diesel engines, or serve as a building block used for the pro-
duction of jet-fuels [4e8].

Several modeling studies have been carried out to investigate
the potential of methanol production from wood biomass via
thermochemical conversion [9e16].

Hamelinck et al. performed a techno-economic analysis of
methanol production systems based on biomass gasification via (1)
a pressurized directly oxygen-blown bubbling fluidized gasifier and
(2) an atmospheric indirectly heated fast fluidized gasifier, showing
input-output efficiencies in the range 50e57% (based on higher
heating value) [9].* Corresponding author.
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Isaksson et al. [10] and Holmgren et al. [11,12] proposed
different systems based on a pressurized circulating fluidized bed
(CFB), achieving a maximum efficiency of ~52% and a carbon con-
version of ~44%.

Tock et al. [13] investigated different plants based on a fast
internally circulating fluidized bed (FICFB) or a CFB gasifier at at-
mospheric pressure, with an efficiency up to ~54% and overall
carbon conversion up to ~34%. Clausen [14,15] analyzed methanol
synthesis via a pressurized entrained flow gasifier, maximizing the
efficiency (up to ~62%) and the overall carbon conversion (~96%) of
the process by injecting electrolytic H2 in the produced syngas.

Zhang et al. proposed a techno-economic optimization of three
methanol production facilities based on entrained flow gasification
combinedwithWGS or solid oxide cells (SOC) units to condition the
syngas [16]. Zhang et al. showed that the unit based on WGS en-
sures lower methanol production costs despite lower efficiency
(~53%) and carbon conversion (~37%), while production units
featuring steam electrolysis via SOC have higher efficiency (~66%),
carbon conversion (~71%), and higher fuel production costs.

When utilizing renewable electricity from wind and solar, the
electrolysis operation will vary greatly over time. To enable a high
capacity factor of the remaining production plant you need either
gas storages for hydrogen and oxygen or you need a flexible plant
that has a range of operating modes, rather than a single mode.
Sigurjonsson et al. [17] showed the importance of having flexible
poly-generation plants able to adapt the operation to the dynamic
electricity prices, to maximize the capacity factor.

In this context, previous studies by the authors [18,19] investi-
gated a novel integration of the TwoStage gasifier and solid oxide
cells to produce methanol, with either a consumption or produc-
tion of electricity depending on the electricity price. This deeper
coupling enabled carbon conversion up to 92% and efficiencies

within the range 37e71%, depending on the operating mode. The
integration features the operation of the SOC on cleaned pyrolysis
gas, where tars were converted on the highly reactive nickel-
percolated electrode of the SOC. Operation on tar-laden pyrolysis
gas is a big issue for the SOC lifetime and newmaterials, such as e.g.
Nickel gadolinium-doped-ceria (Ni-GDC), might be needed for the
electrodes to withstand the high tar load. A safer solution entails
the use of a pre-reformer upstream of the SOC, to fully or partly
convert the tars and avoid carbon formation and deposition within
the channels of the SOC.

To the knowledge of the authors, no other relevant research
study in the literature treated thermodynamic analysis of flexible
methanol production units. It is necessary to investigate other
novel biofuel production systems based on thermal gasification and
SOC that are able to adapt the operation to the electricity price.
Since the SOC is sensitive to carbon formation, it is relevant to
investigate solutions involving SOC operating on H2O/H2 mixtures
or tar-lean gas. This paper aims to fill this knowledge gap by pro-
posing the conceptual design and analysis of four novel large-scale
(~100 MWth input) alternatives to the system presented by Butera
et al. [18]. All the proposed technologies are able to operate at
different electricity prices, by adjusting the operation of one or
more components. Each solution is able to maximize the capacity
factor, producing methanol at low/intermediate electricity prices,
co-producing electricity at high electricity prices and prioritizing
electric power production during electricity price peaks. The
overall concept is shown in Fig. 1.

Among the available thermochemical conversion routes for
biomass conversion, it was decided to focus on (1) the TwoStage
gasifier, (2) a bubbling fluidized bed (BFB), and (3) a pressurized
entrained flow gasifier (EFG).

The TwoStage gasifier is a well-established technology

Nomenclature

Symbols
ASOC Active area of SOC [m2]
ASR Area specific resistance [U∙cm2]
Cp Specific heat capacity [kJ/kg K]
ENernst;av Average Nernst potential [V]
H=C Hydrogen to carbon ratio [�]
HHV Higher heating value [kJ/kg]
iSOC Current density SOC [A/cm2]
ISOC Total current SOC [A]
LHV Lower heating value [kJ/kg]
M Mass [kg]
_m Mass flow rate [kg/s]
p Pressure [bar]
pi Partial pressure i-species [bar]
_Q Heat flow rate [MW]
T Temperature [�C]
UF Utilization factor [�]
VSRU;SOC Operating voltage SRU SOC [V]
_W Electric power [MW]
xi Molar fraction i-species [�]
Х Conversion [�]
Dp Pressure difference [bar]
DT Temperature difference [�C]
h Efficiency [�]
his Isentropic efficiency [�]

hmech Mechanical efficiency [�]
hCG Cold Gas efficiency [�]

Abbreviations
AC High-frequency alternating current
AGR Acid gas removal
ASU Air separation unit
BFB Bubbling fluidized bed
BOP Balance of plant
CFB Circulating fluidized bed
CHP Combined heat and power
DC Distillation column
DME Dimethyl ether
DTU Technical University of Denmark
EFG Entrained flow gasifier/gasification
FICFB Fast internally circulating fluidized bed
FT Fischer Tropsch
GDC Gadolinum doped Ceria
MEA Monoethanolamine
MeOH Methanol
Ni Nickel
POX Partial oxidation
SOC Solid oxide cell
SOEC Solid oxide electrolysis cell
SOFC Solid oxide fuel cell
TC Topping column
TUM Technical University of Munich
WGS Water gas shift
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developed at the Biomass Gasification Group at the Technical
University of Denmark (DTU), enabling biomass conversion to
syngas with cold gas efficiency above 90% and high carbon con-
version [20e23]. The key strength of the TwoStage gasifier is the
production of a syngas free of tars, perfect for power production in
e.g. a gas engine [23e25]. However, the high content of nitrogen,
injected via the partial oxidation (POX), hinders the downstream
production of biofuel. Substituting the POX step of the conventional
Viking TwoStage gasifier enables a higher quality syngas and a
higher yield of MeOH. A first solution e mentioned above e was
proposed by the authors in Ref. [18,19] and is described further in
section 2.1. A second solution, proposed in section 2.2, involves the
use of an electrically heated fixed bed char gasifier e where elec-
tricity provides heat for the gasification reactions and char acts as
active carbon to convert pyrolysis tars [26]. An SOC placed down-
stream, operating as solid oxide electrolysis cell (SOEC), solid oxide
fuel cell (SOFC) or at high frequency alternating current (AC) [18,27]
e thus reforming CH4 and other light hydrocarbons e adapts the
whole system to the electricity price by either consuming or pro-
ducing electric power.

The fluidized bed gasifier guarantees some advantages in terms
of scalability of the reactor [28], good carbon conversion up to ~90%
[29] within a single reactor, and no particular fuel pretreatment.
This paper focuses on a BFB developed at the Technical University of
Munich [30,31], where heat for the gasification reactions is pro-
vided through heat pipes (see section 2.3). A downstream tar
reformer converts tars in the product gas, whereas an SOC enables
flexible operation by either consuming or producing electricity.
These three solutions feature operation of the gasification section
at atmospheric pressure, to limit CH4 formation in the SOEC [32].

Pressurized EFG is employed on a commercial scale for coal
gasification [33], producing a syngas rich in CO and H2, free of tars
and hydrocarbons. Efficiency and carbon conversion approach ~79%
and ~100%, respectively [34]. Such high carbon conversion is ach-
ieved by pulverizing biomass to small particle size and having a
high reactor temperature of ~1400 �C [34]. Among the modeling
studies about entrained flow gasifiers, Hillestad et al. proposed a
solution converting wood biomass to Fischer-Tropsch (FT) fuels via
integrating the entrained flow reactor with injections of electrolytic
H2, achieving an efficiency of 70% and an overall carbon conversion
up to 91% [35,36]. The present work proposes two solutions to
convert wood biomass to methanol via EFG. The first without fuel
pre-treatment before the milling process. The second with pyrol-
ysis to reduce the power consumption of the biomass milling
process. The plants are described in detail in sections 2.4 and 2.5.

The analysis of the novel solutions is carried out from a ther-
modynamic perspective, focusing on the potential energy effi-
ciency, carbon conversion and system complexity, under the
important premise that the employed core technologies, such as
e.g. SOC and gasification reactors, will be further developed and
commercialized.

2. Methods and systems design

The systems have been thermodynamically modeled using
Aspen Plus from AspenTech® [37]. Redlich-Kwong-Soave (RK-
SOAVE) equation of states (EOS) have been used for solid process-
ing, Peng-Robinson with Boston-Mathias modifications (PR-BM)
EOS for gas processing, while Schwartzentruber-Renon (SR-POLAR)
EOS were used for the methanol synthesis and distillation process.
Table 1 reports assumptions valid for all of the proposed systems.
Tables 2e4 describes thoroughly the modeling of each system,
named after the type of gasifier used.

All the proposed plants featured a steam drying system, using
recirculated superheated steam to dry beech wood chips. This so-
lution enabled to dry biomass to a very low moisture content
(~1e2 wt%) in e.g. a fixed bed reactor. A ZnO/CuO fixed bed reactor
operating at 250 �C was used to remove H2S, COS and organic
compounds-bound sulfur, which would otherwise pollute the SOC
or the methanol synthesis catalyst [43]. A chlorine guard might be
needed to remove Chlorine-containing species and avoid catalyst
poisoning [44]. Depending on the operating temperatures, ceramic
or metallic candle filters were used to remove particles. Two so-
lutions were adopted to perform the CO2 removal: at atmospheric
pressure, chemical absorption using Monoethanolamine (MEA),
while physical absorption with the Rectisol® process1 was used at
high pressures. The captured CO2 can be recirculated or vented as
explained below. Pinch analysis and grand composite curves were
used for each case to evaluate whether external heat sources were
needed. FactSage™ 7.3 was used to ensure that the SOC operating
conditions did not result in operation within the carbon formation
region.

2.1. TwoStage electro-gasifier

The novelty of the earlier work proposed by Butera et al. in

Fig. 1. Concept for the operation of the flexible plants at different electricity prices. Figure modified from Ref. [18]. The systems gradually changes operation from one mode to
another, meaning that there are no discontinuities when changing operation to match the current electricity price.

1 Rectisol® process is preferred to the Selexol™ process, as methanol for the
make-up was directly available in the plant.
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Table 1
Common assumption used during the modeling in Aspen Plus for the five proposed plants.

Woody biomass feed (Beech wood chips)
Moisture content: 50 wt%
Composition (dry basis) [wt%]: C 48.1; O 44.8; H 6.4; N 0.081; ash 0.619a [38,39]. Dry biomass input 100 MWth.
Cp;dry wood[kJ/kg K] 1.35 HHVdry [kJ/kg] 19,680 Tbiomass;in[�C] 25

Steam dryer
Tsteam;in [�C] 200 Tsteam;out [�C] 120 Dpdryer [mbar] 30 Tbiomass;out [�C] 190
Moisture out [wt%] 2

Gas cleaning
Dpparticle�rem[mbar] 5 (50b) Dpsulfur�rem [mbar] 20 (200b)

Turbomachinery and ejector
his;compr [�] 0.8 his;compr:part�load [�] 0.4 hmech [�] 0.98 hejector [�] 0.2 [18]
his;blower [�] 0.4

Heat exchangers e Grand composite curves
Pinch analysis is used to check whether any external heat source is needed.
DpHE [bar] 0.01 (0.1b, 0.8c) _Qloss;HE[MW] 0 DT=2gas [�C] 25 DT=2liq [�C] 5

DT=2evap�cond [�C] 2.5

Acid Gas Removal (AGR) with Monoethanolamine (MEA)
All water is removed from the syngas at the outlet of the AGR section.
DpAGR [mbar] 50 Treboiler[�C] 110 qreb [MJ/kgCO2captured] 3.8 [40] xCO2 ;syngas out [�] 0.012

AGR with Methanol (Rectisol® Process e modifiedd)
All water is removed from the syngas at the outlet of the AGR section.
DpAGR [bar] 0.5 wel;cooling[MJel/kgsyngas] 0.06 [41] xCO2 ;syngas out [�] 0.012

Methanol synthesis
Boiling water reactor (isothermal) [42]. DTapproach of 15 �C for both methanol reaction and WGS reaction. SR-POLAR equations for the methanol loop.
97% of the unconverted gas is recirculatede. xH2=xCO2

of 2 at the reactor inlet.

Distillation
SR-POLAR equations of states for the distillation process.
Topping column (TC): 10 stages. Distillation column (DC): 35 stages. Feed stage positions optimized.
pTC [bar] 8.0 Tcond;TC [�C] 30 xCO2 ;bottom�TC [ppm] 1 pDC [bar] 1.013
xH2O;top�DC [�] 0.001 xMeOH;bottom�DC [�] 0.03

Burner
Dpburner [mbar] 10 Tburner;out [�C] 950 _Qloss[MW] 0

Power Production (Turbocharged Gas engine e Gas Turbine)
hgas engine [�] 0.38 pin [bar] 2.02 Tout [�C] 400 Dpengine [mbar] 10
TIT [�C] 1300 his;turbine [�] 0.88

Heat pump for condenser-reboiler of the distillation column
Tsource [�C] 64 Tsink [�C] 95 COPReal=COPCarnot [�] 0.5

a Sulfur content is neglected as it is below 0.05 wt% [38].
b Intermediate pressures (considered up to 50 bar).
c High pressures (considered above 50 bar).
d Since Sulfur is removed in a ZnO/CuO fixed bed reactor, the heat consumption for the solvent regeneration of the conventional Rectisol® process is avoided. The solvent is

regenerated for CO2 with flash tanks. Only power consumption for the cooling plant compressor is considered.
e If N2 is present in the syngas to the methanol reactor (as in the TwoStage Electro-gasifier), recirculation is calculated by limiting the volume flow rate at the inlet of the

methanol reactor to the highest value in the other operation modes (i.e. at very low electricity prices).

Table 2
Assumptions used for the TwoStage Electro-gasifier.

Pyrolysis reactor (updraft fixed bed)
Composition Char [wt%]: C 90.7; O 4.5; H 2.1; N 0.2; ash 2.5 [38,39]. 50 g/Nm3

dry gas Naphthalene, as model tar, in the volatiles. Light hydrocarbons modeled with C2H6.
Dppyrolysis [bar] 1 Tvolatiles;out [�C] 250 Tvolatiles;in[�C] 750 Tchar;out [�C] 740
mchar=mdry wood[�] 0.25 HHVchar[kJ/kg] 33,600 Cp;char [kJ/kg K] 1.276 _Qloss[MW] 1

xCO;dry volatiles [�] 0.485 [50] xCH4 ;dry volatiles [�] 0.096 [50]

Pre-reformer
The heat exchange reformer [51] working at 800 �C reforms 50% of the tars while CH4 and light hydrocarbons are not converted [45]. WGS reaction is at the equilibrium at

the outlet.

Solid Oxide Cell (TwoStage Electro-gasifier)
ASRa [U cm2] 0.6 Tvolatiles;in [�C] 800e850 DpSOC [mbar] 30 _Qloss[MW] 0

Tfuel;out [�C] 850 Tair;in [�C] 800 Tair;out [�C] 850 xO2 ;air;out SOEC [�] 0.5
xO2 ;air;out SOFC [�] 0.1

Char gasifier (fluidized bed and updraft fixed bed)
WGS reaction at the equilibrium at the outlet. Methane is assumed inert in the char gasifier.
Carbon conversion 0.95b DpChar gasifier [bar] 0.15c _Qloss[MW] 1 Tmax;gas in [�C] 900

Tgas out [�C] 850

a The ASR of the SOC is intentionally increased from a state-of-the-art value of ~0.35 U cm2 [52,53], to produce the heat required for the conversion of tars into H2 and CO.
b Total carbon conversion considering both the pyrolysis and gasification units.
c A higher pressure drop occurs in the fluidized bed.
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Ref. [18,19] (Fig. 2) is the ability of the plant to operate flexibly and
continuously over a wide range of electricity prices, through a deep
integration of the TwoStage gasifier and an SOC. The plant was
based on a novel version of the TwoStage gasifier, consisting of an
updraft fixed bed pyrolysis unit and a fluidized bed char gasification
reactor. A preliminary experimental campaign showed the high
potential for upscaling the novel pyrolysis unit presented by
Gadsbøll et al. in Ref. [39]. The operation of the SOC on a carbo-
naceous gas limits the possible pressurization, as methane will
form in the SOC [32], resulting in a lower methanol yield [19].
Downstream the atmospheric pressure gasification section, syngas
is cleaned for particles, and CO2 is removed with MEA. CO2 is
recirculated ahead of the SOC when it operates in electrolysis mode
e CO2 recirculation is beneficial to maximize the overall carbon
conversion and the methanol yield [19]. When electricity produc-
tion is prioritized, CO2 is vented, or not captured. At low/interme-
diate electricity price, electric heating provides the heat for char
gasification reactions through resistance elements inside the flu-
idized bed gasifier. The SOC can switch operation from (1) SOEC to
(2) reformer (AC) e to (3) SOFC, corresponding to very low, low and
intermediate electricity prices. At high/very high electricity prices,
the SOC works as SOFC, while air is injected in the fluidized bed to
partially oxidize the gas and to provide the heat for the gasification
reactions. At very high electricity prices, MeOH synthesis is avoided
and syngas is sent directly to a gas engine for electricity production.
It is expected that hydrodynamics and temperature profiles within
the char gasifier change when switching from electric heating to
air-blown operation.

A more thorough description of the plant is found in Ref. [18,19].
Table 2 provides the assumptions used in the modeling. A fictive

concentration of 50 g/Nm3
dry gas of naphthalene is assumed in the

pyrolysis gas e in reality tars include several different molecules.
The pre-reformer,2 based on [45], partially reforms the tars e it is
assumed that 50% of the tars are converted within this catalytic
reactor [45], while the rest are converted on the highly reactive Ni-
percolated electrode of the SOC. Operation of the SOC on tar-
containing gas has not been proven on a long-term. Short-term
experimental campaigns showed that SOC stands operation on a
tar-containing stream (above 10 g/Nm3) at high temperatures
(~800e850 �C) [46,47]. Conversely, other tests showed that SOC at
lower temperatures (~700 �C) encounters difficulties [48,49]. In
general, SOC operating temperature, SOC electrode composition
and composition of the tars play an important role for the lifetime
of the SOC operated on tar-laden gas.

2.2. TwoStage electrically heated gasifier

The first alternative to the system presented in section 2.1 and in
Ref. [18] is the TwoStage electrically heated gasifier (Fig. 3). This
system features the same updraft fixed bed pyrolysis unit, while an
updraft fixed bed is used as char gasification reactor instead of a
fluidized bed. The main difference with the system based on the
TwoStage Electro-gasifier is the placement of the SOC downstream
the char gasifier, resulting in SOC operation on tar-free syngas
(Fig. 3). At temperatures around 800 �C, the char in the updraft
fixed bed unit converts pyrolysis tars [26]. Electric heating is used
to provide the heat for the gasification reactions by heating the gas
before injection to the updraft fixed bed char reactor. Recirculation
of clean syngas is adopted to avoid an extremely high temperature
at the inlet of the updraft fixed bed char reactor (950 �C is used). It
is assumed that 50% of the tars are converted due to thermal
reforming in the electric heater, while the remaining tars are con-
verted in the char gasifier [26].

The absence of tar allows the SOC operation temperature to be
reduced from 850 �C to 750 �C. The SOC operates either as SOEC, as

Table 3
Assumptions used for the TwoStage electrically heated gasifier.

Solid Oxide Cell
ASR [U cm2] 0.35 [52,53] Tsyngas;in [�C] 675e700 DpSOC [mbar] 30 _Qloss[MW] 0

Tfuel;out [�C] 750 Tair;in [�C] 700 Tair;out [�C] 750 xO2 ;air;out SOEC [�] 0.5
xO2 ;air;out SOFC [�] 0.1

Char gasifier (Updraft fixed bed)
WGS reaction at the equilibrium at the outlet. Methane is assumed inert in the char gasifier.
Carbon conversiona 0.99 DpChar gasifier [bar] 0.03 _Qloss[MW] 1 Tmax;gas in [�C] 950

Tgas out [�C] 800

a Total carbon conversion considering both the pyrolysis and gasification units. The lower velocity of the gasifying media in the updraft fixed bed reactor enables higher
residence time and carbon conversion (0.99) than in a fluidized bed reactor (0.95).

Table 4
Assumptions for the bubbling fluidized bed gasifier with heat pipes.

Bubbling fluidized Bed
Tar content in the gas according to Ref. [30], at 800 �C. Values of the tar contents for a steam/dry biomass weight ratio of 1. Benzene used to represent the unknown tars.
Dppyrolysis [mbar] 150 Tsteam;in [�C] 800 Tgas;out[�C] 800 Carbon Conversion 0.9 [29]
xH2 ;dry gas out[�] 0.41 [31] xCH4 ; dry gas out[�] 0.08 [31] _Qloss[MW] 1

Tar-reformer
The heat exchange tar-reformer reforms 100% of the tars and 30% of CH4 [45]. Outlet gas temperature 850 �C. WGS reaction at the equilibrium at the outlet of the reactor.

Solid Oxide Cell
ASR [U cm2] 0.35 DpSOC [mbar] 30 _Qloss[MW] 0 Tair;out [�C] 750

Tfuel;in [�C] 700 Tfuel;out [�C] 750 xO2 ;air;out SOEC [�] 0.5 Tair;in [�C] 700
xO2 ;air;out SOFC [�] 0.1

2 The pre-reformer is used to avoid a high tar load to the SOC ewhich in this case
operates at 850 �C. In case particular materials are used for the SOC e e.g. Ni-GDC
electrode e enabling the operation of the SOC on tar-laden gas, the pre-reformer
could be avoided. Refer to Ref. [6] for more information on how SOC handles tars.
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a reformer to reform the light hydrocarbons, or as SOFCe similar to
the Electro-gasifier. The remaining part of the system is identical to
the Electro-gasifier; e.g. operation at atmospheric pressure to avoid
CH4 formation in the SOC and CO2 capture by MEA.

The system was conceived to operate in four modes e a fifth
mode, co-producing electricity, would be possible, but that would
require a parallel reactor to the electric heating where air injection
could provide the needed heating for char gasification). Modeling
assumptions used in Aspen Plus for this system are presented in
Table 2 (pyrolysis unit) and Table 3.

2.3. Bubbling fluidized bed

The system presented in this section features a gasification
section based on the allothermal bubbling fluidized bed reactor,
developed at the Technical University of Munich and presented in
detail by Mayerhofer et al. in Ref. [30,31]. High temperature heat
pipes using sodium as working fluidized are embedded in the BFB
to provide the heat required for the endothermic gasification re-
actions. Electric heating provides heat to the heat pipes [30,31],
while the reactor is able to operate at up to 850 �C and 5 bar.

In this work, allothermal gasification is guaranteed assuming to
provide heat for the gasification reactions through electric heating
via resistances placed in the bed at low/intermediate electricity
prices, while a fraction of the dried woodchips (12.5 wt%) is burned
in a separate reactor to provide the heat via heat pipes when the
electricity price is high. The design of the electric heating elements
and the heat pipes system is beyond the scope of this work and is
not treated further. Downstream the BFB reactor, a ceramic candle
filter removes particles. A heat exchange tar reformer [51],

operating at 850 �C, is assumed to fully convert the tars in the gas
from the BFB (~4 g/Nm3

dry gas), while methane is only partly con-
verted (30% conversion) [45]. Steam from the drying process is used
as gasifying medium in the BFB, and the amount of steam used is
adjusted for each operatingmode to reach an H2/CO ratio of 2 at the
inlet of the methanol reactor. Analogously to the system presented
in section 2.2, the SOC operates on a tar-free gas. The SOC operates
as SOEC, as reformer (AC) or as SOFC, depending on the operating
mode. The remaining part of the system is identical to the two
previous systems; e.g. operation at atmospheric pressure to limit
CH4 formation in the SOC and CO2 capture by MEA.

The assumptions used to model the whole system in Aspen Plus
are presented in Table 4. Five operating modes are modeled and
analyzed for this system (Fig. 4), and a schematic of the operations
of the main components in the different operating modes is pre-
sented in Table 6.

2.4. Pressurized entrained flow gasifier without fuel pre-treatment

Pressurized entrained flow gasifiers are used worldwide on a
commercial scale for coal gasification [34]. The major issues for EFG
on biomass are fuel pre-treatment and ash behavior. The short
residence time in the reactor requires very small biomass particle
size to achieve high carbon conversion [34]. Before the grinding
process, the dry biomass can be pre-treated with torrefaction, py-
rolysis or hydrothermal carbonization. These processes lower the
energy requirement to pulverize the biomass to the desired particle
size [34,54], with the downside of adding complexity to the system.
This section presents a system based on a pressurized entrained
flow gasifier featuring no fuel pre-treatment except drying, while

Fig. 2. Superstructure describing the operating modes of the solution based on the TwoStage Electro-gasifier.
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Fig. 4. Superstructure describing the operating modes of the solution based on a bubbling fluidized bed.

Fig. 3. Superstructure describing the operating modes of the solution based on a TwoStage electrically heated gasifier.
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the next section uses pyrolysis to pre-treat the biomass before
pulverization. The EFG is an oxygen-blown, slagging reactor, oper-
ating at 1400 �C. The high operating temperature results in high
carbon conversion (~100%), a syngas rich in H2 and CO, and prac-
tically free of tars and methane [55]. Pressurized operation of the
EFG on non pre-treated wood might result in presence of tars. This
issue could be handled by placing an activated carbon filter up-
stream themethanol synthesis process to capture residual tars [56].
The pulverized biomass is pressurized through lock hoppers and
entrained using CO2 from the downstream CO2 removal. Gas
quench and a chemical quench with hydrogen is used to cool the
produced gas before the high temperature syngas cooler. Candle
filters and a fixed bed with ZnO/CuO remove particles and sulfur,
respectively. At very low electricity prices, the SOC operates as an
SOEC on a H2O/H2 mixture, providing pure O2 for the gasification
and H2 for syngas conversion. At intermediate or high electricity
prices, the SOC is not used, and part of the syngas is used in a gas
turbine to produce power. The system is designed to operate most
of the time with the SOC in electrolysis configuration, set by the H2
requirement of the syngas. This operation results in an excess
production of O2 that most likely can cover the consumption of the
gasification process during the other operating modese this avoids
an air separation unit (ASU), but at the cost of oxygen storage. An
H2/CO ratio of 2 at the inlet of the methanol synthesis reactor is
reached in two ways. (1) When available from the SOEC, H2 is
injected to chemically quench the hot gas from 1400 �C to 1100 �C.
It is assumed that the water gas shift (WGS) reaction reaches
equilibrium at 1100 �C [35,36], producing CO from CO2 and thereby
increasing the methanol yield. The hydrogen injection is adjusted
to leave enough CO2 in the syngas e to be captured by physical

absorption e to cover the amount of CO2 required for entrainment
of the pulverized biomass. (2) When H2 is not available from the
SOEC because of a different operating mode, a high temperature
adiabatic WGS reactor is used to convert CO and H2O to H2 and CO2.
This decreases the heating value of the gas, as well as the methanol
yield [57]. Depending on the operating mode, a fraction of the
cleaned gas is sent to the gas turbine. The entrained flow reactor is
operated at 40 bar, while the SOC operates at slightly higher
pressure in SOEC mode [35,36], to allow H2 and O2 to enter the
gasifier. Gasification pressure is constrained by technical limitation
of the SOC when operating at high pressures. To the authors’
knowledge, operation of today’s SoA SOEC has not been proven
experimentally at ~40 bar. In case pressurized operation at ~40 bar
were not feasible, SOEC can operate at slightly pressurized condi-
tions (Jensen et al. [32] successfully proved operation of SOC at
~19 bar on carbonaceous gas), and produced H2 and O2 could be
pressurized to the gasification pressure. Five operating modes were
modeled (assumptions in Table 5) and analyzed for this system
(Fig. 5). A description of the main differences between the oper-
ating modes is provided in Table 6.

2.5. Pressurized entrained flow gasifier with pyrolysis

Reduction of energy consumption for biomassmilling is possible
through pyrolysis [34,54,59], because (1) it changes the properties
of the solid to be pulverized, lowering the specific energy
requirement of the milling step and (2) reduces the mass of solid to
be ground. This section presents an integration of pyrolysis and
pressurized entrained flow gasification (Fig. 6). The integration of
these two reactors only impacts the gasification section, while the

Table 5
Assumption used for the systems based on the entrained flow gasifier (sections 2.4 and 2.5).

Milling
wwood [kWhel/t] 250 [34] wchar [kWhel/t] 45 [34]

Pressurization
CO2 for pressurizing assumed to be reused (no net CO2 consumption) [15].

Entraining
0.22 kgCO2/kgpulverized biomass is used for the entraining in the system with no fuel pre-treatment.
Concerning the system with pyrolysis, all the CO2 available from the AGR process at very low price is used to entrain pulverized char. It is kept constant in the other

operating modes.

Pyrolysis reactor (updraft fixed bed)
Composition Char [wt%]: C 90.7; O 4.5; H 2.1; N 0.2; ash 2.5 [38,39]. 50 g/Nm3

dry gas Naphthalene, as model tar, in the volatiles. Light hydrocarbons modeled with
C2H6.

Dppyrolysis [bar] 1 Tvolatiles;out [�C] 400 Tvolatiles;in[�C] 750 Tchar;out [�C] 740
mchar=mdry wood[�] 0.25 HHVchar [kJ/kg] 33,600 Cp;char [kJ/kg K] 1.276 _Qloss[MW] 1

xCO;dry volatiles [�] 0.485 [50] xCH4 ;dry volatiles [�] 0.096 [50]

Entrained flow reactor
Thermodynamic equilibrium at the outlet of the reactor.
Dp [bar] 2 Tgas;out [�C] 1400 _Qloss[MW] 2 _Qash melting[MW] 1.5

TO2 ;in [�C] 800 Carbon Conversion [�] 0.99 Tpulverized wood;in [�C] 190 Tpulverized char;in [�C] 300
Tvolatiles;in[�C] 750

Quench
Hydrogen quench: outlet temperature 1100 �C; WGS reaction at the equilibrium at the outlet [35]. Gas quench: outlet temperature 900 �C.

Solid Oxide Electrolysis Cell
ASR [U cm2] 0.35 DpSOC

a [mbar] 30 pin;SOC [bar] 43.6 UFSOEC [�] 0.8
Tfuel; in [�C] 800 Tfuel;out [�C] 800 TO2 ;out [

�C] 800 _Qloss[MW] 0

xO2 ;air;SOEC out[�] 1

a Jensen et al. showed that pressure drop across the SOC decreases increasing the operating pressure [58]. Fuel and air channel pressure drops are respectively proportional
to p�0:85 and p�0:74. For simplicity, this behavior is neglected in this work.
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Fig. 5. Superstructure describing the operating modes of the solution based on the EFG without fuel pre-treatment.

Fig. 6. Superstructure describing the operating modes of the solution based on the EFG with integrated pyrolysis.
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rest of the plant operates similarly to the system based on entrained
flow gasification without fuel pre-treatment (section 2.4). The
pressurization of the dried woodchips is done similarly to the
pressurization of pulverized biomass in section 2.4. The updraft
fixed bed pyrolysis unit releases the tar-laden volatiles, which are
then pre-heated with quenched gas, and sent to the entrained flow
reactor. Operation of the pyrolysis unit at pressurized condition
possibly produces more complex tar molecules. To avoid conden-
sation of tars on the heat exchanger surfaces, recirculation of hot
volatiles is increased to keep a higher temperature (400 �C) at the
outlet of the pyrolysis unit. The pre-heating of volatiles reduces the
O2 needed for the gasification. The lower mass of pulverized char to
be entrained required less CO2 from the Rectisol® process,
compared to the system in section 2.4. This fact enabled injection of
all the H2 produced during SOEC operation through the chemical
quench, achieving a higher conversion of CO2 to CO. Five operating
modes have been modeled (assumptions in Table 5) and analyzed
for this solution. Table 6 shows an overview of the main differences
among the operating modes.

3. Results

For each system, a detailed flowsheet for each operating mode is
presented with main thermodynamic properties in the Supple-
mentary Information. This section summarizes in Table 7 the re-
sults about the efficiency, the overall carbon conversion, biomass
and electricity input, methanol, electricity output and biochar

output for each mode.
The system featuring the TwoStage Electro-gasifier produced

methanol, co-produced electricity or produces electric power with
an efficiency ranging from 71% to 37%, and a carbon conversion up
to 92%. The TwoStage electrically heated gasifier showed a more
stable efficiency when producing methanol (67e68%), but at elec-
tricity price peaks the system produced electricity with an effi-
ciency of only 22%, as part of the produced electricity was used to
heat the gasifier. The plant based on the allothermal bubbling flu-
idized bed reactor with heat pipes achieved an efficiency ranging
from 64% to 36% with a maximum carbon conversion of 85%. The
solution involving entrained flow gasification with no fuel pre-
treatment operated with efficiencies ranging from 68% to 22%,
and carbon conversion up to 96%, while the solution coupling
entrained flow gasification and pyrolysis operated with efficiencies
between 72% and 29%, with a maximum carbon conversion of 97%.

4. Discussion

The thermodynamic analysis in Aspen Plus showed that all the
plants operate with highest efficiency and carbon conversion at
very low electricity prices, with the SOC in electrolysis configura-
tion. Production of electricity is associated with the lowest effi-
ciency. The solutions were conceived to operate most of the time in
the configuration for very low electricity prices, i.e. it is paramount
to ensure high efficiency in this configuration. It is observed that
among the proposed technologies, the solutions based on the

Table 6
Overview of the differences in system operation for each plant, for the five operating modes.

Electricity price Very Low Price Low Price Intermediate Price High Price Very High Price

TwoStage Electro-gasifiera

SOC
Operation type SOEC Reformer SOFC SOFC SOFC
Current through SOC DC AC DC DC DC
Air side ejectorb No No Yes Yes Yes
Char gasifier heat Electric heating Electric heating Electric heating Air injection Air Injection
CO2 removal MEA MEA MEA MEA e

TwoStage electrically heated gasifier
SOC
Operation type SOEC Reformer SOFC e SOFC
Current through SOC DC AC DC e DC
Air side ejectorb No No Yes e Yes
CO2 removal MEA MEA MEA e e

Bubbling fluidized bed
SOC
Operation type SOEC Reformer SOFC SOFC SOFC
Current through SOC DC AC DC DC DC
Air side ejectorb No No Yes Yes Yes
Bed heating Electric heating Electric heating Electric heating Burner (heat pipes) Burner (heat pipes)
CO2 removal MEA MEA MEA MEA e

Pressurized entrained flow gasifier without fuel pre-treatment
Method for H2/CO ratio H2 quench HT-WGS HT-WGS HT-WGS e

SOC
Operation type SOEC e e e e

CO2 removal Rectisol® Rectisol® Rectisol® Rectisol® e

Pressurized entrained flow gasifier with pyrolysis
Method for H2/CO ratio H2 quench HT-WGS HT-WGS HT-WGS e

SOC
Operation type SOEC e e e e

CO2 removal Rectisol® Rectisol® Rectisol® Rectisol® e

a In Ref. [18] the operating modes for the TwoStage Electro-gasifier were presented with different names, derived from the particular operations of the SOC and hardware.
To uniform the names of the operationmodes with all the other solutions based on other gasification technologies, the Electricity Storagemode in Refs. [18] corresponds to the
Very Low Price scenario, the Electricity Heated to the Low Price, the Electricity Minimum to the Intermediate Price, the Electricity Production to the High Price and the
Electricity Production Plus to the Very High Price.

b When the SOC operates in SOFC mode, the air recuperator will not be able to preheat air to a sufficiently high temperature before the SOFC. An ejector is then used to
recycle hot air from the outlet of the SOFC to further preheat the inlet air. Using an ejector requires higher inlet air pressure as this is the motive flow of the ejector. This
requires a compressor. The compressor will work in part-load when the ejector is not used.
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TwoStage Electro-gasifier and the EFG with pyrolysis outperform
the other plants, exceeding 70% efficiency. However, the EFG with
pyrolysis as fuel pre-treatment offers higher overall carbon con-
version (97% vs. 92%), taking advantage of more carbon in the
biomass. Slightly lower efficiency and overall carbon conversion is
achieved by the TwoStage gasifier electrically heated (68% and 93%)
and the EFG without fuel pre-treatment (68% and 96%), whereas
the BFB with heat pipes has a maximum efficiency of 64% and
overall carbon conversion up to 85%.

The key-strength of the solution based on the TwoStage Electro-
gasifier is the operation with high efficiency in all the modes,
making this systemvery suitable to maximize the capacity factor to
amortize the investment cost. Biochar from the fluidized bed char
gasifier is a valuable product, with a high content of carbon. It is
evident that the main disadvantage of this solution is the operation
of the SOC on tar-laden gas, which requires either particular ma-
terials for the SOC, or a pre-reformer upstream the SOC.

It is observed that the plant based on the TwoStage gasifier
electrically heated has a slightly higher carbon conversion than the

TwoStage Electro-gasifier. This is due to the use of a fixed bed char
gasifier instead of a fluidized bed char gasifier. However, the
operation of the SOC at lower temperature than in the TwoStage
Electro-gasifier (750 �C vs. 850 �C) results in a slightly higher
content of CH4 in the gas to the methanol synthesis section,
reducing the positive effect that the improved carbon conversion
would have on the methanol yield. It is moreover evident that, at
very high electricity prices the use of electricity for the gasification
reactions penalizes the system. Despite no particular material is
needed for the SOC, complexity of the plant represents an issue due
to recirculation of hot and cold syngas to the char gasifier. Even-
tually, the improved carbon conversion offered by the fixed bed
reduces the carbon content in the ash, which can not be used as
biochar.

From the analysis in Aspen Plus it is observed that the BFB
gasifier with heat pipes offered the lowest efficiencies and overall
carbon conversions over the spectrum of electricity prices (the
highest efficiency at high electricity price is an exception due to the
very low production of electricity). This is mainly due to the low

Table 7
Results for the five proposed plants, at different electricity prices.

Very Low Price Low Price Intermediate Price High Price Very High Price

TwoStage Electro-gasifiera

Efficiencyb [%] 71 68 63 48 37
Carbon Conversionc [%] 92 65 53 26 0
Biomass Input [MWdry] 100 100 100 100 100
Electricity Input [MWel] 83 32 18 0 0
Methanol Output [MWth] 129 90 75 41 0
Electricity Output [MWel] 0 0 0 7 37
Biochar [MWth] 4.3 4.3 4.3 4.3 4.3

TwoStage electrically heated gasifier
Efficiency [%] 68 67 67 e 22
Carbon Conversion [%] 94 66 60 e 0
Biomass Input [MWdry] 100 100 100 e 100
Electricity Input [MWel] 92 37 25 e 0
Methanol Output [MWth] 131 92 83 e 0
Electricity Output [MWel] 0 0 0 e 22
Biochar [MWth] 0.9 0.9 0.9 e 0.9

Bubbling fluidized bed
Efficiency [%] 64 62 61 62 36
Carbon Conversion [%] 85 60 52 38 0
Biomass Input [MWdry] 100 100 100 100 100
Electricity Input [MWel] 87 35 20 0 0
Methanol Output [MWth] 119 84 73 62 0
Electricity Output [MWel] 0 0 0 0 36
Biochar [MWth] 8.6 8.6 8.6 0 0

Pressurized entrained flow gasifier without fuel pre-treatment
Efficiency [%] 68 55 44 37 22
Carbon Conversion [%] 96 43 32 21 0
Biomass Input [MWdry] 100 100 100 100 100
Electricity Input [MWel] 99 9 1 0 0
Methanol Output [MWth] 135 60 45 30 0
Electricity Output [MWel] 0 0 0 7 22
Biochar [MWth] 0 0 0 0 0

Pressurized entrained flow gasifier with pyrolysis
Efficiency [%] 72 63 54 46 29
Carbon Conversion [%] 97 47 35 23 0
Biomass Input [MWdry] 100 100 100 100 100
Electricity Input [MWel] 88 3 0 0 0
Methanol Output [MWth] 135 65 49 33 0
Electricity Output [MWel] 0 0 5 13 29
Biochar [MWth] 0 0 0 0 0

a Differences in the efficiencies with respect to Ref. [18] arise due to different moisture contents in the biomass feedstock.
b Efficiency h is defined as h ¼ ð _mMeOH ,LHVMeOH þ _WoutÞ=ð _mdry biomass ,LHVdry biomass þ _WinÞ, where _mMeOHand _mdry biomass represent the mass flows of methanol and dry

biomass, LHVMeOH and LHVdry biomass the LHV of methanol and dry biomass and _Wout and _Win the absolute value of electricity production or consumption.
c The overall carbon conversion is defined as _mC;CH3OH;MeOH= _mC;biomass , where _mC;CH3OH;MeOH is the mass of carbon as CH3OH is the desired product, while _mC;biomassis the

mass of carbon in the wood biomass feedstock.
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carbon conversion of the gasifier. However, a low carbon conver-
sion means that biochar is produced, which is a valuable product to
be sold and used to enrich soils or capture CO2 [26].

It is noted that the solution based on the EFG with no fuel pre-
treatment represents an effective solution, especially at very low
electricity prices. Advantages of this system include (1) maturity of
the pressurized slagging O2-blown entrained flow reactor, with
relatively easy possibility to upscale the system, (2) the low energy
requirement of the acid gas removal section and (3) the operation
of the SOC on a H2O/H2 mixture, excluding the risk of carbon for-
mation. Disadvantages include (1) the poor efficiency at interme-
diate/high electricity prices, when WGS is used to adjust the H2/CO
ratio, (2) high energy-consumingmilling process, (3) no production
of biochar, and (4) a large SOC area to provide the needed H2 (see
results about the SOC operating conditions in the Supplementary
Information), which might considerably affect the total investment
cost of the plant. In addition, the operation of the system at very
low electricity prices builds upon the chemical quench via H2 in-
jection. This assumption, proposed also by Hillestad et al. [35,36]
needs to be verified experimentally.

The solution featuring the EFG with pyrolysis follows the same
behavior of the systemwithout fuel pre-treatment over the range of
electricity process, though offering increased efficiency and overall
carbon conversion. The reasons for the enhanced performances
include (1) the reduced energy consumption to pulverize the solid,
(2) the reduced solid carbon to convert in the gasifier, (3) the
reduced consumption of O2 for the gasification reactions e due to
the preheating of the volatiles. In addition to the advantages offered
by the solution with no fuel pre-treatment, when compared to
other technologies, the main benefit of the system featuring
entrained flow gasification with pyrolysis is the highest efficiency
and carbon conversion at very high electricity prices. Compared to
the work by Hillestad et al. [35,36], where the target was produc-
tion of FT fuels, the novel solution integrating entrained flow
gasification, pyrolysis and electrolysis offers higher efficiency (72%
vs. 70%) and carbon conversions (97% vs. 91%).

It is evident that the solutions based on the TwoStage Electro-

gasifier and on the EFG with pyrolysis has the best performance
when considering efficiency and carbon conversion, however an
economic assessment is needed to evaluate the most attractive and
viable solution.

4.1. Comparison with alternative technologies

Previous studies treated the production of methanol, co-
production of electricity or production of electricity from woody
biomass [10e15,25,60]. The main difference of the previous studies
with the solutions proposed in this work is that those systems were
conceived as single-mode units, i.e. they could adapt operation to
the electricity price variation, only via part-load operation. To
improve the comparison with the flexible production units treated
in this work, the efficiency of the previous technologies is shown in
Fig. 7, against the overall carbon conversion of the plant. The flex-
ible production units are represented with lines, as they are ex-
pected to operate on a range of operating conditions, while
previous studies are shown as points as they are single operating
modes.

It is noted that at high and intermediate overall carbon con-
version, the flexible production units presented within this study
are slightly more efficient, having the system proposed by Clausen
in Ref. [14] as the only exception. Conversely, production of elec-
tricity is more efficient via the systems proposed by Gadsbøll et al.
in Ref. [60].

In general, the flexible production units investigated in this
study are more efficient than alternative technologies previously
presented in other works. However, while the alternative tech-
nologies can adjust to the electricity price only by operating in part-
load, the flexible production units operate continuously in full-load
guaranteeing flexibility, the real key-advantage to maximize the
capacity factor of bio-refineries. Fig. 7 shows that flexible produc-
tion units can adapt to electricity prices, changing the overall car-
bon conversion and efficiency. Depending on a particular yearly
electricity price scenario, one of the flexible solutions guarantees
the highest revenues. Assuming operation at very low electricity

Fig. 7. Comparison among the flexible production units proposed within this work and previous systems for the production of methanol, co-production of electricity and pro-
duction of electricity fromwoody biomass. The alternative technologies are described in the following works: Clausen 2015 [15], Clausen 2014 [14], Zhang et al. [16], Holmgren et al.,
2012 [11], Holmgren et al., 2014 [12], Isaksson et al. [10], Tock et al. [13], Ahrenfeldt et al. [25] and Gadsbøll et al. [60].
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price most the year, the solutions featuring the TwoStage Electro-
gasifier and the EFG with pyrolysis are expected to outperform
the others in terms of revenues.

5. Conclusion

Five systems are investigated, coupling solid oxide cells (SOC)
and thermochemical wood conversion via different gasification
technologies to produce methanol for the heavy transportation
sector. Each solution is designed for flexible operation over a wide
range of electricity prices with the main purpose of producing
methanol from biomass and electricity. At higher electricity prices,
the SOC could shift operation from SOEC mode to SOFC mode
thereby having electricity as a by-product instead of an input. At
electricity price peaks, methanol production could be stopped and
electricity would be the only output. Plants are conceived to
operate most of the time at very low electricity prices, with SOC
running as electrolysis cells. Focusing on this configuration, the
thermodynamic analysis in Aspen Plus showed that the highest
efficiencies were offered by the solutions featuring the TwoStage
Electro-gasifier and the entrained flow gasification with integrated
pyrolysis as fuel pre-treatment. These ensured also high efficiencies
over the whole range of electricity prices (in the range of 71e37%
and 72-29%, respectively). The solution featuring the TwoStage
Electro-gasifier guaranteed high carbon conversion (up to 92%),
higher efficiencies at intermediate prices, as well as smaller SOC
area and thereby lower SOC investment cost. Conversely, the need
for specific materials for the SOC to handle tars add on to the
complexity of the system. The system based on entrained flow
gasification with integrated pyrolysis offered advantages in terms
of maturity of the technology and ease of upscaling the plant.
Additionally, it offered the high carbon conversion up to 97%. From
a thermodynamic point of view, the other technologies based on
the TwoStage gasifier, bubbling fluidized bed and entrained flow
gasification with no fuel pre-treatment do not seem competitive
with the solutions mentioned above. An economic analysis is
needed to assess the most attractive solution. Compared with
single-mode solutions from previous studies, all the systems pro-
posed within this study offered higher efficiencies and carbon
conversions, but perhaps more important: they offered flexibility,
making it possible to have a high capacity factor and thereby better
overall plant economics.
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Table S.1: Results about the cold gas efficiency and the operation of the solid oxide cells (SOC).  

 Very Low Price Low Price Intermediate 
Price 

High Price Very High Price 

TwoStage Electro-gasifier 
Gasification section      
Cold Gas Efficiencya [%] 159 112 92 80 80 
SOC      
Area [m2] 3531 3531 3531 3531 3531 
Current [kA] -35743 22320 14789 14819 14778 
Current Density [A/cm2] -1.01 ±0.63 0.42 0.42 0.42 
E Nernst [V] 0.94 0.93 0.91 0.91 0.91 
SRU Voltageb [V] 1.55 - 0.66 0.66 0.66 
TwoStage gasifier electrically heated 
Gasification section      
Cold Gas Efficiency [%] 113 114 114 - 114 
SOC      
Area [m2] 2928 2928 2928 - 2928 
Current [kA] -37997 15968 9249 - 9072 
Current Density [A/cm2] -1.30 ±0.55 0.32 - 0.31 
E Nernst [V] 1.00 1.03 1.02 - 1.02 
SRU Voltage [V] 1.46 - 0.91 - 0.91 
Bubbling fluidized bed 
Gasification section      
Cold Gas Efficiency [%] 103 103 103 90 90 
SOC      
Area [m2] 2359 2359 2359 2359 2359 
Current [kA] -34157 17622 11381 10402 10391 
Current Density [A/cm2] -1.45 ±0.75 0.48 0.44 0.44 
E Nernst [V] 1.00 1.03 1.01 1.00 1.00 
SRU Voltage [V] 1.51 - 0.84 0.85 0.85 
Pressurized entrained flow gasifier without fuel pre-treatment 
Gasification section      
Cold Gas Efficiency [%] 152 78 78 78 78 
SOC      
Area [m2] 10318 - - - - 
Current [kA] -69170 - - - - 
Current Density [A/cm2] -0.67 - - - - 
E Nernst [V] 1.06 - - - - 
SRU Voltage [V] 1.29 - - - - 
Pressurized entrained flow gasifier with pyrolysis 
Gasification section      
Cold Gas Efficiency [%] 166 85 85 85 84 
SOC      
Area [m2] 9686 - - - - 
Current [kA] -64883 - - - - 
Current Density [A/cm2] -0.67 - - - - 
E Nernst [V] 1.06 - - - - 
SRU Voltage [V] 1.29 - - - - 

a The cold gas efficiency 𝜂𝜂𝐶𝐶𝐶𝐶𝐶𝐶  is defined as 𝜂𝜂𝐶𝐶𝐶𝐶𝐶𝐶 = (�̇�𝑚𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 ⋅ 𝐿𝐿𝐿𝐿𝑉𝑉𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠)/(�̇�𝑚𝑑𝑑𝑑𝑑𝑠𝑠 𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑠𝑠𝑠𝑠𝑠𝑠 ⋅ 𝐿𝐿𝐿𝐿𝑉𝑉𝑑𝑑𝑑𝑑𝑠𝑠 𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑠𝑠𝑠𝑠𝑠𝑠), where �̇�𝑚𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 and �̇�𝑚𝑑𝑑𝑑𝑑𝑠𝑠 𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑠𝑠𝑠𝑠𝑠𝑠 represent 
the mass flows of syngas (at the outlet of the gasification section) and dry biomass, while 𝐿𝐿𝐿𝐿𝑉𝑉𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 and 𝐿𝐿𝐿𝐿𝑉𝑉𝑑𝑑𝑑𝑑𝑠𝑠 𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑠𝑠𝑠𝑠𝑠𝑠 the LHV of syngas and dry 
biomass. 
b Single Repeating Unit Voltage. 
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1. TwoStage Electro-gasifier 
1.1.  Very low price 

 
Figure S.1: Plant based on the TwoStage Electro-gasifier operating at very low electricity prices. 
 
Table S.2: Thermodynamic data referring to Figure S.1. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 23 11.19 800 1.06 45 9.76 25 1.01 
2 5.58 190 - 24 11.19 850 1.05 46 9.76 31 1.04 
3 1.37 740 - 25 8.23 850 1.02 47 9.76 650 1.03 
4 0.17 850 - 26 9.43 850 0.87 48 9.96 950 1.02 
5 99.29 200 1.09 27 9.43 850 0.87 49 9.96 112 1.01 
6 104.65 120 1.06 28 1.31 30 0.86 50 6.78 40 79.90 
7 104.65 129 1.10 29 8.12 30 0.86 51 6.78 43 8.10 
8 104.65 200 1.09 30 6.97 30 0.81 52 6.78 64 8.00 
9 5.36 200 1.09 31 6.97 249 4.04 53 6.50 128 8.00 

10 5.36 200 1.08 32 6.97 30 3.94 54 6.50 65 1.01 
11 5.36 250 1.07 33 6.97 249 19.70 55 0.02 95 1.01 
12 0.21 25 1.01 34 6.97 30 19.60 56 6.49 64 1.01 
13 0.21 25 1.08 35 6.97 228 85.80 57 1.14 30 0.81 
14 0.21 250 1.07 36 13.35 145 85.80 58 1.14 57 1.10 
15 2.94 750 1.08 37 13.35 230 85.00 59 0.27 30 8.00 
16 7.16 250 1.05 38 13.35 260 80.70 60 1.41 50 1.10 
17 7.16 250 1.05 39 13.35 40 79.90 61 1.41 250 1.09 
18 2.94 262 1.09 40 6.57 40 79.90 62 4.61 25 1.01 
19 4.21 262 1.09 41 6.37 40 79.90 63 4.61 35 1.06 
20 5.63 260 1.09 42 6.37 48 85.80 64 4.61 800 1.05 
21 5.63 260 1.07 43 0.20 40 79.90 65 7.57 850 1.02 
22 11.19 254 1.07 44 0.20 37 1.04 66 7.57 394 1.01 
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1.2. Low price 

 
Figure S.2: Plant based on the TwoStage Electro-gasifier operating at low electricity prices. 
 
Table S.3: Thermodynamic data referring to Figure S.2. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 20 4.21 262 1.06 39 0.14 40 79.90 
2 5.58 190 - 21 8.71 255 1.06 40 0.14 37 1.04 
3 1.37 740 - 22 8.71 800 1.05 41 2.58 25 1.01 
4 0.17 850 - 23 8.71 850 1.02 42 2.58 31 1.04 
5 99.28 200 1.08 24 9.91 850 0.87 43 2.58 130 1.03 
6 104.64 120 1.05 25 7.44 30 0.86 44 2.72 950 1.02 
7 103.77 120 1.05 26 2.47 30 0.86 45 2.72 90 1.01 
8 103.77 129 1.09 27 4.88 30 0.81 46 4.75 40 79.90 
9 103.77 200 1.08 28 4.88 249 4.04 47 4.75 43 8.10 

10 4.50 200 1.08 29 4.88 30 3.94 48 4.75 64 8.00 
11 4.50 200 1.07 30 4.88 249 19.70 49 9.35 145 85.80 
12 4.50 250 1.06 31 4.88 30 19.60 50 4.56 128 8.00 
13 0.86 120 1.05 32 4.88 228 85.80 51 4.56 65 1.01 
14 2.95 750 1.07 33 9.35 230 85.00 52 0.01 95 1.01 
15 7.16 250 1.04 34 9.35 260 80.70 53 4.54 64 1.01 
16 7.16 250 1.04 35 9.35 119 79.90 54 2.55 81 1.09 
17 7.16 262 1.08 36 4.60 40 79.90 55 0.19 30 8.00 
18 2.95 262 1.08 37 4.46 40 79.90     
19 4.21 262 1.08 38 4.46 48 85.80     
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1.3. Intermediate price 

 
Figure S.3: Plant based on the TwoStage Electro-gasifier operating at intermediate electricity prices. 
 
Table S.4: Thermodynamic data referring to Figure S.3.  

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 22 10.01 850 1.02 43 2.13 31 1.04 
2 5.58 190 - 23 11.21 850 0.87 44 2.13 130 1.03 
3 1.37 740 - 24 11.21 850 0.87 45 2.25 950 1.02 
4 0.17 850 - 25 3.47 30 0.86 46 2.25 90 1.01 
5 99.31 200 1.08 26 7.74 30 0.86 47 3.91 40 79.90 
6 104.67 120 1.05 27 4.03 30 0.81 48 3.91 43 8.10 
7 103.88 120 1.05 28 4.03 249 4.04 49 3.91 64 8.00 
8 103.88 129 1.09 29 4.03 30 3.94 50 3.76 128 8.00 
9 103.88 200 1.08 30 4.03 249 19.70 51 3.76 65 1.01 

10 4.57 200 1.08 31 4.03 30 19.60 52 0.01 95 1.01 
11 4.57 200 1.07 32 4.03 228 85.80 53 3.75 64 1.01 
12 4.57 250 1.06 33 7.74 145 85.80 54 3.71 56 1.09 
13 0.79 120 1.05 34 7.74 230 85.00 55 0.16 30 8.00 
14 2.95 750 1.07 35 7.74 260 80.70 56 9.04 25 1.01 
15 7.16 250 1.04 36 7.74 40 79.90 57 9.04 75 1.57 
16 7.16 250 1.04 37 3.83 40 79.90 58 9.04 718 1.56 
17 2.95 262 1.08 38 3.71 40 79.90 59 23.60 800 1.05 
18 4.21 262 1.08 39 3.71 48 85.80 60 22.37 850 1.02 
19 4.21 262 1.06 40 0.11 40 79.90 61 14.55 850 1.02 
20 8.79 255 1.06 41 0.11 37 1.04 62 7.82 850 1.02 
21 8.79 800 1.05 42 2.13 25 1.01 63 7.82 125 1.01 
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1.4. High price 

 
Figure S.4: Plant based on the TwoStage Electro-gasifier operating at high electricity prices. 
 
Table S.5: Thermodynamic data referring to Figure S.4. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 24 4.43 30 0.85 47 7.63 100 1.01 
2 5.58 190 - 25 10.40 30 0.85 48 2.43 40 79.90 
3 1.37 740 - 26 8.05 30 0.85 49 2.43 39 8.10 
4 0.17 850 - 27 8.05 237 4.24 50 2.43 64 8.00 
5 99.30 200 1.08 28 8.05 30 4.14 51 2.15 130 8.00 
6 104.66 120 1.05 29 8.05 238 20.70 52 2.15 66 1.01 
7 104.34 120 1.05 30 8.05 30 20.60 53 0.10 95 1.01 
8 104.34 129 1.09 31 8.05 211 85.80 54 2.05 64 1.01 
9 104.34 200 1.08 32 8.05 211 85.80 55 2.34 74 1.10 

10 5.04 200 1.08 33 23.48 109 85.80 56 0.28 30 8.00 
11 5.04 200 1.07 34 23.48 230 85.00 57 9.40 25 1.01 
12 5.04 250 1.06 35 23.48 260 80.70 58 9.40 64 1.43 
13 0.32 120 1.05 36 23.48 40 79.90 59 9.40 720 1.42 
14 2.95 750 1.08 37 21.05 40 79.90 60 24.19 800 1.05 
15 7.16 250 1.05 38 15.43 40 79.90 61 22.96 850 1.02 
16 7.16 250 1.04 39 15.43 48 85.80 62 14.78 850 1.02 
17 2.95 262 1.09 40 4.26 40 79.90 63 8.17 850 1.02 
18 4.21 262 1.09 41 1.36 40 79.90 64 8.17 114 1.01 
19 4.21 262 1.07 42 1.36 26 1.04 65 3.14 25 1.01 
20 9.25 255 1.06 43 6.27 25 1.01 66 3.14 29 1.03 
21 9.25 800 1.05 44 6.27 28 1.04 67 3.14 800 1.02 
22 10.48 850 1.02 45 6.27 130 1.03     
23 14.82 850 0.87 46 7.63 950 1.02     
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1.5. Very high price 

 
Figure S.5: Plant based on the TwoStage Electro-gasifier operating at very high electricity prices. 
 
Table S.6: Thermodynamic data referring to Figure S.5. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 14 2.95 750 1.08 27 10.40 128 2.02 
2 5.58 190 - 15 7.16 250 1.05 28 9.40 25 1.01 
3 1.37 740 - 16 7.16 250 1.04 29 9.40 64 1.43 
4 0.17 850 - 17 2.95 262 1.09 30 9.40 720 1.42 
5 99.30 200 1.08 18 4.21 262 1.09 31 24.19 800 1.05 
6 104.66 120 1.05 19 4.21 262 1.07 32 22.96 850 1.02 
7 104.34 120 1.05 20 9.25 255 1.06 33 14.78 850 1.02 
8 104.34 129 1.09 21 9.25 800 1.05 34 8.17 850 1.02 
9 104.34 200 1.08 22 10.48 850 1.02 35 8.17 114 1.01 

10 5.04 200 1.08 23 14.82 850 0.87 36 3.14 25 1.01 
11 5.04 200 1.07 24 14.82 850 0.87 37 3.14 29 1.03 
12 5.04 250 1.06 25 4.43 30 0.85 38 3.14 800 1.02 
13 0.32 120 1.05 26 10.40 30 0.85     
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(a) (b) 

  
(c) (d) 

  
(e)  

 

 

Figure S.6: Grand Composite Curves for the production unit based on the TwoStage Electro-gasifier. (a) represents 
the case at very low electricity prices, (b) at low electricity prices, (c) at intermediate electricity prices, (d) at high 
electricity prices, (e) at very high electricity prices. 
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Table S.7: Gas composition in the main nodes of the plant based on the TwoStage Electro-gasifier. 
 H2  CO CO2  H2O N2 CH4 CH3OH C10H8 C2H6 
Very Low Price          
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
SOC inlet 0.154 0.037 0.159 0.609 ~0 0.020 ~0 0.002 0.019 
SOC outlet  0.521 0.166 0.071 0.242 ~0 ~0 ~0 ~0 ~0 
Char gasifier outlet 0.570 0.283 0.046 0.100 ~0 ~0 ~0 ~0 ~0 
AGR outlet 0.660 0.328 0.012 ~0 ~0 ~0 ~0 ~0 ~0 
MeOH reactor Inlet 0.641 0.320 0.029 ~0 0.005 0.002 0.003 ~0 ~0 
Flash Gas outlet 0.616 0.311 0.051 ~0 0.010 0.005 0.007 ~0 ~0 
Low Price          
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
SOC inlet 0.188 0.037 0.128 0.597 ~0 0.024 ~0 0.002 0.023 
SOC outlet  0.352 0.103 0.116 0.430 ~0 ~0 ~0 ~0 ~0 
Char gasifier outlet 0.458 0.227 0.099 0.216 ~0 ~0 ~0 ~0 ~0 
AGR outlet 0.660 0.328 0.012 ~0 ~0 ~0 ~0 ~0 ~0 
MeOH reactor Inlet 0.641 0.321 0.029 ~0 0.006 ~0 0.003 ~0 ~0 
Flash Gas outlet 0.617 0.312 0.051 ~0 0.013 ~0 0.007 ~0 ~0 
Intermediate Price          
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
SOC inlet 0.187 0.036 0.127 0.600 ~0 0.024 ~0 0.002 0.023 
SOC outlet  0.238 0.069 0.147 0.545 ~0 ~0 ~0 ~0 ~0 
Char gasifier outlet 0.375 0.186 0.138 0.301 ~0 ~0 ~0 ~0 ~0 
AGR outlet 0.660 0.328 0.012 ~0 ~0 ~0 ~0 ~0 ~0 
MeOH reactor Inlet 0.640 0.320 0.029 ~0 0.003 0.007 ~0 ~0 ~0 
Flash Gas outlet 0.616 0.311 0.051 ~0 0.007 0.016 ~0 ~0 ~0 
(Verya) High Price          
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
SOC inlet 0.179 0.032 0.122 0.620 ~0 0.023 ~0 0.002 0.022 
SOC outlet  0.230 0.063 0.143 0.563 ~0 ~0 ~0 ~0 ~0 
Char gasifier outlet 0.283 0.134 0.142 0.326 0.114 ~0 ~0 ~0 ~0 
AGR outlet 0.470 0.222 0.119 ~0 0.190 ~0 ~0 ~0 ~0 
MeOH reactor Inlet 0.373 0.186 0.152 ~0 0.285 ~0 0.004 ~0 ~0 
Flash Gas outlet 0.307 0.163 0.174 ~0 0.349 ~0 0.007 ~0 ~0 

a It applies at both high and very high electricity prices. 
 

 
Figure S.7: Ternary diagram for the operation of the SOC at 850 °C and 1.023 bar, in the production unit based on 
the TwoStage Electro-gasifier. Figure from FactSageTM 7.3. 
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2. TwoStage gasifier electrically heated 
2.1. Very low prices 

 
Figure S.8: Plant based on the TwoStage electrically heated gasifier operating at very low electricity prices. 

Table S.8: Thermodynamic data referring to Figure S.8.  
Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 

1 10.94 25 - 27 24.52 800 1.10 53 10.21 48 85.80 
2 5.58 190 - 28 19.98 800 1.10 54 0.32 40 79.90 
3 1.37 740 - 29 19.98 250 1.09 55 0.32 33 1.04 
4 0.06 940 - 30 19.98 250 1.08 56 15.59 25 1.01 
5 99.33 200 1.04 31 8.15 250 1.08 57 15.59 31 1.04 
6 104.68 120 1.01 32 8.15 344 1.87 58 15.59 550 1.03 
7 99.33 120 1.01 33 8.15 750 1.86 59 15.91 950 1.02 
8 99.33 129 1.05 34 11.82 250 1.08 60 15.91 109 1.01 
9 5.36 120 1.01 35 11.82 250 1.06 61 6.89 40 79.90 

10 5.36 120 1.01 36 14.54 250 1.06 62 6.89 42 8.10 
11 5.36 199 1.87 37 14.54 700 1.05 63 6.89 64 8.00 
12 5.36 750 1.86 38 11.39 750 1.02 64 6.62 128 8.00 
13 0.94 25 1.01 39 1.18 30 1.01 65 6.62 65 1.01 
14 0.94 25 3.64 40 10.21 30 1.01 66 0.03 95 1.01 
15 0.94 750 3.63 41 7.21 30 0.96 67 6.59 64 1.01 
16 14.45 750 1.86 42 7.21 231 4.33 68 4.90 25 1.01 
17 38.98 781 1.14 43 7.21 30 4.23 69 4.90 35 1.06 
18 2.93 750 1.14 44 7.21 231 19.05 70 4.90 700 1.05 
19 7.14 250 1.11 45 7.21 30 18.95 71 8.05 750 1.02 
20 7.14 250 1.10 46 7.21 233 85.80 72 8.05 352 1.01 
21 7.14 261 1.15 47 17.42 127 85.80 73 2.44 31 0.96 
22 7.14 750 1.14 48 17.42 230 85.00 74 2.44 50 1.07 
23 4.21 750 1.14 49 17.42 260 80.70 75 0.27 30 8.00 
24 43.19 779 1.14 50 17.42 40 79.90 76 2.72 47 1.07 
25 43.19 950 1.13 51 10.53 40 79.90 77 2.72 250 1.06 
26 44.50 800 1.10 52 10.21 40 79.90     
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2.2. Low prices 

 
Figure S.9: Plant based on the TwoStage electrically heated gasifier operating at low electricity prices. 

Table S.9: Thermodynamic data referring to Figure S.9. 
Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 

1 10.94 25 - 23 46.21 781 1.14 45 11.00 230 85.00 
2 5.58 190 - 24 46.21 950 1.13 46 11.00 260 80.70 
3 1.37 740 - 25 47.52 800 1.10 47 11.00 40 79.90 
4 0.06 940 - 26 28.11 800 1.10 48 6.16 40 79.90 
5 98.55 200 1.04 27 19.41 800 1.10 49 5.98 40 79.90 
6 103.91 119 1.01 28 19.41 250 1.09 50 5.98 48 85.80 
7 98.55 119 1.01 29 9.57 250 1.08 51 0.18 40 79.90 
8 98.55 129 1.05 30 9.84 250 1.08 52 0.18 34 1.04 
9 5.36 119 1.01 31 9.84 346 1.87 53 8.20 25 1.01 

10 4.05 119 1.01 32 9.84 750 1.86 54 8.20 31 1.04 
11 4.05 119 1.01 33 9.57 250 1.06 55 8.20 550 1.03 
12 4.05 198 1.87 34 9.57 700 1.05 56 8.39 950 1.02 
13 4.05 750 1.86 35 9.57 750 1.02 57 8.39 110 1.01 
14 1.31 119 1.01 36 1.43 30 1.01 58 4.83 40 79.90 
15 13.89 750 1.86 37 8.13 30 1.01 59 4.83 42 8.10 
16 42.00 783 1.14 38 5.02 30 0.96 60 4.83 64 8.00 
17 2.95 750 1.14 39 5.02 231 4.33 61 4.64 128 8.00 
18 7.16 250 1.11 40 5.02 30 4.23 62 4.64 65 1.01 
19 7.16 250 1.10 41 5.02 231 19.05 63 0.02 95 1.01 
20 7.16 261 1.15 42 5.02 30 18.95 64 4.62 64 1.01 
21 7.16 750 1.14 43 5.02 233 85.80 65 2.71 77 1.26 
22 4.21 750 1.14 44 11.00 136 85.80 66 0.19 30 8.00 
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2.3. Intermediate prices 

 
Figure S.10: Plant based on the TwoStage electrically heated gasifier operating at intermediate electricity prices. 

Table S.10: Thermodynamic data referring to Figure S.10 
Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 

1 10.94 25 - 26 19.59 800 1.10 51 0.15 40 79.90 
2 5.58 190 - 27 19.59 250 1.09 52 0.15 35 1.04 
3 1.37 740 - 28 19.59 250 1.08 53 6.31 25 1.01 
4 0.06 940 - 29 9.43 250 1.08 54 6.31 31 1.04 
5 98.55 200 1.04 30 10.16 250 1.08 55 6.31 550 1.03 
6 103.91 119 1.01 31 10.16 347 1.87 56 6.46 950 1.02 
7 98.55 119 1.01 32 10.16 750 1.86 57 6.46 111 1.01 
8 98.55 129 1.05 33 9.43 250 1.06 58 4.37 40 79.90 
9 3.91 119 1.01 34 9.43 700 1.05 59 4.37 42 8.10 

10 3.91 119 1.01 35 10.18 750 1.02 60 4.37 64 8.00 
11 3.91 198 1.87 36 1.87 30 1.01 61 4.19 128 8.00 
12 3.91 750 1.86 37 8.31 30 1.01 62 4.19 65 1.01 
13 1.45 119 1.01 38 4.52 30 0.96 63 0.01 95 1.01 
14 14.07 750 1.86 39 4.52 231 4.33 64 4.18 64 1.01 
15 42.24 783 1.14 40 4.52 30 4.23 65 5.55 25 1.01 
16 2.94 750 1.14 41 4.52 231 19.05 66 5.55 60 1.39 
17 7.16 250 1.11 42 4.52 30 18.95 67 5.55 627 1.38 
18 7.16 250 1.10 43 4.52 233 85.80 68 13.38 700 1.05 
19 7.16 261 1.15 44 9.41 140 85.80 69 12.62 750 1.02 
20 7.16 750 1.14 45 9.41 230 85.00 70 7.83 750 1.02 
21 4.21 750 1.14 46 9.41 260 80.70 71 4.80 750 1.02 
22 46.45 780 1.14 47 9.41 40 79.90 72 4.80 110 1.01 
23 46.45 950 1.13 48 5.05 40 79.90 73 3.40 77 1.26 
24 47.76 800 1.10 49 4.89 40 79.90 74 0.18 30 8.00 
25 28.17 800 1.10 50 4.89 48 85.80     
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2.4. Very high prices 

 
Figure S.11: Plant based on the TwoStage electrically heated gasifier operating at very high electricity prices. 

Table S.11: Thermodynamic data referring to Figure S.11. 
Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 

1 10.94 25 - 17 7.16 250 1.11 33 9.43 250 1.06 
2 5.58 190 - 18 7.16 250 1.10 34 9.43 675 1.05 
3 1.37 740 - 19 7.16 261 1.15 35 10.28 750 1.02 
4 0.06 940 - 20 7.16 750 1.14 36 1.94 30 1.01 
5 98.55 200 1.04 21 4.21 750 1.14 37 8.34 30 1.01 
6 103.91 119 1.01 22 46.46 776 1.14 38 8.34 107 2.02 
7 98.55 119 1.01 23 46.46 950 1.13 39 6.22 25 1.01 
8 98.55 129 1.05 24 47.76 800 1.10 40 6.22 60 1.39 
9 3.91 119 1.01 25 28.05 800 1.10 41 6.22 627 1.38 

10 3.91 119 1.01 26 19.72 800 1.10 42 14.99 700 1.05 
11 3.91 198 1.87 27 19.72 250 1.09 43 14.15 750 1.02 
12 3.91 700 1.86 28 19.72 250 1.08 44 8.77 750 1.02 
13 1.45 119 1.01 29 10.28 250 1.08 45 5.38 750 1.02 
14 14.19 736 1.86 30 10.28 347 1.87 46 5.38 110 1.01 
15 42.24 779 1.14 31 10.28 750 1.86  

   

16 2.94 750 1.14 32 9.43 250 1.08     
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(a) (b) 

  
(c) (e) 

  
Figure S.12: Grand Composite Curves for the production unit based on the TwoStage gasifier Electrically-heated. 
(a) represents the case at very low electricity prices, (b) at low electricity prices, (c) at intermediate electricity prices, 
(e) at very high electricity prices. 
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Table S.12: Gas composition in the main nodes of the plant based on the TwoStage gasifier electrically heated. 
 H2  CO CO2  H2O N2 CH4 CH3OH C10H8 C2H6 
Very Low Price          
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
Char gasifier outlet 0.407 0.159 0.125 0.294 ~0 0.015 ~0 ~0 ~0 
SOC inlet 0.375 0.146 0.192 0.270 ~0 0.016 ~0 ~0 ~0 
SOC outlet  0.531 0.263 0.079 0.120 ~0 0.007 ~0 ~0 ~0 
AGR outlet 0.655 0.324 0.012 ~0 ~0 0.009 ~0 ~0 ~0 
MeOH reactor Inlet 0.579 0.289 0.031 ~0 0.004 0.094 0.004 ~0 ~0 
Flash Gas outlet 0.514 0.258 0.047 ~0 0.007 0.167 0.007 ~0 ~0 
Low Price          
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
Char gasifier outlet 0.449 0.235 0.108 0.189 ~0 0.019 ~0 ~0 ~0 
SOC inlet 0.449 0.235 0.108 0.189 ~0 0.019 ~0 ~0 ~0 
SOC outlet  0.483 0.239 0.109 0.166 ~0 0.003 ~0 ~0 ~0 
AGR outlet 0.657 0.326 0.012 ~0 ~0 0.005 ~0 ~0 ~0 
MeOH reactor Inlet 0.604 0.303 0.030 ~0 0.005 0.053 0.004 ~0 ~0 
Flash Gas outlet 0.551 0.280 0.049 ~0 0.010 0.102 0.007 ~0 ~0 
Intermediate Price          
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
Char gasifier outlet 0.451 0.241 0.107 0.182 ~0 0.019 ~0 ~0 ~0 
SOC inlet 0.451 0.241 0.107 0.182 ~0 0.019 ~0 ~0 ~0 
SOC outlet  0.440 0.218 0.134 0.205 ~0 0.002 ~0 ~0 ~0 
AGR outlet 0.658 0.326 0.012 ~0 ~0 0.003 ~0 ~0 ~0 
MeOH reactor Inlet 0.575 0.290 0.050 ~0 0.012 0.066 0.007 ~0 ~0 
Flash Gas outlet 0.575 0.290 0.050 ~0 0.012 0.066 0.007 ~0 ~0 
Very High Price          
Pyrolysis Reactor Outlet 0.133 0.289 0.053 0.404 ~0 0.057 ~0 0.009 0.054 
Char gasifier outlet 0.451 0.241 0.107 0.182 ~0 0.019 ~0 ~0 ~0 
SOC inlet 0.451 0.241 0.107 0.182 ~0 0.019 ~0 ~0 ~0 
SOC outlet  0.434 0.215 0.138 0.211 ~0 0.002 ~0 ~0 ~0 

 

 
Figure S.13: Ternary diagram for the operation of the SOC at 750 °C and 1.023 bar, in the production unit based 
on the TwoStage gasifier electrically heated. Figure from FactSageTM 7.3. 
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3. Bubbling fluidized bed 
3.1.  Very low prices 

 
Figure S.14: Plant based on the bubbling fluidized bed gasifier operating at very low electricity prices. 
 
Table S.13: Thermodynamic data referring to Figure S.14. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 22 10.38 750 1.02 43 37.25 950 1.02 
2 5.58 190 - 23 1.08 30 1.01 44 37.25 103 1.01 
3 0.29 800 - 24 9.29 30 1.01 45 6.26 40 79.90 
4 99.33 200 1.04 25 6.55 30 0.96 46 6.26 42 8.10 
5 104.68 120 1.01 26 6.55 231 4.33 47 6.26 64 8.00 
6 99.33 120 1.01 27 6.55 30 4.23 48 6.01 128 8.00 
7 99.33 129 1.05 28 6.55 231 19.05 49 6.01 65 1.01 
8 5.36 120 1.01 29 6.55 30 18.95 50 0.02 95 1.01 
9 5.36 120 1.01 30 6.55 233 85.80 51 5.99 64 1.01 

10 5.36 176 1.27 31 15.87 127 85.80 52 4.40 25 1.01 
11 5.36 800 1.26 32 15.87 230 85.00 53 4.40 35 1.06 
12 0.08 25 1.01 33 15.87 260 80.70 54 4.40 700 1.05 
13 0.08 25 1.28 34 15.87 40 79.90 55 7.23 750 1.02 
14 0.08 800 1.27 35 9.60 40 79.90 56 7.23 352 1.01 
15 10.73 800 1.11 36 9.32 40 79.90 57 2.23 31 0.96 
16 10.73 800 1.10 37 9.32 48 85.80 58 2.23 50 1.07 
17 10.73 850 1.09 38 0.29 40 79.90 59 0.25 30 8.00 
18 10.73 250 1.08 39 0.29 33 1.04 60 2.48 47 1.07 
19 10.73 250 1.06 40 36.96 25 1.01 61 2.48 250 1.06 
20 13.21 250 1.06 41 36.96 31 1.04  

   

21 13.21 700 1.05 42 36.96 800 1.03     
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3.2.  Low prices 

 
Figure S.15: Plant based on the bubbling fluidized bed gasifier operating at low electricity prices. 
 
Table S.14: Thermodynamic data referring to Figure S.15. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 18 8.68 700 1.05 35 0.17 40 79.90 
2 5.58 190 - 19 8.68 750 1.02 36 0.17 34 1.04 
3 0.29 800 - 20 1.29 30 1.01 37 19.75 25 1.01 
4 99.33 200 1.04 21 7.39 30 1.01 38 19.75 31 1.04 
5 104.68 120 1.01 22 4.58 30 0.96 39 19.75 800 1.03 
6 99.33 120 1.01 23 4.58 231 4.33 40 19.92 950 1.02 
7 99.33 129 1.05 24 4.58 30 4.23 41 19.92 103 1.01 
8 3.39 120 1.01 25 4.58 231 19.05 42 4.41 40 79.90 
9 3.39 120 1.01 26 4.58 30 18.95 43 4.41 42 8.10 

10 3.39 176 1.27 27 4.58 233 85.80 44 4.41 64 8.00 
11 3.39 800 1.26 28 10.07 135 85.80 45 4.23 128 8.00 
12 1.97 120 1.01 29 10.07 230 85.00 46 4.23 65 1.01 
13 8.68 800 1.11 30 10.07 260 80.70 47 0.01 95 1.01 
14 8.68 800 1.10 31 10.07 40 79.90 48 4.22 64 1.01 
15 8.68 850 1.09 32 5.66 40 79.90 49 2.44 50 1.07 
16 8.68 250 1.08 33 5.49 40 79.90 50 0.18 30 8.00 
17 8.68 250 1.06 34 5.49 48 85.80     
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3.3.  Intermediate prices 

 
Figure S.16: Plant based on the bubbling fluidized bed gasifier operating at intermediate electricity prices. 
 
Table S.15: Thermodynamic data referring to Figure S.16. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 20 1.84 30 1.01 39 13.88 800 1.03 
2 5.58 190 - 21 7.61 30 1.01 40 14.01 950 1.02 
3 0.29 800 - 22 3.95 30 0.96 41 14.01 104 1.01 
4 99.32 200 1.04 23 3.95 231 4.33 42 3.82 40 79.90 
5 104.68 120 1.01 24 3.95 30 4.23 43 3.82 42 8.10 
6 99.32 120 1.01 25 3.95 231 19.05 44 3.82 64 8.00 
7 99.32 129 1.05 26 3.95 30 18.95 45 3.67 128 8.00 
8 3.22 120 1.01 27 3.95 233 85.80 46 3.67 65 1.01 
9 3.22 120 1.01 28 8.15 141 85.80 47 0.01 95 1.01 

10 3.22 176 1.27 29 8.15 230 85.00 48 3.66 64 1.01 
11 3.22 800 1.26 30 8.15 260 80.70 49 6.96 25 1.01 
12 2.14 120 1.01 31 8.15 40 79.90 50 6.96 60 1.39 
13 8.50 800 1.11 32 4.33 40 79.90 51 6.96 627 1.38 
14 8.50 800 1.10 33 4.20 40 79.90 52 16.78 700 1.05 
15 8.50 850 1.09 34 4.20 48 85.80 53 15.83 750 1.02 
16 8.50 250 1.08 35 0.13 40 79.90 54 9.82 750 1.02 
17 8.50 250 1.06 36 0.13 35 1.04 55 6.02 750 1.02 
18 8.50 250 1.06 37 13.88 25 1.01 56 6.02 110 1.01 
19 9.45 750 1.02 38 13.88 31 1.04 57 3.31 50 1.07 
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3.4.  High prices 

 
Figure S.17: Plant based on the bubbling fluidized bed gasifier operating at high electricity prices. 
 
Table S. 16: Thermodynamic data referring to Figure S.17. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 21 8.81 750 1.02 41 3.26 130 8.00 
2 5.58 190 - 22 2.02 30 1.01 42 3.26 66 1.01 
3 4.88 190 - 23 6.79 30 1.01 43 0.14 95 1.01 
4 0.70 190 - 24 4.57 30 0.96 44 3.12 64 1.01 
5 0.26 800 - 25 4.57 223 4.33 45 6.36 25 1.01 
6 99.33 200 1.04 26 4.57 30 4.23 46 6.36 60 1.39 
7 104.69 120 1.01 27 4.57 223 19.05 47 6.36 627 1.38 
8 99.33 120 1.01 28 4.57 30 18.95 48 15.34 700 1.05 
9 99.33 129 1.05 29 4.57 225 85.80 49 14.47 750 1.02 

10 3.32 120 1.01 30 17.78 104 85.80 50 8.97 750 1.02 
11 3.32 120 1.01 31 17.78 230 85.00 51 5.50 750 1.02 
12 3.32 176 1.27 32 17.78 260 80.70 52 5.50 110 1.01 
13 3.32 800 1.26 33 17.78 40 79.90 53 13.04 25 1.01 
14 2.04 120 1.01 34 13.61 40 79.90 54 13.04 33 1.05 
15 7.95 800 1.11 35 13.21 40 79.90 55 13.04 850 1.04 
16 7.95 800 1.10 36 13.21 47 85.80 56 13.96 900 1.04 
17 7.95 850 1.09 37 0.41 40 79.90 57 13.96 182 1.02 
18 7.95 250 1.08 38 4.16 40 79.90 58 1.91 48 1.07 
19 7.95 250 1.06 39 4.16 29 8.10 59 0.91 30 8.00 
20 7.95 700 1.05 40 4.16 64 8.00     
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3.5.  Very high prices 

 
Figure S.18: Plant based on the bubbling fluidized bed gasifier operating at very high electricity prices. 
 
Table S.17: Thermodynamic data referring to Figure S.18.  

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 14 2.04 120 1.01 27 6.36 627 1.38 
2 5.58 190 - 15 7.95 800 1.11 28 15.32 700 1.05 
3 4.88 190 - 16 7.95 800 1.10 29 14.46 750 1.02 
4 0.70 190 - 17 7.95 850 1.09 30 8.96 750 1.02 
5 0.26 800 - 18 7.95 250 1.08 31 5.49 750 1.02 
6 99.33 200 1.04 19 7.95 250 1.06 32 5.49 110 1.01 
7 104.68 120 1.01 20 7.95 700 1.05 33 13.16 25 1.01 
8 99.33 120 1.01 21 8.81 750 1.02 34 13.16 33 1.05 
9 99.33 129 1.05 22 2.02 30 1.01 35 13.16 843 1.04 

10 3.32 120 1.01 23 6.48 30 1.01 36 14.08 950 1.04 
11 3.32 120 1.01 24 6.48 109 2.02 37 14.08 180 1.02 
12 3.32 176 1.27 25 6.36 25 1.01  

   

13 3.32 800 1.26 26 6.36 60 1.39     
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(a) (b) 

  
(c) (d) 

  
(e)  

 

 

Figure S.19: Grand Composite Curves for the production unit based on the bubbling fluidized bed with heat pipes. 
(a) represents the case at very low electricity prices, (b) at low electricity prices, (c) at intermediate electricity prices, 
(d) at high electricity prices, (e) at very high electricity prices.  
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Table S.18: Gas composition in the main nodes of the plant based on the bubbling fluidized bed with heat pipes. 
 H2  CO CO2  H2O N2 CH4 CH3OH Tars 
Very low price         
Bubbling fluidized bed outlet 0.218 0.268 0.002 0.469 ~0 0.042 ~0 ~0 
Tar reformer outlet 0.375 0.156 0.122 0.318 ~0 0.029 ~0 ~0 
SOC inlet 0.345 0.144 0.191 0.291 ~0 0.028 ~0 ~0 
SOC outlet  0.530 0.263 0.079 0.121 ~0 0.007 ~0 ~0 
AGR outlet 0.655 0.324 0.012 ~0 ~0 0.008 ~0 ~0 
MeOH reactor Inlet 0.578 0.290 0.031 ~0 0.004 0.093 0.004 ~0 
Flash Gas outlet 0.512 0.260 0.047 ~0 0.007 0.166 0.007 ~0 
Low price         
Bubbling fluidized bed outlet 0.267 0.327 0.003 0.350 ~0 0.052 ~0 ~0 
SOC inlet 0.415 0.230 0.108 0.211 ~0 0.035 ~0 ~0 
SOC outlet  0.485 0.240 0.107 0.164 ~0 0.004 ~0 ~0 
AGR outlet 0.657 0.326 0.012 ~0 ~0 0.005 ~0 ~0 
MeOH reactor Inlet 0.604 0.302 0.030 ~0 0.006 0.054 0.004 ~0 
Flash Gas outlet 0.551 0.278 0.049 ~0 0.011 0.104 0.007 ~0 
Intermediate price         
Bubbling fluidized bed outlet 0.272 0.334 0.003 0.338 ~0 0.053 ~0 ~0 
SOC inlet 0.419 0.238 0.106 0.201 ~0 0.036 ~0 ~0 
SOC outlet  0.425 0.211 0.143 0.219 ~0 0.002 ~0 ~0 
AGR outlet 0.658 0.327 0.012 ~0 ~0 0.002 ~0 ~0 
MeOH reactor Inlet 0.621 0.310 0.030 ~0 0.007 0.028 0.003 ~0 
Flash Gas outlet 0.580 0.292 0.050 ~0 0.014 0.056 0.007 ~0 
(Verya) High price         
Bubbling fluidized bed outlet 0.255 0.313 0.003 0.378 ~0 0.050 ~0 ~0 
SOC inlet 0.407 0.211 0.113 0.235 ~0 0.034 ~0 ~0 
SOC outlet  0.412 0.185 0.150 0.251 ~0 0.001 ~0 ~0 
AGR outlet 0.621 0.279 0.098 ~0 ~0 0.002 ~0 ~0 
MeOH reactor Inlet 0.487 0.244 0.244 ~0 0.005 0.015 0.005 ~0 
Flash Gas outlet 0.410 0.224 0.328 ~0 0.007 0.023 0.008 ~0 

a It applies at both high and very high electricity prices. 
 

 
Figure S.20: Ternary diagram for the operation of the SOC at 750 °C and 1.023 bar, in the production unit based 
on the bubbling fluidized bed. Figure from FactSageTM 7.3. 

  

0.10.20.30.40.50.60.70.80.9

C

H O

Carbon formation region

SOFC
SOEC

174



4. Entrained flow gasifier without fuel pre-treatment 
4.1.  Very low price 

 
Figure S.21: Plant based on the entrained flow gasifier operating at very low electricity prices. 
 
Table S.19: Thermodynamic data referring to Figure S.21. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 23 13.72 91 85.80 45 6.76 64 1.01 
2 5.58 190 - 24 13.72 230 85.00 46 0.26 30 8.00 
3 5.58 190 - 25 13.72 260 80.70 47 0.26 190 39.65 
4 99.33 200 1.04 26 13.72 40 79.90 48 0.26 30 39.55 
5 104.68 120 1.01 27 6.68 40 79.90 49 1.23 37 40.00 
6 99.33 120 1.01 28 6.48 40 79.90 50 7.90 25 1.01 
7 99.33 129 1.05 29 6.47 48 85.80 51 7.90 26 43.70 
8 5.36 120 1.01 30 0.20 40 79.90 52 7.90 812 43.60 
9 9.40 1400 39.00 31 0.20 39 38.65 53 8.20 800 43.60 

10 10.02 1100 38.90 32 2.87 25 1.01 54 5.75 800 43.57 
11 13.35 900 38.90 33 2.87 293 6.94 55 3.10 800 43.57 
12 13.35 250 38.80 34 2.87 70 6.93 56 2.65 800 43.57 
13 13.35 250 38.75 35 2.87 334 38.65 57 2.45 800 43.57 
14 3.32 250 38.75 36 3.07 1300 38.55 58 2.45 250 43.47 
15 3.32 251 38.90 37 3.07 523 1.11 59 0.30 250 43.47 
16 10.02 250 38.75 38 3.07 30 1.01 60 0.30 252 43.70 
17 10.02 250 38.55 39 7.05 40 79.90 61 0.30 698 43.60 
18 1.91 30 38.45 40 7.05 43 8.10 62 2.15 250 43.47 
19 8.12 30 38.45 41 7.05 64 8.00 63 1.41 30 43.37 
20 7.14 30 37.95 42 6.78 128 8.00 64 0.73 30 43.37 
21 7.25 30 37.95 43 6.78 65 1.01 65 0.11 30 43.37 
22 7.25 130 85.80 44 0.02 95 1.01 66 0.62 627 43.27 
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4.2.  Low price 

 
Figure S.22: Plant based on the entrained flow gasifier operating at low electricity prices.  
 
Table S.20: Thermodynamic data referring to Figure S.22. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 19 0.77 30 38.45 37 1.38 523 1.11 
2 5.58 190 - 20 9.65 30 38.45 38 1.38 30 1.01 
3 5.58 190 - 21 3.23 30 37.95 39 3.13 40 79.90 
4 99.33 200 1.04 22 3.23 130 85.80 40 3.13 43 8.10 
5 104.68 120 1.01 23 6.25 91 85.80 41 3.13 64 8.00 
6 99.33 120 1.01 24 6.25 230 85.00 42 3.01 128 8.00 
7 99.33 129 1.05 25 6.25 260 80.70 43 3.01 65 1.01 
8 5.36 120 1.01 26 6.25 40 79.90 44 0.01 95 1.01 
9 9.40 1400 39.00 27 3.11 40 79.90 45 3.00 64 1.01 

10 17.45 900 39.00 28 3.02 40 79.90 46 1.23 36 40.00 
11 17.45 250 38.85 29 3.02 48 85.80 47 5.18 36 40.00 
12 17.45 250 38.90 30 0.09 40 79.90 48 0.13 30 8.00 
13 8.05 250 38.85 31 0.09 39 38.65 49 2.65 25 40.10 
14 8.05 251 39.00 32 1.29 25 1.01 50 2.65 800 40.00 
15 9.40 250 38.85 33 1.29 293 6.94 51 1.02 25 1.01 
16 9.40 250 38.65 34 1.29 70 6.93 52 1.02 26 43.70 
17 10.42 248 38.65 35 1.29 334 38.65 53 1.02 260 43.60 
18 10.42 462 38.55 36 1.38 1300 38.55     
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4.3.  Intermediate price 

 
Figure S.23: Plant based on the entrained flow gasifier operating at intermediate electricity prices. 
  
Table S.21: Thermodynamic data referring to Figure S.23. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 20 7.81 462 38.55 39 17.11 1300 38.55 
2 5.58 190 - 21 0.58 30 38.45 40 17.11 538 1.11 
3 5.58 190 - 22 7.23 30 38.45 41 17.11 30 1.01 
4 99.33 200 1.04 23 2.42 30 37.95 42 2.35 40 79.90 
5 104.68 120 1.01 24 2.42 130 85.80 43 2.35 43 8.10 
6 99.33 120 1.01 25 4.69 91 85.80 44 2.35 64 8.00 
7 99.33 129 1.05 26 4.69 230 85.00 45 2.26 128 8.00 
8 5.36 120 1.01 27 4.69 260 80.70 46 2.26 65 1.01 
9 9.40 1400 39.00 28 4.69 40 79.90 47 0.01 95 1.01 

10 17.45 900 39.00 29 2.34 40 79.90 48 2.25 64 1.01 
11 17.45 250 38.90 30 2.27 40 79.90 49 1.23 37 40.00 
12 17.45 250 38.85 31 2.27 48 85.80 50 3.58 37 40.00 
13 8.05 250 38.85 32 0.07 40 79.90 51 0.09 30 8.00 
14 8.05 251 39.00 33 0.07 39 38.65 52 2.65 25 40.10 
15 9.40 250 38.85 34 2.42 239 38.65 53 2.65 800 40.00 
16 9.40 250 38.65 35 14.69 25 1.01 54 0.76 25 1.01 
17 2.35 250 38.65 36 14.69 293 6.94 55 0.76 26 43.70 
18 7.05 250 38.65 37 14.69 70 6.93 56 0.76 260 43.60 
19 7.81 248 38.65 38 14.69 334 38.65     
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4.4.  High price 

 
Figure S.24: Plant based on the entrained flow gasifier operating at high electricity prices. 
 
Table S.22: Thermodynamic data referring to Figure S.24.  

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 20 5.21 462 38.55 39 32.83 1300 38.55 
2 5.58 190 - 21 0.39 30 38.45 40 32.83 539 1.11 
3 5.58 190 - 22 4.82 30 38.45 41 32.83 30 1.01 
4 99.33 200 1.04 23 1.61 30 37.95 42 1.57 40 79.90 
5 104.68 120 1.01 24 1.61 130 85.80 43 1.57 43 8.10 
6 99.33 120 1.01 25 3.13 91 85.80 44 1.57 64 8.00 
7 99.33 129 1.05 26 3.13 230 85.00 45 1.50 128 8.00 
8 5.36 120 1.01 27 3.13 260 80.70 46 1.50 65 1.01 
9 9.40 1400 39.00 28 3.13 40 79.90 47 0.00 95 1.01 

10 17.45 900 39.00 29 1.56 40 79.90 48 1.50 64 1.01 
11 17.45 250 38.90 30 1.51 40 79.90 49 1.23 37 40.00 
12 17.45 250 38.85 31 1.51 48 85.80 50 1.97 37 40.00 
13 8.05 250 38.85 32 0.05 40 79.90 51 0.06 30 8.00 
14 8.05 251 39.00 33 0.05 39 38.65 52 2.65 25 40.10 
15 9.40 250 38.85 34 4.75 245 38.65 53 2.65 800 40.00 
16 9.40 250 38.65 35 28.08 25 1.01 54 0.51 25 1.01 
17 4.70 250 38.65 36 28.08 293 6.94 55 0.51 26 43.70 
18 4.70 250 38.65 37 28.08 70 6.93 56 0.51 260 43.60 
19 5.21 248 38.65 38 28.08 334 38.65     
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4.5.  Very high price 

 
Figure S.25: Plant based on the entrained flow gasifier operating at very high electricity prices. 
 
Table S.23: Thermodynamic data referring to Figure S.25. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 10 17.45 900 39.00 19 54.87 70 6.93 
2 5.58 190 - 11 17.45 250 38.90 20 54.87 334 38.65 
3 5.58 190 - 12 17.45 250 38.85 21 64.28 1300 38.55 
4 99.33 200 1.04 13 8.05 250 38.85 22 64.28 540 1.11 
5 104.68 120 1.01 14 8.05 251 39.00 23 64.28 30 1.01 
6 99.33 120 1.01 15 9.40 250 38.85 24 1.23 37 40.00 
7 99.33 129 1.05 16 9.40 250 38.65 25 2.65 25 40.10 
8 5.36 120 1.01 17 54.87 25 1.01 26 2.65 800 40.00 
9 9.40 1400 39.00 18 54.87 293 6.94     
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(a) (b) 

  
(c) (d) 

  
(e)  

 

 

Figure S.26: Grand Composite Curves for the production unit based on the entrained flow gasifier without fuel pre-
treatment. (a) represents the case at very low electricity prices, (b) at low electricity prices, (c) at intermediate 
electricity prices, (d) at high electricity prices, (e) at very high electricity prices. 
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Table S.24: Gas composition in the main nodes of the plant based on the entrained flow gasifier without fuel pre-
treatment. 

 H2  CO CO2  H2O N2 CH4 CH3OH C10H8 C2H6 
Very low price          
EFG outlet 0.225 0.454 0.122 0.198 ~0 ~0 ~0 ~0 ~0 
SOEC inlet 0.101 ~0 ~0 0.899 ~0 ~0 ~0 ~0 ~0 
SOEC outlet 0.101 ~0 ~0 0.899 ~0 ~0 ~0 ~0 ~0 
Hydrogen quench outlet 0.519 0.294 0.041 0.146 ~0 ~0 ~0 ~0 ~0 
AGR outlet 0.630 0.358 0.012 ~0 ~0 ~0 ~0 ~0 ~0 
Hydrogen mixer outlet 0.660 0.328 0.011 ~0 ~0 ~0 ~0 ~0 ~0 
MeOH reactor inlet 0.642 0.323 0.027 ~0 0.005 ~0 0.003 ~0 ~0 
Flash Gas outlet 0.620 0.316 0.047 ~0 0.010 ~0 0.007 ~0 ~0 
Other modes          
EFG outlet 0.225 0.454 0.122 0.198 ~0 ~0 ~0 ~0 ~0 
WGS outlet 0.401 0.199 0.310 0.090 ~0 ~0 ~0 ~0 ~0 
AGR outlet 0.660 0.328 0.012 ~0 ~0 ~0 ~0 ~0 ~0 
MeOH reactor inlet 0.639 0.319 0.029 ~0 0.009 ~0 0.003 ~0 ~0 
Flash Gas outlet 0.613 0.309 0.051 ~0 0.020 ~0 0.007 ~0 ~0 
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5. Entrained flow gasifier with pyrolysis 
5.1.  Very low price 

 
Figure S.27: Plant based on the entrained flow gasifier with pyrolysis operating at very low electricity prices 
 
Table S.25: Thermodynamic data referring to Figure S.27. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 25 1.44 30 38.45 49 6.82 65 1.01 
2 5.58 190 - 26 7.81 30 38.45 50 0.02 95 1.01 
3 1.37 740 - 27 7.31 30 37.95 51 6.80 64 1.01 
4 1.37 300 - 28 7.31 130 85.80 52 0.28 30 8.00 
5 99.22 200 1.04 29 13.91 91 85.80 53 0.28 189 39.65 
6 104.58 120 1.01 30 13.91 230 85.00 54 0.28 30 39.55 
7 99.22 120 1.01 31 13.91 260 80.70 55 0.77 37 40.00 
8 99.22 129 1.05 32 13.91 40 79.90 56 7.39 25 1.01 
9 5.36 120 1.01 33 6.81 40 79.90 57 7.39 26 43.70 

10 5.36 30 1.00 34 6.60 40 79.90 58 7.39 811 43.60 
11 5.77 750 41.00 35 6.60 48 85.80 59 7.67 800 43.60 
12 9.99 400 40.00 36 0.20 40 79.90 60 5.38 800 43.57 
13 9.99 402 39.95 37 0.20 39 38.65 61 3.12 800 43.57 
14 9.99 411 41.10 38 2.90 25 1.01 62 2.26 800 43.57 
15 4.21 750 41.00 39 2.90 293 6.94 63 2.29 800 43.57 
16 8.57 1400 39.00 40 2.90 70 6.93 64 2.29 250 43.47 
17 9.25 1100 38.90 41 2.90 334 38.65 65 0.28 250 43.47 
18 12.30 900 38.90 42 3.11 1300 38.55 66 0.28 252 43.70 
19 12.30 250 38.80 43 3.11 523 1.11 67 0.28 698 43.60 
20 12.30 250 38.75 44 3.11 30 1.01 68 2.01 700 43.27 
21 3.05 250 38.75 45 7.10 40 79.90 69 1.32 30 43.27 
22 3.05 251 38.90 46 7.10 43 8.10 70 0.68 30 43.27 
23 9.25 250 38.75 47 7.10 64 8.00 71 0.68 682 43.27 
24 9.25 250 38.55 48 6.82 128 8.00     
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5.2.  Low price 

 
Figure S.28: Plant based on the entrained flow gasifier with pyrolysis operating at low electricity prices. 
 
Table S.26: Thermodynamic data referring to Figure S.28. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 21 7.29 251 38.90 41 1.42 70 6.93 
2 5.58 190 - 22 8.57 250 38.75 42 1.42 334 38.65 
3 1.37 740 - 23 8.57 250 38.55 43 1.52 1300 38.55 
4 1.37 300 - 24 9.82 247 38.55 44 1.52 523 1.11 
5 99.33 200 1.04 25 9.82 463 38.45 45 1.52 30 1.01 
6 104.68 120 1.01 26 0.68 30 38.35 46 3.43 40 79.90 
7 99.33 120 1.01 27 9.14 30 38.35 47 3.43 43 8.10 
8 99.33 129 1.05 28 3.53 30 37.85 48 3.43 64 8.00 
9 5.36 120 1.01 29 3.53 130 85.80 49 3.29 128 8.00 

10 5.36 30 1.00 30 6.81 91 85.80 50 3.29 65 1.01 
11 5.77 750 41.00 31 6.81 230 85.00 51 0.01 95 1.01 
12 9.99 400 40.00 32 6.81 260 80.70 52 3.28 64 1.01 
13 9.99 401 39.95 33 6.81 40 79.90 53 0.77 37 40.00 
14 9.99 411 41.10 34 3.38 40 79.90 54 4.82 37 40.00 
15 4.21 750 41.00 35 3.28 40 79.90 55 0.14 30 8.00 
16 8.57 1400 39.00 36 3.28 48 85.80 56 2.26 25 40.10 
17 15.85 900 38.90 37 0.10 40 79.90 57 2.26 800 40.00 
18 15.85 250 38.80 38 0.10 39 38.65 58 1.25 25 1.01 
19 15.85 250 38.75 39 1.42 25 1.01 59 1.25 26 43.70 
20 7.29 250 38.75 40 1.42 293 6.94 60 1.25 260 43.60 
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5.3.  Intermediate price 

 
Figure S.29: Plant based on the entrained flow gasifier with pyrolysis operating at intermediate electricity prices. 
 
Table S.27: Thermodynamic data referring to Figure S.29. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 22 8.57 250 38.75 43 16.55 293 6.94 
2 5.58 190 - 23 8.57 250 38.55 44 16.55 70 6.93 
3 1.37 740 - 24 7.36 247 38.55 45 16.55 334 38.65 
4 1.37 300 - 25 2.14 248 38.55 46 18.77 1300 38.45 
5 99.33 200 1.04 26 6.43 248 38.55 47 18.77 534 1.11 
6 104.68 120 1.01 27 7.36 463 38.45 48 18.77 30 1.01 
7 99.33 120 1.01 28 0.51 30 38.35 49 2.57 40 79.90 
8 99.33 129 1.05 29 6.85 30 38.35 50 2.57 43 8.10 
9 5.36 120 1.01 30 2.65 30 37.85 51 2.57 64 8.00 

10 5.36 30 1.00 31 2.65 130 85.80 52 2.47 128 8.00 
11 5.77 750 41.00 32 5.12 91 85.80 53 2.47 65 1.01 
12 9.99 400 40.00 33 5.12 230 85.00 54 0.01 95 1.01 
13 9.99 401 39.95 34 5.12 260 80.70 55 2.46 64 1.01 
14 9.99 411 41.10 35 5.12 40 79.90 56 0.77 37 40.00 
15 4.21 750 41.00 36 2.55 40 79.90 57 3.42 37 40.00 
16 8.57 1400 39.00 37 2.47 40 79.90 58 0.10 30 8.00 
17 15.85 900 38.90 38 2.47 48 85.80 59 2.26 25 40.10 
18 15.85 250 38.80 39 0.08 40 79.90 60 2.26 800 40.00 
19 15.85 250 38.75 40 0.08 39 38.65 61 0.94 25 1.01 
20 7.29 250 38.75 41 2.22 237 38.55 62 0.94 26 43.70 
21 7.29 251 38.90 42 16.55 25 1.01 63 0.94 260 43.60 
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5.4.  High price 

 
Figure S.30: Plant based on the entrained flow gasifier with pyrolysis operating at high electricity prices. 
 
Table S.28: Thermodynamic data referring to Figure S.30. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 22 8.57 250 38.75 43 31.68 293 6.94 
2 5.58 190 - 23 8.57 250 38.55 44 31.68 70 6.93 
3 1.37 740 - 24 4.91 247 38.55 45 31.68 334 38.65 
4 1.37 300 - 25 4.28 248 38.55 46 36.01 1300 38.45 
5 99.33 200 1.04 26 4.28 248 38.55 47 36.01 534 1.11 
6 104.68 120 1.01 27 4.91 463 38.45 48 36.01 30 1.01 
7 99.33 120 1.01 28 0.34 30 38.35 49 1.71 40 79.90 
8 99.33 129 1.05 29 4.57 30 38.35 50 1.71 43 8.10 
9 5.36 120 1.01 30 1.76 30 37.85 51 1.71 64 8.00 

10 5.36 30 1.00 31 1.76 130 85.80 52 1.64 128 8.00 
11 5.77 750 41.00 32 3.41 91 85.80 53 1.64 65 1.01 
12 9.99 400 40.00 33 3.41 230 85.00 54 0.00 95 1.01 
13 9.99 401 39.95 34 3.41 260 80.70 55 1.64 64 1.01 
14 9.99 411 41.10 35 3.41 40 79.90 56 0.77 37 40.00 
15 4.21 750 41.00 36 1.70 40 79.90 57 2.02 37 40.00 
16 8.57 1400 39.00 37 1.64 40 79.90 58 0.07 30 8.00 
17 15.85 900 38.90 38 1.64 48 85.80 59 2.26 25 40.10 
18 15.85 250 38.80 39 0.05 40 79.90 60 2.26 800 40.00 
19 15.85 250 38.75 40 0.05 39 38.65 61 0.63 25 1.01 
20 7.29 250 38.75 41 4.33 244 38.55 62 0.63 26 43.70 
21 7.29 251 38.90 42 31.68 25 1.01 63 0.63 260 43.60 
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5.5.  Very high price 

 
Figure S.31: Plant based on the entrained flow gasifier with pyrolysis operating at very high electricity prices. 
 
Table S.29: Thermodynamic data referring to Figure S.31. 

Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 
1 10.94 25 - 12 9.99 400 40.00 23 8.57 250 38.55 
2 5.58 190 - 13 9.99 401 39.95 24 61.94 25 1.01 
3 1.37 740 - 14 9.99 411 41.10 25 61.94 293 6.94 
4 1.37 300 - 15 4.21 750 41.00 26 61.94 70 6.93 
5 99.33 200 1.04 16 8.57 1400 39.00 27 61.94 334 38.65 
6 104.68 120 1.01 17 15.85 900 38.90 28 70.50 1300 38.45 
7 99.33 120 1.01 18 15.85 250 38.80 29 70.50 535 1.11 
8 99.33 129 1.05 19 15.85 250 38.75 30 70.50 30 1.01 
9 5.36 120 1.01 20 7.29 250 38.75 31 0.77 37 40.00 

10 5.36 30 1.00 21 7.29 251 38.90 32 2.26 25 40.10 
11 5.77 750 41.00 22 8.57 250 38.75 33 2.26 800 40.00 
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(a) (b) 

  
(c) (d) 

  
(e)  

 

 

Figure S.32: Grand Composite Curves for the production unit based on the entrained flow gasifier with pyrolysis. 
(a) represents the case at very low electricity prices, (b) at low electricity prices, (c) at intermediate electricity prices, 
(d) at high electricity prices, (e) at very high electricity prices.  
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Table S.30: Gas composition in the main nodes of the plant based on the entrained flow gasifier with pyrolysis. 
 H2  CO CO2  H2O N2 CH4 CH3OH C10H8 C2H6 
Very low price          
Pyrolysis reactor outlet 0.141 0.292 0.051 0.398 ~0 0.058 ~0 0.009 0.051 
EFG outlet 0.276 0.483 0.084 0.157 ~0 ~0 ~0 ~0 ~0 
SOEC inlet 0.100 ~0 ~0 0.900 ~0 ~0 ~0 ~0 ~0 
SOEC outlet 0.820 ~0 ~0 0.180 ~0 ~0 ~0 ~0 ~0 
Hydrogen quench outlet 0.579 0.287 0.026 0.107 ~0 ~0 ~0 ~0 ~0 
AGR outlet 0.660 0.328 0.012 ~0 ~0 ~0 ~0 ~0 ~0 
MeOH reactor inlet 0.642 0.320 0.029 ~0 0.004 ~0 0.003 ~0 ~0 
Flash Gas outlet 0.619 0.311 0.051 ~0 0.010 0.002 0.007 ~0 ~0 
Other modes          
Pyrolysis reactor outlet 0.141 0.292 0.051 0.398 ~0 0.058 ~0 0.009 0.051 
EFG outlet 0.276 0.483 0.084 0.157 ~0 ~0 ~0 ~0 ~0 
WGS outlet 0.435 0.216 0.270 0.079 ~0 ~0 ~0 ~0 ~0 
AGR outlet 0.660 0.327 0.012 ~0 ~0 ~0 ~0 ~0 ~0 
MeOH reactor inlet 0.640 0.319 0.029 ~0 0.008 ~0 0.003 ~0 ~0 
Flash Gas outlet 0.615 0.307 0.051 ~0 0.018 0.002 0.007 ~0 ~0 
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a b s t r a c t

The phase-out of fossil fuels in the heavy transportation sector will require energy-dense biofuels like
methanol, and will likely require that a wide range of biomasses are utilized. In this framework, gasi-
fication of straw and subsequent upgrading to methanol represents a potentially advantageous con-
version route. In this study, the established low-temperature circulating fluid bed (LTCFB) gasifier is
coupled to a partial oxidation (POX) and char bed reactor, which enables a relatively robust and effective
conversion of tars - making the product gas suitable for methanol synthesis. Five scenarios producing
methanol via traditional air-separation units and electrolysis were thermodynamically modeled and
analyzed in Aspen Plus. The analysis showed state-of-the-art biomass-to-methanol energy efficiencies up
to 54e56% and overall carbon conversions above 57%. A parametric analysis on the POX temperature
revealed the potential to increase efficiency and the carbon conversion up to 58% and 68%, respectively.
The proposed systems outperform alternative systems framed on straw gasification, and exceed in terms
of efficiency and overall carbon conversion other solutions based on wood-gasification.

© 2020 Elsevier Ltd. All rights reserved.

1. Introduction

It is necessary to convert the current energy infrastructure in
order to minimize the effect of global warming and secure long-
term sustainability. While the electricity and heating sectors are
being transformed by increasingly competitive wind, solar and heat
pump technologies [1], the transport sector represents a major
challenge [2]. This is especially true for the heavy transport (trucks,
planes, ships etc.) that likely will require biomass-based fuels such
as methanol. Methanol has gained increasing interest in the last
decade as a viable fuel due to its combustion properties, energy
density, flexible production pathways and existing global infra-
structure. Especially methanol from thermal gasification is of in-
terest, as it represents the most energy efficient and flexible
production pathway e features that are essential characteristics
when utilizing a heterogeneous and limited biomass resource. One

of the key resources globally available is straw from agricultural
operations. And while this resource is applied to some extent in the
current energy system, it is typically regarded as a highly prob-
lematic and notoriously difficult resource in combustion and gasi-
fication systems due to its ash characteristics [3]. Systems such as
the Low-temperature circulating fluid bed (LTCFB) gasifier are
however able to convert straw effectively e see Section 1.1 for de-
tails on the system.

While there are several studies on methanol production based
on wood gasification and electrolysis (e.g. Ref. [4e10]), and a lot of
laboratory investigations on straw conversion [11e14],1 only a few
studies have been found that deals with straw-to-methanol sys-
tems in a system perspective e and even fewer featuring its inte-
gration with electrolysis. Zhang et al. [15] and Xiao et al. [16] both
studied the potential of the same rice straw gasification-to-
methanol concept in 2009 using thermodynamic modeling e

* Corresponding author.
E-mail address: giabut@mek.dtu.dk (G. Butera).

1 Stoholm et al. proposed the concept [11] and presented results from several
experimental campaigns on Danish wheat straw [11e14] and manure [14].
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while a system concept was presented based on allothermal gasi-
fication, no specifically designed experimental system was pre-
sented. These studies investigated a coupled fluid bed system
featuring steam gasification in one reactor and a combustion
chamber in another with catalytic bedmaterial circulating between
them. Xiao et al. reported a cold gas efficiency of 69.5% and a
biomass-to-methanol efficiency of 42.7% for the system. Haro et al.
[17] made a modeling study in 2013 within the bioliq® concept,
which features decentralized pyrolysis and subsequent entrained
flow gasification of the oil and char fractions. Here it was shown
that the conversion efficiency of straw to syngas (overall cold gas
efficiency) was 67%, a relatively low number that originates from
the high-temperature entrained flow process and the stepwise
conversion of the fuel on different sites. The products of the process
were gasoline and olefins via dimethyl ether (DME). Nakagawa
et al. [18] studied in 2013 an oxygen-blown entrained flow gasifi-
cation process with a non-defined methanol concept using various
biomasses including rice straw in experimental campaigns and
modeling studies. The efficiency of the system was based on the
product gas composition and overall considerations. However the
study severely lacks transparency to allow accurate evaluation. The
overall efficiency was estimated to 44% (biomass-to-methanol)
with a cold gas efficiency of 75%.

1.1. The LTCFB gasifier

The LTCFB is a state-of-the-art gasifier that has been developed
and commercialized by Danish Fluid Bed Technology, in coopera-
tion with the Technical University of Denmark and Ørsted, and it
has been built up to 6 MW [19]. It is characterized by its ability to
gasify a wide range of residues, including straw, sludge andmanure
[20e22], into a combustible product gas at a relatively high effi-
ciency. The cold gas efficiency (including tar) is in the range of
74e79% on various feedstocks [14,22,23].

The LTCFB process is a staged fluid bed system that utilizes
relatively low temperatures in order to convert typically difficult
feedstocks without bed agglomeration. The gasifier is shown in
Fig. 1. Fuel is added to the air-blown turbulent pyrolysis reactor in
which it is heated to 500e600 �C and converted into char and gas.
The products and bed material are then carried out at the top of the
reactor and the main solids are separated in the primary cyclone.
The solids are led to the air-blown bubbling char reactor that
converts most of the char at maximum 730 �C to ensure that the
bed does not agglomerate. The char conversion is in the range of
90% [14,20e23]. A small amount of water or steam is added to
improve char conversion and control the temperature of the char
reactor. The hot bed material and gas are then circulated to the
pyrolysis reactor. The product gas is led through a secondary
cyclone and a candle filter to remove ash and particles.

The key drawback of the system is the tar concentration in the
product gas, which is in the range of 30 g/Nm3 [23]. This poses a
challenge for the application of the gas, but recent studies have
investigated the use of partial oxidation (POX) and a hot char bed in
order to clean the gas e reducing the concentration to below 1 g/
Nm3 [24]. Previous studies on a related system (Low-Tar Biomass
Integrated gasification (LTBIG)) have shown that standard active
carbon filters can remove such concentrations effectively [25]. Be-
ing able to clean the gas enables a series of applications including
fuel synthesis. However, in order to effectively synthesize fuels, the
gas should also be free of N2 [26] and hence the entire process
needs to be oxygen-blown. Experimental campaigns have recently
been carried out successfully using an O2/CO2 mixture for the
gasifier and the POX (results to be published).

Nomenclature

Symbols
ASOC SOC Active Area [m2]
ASR Area Specific Resistance [U∙cm2]
Cp Specific heat capacity [kJ/kg K]
ENernst Nernst potential [V]
HHV Higher Heating Value [kJ/kg]
iSOC Current Density SOC [A/cm2]
LHV Lower Heating Value [kJ/kg]
_m Mass Flow Rate [kg/s]
p Pressure [bar]
pi Partial pressure i-species [bar]
_Q Heat flow rate [MW]
T Temperature [�C]
UF Utilization factor [�]
VSRU;SOC Operating voltage SRU SOC [V]
_W Electric Power [MW]
xi Molar fraction i-species [�]
yi Mass fraction i-species [�]
Х Conversion [�]
Dp Pressure difference [bar]
DT Temperature difference [�C]
h Efficiency [�]
his Isentropic Efficiency [�]

hmech Mechanical Efficiency [�]
hCG Cold Gas Efficiency [�]

Abbreviations
AGR Acid Gas Removal
ASU Air Separation Unit
CFB Circulating Fluid Bed
CHP Combined Heat and Power
DC Distillation Column
DME Dimethyl Ether
FICFB Fast internally circulating fluid bed
FT Fischer-Tropsch
GDC Gadolinum doped Ceria
DME Dimethyl Ether
DTU Technical University of Denmark
HT High Temperature
LTBIG Low tar biomass integrated gasification
LTCFB Low temperature circulating fluid bed
MEA Monoethanolamine
MeOH Methanol
POX Partial Oxidation
SOEC Solid Oxide Electrolysis Cell
SRU Single Repeating Unit
TC Topping Column
WGS Water gas shift

3 Normalized with respect to the case CO2-SOEC with POX temperature of 850 �C.
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1.2. Aim

This study presents thermodynamic modeling and analysis of
methanol production via straw gasification. The basis of the study is
the LTCFB gasifier, a gas cleaning step consisting of a POX and a
wood char bed [27], and solid oxide electrolysis cells (SOEC). Pre-
vious literature showed limited interest in full-system analysis for
methanol synthesis via thermochemical conversion of straw. The
novelty of the present study is the investigation of full-system high
efficiency straw-to-methanol thermochemical conversion, pre-
senting novel and efficient solutions built upon different configu-
rations. This work shows the potential of using a waste resource as
straw, compares the proposed solutions with wood-to-methanol
conversion routes, and aims to highlight the appeal of straw for
the synthesis of biofuels in the future transportation scenario. The
study presents a comparative study of the LTCFB with air, O2/CO2
and O2/H2O as gasification media and showcases efficient produc-
tion routes for methanol from secondary biomass resources and
electricity. The oxygen is produced with either an air separation
unit (ASU) or SOEC. Initially, a modeling verification study of the
LTCFB gasifier is made, followed by 5 cases of different gasification
media and a parametric study that investigates potentials of
different operating conditions for the entire system.

Fig. 2 represents a superstructure that describes the five state-
of-the-art systems converting straw feedstock into methanol.

2. Methods

Aspen Plus from Aspentech® [28] was used to carry out the
thermodynamic modeling of the state-of-the-art systems. Redlich-
Kwong-Soave (RK-SOAVE) equation of states (EOS) were used for
the solid processing, Peng-Robinson EOS with Boston-Mathias
modifications (PR-BM) for gas conditioning and gas compression,
and Schwartzentruber-Renon (SR-POLAR) EOS for the methanol
synthesis loop and the distillation section [4,5]. The main compo-
nents, i.e. the LTCFB gasifier, the SOEC and the POX and char bed
units, are described below. All the other components weremodeled
as in Ref. [5], using the assumptions shown in Table 1. The five cases
are described in section 2.3.

2.1. Modeling of the LTCFB gasifier

The modeled LTCFB gasifier consisted of a pyrolysis unit, a char
gasifier and two cyclones to separate product gas from bedmaterial

and char (1st cyclone) and particles and ash (2nd cyclone). A zero-
dimensional approach was used. The complex one-dimensional
model of a fast internally circulating fluid bed (FICFB) described
by Kaushal et al. [29] shows that most of the gasification reactions
take place at the bottom of the reactor, with little change in syngas
composition in the freeboard, proving that zero-dimensional
models are sufficient [30]. The pyrolysis unit was developed as
described in Ref. [4], applying the conservation of lower heating
value (LHV) [31,32] and the atomic mass balance. The char gasifier
was modeled as an equilibrium reactor in accordance with [4]. The
recirculation of the sandy bed material from the char gasifier to the
pyrolysis reactor was simplified with a heat flow [30] that matches
the pyrolysis energy requirements e details on the recirculation
and solid concentrations can be found in Ref. [3]. Tars represented a
large share of the LHV of the product gas from the LTCFB gasifier
(~30 g/Nm3 on dry gas [23]). To simplify the complex mixture of tar
species [21], benzene (C6H6) was used as model-tar in the product
gas. A more thorough description of tar species was not necessary,
as most of the tars are cracked in the POX and char bed units. POX
also converts most of the light hydrocarbons in the product gas:
these were neglected in the modeling, and CH4 was used to
represent all light hydrocarbons. Table 1 shows the modeling as-
sumptions for the LTCFB gasifier. The LTCFB gasifier constitutes the
core of the modeled state-of-the-art systems evaluated within this
work. For this reason, it was paramount to validate the model of the
LTCFB against experimental data available in the literature
[14,20e23]. Before modeling the five case studies, a model of the
single air-blown LTCFB was created and validated. Afterwards, the
use of oxygen was investigated by mixing it with either carbon
dioxide or steam, similar to Ref. [26], with the aim of achieving
operating conditions similar to that of air.

2.2. Modeling of the SOEC

Themodeling of the SOEC is thoroughly described in Ref. [33,34]
and will not be treated further. The model was updated to operate
with no sweep gas on the anode side. This would produce a stream
of pure oxygen to be used for the O2/CO2 or O2/H2O mixtures.

2.3. Modeling of the POX and char bed units

POX and char bed units were modeled as a single reactor with
WGS at equilibrium at 850 �C [35], which represented the POX
temperature. However, the outlet temperature of the char bed was

Fig. 1. Process diagram of the LTCFB gasifier [21].
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set at 800 �C to estimate a temperature drop due to the conversion
of tars. Ravenni carried out an experimental campaign on the up-
grade of pyrolysis gas from the LTCFB using a combine POX and char
bed unit, observing a net consumption of char taking place from a
POX temperature of 850 �C with an excess air ratio of 0.5 in the POX
[24]. On the other hand, when the excess air ratio was lowered to
0.2, the consumption of char was negligible. For the purpose of this
work, it was assumed that the mass of char remains constant in the
bed.

2.4. The five cases

As mentioned in the introduction, five cases were modeled and
analyzed, changing the gasification medium in the LTCFB gasifier
and in the POX, as well as using either a high temperature- (HT-)
water gas shift (WGS) or addition of electrolytic H2 as the method
used to adjust the H2/CO ratio. The first case (AIR-WGS) is the
simplest, i.e. it is based on an air-blown LTCFB gasifier and air-
blown POX. WGS on cleaned product gas was used to adjust the
H2/CO ratio to a value of 2. Due to the large presence of N2, a high
methanol yield was not expected. Cases CO2-WGS and H2O-WGS
respectively used mixtures of O2/CO2 and O2/H2O as gasifying and
oxidizing agents, to improve the methanol yield by not injecting
inert nitrogen. Case CO2-SOEC used instead an O2/CO2 mixture as
gasifying media in the gasifier, while pure O2 was used in the POX.
Steam electrolysis via an SOEC provided H2 to adjust the H2/CO
ratio, as well as the pure oxygen for the gasification and POX. Case
H2O-SOEC differed by using an O2/H2O mixture in the char gasifier.
In the scenarios where SOEC was not part of the system (i.e. cases
Air-WGS, CO2-WGS and H2O-WGS), the oxygen for the O2/CO2 and
O2/H2O gasifying mixtures in the char gasifier and POX was pro-
vided through an ASU. Furthermore, when the O2/H2O mixture was

used as gasifying agent in the char gasifier, additional steam was
not needed for the gasification reactions. When O2/CO2 mixtures
were used (cases CO2-WGS and CO2-SOEC), part of the CO2 from the
acid gas removal was recirculated back to be used for the gasifying
mixtures. All the relevant information characterizing each one of
the five cases are summarized in Table 2.

2.5. Parametric analyses

Beyond the modeling and analysis of the five cases, two para-
metric analyses were carried out to investigate the effects of (1) the
POX temperature and (2) the volumetric CO2 fraction in an O2/CO2
mixture. These analyses were based on the scenario CO2-SOEC.

The scope of the parametric analysis on the POX temperature
was to assess the improved overall carbon conversion (i.e. con-
version of carbon from straw to methanol) at increasing POX
temperatures. The conversion of CH4 and tars during the POX is
higher at higher POX temperature [3], and the WGS reaction is
shifted towards CO. This means that more carbon is in the form of
CO and free to react with H2 to produce MeOH. The POX was varied
from 850 to 1100 �C, keeping the outlet temperature from the char
bed 50 �C below.

Equation (1) from Ref. [3] described the dry molar content
xCH4 ;dry gas of CH4 in a pyrolysis gas from a fluid bed (indirectly
heated) after POX steps at different temperatures T (in [�C]) over an
interval from 900 to 1300 �C. Due to lack of empirical data, this
equation was adopted for these slightly different circumstances in
order to estimate the reduction of methane at various
temperatures:

xCH4;dry gas ¼ 0:0585,0:25,ð1300� TÞ
.
ð1300� 900Þ (1)

Fig. 2. Superstructure describing the five scenarios investigated within this work, for the conversion of straw to methanol via the LTCFB gasifier.
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Table 1
Assumptions used to create the cases investigated within the modeling study.

Biomass feed (Straw)
Moisture content: 10.6 wt% [21,22].
Composition (dry basis) [wt%]: C 45.8; O 40.9; H 6.0; N 1.5; ash 5.8a [36]. Dry biomass input 100 MWth (LHV).
Cp;dry straw[kJ/kg K] 1.35 HHVdry [kJ/kg] 18400 [36] Tbiomass;in[�C] 20

Pyrolysis reactor
Composition Char d.a.f. [wt%]: C 67.2; H 4.5; N 1.4 [36]
Tar content in dry product gases [g/Nm3]: 30. Model Tar: Benzeneb [23]
Dppyrolysis [bar] 0.15 Tvolatiles; out

c [�C] 600 xH2 ;pyrolysis gas [�] 0.0
Tchar; out

d [�C] 647e659 yash;char [�] 0.215 HHVchar [kJ/kg] 21100 [36]
Cp;char [kJ/kg K] 1.00 _Qloss [MW] 1

Char gasifier
Composition Ash [wt%]: C 40; ash 60. Thermodynamice equilibrium assumed at the outlet.
Tgas out [�C] 730 DpChar gasifier [bar] 0.15 _Qloss[MW] 2

DpCyclones [mbar] 10 Tadditional steam [�C] 110 HHVash [kJ/kg] 13110

Gas cleaning
Dpparticle�rem[mbar] 10 Dpsulfur�rem

f [mbar] 20

Compressors, blowers and ejector
his;compr [�] 0.8 his;blower [�] 0.4 hmech [�] 0.95
hejector

c [�] 0.2 [37]

Partial Oxidation and Char Bed
Outlet gas at 800 �C, assuming WGS at the equilibrium at 850 �C (POX temperature) [35].
Tar content in dry gases [g/Nm3]: 0.6 [24]. Model Tar: Benzene.
TPOX out [�C] 850 [24] Tchar�bed out [�C] 800 [24] xCH4 ;dry gas [�] 0.024 [24]

High Temperature WGS
The WGS reactor is modeled as an adiabatic reactor [38] with WGS reaction at the equilibrium. Equilibrium temperature calculated between 360 �C and 390 �C. The WGS

reactor is located in parallel to the syngas flow, so that only a fraction of the syngas goes through it. This configuration enables to reach a H2/CO ratio of 2 at the inlet of
the methanol reactor.

Solid Oxide Electrolysis Cell
ASRd [U cm2] 0.35 [39] UF [�] 0.80 xH2 ;fuel�in [�] 0.1
Tfuel;in [�C] 800 DpSOC [mbar] 30 _Qloss[MW] 0

Tfuel;out [�C] 800 TO2 ;out [
�C] 800

Heat exchangers
Dpatmospheric p [bar] 0.01 Dpintermediate p[bar] 0.1 Dphigh p[bar] 0.8
DTMIN;gas�gas [�C] 100 DTMIN;AGR [�C] 10 DTMIN;boiling [�C] 5
_Qloss[MW] 0

Active Carbon
Complete tar adsorption at ambient temperature [24].

Acid Gas Removal
All water is removed from the syngas at the outlet of the AGR section.
DpAGR [mbar] 50 Treboiler [�C] 110 qreb [MJ/kgCO2captured] 3.8 [40]
xCO2 ;syngas out [�] 0.012

Methanol synthesis
Boiling water reactor (isothermal) [41]. DTapproach of 15 �C for both methanol reaction andWGS reaction. xH2=xCO2

of 2 at the reactor inlet. Recirculation calculated setting
the molar flow rate at the reactor inlet double the molar flow rate processed by the compressors.

Treactor;in [�C] 230 Treactor;out [�C] 260 pin [bar] 85.0
pout [bar] 80.7

Distillation
Topping column (TC): 10 stages. Distillation column (DC): 35 stages. Feed stage positions optimized.
pTC [bar] 8.0 Tcond;TC [�C] 30 xCO2 ;bottom�TC [ppm] 1
pDC [bar] 1.013 xH2O;top�DC [�] 0.001 xMeOH;bottom�DC [�] 0.03

Burner for purge gas
Dpburner [mbar] 10 Tburner;out [�C] 1300 _Qloss[MW] 0

High temperature heat pump
COP [�] 4.5 [42]

ASU
w [kWh/Nm3

oxygen] 0.35 [43]

a Sulfur is neglected in the modeling since the content is below 0.2 wt% d.a.f [36].
b Preliminary investigation on air-blown LTCFB using naphthalene instead of benzene as tar model showed a slight increase (~þ0.4%) in the heat needed for the pyrolysis,

namely resulting in a higher recirculation of bed material, balanced by a decrease in the amount of air (~�0.2%) required for the POX. No difference was observed on the
methanol yield and on the efficiency of the plant.

c Temperature of the volatiles only, used for the modeling. When mixed with hot gas from the gasifier, the product gas reaches a temperature between 647 and 659 �C.
d Set equal to the calculated outlet gas temperature.
e The real operation of the char gasifier does not produce a gas at thermodynamic equilibrium. However the gas is mixed downstream with the pyrolysis gas, and a realistic

syngas composition is obtained by using the assumptions used in the pyrolysis reactor.
f Sulfur removal was not modeled. However this exothermic process takes place at 250 �C in a ZnO/CuO fixed bed [44].
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The methane content calculated by equation (1) is reduced by
12.5% when increasing the POX temperature by 50 �C, within the
range 900e1300 �C.

In addition, Ravenni showed in Ref. [24] a dry molar methane
content of 0.024 when POX occurs at 850 �C, resulting in a per-
centage decrease of 39% in the methane content when the POX
temperature increases by 50 �C, from 850 �C to 900 �C. For
simplicity, the same percentage decreases were applied also to tars.

The parametric analysis on the volumetric CO2 content aimed at
evaluating the reduction in the AGR heat- (and related make-up
MEA-) consumption at decreasing volumetric CO2 contents in the
O2/CO2 mixture injected in the char gasifier. A decrease of the CO2
content translates into a lower recycle rate of CO2 from the AGR to
the LTCFB gasifier. The CO2 to be removed with the amine-wash
would decrease, and so does the make-up MEA consumption.
However, a higher purity of oxygen into the char gasifier shifts the
WGS reaction away from CO in the LTCFB gasifier and POX, as there
is less CO2 available. This was expected to lower the methanol yield
and so the overall carbon conversion. In addition, the lower pro-
duction of CO at higher O2 purities lowers the requirement of H2
from the SOEC, as well as the SOEC consumption and active area.
This was expected to result in an overall reduction of the SOEC cost,
which likely constitutes a big share of the plant’s investment cost
[37,45]. The volumetric CO2 content in the O2/CO2 mixture was
decreased from 70 vol% (corresponding to the case CO2-SOEC) to
0 vol%. It is important however to highlight that the operation with
100 vol% oxygen represents a purely ideal case, since use of pure
oxygen in the gasifier likely promotes agglomeration due to
excessive local temperatures, thus compromising its operational
stability.

3. Results

Results on the validation of the LTCFB gasifier are presented in
section 3.1, the five scenarios are shown in section 3.2 and the
parametric analyses results in section 3.3.

3.1. Validation of the LTCFB gasifier model

The modeled air-blown LTCFB (Fig. 3, thermodynamic data in
Table 3) showed that carbon energy loss (7% of fuel input), carbon
conversion (92%) and cold gas efficiency (77%) lay within the
experimental ranges (Table 4). Operation of the LTCFB with pre-
heated air (case AIR-WGS) showed behavior similar to the air-
blown operation without preheating. Operations with O2/CO2 and
O2/H2O mixtures (using 30 vol% O2) both showed excellent align-
ment with air-blown operation, which is in line with previous in-
vestigations [26]. It is seen that the modeling results provides
sufficient accuracy of the LTCFB gasifier model. The cold gas

efficiency for the models Air-WGS, CO2-WGS, H2O-WGS, CO2-SOEC
and H2O-SOEC was above the experimental range as preheated
gasifying media were used. Fluctuating temperatures of the prod-
uct gas in the range 647e662 �C were obtained from the models,
matching the experimental data (~650 �C). The slight fluctuations
arise from a combination of the effects of different gasification
media and their preheat temperatures. When using O2/H2O as
gasification agent, additional steam was not added, which resulted
in a lower mass flow and lower temperature of the product gas.
Differences between the model and the real operation of the LTCFB
concern the product gas composition. A different composition of

Table 2
The five cases investigated within the modeling study.

Air-WGS CO2-WGS H2O-WGS CO2-SOEC H2O-SOEC

Char gasifier
Gasifying agent Air O2/CO2

a O2/H2Ob O2/CO2 O2/H2O
Additional gasifying agent H2O H2O e H2O e

Partial Oxidation
Oxidizing Agent Air O2/CO2 O2/H2O O2 O2

Method for H2/CO ¼ 2
WGS or SOEC WGS WGS WGS SOEC SOEC

Pure O2 provider
ASU or SOEC e ASU ASU SOEC SOEC

a O2/CO2 mixture contains 30 vol% O2 and 70 vol% CO2 (see Section 3.1).
b O2/H2O mixture contains 30 vol% O2 and 70 vol% H2O (see Section 3.1).

Fig. 3. Flowsheet of the single air-blown LTCFB model without preheating.

Table 3
Thermodynamic data for the single air-blown LTCFB model without preheating.
Nodes refer to Fig. 3.

Node m_ [kg/s] T [�C] p [bar]

1 6.55 20 e

2 11.79 662 1.18
3 1.58 662 e

4 0.57 730 e

5 6.82 730 1.18
6 11.79 662 1.17
7 11.79 662 1.16
8 5.15 20 1.33
9 0.66 20 1.01
10 0.66 20 1.34
11 0.66 110 1.33
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the tars, the presence of light hydrocarbons, and a different
composition of H2, CO, CO2 and H2O might result from experi-
mental tests. However, the impact is negligible on the full-system
analysis. The downstream unit featuring POX and char bed gua-
rantees conversion of tars and light hydrocarbons over the active
sites of porous char structure, resulting in a real composition at
WGS equilibrium for a temperature in the range of ~1100-750 �C
[35].

3.2. Modeling results

Detailed flowsheets and related thermodynamic data for the
five cases can be found in the Supplementary Material e also, case
CO2-SOEC is shown in Fig. 4 and Table 5. Table 6 shows the results
for the five cases. In the case H2O-SOEC, the operation of the SOEC
was set by the O2 requirement for the gasification and the POX,
resulting in an excess production of H2.

The air-blown LTCFB gasifier (case AIR-WGS) produced a gas rich
in N2, thus lowering the overall efficiency (16.5%) and the overall
carbon conversion from biomass to methanol (12.8%). The elec-
tricity consumption was mainly limited to the syngas compression
line, as neither ASU nor SOEC were used in this case. Low-
temperature heat was released from the methanol synthesis sec-
tion, making district heating an interesting option for this case.

An improvement in terms of efficiency and overall carbon
conversion was achieved in cases CO2-WGS and H2O-WGS, where
the pure O2 provided by the ASU avoided a buildup of N2 in the
methanol reactor loop. When using a mixture of O2/CO2 as gasi-
fying agent (CO2-WGS), the large content of CO2 dampened the
formation of H2 in the POX. The large amount of unconverted CO2
was removed with amine wash in an acid gas removal (AGR) unit.
The removed CO2 was seen to be significantly larger than the CO2
added to the gasifier. Electric power increased to cover the ASU and
particularly the consumption of a high temperature heat pump
required to provide heat for the AGR. The overall carbon conversion
and the efficiency increased up to 31.6% and 40.6%, respectively.

The use of an O2/H2O mixture as gasifying agent (H2O-WGS)
promoted the formation of H2 at the outlet of the POX. The syngas
was richer in H2 than in case CO2-WGS and less syngas flowed in
the HT-WGS reactor converting CO to H2, thus keepingmore carbon
in the form of CO to be converted to methanol and decreasing the
amount of CO2 to be removed in the AGR unit. Cooling of product
gas downstream the char bed provided the evaporation heat to
supply steam to the gasifier. The high temperature heat pump was
avoided, limiting the need for electricity mainly to the compression

line and ASU. In this scenario, the overall carbon conversion and the
efficiency reached 32.2% and 42.6%.

The use of the SOEC to provide O2 and H2 (cases CO2-SOEC and
H2O-SOEC) increased the overall carbon conversion and thereby
the methanol yield. When using O2/CO2 mixture (case CO2-SOEC),
the overall carbon conversion reached the highest value of 57.5%
(Table 5), whereas the total efficiency reached 54.4%. When using
O2/H2O mixture (H2O-SOEC), H2O promoted the formation of H2
and hindered the formation of CO. For this reason, in case H2O-
SOEC less carbon was in the form of CO, compared to case CO2-
SOEC. Less electrolytic H2 was required to adjust the H2/CO ratio,
and the operation of the SOEC was set by the O2-requirement for
the oxidizing reactions in the char gasifier. However, excess H2 from
the SOEC represents a valuable product. The electricity consump-
tion constituted a large share of the input to the system, mainly
covering the power required by the SOEC. Overall carbon conver-
sion and efficiency were respectively at 47.2% and 55.7%, resulting
in a much larger methanol production in case CO2-SOEC. The same
operating conditions applied to the SOEC in both cases CO2-SOEC
and H2O-SOEC. However the required area for the SOEC in the
scenario CO2-SOEC was significantly higher (~3600 m2 against
~2700 m2 for case H2O-SOEC, Table 5).

Focusing on the effects of POX and char bed units, the energy
efficiency of the combined process waswithin the range of 95e96%,
resulting in a decrease in cold gas efficiency of ~3.2e3.8% (see
Table 5).

3.3. Parametric analyses

The parametric analysis on the POX temperature showed an
increase in terms of efficiency (from 54.4% to 58.3%) and overall
carbon conversion (from 57.5% to 68.0%) with increasing POX
temperatures (Fig. 5). However, also the active area of the SOEC
increased by ~33% from 3610 m2 to 4766 m2, when the POX tem-
perature increased from 850 �C to 1100 �C (Fig. 5), implying a much
higher SOEC cost. With a POX temperature of 900 �C or higher, a
heat pump is used2 to cover the increased heat requirement for the
SOEC steam generator.

The total amount of CO at the outlet of the char bed unit

Table 4
Validation of the LTCFB gasifier models. Experimental values vs. calculated results from Aspen Plus.

LTCFB Experimental (No preheating
air-blown operation)

LTCFB Model
Validation e Air

LTCFB Model Air
Preheat (Air-WGS)

LTCFB Model O2/CO2 (CO2-
WGS and CO2-SOEC)

LTCFB Model O2/H2O (H2O-
WGS and H2O-SOEC)

Fuel HHV (d.a.f.) [MJ/kg] 19.6 19.5 19.5 19.5 19.5
Fuel moisture [wt.%] 10.6 10.6 10.6 10.6 10.6
Additional steam to

gasifier [wt%]
10e20 10 10 10 0

Air/Mixture preheat
temperature [�C]

20 20 700 700e722a 700e727a

Product gas temperature
[�C]

~650 [14] 662 658 659 647

Carbon energy lossb of fuel
input (LHV) [%]

3-11 [14,20e23] 7 7 7 7

Carbon conversionc [%] 86-95 [21] 92 92 92 92
Cold gas efficiency incl.

tars [%]
74-79 [21,22] 77 80 80 81

a When using O2 from the SOEC, pure oxygen is at 800 �C, resulting in slightly higher temperatures for the gasifying and oxidizing mixtures.
b Defined as the energy loss in the LTCFB through the ash (LHV).
c Defined as the solid to gas conversion in the LTCFB.

2 The heat pump delivers heat from the condenser to the reboiler of the distil-
lation column. It works between a source temperature of 64 �C and a sink tem-
perature of 95 �C, resulting in a Carnot COP of 11.88. Using a Carnot efficiency of 0.5,
the real COP is calculated to be 5.94.
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Fig. 4. Flowsheet of the potential plant for the case CO2-SOEC, using an O2/CO2-mixture for the LTCFB gasifier, pure O2 for the cleaning step and an SOEC to adjust the H2/CO ratio.

Table 5
Thermodynamic data for the case CO2-SOEC. Nodes refer to Fig. 4.

Node m_ [kg/s] T [�C] p [bar] Node m_ [kg/s] T [�C] p [bar] Node m_ [kg/s] T [�C] p [bar]

1 6.55 20 e 23 4.98 227 85.80 45 4.12 64 1.01
2 10.77 659 1.16 24 10.95 136 85.80 46 3.70 20 1.01
3 1.58 659 e 25 10.95 230 85.00 47 3.70 20 1.35
4 0.57 730 e 26 10.95 260 80.70 48 3.70 811 1.34
5 5.80 730 1.16 27 10.95 40 79.90 49 3.83 800 1.34
6 10.77 659 1.15 28 6.73 40 79.90 50 1.14 800 1.31
7 10.77 659 1.14 29 5.97 40 79.90 51 1.14 250 1.30
8 10.77 659 1.13 30 5.97 55 85.80 52 1.00 250 1.30
9 11.90 800 1.11 31 0.76 40 79.90 53 0.67 30 1.29
10 11.90 250 1.10 32 0.76 34 1.04 54 0.34 30 1.29
11 11.90 250 1.08 33 29.23 20 1.01 55 0.14 250 1.30
12 11.90 65 1.07 34 29.23 26 1.04 56 0.14 264 1.35
13 1.99 30 1.07 35 29.23 850 1.03 57 0.14 700 1.34
14 9.91 30 1.07 36 29.99 1300 1.02 58 2.69 800 1.31
15 9.90 30 1.06 37 29.99 132 1.01 59 0.58 800 1.31
16 5.26 30 1.01 38 4.22 40 79.90 60 0.98 800 1.31
17 4.64 30 1.01 39 4.22 43 8.10 61 3.15 30 1.01
18 4.98 30 1.01 40 4.22 64 8.00 62 3.15 53 1.32
19 4.98 228 4.51 41 0.10 30 8.00 63 3.15 700 1.31
20 4.98 30 4.41 42 4.12 128 8.00 64 4.13 722 1.31
21 4.98 228 19.61 43 4.12 64 1.01 65 1.13 800 1.13
22 4.98 30 19.51 44 0.01 95 1.01
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increased by ~12% with the POX temperature (Fig. 6). Raising the
POX temperature had a dual effect: (1) a deeper conversion of tars
and light hydrocarbons and (2) an increased equilibrium temper-
ature for theWGS reaction. Both phenomena increased the amount
of CO, which could then be converted into methanol. Fig. 6 illus-
trates the overall normalized3 mole flow rate of CO at different POX
temperatures, as well as the normalizedmole flow rate of CO if only
the effect of higher WGS equilibrium temperature were considered
(this was calculated assuming the same CH4 and tar concentration
as for a POX temperature of 850 �C emeaning that the effect of tars
and CH4 conversion into CO was neglected). The curves show that
the two phenomena produces similar amounts of CO.

The parametric analysis on the CO2 volumetric fraction in the
O2/CO2 mixture injected in the char gasifier showed a decrease in
the overall carbon conversion when using pure O2 (from 57.5% to
50.2%, Fig. 7). The efficiency dropped to a minimum (53.9%) when
using a 50-50 vol% O2/CO2 mixture. In addition, at CO2 contents
below 50 vol%, the operation of the SOEC was set by the O2-

requirement, instead of the H2-requirement as in case CO2-SOEC,
resulting thus in excess H2 production. Accounting for the excess H2
production for CO2 contents below 50 vol%, the total efficiency
increased up to 54.9%. Fig. 8 shows the variation of the normalized
mole flow rate of CO2 injected in the LTCFB and normalized mole
flow rate of CO in the product gas. Besides, it also shows the profiles
of the normalized SOEC area and normalized AGR heat consump-
tion. Use of pure O2 limited the CO to 87.6% of the molar flow at
70 vol% CO2. The area of the SOEC decreased with decreasing CO2
volumetric fraction, and the curve followed the trend given by the
CO2 injected. Finally, a lower injection of CO2 in the LTCFB gasifier
meant less CO2 looping between the gasifier and the AGR unit, thus
lowering the CO2 to be removed and the consumption of the AGR
(Fig. 8).

4. Discussion

Calculation in Aspen Plus showed that systems using SOEC

Table 6
Results about Input, Output, SOEC operation and POX and char bed unit from Aspen Plus in the five cases.

Air-WGS CO2-WGS H2O-WGS CO2-SOEC H2O-SOEC

Input
Biomass [MWth] 100.0 100.0 100.0 100.0 100.0
Electricity [MWel] 10.4 10.9 7.5 50.5 38.4

Output
Methanol [MWth] 18.2 45.1 45.9 81.9 67.3
H2 [MWth] 0.0 0.0 0.0 0.0 9.7

Efficiencies
Biomass to Methanol [%] 18.2 45.1 45.9 81.9 67.3
Efficiency (MeOH)a [%] 16.5 40.6 42.6 54.4 48.6
Efficiency (MeOH and H2)b [%] 16.5 40.6 42.6 54.4 55.6
Carbon Conversionc [%] 12.8 31.6 32.2 57.5 47.2

SOEC
Area SOEC [m2] e e e 3610.3 2687.0
i SOEC [A/cm2]
SOEC SRU Voltage [V] 80.3 80.4 81.1 80.5 81.2

POX and Char bed 76.5 76.7 77.4 77.2 78.0
Inlet product gas [MW] 95.3 95.4 95.4 95.9 96.0
Outlet product gas [MW] 100.0 100.0 100.0 100.0 100.0
POX and char bed efficiency [%] 10.4 10.9 7.5 50.5 38.4

a It is calculated as ð _mMeOH ,LHVMeOHÞ=ð _mdry straw ,LHVdry straw þ _WelÞ. This is to show the efficiency if only methanolewhich is the final desired product ewere considered.
b It is calculated as ð _mMeOH ,LHVMeOH þ _mH2

,LHVH2
Þ=ð _mdry straw ,LHVdry straw þ _WelÞ. This is the total efficiency.

c Defined as the biomass carbon ending up in the methanol.

Fig. 5. Effects of the POX temperature on efficiency, carbon conversion and SOEC area. Built on top of the case CO2-SOEC.
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(cases CO2-SOEC and H2O-SOEC) outperform the systems using
WGS (cases Air-WGS, CO2-WGS and H2O-WGS). The performance
improvement (both in terms of overall carbon conversion and ef-
ficiency) is possible due to the addition of electrolytic hydrogen,
instead of H2 production via an HT-WGS reactor. Relocating the
carbon from CO to CO2 for the production of H2 via HT-WGS de-
creases indeed the carbon that can be converted downstream to
methanol, as the carbon in the form of CO2 cannot be used

effectively to synthesize the biofuel.4 It is also observed that, among
the solutions employing an HT-WGS reactor, the scenario with O2/
H2O as gasifying and oxidizing media (H2O-WGS) showed the

Fig. 6. Effects of the POX temperature on the normalized CO mole flow after the POX and char bed units. The yellow line shows the combined effect of tar conversion and increased
temperature for the WGS equilibrium. The pink line shows only the effect of the increased equilibrium temperature for the WGS reaction. (For interpretation of the references to
colour in this figure legend, the reader is referred to the Web version of this article.)

Fig. 7. Effects on the total efficiency (Biomass and electricity to methanol and hydrogen) and overall carbon conversion varying the CO2 volumetric fraction in the gasifying agent.

Fig. 8. Effects on different normalized factors varying the CO2 volumetric fraction in the gasifying agent.

4 The reaction of CO2 and H2 to produce methanol is not effective as by-product
water formation inhibits the methanol catalyst. In practice, CO2 acts more or less as
an inert, building up in the synthesis loop.
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highest efficiency and overall carbon conversion (42.6% and 32.3%
respectively). The larger presence of steam in the LTCFB gasifier and
in the POX boosts the H2 production, resulting in a higher H2/CO
ratio and less carbon to be transferred from CO to CO2 through the
WGS reaction. The modeling study revealed that the highest effi-
ciency is achieved using an O2/H2O mixture as gasifying agent in
the char gasifier, pure O2 for the POX and electrolytic H2 from the
SOEC to adjust the H2/CO ratio (case H2O-SOEC, with 53.8% effi-
ciency, vs. 52.6% for case CO2-SOEC). Excess H2 represents indeed a
valuable co-product that can be sold, increasing the total efficiency
of the system. However, the overall carbon conversion is signifi-
cantly higher in case CO2-SOEC (55.3%, against 45.5% for case H2O-
SOEC), using O2/CO2 mixture in the char gasifier. The excess CO2
injected in the gasifier promotes the formation of CO. Conversely to
the scenarios employing a WGS reactor, carbon is not shifted from
CO to CO2 to produce H2, meaning that all the carbon in form of CO
could ideally be used to produce methanol. The higher amount of
CO in the product gas for case CO2-SOEC translates thus into a
higher methanol yield and overall carbon conversion.

Steam electrolysis being a proven and commercialized tech-
nology [46e48], the solutions employing an SOEC allow a much
higher performance, without adding evident complexities to the
system. However, the SOEC is expected to cover a large share of the
plant investment cost [37,45] and it is observed that the SOEC area
reduces by 25.8% from scenario CO2-SOEC to scenario H2O-SOEC, as
less H2 is required. This has a relevant impact on the economy of the
plant, and a deeper economic analysis could be useful to estimate
whether it is better to prioritize the methanol yield or a lower in-
vestment cost.

A possible solution to increase even further the carbon con-
version is to recycle CO2 from the AGR back to the inlet of the SOEC.
Co-electrolysis (or separated CO2 electrolysis using a dedicated
stack [49]) enables to allocate more carbon into CO,maximizing the
synthesis of methanol in the downstream reactor.

It is moreover evident that an increase in POX temperature is
beneficial for the system shown in case CO2-SOEC. Overall, it is
observed that the higher WGS equilibrium temperature and the
deeper conversion of tars push towards the formation of CO, thus
improving efficiency (58.3% at 1100 �C) and carbon conversion
(68.0% at 1100 �C). Allocating more carbon in the form of CO results
in larger requirements for electrolytic H2 and SOEC area, thus
increasing heavily the investment cost for the plant. This assess-
ment is however carried out assuming that the char bed remains
intact, which is not the case at such high temperatures, as the
gasification reactions are significant. A high-level regeneration of
char is likely necessary, which adds to the complexity of the system.
However, other materials not suffering the same attrition (e.g.
dolomite or olivine [50]) might be of interest in this case. At POX
temperatures above ~1000 �C, the tar content after the POX might
be sufficiently low to simply remove the bed. Residual tar could
then be captured by an active carbon filter,5 as proposed in the
presented plants, or by a scrubber. The tar levels would likely have
to be significantly lower than 1 g/Nm3 to reduce the management
of the captured tar, depending on the given context of an actual
plant. Availability of fresh carbon and the disposal of the used, tar-
rich carbon is central e disposal could be done via high-
temperature processes such as combustion.

A strong correlation is observed between the decrease in the
volumetric CO2 fraction in the O2/CO2 gasifying mixture and the
decrease in the overall carbon conversion. The reason is that a
reduced injection of CO2 in the LTCFB decreases CO formation

within the POX reactor. The SOEC area followed the same tendency
within the interval 40e70 vol% CO2, as less CO in the product gas
required less H2 from the SOEC. However, at CO2 volumetric con-
tents below 40 vol%, the SOEC operation is set by the oxygen-
requirement, which is more stable, resulting in a much flatter
curve for the SOEC area and cost.

The scenarios employing the SOEC, particularly scenario CO2-
SOEC, outperform alternative solutions to convert straw into
methanol. As comparison, the thermodynamic analysis of rice
straw conversion to methanol proposed by Xiao et al. achieved an
efficiency of 42.7% [16].

When the focus broadens towards woody biomass feedstock, it
is clear that the proposed LTCFB-based scenarios cannot compete in
terms of efficiency and methanol yield with the best state-of-the-
art systems converting ligno-cellulosic biomasses into methanol.
Butera et al. proposed an innovative integration of a TwoStage
gasifier with SOC, achieving a biomass-and-electricity-to-methanol
efficiency ranging from 63.7% to 70.5% and overall carbon conver-
sions within 57.56%e92.3%, at different electricity prices [4]. Clau-
sen presented an analysis on methanol synthesis via wood
gasification coupling a pressurized entrained flow reactor and
alkaline electrolyzer, obtaining an overall carbon conversion of 96%,
achieved by reusing the CO2 absorbed in a Rectisol process for
biomass feeding to the gasifier, and a total efficiency of 62.5% [5].6

However, scenarios CO2-SOEC and H2O-SOEC analyzed within this
study are able to approach and exceed other state-of-the-art so-
lutions both in terms of efficiency and overall carbon conversion.
For example, Holmgren et al. proposed a conversion route of wood
into methanol via an oxygen-blown pressurized CFB and electro-
lytic H2, with 51.8% efficiency and 44.3% overall carbon conversion
[6]. The high performance becomes more evident when the com-
parison involves technologies not using electrolysis. Tock et al. [9]
and Holmgren et al. [7] analyzed systems converting wood into
methanol with efficiencies of 53.8% and 50.6%, respectively, and
overall carbon conversions of 33.7% and 32.5%, respectively.

In addition to the high efficiency and carbon conversion
compared to other straw-gasification-based technologies, the most
attractive key strength of the proposed systems is the use of a low-
grade biomass such as straw. This has a significant impact on the
economy and sustainability of biofuel production, as straw (1) is
cheaper than wood and (2) enables to exploit other agricultural
waste resources such as manure, biogas fibers, etc.

As all the technologies involved in the presented processes are
proven to work stand-alone, proof-of-concept experiments
(particularly for scenarios CO2-SOEC and H2O-SOEC) represent the
next step towards the commercialization of these technologies.

Commercial plants reproducing the concepts treated in this
work, in case of operation in line with the forecasted performance,
would produce methanol for diverse applications, including the
conversion to DME or jet-fuels [51e53] to fuel heavy diesel engines
or airplanes. In a future scenario, where biomass-based methanol
replaces fossil-based methanol in leading the methanol market,
complementary straw-based methanol (and methanol from other
low-grade biomass) should contribute to avoid misuse of a scarce
resource as wood.

5. Conclusion

A thermodynamic analysis was carried out, aiming to assess the

5 Wood char at atmospheric temperature can be used in the activated carbon
filter, thus adsorbing the residual tar and reducing the cost of this component.

6 The lower efficiency and methanol yield of the solutions based on the LTCFB
gasifier proposed within this paper are ascribed to a better system design ensuring
lower losses in case of [2] and to the higher carbon conversion due to higher
temperatures achieved within the entrained flow gasifier used in Ref. [3].
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potentials of methanol synthesis from straw gasification via the low
temperature circulating fluid bed (LTCFB) gasifier and a combined
partial oxidation (POX) and char bed unit as tar-cleaning system.
The investigation pointed out the superiority of solid oxide elec-
trolysis cells (SOEC) based systems over systems using water gas
shift (WGS) to adjust the H2/CO ratio. Particularly, the solution
employing an O2/CO2 as gasifying media in the LTCFB gasifier and
pure oxygen for the POX outperformed the other solutions in terms
of overall carbon conversion (57%). However, the use of an O2/H2O
mixture in the LTCFB enabled to reduce the SOEC area by ~26%, as
well as to increase the total efficiency (56%), by producing excess
H2.

The parametric analysis on the POX temperature showed an
increased overall carbon conversion (up to 68%) and an increased
efficiency (58%), with the downside of increasing the SOEC active
area. The parametric analysis on the CO2 volumetric content in the
gasifying mixture to be injected in the LTCFB revealed a strong
relationship between the reduction in injected CO2 and the
decrease in carbon conversion, while the total efficiency slightly
increased thanks to the production of excess hydrogen.

The proposed conversion routes using SOEC represent forward-
looking attractive technologies oriented to the synthesis of biofuels
from low-grade biomass and are, to the authors’ knowledge,
outstandingly the most efficient paths to convert straw into
methanol.

The systems outperform also some state-of-the-art systems
based on wood-gasification, both in terms of efficiency and meth-
anol yield, with the advantages of using an economically more
attractive feedstock. Besides an economic analysis of the solutions,
to investigate whether it is more convenient to maximize the car-
bon conversion or to limit the plant investment cost, proof-of-
concept experimental campaigns constitute the next step towards
the commercialization of this application.
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Supplementary Material  
 

Case Air-WGS: Air-Blown LTCFB with HT-WGS 

 
Figure S.1: Flowsheet of the potential plant for the case Air-WGS. 

Table S.1: Thermodynamic data for the case Air-WGS. Nodes refer to Figure S.1. 
Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 

1 6.55 20 - 21 4.45 31 1.01 41 74.69 217 1.01 
2 10.79 658 1.18 22 9.94 30 1.01 42 0.94 40 79.90 
3 1.58 658 - 23 9.94 227 4.51 43 0.94 43 8.10 
4 0.57 730 - 24 9.94 30 4.41 44 0.94 64 8.00 
5 5.82 730 1.18 25 9.94 227 19.61 45 0.01 30 8.00 
6 10.79 658 1.17 26 9.94 30 19.51 46 0.92 128 8.00 
7 10.79 658 1.16 27 9.94 226 85.80 47 0.92 65 1.01 
8 10.79 658 1.15 28 20.96 137 85.80 48 0.01 95 1.01 
9 15.39 800 1.13 29 20.96 230 85.00 49 0.91 64 1.01 

10 15.39 250 1.12 30 20.96 260 80.70 50 4.16 20 1.01 
11 15.39 250 1.10 31 20.96 40 79.90 51 4.16 54 1.34 
12 7.02 250 1.10 32 20.02 40 79.90 52 4.16 700 1.33 
13 7.02 250 1.08 33 11.01 40 79.90 53 4.16 700 1.33 
14 8.37 250 1.10 34 11.01 55 85.80 54 4.59 20 1.01 
15 8.37 360 1.08 35 9.01 40 79.90 55 4.59 35 1.16 
16 15.39 311 1.08 36 9.01 31 1.04 56 4.59 700 1.15 
17 15.39 46 1.07 37 65.68 20 1.01 57 4.59 700 1.15 
18 0.99 30 1.07 38 65.68 26 1.04 58 0.66 20 1.01 
19 14.86 30 1.07 39 65.68 850 1.03 59 0.66 20 1.34 
20 14.85 32 1.06 40 74.69 1300 1.02 60 0.66 110 1.33 
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Case CO2-WGS: O2/CO2-Blown LTCFB with HT-WGS 

 
Figure S.2: Flowsheet of the potential plant for the case CO2-WGS. 

Table S.2: Thermodynamic data for the case CO2-WGS. Nodes refer to Figure S.2. 
Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 

1 6.55 20 - 24 3.10 30 4.41 47 2.27 65 1.01 
2 10.79 659 1.18 25 3.10 226 19.61 48 0.01 95 1.01 
3 1.58 659 - 26 3.10 30 19.51 49 2.26 64 1.01 
4 0.57 730 - 27 3.10 225 85.80 50 9.29 20 1.01 
5 5.82 730 1.18 28 6.87 135 85.80 51 2.16 20 1.01 
6 10.79 659 1.17 29 6.87 230 85.00 52 0.99 20 1.01 
7 10.79 659 1.16 30 6.87 260 80.70 53 0.99 54 1.34 
8 10.79 659 1.15 31 6.87 60 79.90 54 3.17 30 1.01 
9 15.75 850 1.14 32 4.53 40 79.90 55 3.17 54 1.34 

10 15.75 800 1.13 33 3.77 40 79.90 56 4.16 54 1.34 
11 15.75 250 1.12 34 3.77 55 85.80 57 4.16 700 1.33 
12 15.75 250 1.10 35 0.76 40 79.90 58 1.18 20 1.01 
13 1.84 250 1.10 36 0.76 32 1.04 59 1.18 36 1.16 
14 13.91 250 1.10 37 29.84 20 1.01 60 1.18 700 1.15 
15 13.91 391 1.08 38 29.84 26 1.04 61 3.78 20 1.01 
16 15.75 375 1.08 39 29.84 850 1.03 62 3.78 31 1.16 
17 15.75 47 1.07 40 30.60 1300 1.02 63 3.78 700 1.15 
18 1.05 30 1.07 41 30.60 95 1.01 64 4.96 700 1.15 
19 14.71 30 1.07 42 2.34 40 79.90 65 0.66 20 1.01 
20 14.70 30 1.06 43 2.34 43 8.10 66 0.66 20 1.34 
21 11.60 30 1.01 44 2.34 64 8.00 67 0.66 110 1.33 
22 3.10 30 1.01 45 0.07 30 8.00     
23 3.10 226 4.51 46 2.27 128 8.00     
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Case H2O-WGS: O2/H2O-Blown LTCFB with HT-WGS 

 
Figure S.3: Flowsheet of the potential plant for the case H2O-WGS.  

Table S.3: Thermodynamic data for the case H2O-WGS. Nodes refer to Figure S.3. 
Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 

1 6.55 20 - 23 3.21 225 4.51 45 0.07 30 8.00 
2 8.08 647 1.18 24 3.21 30 4.41 46 2.31 128 8.00 
3 1.58 647 - 25 3.21 226 19.61 47 2.31 65 1.01 
4 0.57 730 - 26 3.21 30 19.51 48 0.01 95 1.01 
5 3.11 730 1.18 27 3.21 224 85.80 49 2.30 64 1.01 
6 8.08 647 1.17 28 7.07 134 85.80 50 8.32 20 1.01 
7 8.08 647 1.16 29 7.07 230 85.00 51 1.94 20 1.01 
8 8.08 647 1.15 30 7.07 260 80.70 52 0.91 20 1.01 
9 10.47 850 1.14 31 7.07 120 79.90 53 0.91 54 1.34 

10 10.47 800 1.13 32 4.69 40 79.90 54 0.91 700 1.33 
11 10.47 250 1.12 33 3.86 40 79.90 55 1.19 30 1.01 
12 8.70 250 1.10 34 3.86 55 85.80 56 1.19 30 1.34 
13 8.70 250 1.08 35 0.83 40 79.90 57 1.19 700 1.33 
14 1.77 250 1.10 36 0.83 32 1.04 58 2.10 700 1.33 
15 1.77 390 1.08 37 33.57 20 1.01 59 1.03 20 1.01 
16 10.47 275 1.08 38 33.57 26 1.04 60 1.03 35 1.16 
17 10.47 72 1.07 39 33.57 850 1.03 61 1.03 700 1.15 
18 2.79 30 1.07 40 34.40 1300 1.02 62 1.36 20 1.01 
19 7.69 30 1.07 41 34.40 130 1.01 63 1.36 20 1.16 
20 7.68 30 1.06 42 2.38 40 79.90 64 1.36 700 1.15 
21 4.47 30 1.01 43 2.38 43 8.10 65 2.39 700 1.15 
22 3.21 30 1.01 44 2.38 43 8.00     
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Case H2O-SOEC: O2/H2O-Blown LTCFB with SOEC 

 
Figure S.4: Flowsheet of the potential plant for the case H2O-SOEC. 

Table S.4: Thermodynamic data for the case H2O-SOEC. Nodes refer to Figure S.4. 
Node ṁ [kg/s] T [°C] p [bar] Node ṁ [kg/s] T [°C] p [bar] Node  ṁ [kg/s] T [°C] p [bar] 

1 6.55 20 - 23 4.19 227 85.80 45 3.38 64 1.01 
2 8.07 647 1.16 24 9.26 136 85.80 46 2.75 20 1.01 
3 1.58 647 - 25 9.26 230 85.00 47 2.75 20 1.35 
4 0.57 730 - 26 9.26 260 80.70 48 2.75 811 1.34 
5 3.10 730 1.16 27 9.26 40 79.90 49 2.85 800 1.34 
6 8.07 647 1.15 28 5.78 40 79.90 50 0.85 800 1.31 
7 8.07 647 1.14 29 5.07 40 79.90 51 0.85 250 1.30 
8 8.07 647 1.13 30 5.07 55 85.80 52 0.75 250 1.30 
9 9.17 800 1.11 31 0.71 40 79.90 53 0.50 30 1.29 

10 9.17 250 1.10 32 0.71 34 1.04 54 0.25 32 1.29 
11 9.17 250 1.08 33 26.68 20 1.01 55 0.08 32 1.29 
12 9.17 120 1.07 34 26.68 26 1.04 56 0.17 32 1.29 
13 1.93 30 1.07 35 26.68 850 1.03 57 0.10 250 1.30 
14 7.51 30 1.07 36 27.39 1300 1.02 58 0.10 264 1.35 
15 7.50 32 1.06 37 27.39 132 1.01 59 0.10 700 1.34 
16 3.22 31 1.01 38 3.48 40 79.90 60 2.00 800 1.31 
17 4.02 30 1.01 39 3.48 43 8.10 61 0.90 800 1.31 
18 4.19 30 1.01 40 3.48 64 8.00 62 1.18 20 1.01 
19 4.19 228 4.51 41 0.09 30 8.00 63 1.18 20 1.32 
20 4.19 30 4.41 42 3.39 128 8.00 64 1.18 700 1.31 
21 4.19 228 19.61 43 3.39 65 1.01 65 2.08 727 1.31 
22 4.19 30 19.51 44 0.01 95 1.01 66 1.10 800 1.13 
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E.3 Gas compositions

Table E.1: Gas compositions in the main nodes for the LTCFB-CO2-SOEC unit.

H2 CO CO2 H2O CH4 CH3OH N2 C6H6

SOC inlet 0.100 ∼0 ∼0 0.900 ∼0 ∼0 ∼0 ∼0
SOC outlet 0.820 ∼0 ∼0 0.180 ∼0 ∼0 ∼0 ∼0
LTCFB outlet 0.050 0.151 0.367 0.246 0.171 ∼0 0.008 0.006
Char bed outlet 0.234 0.281 0.242 0.218 0.019 ∼0 0.006 ∼0
AGR outlet 0.428 0.514 0.012 ∼0 0.034 ∼0 0.011 ∼0
MeOH reactor inlet 0.576 0.287 0.015 ∼0 0.087 0.004 0.031 ∼0

Table E.2: Gas compositions in the main nodes for the LTCFB-Air-WGS unit.

H2 CO CO2 H2O CH4 CH3OH N2 C6H6

LTCFB outlet 0.069 0.113 0.181 0.202 0.150 ∼0 0.278 0.007
Char bed outlet 0.198 0.175 0.109 0.133 0.021 ∼0 0.363 ∼0
WGS outlet 0.249 0.124 0.161 0.082 0.021 ∼0 0.363 ∼0
AGR outlet 0.325 0.162 0.012 0.000 0.027 ∼0 0.474 ∼0
MeOH reactor inlet 0.285 0.142 0.013 0.000 0.030 0.004 0.527 ∼0

Table E.3: Gas compositions in the main nodes for the LTCFB-CO2-WGS unit.

H2 CO CO2 H2O CH4 CH3OH N2 C6H6

LTCFB outlet 0.049 0.151 0.368 0.247 0.171 ∼0 0.008 0.006
Char bed outlet 0.163 0.264 0.329 0.220 0.019 ∼0 0.005 ∼0
WGS outlet 0.285 0.142 0.451 0.098 0.019 ∼0 0.005 ∼0
AGR outlet 0.625 0.311 0.012 ∼0 0.041 ∼0 0.012 ∼0
MeOH reactor inlet 0.549 0.275 0.022 ∼0 0.116 0.004 0.034 ∼0

Table E.4: Gas compositions in the main nodes for the LTCFB-H2O-WGS unit.

H2 CO CO2 H2O CH4 CH3OH N2 C6H6

LTCFB outlet 0.106 0.135 0.238 0.309 0.196 ∼0 0.009 0.006
Char bed outlet 0.302 0.183 0.174 0.311 0.024 ∼0 0.006 ∼0
WGS outlet 0.324 0.161 0.196 0.289 0.024 ∼0 0.006 ∼0
AGR outlet 0.622 0.309 0.012 ∼0 0.046 ∼0 0.011 ∼0
MeOH reactor inlet 0.546 0.272 0.021 ∼0 0.125 0.004 0.032 ∼0
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Table E.5: Gas compositions in the main nodes for the LTCFB-H2O-SOEC unit.

H2 CO CO2 H2O CH4 CH3OH N2 C6H6

SOC inlet 0.100 ∼0 ∼0 0.900 ∼0 ∼0 ∼0 ∼0
SOC outlet 0.820 ∼0 ∼0 0.180 ∼0 ∼0 ∼0 ∼0
LTCFB outlet 0.107 0.136 0.238 0.308 0.196 ∼0 0.009 0.006
Char bed outlet 0.329 0.254 0.164 0.229 0.019 ∼0 0.007 ∼0
AGR outlet 0.534 0.413 0.012 ∼0 0.030 ∼0 0.011 ∼0
MeOH reactor inlet 0.571 0.286 0.018 ∼0 0.087 0.004 0.034 ∼0
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