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Abstract 

Chemicals and fuels are currently produced from fossil resources, thus contributing to 

global warming. The demand for renewable alternatives is increasing with tightening legislations 

on greenhouse gas emissions as well as increasing public pressure. Biomass is the main renewable 

carbonaceous feedstock that can be converted into chemicals and fuels. This thesis is dedicated to 

the catalytic treating of biomass fast pyrolysis vapors prior to their condensation, which allows 

improving the adverse properties of untreated bio-oil and offers a promising route to replace fossil-

based liquid energy carriers. The research presented in this work aimed to improve the bio-oil 

quality by catalytic vapor upgrading without severely reducing the total liquid yield and energy 

recovery of the deoxygenated and stabilized bio-oil.  

Specifically, the thermochemical conversion of wheat straw, a high ash-containing 

agricultural residue, was investigated in a bench scale setup with continuous biomass feeding. A 

range of commercial and in-house prepared catalysts were tested under atmospheric pressure 

conditions in either inert (N2) or reducing (H2) atmosphere at catalyst temperatures ranging from 

400 to 550 °C. The produced bio-oils were analyzed by e.g. moisture and elemental analysis, total 

acid number (TAN), basic nitrogen content, size exclusion chromatography (SEC), evaporation 

characteristics, gas chromatography (GC) with mass spectrometry (MS)/flame ionization detector 

(FID), GC×GC-ToF/MS or−FID, 1H and 13C nuclear magnetic resonance (NMR) spectroscopy, 

and 2D HSQC NMR. Besides the catalyst testing at bench scale, catalyst screening was performed 

in a tandem micro-pyrolyzer system, in which pyrolysis vapors contacted the catalyst in pulses and 

the non-condensed vapors were directly analyzed via GC-MS/FID/TCD. Characterization of both 

fresh and spent catalysts included elemental analysis, temperature programmed desorption (TPD) 

of NH3, CO2, and ethylamine, X-ray diffraction (XRD), electron microscopy (SEM-EDS and 

TEM), pyridine-FT-IR, 27Al NMR, thermogravimetric analysis (TGA), and pore characterization 

via argon and N2 physisorption. In both bench and micro-scale systems, the catalyst deactivation 

was studied as a function of cumulative biomass-to-catalyst ratio (B:C, w/w) and the coke deposits 

on the catalyst were quantified via oxidative catalyst regeneration.  

Initially, the effect of catalyst deactivation by coking on the bio-oil properties was studied 

for a standard microporous HZSM-5 zeolite. Steam-treatment prior to reaction reduced the 

zeolite’s acidity as such that the subsequent hydrothermal conditions during the catalytic tests did 

not appreciably further decrease the catalyst acidity. This allowed attributing the catalyst 

deactivation unambiguously to coking. The stepwise collection of bio-oils during biomass feeding 

and catalyst coking showed that the yield of deoxygenated hydrocarbons decreased while the yield 

of oxygenated compounds and the acidity (TAN) of the bio-oil increased at higher B:C ratio. At 
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low B:C ratio, the content of aromatics was clearly enhanced and the content of sugar and 

aldehydes was reduced, albeit the zeolite’s initial high activity in forming coke and light gases 

reduced the overall oil yield. 

Next, mesoporosity was introduced to HZSM-5 with Si/Al = 16, 28, and 39 via desilication, 

followed by a mild acid wash in an attempt to allow operation to higher B:C due to the improved 

access of the micropores. Vapor upgrading was performed at 500 °C over the hierarchical HZSM-5 

catalysts and their parent versions at the continuous bench-scale pyrolysis unit. The hierarchical 

samples showed an increased coking propensity compared to their microporous versions. The 

mesoporous HZSM-5 derived from desilication of HZSM-5 with molar Si/Al ratios of 28 and 39 

showed a prolonged activity in deoxygenation and an improved carbon recovery of bio-oil 

compared to the parent counterparts. The mesoporous HZSM-5 derived from desilication of 

HZSM-5 with Si/Al = 16, showing no improved performance, had the lowest microporous volume 

and crystallinity, and the highest mesoporosity amongst the catalysts tested. This suggests that the 

addition of a mild level of mesoporosity while largely preserving crystallinity and microporous 

characteristics benefits the accessibility of active domains during catalyst coking.  

In continuation, a micro-pyrolyzer study tested a mesoporous HZSM-5 zeolite (Si/Al ~50) 

that was coated with a thin layer (<20 nm) of silicalite-1, resulting in an average Si/Al ratio of ~70 

in order to selectively passivate external acid sites. Even though the coking propensity was highest 

for the mesoporous HZSM-5 (5.1 wt.% carbon recovery of fed biomass at B:C ~1), it showed 

improved conversion of oxygenates (15 wt.% oxygen in the non-condensed vapors) and a higher 

tolerance towards deactivation by coking compared to the conventional HZSM-5 (20 wt.% oxygen 

in the non-condensed vapors). Coating of mesoporous HZSM-5 with silicalite-1 reduced the 

number of acid sites per mass of catalyst by ∼20%, which is attributed to the addition of the inert 

silicalite-1 layer and passivation of the external acid sites of the mesoporous HZSM-5. Compared 

to mesoporous HZSM-5, the added silicalite-1 shell reduced the coke yield by 43% (from 5.1 to 

2.9 wt.% of fed biomass carbon) for the same catalyst mass and by 8% (4.7 wt.% of fed biomass 

carbon) at an increased catalyst loading corresponding to the same total number of acid sites. The 

improved tolerance towards deactivation observed for the mesoporous HZSM-5 core was largely 

preserved for small oxygenates like acids, alcohols and aldehydes.  

A further study was conducted at the bench scale unit to compare the deoxygenation 

performance of -Al2O3 to HZSM-5 and extrudates comprised of both components. In addition, 

mesoporosity was added to the zeolite component of HZSM-5/Al2O3 via desilication. Compared 

to -Al2O3, catalysts containing HZSM-5 promoted aromatization and limited the coke formation 

due to its shape selective micropores. Nevertheless, -Al2O3 was effective in deoxygenation and 

as such offers certain benefits such as low cost and good hydrothermal stability with respect to 

acidity.  
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Impregnation of -Al2O3 with Na2CO3 (20 wt.%) added basicity, while the catalyst acidity 

was reduced by 80%. Micro-pyrolyzer tests showed that Na-Al2O3 particularly decreased the yield 

of acids and showed a high yield of ketones and CO2, indicating ketonization. Na catalyzed the 

coke combustion and decreased the combustion temperature by ~100 °C, while decreasing the 

coke yield. Subsequent bench scale testing investigated catalyst stability during six 

reaction/regeneration cycles. Na-Al2O3 was highly effective in reducing the acidity of the bio-oils 

and low TAN (<4 mg KOH/mg) could be maintained up to high B:C ratios of ~13. For a given 

TAN, this allowed operating to higher B:C ratios and provided higher oil yields compared to using 

acidic catalysts such as -Al2O3 and HZSM-5 zeolite for vapor treatment. At bio-oil energy 

recoveries of ~60-70% relative to raw bio-oil, the deoxygenation was comparable to the acidic 

catalysts. Operation to higher B:C ratios while still obtaining a good deoxygenation performance 

of ~60% allowed increasing the energy recovery to ~85% relative to the non-treated bio-oil. The 

catalyst activity was stable and the Na remained well dispersed on the support despite 

hydrothermal conditions. 

In an attempt to further increase the energy recovery and maintain a high level of 

deoxygenation, atmospheric hydrodeoxygenation (HDO) was investigated over TiO2 supported Pt 

(0.5 wt.%) and MoO3 (10 wt.%) catalysts, and an industrial molybdenum-based reducible metal 

oxide catalyst (MoO3/Al2O3). At 50 vol.% H2, all three HDO catalysts effectively reduced the 

oxygen content of the bio-oils to ~7-12 wt.% (dry basis) compared to a non-catalytic reference 

(23 wt.% O). MoO3/TiO2 was least efficient in conversion of acids (TAN = 28 mg/KOH), while 

Pt/TiO2 and MoO3/Al2O3 obtained oils with TAN ~13 mg KOH/g (non-catalytic = 66 mg KOH/g). 

Compared to the TiO2 supported catalysts, the industrial MoO3/Al2O3 catalyst produced higher 

yields of coke at the expense of condensed bio-oil. At 50 vol.% H2, MoO3/TiO2 performed identical 

to Pt/TiO2 in terms of deoxygenation and energy recovery of condensed bio-oil, and at increased 

H2 concentration the energy recovery could be further increased. Pt/TiO2 was more selective to 

aliphatics while MoO3 based catalysts favored aromatics due to a lower hydrogenation activity. 

Pt/TiO2 showed the lowest coke yields as the coke yield at B:C ~8 was only 0.6 wt.% of fed 

biomass while obtaining bio-oil with 11 wt.% O at a carbon and energy recovery of 34 C% and 

42%, respectively.  

The fluidized catalytic cracking of bio-oil obtained from vapor treatment with 

HZSM-5/-Al2O3 and bio-oils obtained without treatment from wheat straw and wood was 

investigated in collaboration with Equinor using a micro-activity testing unit. The bio-oils were 

co-processed at a 20/80 weight blend (bio-oil/FCC feed) and the change in product distribution 

was studied. At constant conversion (77.5%) at the MAT, the wood pyrolysis oil showed a product 

distribution quite similar to the reference oil while the wheat straw pyrolysis oil gave a 

1.6 percentage points higher coke yield and a 1.2 percentage point lower liquid petroleum gas 
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yield. For the catalytically treated wheat straw pyrolysis oil, an even higher coke yield 

(2.6 percentage points) and 1.9 percentage points lower LPG yield resulted. The observations are 

attributed to the higher content of aromatics, phenolics, and nitrogen containing compounds of the 

catalytically upgraded straw fast pyrolysis oil, leading to faster catalyst coking.  

Lastly, the deoxygenation of tar vapors that were generated in a low temperature circulating 

fluidized bed (LT-CFB) gasifier was investigated as a flexible process to co-produce high quality 

bio-oil, nutrient rich char/ash, and utilize the producer gas for heat and power production. With 

decrease in the LT-CFB pyrolysis temperature from 690 to 570 °C, the producer gas contained 

less gas and more condensable organics. The higher heating value (HHV) of the bio-oil decreased 

from ~35 to 30 MJ/kg due and the oxygen content, moisture content, and acidity of the bio-oil 

increased, while the concentration of aromatics and phenols decreased. The yield of the 

condensable organics obtained with the LT-CFB gasifier operating in the temperature range of 

630-660 °C was lower (~12-16 wt.% of fed biomass) compared with fast pyrolysis temperatures 

of 500-550 °C for maximum liquid production (~36 wt.% of fed biomass). -Al2O3 and HZSM-

5/-Al2O3 were tested for tar upgrading and both catalysts improved the bio-oil quality in terms of 

increased HHV and decreased oxygen content, moisture content, TAN, and basic nitrogen content. 

The vapor treatment with HZSM-5/-Al2O3 decreased the energy yield of bio-oil from ~22% to 

~20%, while the oxygen content and TAN of the bio-oil decreased from 13 wt.% O and 34 mg 

KOH/g to 11 wt.% O and 3 mg KOH/g, respectively. The catalytically treated bio-oils thus are 

better suited for further processing in existing oil refineries.  

This work shows that a variety of heterogeneous catalysts are active in vapor 

deoxygenation, but rapid deactivation tends to occur for catalysts with strong acidic nature. 

Modification of the pore-structure can to some extent lower the rate of deactivation and improve 

the performance of HZSM-5 zeolite. However, alternative catalyst systems such as Na-Al2O3 

appear stable and can obtain comparable or even better energy recovery of bio-oil compared to 

HZSM-5 at reasonable deoxygenation of ~60-70%. The energy recovery of bio-oil improves 

further when applying TiO2 supported MoO3 or Pt catalyst under hydrogen atmosphere. Our results 

suggest that mild deoxygenation may be a viable way of pretreating wheat straw-derived pyrolysis 

vapors before their further processing via FCC or hydrotreating in conventional refineries or direct 

application as a renewable fuel for ship diesel engines.  
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Resumé 

Kemikalier og brændstoffer produceres i øjeblikket fra fossile ressourcer og bidrager derfor 

til den globale opvarmning. Efterspørgslen på vedvarende alternativer stiger med skærpelser af 

lovgivningen om udledningen af drivhusgasser samt med et øget pres fra offentligheden. Biomasse 

er det vigtigste vedvarende kulstofholdige råstof, der kan omdannes til kemikalier og brændstoffer. 

Denne afhandling er dedikeret til katalytisk behandling af pyrolysedampe fra biomasse, hvorefter 

disse kondenseres. Behandling af gasfasen muliggør forbedringer af de dårlige egenskaber 

ubehandlet bioolie har og er en lovende måde at erstatte fossile brændsler på. Forskningen, der 

præsenteres i dette arbejde, havde til formål at forbedre bioolie-kvaliteten ved katalytisk 

opgradering af pyrolyse dampe med mindst muligt det samlede udbytte af energien i den 

deoxygenerede og stabiliserede bioolie. 

Specifikt blev den termokemiske omdannelse af halm, en landbrugsrest med høj aske 

indhold, undersøgt i en pilotskalaopstilling med kontinuert føde. En række kommercielle og internt 

fremstillede katalysatorer blev testet under atmosfærisk tryk i enten inert (N2) eller reducerende 

(H2) atmosfære med katalysatortemperaturer i området fra 400 til 550 °C. De producerede bioolier 

blev analyseret ved f.eks. fugtigheds- og elementaranalyse, totalt syretal (TAN), basisk 

nitrogenindhold, størrelseseksklusionschromatografi (SEC), fordampnings-karakteristika, 

gaskromatografi (GC) med massespektrometri (MS)/-flammeioniseringsdetektor (FID), GC×GC-

ToF/MS eller -FID, 1H og 13C nukleær magnetisk resonans (NMR) spektroskopi og 2D HSQC 

NMR. Udover de katalytiske tests på pilotopstillingen blev katalysatorscreeninger udført i et 

tandem-mikropyrolysesystem. Her blev pyrolysedampene ledt til katalysatoren i pulser, hvorefter 

de ikke-kondenserede tjæredampe blev direkte analyseret med GC-MS/FID/TCD. Karakterisering 

af både friske og brugte katalysatorer inkluderede elementanalyse, temperaturprogrammeret 

desorption (TPD) af NH3, CO2 og ethylamin, røntgendiffraktion (XRD), elektronmikroskopi 

(SEM-EDS og TEM), pyridin-FT-IR, 27Al NMR, termogravimetrisk analyse (TGA) og 

porekarakterisering via argon og N2 fysisorption. I både pilot- og mikroskalasystemet blev 

katalysatorens deaktivering undersøgt som funktion af det kumulative forhold mellem biomasse 

og katalysator (B:C, vægt/vægt). Koksaflejringerne på katalysatoren blev efterfølgende 

kvantificeret via oxidativ katalysatorregenerering. 

 Først blev indflydelsen af katalysatordeaktivering fra koks i forhold til biooliens 

egenskaber undersøgt for en standard mikroporøs HZSM-5 zeolit. Før opgraderingen fandt sted 

blev zeolittens surhedsgrad reduceret ved dampbehandling, således at de efterfølgende 

hydrotermiske betingelser under de katalytiske tests ikke mærkbart reducerede katalysatorens 

surhedsgrad yderligere. Dette gjorde det muligt at tilskrive katalysatorens deaktivering utvetydigt 
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til kulaflejring. Den trinvise opsamling af bioolier under biomasseopgradering og 

katalysatordeaktivering viste at udbyttet af deoxygenerede kulbrinter faldt, mens udbyttet af 

oxygenerede forbindelser og surheden (TAN) af bioolien steg. Ved lav B:C blev indholdet af 

aromater klart forbedret, og indholdet af sukker og aldehyder blev reduceret, dog førte zeolittens 

høje aktivitet fra start til dannelse af kul og lette gasser, hvilket reducerede det samlede olieudbytte. 

Dernæst blev mesoporøsitet introduceret i HZSM-5 med Si/Al = 16, 28 og 39 via 

desilikation, efterfulgt af en mild syrevask. Dette tillod drift til højere B:C grundet den forbedrede 

adgang til mikroporerne. Gasfase opgraderingen blev udført ved 500 °C over de hierarkiske 

HZSM-5-katalysatorer og deres oprindeligt ubehandlede versioner på det kontinuerlige pilotskala 

pyrolysesystem. De hierarkiske prøver viste en forøget tendens til kulaflejring sammenlignet med 

deres mikroporøse versioner. Den mesoporøse HZSM-5 fra desilikationen af HZSM-5 med 

molære Si/Al-forhold på 28 og 39 viste en forlænget aktivitet af deoxygeneringen og et forbedret 

kulstofudbytte i bioolien sammenlignet med modparterne. Den mesoporøse HZSM-5 afledt fra 

desilikation af HZSM-5 med Si/Al = 16, som ikke viste nogen forbedret performance, havde det 

laveste mikroporøse volumen og krystallinitet og den højeste mesoporositet blandt de testede 

katalysatorer. Dette indikerer at introduktion af et mildt niveau af mesoporøsitet, med overvejende 

bevaret krystallinitet og mikroporøse egenskaber, gavner tilgængeligheden af aktive domæner 

under tilkulning af katalysatoren. 

I forlængelse heraf, blev en mesoporøs HZSM-5 zeolit (Si /Al ~ 50), belagt med et tyndt 

lag (<20 nm) silicalit-1 zeolit, testet ved brug af mikropyrolysesystemet. Belægningen af 

zeolitterne resulterede i et gennemsnitligt Si/Al-forhold på ~ 70, hvilket selektivt passiverede 

eksterne syre sites. Selvom tilbøjeligheden til koksdannelse var højest for den mesoporøse HZSM-

5 (5.1 vægt% af kulstoffet i den tilførte biomasse ved B:C ~ 1), udviste denne type forbedret 

omdannelse af oxygenater (15 vægt% ilt i de ikke-kondenserede dampe) og en højere tolerance 

mod deaktivering fra kul sammenlignet med den konventionelle HZSM-5 (20 vægt% ilt i de ikke-

kondenserede dampe). Belægningen af den mesoporøse HZSM-5, med silicalit-1, reducerede 

antallet af syre sites pr. masse katalysator med ∼20%, hvilket tilskrives tilsætningen af det inerte 

silicalit-1-lag og passivering af de eksterne syre sites. Sammenlignet med den mesoporøse HZSM-

5 reducerede det tilsatte silicalite-1 lag kuldannelsen med 43% (fra 5.1 til 2.9 vægtprocent kulstof 

af den tilførte biomasse) for den samme katalysatormasse og med 8% (4.7 vægtprocent af tilført 

biomasse-kulstof) ved en forøget katalysator tilførsel svarende til det samme samlede antal syre 

sites. Den forbedrede tolerance over for deaktivering observeret for den mesoporøse HZSM-5 

kerne blev i vid udstrækning bevaret for små oxygenater som syrer, alkoholer og aldehyder. 

En yderligere undersøgelse blev udført på pilotskalaenheden for at sammenligne 

deoxygeneringsaktiviteten af -Al2O3 med HZSM-5 og med ekstrudater bestående af begge 

komponenter. Derudover blev mesoporositet indført i zeolitkomponenten i HZSM-5/-Al2O3 via 
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desilikation. Øget aromatisering og begrænset kuldannelse blev observeret for katalysatoren 

indeholdende HZSM-5, ved sammenlignet med -Al2O3, på grund af dennes form-selektive 

mikroporer. Ikke desto mindre var -Al2O3 effektiv til deoxygenering. -Al2O3 viste derudover 

også andre fordele, såsom lav pris og god hydrotermisk stabilitet med hensyn til surhed. 

Imprægnering af -Al2O3 med Na2CO3 (20 vægt%) tilføjede basiske egenskaber, mens 

katalysatorens syreindhold blev reduceret med 80%. Mikro-pyrolysetests viste at Na2CO3 især 

sænkede udbyttet af syreholdige forbindelser, samtidig med at et højt udbytte af ketoner og CO2 

blev observeret, hvilket indikerede ketonisering. Na katalyserede koksforbrændingen under 

katalysatorregenereringen og sænkede forbrændingstemperaturen med ~100 °C, mens 

koksudbyttet også faldt. Efterfølgende pilotskala forsøg undersøgte stabiliteten af katalysatoren 

under seks reaktions-/regenereringscyklusser. Na2CO3 var yderst effektiv til at reducere 

surhedsgraden af bioolier, og lave TAN (<4 mg KOH/mg) kunne bevares op til høje B:C-forhold 

(~13). For et given TAN muliggjorde dette en forlænget drift (til højere B:C-forhold) og 

resulterede i højere olieudbytter sammenlignet med anvendelse af sure katalysatorer, såsom 

-Al2O3 og HZSM-5 zeolit. Ved et energiudbytte i bioolien på ~60-70%, i forhold til råbioolien, 

var deoxygeneringsgraden sammenlignelig med de sure katalysatorer. Drift til højere B:C-forhold, 

samtidig med at en god deoxygeneringsgrad på ~60% blev overholdt, gjorde det muligt at øge 

energiudbyttet til ~ 85% i forhold til den ikke-behandlede bioolie. Katalysatoraktiviteten var stabil, 

og Na forblev godt fordelt på bæreren trods hydrotermiske betingelser. 

I et forsøg på yderligere at øge energibevarelsen og opretholde et højt niveau af 

deoxygenering blev atmosfærisk hydrodeoxygenering (HDO) undersøgt over katalysatorer 

indeholdende Pt (0.5 vægt%) og MoO3 (10 vægt%) med TiO2 som bæremateriale. Derudover blev 

en industriel molybdæn-baseret reducerbar metaloxidkatalysator (MoO3/Al2O3) også undersøgt. 

Ved 50 vol.% H2 reducerede alle de tre HDO-katalysatorer effektivt oxygenindholdet i bioolierne 

til ~7–12 vægt% (tør basis) sammenlignet med en ikke-katalytisk reference (23 vægt% O). 

MoO3/TiO2 var mindst effektiv til omdannelse af syreholdige forbindelser (TAN = 28 mg / KOH), 

mens Pt/TiO2 og MoO3/Al2O3 opnåede olier med TAN på ~13 mg KOH/g (ikke-katalytisk = 

66 mg KOH/g). Sammenlignet med de katalysatorer som brugte TiO2 som bæremateriale 

producerede den industrielle MoO3/Al2O3katalysator et højere udbytte af kul på bekostning af 

kondenseret bioolie. Ved 50 vol.% H2 udviste MoO3/Al2O3 identiske resulter ved sammenligning 

med Pt/TiO2 med hensyn til deoxygenering og energiudbytte i den kondenserede bioolie, og ved 

forøget H2-koncentration til 90 vol.% kunne energiudbyttet øges yderligere. Pt/TiO2 udviste højere 

selektivitet til alifatiske forbindelser, mens MoO3-baserede katalysatorer favoriserede aromater på 

grund af lavere hydrogeneringsaktivitet. Pt/TiO2 viste de laveste kuludbytter, da dette ved et B:C 

på ~8 kun var 0.6 vægt% af den tilførte biomasse. Yderligere blev et oxygen indhold på 11 vægt% 
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sammen med et kulstof- og energiudbytte på henholdsvis 34 % og 42 % observeret for den 

udvundne bioolie. 

Den fluidiserede katalytiske krakning af bioolie fremstillet fra tjærebehandling med 

HZSM-5/Al2O3 og bioolier fremstillet uden behandling fra hvedestrå og træ blev undersøgt i 

samarbejde med Equinor under anvendelse af en mikroaktivitetsforsøgsenhed. Bioolierne blev 

sam-tilført i en 20/80 vægtblanding (bioolie/FCC-råmateriale), og ændringen i produktfordelingen 

blev undersøgt. Ved konstant omdannelse (77,5%) ved MAT, udviste træpyrolyseolien en 

produktfordeling, der svarer til referenceolien, mens halmpyrolyseolien gav et 1.6 procentpoint 

højere kuludbytte og et 1.2 procentpoint lavere flydende petroleumgasudbytte. For den katalytisk 

behandlede halmpyrolyseolie observeredes et endnu højere kuludbytte (2.6 procentpoint) og 

1.9 procentpoint lavere LPG-udbytte. Observationerne tilskrives det højere indhold af aromater, 

phenoliske stoffer og nitrogenholdige forbindelser af den katalytisk opgraderede 

halmpyrolyseolie, hvilket fører til hurtigere katalysatorkoksning. 

Til sidst blev deoxygeneringen af tjære-dampe, der blev genereret i en forgasningsgas med 

lav temperaturcirkulerende leje (LT-CFB), undersøgt som en fleksibel proces til co-produktion af 

bioolie af høj kvalitet, næringsstofrig aske og anvendelse af gassen til produktion af varme og 

kraft. Med fald i LT-CFB-pyrolysetemperaturen fra 690 til 570 °C var der mindre gas og mere 

kondenserbare organiske stoffer i produktstrømmen. Den højere brændværdi (HHV) for bioolien 

faldt fra ~35 til 30 MJ/kg på grund af højere oxygenindhold, fugtighedsindholdet og surheden af 

bioolien steg, mens koncentrationen af aromater og fenoler faldt. Udbyttet af de kondenserbare 

organiske stoffer, der blev opnået med LT-CFB-forgasseren, der arbejdede i temperaturområdet 

630-660 °C, var lavere (~ 12-16 vægt% af fodret biomasse) sammenlignet med hurtige 

pyrolysetemperaturer på 500-550 °C for maksimal produktion af bioolie (~ 36 vægt% af tilført 

biomasse). -Al2O3 og HZSM-5/-Al2O3 blev testet for opgradering af tjære, og begge 

katalysatorer forbedrede bioolie-kvaliteten med hensyn til øget HHV og nedsat iltindhold, 

fugtighedsindhold, TAN og basisk nitrogenindhold. Tjæredampbehandlingen med 

HZSM-5/-Al2O3 reducerede energiudbyttet af bioolie fra ~22% til ~20%, mens oxygenindholdet 

og TAN i bioolien faldt fra 13 vægt% oxygen og 34 mg KOH/g henholdsvis til 11 vægt% oxygen 

og 3 mg KOH/g. De katalytisk behandlede bioolier er således bedre egnet til yderligere 

forarbejdning i eksisterende olieraffinaderier. 

Dette arbejde viser, at en række forskellige heterogene katalysatorer er aktive i 

tjæredeoxygenering, men meget katalysatorer med stærk sur karakter har en tendens til at 

deaktivere hurtigt på grund af kulaflejring. Modifikation af porestrukturen kan til en vis grad 

nedsætte deaktiveringshastigheden og forbedre ydedygtighed af HZSM-5 zeolit. Alternative 

katalysatorsystemer, såsom Na-Al2O3, forekommer imidlertid stabile og kan opnå sammenlignelig 

eller endda bedre energiudbytte af bioolie sammenlignet med HZSM-5 ved en rimelig 
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deoxygenering på ~ 60-70%. Energiudvinding af bioolie forbedres yderligere, når der påføres 

TiO2-supporteret MoO3- eller Pt-katalysator under brintatmosfære. Resultaterne af nærværende 

arbejde antyder, at mild deoxygenering kan være en effektiv måde til forbehandling af 

hvedehalmstråafledt pyrolysedampe før deres videre behandling via FCC eller hydrotreating i 

konventionelle raffinaderier eller direkte anvendelse som et vedvarende brændstof til 

skibsdieselmotorer
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Chapter 1 |  Introduction and background 

The following sections provide the reader with a brief general background on the demand 

for renewable transportation fuels (section 1.1), biomass characteristics (section 1.2), the fast 

pyrolysis of biomass (section 1.3), the catalytic upgrading of pyrolysis vapors and refinery 

integration (section 1.4), and an overview of the variety of catalysts tested for vapor upgrading 

(section 1.5). Section 1.6 outlines the content of the thesis. The chapters 2–9 are dedicated to 

specific aspects or catalysts for the catalytic upgrading of biomass derived fast pyrolysis vapors. 

Each of these chapters contains a more specific introductory background section. 

1.1 Demand for bio-fuels in the transport sector 
The US Energy Information Administration (EIA) projects that world energy consumption 

will grow by nearly 50% between 2017 (~113000 TWh [1]) and 2050, particularly due to strong 

economic growth in Asia and the increasing world population [2,3]. The energy demand of today’s 

world is mainly covered by the combustion of fossil fuels derived from depleting resources [2]. 

The associated greenhouse gas (GHG) emissions [4] lead to global warming and the emerging 

impacts of climate change [5,6], with rising public awareness. The European Union (EU) 

commission aims to reduce greenhouse gas emissions by 40 % for 2030 compared with 1990, with 

at least 32% of the total energy consumption being renewable energy [7]. Different technical 

solutions are needed to replace the energy contribution of fossil resources in various fields. Wind 

and solar-based electricity production play an important role. In addition, nuclear power is a 

conceptually viable option with low carbon emissions, however the harmful nuclear waste from 

nuclear power reactors is a major drawback. For the transportation sector, the EU commission 

proposed to decrease the fraction of 1st generation biofuels (bio-ethanol and bio-diesel from food 

crops), and fuel suppliers should be required to increase the share of renewable fuels into their 

products, thereby encouraging the development of advanced biofuels [8]. While the share of 

electric passenger car vehicles is increasing, their penetration into the EU market is slow [9]. For 

the heavy vehicle transportation sector such as trucks, ships, and airplanes, it is difficult to envision 

electric and/or hybrid technologies replacing these heavy-duty engines in the near-term. 

As such, biomass is expected to play an important role to replace fossil hydrocarbon fuels 

and chemicals [8,10]. Biomass is a renewable resource of organic carbon, and its diverse chemical 

composition allows it to be converted into a wide range of products. Biomass should be considered 

as a precious resource and should be sourced in a sustainable way [10]. It is therefore important to 

develop effective biomass-to-liquid conversion processes based on both the biomass chemistry 

and the industrial demands. The conversion of biomass into liquid fuels can be classified into three 
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main approaches: (i) conversion of biomass into bio-ethanol and bio-diesel, (ii) conversion of 

biomass feedstock into syngas and subsequent conversion of this product into liquid fuels, and (iii) 

using thermochemical methods to convert biomass into bio-oil and further upgrading to 

transportation fuels. The first approach, comprising the production of ethanol by fermentation [11–

13] of corn (US) or sugar cane (Brazil) and the generation of bio-diesel by transesterification of 

vegetable oils, is commercially available and nowadays accounts for about 90% of the biofuel 

market [14]. The major disadvantage of crop-based fuels is that it may compromise food 

production if the massive quantities of petroleum-based transportation fuels are to be replaced. 

This led to greater emphasis on second-generation bio-fuel production from ligno-cellulosic 

feedstocks, such as second-generation bio-ethanol. 

The second approach gasifies biomass to syngas [15] and converts the syngas to liquid 

hydrocarbons via Fischer-Tropsch or methanol synthesis, as for example demonstrated in the 

bioliq® Process [16]. High temperatures of >1200 °C are involved in the gasification step, and an 

overall energy recovery of ~42% to synthetic fuel has been reported [17]. 

In the third approach, liquid bio-oil is produced via liquefaction [18–20] or fast pyrolysis 

[21–23]. This approach requires only a single reactor, and a large fraction of the biomass energy 

(50–70%) can be converted into a liquid intermediate [19] with increased energy density compared 

to biomass. Pyrolysis oil has a high oxygen content up to 50 wt.% [22–30] and several other 

adverse properties such as high acidity, chemical instability, high moisture content, and low 

heating value. While it is principally possible to convert the bio-oil to hydrocarbon fuels under 

high hydrogen pressure (100-300 bar) and medium temperatures (~300 °C) using a conventional 

hydrotreating catalyst, the reactive oxygenates in the bio-oil tend to polymerize on the catalyst, 

leading to deactivation and reactor plugging issues [31–34].  

1.2 Biomass and thermal decomposition 
Lignocellulosic biomass is a complex and heterogeneous material and its organic structure 

consists mainly of cellulose, hemicellulose, and lignin, in varying proportions depending on 

biomass. A few examples of valuable biomass resources are woody biomass and forestry residues, 

herbaceous biomass, livestock manure, and other agricultural waste. The biomass cost ranges from 

less expensive fractions, such as straw and manure fibers or even negative prices (sewage sludge, 

and animal or municipal waste), to rather expensive wood pellets since these can be utilized in 

existing combined heat and power plants. The cellulose component is a linear polymer of 

β-D-glucopyranose units without branches, which are linked by hydrogen bonds. Cellulose is 

comprised of both crystalline and amorphous regions [35], and based on its chemical properties it 

provides mechanical strength to the biomass structure as well as an increased thermal stability. 

The pyrolysis of cellulose occurs in the temperature range (315–400 °C) [36], and its 



Introduction and background 

3 

 

depolymerization products include levoglucosan, 5-hydroxymethylfurfural, and furfural, 

accompanied by fragmentation products such as CO,CO2, hydroxyacetaldehyde, hydroxyacetone, 

and acetaldehyde [37,38]. Hemicellulose consists of different monosaccharides such as pentoses 

(e.g. D-xylose, L-arabinose), hexoses (e.g. D-glucose, D-mannose), and acidified sugars (e.g. 

D-galacturonic acid). In contrast to cellulose, hemicellulose is branched, amorphous, and has a 

lower degree of polymerization, thus leading to an easier thermal decomposition in the range of 

220–320 °C [36]. The depolymerization products of hemicellulose include furfural, levoglucosan, 

and levomannosan, and its fragmentation products include CO, CO2, acetic acid, formic acid, 

methanol, hydroxyacetaldehyde and hydroxyacetone [37]. Lignin is a three-dimensional 

polymeric structure with highly cross-linked amorphous structure and is built based on 

p-coumaryl, coniferyl, and sinapyl alcohols linked by mainly carbon-carbon and ether bonds [39–

42]. A detailed characterization of the structure of lignin present in herbaceous biomass can be 

found in refs. [43–45]. Lignin is the most difficult organic biomass component to decompose due 

to a wide range of chemical bonds strength and it has a very high charring tendency [36]. The 

depolymerization products of lignin include guaiacol, catechol, cresol and phenol, and its 

fragmentation products include CO, CO2, CH4, acetic acid, methanol, and formaldehyde [37]. In 

the biomass structure, lignin serves as a binder for cellulose and hemicellulose components.  

Biomass can further contain appreciable amounts of inorganic matter [29,46]. Vassilev et 

al. [47] investigated the chemical composition of a variety of biomass types and reported the most 

common elements in biomass in decreasing order of abundance to C, O, H, N, Ca, K, Si, Mg, and 

various other inorganic elements. The inorganic matter in biomass is present in different chemical 

states, for example as (i) minerals such as SiO2, (ii) metals ionically bonded to the biomass 

structure such as alkali and alkaline earth metals (AAEMs), and (iii) covalently bonded elements 

in the organic structure such as P and S [48]. The biomass indigenous inorganic elements are 

known to influence the thermal stability of biomass [49]. The alkali metals K and Na, and to a 

lesser extent the alkaline earth metals Ca and Mg catalyze the thermal degradation of the organic 

biomass matrix [49–53]. AAEMs are also known to promote secondary cracking and several 

thermolysis reactions that modify the pyrolysis product distribution by increasing the yields of 

char, water, and gases [54–57], resulting in a lower yield and quality of liquid organic compounds. 

Generally, herbaceous biomass contains a higher content of inorganics and lower lignin contents 

compared to woody biomass types [46], whose ash content is usually <1% [47]. This explains why 

fast pyrolysis of wheat straw gives significantly lower liquid yields than hardwoods [29,58]. It is 

worth mentioning that the biomass indigenous minerals can be removed via various treatments 

[55,59–62], leading to increased yield of fast pyrolysis oil and lower char and gas products, 

especially CO2. Drawbacks of the pretreatment are the increased cost and added complexity. In 
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addition, the resulting bio-oil from fast pyrolysis of de-mineralized feedstocks shows a higher 

oxygen content. 

1.3 Fast pyrolysis 
Several excellent reviews explain essential features of a fast pyrolysis (FP) process for the 

production of bio-oil liquids [23–27,63–73]. At very high heating and heat transfer rates, the 

biomass particles decompose rapidly to generate a liquid (bio-oil), a solid (char), and a gaseous 

product fraction. Different fast pyrolysis reactor types, such as bubbling fluidized bed, circulating 

fluidized bed, rotary cone, auger, and ablative reactor technologies have been developed, 

distinguished, among other, by different heat transfer methods. The advantages and disadvantages 

of each reactor design have been reviewed in refs. [24,26,64,74]. The primary pyrolysis vapors 

generated by the fast pyrolysis of biomass at atmospheric pressures consist initially of low-

molecular-weight compounds, e.g. derived from cracking of different sidechain structures and 

methoxy groups in lignin, which however polymerize readily upon condensation. More detailed 

information on the pyrolysis mechanism of lignocellulosic biomass can be found in 

refs. [37,67,75,76]. The product distribution depends on the operating conditions, e.g. fast 

pyrolysis of woody biomass yields ~60% of liquid organics while at slow pyrolysis this fraction 

may decrease down to ~10% due to increased char and gas formation. The typical temperature and 

timescale range of FP is around 500 °C and 1 s. The residence time, determined by the volume of 

the reactor and the gas flow, plays a crucial role in determining the product yields and the 

composition of the various constituents in the oil and gas phase [24]. Product chars should be 

rapidly removed in order to minimize cracking of vapors. After rapid cooling and condensation, a 

dark brown liquid is formed which has a heating value about half that of conventional fuel oil [24]. 

The typical energy recovery of bio-oil is 45-75% depending on different biomass types [77]. The 

by-products char and gas can be utilized to provide the process heat requirements. In general, the 

liquid yield depends on biomass type, temperature, hot vapor residence time, char separation, and 

biomass ash content [24,72]. The reaction temperature has a significant influence on the liquid 

yield and quality [57,78,79], and the temperature at which the maximum liquid yield is achieved 

varies with the feedstock (and reactor technology), as shown in Fig. 1-1. The maximum yield of 

liquid organics (water-free) for woody biomass occurs at ~450–500 °C, while for wheat straw the 

maximum yield of organics is lower (~45-50 wt.%) and occurs at 525–550 °C [58,78,80]. It can 

also be seen that the char yield of wheat straw (4-6 wt.% ash) or bark (7% ash) is higher compared 

to woody biomass with <1 wt.% ash, in line with reports by Oasmaa et al. [81] who found a linear 

negative dependence of bio-oil yield and ash content. The yield of bio-oil can be increased and the 

yields of char and gas can be decreased by de-mineralization, as shown for acid-washed wheat 

straw (labeled ‘straw-ac’ in Fig. 1-1), for which 26% of its initial ash content (4.7 wt.%) was 
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removed [82]. The organics in the bio-oil contain the energy content of the condensed liquid. While 

other works can be found that investigated the effect of pyrolysis temperature on the liquid yield, 

they lack an indication of the bio-oil moisture content and thus do not allow to determine the yield 

of water-free organics [83–85]. The yield of reaction water for wheat straw is higher compared to 

woody biomass (Fig. 1-1), in line with a decreased bio-oil oxygen content (see Table 1-1). While 

in some instances an effect of biomass moisture on the product distribution is claimed, particularly 

an increase in char yield [72,86], others found no significant effect on the pyrolysis product 

distribution when varying the moisture content [80].  

 
Fig. 1-1. Yield of oil, water, char, and gas for different biomass types as a function of temperature. The 

data was compiled from multiple authors [58,78,80,82,86,87], as indicated. The reference Toft [86] fitted 

five data sets obtained for woody biomass from different sources. No gas yield was reported by Mourant et 

al.’s work [87], and no water yield was reported in refs. [58,78,87].  

A comparison of the properties of heavy oil, wood FP oil, wheat straw FP oil, and acid-

washed wheat straw FP oil is summarized in Table 1-1. Compared to heavy oil, biomass pyrolysis 

oil has a high oxygen content up to ~50 wt.% (as received) [22–30] and several other adverse 

properties such as high acidity, chemical instability, high moisture content, immiscibility with 

conventional liquid fossil fuels, and low heating value [23,24,65]. Pyrolysis oil has a distinctive 

unpleasant smell due to the presence of low molecular weight compounds such as aldehydes and 

acids. The need for stabilization of the bio-oil, e.g. by addition of alcohols, depends on a series of 

parameters: the storage temperature, the time the bio-oil should be stored, the time required for 

transport, and the apparent stability of the specific bio-oil batch [30,88–90]. During storage, 
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polymerization reactions may increase the molecular weight and viscosity of the bio-oil [90]. If 

the bio-oil contains fine char particles, these can cause difficulties during injection in boilers and 

engines and make it unsuitable for turbines. The chars can also agglomerate and sediment over 

time, leading to a more viscous separated phase [91]. Any alkali metals in the chars increase the 

storage instability by catalyzing secondary polymerization reactions during storage [92]. Hot gas 

filtration of pyrolysis vapors prior to condensation produces a bio-oil with very low particulate 

content and with very low concentrations of AAEMs, which greatly improves the stability 

compared to unfiltered oil [91,93,94]; however, the extended residence time of the vapors and the 

cracking reactions on the developing char filter cake can lower the organic liquid yield to some 

extent [91].  

Table 1-1. Properties of heavy fuel oil and fast pyrolysis oils derived from woody biomass, wheat straw, 

and acid-washed wheat straw. The data was compiled from refs. [24,30,73,77,82,95–99]. 

  
heavy fuel oil wood FP oil straw FP 

demineralized 

straw FP 

Moisture content (wt. %) 0.1 15-30 26 18 

pH - 2.5-3.2 3.8 n.d. 

TAN [mg KOH/g] <1 70-100 ~70 n.d. 

Specific gravity 0.94 1.1-1.2 1.15 n.d. 

HHV (MJ/kg, wet basis) 40 16–19 17.6 17.8 

Viscosity (measured at 50 °C) (cP) 180 20-100 25 n.d. 

Distillation residue  0.2 up to 50% ~30% n.d. 

Elemental composition     

C (wt. % d.b.) 85 54-58 59 53 

H (wt. % d.b.) 11 5.5-7 8 6 

O (wt. % d.b.) 1 35-40 32 41 

N (wt. % d.b.) 0.3 0–0.1 1.6 0.1 

S (wt. % d.b.) 0.2-1 0-0.05 0.07 n.d. 

 

The decomposition products of the constituents cellulose, hemicellulose, and lignin 

provide a wide range of compounds in the derived liquids (see Fig. 1-2), which can be utilized for 

production of chemicals and transportation fuels. However, as the bio-oil contains hundreds of 

different species, the extraction of valuable chemicals at sufficiently high yields is challenging. 

Mainly acetic acid, hydroxyacetaldehyde, acetol, phenols, and levoglucosan are of interest to be 

converted into value-added coproducts [100,101]. In order to stabilize the bio-oil and decrease its 

acidic nature, further upgrading is required [102,103], as explained in following sections.  
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Fig. 1-2. Composition ranges of oxygenates in wood pyrolysis bio-oil correlated according to their 

lignocellulosic biomass source. The figure was reproduced from Ruddy et al. [104], who used the data 

collected by Milne et al. [105].  

1.4 Catalytic fast pyrolysis (CFP) and refinery integration 
Due to the wide diversity of chemical compounds and their reactivity in bio-oil, the 

biomass-to-liquid process needs further development, for example by enhancing the selectivity of 

certain compounds. Such process development could include biomass pre-treatment, optimization 

of the biomass devolatilization step, and/or downstream vapor upgrading (Fig. 1-3). In catalytic 

fast pyrolysis (CFP), a catalyst is added either in the pyrolysis reactor (in-situ CFP) or downstream 

(ex-situ CFP) in a separate fixed or fluid bed reactor in order to achieve vapor upgrading prior to 

condensation and produce a more stable bio-oil, as illustrated in Fig. 1-3. The reader can find many 

good reviews related to catalysts and both in-situ and ex-situ CFP [104,106–122]. It is worth 

mentioning that besides using a single bed and/or catalyst for pyrolysis vapor upgrading in ex-situ 

CFP, dual-bed approaches and physical mixtures of catalysts have been investigated [123–128]. 

Further off-site catalytic upgrading of condensed pyrolysis oil in refinery processes [129] is 

considered as ‘further processing’ rather than ‘CFP’ in this work. The CFP process reduces carbon 

losses to char and problems with reactor plugging experienced when reheating regular fast 

pyrolysis oil for further upgrading, besides the additional energy required for the additional 

reheating and condensation steps. Advantages of the in-situ approach are a simpler process 

configuration, a shorter vapor residence time, and a more intimate contact between vapors and 

catalyst, which can improve selectivity to desired products. The drawback of in-situ upgrading is 

that the biomass ash species may deactivate the catalyst, and the separation of char and catalyst 

fines may be challenging. In the ex-situ configuration, the ash-rich char can be separated by a hot 

gas filter prior to the catalytic reactor, thereby reducing the risk of catalyst poisoning. This 

approach also provides flexibility in the catalytic upgrading step, as the catalyst temperature can 

be regulated differently than the pyrolysis temperature. The condensed liquid often separates out 

an aqueous phase, and research of recovering valuable products from this stream is ongoing [130–
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133]. Within this thesis, the ex-situ catalytic upgrading after hot gas filtration was investigated, 

along with possible further co-processing of the obtained bio-oils with conventional fossil streams 

via catalytic cracking (green shaded in Fig. 1-3).  

 
Fig. 1-3. Outline of catalytic fast pyrolysis process coupled with further bio-oil processing and application 

options. Optional process configurations are shown in brackets. The research reported in this thesis is 

related to the green shaded boxes.  

The simultaneous decrease of the atomic O/C and H/C ratio during catalytic vapor 

upgrading (Fig. 1-4a) indicates that dehydration is a significant pathway for deoxygenation, along 

with the increased gas yield producing CO and CO2. Due to the hydrogen deficiency of biomass 

[134], CFP oils have an H/C ratio of ~1.0–1.3, significantly below fossil fuels (H/C ~2) while the 

oxygen content in the produced liquid often remains considerable [135–137]. Venderbosch [138] 

pointed out the challenge to develop highly selective deoxygenation catalysts considering the 

limited hydrogen availability in biomass. Many researchers investigated the co-feeding of 

hydrogen-rich materials such as plastics [139–142] and alcohols [143] as hydrogen donor .  

Generally, when CFP is operated at high catalyst-to-biomass, i.e. low B:C ratios and/or in 

the initial upgrading phase, a high extent of vapor deoxygenation occurs at the expense of carbon 

losses to COx and coke [97,135–137], which reduces the yield to upgraded bio-oil. With operation 

to higher B:C ratios, the catalyst’s activity decreases due to coking and both the yield and oxygen 

content of the bio-oil increases, as shown in Fig. 1-4b. 

The reaction atmosphere can have a positive influence on the bio-oil yield and quality, e.g. 

the recycling of CO/CO2 and light olefins could lead to incorporation of reactive olefins, especially 

after catalytic cracking [144–148] and a slight decrease in the char/coke yield [145]. Catalytic 

hydrodeoxygenation (HDO) under atmospheric or elevated pressure uses hydrogen to remove 

oxygen selectively as water without breaking of molecular carbon backbones, thereby reaching 

higher H/C ratios in the liquid product during deoxygenation at increased carbon yields by 
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decreasing the carbon losses to light gases and coke [31,104,149]. While hydrogen is expensive, 

excess wind and solar power could go into producing H2 that would then find use in the bio-oils 

as an energy storage media. Methane or natural gas is considerably cheaper than H2 and benefits 

are also claimed for conducting CFP under methane atmosphere [150–154].  

 
Fig. 1-4. (a) Van Krevelen plot showing the atomic O/C and H/C ratio of biomass feedstock, fast pyrolysis 

oils (FP oil) and bio-oil obtained from catalyst vapor upgrading (CFP oil). The indicated regions were 

compiled from multiple data sets [97,155–159], and the atomic ratios are calculated on a water-free basis. 

(b) Correlation of bio-oil yield and oxygen content in the bio-oil as a function of cumulative biomass-to-

catalyst ratio (w/w) for HZSM-5 based catalysts at ~400-500 °C. Data was obtained from several authors 

for FP of woody biomass [135,137,158,160], rice husks [161], and acid-washed wheat straw [82]. 

Possible refinery integration: Bio-oils can play an important role in the petrochemical 

industry and in the transition to bio-based refineries. Bio-oil may be (i) blended with fossil 

resources as a drop-in fuel, (2) applied as a direct substitute to fossil supplies, or (3) used as 

feedstocks in new conversion routes. There are several possibilities for integrating biomass derived 

FP oils into conventional refineries [100,129,162–167]. Raw FP oil may be processed via fluid 

catalytic cracking (FCC) and/or hydrotreating, however the immiscibility, acidity, and high 

reactivity are problematic (see section 1.3). Rather than processing the highly oxygenated raw FP 

oil, the compatibility with refinery streams may be improved for CFP oil or FP oil that has received 

a mild hydrotreatment after condensation [165]. This approach takes advantage of the existing 

infrastructure for production, supply and utilization of chemicals and transportation fuels. In 

addition, the economy of scale and experience of conventional refineries is utilized while reducing 

the global reliance on fossil feedstocks.  

The introduction section of chapter 6 in this thesis provides additional background on this 

topic. It is important to note that deep deoxygenation using CFP usually results in low carbon 

efficiency (see Fig. 1-4b), which in turn translates to a high fuel price even though the hydrogen 
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demand during hydrotreating (HT) is decreased. On the other hand, HT of highly oxygenated raw 

FP oil (obtained at higher yields) has a very high hydrogen demand and thereby will increase the 

fuel price as well. This indicates that an optimum combination exists between mild CFP at 

reasonable carbon yields and mild hydrotreating. 

1.5 Catalyst types 
Ideal catalysts should produce high quality and yield of bio-oil, while having hydrothermal 

stability and being resistant to deactivation. Research on the development and optimization of new 

catalysts includes controlled formation of appropriate catalyst particles and tailoring the porosity, 

acidity, basicity, and metal–support interactions [168–170]. Due to the large fraction (up to 

20 wt.%) of reactive aldehydes in the bio-oil, catalysts promoting aldol condensations such as 

acids, base, and acid–base bi-functional catalysts have been investigated [171]. TiO2, ZrO2, and 

CeO2 catalysts are amphoteric and have a high activity for ketonization [172–178].  

1.5.1 Zeolites and other solid acids 

Catalytic cracking does not require hydrogen and utilizes solid acids such as silica–

alumina, alumina, zeolites [127,135,179–183], and combinations thereof, e.g. FCC catalysts, as 

well as metal oxides such as zinc oxide, zirconia, ceria, and copper chromite. The microporous 

zeolite HZSM-5 has been the most extensively used catalyst for CFP as it was found effective for 

removing oxygen from pyrolysis vapors while increasing the yield of aromatic species and 

decreasing the bio-oil molecular weight [108,160,184,185]. Amongst other common zeolites such 

as Mordenite, Beta, and Y, the yield of aromatics was highest for HZSM-5 while the coke yields 

were lowest [186]. It is worth mentioning that the hydrothermal stability of zeolites can be 

increased by phosphorous incorporation [187–192]. Optimization of the pore structure of zeolites 

during the synthesis and post-synthesis attracted significant research efforts [193–202], and 

chapters 3-4 of this thesis are related to this aspect.  

Mesoporous aluminosilicates such as MCM-41 and versions thereof with incorporated 

elements (Ni, Al, Co, Mo, Fe, Cu) were tested for CFP [114]. Al-doped MCM-41showed increased 

steam stability [135,170,203–207] and similar activity to γ-Al2O3 [182]. 

While also zirconia-based solid acids have a high catalytic activity, WO3 or MoO3 based 

catalysts offer several advantages over zeolite and clay-based catalysts such as water tolerance and 

activity over a wide range of temperatures. WOx/ZrO2 is highly active for small hydrocarbon 

activation, isomerization, and dehydration of hydrocarbons [208–211].  
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1.5.2 Metal oxides and basic catalysts 

Many C–C bond forming reactions such as Aldol additions and condensations, 

Knoevenagel condensations, Michael additions, and ether and ester formation (Tishchenko 

reaction) are catalyzed by bases. Alkaline-earth metal oxides such as MgO and MgO-based mixed 

oxides are among the most promising solid base catalysts [135,212–216]. In addition, alkaline-

activated high-silica zeolites [217], and hydrotalcites [218–220], hydromagnesite, and mixed 

oxides like MgO-BaO and La2O3-MgO were tested for base-catalyzed condensation, cracking, and 

depolymerization reactions. While strong basic sites also led to rapid coking, it is expected that 

catalyst deactivation due to coke formation can be minimized by moderation of the basic strength.  

Compared to unsupported MgO, the silica-supported MgO, SrO and MgOSrO and HY-

supported MgO exhibited an almost five times higher activity, a higher stability and an improved 

selectivity, indicating that both acid and base sites are needed to achieve good catalytic 

performance for gas phase aldol condensation reactions [221].  

Natural AEM-based catalysts such as limestone (CaCO3), magnesium carbonate (MgCO3), 

and dolomite (CaCO3·MgCO3) are abundant and their calcined versions have high catalytic 

activities for tar elimination [216,222–224]. Lu et al.’s [225] investigation of nano metal oxides 

(MgO, CaO, TiO2, Fe2O3, NiO and ZnO) showed reduced aldehyde levels and increased formation 

of methanol, cyclopentanones, and phenols. CaO was able to greatly reduce the yield of acids, in 

agreement with findings by others [226–231]. Under reaction conditions, CaO will reform CaCO3 

[229,232], and as such both forms appear to be active. Good performance was also reported for 

Ca-rich Hydroxyapatite [233,234].  

CFP with ZnO showed only minor improvement of the viscosity and stability of the 

produced oils [216,235].  

Besides investigations of impregnating alkali compounds (NaOH, KOH, Na2CO3, K2CO3, 

KC2H3O2, and NaCl) directly into biomass, Na2CO3-supported on Al2O3 or silica-alumina was 

investigated in ex-situ CFP and found highly active for reduction of the acids via ketonization 

[236,236–240].  

Finally, multiple works tested red mud [89,241–250] for CFP, which is produced as waste 

product during bauxite refining of aluminum. Red mud is composed of many transition metal 

oxides and favors hydrogenation reactions and ketonization [251].  

 

1.5.3 Modifications for improved catalyst performance 

Both zeolite and metal oxides can serve as a support for promotion with metal/metal oxide 

[108,168]. Many different zeolite-supported metals were tested for upgrading of model compounds 

and real bio-oil, as summarized by Shi et al. [252]. Zeolites (mostly HZSM-5) have been tested 
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after promotion with Mg [253–255], Fe [256–261], Zn [152,262–265], Ga [255,263,266,267], Mo 

[268], Ni [255,263,266,268–272], ZrO2 [273–275], Co [137,268,269,276], Ce [277,278], La 

[279,280], Cu [255,281,282], B [140], and Sn [255] in CFP conditions.  

Under hydrogen atmosphere, zeolite modifications with precious metals, Ni, Co, and MoO3 

was investigated as summarized in the next section.  

 

1.5.4 Hydrodeoxygenation catalysts  

For HDO, very often bi-functional catalysts are utilized such as supported metal and 

bimetallic catalysts. In addition, transition-metal oxides, sulfides, carbides, nitrides, and 

phosphides were found active for atmospheric pressure HDO of biomass pyrolysis vapors and 

model compounds [104,124,283–295]. The catalyst classes employed for atmospheric HDP can 

roughly be grouped into four groups [211]: 

1) Precious metal promoted solid acids, e.g. Ru, Pd, or Pt-supported on zeolites, tungstated 

zirconia and aluminia [104,284,296,297]. Precious metals supported on reducible oxides 

such as TiO2, ZrO2 and CeO2 [149,155,298,299]. 

2) Precious metal promoted mixed metal oxides, e.g. Pt on Fe2O3/CuO. 

3) Metal phosphide such as Ni2P, Co2P, Fe2P, WP, RuxP and MoP promoted on solid acids or 

TiO2, ZrO2 and CeO2.  

4) Metal phosphide promoted mixed metal oxides, e.g. Ni2P on Fe2O/CuO. 

  

1.6 Outline 
The PhD project was part of a larger project (Polygas) with the aim of catalytically treating 

tars in the producer gas of a larger scale gasifier, operated specifically at low temperatures and 

high-tar mode, in order to decrease the tar concentration in the producer and utilize the tars as bio-

fuel. One of the main project objectives was the catalyst development for efficient tar 

deoxygenation and the improvement of the fuel properties of the collected bio-oils. Besides tests 

conducted at the larger gasifier, described further in chapter 7, the majority of catalyst development 

was performed using a separate bench scale fast pyrolysis unit.   

This thesis is based on original research and the thesis is structured as a compilation of the 

articles written during the PhD project. Each of the chapters 2 to 9 consists of a manuscript that 

has been submitted to a journal. As each manuscript contains both an introduction and a method 

section, some repetition may occur. In the following, the content of the thesis is briefly outlined in 

order to provide a better overview for the reader:  
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 Chapter 2 is a reprint of the article “Impact of ZSM-5 deactivation on bio-oil quality during 

upgrading of straw-derived pyrolysis vapors”. This chapter contains results obtained at an 

ablative-type bench scale fast pyrolysis setup after improvement of the condensation 

system and construction of a larger catalytic reactor to accommodate higher loadings of 

catalysts. This study used a ‘standard’ microporous HZSM-5 zeolite, which was steam 

treated prior to reaction tests and the overall focus of this paper was on the change in 

chemical composition and fuel properties of the bio-oil during catalyst deactivation. 

 Chapter 3 is a reprint of the article “Catalytic deoxygenation of vapors obtained from 

ablative fast pyrolysis of wheat straw using mesoporous HZSM-5”, where the performance 

of HZSM-5 with different Si/Al ratios modified by adding mesoporosity by desilication 

was investigated. The tests were conducted at the bench scale fast pyrolysis setup. Besides 

detailed catalyst characterization and investigation of the coking propensity, important 

properties of the obtained bio-oils were determined. 

 Chapter 4 is a reprint of the article “Performance of Mesoporous HZSM-5 and Silicalite-1 

Coated Mesoporous HZSM-5 Catalysts for Deoxygenation of Straw Fast Pyrolysis 

Vapors”. Thematically, this chapter is related to Chapter 3, investigating if the performance 

of mesoporous HZSM-5 can be further improved by addition of a thin silicalite-1 layer. 

This article was published as a shared first-authorship with Farnoosh Goodarzi from DTU 

Chemistry, who conducted the catalyst synthesis. Due to the limited sample amount 

available, the catalyst testing was performed in a micro-pyrolyzer system that allowed 

analysis of the non-condensed vapors in a gas chromatograph. 

 Chapter 5 is a reprint of the article “Deoxygenation of Wheat Straw Fast Pyrolysis Vapors 

using HZSM-5, Al2O3, HZSM-5/Al2O3 Extrudates, and Desilicated HZSM-5/Al2O3 

Extrudates”. Here, the deoxygenation performance of -Al2O3, as a cheap alternative 

catalyst, was compared to HZSM-5 and commercial extrudates of both components. In 

addition, it is shown that mesoporosity can be added to the HZSM-5/Al2O3 extrudates via 

desilication. All tests were conducted at the bench scale fast pyrolysis setup. 

 Chapter 6 is a reprint of the article “Co-processing of wood and wheat straw derived 

pyrolysis oils with FCC feed—Product distribution and effect of deoxygenation”. In this 

article, the bio-oil obtained from vapor treatment using HZSM-5/Al2O3 extrudates in 

Chapter 5 was tested along with non-catalytic bio-oils obtained from wood and wheat straw 

fast pyrolysis in a micro-activity testing unit for fluidized catalytic cracking at Equinor. 

Specifically, the bio-oils were co-processed at a 20/80 weight blend (bio-oil/FCC feed) and 

the change in product distribution was studied and interpreted for the different bio-oils.  
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 Chapter 7 is a reprint of the article “Catalytic upgrading of tars generated in a 100 kWth 

low temperature circulating fluidized bed gasifier for production of liquid bio-fuels in a 

polygeneration scheme”. This study used -Al2O3 and HZSM-5/Al2O3 catalysts for 

deoxygenation of tars generated at a low temperature fluid bed gasifier. The tar upgrading 

was performed on a producer gas side stream while using the same catalytic vapor 

treatment and condensation system as in the bench scale studies. The study investigated 

the effect of the gasifier temperature on the bio-oil yield and properties as well as the 

improvement in fuel properties by the catalytic treatment.  

 Chapter 8 is a reprint of the submitted manuscript “Deoxygenation of wheat straw fast 

pyrolysis vapors over Na-Al2O3 catalyst for production of bio-oil with low acidity”. Here, 

a different type of ‘low-cost’ catalyst with basic properties was investigated. The Na2CO3 

impregnated -Al2O3 catalyst was tested both at a micro-pyrolyzer for analysis for the non-

condensed vapors and at the bench scale fast pyrolysis setup for bio-oil collection. This 

study involved detailed characterizations of catalyst and bio-oil with focus on the 

regenerability and stability of the catalyst. 

 Chapter 9 is a reprint of the submitted manuscript “Enhancing bio-oil quality and energy 

recovery by atmospheric hydrodeoxygenation of wheat straw pyrolysis vapors using Pt and 

Mo-based catalysts”. In this work, the reaction conditions were changed to a hydrogen-

containing atmosphere and promising hydrodeoxygenation catalysts reported in the 

literature were tested at the bench scale fast pyrolysis setup. The effect of the H2 

concentration in the gas on the energy recovery of bio-oil and the chemical composition of 

the bio-oils was analyzed in detail.  

 

The appendices A-H provide additional details to the Chapters 2-9, according to the 

supplementary material of each of the manuscripts. 
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Chapter 2 |  Impact of ZSM-5 deactivation on bio-oil 

quality during upgrading of straw-derived pyrolysis 

vapors 

The content presented in this chapter was published in Energy & Fuels (33 (2019) 397–412. 

doi:10.1021/acs.energyfuels.8b03691). 

2.1 Introduction 
Catalytic fast pyrolysis (CFP) of biomass has the potential to produce partially upgraded 

bio-crudes which could be co-processed in existing petroleum refineries by fluid catalytic cracking 

or hydrotreating to obtain transportation fuels or chemicals. In an ex-situ configuration, the fast 

pyrolysis (FP) vapors are catalytically upgraded downstream the pyrolysis reactor, which allows 

to optimize the pyrolysis and upgrading conditions separately. As has been pointed out recently 

[1], more development and understanding of the catalyst long term stability is necessary. The 

literature on bench scale ex-situ CFP is scattered in terms of reaction conditions and B:C ratio [2–

4] hampering a proper evaluation of the process. In order to allow processing of biomass derived 

FP oils in oil refineries, reduction of the oil`s oxygen content and acid number is required [5]. 

Deoxygenation can be obtained by direct upgrading of the pyrolysis vapors over solid acid 

catalysts. The upgrading process is operated at atmospheric pressure and temperatures close to 

those for maximum liquid yields in the pyrolysis unit, which offers potential economic advantages 

for zeolite deoxygenation over high pressure hydrotreating [6]. To date, the medium pore size 

ZSM-5 zeolite has shown to provide a high aromatic yield and the lowest amount of coke [7,8] in 

upgrading of pyrolysis vapors. The overall oil yields are drastically reduced at low B:C ratios, 

since the fresh catalyst promotes cracking reactions which results in increased yields of reaction 

water, non-condensable gases and coke [9–12]. For blending of CFP oils with fossil oil at 

refineries, it may be more desirable to increase the energy recovery in the CFP liquid product and 

accept that not all of the oxygen has been removed. Recent studies obtained promising results for 

co-feeding catalytic pyrolysis oils containing ~20 wt.%db O with fossil derived crude at an FCC 

unit [6,13–15]. As such, the primary goal of this investigation was not to obtain complete 

deoxygenation of the collected oil product, but rather to obtain a partial reduction in oxygen 

content in order to upgrade the primary pyrolysis oxygenates sufficiently to be considered for 

further upgrading in a refinery setting. Wheat straw was chosen in this work, which is known to 

be a more challenging feedstock than wood and has led to boiler related problems in heat and 

power applications due to the high content of alkali-rich ash [16–18]. As an agricultural residue, 

wheat straw is an economically attractive feedstock. The direct contact during catalytic pyrolysis 
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between straw and zeolite would lead to rapid ash accumulation and deactivation of the zeolite by 

the alkaline ash components [19]. This has led to patent applications involving both the 

pretreatment of the biomass by washing and the washing out of ash deposits from the catalyst after 

oxidative regeneration [20,21]. These additional treatment steps add complexity and costs. While 

hot gas filtration (HGF) of char fines stabilizes the bio-oil [22] and can be seen as non-catalytic 

ex-situ upgrading method, the residence time has to be kept short to limit secondary cracking 

reactions and losses to gas and char.  

The rate and extent of deactivation of the catalyst in catalytic pyrolysis is a major issue. In 

CFP, deactivation is mainly attributed to coke deposition, which blocks the pores and poisons the 

active sites of zeolites [23]. Without HGF, some degree of deactivation by deposition of 

contaminants (ash) originally present in the biomass cannot be excluded either [24]. The rapid 

decay in site accessibility and number requires frequent regeneration to recover activity. In 

addition, irreversible dealumination can be caused by steam from i) the pyrolysis process itself, ii) 

the dehydration reactions during upgrading, and iii) oxidative regeneration. With increasing coke 

formation on the zeolite, the lumped liquid product is comprised of fully de-oxygenated products 

obtained at low B:C ratio and products from the breakthrough of primary pyrolysis vapors [25]. 

Some work has been conducted concerning multiple regeneration/upgrading cycles and 

investigating the change in oil quality with increasing catalyst deactivation [9,19,26,27] for CFP 

of woody biomass. These studies concluded that the production of monocyclic aromatics was 

reduced at increasing B:C ratio and oxygen containing compounds were converted less efficiently 

over a partially deactivated catalyst, which was attributed to loss of Brønsted acidity. The coke 

formation was found to be considerably faster during the initial upgrading [9,10,19] and Horne 

and coworkers [8] suggested that a partial regeneration of the catalyst may be more effective as it 

would reduce the initial high losses of the pyrolysis vapors (to coke and non-condensable gases) 

when passed over the fresh ZSM-5. Noteworthy, these authors worked in a similar scale as this 

work using 200 g ZSM-5 supported on a clay binder in a fixed bed reactor downstream a fluidized 

sand bed for pyrolysis (wood shavings feeding rate = 222 g/h). Liquid products were collected at 

certain intervals corresponding to approximate B:C intervals of 0–0.5, 0.5 –1, 1– 2 and 2–3, 

respectively. The oxygen content of the oil phase (on wet basis) increased from 15.4 wt.% obtained 

in the first upgrading interval to 25.7 wt.% during the last interval. It should be stressed that none 

of these studies considered steaming of the catalyst prior to the multiple upgrading/regeneration 

cycles. For the freshly calcined zeolite, initially a high rate of dealumination can be expected upon 

exposure to hydrothermal conditions. Thus, upon start of the vapor upgrading the catalyst activity 

may decrease both due to coke deposition and simultaneous dealumination. Ong et al. [28] varied 

the steaming duration of ZSM-5 (Si/Al = 87) from 2 to 48 h under 100% steam at 450 °C in order 

to investigate the extent of dealumination. While the concentration of Lewis acid sites remained 
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almost constant during the steam treatment, the number of Brønsted acid sites decreased steeply 

reaching half its initial value after 19 h of steaming, but thereafter weakened only slowly reaching 

~41% of its initial value after 48 h of steaming. The textural properties were reported to remain 

unchanged and the crystallinity decreased only by 6% after 48 h of steaming. Corma et al. [29] 

studied the catalytic cracking of naphtha over ZSM-5 with Si/Al ratios of 15, 25 and 40 at 650 °C 

and a steam vapor fraction between 0% and 35.7%. Their catalyst underwent intense dealumination 

in the presence of steam as determined by IR pyridine measurements and the initial dealumination 

rate decreased with increasing Si/Al ratio. Similarly, steaming of a ZSM-5 with Si/Al ~11.5 for 

2 h at 800 °C with 80 vol.% steam in N2 carrier gas was found to reduce the amount of strongly 

adsorbed NH3 (Tdes > 300 °C) to about 7% of its initial value [30]. 

The optimal molar Si/Al ratio for CFP of biomass appears to be in the range of 11.5–

40 [31]. Paasikallio and coworkers [19] used 95 kg of spray-dried HZSM-5 catalyst (CBV 5524G) 

for catalytic upgrading of 2 tons of pine sawdust during a four-day test run in a circulating 

fluidized-bed reactor. The acidity of the used catalyst was found to decrease as a function of its 

alkali metal content (K, Ca, Mg) and P. However, it appears difficult to discern to what extent the 

loss in catalyst acidity resulted from the poisoning of acid sites by alkali metals introduced with 

the biomass or from the dealumination by steam during the vapor upgrading (520 °C) and 

regeneration procedure (660 °C).  

Lower Si/Al ratios result in higher acid site density and may result in higher aromatic yields 

and more severe deoxygenation [32]. However, as was shown by Wan [33], the increased acid site 

density leads to increased deactivation rates for aromatic products and higher coking rates. The 

reason for researchers to opt for higher Si/Al ratios of e.g. 40 is likely related to the enhanced 

hydrothermal stability of ZSM-5 with lower Al content. 

In this work, a series of successive upgrading steps of wheat straw derived FP vapors over 

a steamed ZSM-5 with Si/Al = 29.5 was performed. Liquid product was collected in between the 

upgrading steps in order to unravel the change in oil-quality and yield towards increasing B:C ratio 

and catalyst deactivation. Changes in oil properties was followed by analyzing for moisture, 

elemental composition, GC-MS/FID and acidity. For selected samples, detailed analysis by NMR, 

SEC and TGA simulated distillation was performed.  

2.2 Experimental section 
Feedstock and catalyst. Wheat straw pellets were ground and sieved to pass a 1.4 mm 

sieve. The results of proximate and ultimate straw composition are shown in Table 2-1. The 

content of moisture, ash, and volatiles was determined according to DS/EN ISO 18134-3 (2015), 

DS/EN ISO 18122 (2015), and DS/EN ISO 18123 (2015) respectively, and fixed carbon was 

calculated by difference. The proximate and ultimate ash analysis by ICP and Chlorine extraction 
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was carried out by Force Technology, Denmark. Elemental analysis of the N, C, H and O content 

(by difference) was performed in-house with a EuroVector EA3000 system. The accurately 

weighed sample (~2 mg) was loaded into a tin capsule and combusted at 980 °C. The combustion 

products (NxOy, CO2, H2O and SO2/SO3) passed through a reduction reactor and were converted 

into N2, CO2, H2O, and SO2 and subsequently analyzed by GC-TCD. Acetanilide and 

sulphanilamide were used as calibration standards. The higher heating value of biomass and liquid 

products was calculated based on the formula developed by Channiwala et al. [34], taking the 

elemental composition and ash content into account. Measurement of the heating value of the 

feedstock using a Parr 6300 Oxygen bomb calorimeter resulted in 2–10 % lower HHV-values 

compared to the calculated value. This is partly attributed to adsorption of atmospheric moisture 

prior to analysis. Notably is the high potassium content of the feedstock which is known to have a 

catalytic effect in promoting char and gas formation during pyrolysis [35]. 

Table 2-1. Properties of crushed wheat straw and pine wood pellets 
Proximate analysis [wt %] wheat straw pine wood 

Moisture [a.r.] 6.2% 4.3% 

Volatiles [d.b.] 75.5% 82.4% 

Ash [d.b.] 5.9% 0.2% 

Fixed carbon (by difference) 17.4% 13.1% 

HHVdaf [MJ/kg] 19.2 19.8 

Ultimate analysis [wt.% d.b.]   

N  0.9% 0.2% 

C  46.5% 51.5% 

H  6.7% 6.2% 

O  45.8% 41.9% 

S  0.08% 0.007% 

Cl  0.11% 0.016% 

Al  0.02% 0.003% 

Ca  0.32% 0.095% 

Fe  0.01% 0.003% 

K  0.98% 0.048% 

Mg  0.07% 0.014% 

Na  0.01% 0.010% 

P  0.11% 0.005% 

Si  1.10% 0.020% 

A ZSM-5 sample with a Si/Al ratio of 29.5 (CBV5524) was obtained from Zeolyst 

International. It will be abbreviated CBV55 and steaming, biomass pyrolysis vapor upgrading and 

regeneration is indicated by adding the suffixes “st”, “ux”, and “ry“, respectively, with the 

exponents x and y denoting the number of previous upgrading and regeneration steps the sample 

underwent. The zeolite powder in ammonium form was calcined under synthetic air flow for 5 h 

at 550 °C with a heating ramp of 4 °C/min. The calcined zeolite was pelletized, crushed and sieved 

to obtain the fraction between 250 to 850 μm. In order to collect sufficient liquid product for 

analysis at low B:C ratios 151 g of dry catalyst with a catalyst volume of 335 ml were packed as a 
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fixed bed into the externally heated reactor (ID = 67mm, length = 250 mm). Tests at higher B:C 

ratio up to 12.9 were performed using 15 g of catalyst (33.5 ml catalyst volume) packed into a 

smaller externally heated reactor tube (ID = 20mm, length = 190mm). For both reactor sizes, quartz 

wool and perforated distribution plates were placed between the catalyst bed and gas-inlet/outlet 

pipes in order to ensure plug flow behavior and avoid channeling or dead pockets. Steaming was 

performed in situ prior to the upgrading reaction by injecting water into a preheated nitrogen 

stream (4 Nl/min) and passing the steam (~30 vol.%) over the zeolite bed kept at 500 °C for 5 h 

under atmospheric pressure conditions.   

Pyrolysis unit. A bench scale ablative type fast pyrolysis set-up was modified from 

previous work [36] according to Fig. 2-1. The centrifugal reactor chamber is a horizontally 

arranged tube, with rotating arch shaped blades providing mechanical force on the biomass 

particles pressing them onto the inside of the reactor wall. Previous experience with fast pyrolysis 

of straw using the centrifugal reactor [37] resulted in uncertainties (2 standard deviations) for the 

product yields of organic oil, reaction water, char, and gas, of 0.7, 0.7, 3.8, and 1.5 wt.% daf, 

respectively. Compared to previous work, an electrostatic precipitator (ESP) was added to improve 

the collection of aerosols, and on-line gas analysis of non-condensable gasses was added. The 

pyrolysis unit can process a feeding rate up to ~8 g/min of biomass. For tests carried out in this 

work, the feeding rate was in the range 1–1.6 g/min, which allowed stable upgrading of pyrolysis 

vapors and condensation. The nitrogen carrier gas was preheated to 450 °C and the temperature 

inside the centrifugal reactor was set to 530 °C. Char particles and fines were captured by a change-

in-flow separator, a cyclone, and a ceramic candle filter. Downstream the catalytic reactor the 

vapors were immediately quenched in a condenser kept at 4 °C. The aerosols generated at the 

initial condensation stage were captured with the ESP. Downstream the ESP unit the gas stream 

passed through a series of glass cold fingers immersed in a dry ice/ethanol bath (-60 °C). Any 

remaining traces of condensable compounds were captured by a glass tube filled with rockwool. 

The flow of non-condensable gases was monitored with a cumulative flow meter. A side stream 

of non-condensable gases was pumped through a filter to an online gas chromatograph (Thermo 

Scientific refinery gas analyzer, Trace 1300/1310) with a flame ionization detector (FID) and two 

thermal conductivity detectors (TCD), which measured the gas composition (H2, N2, CO, CO2, C1 

to C5, and C6+ hydrocarbons) every 10 minutes. Chromeleon Chromatography Studio software was 

used for analysis of the chromatograms. A Rosemount NGA 2000 analyzer was used to 

continuously monitor CO and CO2 by NDIR, and O2 by paramagnetism. 
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Fig. 2-1. Pyrolysis unit with ex-situ fixed bed catalytic reactor for upgrading of vapors. 

Experimental procedure. Prior to each experimental run, the system was leak tested. The 

cooling of the condensation train was started once the reactor system was preheated and flushed 

sufficiently to avoid condensation of residual moisture. Once stable temperature and gas profiles 

were established, the experiment was initiated by starting the motor and screw feeder. The rotation 

speed of the blades in the pyrolysis reactor was set to 1700 rpm and a nitrogen carrier flow of 

8 Nl/min was used and the biomass feeding rate was in the range 1–1.6 g/min. The temperature of 

the pyrolysis unit, particle separation train and catalyst bed were set to 530 °C, 400 °C, and 500 °C 

respectively. The temperature distribution along the length of the catalyst bed was measured with 

three thermocouples placed at the beginning, middle and end of the bed, and the difference between 

bed entry and exit was approximately 10 °C (lower temperature at bed entry). The piping and high 

temperature valve upstream the reactor was heat traced to approximately 450 °C in order to preheat 

the gas before entering the catalyst bed. The screw feeder and the operation of the rotary reactor 

were stopped when the desired experimental time was reached. Any remaining vapors were 

flushed for about 60 min while maintaining the operating temperatures in the system. The amount 

of non-condensable gases (NCG) was determined by the GC analysis using nitrogen as internal 

standard. After flushing of the system, the condensation train was bypassed and the system was 

cooled to room temperature under nitrogen flow to prevent air diffusion into the system. The 

amount of collected products was determined gravimetrically by weighing all condensation 

equipment. For the first cooling stage operating at 4 °C, phase separation into an aqueous phase 

and an oil/tarry phase could occur. Since the viscous oil stuck to the walls and bottom of the metal 

condensers, the water phase could be carefully decanted. The remaining oil fraction was 

determined by weighing of the equipment plus tarry residues. In the following, these fractions will 
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be denoted as “4°C WF” and “4 °C OF” for the aqueous and oil fraction, respectively. For the ESP 

unit the oil was collected at a bottom receiver, and no phase separation occurred. The ESP oil will 

be termed “ESP OF”. For the final condensation step at -60 °C, the collected product separates 

upon melting into an aqueous phase (bottom) and a yellowish oil phase (top). These fractions will 

be referred to as “-60°C WF” and “-60°C OF”, respectively. The glass condensers were emptied 

into a measuring flask and the split between oil and water phase was determined by removing the 

oil top phase with a pipette. Since the sum of residues remaining in the glass condensers amounts 

to less than 5% of the total liquid collected at this condensation stage, it was assumed that the 

traces of oil/water droplets remaining in the condensers consist of the same split between oil and 

water fraction as determined for the removed liquid. Due to the effectiveness of the condensation 

train, the gas filters downstream the condensation system did not capture liquid product. Residues 

sticking to the condensation equipment were not flushed by solvent in order to avoid the 

introduction and necessity of removal of the solvent. Thus, the operation at bench scale allowed 

the collection of larger amounts of liquids, which reduced the potential handling and analysis errors 

related to the collection of small amounts of oil product. After flushing the system at the operating 

temperature, the catalyst bed was cooled down to ~200 °C in a nitrogen flow. Once the high 

temperature valve (HTV in Fig. 2-1) was closed and the condensation train bypassed, the flow was 

reversed to enter the reactor bed from the outlet (2 Nl/min). The regeneration was initiated by 

mixing nitrogen with air (flowrate 2 Nl/min with 2 vol.% O2) and starting a heating ramp to 580 °C 

at 1 °C/min. The set-point was held for several hours before the nitrogen was stepwise replaced by 

increasing amounts of air to achieve a final oxygen concentration of 21 vol.%. The regeneration 

was assumed complete once no more CO and CO2 was measured in the effluent gas stream.  

Initially an empty reactor test and a non-catalytic reference test was performed over a SiC 

bed material (60 ml, 355–500 m) maintained at 500 °C, both for wheat straw and pine wood 

feedstock. Subsequently, five vapor upgrading (wheat straw) experiments were conducted as 

illustrated in Fig. 2-2 using 151 g of CBV55 covering the range of B:C ratios up to 6.2.After the 

initial run to B:C = 1.7, the coke was burned off. Subsequently, four successive experiments were 

performed where liquid was collected but no catalyst regeneration was performed. The resulting 

properties for the mixture of the products obtained within the successive upgrading were calculated 

according to their mass yields and elemental composition. As an example, the properties of liquid 

obtained for B:C = 0–2.5 were estimated by calculating the properties of liquid obtained for mixing 

product obtained for B:C = 0–1.1 and B:C = 1.1–2.5 according to their mass yields. After the test 

series using 151 of catalyst, 15 g of regenerated catalyst was transferred to a smaller reactor and 

two further upgrading experiments were performed in order to obtain oil at B:C = 0–6.5 and B:C 

= 0–12.9 (not shown in scheme). The catalyst at the end of the test series thus underwent four 

oxidative regenerations and will be termed CBV55-st-u7-r4. 
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Fig. 2-2. Scheme of experimental test series for conversion of straw pyrolysis vapors over 151 g CBV55. 

Conditions during upgrading: Tcatalyst =500 °C, WHSV = 0.64 gbiomass /(gcatalyst  h), 8 Nl/min N2 flow. 

Product characterization. To minimize potential ageing reactions, all liquid products were 

kept refrigerated at 5 °C after their recovery from the condensation train. The water content of the 

oil and aqueous phase fractions was determined by Karl Fischer titration (ASTM E203-08). Total 

acid number determination for selected samples was performed according to ASTM D 664 using 

an 848 Titrino plus (Metrohm). The TAN analysis method according to ASTM D664 was verified 

by analyzing a reference sample obtained for 10 mg KOH/g (Paragon Scientific Limited) and 

proved to correlate within 5 % of the expected value. The elemental composition (nitrogen, carbon, 

hydrogen) was measured by using an EA3000 CHNS elemental analyzer from Eurovector. For the 

sample preparation of aqueous and volatile oil fractions, a special sealing device (Eurovector) and 

smooth tin capsules were used. Calibration (R2 = 0.998) was performed with acetanilide (>99%) 

and sulphanilamide (>99%). The analysis of liquids was verified by analyzing volatile model 

compounds (acetone) and water. In general, the time between liquid sample preparation and 

injection was kept as short as possible and minimum two replicates were performed per sample. 

The oxygen content was determined by difference. The higher heating value of the bio-oil was 

calculated based on the elemental composition using an empirical formula according to 

Channiwala et al. [38]. As the sulfur concentration was below the detection limit of the elemental 

analyzer, few representative oils were subjected to total sulfur analysis according to ASTM method 

D5453. All fractions obtained from the different condensation train sections were analyzed 

separately by using a GC-MS/FID Shimadzu QP 2010 Ultra apparatus equipped with a Supelco 

Equity 5 column. Identification and quantification of species in the samples was performed by the 

mass spectrometer and flame ionization detector (FID), respectively. For the analysis, the oil and 

aqueous fractions were diluted in acetone containing 0.1 mol/L heptane as internal reference. The 

initial temperature for the GC column was held at 80 ˚C for 10 min and the column was heated up 

to 250 ˚C with an initial heating rate of 2 ˚C/min up to 100 °C followed by an increased heating 

rate of 5 °C/min. The final temperature was held for 5 min. A split ratio of 80 was used in the 

injection section. The MS scanning was set to a range of 20 to 300 m/z. The MS was intentionally 

turned off between 2.57 to 2.65 minutes in order to avoid saturation by high concentrations of the 

solvent. The analysis entails the quantitative determination of >200 compounds based on the 
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effective carbon number (ECN) method outlined by Schofield [39]. For the internal standard 

heptane, a detailed calibration was performed, and the validity of calculated concentrations 

according to their ECN was periodically verified by calibration of 25 bio-oil model compounds. 

The relative error between calculated concentrations and concentrations obtained from the 

calibration can be found in the supporting information, Table A-1. As can be seen, the calculation 

by the ECN method underestimates the concentration for most of the components. It should be 

noted that all oil fractions were analyzed with the same GC method. However, since most 

polycyclic aromatic hydrocarbons like phenanthrene appeared at the end of the chromatogram, 

higher MW compounds and oxygenates were not quantified. Up to 64% of the total organic liquid 

contents could be quantified by GC-MS/FID for oils obtained at low B:C ratio, whereas only 20–

30 % could be quantified for oils obtained over a coked catalyst after reaching a high B:C ratio. A 

low quantification extent indicates a shift in product distribution towards less volatile species and 

higher molecular weight range, which was confirmed by TGA simulated distillation and size 

exclusion chromatography (vide infra).  

The GPC system comprises Viscotek Data Manager DM 400, Shimadzu SIL-10AD vp 

auto-sampler, Shimadzu LC-10AD pump/injection, 7.5 x 300 mm PLgel MIXED-E from Agilent 

and two detectors; namely, a Viscotek RALLS (Right Angle Laser Light Scattering), Model 600, 

Laser Diode Wavelength of 670nm, and a Viscotek Differential Refractometer/Viscometer, Model 

200. THF was used as eluent, and the samples were prepared at the day of analysis. The injection 

volume was 100 l and a flowrate of 0.5 ml/min was utilized. TriSEC GPC softeware, Version 3.0 

was used for data export and baseline correction was performed using Origin software. An 

indication of the approximate molecular weight range was obtained by analysis of a polystyrene 

standard of 1250 Da, several linear hydrocarbon standards covering the range of 200–500 Da, 

toluene (92 Da), and few exemplary bio-oil model compounds (guaiacol (124 Da), dibenzofuran 

(168 Da), furfural (96 Da), and phentanthrene (178 Da)). All standards were prepared at a 

concentration of 1.5 mg/ml. Arrows in the chromatogram indicate where the components eluted. 

While dibenzofuran, furfural, and phentanthrene eluted in close proximity to toluene (9.8 ml), 

guaiacol eluted significantly earlier at 9.5 ml. This indicates that mono and polyaromatics cannot 

clearly be distinguished with the set-up used. Branched or multi-functional compounds may elute 

earlier. As such, no absolute molecular weight determination was attempted.  

Simulated distillation [40] was used with a heating rate of 50 °C/min to fit the results of 

the D86 standard using a TGA (Netzsch Jupiter 449F1). 10–20 mg of oil was placed into a Pt 

crucible with perforated lid after weighing of the empty crucible and immediately before the 

sample weighing and start of the temperature ramp. The temperature program under 150 Nml/min 

nitrogen was set to heat with 50 °C/min up to 650 °C, hold the temperature for 5 min before cooling 
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to 350 °C. The atmosphere was changed to 10 vol.% oxygen and a heating ramp to 850 °C was 

initiated in order to combust char residues. 

Proton NMR spectra were acquired on Bruker AVANCE 400 MHz spectrometer with a 

5 mm CryoProbe Prodigy using approximately 50 mg sample dissolved in 1 mL of deuterated 

dimethyl sulfoxide (DMSO-d6). Quantitative 13C NMR spectra and 1H−13C HSQC spectra were 

acquired on a Bruker AVANCE III 800MHz spectrometer with a 5 mm TCI CryoProbe with 

100 mg sample solubilized in 200 mL of DMSO-d6. Both 1H and 13C spectra were recorded at 

25 °C using a 30° pulse angle. 1H experiments were run with 1 s delay, 16 scans. 13C NMR were 

recorded with inverse-gated decoupling, 8 s delay, 512 scans. The edited phase sensitive 
1H−13C HSQC experiments were recorded with 2048 × 256 complex data points, 4 scans. The one-

bond coupling constant, JHC, was set to 145 Hz. Spectral widths in the proton and carbon 

dimensions were 16 ppm and 220 ppm, respectively. Transmitter frequency offset of proton and 

carbon were set at 4.7 ppm and 110 ppm, respectively [41]. All NMR spectra were processed with 

Topspin 3.5 with zero filling in all dimensions. 1H and 13C chemical shifts were referenced to 

DMSO-d6, at 2.50 ppm and 39.52 ppm, respectively. Manual baseline-correction and integration 

of 13C spectra were carried out using Origin software.  

Catalyst characterization. NH3-TPD measurements were conducted at a Micromeritics 

AutoChem II Chemisorption Analyzer. 100 mg of sample were degassed under vacuum conditions 

while ramping the temperature to 500 °C (heating rate = 10 °C/min). The sample was purged with 

25 mL/min He for 60 min, followed by cooling to 100 °C under He. 1 vol.% NH3 in He was dosed 

over the sample for 120 min, followed by flushing with 25 mL/min He for 60 min. The TPD was 

conducted at a heating rate of 5 °C/min with 25 mL/min He flowrate and the signal of desorbed 

NH3 was measured by a TCD detector.  

A Quantachrome AsiQ instrument was used for Ar-physisorption measurements. N2-

physisorption was conducted at a Quantachrome Novatouch apparatus. Isotherms from Ar-

physisorption were analyzed using the NLDFT model applied to the adsorption branch of the 

isotherm. For N2 characterization, the BET method and the NLDFT model for the adsorption 

branch were applied for characterization of the surface area and mesopore distribution, 

respectively.  

For XRF characterization, 0.7 g finely ground and dried zeolite powder is weighed 

accurately and transferred quantitatively to a platinum crucible. 6.3 g 49.75% Lithium 

metaborate/49.75% Lithium tetraborate/0.5% Lithium bromide was weighed accurately and mixed 

with the sample in the crucible. The mixture was fused for 7 minutes at 1000 °C followed by 1 

minute at 1020 °C, and the resulting fusion melt was poured into a 32 mm diameter Platinum 

casting dish and cooled, thereby forming a lithium borate glass bead with a 9:1 lithium borate to 

zeolite ratio. The contents of Al, Si, Na and P in the sample were quantified on a Supermini200 
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WD-XRF instrument from Rigaku. The calibration of the WD-XRF instrument follows 

EN ISO 12677–2011. The measurement uncertainty of the analysis of main components is ±3% 

relative with 95% confidence.  

Powder X-ray diffraction (XRD) measurements of zeolite samples was performed using a 

Huber G670 X-ray diffractometer with a copper tube and a primary quartz monochromator 

(CuKα1 radiation, λ = 1.54056 Å). The diffractometer operated in transmission mode with the 

sample placed on tape in a thin layer and placed on a rotating disc-holder and data were 

accumulated in the range of 2θ = 5–100° for 1 h. 

2.3 Results 
Catalyst characterization. Physicochemical properties of the parent CBV55 (freshly 

calcined), the steamed version of it and the regenerated version obtained after multiple upgrading 

and regeneration steps are summarized in Table 2-2. Results of NH3-TPD (Fig. A-1) indicate that 

the strong acid sites desorbing chemisorbed NH3 at T >275 °C amount to 0.43 mmol/g for the 

parent zeolite. After steaming, the strong acidity decreased to 0.14 mmol/g, about one third of the 

initial value. After upgrading a total amount of fed biomass corresponding to B:C = 7.9 and two 

regeneration steps, the strong acidity further decreased to 0.07 mmol/g, corresponding to 49% of 

the strong acidity remaining after steaming. Interestingly, after additional upgrading of biomass 

corresponding to an accumulated B:C = 20.1 and two additional coke burn-offs, the acidity did not 

reduce further. The total acidity measured by NH3-TPD after the test series (sum B:C = 28, four 

regenerations) was reduced to ~80% of the value of the steamed version, which indicates that the 

acid sites remaining after the steam pretreatment did not change much over the course of the 

experimental series. The acidity of the zeolite at the end of the test series would correspond to a 

theoretical molar Si/Al ratio of 65, indicating the extent of dealumination by the combined effect 

of steaming and use compared to 29.5 for the parent zeolite. Since the stronger acid sites decrease 

more compared to the weak acid sites, it seems the stronger acid sites are more prone to hydrolysis 

of the Si-OH-Al bond, which causes transformation of their tetrahedrally framework positions into 

octahedrally coordinated, extra-framework positions. This agrees well with Ong et al.`s [28] 

observations that the concentration of Lewis acid sites remained almost constant during steaming 

of HZSM-5 while the concentration of Brønsted acid sites followed an exponential decay.  

The pore structure and surface area of a freshly calcined CBV55, a steamed CBV55 and a 

sample which has undergone steaming, multiple upgrading experiments (sum B:C = 28) and four 

oxidative regenerations was characterized by high resolution Ar-physisorption and N2-

physisorption (Fig. A-2 and Fig. A-3). Reduced N2 uptake at p/p0 < 0.1 (18% lower) and p/p0 > 

0.9 is observed comparing the used CBV55 (st-u7-r4) with the fresh CBV55. The Ar-physisorption 

indicates a BET surface area reduction from 485 to 432 m2/g, while N2-physisorption indicates an 



Chapter 2 

28 

 

even larger reduction in BET surface area from 468 to 385 m2/g. A larger reduction in surface area 

is observed after steaming (e.g. by partial collapse of instable framework). The reduction in surface 

area is deemed unlikely to have a pronounced change on the deoxygenation activity of the catalyst, 

which may rather be attributed to the zeolite`s loss of strong acid sites after the steam treatment. 

A zeolite sample was analyzed by XRF after the test series to investigate any transfer of 

alkali metals. No accumulation of potassium was detected, which shows that the hot gas filtration 

at 350 °C was effective in retaining potassium. 

A comparison of the obtained XRD patterns is provided in Fig. A-4, indicating 

orthorhombic (PNMA) symmetry. The similarity of the XRD patterns between the parent CBV55 

and after the steaming and repeated reaction/regeneration cycles indicates that the characteristic 

MFI framework of ZSM-5 was retained. An estimate of the relative crystallinity of the steamed 

and used samples was obtained by measuring the intensity of the diffraction signal of the (051) 

peak and comparing it to that of the reference un-steamed sample [28]. After baseline subtraction, 

this method suggests that the relative crystallinity was reduced to 98.7% after steaming and further 

to 94.3% after the repeated reaction/regeneration cycles. Our characterization results agree well 

with others who have considered the effect of steaming on ZSM-5 [28] and who studied the 

deactivation of HZSM-5 zeolite in CFP after repeated reaction-regeneration cycles [42,43]. A peak 

splitting of the XRD peak at 2 = 24.4° after the steam treatment was noted, which is tentatively 

attributed to a change in unit cell volume. Knöll et al. [44] found that the unit cell volume of ZSM-

5 decreased with increasing steaming time and therefore correlated well with a decrease in the 

zeolite`s acidity and propylene yield. 

Table 2-2. Physical & chemical characterization for the parent CBV55 (freshly calcined), after steaming 

(CBV55-st) and after additional upgrading/regeneration steps (CBV55-st-u7-r4). 

 Surface areaa 

Total pore 

volumea at               

p/p0=0.99 

Micropore 

volumeb 

Mesopore 

volumea Acidityc 

Strong 

acidityc 

desorbing 

>275 °C 

Molar 

Si/Al 

ratiod 

 [m²/g] [cc/g] [cc/g] [cc/g] [mmol/g] [mmol/g] - 

CBV55 468 0.31 0.22 0.12 0.65 0.43 29.5 

CBV55-st 399 0.29 0.17 0.13 0.36 0.14 27.8 

CBV55-st-u7-r4 385 0.28 0.20 0.12 0.25 0.07 29 
adetermined by N2 physisorption; bdetermined by Ar physisorption; c determined by NH3-TPD; ddetermined by XRF 

Product distribution. A mass balance closure of 95% was obtained for the SiC case. The 

mass balance closure obtained for the initial upgrading (B:C = 0–1.7) over 151 g CBV55-st was 

101%, and the mass balance for the four successive upgrading steps up to B:C = 6.2 including the 

final coke burn-off over CBV55-st-u-r amounts to 94%. For the investigation of B:C = 6.5 and 

12.9 using only 15 g catalyst the mass balance closure was 87–90%. Losses are related to residues 

inside the system and minor volatilization of compounds from the collected liquids with low vapor 

pressure prior to their gravimetric determination. An empty reactor test at 500°C with straw 
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feedstock yielded 36 wt.% organic liquid, which was reduced to 28% (on daf basis) when the 

reactor was filled with 60 ml SiC at 500 °C. Using pine wood as feedstock and passing the vapors 

over SiC under otherwise same conditions resulted in 16.2% char, 15.8% reaction water, 43% 

organic liquid and 14.7% gas. The differences in yield using wood as feedstock can be attributed 

to its lower ash content (0.2 wt.%) compared to wheat straw (5.9 wt.%).  

A comparison of CO and CO2 evolution during the regeneration of a coked catalyst (151 

g) after B:C = 0–1.7 and B:C = 0–6.2 and for 15 g coked catalyst after B:C = 0–6.5 and B:C = 0–

12.9 can be found in Fig. A-5. An exemplary temperature profile of the catalyst bed during 

upgrading to B:C = 12.9 over 15 g catalyst measured at the bed inlet, middle and outlet can be 

found in Fig. A-6. In Fig. 2-3 the product distribution (except coke) obtained from each of the 

successive upgrading experiments is shown. It should be noted that between each upgrading step 

the unit is purged with nitrogen, cooled down and reheated for the next upgrading. In [25] it was 

observed that the signals of olefins and aromatics increase up to a B:C = 0.2 when upgrading pine 

pyrolysis vapors over HZSM-5. This suggests an induction period to filling up accessible 

micropores with reactants and establishing the product formation according to the “hydrocarbon 

pool” mechanism observed for the methanol-to-olefin process [45]. Since the char separation 

occurred prior to the catalyst bed, the char yield was not influenced by the catalyst operating 

conditions. The yield of C2 and C3 olefins decreased with increased amount of biomass fed to the 

system. Likewise, a decreasing trend in the amount of reaction water and an increased yield of 

organic liquid was observed, consistent with a lower degree of protolytic cracking. However, even 

for B:C = 3.6–6.2 the oil yield was 40 % lower relative to the non-catalytic (SiC) reference case. 

It is noted that after a first regeneration of the catalyst, less gas, water, and oil were formed at B:C 

= 0–1.1 compared to B:C = 0 –1.7 prior to regeneration, which may be attributed to higher losses 

to coke since the experiment was stopped at a lower B:C ratio. In order to obtain an overall product 

distribution including the coke yields, the results obtained for the upgrading experiments over 

CBV55-st and the four successive B:C conversions over the regenerated catalyst were averaged 

based on their weight yields (Fig. 2-4). The cumulative amount of biomass (daf) converted over 

these four experiments corresponds to B:C = 6.2. The coke amount determined by coke burn-off 

at the end of these four experiments was 11.2 wt.% of the coked catalyst bed. This corresponds to 

4.2 % of the carbon introduced by the biomass feed during the four successive upgrading steps. 

Fig. 2-4 also includes the product distribution obtained from operating at B:C = 0–12.9 and B:C = 

0–6.5 over 15 g catalyst and illustrates the increase in oil yield at higher B:C ratios. A lower degree 

of conversion can be expected at the reduced amount of catalyst loaded, which explains the lower 

coke yield of only 1.3 wt.% per daf feed for B:C = 6.5, while the additional vapor contact time 

when 10 times more catalyst was loaded (B:C = 6.2) resulted in a higher chance of polymerization 

of aromatic products and thus, elevated coke yields (4.1 wt.% per daf feed). At B:C = 12.9, the 
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yield of reaction water with 15 g catalyst loaded drops below values obtained for the SiC reference 

bed. Since about twice the volume of SiC was filled compared to 15 g CBV55, additional thermal 

cracking is possibly the reason for the increased water yield [46]. The C2 and C3 olefin yield (C2/3=) 

decreased with increasing catalyst deactivation, but also the yield of CO, CO2, and C1-C3 

hydrocarbons decreased. Little change was observed for the hydrogen yield, accounting to 0.52 

wt.% (~2 vol.% in carrier free NCG) for both low and high B:C ratios. Naturally, the coke yields 

are higher during the initially very active phase of the catalyst and the rate of coke build-up 

gradually decreased with time on stream [10]. It is desirable to limit coke formation in order to 

minimize catalyst deactivation. With higher amounts of biomass fed over the catalyst, the amount 

of C in coke per biomass fed is reduced since more acid sites become inaccessible or deactivated. 

Assuming a carbon density of 2 g/cc and taking the total pore volume of microporous CBV55 into 

account (0.439 cc/g as determined by N2 physisorption at p/p0=0.99), it can be estimated that after 

upgrading to B:C = 6.2, about 14% of the pores were filled with coke. While this may appear low, 

for a purely microporous ZSM-5 a larger extent of micropore volume may become inaccessible 

once the pore mouth entries are capped with coke. Coke formation on the external surface 

(mesopores) was observed by Mukarakate et al. [25] and attributed to condensation reactions of 

unconverted lignin primary products and polymerization of aromatic hydrocarbons.  

 

 
Fig. 2-3. Product distribution obtained for 151 g CBV55-st for B:C = 0–1.7 and successive biomass (straw) 

feeding over the regenerated catalyst CBV55-st-u-r in comparison to a non-catalytic SiC bed and an empty 

reactor. Coke is not shown here since it was not determined in the successive upgrading experiments. 
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Fig. 2-4. Product distribution obtained from upgrading of straw pyrolysis vapors over steamed CBV55 at 

increasing B:C ratio. Blue and green bars refer to results obtained using 151 g and 15 g catalyst, 

respectively. Product distribution obtained with SiC bed and empty reactor shown for reference. Conditions: 

Tcatalyst = 500 °C, WHSV = 0.64 gbiomass /(gcatalyst  h), 8 Nl/min N2 flow. 

Energy and carbon balance. For each experiment, the resulting heating value (HHV) for 

the sum of oil fractions (4°C OF + ESP OF + -60°C OF) was estimated based on the HHV and 

yield of the individual fraction. A detailed listing of the obtained elemental composition and 

calculated heating values for both oil and aqueous fractions can be found in the supporting 

information in Table A-2–Table A-10. As can be seen in Table A-2, at low B:C ratio a 

considerable enhancement of the oil quality is achieved by production of oil with a HHV of 38 

MJ/kg compared to the non-catalytic reference case with ~29 MJ/kg. Notably, the thermal cracking 

itself already leads to an energy densification in the liquid product compared to the straw feedstock 

with ~19 MJ/kg. Energy balance closures were in the range of 77–93% within this test series. The 

energy content of the condensed organics is distributed between the condensed oil and aqueous 

phase (see Fig. A-7). With increasing catalyst deactivation, the energy losses to non-condensable 

gases decreases. While the HHV for oils obtained at low B:C ratio of 1.7 and 1.1 are higher by 

about 30% relative to the SiC case, the energy recovery into the OL, i.e. the sum of condensed OF 

and WF, is lower compared to the OL obtained from SiC due to the higher losses to coke and COx 

when using a catalyst. Using 151 g of catalyst (B:C = 0–6.2) compared to using only 15 g (B:C = 

0–6.5) improved the liquid properties, but resulted in higher energy losses to gas and coke. The 

carbon product distribution (Fig. 2-5) shows that the carbon yield into the gas phase decreased 

with increasing B:C ratio, while the carbon recovered into the oil fraction increased and a slight 

decrease in the C4+ products is observed. Less than 2% of biogenic carbon was lost into the phase 

separated aqueous product stream obtained from the successive vapor upgrading up to B:C = 6.2 

using 151 g catalyst. In contrast, using a reduced amount of 15 g catalyst resulted in carbon losses 

of 4.9 and 5.5% for B:C = 0–6.5 and B:C = 0–12.9, respectively. The highest amount of 10.3% 

carbon was lost into the aqueous phase for the SiC reference case. In a recent work by Starace et 
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al. [47] it was reviewed that most groups working with CFP report that a significant amount of 

carbon (3 − 14 wt.% of the original biomass carbon) is retained in the aqueous stream. Different 

process conditions and biomass types could account for the differences. 

Table 2-3. Comparison of the oil yields and oxygen content, their higher heating values (calculated based 

on elemental composition) and their energy yields obtained for empty reactor bed, SiC and increasing B:C 

ratios using 15 g and 151g CBV55-st. 

Amount of 

catalyst 
 

Oil yield 

[wt.%daf] 

wt.% oxygen 

(dry) in sum 

OF 

Sum OF 

HHVdb       

[MJ/kg] 

Energy 

yield in 

sum OF 

- empty reactor 24.6 26.5 27.7 35.1% 

95 g thermal cracking (SiC) 19.4 21.5 29.2 30.4% 

151 g 

CBV55-st, B:C = 0–1.7 9.9 5.6 37.7 19.3% 

CBV55-st-u-r, B:C = 0–1.1 7.2 5.7 37.9 14.0% 

CBV55-st-u-r-u, B:C = 1.1–2.5 11.6 9.5 35.7 21.4% 

CBV55-st-u-r-u2, B:C = 2.5–3.6 9.8 11.4 34.9 17.6% 

CBV55-st-u-r-u3, B:C = 3.6–6.2 13.4 17.0 32.8 22.6% 

15 g 
CBV55-st-u-r-u4-r, B:C = 0–6.5 14.8 17.1 31.8 24.3% 

CBV55-st-u-r-u4-r-u-r, B:C = 0–12.9 17.7 20.7 31.0 28.3% 

 

Fig. 2-5. Product carbon distributions from empty reactor bed and upgrading straw pyrolysis vapors over 

SiC and CBV55-st. In (a), the carbon distribution (except coke) obtained from step-wise feeding of biomass 

up to B:C = 6.2 is shown using 151 g catalyst. In (b), the carbon product distributions including coke 

obtained for both 151 g and 15 g catalyst is compared for increasing B:C ratios and to the non-catalytic 

reference case (SiC). Condensed OF and aqueous phase refer to sum OF and sum WF, respectively. 

Process optimization. The catalyst performance in terms of recovered oil fraction and 

reduction in oxygen content with respect to thermal cracking over a SiC bed is suitably compared 

by plotting the extent of deoxygenation (relative to thermal cracking) against the carbon yield. In 

a conservative comparison, the (usually oxygenated) organics present in the WF are neglected. 

Taking the organics dissolved into the WF into account would increase the carbon yield, but may 

also reduce the overall degree of deoxygenation. The gas phase contribution of olefins and C4+ are 

not taken into account for calculation of the sum OF carbon yield, even though these valuable 

deoxygenated compounds may be recovered using appropriate recovery systems. For the test-
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series of incremental biomass conversion after the first regeneration step, the oxygen content is 

calculated which would result in the mixture of collected oil fractions up to the B:C ratio at which 

the experiment was stopped. This way a better understanding of the cumulative oil properties is 

obtained. Fig. 2-6 compares the extent of deoxygenation for the sum of OF with the oils carbon 

yield. It is apparent that a reduced oxygen content can only be achieved at the expense of a reduced 

carbon yield. According to Venderbosch [48], the properties of the accumulated oils obtained in 

the lower B:C range up to 6.2 would be classified as region II corresponding to severe 

deoxygenation at the expense of carbon. The extended B:C range 0–12.9 results in mild 

deoxygenation corresponding to region I in Fig. 2-6 close to the non-catalytic reference case. 

However, when comparing the carbon yield and the extent of deoxygenation for the range B:C = 

3.6–6.2, it appears that only mild deoxygenation takes place over the partly deactivated catalyst. 

One could consider that the optimal case is to reduce the oxygen content only to an extent 

necessary to allow stable operation of a hydrodeoxygenation process or successful co-feeding at a 

refinery`s FCC unit. For example, it may be favorable to operate up to a B:C ratio of ~4 in order 

to obtain oils with ~10 wt.% oxygen at ~56 % relative organics yield (incl. C4+) compared to a 

non-catalytic reference.  

 
Fig. 2-6. Correlation of the relative extent of deoxygenation (to the SiC case, 21.5 wt.% oxygen) with the 

carbon yield for the sum of oil fractions of each run. Green and blue symbols refer to oil product obtained 

using 151 g and 15 g catalyst, respectively. Filled symbols correspond to runs starting from B:C = 0 to the 

indicated B:C value, whereas open symbols indicate runs starting from a partly coked CBV55-st. Half-

filled symbols represent calculations of the carbon yield and oxygen content based on the yield and 

properties of the oils obtained from the consecutive runs without regeneration for 151 g CBV55-st-u-r up 

to B:C = 6.2 The regions I and II indicate mild and severe deoxygenation, respectively [48]. 

Oil characterization. Determination of the total acid number was conducted according to 

ASTM D 664 by potentiometric determination of both oil and aqueous fractions. The acidity of 

both the oil (sum OF) and aqueous fractions (sum WF) is summarized in Table 2-4. For the oil 
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fractions, a TAN content of 52.3 mg KOH/g resulted for the SiC oil, while at B:C = 0–1.1 and B:C 

= 3.6–6.2 over 151 g catalyst the sum of OF had a TAN of 6.4 and 14.3 mg KOH/g, respectively. 

Since the non-catalytically obtained oil contained more moisture, the acids may dissolve into this 

fraction to a higher extent compared to the upgraded oils. In accordance with the higher acidity of 

the oil fractions at increasing B:C ratio, it is found that the TAN for the sum of WFs also increased 

towards higher B:C ratios. A clear jump in TAN content of both oil and aqueous fractions was 

observed when only 15 g of catalyst were used, indicating less efficient vapor upgrading. 

Interestingly, the TAN content of products obtained from B:C = 0–12.9 remained similar as for 

B:C = 0–6.5. This shows that the contact of the reactive vapors with the coked HZSM-5 still 

reduced the acidity. For the sum OF obtained during B:C = 0–12.9, the TAN content was less than 

50% of the non-catalytic reference. It should be noted that the acidity for the non-catalytic derived 

straw oils is lower than for wood derived oils. The TAN content of the wood derived sum of OF 

and sum of WF of a reference experiment over a SiC bed amounted to 60.8 and 66.5 mg KOH/g, 

respectively. 

Determination of the sulfur content for the sum of OF obtained from SiC, and oils obtained 

over the freshly regenerated zeolite (B:C = 0–1.1) and the coked zeolite (B:C = 3.6–6.2) was 

measured to 0.07, 0.29 and 0.1 wt.%, respectively. The enhanced sulfur content at low B:C ratio 

(for the most deoxygenated produced) may be attributed to the production of alkylthiophenes from 

H2S and olefins or diolefins, which correlates with the enhanced yield of olefins at low B:C 

ratio [49]. 

Table 2-4. TAN values for the sum of oil fractions and aqueous fractions obtained for the SiC case, and 

over CBV55-st-u-r (B:C = 0–1.1 and B:C = 3.6–6.2). 
  

SiC 
B:C = 0–1.1             

(151 g) 

B:C = 3.6–6.2     

(151 g) 

B:C = 0–6.5             

(15 g) 

B:C = 0–12.9       

(15 g) 

  sum OF sum WF sum OF sum WF sum OF sum WF sum OF sum WF sum OF sum WF 

Fraction of 

collected liquid 

product 

37.9% 62.1% 17.4% 82.6% 29.9% 70.1% 30.7% 69.3% 38.7% 61.3% 

TAN                                      

[mg KOH/g] 
52.3 60.3 6.4 2.7 14.3 4.6 26.0 37.7 22.8 37.6 

TAN of total 

liquid              

[mg KOH/g] 

57.3 3.4 5.6 34.1 31.9 

 

The Van Krevelen plot (Fig. 2-7) illustrates the quality of the obtained liquids by plotting 

the molar H:C against the O:C ratio of the sum of the oil fractions from each upgrading step. The 

organic liquid lost into the aqueous stream was not included in this comparison due to the 

uncertainty related to determining the oxygen content of the small amount of organics dissolved 

in the highly aqueous fractions. A clear reduction in the oxygen content of the oil fractions was 
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observed for the first upgrading step over CBV55-st in comparison to the liquid product obtained 

for passing the vapors over the SiC bed. However, it is apparent that oxygen was expelled to a 

high extent in the form of water and therefore hydrogen was lost. After the first upgrading cycle 

and regeneration of the catalyst, a similar degree of deoxygenation was obtained at a B:C ratio of 

1.1 compared to 1.7 for the initial upgrading step, however at a slightly reduced H/C ratio. Moving 

towards H/C of 1 at O/C of zero indicates the formation of aromatics. The incremental feeding of 

vapors from B:C = 1.1 to 6.2 without regenerating the catalyst decreased the extent of 

deoxygenation with increasing H/C ratio. When one-tenth of catalyst was used during B:C = 0–

6.5, a higher molar H/C and O/C ratio resulted compared to using 151g catalyst, which can be 

attributed to a lower extent of conversion of pyrolysis vapors at shorter catalyst contact time. For 

B:C = 0–12.9 the molar O/C ratio further increased along with the H/C ratio, indicating that mild 

deoxygenation preserved a higher H/C ratio.  

 
Fig. 2-7. Molar H/C vs. O/C ratio for the sum OFs obtained for increasing amounts of straw pyrolysis 

vapors fed over CBV55-st (500 °C). SiC bed and empty reactor (500 °C) shown as reference. Square 

symbols relate to results obtained with 151 g catalyst while triangles refers to oils obtained using only 15 g 

of CBV55-st. Half-filled symbols constitute calculations properties for the mixture of oils obtained from 

successive feeding of biomass (see Fig. 2-2). Deoxygenation pathways are indicated by dashed lines.  

Based on detailed product analysis of all five condensation fractions by GC-MS/FID, the 

yields of over 200 quantified components are grouped into monoaromatics, diaromatics, polycyclic 

aromatics, aliphatic hydrocarbons, phenols, methoxy-phenols, furans/furfural, ester, alcohols, 

ethers aldehydes and ketones. A detailed list of components of which each group is comprised of 

can be found in Table A-11–Table A-24. The grouping was conducted on basis of oxygen 

functionalities, thus aromatic molecules containing a single oxygen functionality were grouped as 

oxygenate and not as aromatic. A comparison of detectable groups from quantitative GC-FID 

analysis for the total organic liquid products is shown in Fig. 2-8. Oxygenated components present 

at yields less than 0.1 wt.% were lumped into one category “Lump of Oxygenates < 0.1 wt.%”. 

0.0 0.1 0.2 0.3 0.4
1.0

1.1

1.2

1.3

1.4

 empty reactor

 SiC

 st, B:C = 0 - 1.7

 st-u-r ,B:C = 0 - 1.1

 st-u-r, B:C = 0 - 2.5

 st-u-r, B:C = 0 - 3.6

 st-u-r, B:C = 0 - 6.2

 st-u5-r2, B:C = 0 - 6.5

 st-u6-r3 B:C = 0 - 12.9

m
o

la
r 

H
/C

molar O/C

in
cr

ea
si
ng

 B
:C

d
e
h
yd

ra
tio

n
decarboxylation

decarbonylation



Chapter 2 

36 

 

The results were obtained by analyzing both the aqueous fractions and oil fractions separately, i.e. 

for each experiment the five different liquid products were analyzed. The highest yield of 

aromatics and phenols is obtained at B:C = 0–1.7 over steamed CBV55. After regeneration, a 

lower aromatics yield is obtained at B:C = 0–1.1, which may result both from the lower B:C range 

and thus higher losses to coke and gas, but also the zeolite`s acidity may have been slightly reduced 

by the first upgrading and regeneration cycle. Continued feeding of biomass from B:C = 1.1–2.5 

and B:C = 2.5–3.6 decreases the yield of monoaromatics over the coked catalyst considerably, 

while additional feeding of biomass beyond B:C = 3.6 reduces the aromatics yields only slightly. 

It is apparent that the increase in oil yield as a result of catalyst deactivation cannot compensate 

the loss in aromatics selectivity. Phenols may form from cracking of guaiacol-like molecules, 

which would indicate that less cracking reactions of these molecules occur with increased coke 

occluding and poisoning acid sites. When upgrading pine pyrolysis vapors over HZSM-5, it was 

shown by Mukarakate et al. [25] that the intermediate species furans, phenol and cresols reached 

a maximum at B:C~0.8. These intermediates will desorb at an increased rate out of the pores once 

the active sites in the catalyst became increasingly poisoned by coke. In this study, the yield of 

alcohols and ketones increased with higher B:C. The incomplete conversion of these reactive 

compounds indicates severe catalyst deactivation. It should be kept in mind that these observations 

are valid only for the detectable GC range. The identified components only account for a certain 

fraction of the total organic liquid. The oil fraction obtained from the -60 °C condensation stage is 

well suited for analysis with the column configuration, which allows quantifying up to ~85% of 

this fraction. More -60 °C OF product is collected  at lower B:C ratios, while increasing B:C ratios 

increase the relative yields of oils collected at the ESP and 4 °C stage. For these fractions, only 

about 20% can be quantified with the applied chromatographic method. As a result, the range of 

GC-identifiable organics decreases with increasing catalyst deactivation (Table A-25). While 

64.4% could be identified for the sum of OF obtained within B:C = 0–1.1, only 27.3% were 

identified for the sum of OF obtained from B:C = 3.6–6.2, and only 11.6% were identified in the 

SiC case.  

SEC was conducted for the SiC oil and oils obtained using CBV55-st for operation at 

B:C = 0–1.1 and B:C = 3.6–6.2 (Fig. A-8). The SEC chromatogram from the SiC oil can be de-

convoluted into seven contributions. The majority of the molecular weight distribution appears to 

be located below 1000 Da, which is quite low compared to reported weight distributions extending 

up to 10000 Da for non-catalytic wood derived oils [50]. As for non-catalytic bio-oil obtained from 

straw fast pyrolysis, MW distributions up to 3000 Da have been reported by Trinh et al. [37]. The 

lower molecular weight of our thermal reference oils can be partly attributed to the additional 

cracking effect upon contact of the vapors with fine char containing high concentration of the 

biomass indigenous alkaline ashes (especially K) at the hot gas filtration surface and partly to the 
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effect of the SiC bed. A loss of up to 30 wt.% of the liquid product yield has been reported in 

literature by HGF due to cracking reactions occurring upon contact of the vapors with the alkali 

metals in char, which produces a narrower molecular weight distribution  [22,46,51,52]. For oil 

product obtained at B:C = 0–1.1, it can be noted that a very intense refractive index (RI) response 

results at lower MW, indicating a more narrow distribution in molecular size in the range of 

toluene. This agrees well with the high aromatic character determined by GC-MS/FID, 1H NMR 

and 13C NMR, and the improved re-evaporation behavior. For oil obtained over the coked catalyst 

(B:C = 3.6–6.2), the shoulders attributed to the higher MW contributions started to appear in the 

chromatogram, with exception of the two highest contributions eluting at 7.9 ml and 8.45 ml. For 

B:C = 3.6–6.2, the contribution eluting in proximity to the toluene reference is significantly 

reduced compared to the severely deoxygenated oil, yet still enhanced compared to the SiC 

reference oil. The high intensity of the RI response for oil obtained at B:C = 0–1.1 could indicate 

absorbance effects. A significantly enhanced light scattering (RALLS) response was observed for 

the oil with the lowest oxygen content (6 wt.% d.b.), while oil obtained over the coked catalyst 

with an oxygen content of 17 wt.% d.b showed a light scattering intensity close to the SiC oil. The 

high aromaticity of the more severely deoxygenated oil seems to absorb at the used wavelength of 

670 nm, indicating extended conjugations for the higher MW compounds.  

Since aromatics such as benzene, toluene, and xylenes (BTX) are of high value, their 

selectivity within the quantified monoaromatics is of interest (see Fig. 2-9). Clearly, the selectivity 

for BTX compounds decayed at higher B:C ratios. This is in line with results reported for systems 

utilizing high catalyst to biomass ratio, i.e. B:C << 1, where benzene and toluene are reported as 

the main liquid products (but at low yields) [53]. For tests conducted with 151 g catalyst up to 

B:C = 6.2, the benzene selectivity hardly changed, while the selectivity for the toluene and xylene 

fraction both decreased by about 33% compared to their initial value over a non-coked catalyst. 

The selectivity of substituted monoaromatic rings including alkyl and alkenyl-benzenes, as well 

as indanes and indenes increases at higher B:C ratios to about twice the amount compared to the 

initial selectivity over a fresh catalyst. This indicates less effective side chain cracking and 

dealkylation of alkylaromatics with increasing coke formation.  
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Fig. 2-8. Liquid product characterization by GC-MS/FID: to the left, oil obtained for B:C = 0–1.7 (CBV55-

st) and four experiments with stepwise increasing B:C in the range 0–6.2 (CBV55-st-u-r). To the right, oils 

obtained at B:C = 0–1.7 and 0–6.2 over 151g catalyst are compared with oils obtained at B:C = 0–6.5 and 

0–12.9 using 15 g CBV55 and the SiC oil. Oxygenates in yields <0.1 wt.% have been lumped to “Lump of 

Oxygenates <0.1 wt.%”.  

 
Fig. 2-9. Selectivity for monoaromatics as quantified by GC-MS/FID obtained from upgrading successive 

pyrolysis vapors up to B:C = 6.2 over 151 g CBV55-st. For each experiment, the five liquid fractions 

obtained at different condensation stages were analyzed separately and according to their organics content 

the selectivity is shown for the total organic liquid.  

Revaporization efficiency. Conventional petroleum fuels, such as diesel or gas turbine 

fuels, have a 10–90 wt.% distillation between 220–300 °C and 190–240 °C, respectively. Bio-

crude reheating will be required for hydroprocessing these hydrocarbon-rich intermediates into 

gasoline and diesel fuels. Following the recommendation by Venderbosch [48], the charring 

behavior of the liquid product was investigated by TGA to evaluate the properties of the produced 

oils. The Research Triangle Institute (RTI) has been developing a methodology to define the 

C
BV55

-s
t

C
BV55

-s
t-u

-r

C
BV55

-s
t-u

2 -r
2

C
BV55

-s
t-u

3 -r
3

SiC

0

1

2

3

4

5

6

7
 Nitrogen containing

 Lump of Oxygenates < 0.1%

 Ketones

 Aldehydes

 Ethers

 Alcohols

 Esters

 Acids

 Furans

 Methoxyphenols/guiacols

 Phenols

 Aliphatic hydrocarbons

 PAH

 Diaromatics

 Monoaromatics

B
:C

 =
 3

.6
 -

 6
.2

B
:C

 =
 2

.5
 -

 3
.6

B
:C

 =
 1

.1
 -

 2
.5

B
:C

 =
 0

 -
 1

.1B
:C

 =
 0

 -
 1

.7
re

g
e
n
e
ra

ti
o
n

B
:C

 =
 0

 -
 1

2
.9

B
:C

 =
 0

 -
 1

.7

B
:C

 =
 0

 -
 6

.2

B
:C

 =
 0

 -
 6

.5

151 g

15 g

S
iC

C
BV55

-s
t

C
BV55

-s
t-u

-r

C
BV55

-s
t-u

-r
-u

C
BV55

-s
t-u

-r
-u
2

C
BV55

-s
t-u

-r
-u
3

0

1

2

3

4

5

6

7

y
ie

ld
s
 r

e
la

ti
v
e

 t
o

 f
e

d
 b

io
m

a
s
s
 [

w
t-

%
d
a
f]

10.9 9.4 10.0 9.0 9.2

41.2 40.4 33.8 33.3
27.0

20.4 21.1

15.9 15.4
14.0

9.1 8.7

12.0 15.3
18.9

6.6 5.9
10.6 10.1

10.2

4.0 4.9
5.6 6.2 8.2

7.8 9.6 12.2 10.7 12.4

st

st
-u

-r

st
-u

-r-
u

st
-u

-r-
u
2

st
-u

-r-
u
3

0

20

40

60

80

100

M
o
n

o
a

ro
m

a
ti
c
s
 s

e
le

c
ti
v
it
y
 [
w

t-
%

]  Indenes

 Indanes

 Alkenyl-benzenes

 Alkyl-benzenes

 Xylenes

 Toluene

 Benzene

B:C
 =

 0
 - 

1.
7

B:C
 =

 0
 - 

1.
1

B:C
 =

 1
.1

 - 
2.

5

B:C
 =

 2
.5

 - 
3.

6

B:C
 =

 3
.6

 - 
6.

2



Impact of ZSM-5 deactivation on bio-oil quality during upgrading of straw-derived pyrolysis vapors 

39 

 

thermal stability of bio-crude and determine if the extent of deoxygenation can be correlated with 

the residual solids remaining after distilling the liquids up to 350 °C [54]. It was found that the 

revaporization efficiency improves with decreasing oxygen content of the bio-oils with little 

influence of the catalyst or feedstock type used. In this work, TGA-simulated distillation curves 

were obtained both for the separate oil fractions obtained at each condensation stage (Fig. A-9), as 

well as for the mixture of OF according to their yields (Fig. 2-10a). The amount of remaining char 

relative to the oil (d.b.) is reduced from 29.2% for the SiC case to 10.5% for the oil obtained during 

B:C = 0–1.1, and it increases to 22.3% for the oil obtained during B:C = 3.6–6.2. Upon heating, 

the -60°C OFs loose > 80% of their mass below 200 °C. This agrees well with the observed 

increased range of GC detectable compounds for oils recovered at -60 °C and the low charring 

tendency is an important aspect to consider for further processing, e.g. hydrotreating, as less than 

5% char remained at 300 °C,. While the oil yield over a fresh catalyst is low (14 wt.%daf), the 

extent of possible reheating of the liquids has to be considered when gauging the optimal B:C ratio 

at which the regeneration should be initiated. For the ESP oil fractions, the mass remaining at 

350°C is reduced from 28.4% for the SiC case to 18.8% for B:C = 0–1.1 and further increases to 

24.7% for B:C = 3.6–6.2. The improved revaporization efficiency of bio-oils with reduced oxygen 

content agrees with Dayton et al.`s findings [54] (Fig. 2-10b).  

 
Fig. 2-10. (a) TGA simulated distillation behavior conducted for ~20 mg oil with heating ramp 50 °C/min 

to 650 °C under 150 ml/min N2. The oils (sum OF) were prepared according to their yields at each 

condensation stage. OFs were obtained for SiC bed and for B:C = 0–1.1 and B:C = 3.6–6.2, respectively 

when straw vapors were passed over 151 g CBV55-st. (b) Correlation of the oils oxygen content with the 

remaining mass (char) at 350 °C and 550 °C, corrected by the oils moisture content.  

1H NMR results. The processed 1H NMR spectra of the obtained oil fractions of the SiC 

case, and from upgrading over CBV55-st-u-r (B:C = 0–1.1 and B:C = 3.6–6.2) obtained at the 

different condensation stages are provided as supporting information (Fig. A-10–Fig. A-12). For 

each condensation stage, it was chosen to show the non-catalytic oil at the top, followed by oil 

from a coked catalyst during B:C = 3.6–6.2 (middle) and oil obtained over a fresh catalyst during 
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B:C = 0–1.1 (bottom). This way, comparing the spectra from the bottom to top illustrates the 

changes the oil fraction undergoes with ongoing catalyst deactivation (assuming that the non-

catalytic reference case will be approached by an infinitely large B:C ratio). The relative 

distribution of the different chemical groups could be obtained by assigning the functional groups 

to their chemical shift ranges. The water region (3.6–3.3 ppm) was excluded for this comparison. 

The obtained hydrogen percentages for the different oil fractions are summarized in Table 2-5. A 

higher content of aromatic and conjugated alkene hydrogen (8.2−6.0 ppm) results for the oil 

obtained at low B:C compared to the non-catalytic reference. Precisely, the aromatic H content for 

the 4°C OFs and -60°C OFs is about four times higher than for the non-catalytic reference, while 

for the ESP OFs it is about twice as high. Since the exchangeable proton of phenols might appear 

at the region of 8.2−6.0 ppm as well, the contribution of H bound within hetero-aromatic rings 

cannot be excluded. While hydrogen contributions from oxygen-containing groups (6.0−3.6 ppm) 

are almost completely absent at low B:C ratio, they start to appear for the oil obtained from a vapor 

upgrading over a coked catalyst (B:C = 3.6–6.2). This is in agreement with the reduced oxygen 

content of the upgraded oils determined by elemental analysis. It is interesting to note the increase 

in CHO or ArOH groups towards lower B:C ratio for the 4°C OF and ESP OF, whereas the -60°C 

OF show the opposite trend. This could be explained by an increased amount of ArOH containing 

compounds condensed at the 4°C OF and ESP condensation stage at low B:C ratios, whereas the 

dry ice trap condenses light aldehyde or ketone compounds, which are effectively converted at low 

B:C ratio with higher catalyst activity.  

Table 2-5. Hydrogen percentage based on the 1H NMR analysis of bio-oils obtained from passing straw 

fast pyrolysis vapors over SiC bed (a), over CBV55-st-u-r during B:C = 3.6–6.2 (b), and over CBV55-st-

u-r during B:C = 0–1.1 (c). 
 

 
H-% for 4 °C OF H-% for ESP OF H-% -60 °C OF 

Assignment 

Chemical 

shift range 

(ppm) 

a b c a b c a b c 

-COOH 12.5–11 0.0% 0.0% 0.1% 0.0% 0.0% 0.1% 0.0% 0.0% 0.0% 

CHO, ArOH 11–8.2 0.1% 2.8% 3.5% 1.3% 3.0% 3.8% 2.5% 1.7% 1.2% 

Aromatics and  

conjugated 

alkene H 

8.2–6 7.8% 21.6% 35.4% 14.8% 21.7% 31.4% 7.8% 25.6% 38.6% 

Aliphatic OH, 

-CH=CH-, 

Ar−CH2-O−R 

6–4.2 1.6% 1.2% 0.4% 2.7% 2.3% 0.4% 5.9% 3.0% 0.8% 

R−CH2−O-R, 

CH3−O−R 
4.2–3.6 17.9% 4.6% 0.6% 10.5% 7.8% 1.5% 9.7% 0.0% 0.1% 

-CH2C=O, 

-CHR-C=C, 

aliphatic H 

3.3–2 54.1% 48.0% 54.7% 37.1% 50.7% 56.1% 28.4% 44.9% 52.5% 

Aliphatic H 2–0 18.4% 21.7% 5.3% 33.6% 14.5% 6.7% 45.6% 24.8% 6.7% 
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13C NMR results. The processed 13C NMR spectra of the obtained oil fractions of the SiC 

case, and from upgrading over CBV55-st-u-r (B:C = 0–1.1 and B:C = 3.6–6.2) obtained at the 

different condensation stages are provided as supporting information (Fig. A-13–Fig. A-15). The 
13C NMR spectrum offers the advantage of less overlap of chemical shifts compared to 1H NMR. 

The assignment of chemical shift regions was conducted according to Mante et al. [55] and Joseph 

et al. [56]. The carbon distributions obtained by integrating the 13C NMR spectrum of the oils 

obtained during the different levels of catalyst activity for each condensation stage are summarized 

in Table A-26. The 13C NMR analysis confirms a clear influence of the catalyst on the chemical 

composition of the bio-oil. Oil fractions obtained from the non-catalytic run show a high amount 

of oxygenated compounds with carbonyl, carbohydrates and methoxy/hydroxyl carbons 

constituting 37% and 43% of the total C for the 4 °C OF and ESP OF, respectively. For the oil 

obtained over a coked CBV55 catalyst (B:C = 3.2–6.2), the amount of oxygenated compounds in 

the two stages is reduced to 35% and 34%, respectively. The content of carbohydrates were 

eliminated significantly at low B:C ratio, and are almost under the limit of detection. Note the 

overall closely related trends in terms of chemical group composition for the oils collected at 

different condensation stages, despite their large differences in terms of viscosity and boiling point 

range. Comparing the oil fractions obtained using SiC with B:C = 0–1.1 ( CBV55-st-u-r), the 

carbon related to oxygenated compounds of the 4°C OF was reduced by 31%, while a reduction 

of carbon bound to oxygen of 57% and 62% is observed for the ESP OF and -60°C OF. Based on 

the oil yield distribution at the different condensation stages, the characteristics for the sum of oil 

fractions can be estimated, as shown in Table 2-6. With increased amount of pyrolysis vapors 

passed over the zeolite, the carbonyl, carbohydrates, alcohols, ethers, lignin derived methoxy 

carbon and alkyl fraction increased, whereas the aromatics content rapidly decreased.  

Table 2-6. Carbon distribution for sum of OFs according to 13C NMR characterization of 4 °C OF, ESP OF 

and -60°C OF, shown for oil obtained from (a) SiC bed, (b) over CBV55-st-u-r during B:C = 3.6–6.2 and 

(c) over CBV55-st-u-r during B:C = 0–1.1. 
  Yield of sum OF 

[wt.%daf] 
Carbonyl Aromatics 

Carbohydrates, alcohols, 

ethers 
Methoxy in lignin Alkyl 

a 19.4% 17.8% 27.7% 16.9% 2.9% 25.7% 

b 13.3% 17.3% 43.6% 11.5% 2.6% 25.0% 

c 7.2% 7.1% 62.6% 7.5% 2.2% 20.7% 

 

2D NMR-results. Even though the 1D NMR characterization techniques are essential for 

quantification, they suffer from spectral overlapping or long relaxation times when applied in the 

bio-oil analysis [57]. 2D NMR spectra lower the likelihood of overlapping because the signals are 

spread out into two dimensions. The heteronuclear single-quantum correlation spectroscopy 

(HSQC) experiment provide single-band connection between protons and carbons. The 
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multiplicity-edited HSQC spectrum correlates chemical shifts of carbons and protons in a phase 

sensitive way. Methine (=CH−) and methyl (-CH3) groups will appear as positive signals (blue) 

whereas methylene groups (=CH2 or –CH2-) will present negative intensity (red). A comparison 

of the 2D NMR spectra of the different oil fractions is found in the supporting information (see 

Fig. A-16 and Fig. A-18). For oil collected at B:C = 3.6–6.2 (CBV55) the content of sugar derived 

compounds and alcohols is still partly reduced compared to the SiC oils. The same holds true for 

aldehydes and to some extent for acid derived compounds. The oil fractions obtained at B:C = 0–

1.1 stand out by absence of aldehyde compounds, sugar derived compounds/alcohols and methoxy 

groups.  

Non-condensable gases. The formation of dry gas and coke is reduced with increasing 

catalyst deactivation. Fig. 2-11 shows the yields of C2 to C4 olefins during B:C = 0–1.7 over 

CBV55-st and four successive upgrading steps over the regenerated zeolite. The ethene yield 

peaked at 3.1% for CBV55-st and at 2.4% after the first regeneration, and it decreased towards 

higher B:C ratios until leveling out at ~1.4 wt.%. For propene, the yield only slightly decreased at 

values ~3.7 wt.% for CBV55-st, whereas after the first regeneration cycle the propene yield 

dropped more rapidly, reaching ~2 wt.% at B:C > 6. n-butenes increased up to B:C~2 after which 

the yield declined towards higher B:C ratios. For CBV55-st, the yield of iso-butene reached a peak 

at B:C ~ 0.8 after which the yield slowly dropped. After a first coke-burn off, this peak occurred 

at B:C ~ 0.5. Further gas composition ratios are discussed in the supporting information 

(Fig. A-19).  

 
Fig. 2-11. Yield of C2 to C4 olefins during increasing B:C ratio over CBV55-st (diamond symbol) and after 

one oxidative regeneration (squares); The legend in (a) is also valid for plots (b) to (d). The yields obtained 

from non-catalytic SiC experiment are shown as reference (red dashed line). 
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2.4 Discussion 
At low B:C ratio, a high deoxygenation activity results with high yields of CO, CO2, H2O, 

and coke, but at a low oil yield. The obtained oil has desirable properties in terms of reduced 

acidity and high HHV. With increasing amount of biomass pyrolysis vapors fed over the catalyst, 

the catalyst deactivates by coke deposition, blocking the access to active sites. Thus, the oil yield 

increases at the expense of inferior oil quality. The increasing oil yield with higher B:C ratio also 

increases the energy recovery into the liquid product. The critical point at which the feeding of 

biomass pyrolysis vapors over the catalyst should be stopped and the regeneration initiated will 

depend on the process utilizing the oil and its requirements to the oil`s quality.  

It is of interest to compare our results with other studies, which also varied the exposure of 

biomass derived pyrolysis vapors over HZSM-5 at similar operating temperature of 450–550 °C. 

To allow better comparison of the obtained oil yields, only results reported for ex-situ upgrading 

are taken into account. Despite the vast amount of research devoted to catalytic fast pyrolysis, 

often important information as the oils oxygen content or the used biomass to catalyst ratio are 

missing. Only few references could be found which were devoted to wood and rice husk as 

feedstock. To the best of our knowledge, no detailed investigation for the change in oil quality for 

ex-situ catalytically upgraded wheat straw derived vapors is available. The reported oil yields on 

dry-ash-free biomass basis and its oxygen content (d.b.) was related based on increasing dry, ash-

free biomass to catalyst ratios, and therefore increasing deactivation of the catalyst (Fig. 2-12). 

With increasing B:C ratio, a steep increase in oxygen content for oils from woody biomass and 

acid washed straw [58] is observed compared to the results obtained in this study. It appears that 

both the oxygen content and oil yield increase asymptotically towards oils obtained from non-

catalytic reference cases (~35 wt.% oxygen at 30 wt.% oil yield for woody biomass and acid 

washed straw). For most of these studies, at B:C > 3 the catalyst appears completely deactivated. 

In comparison, a reduced oxygen content for the straw derived oils from this study is observed 

extending to higher B:C ratios; however, also the liquid yields are lower which may be attributed 

partly to the high indigenous ash content of the straw feedstock, which is known to promote the 

formation of chars and gas [59]. Few studies [6,60–62] have investigated the possibility of co-

processing CFP oils with vacuum gas oil by blending 10–20% of bio-oil. The oil`s oxygen content 

ranged from 20 to 27 wt.% in these studies. The oil`s maximum oxygen content and functionalities 

to allow successful processing in a refinery thus determine the B:C ratio at which the vapor 

upgrading must be stopped, thereby dictating the frequency of catalyst regeneration. When fitting 

the results found in the literature for woody biomass and acid washed straw by an exponential 

decay function, it can be estimated that for an oxygen content of ~15% the catalyst regeneration 

for woody biomass would need to be initiated at a B:C ratio of about 1, whereas for the straw 
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derived oils a six fold amount of biomass could be converted over the same amount of catalyst 

before regeneration needs to be initiated. A reduced regeneration frequency will extend catalyst 

lifetime and in general ease the operation. While Fig. 2-12 was devoted to comparing the results 

of the obtained liquid from start over the fresh catalyst to a certain B:C ratio, it was attempted to 

compare the oils collected during increasing B:C intervals. The work by Horne and Williams [27] 

allows this comparison for oils obtained from ex-situ vapor upgrading (fast pyrolysis of mixed 

wood). Suitably, these authors used a similar condensation train comprised of a cooling water and 

dry ice stage. However, the oxygen content in the collected oil phase was stated on wet basis 

without analyzing the water content. The oxygen content and bio-oil yields of this study were 

therefore shown on a wet basis for the phase separated oil fractions to facilitate the comparison 

(Fig. 2-13). Similar trends are observed for the oil collected from stepwise upgrading. While lower 

oil yields result for the straw derived oils, their oxygen content on wet basis at a given B:C ratio 

is only about 50% compared to that of the wood derived oils.  

 
Fig. 2-12. Comparison of results obtained from this study (open symbols) for upgrading straw pyrolysis 

vapors with results found in the literature for ex-situ upgrading over ZSM-5 type zeolites at different B:C 

ratios and catalyst temperatures of 500°C. Shown are the “cumulative” oil properties when collected at the 

indicated biomass (daf) to catalyst ratios. Square symbols refer to the study of Hernando et al. [58] using 

acid-washed wheat straw (pyrolysis at 550°C) and upgrading the vapors over ZSM-5 at 400°C for various 

B:C ratios and a single test at 500 °C. Diamond symbols refer to results from Williams and Nugranad [3] 

obtained for rice husks, the triangle symbols at the same B:C ratio are obtained for different SiO2/Al2O3 

contents of ZSM-5 with beech wood feedstock [2], star symbols refer to results by Iliopoulou et al. [4] for 

beech wood, and the cross symbols refer to results by Williams and Horne [27] reported for mixed wood 

feedstock and repeated regeneration steps which were found to increase the oil`s oxygen content with minor 

increase in oil yield. Results obtained for the non-catalytic reference case of this study are indicated by 

horizontal lines for both wood and straw feedstock. 
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Fig. 2-13. Change in the “differential” oil yields (including moisture) and oxygen content (on wet basis) 

shown for this study (straw) and results obtained by Horne & Williams [9] for upgrading pyrolysis vapors 

derived from mixed wood (daf) for the intervals B:C = 0–0.5; 0.5–1, 1–2, and 2–3. Shown is the yield of 

oil fractions, i.e. without taking C4+ and aqueous fractions into account.  

2.5 Conclusion 
The change in oil yield during ex-situ CFP of wheat straw over an increasingly coked 

ZSM-5 was correlated with the changes in oil quality. The assessment of catalyst activity was 

complemented by detailed characterization of both the liquid and gas phase products. With 

increasing deactivation due to coking, the yields of valuable hydrocarbon product fractions, 

particularly aromatics and olefins decreased, while a gradual breakthrough of primary pyrolysis 

vapors increased the oxygen content of the condensed liquid. Bio-crude produced with ZSM-5 at 

B:C = 1.7 contained higher yields of completely deoxygenated compounds such as monoaromatics 

(3 wt.% of biomass (daf)) compared to the non-catalytic oil, but also elevated yields of phenols 

(0.9 wt.%). While aldehydes, sugars, alcohols and methoxy groups were effectively converted at 

low B:C ratio, they can be found in increasing amounts in the liquid product slate at a progressed 

zeolite deactivation. The catalyst maintained activity after steaming and four cycles of vapor 

upgrading and oxidative regeneration, and the zeolite`s acidity decreased by 18% relative to the 

steamed zeolite. While the results indicate catalyst stability over few reaction-regeneration cycles, 

investigation of the ‘true’ long-term stability would require many additional regeneration cycles.  

The hot gas filtration upstream the zeolite bed was effective in preventing accumulation of 

potassium on the zeolite. It can be concluded that the regeneration frequency will depend on the 

product application. In agreement with CFP of woody biomass reported in literature, the selective 

production of monoaromatics and olefins can only be achieved at low B:C ratios and requires 

continuous catalyst regeneration. For fuel production, a high energy yield is paramount which may 

allow operation toward higher B:C ratio and thereby require reduced regeneration frequency as 
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long as certain fuel requirements are met. The provided characterization of the oil properties in 

combination with the regeneration and deactivation of the catalyst may assist the development of 

co-processing of CFP oil from agricultural residues in oil refineries. 
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Chapter 3 |  Catalytic deoxygenation of vapors 

obtained from ablative fast pyrolysis of wheat straw 

using mesoporous HZSM-5 

The content presented in this chapter was published in Fuel Processing Technology (194 (2019) 

106119. doi:10.1016/J.FUPROC.2019.106119). 

3.1 Introduction 
Biofuels are instrumental to increase the share of renewables in the transport sector and 

fast pyrolysis is a simple and robust, technology to convert biomass feedstocks into liquid bio-

oil [1–3]. Fast pyrolysis requires short residence times (<2 s), fast heating rates (~500 °C/s), 

moderate to high temperatures (400–700 °C), and low pressures (<5 atm) in order to obtain a high 

oil yield[1]. The obtained oils contain up to 400 different compounds including acids, esters, 

alcohols, ketones, aldehydes, sugars, furans, phenols, guaiacols, and syringols [4]. In order to (co-

)process bio-oil at oil refineries, reduction of the oil’s oxygen content and acidity is required [5]. 

Deoxygenation can be obtained by direct upgrading of the pyrolysis vapors under atmospheric 

conditions over solid acid catalysts, which makes catalytic fast pyrolysis (CFP) interesting 

compared to high pressure hydrotreating of raw pyrolysis oil [6]. HZSM-5 with a molar Si/Al 

range of 11–40 is considered most suitable for production of aromatics and gasoline range products 

when upgrading biomass derived pyrolysis vapors as the shape selective micropores improve the 

selectivity to aromatics and limit coke formation [7,8]. A Si/Al of 15 has been found optimal for 

high aromatic yields [9–11], although at the cost of low overall oil yield. The selectivity to 

aromatics rapidly decreases with increasing amount of biomass fed due to the rapid coking. The 

coke formation has been attributed to polymerization of small oxygenates on the zeolite’s external 

surface, potentially causing pore blockage [12]. Catalyst activity can be regained by oxidative 

regeneration.  

Hierarchical zeolites possess both micro and mesoporosity, with the mesopores being 

connected to the micropores and to the external surface of the particles, thereby allowing reactants 

to access the active centers (mostly located inside the micropores) faster. Examples of the benefits 

of hierarchical zeolites for several reaction types including methanol-to-hydrocarbon and 

aromatization reactions can be found e.g. in references [13–16]. The primary pyrolysis vapors 

contain bulky oxygenates such as lignin derived phenolic oligomers, which are too large to enter 

into the zeolite micropores. In order to reduce mass transfer limitations of conventional HZSM-5, 

additional mesoporosity may extend the upgrading reactions to bulkier molecules. The 

development of mesoporosity in HZSM-5 zeolite in an alkaline medium has been extensively 
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described by Groen et al. for an optimal molar Si/Al ratio of 25–50 [17,18]. By using higher 

concentrated NaOH solutions, also HZSM-5 with lower Si/Al ratios can be desilicated and acid 

washing with dilute HCl solution after the desilication increased the accessible micropore volume 

(Vmicro) due to removal of Al debris blocking the pore mouth entries [19]. 

Previous studies [20–23] using small scale batch pyrolyzers and a variety of biomasses as 

feed generally found that using mesoporous HZSM-5 lead to higher yield of monoaromatics while 

the influence on coke yield and gas was not always investigated or reported differently (see 

Table B-1). While improvements in the catalytic performance were reported for mesoporous 

HZSM-5, the yields of oil and water and important oil/vapor properties like acidity and oxygen 

content were not disclosed.  

Only few studies upgraded biomass derived fast pyrolysis vapors over mesoporous HZSM-

5 at scales that allowed collection of liquid product. Park et al. [24] pyrolyzed 5 g woody biomass 

followed by upgrading of pyrolysis vapors over a fixed bed of 0.5 g mesoporous HZSM-5 catalyst. 

The oil yield decreased and gas and coke yields increased over the mesoporous zeolite, but the 

deoxygenation and aromatization activity increased compared to the parent version. Park et al. [25] 

tested mesoporous HZSM-5 for the upgrading of miscanthus pyrolysis vapors and found that an 

improved activity in deoxygenation for the hierarchical HZSM-5 was accompanied by an increase 

in polyaromatics (PAH) and coke. The organic liquid yield decreased from 35.7 wt.% without 

catalyst to 21.5 and 20.4 wt.% using the parent and meso-HZSM-5, respectively. Using a bench-

scale fixed bed tubular reactor, Asadieraghi et al. [26] evaluated the effect of added mesoporosity 

on the yield and composition of oil obtained at a cumulative biomass-to-catalyst ratios (B:C) = 10 

from palm kernel shell. Compared to the parent HZSM-5, the bio-oil from meso-HZSM-5 showed 

lower concentrations of small oxygenates and higher concentration of aromatics, which was 

attributed to higher activity in aldol condensation and aromatization reactions. Jia et al. [27] 

monitored the change in vapor product distribution as function of increasing B:C ratio using an 

on-line mass spectrometer. Wood particles were stepwise injected into a micro fluidized bed 

reactor (500 °C) containing 5 g of HZSM-5 (Si/Al = 45) or its desilicated (mesoporous) version. 

Compared to the parent HZSM-5, the hierarchical sample formed 31% more coke at B:C = 1.7. 

Higher yields and a broader distribution of mono- and di-aromatics was obtained over the 

hierarchical HZSM-5 while the yield of olefins and aromatic hydrocarbons decreased faster for the 

parent zeolite due to a faster deactivation.  

For a detailed comparison, both the oxygen content and yields of the oils obtained from the 

parent and mesoporous HZSM-5 should be considered—information which was not always fully 

provided in above studies [25,26,28]. In addition, results reported for batch type and/or in-situ 

catalyst configurations where the biomass is mixed with the catalyst may affect the product 

distribution differently compared to continuous feeding of vapors to an ex-situ located catalyst 
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bed. The majority of the above mentioned studies were operated to a single cumulative B:C ratio, 

at which the product distribution was compared. Thus, the literature lacks information about the 

changes in oil yield and quality with increasing time-on-stream for mesoporous HZSM-5. 

Furthermore, two important aspects were often overlooked in the catalyst preparation. Firstly, for 

the studies that applied desilication [20,21,23,26,29–31], not only the NaOH concentrations but 

also other treatment conditions like time and temperature varied. An acid wash treatment was only 

conducted in few cases [31–33], using 0.1M HCl. Without the acid wash, the access to micropores 

may have been partly blocked and the benefit of mesopore introduction may have been 

compromised. Secondly, the mentioned studies reported the performance for mesoporous HZSM-

5 that had not previously been exposed to hydrothermal conditions, which ignores the possibility 

that the stability of the zeolite may have decreased by the introduction of mesopores. The loss in 

acidity of the zeolite due to dealumination under hydrothermal affects the product distribution. 

The deactivation in the above studies was therefore a combination of irreversible deactivation by 

steam caused by dealumination and reversible deactivation by coke deposition.  

A large body of scientific work related to catalytic fast pyrolysis (CFP) covers wood as 

feedstock due to its low ash content and thus higher oil yield [3,34–37]. The potential of wheat 

straw as a renewable source of fuels and chemicals via fast pyrolysis has been recognized by 

several researchers [38–44]. To the best of the authors knowledge, the closest available work 

reporting direct deoxygenation of straw pyrolysis vapors using HZSM-5 and specifically 

mesoporous HZSM-5 was reported by Hernando et al. [45], using Al-rich hierarchical HZSM-5 

(Si/Al = 12) for a batch-type conversion of 4 g of acid-washed wheat straw at a biomass-to-catalyst 

(w/w) ratio (B:C) of 1.4 and 2.5 in a downdraft fixed-bed reactor with two separated zones. 

Unfortunately, the parent Al-rich HZSM-5 was not included for comparison. 

The ambiguous results reported in literature warrant further research in order to clarify if 

introducing auxiliary mesopores decreases the rate of deactivation and increases the tolerance 

towards deactivation by coke deposition during upgrading of biomass derived fast pyrolysis 

vapors. This is important as it would allow operating to higher cumulative B:C ratios before 

crossing a certain threshold of minimum oil quality. With this work, the following research 

questions were addressed: i) What yields of deoxygenated pyrolysis oil can be obtained from ex-

situ catalytic straw fast pyrolysis over conventional and mesoporous HZSM-5, ii) Can the oil yield 

be increased by the introduction of mesopores for a similar degree of deoxygenation, and iii) Does 

mesoporous HZSM-5 retain activity for a longer time compared to its original counterpart when 

evaluated at similar original zeolite mass? Desilication with NaOH was used to generate 

mesopores followed by a mild acid wash to remove Al debris potentially blocking pore 

entries [19]. The samples were initially steam treated to obtain (partially) equilibrated samples, 

thereby minimizing deactivation by dealumination [46] and allowing to study deactivation only by 
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coking. Furthermore, instead of targeting the yield of monoaromatics as most previous studies, the 

focus of this work lies on the carbon recovery of mildly deoxygenated and stabilized oil for its 

further processing in an oil refinery. To this end, the ex-situ upgrading of continuously fed 

pyrolysis vapors was performed over various conventional and mesoporous HZSM-5 in bench-

scale and correlated the change in product distribution towards increasing cumulative biomass-to-

catalyst ratios with the oil’s quality. 

3.2 Material and methods 
Pyrolysis. The characteristics of the feedstock (wheat straw) and the experimental set-up 

of an ablative fast pyrolysis unit coupled to ex-situ deoxygenation of the hot vapors were described 

recently [47]. Fig. 2-1 shows a diagram of the reaction system. Straw was fed at ~200 g/h to the 

pyrolysis reactor, which was operated at 530 °C. The nitrogen carrier gas (8 Nl/min) was preheated 

to 450 °C. Char separation was achieved by cyclones (450 °C) and hot gas filtration using a 

ceramic filter candle (350 °C) upstream the ex-situ located catalytic fixed bed operated at 500 °C. 

This temperature was chosen as a compromise between deoxygenation activity and excessive coke 

and gas formation. Vapors were condensed in three stages: At 4 °C, a series of metal impingers 

was used, followed by an electrostatic precipitator (ESP) operated at room temperature, and a 

series of glass impingers cooled to −60 °C. The total liquid product (excluding the moisture 

introduced from biomass) is defined as the sum of reaction water, the organics contained in the 

three oil fractions (OF), and the organics contained in the two aqueous fractions (WF). The sum 

of the water-free organic content obtained in the OF and WF fractions will be referred to as organic 

liquid (OL). Non-condensable gases (NCG) were analyzed using NDIR and GC-TCD/FID.  

Catalyst Preparation. The parent HZSM-5 zeolites with Si/Al = 16, 28, and 39 

(determined by XRF) were obtained from Zeolyst Int. and the product codes CBV 3024E, CBV 

5524G, and CBV 8014 are abbreviated with CBV30, CBV55 and CBV80 in the following. A 

screening study of desilication conditions for the Al-rich CBV30 was conducted prior to 

preparation of a larger batch of mesoporous material as is further elaborated in the supporting 

information. The desilication was performed with an electrically heated and stirred reactor system 

(see Fig. B-1). Based on the results of the screening study, mesoporous CBV30 was prepared by 

desilication of 300 g zeolite with 0.6M NaOH for 30 min at 65 °C and a liquid to solid ratio (L/S) 

of 50, followed by acid washing with 0.06 M HCl solution for 6 h at 65 °C. The solid yield 

amounted to 50%, which can be attributed to the extensive mesopore formation and the high L/S 

ratio employed. Desilication of CBV55 and CBV80 was performed according to the procedure 

reported by Groen et al. [48] and Verboekend et al. [19], using 0.2M NaOH at 65 °C for 30 min 

at L/S = 30, followed by a mild acid wash with 0.02 M HCl to remove Al debris. In an attempt to 

limit extensive mesopore formation and increase the remaining solid yield after desilication of 
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CBV80, an additional batch of mesoporous CBV80 was prepared using half the amount of leaching 

solution (L/S = 15). In addition, this batch was started from the calcined zeolite while for all others 

the desilication was performed using the ammonium form of the zeolite. 

All hierarchical materials were ion-exchanged with 1M NH4NO3 at 80 °C for 24 h, dried 

overnight and subsequently calcined at 550 °C (ramp 3 °C/min) for 5 h under dry air flow. The 

parent zeolite samples were received in the ammonium form and calcined under the same 

conditions. All catalysts were steamed prior to their first use for vapor upgrading by injecting water 

into a preheated nitrogen stream (4 Nl/min) and passing the steam (~30 vol.%) over the zeolite bed 

kept at 500 °C for 5 h under atmospheric pressure conditions.  

Vapor Upgrading. The experiments were stopped once a certain mass ratio of dry and 

ash-free (daf) wheat straw compared to catalyst was fed (indicated by B:C). Table 3-1 numbers 

the experimental runs and summarizes the operating conditions. Two externally heated reactors of 

different size were used in the experiments. A larger reactor (ID = 67 mm, length = 250 mm) was 

used at low B:C ratios up to B:C ~10, filled with ~300 ml of catalyst volume (93–151 g) which 

corresponded to a weight hourly space velocity (WHSV) in the range of 1.2–2.2 gbiomass/(gcatalyst∙h), 

with the exception of CBV55 (WHSV=0.5 gbiomass/(gcatalyst∙h)) for which results were reported 

previously [47]. In order to reach high B:C ratios, it was necessary to run with lower catalyst mass 

and tests operated to higher B:C ratios up to B:C ~22 were performed using a smaller reactor (ID 

= 20 mm, length = 190 mm) with 15–26 g catalyst, corresponding to a WHSV range of 6.1–10.6 

gbiomass/(gcatalyst∙h). The WHSV of the lower catalyst loadings was 4.3 to 5.3 times higher compared 

to using the larger mass of catalyst, with the exception of CBV55 (15 times higher WHSV) as 

reported earlier [47]. For both reactor sizes, quartz wool and perforated distribution plates were 

placed between the catalyst bed and gas inlet/outlet pipes in order to ensure plug flow behavior 

and avoid channeling or dead pockets. Due to the differences in WHSV, the performance of the 

catalysts should be compared for each reactor size, and not across the two reactor scales. The effect 

of catalyst loading at similar B:C ratio is visible by comparing experiment Z502 with Z503, 

experiment MZ503 with MZ504, and experiment MZ802 with MZ803. Despite differences in the 

biomass feeding rate, the vapor contact time, predominantly determined by the carrier gas flow 

rate, was comparable for all runs conducted with ~60 or ~300 ml catalyst volume, respectively. 

For each reactor size, the same volume of catalyst was used since this is the most relevant way of 

comparing catalysts from a practical point of view. This further seems a fair way of comparing 

parent and desilicated catalysts since the volume of a certain mass of parent zeolite is roughly the 

same as its desilicated version. Fig. B-2 shows examples of temperature profiles for the two 

different reactor scales and steamed versions of CBV30 and CBV80. Upon contact of the vapors 

with the fresh or regenerated catalyst bed, the bed temperature initially increased by ~15–30 °C 
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due to exothermic reactions. Note also that the temperature rise was lower for the less active 

CBV80 compared to CBV30. 

The yield of non-condensable gases may be under-represented for the shortest run-times 

(Z503 and MZ803) due to a gas-sampling interval of >10 min on the GC. Passing the hot pyrolysis 

vapors over 60 ml (95 g) of SiC produced a “thermal” reference oil, and from repeated experiments 

over the SiC bed the experimental uncertainty (in terms of 2 standard deviations) for the yields 

of gas, organic liquid, reaction water, and char was estimated to 2.1 wt.%, 0.4 wt.%, 0.8 wt.% and 

3.8 wt.%, respectively. The mass balance closures were in the range 90–101%.  

For oxidative regeneration of the catalysts, nitrogen was mixed with air to obtain ~2 vol.% 

O2 (total flowrate 2 Nl/min) and the temperature was ramped from 250 °C to ~550 °C at 1 °C/min. 

The final temperature was held for several hours and the nitrogen was stepwise replaced by air 

until no more CO and CO2 was measured in the effluent gas stream. 

Catalyst and Oil Characterization. The majority of the methodology for catalyst and oil 

characterization has been outlined in detail in our previous work [47]. In addition to the previous 

reported methodology, TEM images were acquired using a Tecnai T20 G2 (acceleration voltage 

of 200 kV). Samples were prepared by dispersion of the sample in methanol in an ultrasonic bath, 

after which drops of the dispersion were placed on a copper grid containing a lacey carbon film 

and dried over-night. A description of the methodology for characterization of the catalyst’s total 

acidity and acid strength distribution using NH3-TPD as well as the quantification of the Brønsted 

acidity by TPD of ethylamine is provided in the supporting material. It is noted that the 

experiments Z501 to Z504 were part of a recently submitted work, which focused on the change 

in oil quality at continued vapor upgrading over an increasingly coked CBV55 [47]. Since the 

focus of this work lies on the performance comparison of mesoporous HZSM-5 with their parent 

versions for a range of different Si/Al ratios, results obtained with the parent CBV55 were included 

for comparison. 
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Table 3-1. Process conditions of the test series for comparison of CBV30, CBV55, and CBV80 with its 

respective mesoporous version. All zeolitic catalysts were steamed (suffix ‘st’) prior to the first reaction 

cycle and the suffixes ‘u’, and ‘r’ to the catalyst designation indicate the number of previous vapor 

upgrading and regeneration procedures. ‘L/S’ refers to the liquid-to-solid ratio applied for desilication.  

Experiment 

number 
Catalyst 

Amount 

catalyst [g] 

Biomass (daf) 

feeding rate 

[g/min] 

cumulative 

biomass-to-catalyst 

ratio (cum. B:C) 

- SiC 95 2.7 11 

Z301 CBV30-st 143 4.1 1.4 

Z302 CBV30-st-u2-r2 143 3.3 3.6 

Z303 CBV30-st-u-r 143 3.3 6.1 

Z304 CBV30-st 26 3.3 10.7 

MZ301 mesoCBV30-st 93 3.4 2.4 

MZ302 mesoCBV30-st-u-r 93 3.3 6.2 

MZ303 mesoCBV30-st-u4-r4 20 3.1 9.2 

Z501 CBV55-st 151 1.4 1.7 

Z502 CBV55-st-u-r 151 1.1 6.2 

Z503 CBV55-st-u3-r3 15 2.1 6.5 

Z504 CBV55-st-u2-r2 15 1.7 12.9 

MZ501 mesoCBV55-st-u-r 100 3.2 2.5 

MZ302 mesoCBV55-st 100 2.9 6.4 

MZ503 mesoCBV55-st-u2-r2 100 3.2 9.6 

MZ504 mesoCBV55-st-u3-r3 20 3.3 11.2 

Z801 CBV80-st-u-r 140 3.2 2.8 

Z802 CBV80-st 140 2.4 4.5 

Z803 CBV80-st-u2-r2 24 2.8 9.9 

Z804 CBV80-st 24 2.1 17 

MZ801 mesoCBV80-st, L/S = 15 90 3.0 2.4 

MZ802 mesoCBV80-st-u-r, L/S = 15 90 3.6 8.3 

MZ803 mesoCBV80-st-u-r, L/S = 30 15 2.6 10 

MZ804 mesoCBV80-st, L/S = 30 15 2.7 21.8 

 

3.3 Results 

3.3.1 Physicochemical catalyst characterization 

The isotherms and pore size distributions obtained from argon and nitrogen physisorption 

are provided for both the parent and mesoporous zeolites in Fig. B-3–Fig. B-9, and the 

physisorption data confirmed the formation of mesopores by the desilication. Acidity 

characterization by NH3-TPD was performed for the calcined zeolites, after their steam treatment, 

and after several reaction/regeneration cycles. Desorption profiles are provided in Fig. B-10–

Fig. B-14. The determination of the Brønsted acidity by TPD of ethylamine was obtained by 

integration of the desorption peak of NH3 as reaction product at ~420 °C [49,50], and the 

desorption profiles are shown in Fig. B-15–Fig. B-17 (SI). Table 3-2 includes both the overview 

of textural properties as well as the acidity characterization and the molar Si/Al ratio and the Na 

content determined by XRF analysis. The suffixes ‘st’, ‘u’, and ‘r’ to the catalyst designation 
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indicate steaming, vapor upgrading, and regeneration, and the superscript number indicates the 

number of times the sample underwent the treatment in the sample’s history. The two characteristic 

peaks desorbing at ~220 °C and ~430 °C of the acid strength distribution obtained by NH3-TPD 

were fitted (Gaussian) in order to obtain the distribution between strong (S) and weak (W) acidity. 

The Brønsted acidity of the hierarchical catalysts decreased further by ~10% after several (2-4) 

reaction cycles. A more pronounced drop in Brønsted acidity by 38 and 26% was observed for the 

parent steamed CBV30 and CBV55, respectively, while the decrease in Brønsted acidity for 

CBV80-st after three reaction-regeneration cycles was 10%, indicating good stability. 

For the parent CBV30, the steaming and repeated reaction-regeneration cycles decreased 

the microporous volume (Vmicro) from 0.21 cc/g to 0.17 cc/g, while the mesoporous volume (Vmeso) 

increased from 0.09 to 0.11 cc/g (see Table 3-2 and Fig. B-3). The steam pretreatment and 

continued exposure to hydrothermal conditions during the vapor upgrading and regeneration seem 

to have caused extended hydrolysis of Al-OH-Si bonds, leading to removal of instable domains 

and creating some voids in the mesoporous regime. The desilication decreased Vmicro from 0.21 to 

0.15 cc/g and created 0.31 cc/g mesopores, about three times higher compared to the parent 

material. The physicochemical properties of the mesoCBV30 match very closely the hierarchical 

HZSM-5 investigated by Hernando et al. [45], who reported Si/Al = 12, Vmicro = 0.144 cc/g (probed 

by Ar-physisorption) and Vtotal 
= 0.584 cc/g. CBV30 showed a ratio of strong-to-weak acid sites 

(S/W) of ~1, which was reduced to 0.8 after steaming and three reaction-regeneration cycles, 

indicating that strong acid sites were lost preferentially. For the mesoporous CBV30, a similar 

S/W ratio resulted as for the parent CBV30, however, after steaming and few reaction-regeneration 

cycles its S/W ratio decreased to ~0.7. The steamed mesoCBV30 largely preserved its acidity after 

four reaction-regeneration cycles, whereas the steamed CBV30 further lost acidity after three 

reaction-regeneration cycles to values below its mesoporous counterpart. The Brønsted acidity 

determined by TPD of ethylamine was highest for the steamed CBV30 (0.266 mmol NH3/g) 

compared to steamed CBV55 and CBV80; however, it decreased to 0.165 mmol NH3/g after three 

reaction-regeneration cycles (see Table 3-2). The mesoCBV30 retained more Brønsted acidity and 

strong acidity after repeated reaction-regeneration cycles compared to the parent CBV30.  

For the parent CBV55, the steaming and repeated reaction-regeneration cycles decreased 

Vmicro from 0.22 cc/g to 0.2 cc/g, while Vmeso slightly increased (see Table 3-2). The desilication 

decreased Vmicro slightly from 0.22 to 0.21 cc/g, and increased Vmeso to 0.14 cc/g. After steaming 

and repeated reaction-regeneration cycles, Vmeso further increased to 0.22 cc/g, indicating the 

collapse of hydrothermally unstable framework sections. The desilication of CBV55 decreased the 

molar Si/Al ratio from 28 to 20, which correlated with an increase in acidity from 0.65 to 0.86 

mmol NH3/g. While both parent and mesoCBV55 lost about 50% of their initial acidity by the 

steaming and reaction-regeneration cycles, the mesoCBV55 maintained a higher acidity (0.38 
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mmol NH3/g) compared to the parent CBV55 (0.3 mmol NH3/g). This agrees with a higher 

Brønsted acidity determined for mesoCBV55-st-u3-r3 (0.152 mmol NH3/g) compared to CBV55-

st-u4-r4 (0.118 mmol NH3/g).  

The desilication increased the S/W acid site ratio for CBV55. However, after steaming and 

several reaction-regeneration cycles lower S/W ratios resulted for the mesoCBV55 compared to 

the parent CBV55. This illustrates that the physicochemical properties of mesoporous HZSM-5 

may change upon exposure to hydrothermal conditions and that the results reported for the 

performance of mesoporous HZSM-5 that was not previously exposed to hydrothermal conditions 

may not be representative after long-term use.  

In order to investigate potential changes in crystallinity by the desilication, both the parent 

CBV55 and its desilicated version were analyzed by XRD. Fig. B-7 shows a comparison of the 

XRD pattern, which indicates that the MFI characteristic pattern was well preserved, by both the 

desilication and acid treatment as well as the steaming and repeated reaction-regeneration cycles. 

This is in agreement with others [51], who reported that desilication of CBV55 under similar 

conditions did not disturb the crystallinity of the resulting materials.  

For desilication of CBV80, a decrease in the amount of leaching solution from L/S = 30 to 

15 reduced the created Vmeso from 0.19 cc/g to 0.17 cc/g and preserved more Vmicro. This way, 

extensive leaching was limited and a solid yield of 77 wt.% was obtained after leaching with L/S 

= 15 compared to 62 wt.% remaining after leaching with L/S = 30. Nevertheless, a considerable 

increase in total pore volume (from 0.24 cc/g for the parent sample to 0.37 cc/g) and the 

introduction of mesopores (0.06 to 0.17 cc/g) was achieved at L/S = 15. Besides higher solid yields, 

the lower L/S ratio produced less waste water, which is especially relevant for conducting the 

desilication in larger scale [52]. The pore size distribution according to the BJH analysis (Fig. B-8), 

shows that for L/S = 30 a small peak at ~100 Å pore width resulted and the broad pore size 

distribution extends into the range of macropores (>500 Å). A reduction in the amount of leaching 

solution (L/S = 15) yielded better-defined mesopores in the range of 50–600 Å, centered at ~220 

Å. After steam treatment and two reaction-regeneration cycles, Vmeso increased by 6 and 26% for 

mesoCBV80 (L/S = 15) and mesoCBV80 (L/S = 30), respectively, indicating a better 

hydrothermal stability of the former, which may be attributed to its higher Si content (Si/Al = 32 

vs. 23, respectively).  

Amongst the parent zeolites the acidity of CBV80 was lowest (0.52 mmol NH3/g), in line 

with its lower Al content. CBV80 showed a high S/W ratio (1.2) which was maintained after 

steaming and decreased to S/W = 1.1 after two reaction-regeneration cycles. The mesoCBV80 

prepared by L/S = 30 resulted in a higher acidity compared to the parent CBV80 after calcination, 

however, its acidity dropped considerably after steaming to 0.246 mmol NH3/g. The initial increase 

in acidity was also reflected by the clear reduction in molar Si/Al ratio of 39 to 23. For comparison, 
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the mesoporous CBV80 prepared with L/S = 15 had a lower acidity after calcination compared to 

the parent CBV80, however, it preserved 16% more acidity after steaming compared to 

mesoCBV80(L/S = 30). The lower acidity of mesoCBV80 (L/S = 15) compared to mesoCBV80 

(L/S = 30) can be attributed to the higher Si/Al ratio (32 vs. 23) and the leaching of Al from the 

zeolite framework. The change in acidity by the desilication of CBV80 under similar conditions is 

in agreement with literature [48,53,54]. Comparing the steamed catalysts shows that the desilicated 

versions had ~14% less strong acid sites compared to CBV80-st. For both CBV80 and its 

mesoporous versions, no considerable decrease in acidity was observed after their use for up to 

three reaction/regeneration cycles, indicating a high hydrothermal stability compared to more Al-

rich samples at the given process conditions.  

The effect of severe coke deposition on the physiochemical properties was investigated for 

mesoCBV80 (L/S = 30) after cumulative B:C = 22. A reduction in Vmicro from 0.17 to 0.12 cc/g 

was observed, along with a reduction of Vmeso from 0.19 to 0.13 cc/g and a reduced BET surface 

area of 305 m²/g. The coke that had accumulated on the catalyst completely poisoned the strong 

acid sites, while some weak acid sites remained of ~0.05 mmol NH3/g (see Fig. B-13).  

The used catalysts CBV80-st-u3-r3, mesoCBV80 (L/S = 15)-st-u2-r2, and mesoCBV80 

(L/S = 30)-st-u2-r2 were re-analyzed by XRF in order to verify that no transfer of alkaline ash 

material to the zeolite had occurred, which may result in poisoning of the zeolite’s acid sites. No 

potassium or magnesium could be detected, however, a slightly elevated Ca content of ~0.08 wt.% 

was found for the two mesoporous CBV80 while for the parent CBV80 the Ca content at the end 

of the test series was below the detection limit of 0.015 wt.%. These results show that the filter 

upstream the reactor effectively removed any ash species from the vapor. 
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Table 3-2. Physicochemical characterization of the parent HZSM-5 and their respective mesoporous 

materials. Vmicro and Smicro were determined by high-resolution low temperature argon physisorption (87 K), 

while all other textural parameters were derived from nitrogen adsorption data. Acidity was determined by 

NH3-TPD and the weak (W) and strong (S) acidity was determined by Gaussian fitting of the two main 

desorption peaks at ~220 and ~430 °C, respectively. Brønsted acidity was quantified by TPD of ethylamine. 

Si/Al ratio and Na content determined by XRF. The suffixes ‘st’, ‘u’, and ‘r’ to the catalyst designation 

indicate steaming, upgrading and regeneration procedures, with the superscript number indicating the 

number of times the sample underwent the treatment in the sample’s history 
Sample 

 Vmicro 

[cc/g] 

Smicro 

[m2/g] 

Vmeso         

[cc/g] 

Smeso 

[m2/g] 

Vtotal  

at                   

p/p0 

=0.99 

BET 

(N2) 

[m²/g] 

Acidity 

[mmol 

NH3/g] 

Ratio 

S/W 

acid 

sites 

Brønsted 

acidity 

[mmol 

NH3/g] 

Molar 

Si/Al 

Na 

content 

[wt.%] 

CBV30 0.207 1546 0.09 54 0.355 416 0.88 0.99 n.a. 16.4 <0.03 

CBV30-st n.a. n.a. n.a. n.a. n.a. n.a. 0.51 0.80 0.266 n.a. n.a. 

CBV30-st-u3-r3 0.168 1295 0.11 74 0.361 382 0.35 0.80 0.165 15.9 <0.03 

mesoCBV30 0.150 1166 0.31 103 0.543 421 0.71 1.03 n.a. n.a. n.a. 

mesoCBV30-st n.a. n.a. n.a. n.a. n.a. n.a. 0.44 0.68 0.186 n.a. n.a. 

mesoCBV30-st-u4-r4 0.134 1046 0.27 109 0.508 380 0.40 0.75 0.174 12.4 0.11 

CBV55 0.22 1564 0.09 48 0.31 423 0.65 0.88 0.312 28.4 <0.025 

CBV55-st 0.17 1297 0.11 92 0.29 399 0.36 0.78 0.160 27.8 <0.025 

CBV55-st-u4-r4 0.20 1514 0.10 75 0.28 385 0.30 0.96 0.118 28.5 <0.025 

mesoCBV55 0.21 1438 0.14 77 0.42 422 0.86 1.13 n.a. 19.7 0.01 

mesoCBV55-st n.a. n.a. 0.23 101 0.49 392 0.42 0.53 0.169 n.a. n.a. 

mesoCBV55-st-u3-r3 0.17 1286 0.22 85 0.49 397 0.38 0.76 0.152 n.a. n.a. 

CBV80 0.20 1585 0.06 51 0.24 431 0.52 1.16 n.a. 39.3 <0.03 

CBV80-st n.a. n.a. n.a. n.a. n.a. n.a. 0.34 1.22 0.150 n.a. n.a. 

CBV80-st-u2-r2 0.19 1427 0.08 70 0.30 419 0.39 1.09 0.135 38.3 <0.03 

mesoCBV80(L/S = 15) 0.18 1372 0.17 78 0.37 414 0.42 1.04 n.a. n.a. n.a. 

mesoCBV80(L/S = 15)-st n.a. n.a. n.a. n.a. n.a. n.a. 0.29 0.69 0.120 n.a. n.a. 

mesoCBV80(L/S = 15)-st-u2-r2 0.18 1351 0.18 93 0.34 398 0.28 0.73 0.109 32.0 0.1 

mesoCBV80(L/S = 30) 0.17 1378 0.19 95 0.44 454 0.85 1.01 n.a. 22.9 <0.03 

mesoCBV80(L/S = 30)-st n.a. n.a. n.a. n.a. n.a. n.a. 0.25 1.03 n.a. n.a. n.a 

mesoCBV80(L/S = 30)-st-u 

(B:C = 22) 
0.12 976 0.13 63 0.31 305 0.05 0.44 n.a. n.a. n.a. 

mesoCBV80 (L/S = 30)-st-u2-r2  0.17 1270 0.24 111 0.44 403 0.26 0.99 0.138 23.4 0.07 

 

TEM results for mesoporous CBV30 are shown in Fig. 1 a-b. Image analysis (Fig. B-18) 

indicates well-distributed mesopores in the range of 4–10 nm pore width, in good agreement with 

the pore size distribution obtained by N2 and Ar characterization (Fig. B-3–Fig. B-4). TEM images 

of the mesoporous CBV55 are shown in Fig. 3-1c-d. TEM of CBV80 derived mesoporous samples 

confirm the development of mesopores for both L/S = 15 and L/S = 30 (Fig. 3-1e-f). For desilicated 

CBV55 and CBV80, not all crystals have been attacked uniformly and the creation of mesopores 

has happened in some instances preferentially at the crystal centers, leaving behind a rim of parent 

material without substantial mesoporosity. Nevertheless, most pores appear well-distributed and 

based on TEM images it is expected that the accessibility and utilization of the bulk crystal material 

will be improved by the perforation of the crystals with mesopores. The pore size distribution 

based on image analysis (Fig. B-17) shows that for desilicated CBV55 and CBV80 materials the 
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pore size distribution has become broader and extends to larger pores compared to desilicated 

CBV30. Using twice the amount of leaching solution (L/S = 30) for CBV80 resulted in a higher 

degree of crystal dissolution at their centers (Fig. 3-1f), while some parts of the outer crystal 

volume still were less selectively attacked. Al-zoning [55,56] refers to an enriched Al 

concentration towards the outer crystal rim of the parent material and may explain why the rim 

was less selectively attacked since a higher framework Al content is more recalcitrant to OH- 

attack [57,58]. Both nearly intact and heavily leached crystals were observed in the work of Fodor 

et al. [59] for commercially available HZSM-5 crystals (Si/Al=14), pointing to different 

dissolution rates of individual HZSM-5 crystals.  

 

 

 

 

   

Fig. 3-1. (a) and (b) show TEM images of mesoCBV30 prepared by leaching with 0.6M NaOH, L/S = 50, 

30 min at 65 °C, followed by acid wash with 0.06 M HCl, 6 h at 65 °C. (c) and (d) show TEM images of 

mesoCBV55 prepared by leaching with 0.2M NaOH, L/S = 30, 30 min at 65 °C, followed by acid wash 

with 0.02M HCl, 6 h at 65 °C. (e) and (f) show  TEM images of mesoCBV80 prepared by leaching with 

0.2M NaOH, 30 min at 65 °C and L/S = 15 (e) or L/S = 30 (f), respectively. Both mesoCBV80 materials 

underwent the same acid treatment as for mesoCBV55. 

3.3.2 Product distribution 

Fig. 3-2a-c shows the product distributions for CBV30, CBV55, CBV80, and their 

mesoporous versions, respectively. Yields are shown based on fed biomass (daf); therefore, the 

‘reaction water’ does not include the moisture introduced with the biomass and the organic liquid 
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refers to the dry organics content collected as liquid product. For sake of clarity, the coke yield 

was multiplied by 10. Results for SiC (grey bars) are included as non-catalytic reference. Char 

yields are not shown for sake of brevity. The char yields were in the range 18–21 wt.% on daf 

basis and the fluctuations are attributed to the manual collection procedure. Hydrogen yields were 

negligible on a mass basis. C4+ compounds analyzed in the gas phase are shown along the organic 

liquid (OL) yield. For all catalysts tested, towards higher B:C ratios the yield of gas, reaction water, 

and coke showed a decreasing trend, while the OL yield increased. Towards higher B:C ratios, the 

C2 and C3 olefin yields decreased. For all catalysts, the yield of gas and water was only markedly 

enhanced at the lowest B:C ratio while their changes were minor towards higher B:C ratios. Taking 

Fig. 3-2b as an example, the effect of different catalyst masses at the same B:C ratio is illustrated 

for 151 and 15 g of CBV55 at B:C ~6: Operating at reduced catalyst loadings (15 g) compared to 

151 g catalyst resulted in lower yields of gas (from 32.6 to 24.8 wt.%), reaction water (from 22.3 

to 21.0 wt.%), and coke (from 2.2 to 1.1 wt.%), while the yield for the sum of organic liquid and 

C4+ increased (from 15.2 to 20.5 wt.%). A similar comparison can be made for mesoCBV55 when 

comparing the product yields at B:C ~10 and ~11 when using 20 g or 100 g of catalyst. 

Lower gas yield for run Z803 (24 g CBV80, B:C = 9.9) and run Z503 (15 g CBV55, B:C 

= 6.5) may be attributed to the short runtime at the reduced mass of catalyst loaded. For the lower 

mass of catalyst loaded, the olefin concentration may peak within the first 5–10 min of operation 

after which it rapidly declines, and due to the gas sampling interval of ~10 min the maximum 

olefin concentration may not have been captured. 



Chapter 3 

64 

 

 
Fig. 3-2. Product distributions (except char) for a) the parent (experiments Z301–Z304) and the mesoporous 

CBV30 (experiments MZ301–MZ303), for b) the parent (experiments Z501–Z504) and the mesoporous 

CBV55 (experiments MZ501–MZ304), and for c) the parent (experiments Z801–Z804) and the mesoporous 

CBV80 (experiments MZ801–MZ804). Results with SiC (grey bars) shown for reference. Char yields were 

within 18–21 wt.% of biomass (daf). For increasing B:C in each product group, the dashed vertical lines 

indicate a switch to a lower catalyst mass.  
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3.3.3 Comparison of oil properties 

For analysis of the obtained liquid products, Karl Fischer titration, elemental analysis and GC-

MS/FID were conducted for the oil fractions obtained at the 4 °C, ESP, and −60 °C condensation 

stage, as well as for the mixture of water fractions obtained at the 4 °C and −60 °C stage. For 

analysis of the TAN and evaporation behavior of the oils, a portion of the oil fractions obtained at 

the different condensation stages were combined to an “OF mix” according to their yields at each 

condensation stage. Table B-2 summarizes the characterization of the non-catalytic reference oil 

obtained when vapors were passed over a SiC bed. Table B-3–Table B-6 summarize the properties 

of the obtained liquid product fractions for experiments Z301 to Z304 using the parent CBV30, 

while Table B-7–Table B-9 summarize the properties of the obtained liquid product fractions using 

mesoporous CBV30 (experiments MZ301 to MZ303). Similarly, Table B-10–Table B-13 and 

Table B-18–Table B-21 give an overview of the properties of the obtained liquid product fractions 

using the parent CBV55 and CBV80, while Table B-14–Table B-17 and Table B-22–Table B-25 

summarize properties of the liquid product fractions obtained when using the desilicated versions 

of CBV55 and CBV80 as catalyst.  

Table 3-3 and Table 3-4 compare the yield of the phase separated oil fractions and their 

properties (moisture, oxygen content on dry basis (wt.% O, d.b.), TAN, and evaporation behavior) 

for the tests conducted with the two different reactor sizes of ~300 ml and ~60 ml catalyst volume, 

respectively. The stated TAN refers to the “wet” oil samples, i.e. the oil fraction including the 

dissolved water. Overall, the TAN of the oils increased with the oil’s oxygen content (Fig. 3-3), 

which was also observed by others [60]. From heating the oil to 500 °C in a TGA (Pt crucible with 

lid, 10 °C/min heating rate, 150 ml/min flowrate N2), the mass fraction remaining at 300 and 

500 °C with respect to the dry organics content of the oil is stated. The TGA curves are provided 

as SI, Fig. B-19–Fig. B-21. General trends observed with oils obtained with 90-151 g catalyst 

(Table 3-3) are that for each catalyst the yield of the phase separated oil fraction but also the 

moisture content, oxygen content and acidity (TAN) increased towards higher cumulative B:C 

ratios. This is attributed to the loss in catalyst activity for vapor deoxygenation. When comparing 

the remaining mass percentage upon reheating the oils obtained with 90-151 g catalyst (Table 3-3), 

it can be seen that the charring tendency was markedly decreased compared to the SiC oil. The 

evaporation behavior improved most for oils collected at low B:C ratio with the lowest oxygen 

content. The oils obtained from B:C = 2.8 and B:C = 4.5 using CBV80 showed a markedly 

improved evaporation behavior (Table 3-3 and Fig. B-21a), whereas the TGA curves of oils 

obtained at B:C = 9.9 and B:C = 17 closely resembled the SiC oil. The clear improvement in 

evaporation behavior at low B:C ratio was also observed for the oils derived from mesoCBV80; 

however, the TGA curves stayed below the SiC oil even for the oils obtained at B:C = 22 



Chapter 3 

66 

 

(Fig. B-21b), which indicates a prolonged activity compared to the parent CBV80 in mild cracking 

of compounds which are prone to charring upon heating, like sugars and aldehydes. 

Table 3-3. Overview of the yield and properties of the phase separated oil fraction (OF) obtained with ~300 

ml catalyst volume, corresponding to 90-151 g. From heating the oils to 500 °C in a TGA (Pt crucible with 

lid, 10 °C/min heating rate, 150 ml/min flowrate N2), the mass fraction remaining at 300 and 500 °C with 

respect to the dry organics content of the oils is stated.  

Experiment 

OF yield         

[wt.% of biomass 

(daf)] 

H2O 

[%] 
wt.% O (d.b.) 

TAN                            

[mg KOH/g] 

Solid remains (wt.% 

d.b.) at 300 °C / 500 °C 

SiC 19.4 14.7 21.4 54.4 44.5 / 16.9 

Z301 (B:C = 1.4) 8.5 0.4 3.2 0.3 8.0 / 2.9 

Z302 (B:C = 3.6) 11.5 1.4 9.3 3.0 18.6 / 8.0 

Z303 (B:C = 6.1) 15.8 1.9 12.7 5.7 25.3 / 10.3 

MZ301 (B:C = 2.4) 10.1 1.1 5.9 2.5 15.5  / 4.5 

MZ302 (B:C = 6.2) 13.3 2.0 12.4 7.2 23.7 / 9.8 

Z501 (B:C = 1.7) 9.9 0.8 5.7 6.4 19.7 / 7.1 

Z502 (B:C = 6.2) 11.3 2.2 12.6 n.a. n.a. 

MZ501 (B:C = 2.5 ) 11.2 1.3 7.4 5.0 24.9 / 9.8 

MZ502 (B:C = 6.4) 14.9 2.2 10.1 7.1 26.0 / 11 

MZ503 (B:C = 9.6) 18.8 2.7 12.8 10.8 32.1 / 13.8 

Z801 (B:C = 2.8) 13.0 1.8 9.2 5.9 25.5 / 10.3 

Z802 (B:C = 4.5) 14.5 3.1 13.6 7.8 27.2 / 10.5 

MZ801 (B:C = 2.4) 13.6 1.6 10.4 5.5 23.0 / 10.6 

MZ802 (B:C = 8.3) 18.2 3.1 13.5 13.5 29.7 / 13.1 

 

The results obtained with 15-26 g catalyst (Table 3-4) show that for the catalysts for which 

two runs were conducted (CBV55, CBV80, and mesoCBV80), the yield, oxygen content, and TAN 

of the oils increased towards higher B:C ratios. 20-26 g of parent and mesoporous CBV30 achieved 

mild deoxygenation, indicating that the properties of the SiC reference oil may only be approached 

at B:C ratios >10. Utilizing 20 g (MZ504) instead of 100 g (MZ503) mesoCBV55 and operating 

to B:C ~10 lead to a clear jump in oxygen concentration from 12.8 to 18.2 wt.%, as well as an 80% 

higher loss of organics to the aqueous phase (see Table B-16–Table B-17). This is attributed to a 

lower degree of conversion of reactive oxygenates like sugars, aldehydes, ketones, and acids, 

which correlates with an increase in TAN of the phase separated oil fraction from 11 to 27 

mg KOH/g. 15 g of mesoCBV80 (L/S = 30) had a high capacity for mild deoxygenation as the 

properties of the SiC reference oil would only be approached at B:C ratios >22. In contrast, for the 

parent CBV80 the oils’ oxygen content more closely approached the SiC oil at B:C = 17, even 

though 41% more catalyst (by mass) was loaded. The poor performance towards high B:C ratios 

of the parent CBV80 could be attributed to the inaccessibility of acid sites once a coke envelope 

covered the crystals and blocked the majority of pore mouth entries, while the more open crystal 
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structure of the mesoCBV80 has a higher tolerance towards deactivation by coke. Monitoring of 

the composition of the hot vapors would be required to corroborate this point, but was not possible 

in this work. 

Table 3-4. Overview of yield and properties of the phase separated oil fraction (OF) obtained with ~60 ml 

catalyst volume, corresponding to 15-26 g. From heating the oils to 500 °C in a TGA (Pt crucible with lid, 

10 °C/min heating rate, 150 ml/min flowrate N2), the mass fraction remaining at 300 and 500 °C with 

respect to the dry organics content of the oils is stated.  

 Experiment 

OF yield             

[wt.% of biomass 

(daf)] 

H2O [%] wt.% O (d.b.) 
TAN                            

[mg KOH/g] 

Solid remains           

(wt.% d.b.) at               

300 °C / 500 °C 

SiC 19.4 14.7 21.4 54.4 44.5 / 16.9 

Z304 (B:C = 10.7) 16.7 3.4 16.2 20.1 33.8 / 15.6 

MZ303 (B:C = 9.2) 17.2 2.9 15.8 23.6 29.7 / 13.1 

Z503 (B:C = 6.5) 14.8 4.1 17.1 26.0 34.5 / 13.3 

Z504 (B:C = 12.9 ) 17.7 3.9 20.7 22.8 34.2 / 13.4 

MZ504 (B:C = 11.2) 20.1 3.3 18.2 26.9 36.5 / 16.8 

Z803 (B:C = 9.9) 16.6 4.1 16.0 18.5 42.7 /17.6 

Z804 (B:C = 17) 19.1 3.4 20.2 23.6 45.2 /18.4 

MZ803 (B:C = 10) 16.2 3.1 15.8 20.0 32.0 / 12.6 

MZ804 (B:C = 21.8) 18.5 4.0 17.0 27.7 32.3 /14.3 

 

 
Fig. 3-3. Correlation between TAN content and oxygen content of the phase separated oil fractions 

(including the dissolved water), with an exponential fit of all data points indicated as dashed line.  

 

Fig. B-22–Fig. B-24 show size exclusion chromatograms of selected oils obtained from the 

three parent and respective mesoporous versions in comparison with the SiC oil. For chemically 

similar compounds, a higher retention volume indicates a shift to lower molecular weight, as 

illustrated by the retention volumes of the hydrocarbon standards. There are at least seven 

discernable components in the SEC trace for the SiC oil. The majority of the MW distribution 

appears to be located below 1000 Da, which is rather low compared to reported weight 
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distributions extending up to 10000 Da and 3000 Da for non-catalytic oils derived from fast 

pyrolysis of wood [61] and  wheat straw [43], respectively. The lower MW of our SiC reference 

oil can be partly attributed to the additional cracking upon contact of the vapors with fine char 

containing a high concentration of the biomass indigenous alkaline ashes (especially K) at the hot 

gas filter [2,62–65] and partly to the effect of the SiC bed. Oils obtained at low B:C from both 

parent and mesoporous HZSM-5 showed a more intense differential refractive index (DRI) 

response at higher retention volume, which indicates a higher concentration or narrower MW 

distribution of lower MW compounds. This observation agrees well with the increased aromatic 

character determined by GC-MS/FID and NMR (vide infra). After extended feeding of biomass, 

the intensity of the low MW contribution decreased and the shoulders attributed to the higher MW 

contributions started to appear in the chromatograms (see Fig. B-22–Fig. B-24). For the MW 

distributions of the CBV55 derived oils it has to be noted that the oils from the two catalysts were 

not obtained at identical conditions. The parent CBV55 oils were collected for B:C = 0–1.1 and 

B:C = 3.6–6.2, while both oils for the mesoCBV55 were obtained starting the vapor upgrading at 

B:C = 0. Very similar MW distribution resulted for the oil obtained within the narrower B:C 

interval of 3.6–6.2 over the partly coked CBV55 (151 g), compared to the oil obtained at B:C = 0–

9.6 using mesoCBV55 (100 g). 

The GC-MS/FID analysis of the oils is shown in Fig. 3-4a-c. Within the GC-quantifiable 

range, monoaromatics (MAR) were the main product for CBV30 derived oils at B:C = 1.4, with a 

yield of 4.2 wt.% of fed biomass. At cumulative B:C = 6.1, the MAR yield decreased to 2.5 wt.%. 

In comparison, the mesoporous CBV30 produced slightly reduced MAR yields of 2 wt.% at B:C 

= 6.2. With 151 g of parent CBV55 the yield of MAR at low B:C was initially close to 3 wt.% of 

fed biomass. With continued feeding of biomass, the MAR yield rapidly decreased for the parent 

CBV55 to 1.5 wt.% at B:C = 6.2. Similar MAR yields close to 3 wt.% were obtained using 100 g 

of mesoCBV55 at B:C = 2.5. However, after prolonged exposure to pyrolysis vapors (B:C = 6.4 

and 9.6), the MAR yield of oil obtained at B:C = 6.4 had decreased only slightly and only the oil 

obtained at B.C =  9.6 showed a markedly reduced MAR yield of 1.9 wt.%. This indicates that the 

rate of deactivation could be decreased for the mesoCBV55 compared to its parent version, 

resulting in prolonged activity towards higher B:C ratios. The MAR yields at B:C = 2.8 for CBV80 

and at B:C = 2.4 for mesoCBV80 were comparable (see Fig. 3-4c). A rapid decline in 

monoaromatics yield to 54% of its initial yield was observed for CBV80 at B:C = 4.5, while the 

operation of mesoporous CBV80 to a higher B:C = 8.3 resulted in a decrease to 64% of its initial 

yield. It is noted that besides deoxygenated products, also the yield of oxygenates, especially 

ketones, aldehydes, furans, acids and esters within the GC-identifiable range were higher for the 

mesoporous version. A higher fraction of GC-identifiable compounds agrees with an improved 

evaporation behavior (Table 4) and can be attributed to enhanced cracking reactions of the 
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pyrolysis vapors over the mesoporous CBV80, yielding vapors with lower MW and lower boiling 

point. For all catalysts, a clear drop in MAR yields was observed for the oils obtained at reduced 

catalyst loadings. In accordance with the increase in oxygen and TAN towards higher B:C ratios, 

a breakthrough of oxygenated compounds like acids, furans, aldehydes, ketones and ethers was 

observed. No significant differences were observed regarding the selectivity to monoaromatics 

when comparing the mesoporous with its parent versions for the same reactor configuration (300 

and 60 ml), and a drop in selectivity to BTX was observed at increased WHSV (lower catalyst 

mass) at similar B:C ratios (see Fig. Fig. B-25–Fig. B-27). 

 

 
Fig. 3-4. Yields of GC identifiable products obtained from a) CBV30 and mesoCBV30, from b) CBV55 

and mesoCBV55, and from c) CBV80 and mesoCBV80. Nitrogen containing compounds and PAH within 

the GC range were below 0.08 wt.% yield and are not shown. Oxygenates present in yields <0.1 wt.% were 

grouped. 

 

While GC-MS/FID analysis allows detailed determination of the chemical composition, it 

only identifies a fraction of the oil since up to 50% of the oils mass may remain/char at the GC 
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injection (250 °C) as seen from evaporation of the oils in a TGA (see Fig. B-19–Fig. B-21). To 

analyze the chemical composition of the whole oils, the SiC oil and oils obtained for 100 g 

mesoCBV55-st at B:C = 2.5 and B:C = 9.6 were subjected to 1H, 13C NMR and 2D HSCQ NMR 

analysis, respectively. A comparison of the processed 1H NMR spectra for these three oils is found 

in Fig. B-28. The relative distribution of the different chemical groups was obtained by assigning 

the functional groups to their chemical shift ranges, and excluding the peak area contributions of 

water (3.7–3.3 ppm) and the DMSO solvent (2.5 ppm). The obtained hydrogen percentages are 

summarized in Table 3-5 with the assigned protons marked underlined. A six-fold increase of the 

H% in the sum of –CHO and ArOH compared to the SiC oil results for oil at B:C = 2.5 (4.3%), 

which then decreased to 3.4% for oil obtained at B:C = 9.6. The concentration of protons within 

aromatics and conjugated alkenes jumps from 12% (SiC) to 41% (B:C = 2.5), after which it 

decreases to 31% at B:C = 9.6 since the coke formation leads to reduced aromatization activity. 

For the group of aliphatic OH, -CH=CH-, and Ar−CH2-O−R, a clear drop in concentration from 

4.6 to 1.7% is observed for mesoCBV55, B:C = 2.5, which increases to 3.5% for oil collected at 

B:C = 9.6. Similar observations hold true for the protons bound in ether and methoxy groups 

(R−CH2−O-R and CH3−O−R) as well as aliphatic protons. The 60–70% lower proton 

concentration in oxygen-containing groups (6−3 ppm) is in agreement with the reduction in the 

oil’s oxygen content by 65% compared to the SiC oil.  
13C NMR analysis of the oils provides spectra with less overlap of chemical shifts 

compared to 1H NMR. Fig. B-29 compares the spectra of the mix OF obtained over SiC, 

mesoCBV55 at B:C = 2.5 and mesoCBV55 at B:C = 9.6, respectively, and Table 3-6 summarizes 

the carbon content as a percentage within a given chemical shift range. The assignment of chemical 

shift regions was conducted according to Mante et al. [66] and Joseph et al. [67]. 13C NMR 

confirms a clear influence of the catalyst on the chemical composition of the bio-oil. The non-

catalytic oil shows a high amount of oxygenated compounds with carbonyl, carbohydrates and 

methoxy/hydroxyl carbons constituting 27.6% the total C. For the oil obtained using 100 g 

mesoCBV55 at B:C = 2.5, the fraction of carbonyl, carbohydrates and methoxy/hydroxyl carbons 

is reduced to 8.3%, and it increases to 15.2% for oil collected at B:C = 9.6. The carbon content of 

aromatics including olefins and phenolics almost doubled from 36% in the SiC oil to 65.5% in the 

oil obtained at B:C = 2.5, while its concentration decreased to 50.4% for oil obtained at B:C = 9.6. 

This is in agreement with the reduced aromatization activity and dilution of the initially highly 

aromatic oil with non-aromatic (oxygenated) compounds as shown by the increased carbon 

concentration of carbonyl, carbohydrates, alcohols, ethers, and lignin derived methoxy-groups. 

According to Mante et al. [66], signals at 140–160 ppm and 105–125 ppm are characteristic of 

aromatic carbons in phenol, and methoxylated phenols related to guaiacyl and syringyl lignin 

groups. This classification indicates that the C within phenols and methoxylated phenols at B:C = 
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9.6 reaches a similar level as for oil obtained with SiC, while the contribution of non-oxygenated 

aromatics is still markedly enhanced (see Table 3-6). 

Despite slight differences in the chemical shift assignment, the 13C NMR analysis of our 

non-catalytic reference oil agrees well with the 13C NMR analysis reported by Negahdar et al. [38] 

for wheat straw bio-oil, which showed 35.7% alkyl C (54–1 ppm), 12.4% carbonyl (215–163 ppm), 

5.6% carbohydrates ( 103–70 ppm), and 30.1% aromatics (163–103 ppm). 

2-D NMR spectra lower the likelihood of overlapping because the signals are spread out 

into two dimensions. The heteronuclear single-quantum correlation spectroscopy (HSQC) 

correlates chemical shifts of carbons and protons in a phase sensitive way. Methine (=CH−) and 

methyl (-CH3) groups appear as positive signals (blue in Fig. B-30), whereas methylene groups 

(=CH2 or –CH2-) show negative intensity (red in Fig. B-30). Upon use of catalyst (100 g 

mesoCBV55-st), the oil obtained at B:C = 2.5 shows a clear reduction in -CH-O- and -O-CH-O- 

groups, mainly present in sugars. In addition, a reduction in the aldehydes and a clear enhancement 

of the aromatics is observed, in agreement with the 1D NMR results. For the oil collected after 

prolonged exposure to straw pyrolysis vapors at B:C = 9.6, a higher concentration of -CH-O- and 

-O-CH-O- groups is noted, however still reduced compared to the SiC oil. In contrast, the 

concentration of aldehydes of the oil collected at B:C = 9.6 shows similar intensities as the non-

catalytic reference oil. 

Table 3-5. Hydrogen percentage based on the 1H NMR analysis of three oils (mix OF) obtained from 

passing straw fast pyrolysis vapors over 1) SiC, 2) mesoCBV55-st at B:C = 2.5, and 3) mesoCBV55-st at 

B:C = 9.6. 

Assignment 
Chemical shift 

range (ppm) 
SiC 

mesoCBV55-st-u-r,              

B:C = 2.5 

mesoCBV55-st-u2-r2, 

B:C = 9.6 

 -COOH 12.5–11.0 0.15% 0.04% 0.17% 

-CHO, ArOH 11–8.2 0.69% 4.33% 3.42% 

aromatics,  

conj. alkene H 
8.2–6 11.95% 41.29% 31.43% 

aliphatic OH,  

-CH=CH-, Ar−CH2-O−R 
6–4.2 4.65% 1.73% 3.49% 

R−CH2−O-R, CH3−O−R 4.2–3 9.58% 2.72% 6.08% 

-CHR-C=O,  

-CHR-C=C, aliphatic H 
3.0–2.0 48.41% 40.38% 38.48% 

aliphatic H 2.0–0 24.55% 9.51% 16.92% 
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Table 3-6. Carbon percentage based on the 13C NMR analysis of three oils obtained from passing straw fast 

pyrolysis vapors over 1) SiC, 2) mesoCBV55-st at B:C = 2.5, and 3) mesoCBV55-st at B:C = 9.6. 

Assignment  

Chemical 

shift range 

(ppm) 

SiC 
mesoCBV55-st-u-r,                

B:C = 2.5 

mesoCBV55-st-u2-r2, 

B:C = 9.6 

Aldehydes, ketones 220–180 7.8% 3.5% 6.1% 

CO groups (carboxylic acids 

and derivatives) 
180–160 7.6% 1.7% 2.6% 

Aromatic carbons in phenol 160–140 12.6% 8.9% 12.7% 

Aromatics and olefins 140–125 9.1% 42.3% 21.7% 

Methoxylated phenols related to 

guaiacyl and syringyl lignin 
125–105 14.2% 14.3% 16.0% 

Levoglucosan, anhydrosugars, 

alcohols, ethers 
105–60 8.3% 2.5% 4.6% 

Methoxyl-group in lignin 57–55 3.9% 0.7% 1.9% 

Aliphatic hydrocarbons 55–0 36.4% 26.3% 34.3% 

 

The oils obtained using the parent and hierarchical zeolites can be further compared with 

Van Krevelen diagrams (Fig. 3-5 to Fig. 3-7). For oils obtained from both the parent and 

mesoporous zeolites, the molar H/C ratio increased with increasing O/C ratio in a fairly linear 

trend. The extension of the trend towards O/C = 0 indicate a H/C ratio close to 1, in agreement 

with a high aromaticity at more severe deoxygenation. The main deoxygenation pathways appears 

to be dehydration, which lowers the molar H/C ratio. For oils obtained from both the parent and 

mesoCBV55, the mesoCBV55 showed higher H/C ratios, which relates to higher heating values 

of the oils (see Table B-9–Table B-16). Both mesoporous versions of CBV80 (L/S = 15 and 30) 

yielded liquids with higher H/C ratio compared to oils obtained from the parent CBV80. Higher 

H/C ratios may result from a reduced dehydration activity of the mesoporous zeolites. An 

alternative possibility is that a higher fraction of hydrogen could be incorporated into the vapors 

due to the higher coking rates for the mesoporous zeolites. For desilicated CBV30 on the other 

hand, the H/C ratios of the oils did not increase.  
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Fig. 3-5. Molar H/C ratio and O/C ratio for the sum of phase separated oil fractions obtained in experiments 

using the parent and mesoporous CBV30 according to the conditions summarized in Table 3-1. Filled 

symbols refer to the parent CBV30 while open/crossed symbols refer to oils obtained from mesoCBV30. 

Oil yields (wt.% of biomass (daf)) are indicated for each point. 

 

 
Fig. 3-6. Molar H/C ratio and O/C ratio for the sum of phase separated oil fractions obtained in experiments 

using the parent and mesoporous CBV55 according to the conditions summarized in Table 3-1. Filled 

symbols refer to the parent CBV55 while open/crossed symbols refer to oils obtained from mesoCBV55. 

Oil yields (wt.% of biomass (daf)) are indicated for each point. 
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Fig. 3-7. Molar H/C ratio and O/C ratio for the sum of phase separated oil fractions obtained in experiments 

using the parent and mesoporous CBV80 according to conditions summarized inTable 3-1. Full symbols 

refer to oils obtained using the parent CBV80 while open/crossed symbols refer to oils obtained from 

mesoCBV80. Oil yields (wt.% of biomass (daf)) are indicated for each point. 
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Fig. 3-8. Build-up of carbon on a) CBV30 and CBV30 derived hierarchical HZSM-5, b) on CBV55 and 

CBV55 derived hierarchical HZSM-5, and c) CBV80 and CBV80 derived hierarchical HZSM-5. Coke per 

mass of catalyst shown for increasing B:C ratios and experimental conditions according to Table 3-1.  
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individual gas components. A comparison of the energy recoveries of the different products from 

CBV30, CBV55, CBV80 and its hierarchical versions is presented in Fig. 3-9a-c. Energy losses to 

char were in the range of 26–32%. When operated to higher cumulative B:C ratio, the energy 

losses to coke and gas decreased, while the energy recovery into the OL (sum of OF and WF) 
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mesoCBV30 and amounted to almost 10% at B:C = 2.4. Using 1/5 of mesoCBV30 and operating 

to cumulative B:C = 9.2 decreased the energy losses to coke and gas while increasing the energy 

recovery to the OL (incl. C4+) to 37.6%, with 16.8 wt.% oxygen in the oil fraction. Likewise, for 

CBV55 derived catalysts the energy recovery into the oil and aqueous fraction increased towards 

increasing B:C ratio, whereas losses to coke and gas decreased (Fig. 3-9b). While the energy 

recovery of organic liquid (split in WF + OF) was highest for the SiC case, it is worth noting that 

with respect to the energy recovery into the oil phase the mesoCBV55 achieved a similar energy 

recovery at B:C = 9.6 of (32.8%) and at B:C = 11.2 (30.7%) compared to the SiC OF (30.4%). 

Similarly, for CBV80 and mesoCBV80, the energy losses to coke and gas decreased at 

increasing B:C ratio, while the energy recovery of organic liquid increased to values close to the 

SiC case (Fig. 3-9c). Akin to the results obtained for mesoCBV55 at B:C = 9.6, the energy recovery 

of the OF with SiC (30.4%) was surpassed when using 90 g mesoCBV80(L/S=15) at B:C = 8.3 

(31.6%) and 15 g mesoCBV80(L/S=30) at B:C = 21.8 (30.7%). The mild deoxygenation thus 

decreased the losses of organics to the aqueous phase.  
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Fig. 3-9. Energy recovery into the different product streams for experiments performed using a) CBV30 

and CBV30 derived hierarchical HZSM-5, b) on CBV55 and CBV55 derived hierarchical HZSM-5, and c) 

CBV80 and CBV80 derived hierarchical HZSM-5. Process conditions according to Table 3-1. NCG, WF, 

and OF refer to non-condensable gases, water fraction, and oil fraction, respectively. For increasing B:C in 

each product group, the dashed vertical lines indicate a switch to a lower catalyst mass.  

3.4 Discussion 
A correlation of the extent of deoxygenation with the carbon recovery of the phase 

separated oil fractions is shown in Fig. 3-10. Following Venderbosch [69], the extent of 

deoxygenation with respect to the SiC oil was calculated as 1–(wt.% O of oil, daf)/(wt.% O of SiC 

oil, daf). Depending on the amount and type of catalyst and the cumulative B:C ratio to which the 
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process was operated, considerable differences in deoxygenation performance resulted when 

compared at a certain carbon recovery of the phase separated oil fraction. A comparable 

performance based on deoxygenation and carbon yield (for B:C ~ 6) could be obtained using ~35% 

lower mass of mesoporous CBV30 compared to CBV30. However, as the solid yield after 

desilication of CBV30 was only 50%, the efforts associated with the current treatment seem not to 

pay off in terms of catalytic enhancement. To limit the extensive formation of mesopores the ratio 

of leaching solution to zeolite or the concentration of NaOH and thus the number of hydroxide 

moles available to attack the zeolite could be decreased. While the desilication of CBV55 and 

CBV80 led to a lower degree of mesoporosity (0.14-0.17 cc/g) compared to 0.31 cc/g for 

mesoCBV30, the performance of desilicated CBV55 and CBV80 was considerably improved as 

for the same degree of deoxygenation (42%) 8% and 4.8% (absolute) higher carbon recoveries of 

the phase separated oil fraction were obtained, respectively (see Fig. 3-10). CBV80-derived 

mesoporous catalysts performed comparable to the parent material based on deoxygenation and 

carbon yield despite using 36% lower mass. Decreased deactivation for the mesoporous versions 

became apparent towards extended runtime at B:C >3 for 90-140 g catalyst and B:C >10 for 15-

24 g catalyst. 15 g of mesoCBV80(L/S=30) achieved 21% deoxygenation and 28.5% oil carbon 

yield at B:C = 22. The use of a six times higher mass of mesoCBV80 (B:C = 8.3) increased the 

extent of deoxygenation while obtaining a high carbon yield close to the phase separated oil 

fraction obtained with SiC (29%). 

In Fig. B-31, the data of Fig. 3-10 is presented differently and the C recovery and oxygen 

content of the phase separated oil fraction obtained with ~300ml catalyst volume (90-151 g) are 

plotted for increasing B:C ratios. CBV30 was deoxygenating severely at low B:C at the penalty of 

lower C-yield, but its deoxygenation ability rapidly declined towards increasing B:C, as seen by 

the high slope (Fig. B-30). For the desilicated versions of CBV55 and CBV80, the slope of oxygen 

increase towards higher B:C ratios was lower compared to their parent versions (Fig. B-30). The 

introduction of mesopores thus allowed to operate to higher cumulative B:C ratios when 

comparing oils with the same extent of deoxygenation and carbon recovery. This will reduce the 

costs of the process since the regeneration has to be performed less frequently, which requires a 

reduced number of fixed bed reactors operated in parallel [71,72].  

An improved performance of the larger and less equally distributed mesopores for 

mesoCBV55 and mesoCBV80 compared to mesoCBV30 appears surprising at first, but may be 

explained by the higher preservation of the shape-selective bulk material, while the introduced 

mesopores improved crystal utilization compared to the parent material. In addition, the reduced 

acidity of the CBV55 and CBV80 derived catalysts compared to CBV30 may have led to a more 

favorable combination of acid site density, strength, and degree of mesoporosity. Results by Li et 

al. [20] and recent work by Tang et al. [73] indicates that more favorable results may be obtained 
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for mild desilication of Al-rich HZSM-5 using 0.3M NaOH, which resulted in Vmeso ~0.13 cc/g 

compared to 0.3 cc/g in this work. From the present results, it can be inferred that the introduction 

of a low degree of mesoporosity suffices to decrease the deactivation rate by improving the site 

accessibility during the vapor upgrading. For the Si-rich HZSM-5 (CBV55 and CBV80), better 

distributed and smaller mesopores may increase site accessibility even further and reduce the loss 

of parent material. One way to achieve this is the addition of a surfactant like CTAB or TPAOH 

during the leaching, which has been found to protect the crystals and prevent uncontrolled leaching 

for Si-rich zeolites [74]. An advantage of the present strategy is the low cost of NaOH compared 

to surfactants. The additional costs attributed with the addition of a surfactant will have to be set-

off by significant improvements in the catalyst performance. 

 
Fig. 3-10. Correlation of the achieved deoxygenation in the OF relative to oil with 21.5 wt.% oxygen (d.b.) 

obtained using SiC at 500 °C and the oils’ carbon yield when using parent (filled symbols) and hierarchical 

HZSM-5 (crossed symbols).  

Correlating the energy recovery obtained in the phase separated oil fraction with the oil’s 

TAN (Fig. 3-11) indicates that 90-100g of desilicated HZSM-5 obtained similar oil quality to their 

parent counterparts (140-151 g). When using 90–151 g of catalyst, the oils’ TAN increased linearly 

towards increasing energy recovery of the oil fraction (at higher B:C). A jump to higher TAN was 

observed when less catalyst was utilized at ~5 times higher WHSV, which indicates incomplete 

conversion of acid functionalities. The gain in oil yield and energy recovery by using less catalyst 

thus results in lower oil quality, and operating a higher amount of catalyst towards higher B:C 

ratios provided better oils at a higher energy recovery. The enhanced coking propensity for 

mesoporous HZSM-5 in comparison to their parent counterparts agrees with the results obtained 

by others, especially for ex-situ fixed bed upgrading [31,45,70,71]. In order to estimate an acid site 

density, it was assumed that the number of NH3 molecules adsorbed on the catalyst surface in the 

NH3-TPD measurements corresponds to the number of acid sites, which are then divided by the 
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specific surface area of the catalyst. Acid site densities for the steamed CBV30, CBV55, and 

CBV80 were determined to 0.8, 0.54 and 0.48 sites/nm2, respectively, which may explain the 

decreasing yield of aromatics and coke in that order. For both the parent and mesoporous CBV80 

materials, the acid site density was in the range of 0.4 sites/nm2 after steaming and several reaction-

regeneration cycles, which could explain their similar monoaromatics yields. 

 
Fig. 3-11. Energy recovery of the phase separated oil fraction (OF) versus TAN of the oils. 

3.5 Conclusion 
The performance of mesoporous HZSM-5 catalysts obtained by desilication of the parent 

zeolites with Si/Al ~16, 28, and 39 (CBV30, CBV55, and CBV80) for deoxygenating wheat straw 

derived pyrolysis vapors was compared to their parent versions. Addressing the three research 

questions posed in the introduction showed that: 

i) Both the parent and hierarchical zeolites affected the product distribution by increased 

gas and coke production and oxygen removal from the obtained oil compared to a thermal 

reference case. With progressive B:C ratio, the catalysts deactivated by coke, the oxygen content 

and acidity of the oils increased, and a shift towards larger molecules was observed which 

increased the char formation upon evaporation of the oils. 

ii) When the process was operated to higher B:C ratios of 8-10, the desilicated versions of 

CBV55 and CBV80 achieved ~40% deoxygenation relative to the SiC oil and the energy recovery 

of the phase separated oil fraction (31.6-32.8%) surpassed the energy recovery of the oil fraction 

obtained with SiC (30.4%). The benefit is attributed to reduced losses of organics to the phase 

separated aqueous phase for the mildly deoxygenated oils. While 12% of the energy of the fed 

straw was recovered in the water fraction in the non-catalytic case, only ~3% of energy was lost 

for the desilicated versions of CBV55 and CBV80. 
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iii) For desilicated CBV30, a similar deoxygenation performance compared to the 

conventional HZSM-5 could be maintained despite using ~35% less catalyst by mass). 

Mesoporous HZSM-5 obtained from desilication of Si-rich HZSM-5 (CBV55 and CBV80) 

retained their activity for a longer time compared to their original counterpart when evaluated at 

similar original zeolite mass and led to higher carbon recoveries for the same extent of 

deoxygenation. While coke yields increased by the introduction of mesopores, the tolerance 

towards deactivation by coke deposition during upgrading of biomass derived fast pyrolysis vapors 

increased, which is tentatively attributed to an improved accessibility of active sites by improved 

intracrystalline diffusion. The results indicate that fast pyrolysis of agricultural waste such as straw 

followed by mild deoxygenation over zeolitic catalysts may be an interesting path to obtain a feed 

that could be co-processed with fossil feeds in a refinery. 
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Chapter 4 |  Performance of mesoporous HZSM-5 

and silicalite-1 coated mesoporous HZSM-5 catalysts 

for deoxygenation of straw fast pyrolysis vapors 

The content presented in this chapter was published in Journal of Analytical and Applied Pyrolysis 

(145 (2020), doi:10.1016/j.jaap.2019.104712).  

4.1 Introduction 
Integration of biomass-derived fast pyrolysis oils in existing oil refineries can decrease our 

dependence on crude oil and increase the share of renewables in the transport sector [1–4]. Fast 

pyrolysis processes are generally flexible with respect to biomass feedstocks [5–12]. Short gas 

residence times (less than 2 s), high heating rates (>500 °C/s), moderate temperatures (400–

700 °C), and low pressures (1–5 atm) are required to obtain a high oil yield. The pyrolysis oil 

contains hundreds of different oxygenated species, which—unfortunately—render the oil acidic 

and unstable. Catalytic deoxygenation of the biomass pyrolysis vapors prior to condensation 

reduces the acidity of the oil and improves its chemical stability, heating value, and miscibility 

with petroleum derived streams [13–17]. However, these improvements come at the expense of 

carbon loss as light hydrocarbons, CO, CO2, and coke [18,19]. HZSM-5 zeolite is considered 

among the most suitable solid acid catalysts for the production of aromatics and gasoline range 

products from biomass derived pyrolysis vapors since the shape selective micropores (~5.5 Å) 

improve the selectivity to aromatics and limit coke formation [20,21]. Nevertheless, rapid 

deactivation by coking occurs [15,22]. 

Previous studies using small scale batch pyrolyzers and a variety of biomass feedstocks 

generally found that the introduction of mesopores to HZSM-5 zeolite lead to higher yield of 

monoaromatics while the influence on coke and gas yields was not always investigated or 

inconsistent results were reported across laboratories [23–26]. Testing mesoporous HZSM-5 

zeolite at scales that allowed collection of liquid product indicated that the yield of coke increased 

for mesoporous HZSM-5 zeolite compared to its microporous version [27–30], but the tolerance 

towards deactivation by coke improved, leading to extended activity for deoxygenation and 

aromatization. When monitoring the change in vapor product distribution as function of increasing 

biomass-to-catalyst (B:C) ratio using an on-line mass spectrometer, Jia et al. [29] reported higher 

yields and a broader distribution of mono- and di-aromatics over the mesoporous HZSM-5 zeolite 

while for the conventional zeolite the yield of olefins and aromatic hydrocarbons decreased faster 

due to a faster deactivation.  
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While the introduction of auxiliary mesoporosity to HZSM-5 zeolite reduces the diffusion 

restrictions [25,31,32], it also increases the external acidity which lacks space confinements and 

therefore allows reactive oligomeric species and coke precursors to attach to these sites. Deposition 

of a SiO2 layer by chemical vapor [33,34] or liquid deposition [35–37] attempts to limit the external 

acidity and successfully reduced the coke yields and increased the selectivity of p-xylene in the 

methanol-to-hydrocarbon (MTH) reaction [24] and biomass catalytic fast pyrolysis (CFP) [36]. 

Unfortunately, a significant reduction in total acidity [36] indicated that some pore entries were 

blocked by the randomly deposited SiO2 considering that the number of the external acid sites is 

much less than that of the internal acid sites [38]. Growing a shell of catalytically inactive 

aluminium-free silicalite-1 zeolite with the same MFI zeolite framework as HZSM-5 zeolite along 

the external surface of HZSM-5 core crystal would reduce the external acidity while likely 

preserving the access and number of internal acid sites [39]. The applications of such core-shell 

HZSM-5/silicalite-1 materials have been demonstrated for simple reactants [40–44]. With respect 

to catalytic fast pyrolysis of biomass, Hu et al. [38] recently tested a conventional HZSM-5 coated 

with silicalite-1 for upgrading of vapors from pine pyrolysis in a fixed bed (550 °C) located ex-

situ and reported increased yields of benzene, toluene and xylenes (BTX) and decreased coke 

yields after silicalite-1 coating. The performance of silicalite-1 coated mesoporous HZSM-5 for 

the MTH process and in-situ CFP was reported by Li et al. [45]. While an increased lifetime for 

the MTH reaction was observed, no obvious differences in product yields from CFP were observed 

apart from an increased p-xylene selectivity.  

The work of Li et al. [45] is among the first reports that investigate the performance of 

silicalite-1 coated mesoporous HZSM-5 for biomass CFP. Unfortunately, catalyst deactivation at 

increasing B:C ratios was not investigated and the tests were performed with direct contact 

between the catalyst and biomass (in-situ), which can lead to poisoning of acid sites by the biomass 

indigenous ash [46]. Transfer of alkali metals to the catalyst can be avoided by placing the catalyst 

downstream of the pyrolysis section [15,16] (ex-situ), which allows for vapor-phase upgrading of 

agriculture residues like wheat straw with higher ash content and lower cost compared to woody 

biomass. To the best of our knowledge, the performance of silicalite-1 coated mesoporous HZSM-

5 in ex-situ CFP has not yet been reported. Since in ex-situ CFP the yield of carbonaceous deposits 

on the catalyst (coke) is determined separately from the char, the coking propensity of catalysts 

can be compared and correlated with their properties.  

In this study, we synthesized conventional HZSM-5 zeolite (Conv-ZSM-5), mesoporous 

HZSM-5 zeolite (Meso-ZSM-5), and a core-shell catalyst consisting of a core of mesoporous 

HZSM-5 zeolite coated with a shell of silicalite-1 zeolite (Shell-Meso-ZSM-5). The catalysts were 

characterized and tested in a tandem micro-pyrolyzer system for upgrading wheat straw derived 

fast pyrolysis vapors. Product analysis for the catalytic tests was performed with GC-MS/FID/TCD 
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and TGA-MS. A correlation between the GC-FID response and the molecular properties of ~50 

calibrated vapor compounds was established. From this correlation, the yield for all vapor 

compounds could be calculated based on their molecular properties. This approach allowed 

monitoring the change in the yields of different product groups due to catalyst deactivation for an 

increasing number of injected biomass samples. The importance of reporting carbon balance was 

recently stressed [18]. We therefore determined the carbon recoveries of all product streams (char, 

vapors, gas, and coke) and assessed the performance of the catalysts based on their product yields 

and tolerance towards deactivation.  

4.2 Experimental section 

4.2.1 Feedstock  

The biomass feedstock was obtained by downsizing wheat straw pellets using a hammer 

mill. Ultimate and proximate characterization for wheat straw particles of the size <1.4 mm was 

reported earlier [15]. In this study, a sieve fraction of 106–250 m was used and re-analyzed. The 

elemental content was determined using an Elementar® elemental analyzer (vario MICRO cube) 

in CHNS operating mode (ultimate analysis). The temperature of the reduction and combustion 

tubes was set to 1050 °C and 850 °C, respectively. A thermal conductivity detector (TCD) was 

used to quantify the amounts of carbon, hydrogen, nitrogen, and an infrared (IR) detector was used 

to quantify sulfur. Rice flour with known elemental composition was used for calibration, and the 

reported result represents the average from duplicate analysis. Based on the amount of combustion 

products and the dry and ash-free (daf) mass of samples loaded, the weight percentages of C, H, 

N, S, and O (by difference) were calculated to be 48.2%, 5.0%, 1.27%, 0.1%, and 45.4%, 

respectively. 

Proximate analysis was conducted using a Mettler Toledo TG/DSC 1 following the 

procedure developed by Johnston [47]. About 30 mg of biomass was loaded in alumina crucibles 

and the temperature was first ramped to 105 °C at 10 °C/min in a nitrogen atmosphere (100 

ml/min) and held at that temperature for 40 min in order to determine moisture. For the analysis 

of volatiles, the temperature was ramped under the same flow conditions in N2 from 105 to 900 °C 

at 10 °C/min and the temperature was held at 900 °C for 20 min. For determination of the fixed 

carbon content, nitrogen was replaced by air and the temperature was held at 900 °C for 30 min. 

The remaining mass after combustion of fixed carbon was considered ash. The moisture (as 

received (a.r.)), volatiles (dry basis, (d.b.)), ash (d.b.), and fixed carbon (d.b., by difference) were 

determined to be 7.1 wt.%, 74.4 wt.%, 9.8 wt.%, and 15.8 wt.%, respectively.  

Sulfuric acid hydrolysis was used for the determination of carbohydrates bound in the 

cellulose and hemicellulose. Klason lignin was determined as the ash free residue after hydrolysis. 
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First, 1.5 ml of 72% H2SO4 was added to 0.16 g sample and the sample was pre-hydrolyzed for 60 

minutes at 30 °C. Second, after dilution of the hydrolysate with MilliQ water (42 ml), the liquid 

samples were autoclaved at 120 °C for 60 minutes. Filtered liquids were analyzed on an HPLC 

column, while the solid residue was heated to 550 °C to determine the lignin ash content. The 

content of carbohydrates and Klason lignin was determined to be ~68.5 wt.% and 20.2 wt.%, 

respectively. The contribution of individual carbohydrates is listed in Table C-1. 

4.2.2 Catalyst preparation 

Used chemicals: Tetrapropylammonium hydroxide (TPAOH, Sigma-Aldrich, 1.0 M in 

H2O), tetraethylorthosilicate (TEOS, Sigma-Aldrich, ≥99.0 %), sodium aluminate (NaAlO2, 

Sigma-Aldrich, anhydrous), carbon black particles (BP-2000) with average particle diameter of 12 

nm. 

Conv-ZSM-5. The synthesis of ZSM-5 was based on the work of Thumbayil et al. [48]. 

NaAlO2 was dissolved in 7.2 ml TPAOH before 4.4 ml of TEOS was added dropwise 

(corresponding to nominal Si/Al=40) to the stirring solution. After 1 hour of stirring, the mixture 

was transferred to a Teflon-lined stainless steel autoclave and heated at 180°C for 24 h. The 

product was washed with distilled water, calcined for 20 h at 550 °C and ion exchanged to the 

proton form (see Ion exchange section).  

Meso-ZSM-5. Following the procedure reported by Jacobsen et al. [49], carbon black was 

used to synthesize mesoporous ZSM-5. First, NaAlO2 was dissolved in 7.2 ml TPAOH and then 2 

g of carbon black was impregnated with this solution and dried overnight at room temperature. 

The dried mixture was impregnated with 4.4 ml of TEOS and dried overnight again at room 

temperature. Then the beaker was placed in a Teflon-lined stainless steel autoclave with distilled 

water around the beaker and heated at 180 °C for 72 h. The product was washed with distilled 

water and calcined at 550 °C for 20 h. This sample was also ion exchanged to the proton form 

(vide infra). 

Shell-Meso-ZSM-5. As-synthesized mesoporous ZSM-5 was impregnated first with 

TPAOH until incipient wetness in a Teflon beaker and dried overnight at room temperature and 

then with TEOS until incipient wetness and dried overnight at room temperature. The beaker was 

placed in a Teflon-lined stainless steel autoclave with distilled water around the beaker and heated 

at 180 °C for 72 h. The product was washed with distilled water and calcined at 550 °C for 20 h. 

The final product was ion exchanged (see Ion exchange section). 

Ion exchange. 1 g of zeolite was added to 80 ml of 1 M ammonium nitrate aqueous solution 

and stirring the solution at 80 °C for 1 hour. The process was repeated three times and the last ion 

exchange was carried out overnight. Finally, the zeolite was collected by centrifugation, washed 

with distilled water and calcined at 550 °C for 10 h. 
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4.2.3 Catalyst characterization 

Catalysts were characterized with powder X-ray diffraction in a Huber G670 diffractometer 

operated in transmission mode with Cu Kα1 irradiation from a focusing quartz monochromator, 

with the scanning rate of 2 °/min.  

Scanning electron microscopy (SEM) was carried out on a Quanta 200 ESEM FEG 

operated at 20 kV and transmission electron microscopy (TEM) was performed on a FEI Tecnai 

T20 G2 microscope operated at 200 kV to investigate particle sizes and morphology of the catalyst 

samples. 

 N2 physisorption was carried out on a 3FLEX surface area and porosimetry analyzer at 

liquid nitrogen temperature. Prior to the measurement, samples were outgassed under vacuum at 

400 °C overnight. The specific surface area (SBET) was calculated by the BET method in the 

relative pressure range of 0.05 to 0.3. The total pore volume (Vtotal) was calculated from the amount 

of adsorbed nitrogen at the relative pressure of p/p0 = 0.95. The BJH pore size distribution was 

derived from the adsorption branch of the N2 physisorption isotherm for calculation of the volume 

and surface area of mesopores (20–500 Å pore width). 

A Quantachrome AsiQ instrument was used for Ar-physisorption measurements. Isotherms 

from Ar-physisorption were analyzed using the nonlinear density functional theory (NL-DFT) 

model applied to the adsorption branch of the isotherm.  

The Si and Al content of the catalysts was determined by inductively coupled plasma 

optical emission spectroscopy (ICP-OES) in an Agilent 720 ICP-OES spectrometer. 

Temperature programmed desorption (TPD) of ammonia was performed in a 

Micromeritics Autochem II 2920. Samples were pre-treated at 550 °C (heating ramp: 20 °C/min) 

in 20 mL/min He for 1 h to remove moisture. The zeolites were cooled to 100 °C and NH3 was 

adsorbed for 30 min (20 mL/min, 10 vol.% NH3 in He) followed by a flowing He for 30 min. The 

NH3 desorption while heating the samples to 600 °C using a 10 °C/min ramp in 10 mL/min He 

was recorded by a thermal conductivity detector (TCD). Curves were normalized using the sample 

mass. Based on a duplicate analysis, a standard deviation of 0.009 mmol NH3/g was calculated. 

Diffuse reflectance infrared Fourier transform spectroscopy (DRIFT) of pyridine-loaded 

samples was performed on a Bruker Tensor 27 spectrometer equipped with a Harrick Praying 

Mantis attachment and a high temperature reaction chamber. The calcined zeolite samples were 

diluted to 4 wt.% in KBr (stored at 80 °C) and mixed and ground thoroughly with a mortar and 

pestle to pass a 56 μm sieve. Absorbance from 4000 to 400 cm−1 was collected using 64 scans at a 

4 cm−1 resolution. A background spectrum was recorded with pure KBr at 150 °C. Prior to pyridine 

adsorption, the KBr/zeolite mixture was heated to 450 °C and held at the final temperature for 1 h 

under 30 ml/min Ar flow to remove moisture. The sample was cooled to 150 °C under continued 
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Ar flow. At 150 °C, a three-way valve was switched to redirect the flow through a bubbler filled 

with pyridine kept at room temperature and the exiting gas stream was passed through the sample 

for 30 min. After pyridine adsorption, the sample was flushed with Ar for 20 min to remove any 

weakly absorbed species before acquiring the DRIFT spectra. Subsequently, the temperature was 

increased to 250 °C and held for 30 min, before acquiring the next spectrum. The procedure was 

repeated for higher temperatures of 350 and 450 °C as long as absorbance bands of pyridine 

adsorbed on Brønsted (1545 cm−1) and Lewis (1455 cm−1) acid sites were noticeable. The spectra 

were analyzed with OPUS 7.0 software, compensated for atmospheric CO2 and H2O, baseline 

corrected, and smoothed. The peak height of the Lewis and Brønsted acid peaks at 150 °C was 

used to determine the ratio of Brønsted to Lewis acid sites (B/L). 

The 27Al NMR spectra were acquired with 8k scans (8·1024). The AVII-600 NMR 

spectrometer features a wide bore 14.1 tesla superconducting magnet and an Avance II 

spectrometer console from Bruker Corporation (Billerica, MA and Karlsruhe, Germany). The 

proton frequency for this field is 600.13 MHz and the 27Al frequency is 156.38 MHz. All datasets 

were acquired with a rotor-synchronized Hahn echo pulse sequence (90-tau-180-tau-acquire) at 6 

kHz magic-angle spinning speed and a two rotor period tau delay (330 us). The 90° pulse was 2.5 

μs and the spectra were acquired under 62.5 kHz proton decoupling. The free induction decay 

contained 1024 points with an acquisition time of 5.5 ms and a recycle delay of 1.5 s. Resultant 

data were processed in TopSpin software (Bruker) using a Gaussian window function. 

4.2.4 Micro-pyrolyzer 

The experiments were carried out using a single-shot tandem micro-pyrolysis system (Rx-

3050tr, Frontier Labs, Japan) and analyzed by GC-MS/FID/TCD (see Fig. C-1) using He as carrier 

gas at a flow rate of 60 mL/min and a split ratio of 1:56. A detailed description of the experimental 

set-up can be found in the work of Nolte et al. [50]. The top pyrolysis reactor and the bottom 

catalytic reactor were maintained at 530 °C and 500 °C, respectively. 0.59 0.1 mg of wheat straw 

was loaded into calcined and reduced (550 °C) stainless steel sample cups and the cups were 

introduced into the pyrolysis zone via an autosampler. The catalytic reactor, located ex-situ of the 

pyrolysis reactor, contained a quartz tube loaded with a mixture of 60 mg quartz beads (150–215 

m, acid washed and calcined at 550 °C) and the catalyst (2–11.5 mg, 36–125 m). The dilution 

of the catalyst with quartz beads prevented channeling or bypass flow and maintained similar bed 

lengths across different catalyst loadings. The catalyst bed was secured between two quartz wool 

plugs in order to be placed within the temperature-controlled isothermal zone of the tandem-

reactor.  
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4.2.5 Product analysis 

The GC (Agilent 7890B) used an initial oven temperature of 35 °C for 7.5 min followed 

by ramping at 10 °C/min to 300 °C. Condensable species were separated using a medium polarity 

1701 column (Agilent VF-1701 ms) and identified by MS (Agilent 5977A) and quantified using 

FID. The chromatograms were processed using MassHunter Workstation Software (Agilent) and 

the identification of mass spectra peaks was achieved by using the NIST library (Version 2.0 f). 

Calibration of the FID detector was performed for 54 model compounds of various functionalities 

(aromatics, acids, ketones, aldehydes, phenols, methoxyphenols, furans etc.) as listed in Table C-1. 

The FID response factor of compounds not available for calibration was estimated based on the 

positive correlation (Fig. C-2) between the FID response determined for the calibrated compounds 

and the molecular response factor (MRF) of each compound that was calculated based on its 

combustion enthalpy and molecular structure [51].  

While each FID chromatogram comprised peaks of >100 compounds, the compounds were 

grouped into aliphatics (ALI), monoaromatics (MAR), di-aromatics (DAR), phenols (PH), 

aldehydes (ALD), acids (AC), ketones (KET), methoxy-phenols (MPH), furans (FUR), alcohols 

(ALC), and nitrogen containing compounds (Nit). Table C-4–Table C-16 to S16 provide an 

overview of the compounds contained in each product group along with their respective MRF.  

The light gases and hydrocarbons were separated using a GasPro column (Agilent GS-

GasPro) and quantified using TCD. Analysis of light gas species was conducted by calibrating the 

TCD detector of the GC. Calibration was performed by injection of increasing volumes of a gas 

mixture containing CO, CO2, C1-5 alkanes and C2-5 alkenes with a gas-tight 1 mL syringe and 

correlating the resulting TCD peak areas with the moles injected. 

To test the repeatability of the product analysis, three biomass injections were performed 

replacing the catalyst with 2 mg of SiC as highly inert material. Table C-3 lists the individual 

product standard deviations based on these three repeated injections. 

The char yields were determined gravimetrically by weighing the sample cups and biomass 

before and after fast pyrolysis in the micro pyrolyzer. 

Coke yields were determined by combustion of the coke in a TGA (Netzsch STA449 F1) 

coupled with an MS (QMS 403 D Aëolos®).The content of the quartz tubes (catalyst plus glass 

beads) was emptied in alumina crucibles. Using 40 ml/min total flowrate, the samples were first 

heated in argon to 350 °C (10 °C/min, held at 350 °C for 5 min) in order to remove moisture. The 

gas was adjusted to 20 vol.% oxygen (balance Ar) and the temperature was held for an additional 

5 min at 350 °C before ramping to 600 °C at 10 °C/min and holding the final temperature for 10 

min. Besides the weight loss monitored during the coke combustion, the mass of carbon and 

hydrogen in the coke was obtained by recording the evolving CO, CO2 and H2O during combustion 
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with the MS. The response of the MS detector for CO, CO2 and H2O was calibrated by 

decomposition of a known amount of calcium oxalate (Sigma-Aldrich, 99.999 % trace metal basis) 

when ramping the temperature at 20 °C/min to 900 °C in 40 ml/min Ar. The relative deviation 

between the mass loss determined by TGA and the sum of the mass of H and C contained in the 

combustion gas species was less than 10%, indicating that the carbon content of coke was ~90%. 

4.3 Results 

4.3.1 Catalyst properties 

Powder X-ray diffraction results confirm the crystallinity of zeolite samples synthesized in 

this work. All zeolite samples show characteristic diffraction peaks of MFI structure at 7.9°, 8.8°, 

23°, 23.9° and 24.4° (see Fig. C-3), confirming the high crystallinity of the synthesized catalysts 

[52]. Since silicalite-1 and HZSM-5 have the same MFI topology structure, no additional XRD 

peaks were observed after coating with a shell of silicalite-1 zeolite.  

Table 4-1 provides an overview of the physicochemical properties of the three catalysts 

tested in this study. Applying the NL-DFT model to the adsorption branch of the isotherm from 

high-resolution low temperature argon pore characterization (Fig. C-5) shows that Meso-ZSM-5 

contained smaller mesopores in the range of 30-100 Å but also a large amount of mesopores >100 

Å. After silicalite-1 coating the amount of larger mesopores >100 Å decreased, while a shift 

towards smaller mesopores was observed. A likely explanation for this observation could be that 

the silicalite-1 coating (partly) filled mesopores. Thus, it can be expected that acid sites that were 

located in the mesopores were successfully covered.  

Nitrogen physisorption (Fig. C-4) shows that there is a steep nitrogen uptake at partial 

pressures up to p/p0 = 0.01, which is an evidence for presence of micropores in all three samples 

with MFI structures. Conv-ZSM-5 zeolite has the characteristic type I isotherm (according to 

IUPAC classification) characteristic for microporous materials [53,54]. Meso-ZSM-5 zeolite 

showed a type IV isotherm with a hysteresis loop at approximately p/p0 = 0.85. This observed 

hysteresis loop with upward curvature is known to be caused due to the presence of mesopores 

[55,56]. The core-shell zeolite similarly shows a type IV isotherm but a different hysteresis loop, 

of type H2. This hysteresis loop has a sharp closure at relative pressure of 0.45 that indicates the 

presence of inkbottle pores [57]. The inkbottle phenomenon indicates encapsulated mesopores 

inside the microporous shell. The sharp peak at ~40 Å pore width observed for Shell-Meso-ZSM-

5 when deriving the BJH pore distribution from the desorption branch (see Fig. C-4b+c) is 

considered an artifact based on the tensile strength effect [58]. For Meso-ZSM-5, the BJH analysis 

(Fig. C-4b) reveals that the width of mesopores is between 100–500 Å.  
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While the microporous volume was in the range of 0.18–0.19 cc/g for the three catalysts, 

clear differences in mesoporous volume (Vmeso) were observed. Ar-physisorption indicated that 

Meso-ZSM-5 zeolite had 0.28 cc/g compared to only 0.06 cc/g for the Conv-ZSM-5 zeolite. After 

silicalite-1 coating, Vmeso decreased to 0.11 cc/g, which indicates that the addition of silicalite-1 

filled some of the mesopores. Similar conclusions are derived from nitrogen physisorption data, 

for which Vmeso was determined to 0.08 cc/g for Conv-ZSM-5 and Vmeso decreased from 0.24 cc/g 

for Meso-ZSM-5 to 0.12 for Shell- Meso-ZSM-5, along with a decrease in total pore volume from 

0.51 to 0.31 cc/g.  

SEM images show uniform particle size distribution for Conv-ZSM-5, which is less than 

300 nm, while the particle size of Meso-ZSM-5 is around 2000 nm (Fig. C-6a+b). From different 

TEM images (Fig. C-8c+d and Fig. C-10) the thickness of the silicalite-1 layer is estimated to be 

less than 20 nm. Based on the SEM images the addition of the thin shell did not have an observable 

effect on the particle size (Fig. C-6c). 

Ammonia-TPD results (Fig. C-11) show that Conv-ZSM-5 has less acid sites in 

comparison with the mesoporous ZSM-5 zeolite although these zeolites have similar Si/Al ratios 

based on ICP-OES results. The reason is speculated to be the limitations in the synthesis approach 

of conventional zeolite for low Si/Al ratios that result in forming more extra-framework Al. As 

expected, by addition of the non-acidic silicalite-1 layer the overall concentration of acid sites in 

the material decreased for the core-shell ZSM-5 compared to the parent mesoporous ZSM-5. The 

effect of adding a silicalite-1 layer to the Meso-ZSM-5 is also observed in ICP-OES results as the 

Si/Al ratio increases from 53 in the Meso-ZSM-5 zeolite to 74 for the Shell-Meso-ZSM-5 zeolite. 

 The Brønsted/Lewis (B/L) acid site ratio obtained from the pyridine DRIFT spectra was 

very similar amongst the catalysts: For conventional HZSM-5 and mesoporous HZSM-5 zeolites, 

the ratio was 6.4, while the core-shell HZSM-5 had B/L = 6.2. When increasing the temperature, 

the adsorption band related to Lewis acid sites disappeared at temperatures above 250 °C (see 

Fig. C-12). Brønsted acidity on the other hand extended to higher acid strength. Especially the 

Meso-ZSM-5 and Shell-Meso-ZSM-5 maintained a peak at ~1530 cm-1 attributed to pyridine 

adsorbed on Brønsted acid sites for temperatures up to 450 °C. For Conv-ZSM-5 zeolite, the 

strength of Brønsted acid sites appeared weaker as its peak had decreased appreciable at 350 °C. 

A comparison of the 27Al solid-state NMR spectra—scaled to the same peak areas—is 

shown in Fig. C-13. The peak at ~54 ppm corresponds to framework Al in tetrahedral AlO4 and is 

an indirect measure for Brønsted acid sites. Peaks at 20-30 ppm and -5-10 ppm are both extra-

framework aluminate (EFAL) domains corresponding to AlO5 and AlO6, respectively. 

Furthermore, the line shape give indications on the degree of local order/disorder around the Al 

nucleus, with highly ordered environments resulting in sharp peaks. Thus, the Conv-ZSM-5 zeolite 
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showed both a higher fraction of EFAL (15.1%) compared to Meso-ZSM-5 (7.8%)/Shell-Meso-

ZSM-5 (2.3%) and a higher degree of disorder around the framework Al nucleus (see Fig. C-13). 

Table 4-1. Physicochemical characterization of the conventional HZSM-5, mesoporous HZSM-5, and 

silicalite-1 coated mesoporous HZSM-5 (core-shell). Vmicro and Smicro were determined by high-resolution 

low temperature argon physisorption (87 K), while all other textural parameters were derived from nitrogen 

adsorption data. Total acidity was determined by NH3-TPD.  
 Conv-ZSM-5 Meso-ZSM-5 Shell-Meso-ZSM-5 

Vmicro
a [cc/g] from Ar 0.173 0.186 0.179 

Smicro
a [m2/g] from Ar 1310 1420 1360 

Vmeso
b [cc/g] from N2 0.077 0.242 0.123 

Smeso
b
 [m2/g] from N2  71 81 80 

Vtotal at p/p0 =0.99 from N2
 0.23 0.51 0.31 

BET area (N2) [m²/g] 375 426 419 

Total acidity [mmol NH3/g] 0.171 0.247 0.199 

B/L ratiob 6.4 6.4 6.2 

Si/Ala 51 53 74 
aobtained from NL-DFT of adsorption branch; bobtained from BJH analysis of adsorption branch; cdetermined from 

pyridine FT-IR; dcalculated from ICP-OES results;  

4.3.2 Product distribution 

Non-catalytic reference. Table C-17 shows the structure of the 34 most prevalent 

compounds in the vapors from fast pyrolysis of wheat straw at 530 °C without catalytic upgrading. 

Note that all compounds contain at least one oxygen functionality. Aldehydes (ALD), ketones 

(KET), and furans (FUR) had the highest number of group members with 5+ members per group. 

Esters (EST) and methoxy-phenols (MPH) contained four members, respectively, while alcohols 

(ALC), sugars (SUG), acids (AC) and phenols (PH) contained 1–2 group members. PH and MPH 

are attributed to the decomposition of the lignin component of wheat straw, while anhydrosugars 

and smaller oxygenates result from the pyrolysis of hemicellulose and cellulose [59–61].  

Catalyst vapor upgrading: The repeated injection of biomass cups allowed monitoring 

the change in product distribution for each injection and calculating integral yields at a certain 

cumulative weight ratio of injected biomass (daf) to loaded catalyst. Initially, the performance of 

the three catalysts was compared for catalyst loadings of 2 mg and 8 mg, respectively. For a series 

of 16 biomass injections of ~0.5 mg daf wheat straw per injection, a cumulative B:C ratio of ~4 

was reached when loading 2 mg of catalyst, while B:C ~1 was reached when 8 mg catalyst was 

loaded. Fig. D-14 shows how the product yields of the different product groups developed with 

increasing amounts of biomass injected. With 2 mg catalyst loading, Conv-ZSM-5 zeolite showed 

some initial activity by decreasing yields of oxygenates and increased MAR and DAR yields; 

however, its activity had decreased to a negligible level at B:C ~1 which can be attributed to 

catalyst deactivation by coking. Meso-ZSM-5 on the other hand showed significantly higher initial 

acidity and appeared more tolerant towards deactivation since the yield of MAR decreased less 

steeply and oxygenates continued to increase up to B:C ~2.5. After adding the silicalite-1 shell, 
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the yield of MAR decreased slightly steeper compared to Meso-ZSM-5 and the yield of oxygenates 

continued to increase until B:C ~2. Table C-18 compares the cumulative yields at B:C ~4 when 

using 2 mg catalyst. Meso-ZSM-5 was most active as it achieved the highest yield of MAR (0.72 

wt.%) and C2-3 olefins, concomitantly with achieving the lowest yield of acids (1.44 wt.%) and 

methoxy-phenols (0.54 wt.%) amongst the three catalysts. The higher activity of Meso-ZSM-5 

agrees with its higher acidity and better accessibility of the actives sites (Table 4-1).  

Increasing the catalyst loading to 8 mg increased the conversion and therefore allowed for 

monitoring the differences in deactivation behavior up to B:C ~1 at a higher resolution. For Conv-

ZSM-5 zeolite (Fig. C-14b), the yield of MAR decreased in an exponential decay function, while 

the yield of oxygenates started to increase after the first injection. For Meso-ZSM-5 zeolite on the 

other hand, the MAR yields were almost stable for the first three injections after which the MAR 

yields decreased linearly indicating a high tolerance toward deactivation (see Fig. C-14d). 

Likewise, the yield of oxygenates increased moderately and AC and MPH were completely 

converted up to B:C ~0.5. For the Shell-Meso-ZSM-5 material (Fig. C-14), the yield of MAR 

decreased slightly steeper. While MPH started to slowly break through above B:C ~0.3, acids were 

similarly effectively converted compared to Meso-ZSM-5. Table 4-2 provides an overview of the 

product yields obtained with 8 mg of catalyst loading. Compared to a loading of 2 mg catalyst 

(Table C-18), the four times higher catalyst loading led to higher conversions as seen by the 

increased MAR yields and reduced yields of oxygenates like acids and methoxy-phenols when 

comparing the product yields at B:C ~1.Higher catalyst loading also increased gas formation, 

especially CO and Ethylene/Propylene. Note that while Shell-Meso-ZSM-5 showed similar 

performance as the meso-HZMS-5 in converting smaller oxygenates like ALD, AC, and ALC, it 

was least effective in converting MPH. This agrees with the fact that MPH are bulky compounds 

that cannot enter the micropore structure of HSZM-5 and therefore have to be converted at external 

acid sites, which were blocked by the inert silicalite-1 layer. 

To obtain a comparison of the catalytic performance for the same number of acid sites, the 

reactor loading was adjusted to 11.54 mg and 9.95 mg for the Conv-ZSM-5 and the core-shell 

catalyst, respectively. Since the amount of biomass per injection was kept constant, the number of 

injections was increased from 16 to 20 and 23 for the core-shell and conventional HZSM-5, 

respectively. Fig. C-15–Fig. C-17 show a comparison of the FID chromatograms for the first and 

last injection of wheat straw over the three different catalysts, respectively. For all three catalysts, 

the main product species observed at the first injection (B:C = 0–0.05) were simple mono- and di-

aromatics like substituted benzenes, naphtenes, and naphtalenes, as well as small oxygenates like 

acetaldehyde, furan, and acetone. For the last injection close to B:C ~1, the peak height of MAR 

and DAR decreased and additional oxygenates were observed. However, clear differences in the 

extent of catalyst deactivation was observed when comparing the chromatograms at B:C ~1 
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amongst the different catalysts. This is in accordance with Fig. 4-1 monitoring the change in 

product yields with increasing biomass injections for the same number of acid sites. For all three 

catalysts, similar MAR yields of ~8 wt.% were obtained for the first injection. The conventional 

HZSM-5 was the least efficient catalyst as seen by the rapid decline in aromatization activity and 

rapid breakthrough of oxygenates, whereas the oxygenates increased at a lower rate for Meso-

ZSM-5 (Fig. 4-1b) and Shell-Meso-ZSM-5 (Fig. 4-1c). For Conv-ZSM-5 the AC and MPH started 

to break through at B:C~ 0.3. For Meso-ZSM-5, on the other hand, the AC and MPH were 

completely converted until B:C ~0.6, and for the core-shell catalyst the breakthrough of MPH 

occurred earlier (0.5) while acids were effectively converted up to B:C ~0.7. Comparing the 

cumulative yields at B:C ~1 for the same number of acid sites (Table 4-2b) indicates that the Shell-

Meso-ZSM-5 obtained the highest cumulative yield of MAR/DAR and the lowest yields of AC. 

A comparison of the monoaromatics selectivities for the different catalyst types is shown 

in Fig. D-18. With increased catalyst loading to 8 mg, higher BTX selectivities were obtained 

compared to a loading of 2 mg catalyst. No clear differences in the selectivities to different 

monoaromatic species could be discerned amongst the three catalysts, indicating similar shape 

selectivity of the bulk microporous volume. 

 
Fig. 4-1. Carbon yields of the different product groups for the same number of acid sites per reactor loading. 

The catalyst loading of conventional HZSM-5 (a) and silicalite-1 coated mesoporous HZSM-5 (c) was 

increased to 11.5 mg and 10 mg in order to match the number of acid sites of 8 mg mesoporous HZSM-5 

(b). Shown are the momentary carbon yields for each biomass injection. The abbreviations in the legend 

refer to aliphatics (ALI), monoaromatics (MAR), di-aromatics (DAR), phenols (PH), aldehydes (ALD), 

acids (AC), ketones (KET), methoxy-phenols (MPH), furans (FUR), alcohols (ALC), and nitrogen 

containing compounds (Nit). The yield of ALC and N was multiplied by 10 for better visibility.  
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Table 4-2. Yields of species at a cumulative fed dry and ash-free biomass to catalyst ratio of B:C ~1. 

Table 4-2a shows the yields obtained with 8 mg of catalyst while Table 4-2b shows the yield obtained for 

the same number of acids sites, for which the loading of conventional and core-shell catalysts was increased 

to 11.5 and 10 mg, respectively. Results obtained with SiC as a highly inert solid shown for reference. 

Vapors and gas were analyzed by GC-FID and GC-TCD, respectively.   

 

Vapors Gas 

ALI MAR DAR PH ALD AC KET MPH FUR ALC N CO CO2 C1-3 
C2-3 

olefins 
C4+ 

(a) 

SiC 0.06 0.04 0.00 0.13 1.76 2.44 3.91 0.88 1.05 0.75 0.00 7.1 17.1 0.1 0.3 0.3 

Conv-

ZSM-5 
0.88 1.22 0.08 0.38 1.66 0.90 2.49 0.11 1.37 0.33 0.33 8.4 17.2 0.1 0.6 0.6 

Meso-

ZSM-5 
0.78 2.87 0.41 0.51 1.11 0.26 1.52 0.09 0.90 0.15 0.21 10.3 18.0 0.0 1.3 1.0 

Shell-

Meso-

ZSM-5 

0.71 2.49 0.40 0.37 1.18 0.20 1.95 0.19 1.22 0.16 0.24 9.5 18.0 0.1 1.1 0.9 

 

(b) 

Conv-

ZSM-5 
0.68 1.95 0.26 0.53 1.68 0.51 2.34 0.33 1.41 0.29 0.28 12.6 20.0 0.1 2.6 1.3 

Meso-

ZSM-5 
0.78 2.87 0.41 0.51 1.11 0.26 1.52 0.09 0.90 0.15 0.21 10.3 18.0 0.0 1.3 1.0 

Shell-

Meso-

ZSM-5 

0.50 3.11 0.50 0.42 1.11 0.14 1.73 0.11 0.59 0.14 0.18 12.2 16.5 0.0 3.0 0.9 

Table C-19 and Table 4-3a show a comparison of the carbon recoveries of vapors, gas, and 

coke when using 2 and 8 mg of catalyst, respectively, while Table 4-3b provides a comparison 

based on the same number of acid sites. Char yields of 18.3 wt.% (0.08) of fed wheat straw (daf) 

were determined, which is in agreement with char yields of 18-21 wt.% (daf) observed for the 

same feedstock and pyrolysis temperature at a fast pyrolysis bench scale unit [1,2]. The amount of 

recovered char using the micropyrolyzer was insufficient to conduct proximate and elemental 

analysis. In view of the similar char yields observed at micro- and bench-scale, the elemental 

composition of the char from the micro-pyrolysis was assumed to be the same as determined in 

bench scale, namely 80 wt.% C, 4 wt.% H, 2 wt.% N, and 14 wt.% O (by difference) on a daf 

basis. Based on the estimated carbon content of char, the carbon recovery of char was ~31 wt.% 

for all tests. As such, the carbon closure was in the range of 61 wt.% for the non-catalytic case, 

while it was improved to ~81% when using a catalyst due to increased carbon recoveries of gas, 

vapors and coke. These observations agree with earlier work [6] which reported ~90% carbon 

closure for pyrolysis of cellulose, lignin, and corn stover using the micro-pyrolyzer, while passing 

the vapors over an active catalyst increased the carbon closure to ~100%. We note that multiple 

peaks in the FID chromatogram with low intensity could not be identified and quantified properly 

and that the sum of these non-identified compounds may constitute an important fraction of the 

missing carbon. Moreover, the missing carbon is attributed to deposits of oligomeric species with 

highly reactive functionalities that may polymerize and deposit at the interface between the 
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reactors (300 °C), the GC-inlet (270 °C), and the guard column inlet (see Fig. C-19). A comparison 

of Table C-19 and Table 4-3 shows that an increase in catalyst loading increased the carbon 

recovery of gas and coke. The highest carbon losses to coke resulted for Meso-ZSM-5 (5.1 C wt.% 

at B:C ~1), while the Conv-ZSM-5 showed the lowest coking propensity (Table 4-3). 

The quality of the never-condensed vapors is expected to correlate to some extent with the 

quality of condensed bio-oils. Parameters regarded essential for the assessment of bio-oil quality 

are the oil’s acidity, oxygen content, and effective hydrogen index (EHI). Those parameters were 

introduced for assessment of the quality of the never condensed vapors. The acidity of the vapors 

was defined as (mass of acids in vapors)/(mass of vapors) and is expected to correlate with the 

total acid number of the condensed vapors [16,17]. The oxygen content of the vapors—defined as 

(mass of oxygen in vapors)/(mass of vapors) —gives an indication on the effectiveness of 

deoxygenation and serves as an indicator for the chemical stability of bio-oils. When oxygen is 

released as water during the cracking of oxygenates in bio-oils over acidic catalysts, hydrogen is 

depleted which leads to enriched aromatics content in the products but also rapid coke formation. 

The effective hydrogen to carbon ratio (EHI) as defined by Chen et al. [62] can be used to assess 

the coking propensity of the product mixture. EHI is defined as (H −2O −3N −2S)/C, where H, C, 

O, N, and S are atoms per unit weight of sample of hydrogen, carbon, oxygen, nitrogen and sulfur, 

respectively.  

Both Meso-ZSM-5 and Shell-Meso-ZSM-5 zeolite were significantly more effective in 

reducing the acidity as compared to the conventional HZSM-5 zeolite (see Table 4-3). The core-

shell catalyst was most effective in reducing the acidity. Similar conclusions can be drawn for the 

overall oxygen content of the vapors as the core-shell catalyst reduced the oxygen content the most 

(from 37.1 wt.% to 14 wt.% O) when comparing the catalysts at the same number of acid sites. 

The EHI index was lowest for Conv-ZSM-5(~1) and highest for Meso-ZSM-5 (~1.1,) while it was 

1.05–1.07 for the core shell catalyst.  

Table 4-3. Comparison of carbon recoveries of vapors, gas, and coke for (a) the same catalyst mass and (b) 

the same number of acid sites (b) at B:C ~1. Carbon recovery of char was ~31 wt.%. The table further 

compares the acidity, EHI, and oxygen content of the vapors and shows the molar CO/CO2 ratio of the gas.  

 
C-% 

vapors 
C-% gas 

C-% 

coke 

Acidity vapors 

(wt.%) 

EHI 

vapors 

wt.% O 

vapors 
CO/CO2 

(a) 

SiC 12.6 17.3 ~0 22.1 0.67 37.1 0.66 

Conv-ZSM-5 13.6 26.4 1.9 9.2 1.00 23.4 0.94 

Meso-ZSM-5 13.9 30.5 5.1 2.9 1.09 14.7 1.09 

Shell-Meso-ZSM-5 14.0 29.3 2.9 2.2 1.05 16.6 1.07 

 

(b) 

Conv-ZSM-5 15.0 29.5 3.4 4.9 0.98 20.4 0.99 

Meso-ZSM-5 13.9 30.5 5.1 2.9 1.09 14.7 1.09 

Shell-Meso-ZSM-5 13.6 27.1 4.7 1.6 1.07 14.0 1.16 
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4.4 Discussion 
For the same mass of catalyst (8 mg), more than twice as much carbon deposited on Meso-

ZSM-5 zeolite compared to Conv-ZSM-5 zeolite, whereas only ~30% more carbon had deposited 

on the core-shell catalyst compared to Conv-ZSM-5 catalyst. From the derivative curves of the 

weight loss during coke combustion (Fig. C-20), two peaks could be discerned. The low 

temperature peak below ~475 °C is sometimes referred to as ‘soft’ or ‘thermal’ coke. It is 

considered to contain higher H/C ratios and more oxygenated compounds, mostly derived from 

lignin derivatives because of their greater ability to re-polymerize [63,64]. This soft coke is 

deposited on the meso- and macroporous structure of the catalyst and combusts more readily. The 

coke combusting at higher temperatures (>500 °C) is considered ‘hard’ or ‘catalytic’ coke which 

is mainly deposited inside the micropores. It is formed by cyclization, aromatization and 

condensation reactions of reactants and products [65,66] and thus consists of less hydrogenated 

polyaromatic structures. Interestingly, coke deposited on the Conv-ZSM-5 and core-shell Meso-

ZSM-5 catalysts showed similar contributions of low and high temperature coke. For Meso-ZSM-

5, the contribution of catalytic coke was more pronounced, which could indicate that the 

micropores were filled with coke to a greater extent due to their better accessibility through the 

auxiliary mesopore network.  

Li et al. [45] reported higher aromatic carbon yields close to 14% compared to maximum 

aromatic yields of ~8 C-% observed in this study. The differences can likely be attributed to the 

different operating modes (in-situ vs. ex-situ), a higher catalyst temperature of 550 °C used by Li 

et al. [45], and the larger amounts of catalyst used to achieve full deoxygenation. The pronounced 

increase in para selectivity amongst xylenes observed by Li et al. [44] (from 28 to 84%) could not 

be confirmed in this study when using a silicalite-1 coated Meso-ZSM-5 for ex-situ CFP.  

Hu et al. [38] tested a core-shell catalyst of silicalite-1 coated conventional HZSM-5 and 

investigated the change in carbon yield of BTX and olefins with increasing amount of biomass 

fed. In agreement with our results, there were no obvious changes in the carbon yields of gas after 

catalyst modification. A slight decrease in BTX yields was reported after silicalite-1 coating .While 

these authors did not report the acidity of the catalysts, the tests were performed for a constant 

catalyst mass and thus it is very likely that the addition of the inert silicalite-1 layer had decreased 

the number of acid sites per reactor loading. For the core-shell catalyst used by Hu et al. [38], the 

carbon recovery of coke decreased by 22.1% (from 15.2% to 11.9%) compared to the same mass 

of conventional HZSM-5. In our study, the addition of the silicalite-1 layer reduced the carbon 

losses to coke by 43% compared to the same mass (8 mg) of Meso-ZSM-5. The even more 

pronounced effect may be attributed to the higher coking propensity of mesoporous HZM-5 

compared to conventional HZSM-5 [30]. Comparing the coking propensity for the same total 
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number of acid sites shows that the carbon recovery of coke decreased by ~8% after silicalite-1 

addition.  

4.5 Conclusion 
Conventional ZSM-5 zeolite, mesoporous ZSM-5 zeolite and mesoporous ZSM-5 zeolite 

covered with a non-acidic silicalite-1 layer were synthesized. For the first time, mesoporous 

HZSM-5 coated with silicalite-1 was tested for the deoxygenation of biomass fast pyrolysis vapors 

in ex-situ configuration and provide detailed product yields obtained using a micro-pyrolyzer. 

Moreover, the deactivation behavior of the core-shell catalyst was compared to a mesoporous and 

conventional HZSM-5 catalyst. Even though the coking propensity was highest for the mesoporous 

HZSM-5, it showed improved conversion of oxygenates and a higher tolerance towards 

deactivation by coke. Coating of mesoporous HZSM-5 zeolite with silicalite-1 reduced the number 

of acid sites per mass of catalyst by ~20%, which is attributed to the addition of the inert silicalite-

1 layer and passivation of the external acid sites of the mesoporous HZSM-5. Compared to 

mesoporous HZSM-5, the added silicalite-1 shell reduced the coke yield by 43% for the same 

catalyst mass and by 8% for the same total number of acid sites, while the tolerance towards 

deactivation observed for the mesoporous HZSM-5 core was largely preserved—especially for 

conversion of small oxygenates like acids, alcohols and aldehydes. 
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Chapter 5 |  Deoxygenation of wheat straw fast 

pyrolysis vapors using HZSM-5, Al2O3, 

HZSM-5/Al2O3 extrudates, and desilicated 

HZSM-5/Al2O3 extrudates  

The content presented in this chapter was published in Energy & Fuels (33 (2019) 7, 6405-6420. 

doi/10.1021/acs.energyfuels.9b00906). 

5.1 Introduction 
Co-feeding biomass-derived fast pyrolysis oils with fossil oil in oil refineries can decrease 

our dependence on crude oil and increase the share of renewables in the transport sector. Fast 

pyrolysis requires short gas residence times (less than 2 s), high heating rates (>500 °C/s), 

moderate temperatures (400–700 °C), and low pressures (1–5 atm) in order to obtain a high oil 

yield [1]. Advantageously, fast pyrolysis processes are generally flexible with respect to biomass 

feedstocks [1–3]. The pyrolysis oil is comprised of hundreds of different oxygenated species 

which, unfortunately, render the oil acidic and unstable [4]. In order to process biomass derived 

pyrolysis-oils at oil refineries, a reduction of the oil’s oxygen content and acidity is required [5]. 

Deoxygenation can be obtained by direct upgrading of the pyrolysis vapors under atmospheric 

conditions over solid acid catalysts. HZSM-5 with a molar Si/Al range of 11–40 is considered 

among the most suitable for production of aromatics and gasoline range products when upgrading 

biomass derived pyrolysis vapors since the shape selective micropores improve the selectivity to 

aromatics and limit coke formation [6,7]. Nevertheless, rapid deactivation by coking occurs 

requiring frequent regeneration, which in turn may promote catalyst deactivation by irreversible 

dealumination.  

Due to the small size of HZSM-5 crystals (<1 m), binders are required to shape the 

catalyst and ensure sufficient physical strength to reduce attrition for both fixed bed and 

particularly fluid bed operation as well as catalyst transport and reactor filling. Typical binders 

include clays, silica (SiO2), and alumina (Al2O3). Besides the benefit of the binder on the catalyst’s 

mechanical strength, it changes the catalyst´s physical and chemical characteristics such as 

porosity and acidity, thereby influencing coke formation[8]. Acidic alumina or silica-alumina are 

used as catalysts to pre-crack bulky hydrocarbon species in fluid catalytic cracking (FCC). While 

the influence of binder on catalyst activity and coking has been thoroughly studied for FCC and 

the methanol-to-gasoline (MTG) and methanol-to-olefins (MTO) processes, only few studies 

investigated the deoxygenation of biomass pyrolysis vapors and its model compounds with 
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HZSM-5/Al2O3 extrudates. When using HZSM-5/γ-Al2O3 as MTO catalyst, it has been shown that 

the binder is not as active as the zeolite but it provides additional porosity and acidity, and enhances 

the hydrothermal stability of the catalyst [9–11]. 

Iisa et al. [12] tested Al-rich HZSM-5 (Si/Al = 15) with 10 wt.% alumina for upgrading of 

pine pyrolysis vapors in a Py-GCMS/FID system, both in in-situ mode (B:C = 0.2) and in an ex-

situ bed configuration at B:C = 0.5 and 2. In comparison to catalysts with clay and silica binders, 

the catalyst with alumina gave higher coke yields and deactivated faster.  

Increased coking with HZSM-5/Al2O3 is consistent with higher coking and deactivation 

rates in propane aromatization reported for gallosilicates (MFI structure) with alumina binder 

compared to kaolin or silica binder[8], which was attributed to the increased acidity on the zeolite 

crystal surface due to the creation of new zeolite acidic sites. 

Du et al. [13] pyrolyzed miscanthus in an in-situ PyGC mixed with pure HZSM-5 (Si/Al = 

40), HZSM-5/Al2O3 and a commercial Al2O3 binder. Due to the dilution of zeolite by the Al2O3 

binder, relatively less mono-aromatic hydrocarbons were formed. In the same work, toluene was 

pyrolyzed as model compound and coke yields increased with increased binder content. Upon co-

feeding of propylene with toluene, it was found that the Lewis acidity of the Al2O3 binder promotes 

alkylation and cyclization of propylene, leading to enhanced benzene production. While the Lewis 

acidity of the binder enhanced the coke production, the coke was less condensed and combusted 

at lower temperature.  

Very recently, Pala et al. [14] reported on the ex-situ upgrading of pine FP vapors (feeding 

rate 220 g/h) over a fixed bed of HZSM-5/Al2O3 extrudates (50 wt.% each) up to B:C = 17. With 

increased B:C ratio, the organic yields increased and a clear breakthrough of oxygenates and 

decrease of aromatics resulted. While porosity was restored upon regeneration, a 55% loss in 

Lewis acidity and a 67% loss in Brønsted acidity was observed compared to the fresh extrudate.  

While catalytic fast pyrolysis (CFP) benefits from the zeolite’s shape selective pore 

structure and Brønsted acidity it also comes at a higher cost compared to the binder material and 

the zeolite is known to suffer from dealumination under hydrothermal conditions. If sufficient 

deoxygenation and stabilization of the bio-oil could be achieved over the alumina binder itself, 

which has higher stability towards steaming, its use may offer economic advantages over HZSM-

5 based catalysts and allow faster regeneration (coke-combustion) at harsher conditions. Alumina 

has been tested by others for deoxygenation of biomass derived fast pyrolysis vapors [15–19]. 

Samolada and coworkers [19] reported that using -Al2O3 gave about 2-3 times higher coke yields 

compared to HZSM-5 when converting synthetic bio-oil over a catalyst fixed bed at 500 °C. For 

upgrading of beech pyrolysis vapors at a bench-scale fixed bed reactor with several alumina and 

ZSM-5 catalysts, Stephanidis et al. [15] reported increasing coke yields on alumina with increasing 
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surface area and overall higher coke yields compared to ZSM-5 containing catalysts, in agreement 

with Samolada et al. [19]. The alumina catalysts with high surface area showed high selectivity 

towards hydrocarbons, but at low organic liquid yield (5.5 wt.% of biomass). Zhang et al. [20] 

tested physical mixtures of a HZSM-5 based FCC additive (Si/Al = 40) and alumina for catalytic 

pyrolysis of rice stalks in a fluidized bed reactor. Increased aromatic and olefin yields and reduced 

coke were obtained, when 10% alumina was mixed with HZSM-5. The benefit was explained by 

cracking of the large-molecule oxygenates into small-molecule oxygenates, which could then be 

converted by the HZSM-5 based catalyst into olefins and aromatics (40% increase compared to 

HZSM-5 only). Higher alumina additions (50%) decreased the mono-aromatics yields to values 

below those obtained by HZSM-5. 

Wang et al. [21] reported the use of a spray-dried alumina-based catalyst in a fluidized-bed 

system at B:C ratios of 0.25–0.6 to study seven types of woody and herbaceous feedstocks 

(including wheat straw). The oxygen contents of the phase separated oil fraction from all 

feedstocks were below 20 wt.% at yields between 14–20.8 wt.% of biomass, indicating a good 

deoxygenation performance. In a later study, Mante et al. [22] reported the CFP of loblolly pine 

with -Al2O3, both in lab and pilot plant scale where oils with 16 and 23 wt.% oxygen (d.b.) were 

obtained at yields of 8.9 and 10.9 wt.% of biomass respectively. 

The benefit of mesoporous HZSM-5 for CFP of biomass was demonstrated by several 

groups [23–26], but has not yet been demonstrated for hierarchically structured zeolite extrudates. 

Extrudates of hierarchical HZSM-5 and different binders (silica, acid-dispersed boehmite, kaolin, 

and attapulgite) were tested by Michels et al. [9] for the conversion of methanol to hydrocarbons. 

The hierarchical HZSM-5 powder exhibited a lifetime double that of the conventional zeolite. 

Shaping the hierarchical HZSM-5 powder with silica or boehmite reduced the catalyst lifetime, 

while catalyst lifetime was extended upon shaping with kaolin and attapulgite binder.  

Michels [27] reported that leaching of HZSM-5 granules (Si/Al = 39, attapulgite clay 

binder) for 30 min with 0.2M NaOH at 65 °C led to the disintegration of the bodies, which was 

associated with the weakening of interparticle interactions due to hydrolysis caused by the alkaline 

solution. Michels therefore chose to desilicate the HZSM-5 crystals prior to mixing with the 

binder. In contrast, Groen et al. [28] had earlier reported the successful desilication of HZSM-

5/Al2O3 extrudates for 30 min with 0.8M NaOH at 65 °C, employing a mass ratio of leaching 

solution to zeolite (L/S) of 10. The binder consisted of mostly alumina, but the blending ratio used 

in the manufacturing of the extrudates was not disclosed. The desilication did not lead to 

disintegration of the extrudates and Groen et al. [28] even reported an enhanced hardness of the 

alkaline‐treated extrudates, which was tentatively attributed to the partial dissolution of the zeolite 

crystals and alumina, leading to a more integrated binder/crystal composite.  
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The purpose of this investigation is to compare the performance of HZSM-5 (Si/Al = 40), 

with the alumina binder itself and extrudates comprised of 65 wt.% HZSM-5 and 35 wt.% -Al2O3 

binder. The effect of catalyst amount and conversion capacity in terms of increasing B:C ratio on 

the product distribution and oil properties was studied in detail. To the best of our knowledge, the 

performance of extrudates comprised of hierarchical HZSM-5 and alumina binder has not been 

reported for in-situ or ex-situ CFP. We therefore investigated if auxiliary mesoporosity can be 

added to the HZSM-5 crystals of the shaped HZSM-5/Al2O3 extrudates by alkaline leaching 

without disintegration of the technical shaped bodies, and how the desilication affects the 

extrudates’ deoxygenation performance. 

5.2 Experimental 
Pyrolysis. The experimental set-up and the characteristics of the straw feedstock were 

described previously [29]. Straw was fed at ~200 g/h to an ablative fast pyrolysis unit, operated at 

530 °C. Char separation was achieved by cyclones (450 °C) and hot gas filtration using a ceramic 

filter candle (350 °C) upstream of the ex-situ located catalytic fixed bed, which contained 24–260 

g catalyst. Five different liquid product fractions were obtained from each experiment. At the first 

condensation stage operated at 4 °C using a series of metal impingers, the liquid product phase 

separated into an oil fraction (4 °C OF) and a water-rich fraction (4 °C WF). The 4 °C condensation 

stage was followed by an electrostatic precipitator (ESP) operated at room temperature, which 

collected a single oil phase (ESP OF). The final condensation stage consisted of a series of dry 

glass impingers cooled to −60 °C by an external dry ice/ethanol bath. The liquid collected at 

−60 °C separated in an organic-rich (−60 °C OF) and an aqueous fraction (−60 °C WF). The total 

liquid product (excluding the moisture introduced from biomass) is defined as the sum of reaction 

water, the organics contained in the three OF, and the organics contained in the two WF. The sum 

of organic content obtained in the OF and WF will be referred to as organic liquid (OL). The 

noncondensable gases (NCG) were analyzed using continuous NDIR gas analyzers and GC-

TCD/FID. The gas products were grouped into C2-3 olefins, C1-3 alkanes, CO, CO2, and hydrogen.  

Previous experience with fast pyrolysis of wheat straw using the centrifugal reactor [30] 

resulted in uncertainties (±2 standard deviations) of 0.7, 0.7, 3.8, and 1.5 wt % for the product 

yields (daf basis) of organic liquid, reaction water, char, and gas, respectively. 

Catalyst Preparation. Conventional HZSM-5 with Si/Al ~40, was purchased from 

Zeolyst Int. (CBV 8014) and is abbreviated CBV80. The SiC, the extrudates of the -Al2O3 binder 

(same as used for preparation of the shaped HZSM-5/Al2O3), and the HZSM-5 extrudates (Extr) 

consisting of 65% HZSM-5 (same Si/Al ratio as CBV80) and 35% Al2O3 binder were provided by 

Haldor Topsøe A/S. A particle size of 250–850 μm was chosen for SiC and all catalysts, i.e. the 
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CBV80 powder was pelletized, crushed and sieved while the shaped HZSM-5/Al2O3 and Al2O3 

extrudates were only crushed and sieved. All catalysts were steamed prior to their use by injecting 

water (2 ml/min) into a preheated nitrogen stream (4 Nl/min) and passing the steam (~30 vol.-%) 

for 5 h through the fixed bed of catalyst kept at 500 °C under atmospheric pressure conditions. 

The preparation of mesoporous HZSM-5 extrudates was performed akin to the procedure 

reported for desilication of HZSM-5 (Ref Fuel Proc. Tech. manuscript). Prior to preparation of a 

larger batch, the desilication of extrudates was tested with 0.3M and 0.5M NaOH solutions, 

respectively. Leaching was conducted under stirring for 30 min at 65 °C. After washing and drying 

overnight at 105 °C, the mesoporous HZSM-5 extrudates (abbr. mesoExtr) were subjected to an 

acid wash for 6 h at 65 °C with 0.02M HCl in order to remove Al debris potentially blocking pore 

mouth entries [31,32]. After washing and drying overnight, the mesoExtr were ion-exchanged with 

1M NH4NO3 at 80 °C for 24 h. After washing and drying, the protonated form was obtained by 

calcination under dry air for 5 h at 550 °C. For the catalytic tests, a larger amount of mesoExtr was 

prepared by leaching 100 g of extrudates in 10 L of 0.3M NaOH at 65 °C for 30 min. The solid 

yield after leaching was 90%. Acid wash, ion exchange and calcination were performed as 

described above. The procedure was repeated to obtain sufficient amount of mesoExtr for the 

catalytic test (140 g).  

Vapor Upgrading. The experiments were stopped once a certain amount of wheat straw 

was fed corresponding to the desired mass ratio of dry and ash-free (daf) biomass to catalyst (B:C). 

About 24-36 g of catalyst was used to cover B:C ratios above ~6 and packed into an externally 

heated reactor tube (ID = 20 mm, length = 190 mm), resulting in a bed height of ~19 cm for most 

catalysts (17.5 cm for the HZSM-5/Al2O3). A 5–10 times higher mass of catalyst was used to 

investigate B:C ratios <10 using a larger externally heated reactor (ID = 67 mm, length = 250 mm), 

resulting in a bed height of 8-10 cm with the exception of HZSM-5/Al2O3 (15 cm). The smaller 

reactor scale allowed to investigate higher B:C ratios within a reasonable timeframe while the 

larger reactor scale ensured that sufficient oil product was collected at all condensation stages at 

low B:C ratios. Due to the differences in vapor residence time (see Table 5-1), the performance of 

the catalysts should be compared for each reactor size, and not across the two reactor scales. 

The operation for extended run-times improved the mass balance; in particular, the yield 

of non-condensable gases (NCG) may be under-represented for short run-times due to a gas-

sampling interval of >10 min. For oxidative regeneration of the catalysts, nitrogen was mixed with 

air to obtain ~2 vol.% O2 (total flowrate 2 Nl/min) and the temperature was ramped from 250 °C 

to ~550 °C at 1 °C/min. The final temperature was held for several hours and the nitrogen was 

stepwise replaced by air until no more CO and CO2 was measured in the effluent gas stream. 
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Table 5-1 numbers the experimental runs and summarizes the main operating conditions 

and obtained mass balances of the reported results. The pyrolysis was conducted at 530 °C with 8 

Nl/min nitrogen as carrier gas, which gave <1.1 s gas residence time within the pyrolysis zone. 

The cyclones and hot gas filtration upstream of the catalytic bed were operated at 450 °C and 

350 °C, respectively. The catalytic reactor was operated at 500 °C, unless noted otherwise. Two 

non-catalytic tests were performed with i) an empty catalytic reactor at 500 °C (not shown in Table 

5-1) and ii) 95 g of SiC (500 °C) as a highly inert solid. The mass balances were in the range 92–

98%. The history of the catalyst in terms vapor upgrading and regeneration by coke combustion is 

indicated by the suffixes “u” and “r” respectively, with the superscript numbers indicating the 

number of each. As an example, Al2O3-st-u2-r2 indicates that the alumina catalyst was steamed and 

underwent two upgrading and regeneration cycles.  

Table 5-1. Process conditions and mass balances for runs employing steamed HZSM-5 (CBV80-st), 

steamed alumina-binder (Al2O3-st), steamed HZSM-5 extrudates (Extr-st), and steamed mesoporous 

HZSM-5 extrudates (mesoExtr-st) as catalyst. The suffixes ‘st’, ‘u’, and ‘r’ to the catalyst designation 

indicate steaming, upgrading, and regeneration procedures, with the superscript number indicating the 

number of each treatment. 

Experiment 

number 
Catalyst 

Mass of 

catalyst 

[g] 

Catalyst bed 

volume 

[cm3] 

Residence 

time [s] 

(STP) 

T 

[°C] 

Biomass 

feeding rate 

[g/min] 

B:C range 
Mass balance 

(%) 

S0 SiC 95 60 0.4 500 2.7 0–11 95 

Z801 CBV80-st-u-r 140 300 2.1 500 3.2 0–2.8 97 

Z802 CBV80-st 140 300 2.1 500 2.4 0–4.5 94 

Z803 CBV80-st-u-r 24 60 0.4 500 2.8 0–9.9 93 

Z804 CBV80-st 24 60 0.4 500 2.1 0–17 97 

A001 Al2O3-st 178 300 2.1 500 3.2 0–2.2 95 

A002 Al2O3-st-u-r 178 300 2.1 500 3.2 0–7.3 95 

A003 Al2O3-st-u2-r2 178 300 2.1 450 3.4 0– 6.2 98 

A004 Al2O3-st 36 60 0.4 500 3.2 0–6.0 95 

AZ801 Extr-st 260 550 3.8 500 0.8 0–1.9 n.d. 

AZ802 Extr-st-u 260 550 3.8 500 2.5 1.9 -5.6 94 

AZ803 Extr-st 26 55 0.4 500 2.8 0–6.4 98 

AZ804 Extr-st-u-r 26 55 0.4 500 2.7 0–13 94 

mAZ801 mesoExtr-st-

u-r 
140 300 2.1 500 3.6 0–2.1 92 

mAZ802 mesoExtr-st-

u2-r2 140 300 2.1 450 3.4 0–6.1 96 

mAZ803 mesoExtr-st 140 300 2.1 500 3.5 0–6.3 96 

mAZ804 mesoExtr-st-

u3-r3 140 300 2.1 550 3.5 0–6.4 98 

mAZ805 mesoExtr-st 28 60 0.4 500 3.7 0–10.6 94 

 

Catalyst Characterization. The methodology for catalyst characterization has been 

outlined recently [29]. Besides the samples exposed to hydrothermal conditions, also the freshly 

calcined samples were characterized. Catalysts were characterized by Ar and N2 physisorption for 
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analysis of micro and mesopores, respectively. TEM images were acquired using a Tecnai T20 G2 

(200 kV acceleration voltage). Samples were prepared by dispersion of the sample in methanol in 

an ultrasonic bath, after which drops of the suspension were placed on a copper grid containing a 

lacey carbon film and dried over-night.  

TPD of NH3 was performed in order to quantify the total acidity of the catalysts. The two 

characteristic peaks desorbing at ~209 °C and ~407 °C of the acid strength distribution obtained 

by NH3-TPD were fitted (Gaussian) in order to obtain the distribution between weak (W) and 

strong (S) acidity. Others have ascribed the desorption peak of strong acid sites at around 400 °C 

to strong Brønsted acid sites associated to framework Al atoms [33]. TPD of ethylamine was 

employed in this study for direct quantification of the Brønsted acidity [34,35]. 

In order to investigate if the hot gas filtration upstream of the zeolite bed prevented the 

transfer of biomass indigenous alkalines that would poison the acid sites, some catalysts were 

analyzed for their elemental composition (Si, Al, K, Ca, Mg, and Na) by XRF before and after 

their repeated use and regeneration. 

Oil Characterization. The methodology for oil characterization has been reported 

previously [29]. Karl Fischer titration, elemental analysis and GC-MS/FID was conducted for the 

mixture of water fractions obtained at the 4 °C and −60 °C stage (sum WF), and the mixture of oil 

fractions (sum OF) obtained at the 4 °C, ESP, and −60 °C condensation stage. The mixtures were 

prepared gravimetrically according to the yield of each fraction at each condensation stage. Please 

note that due to the high water content of the aqueous fractions only their carbon content could be 

accurately determined by elemental analysis. Since the sulfur concentration was below the 

detection limit of the elemental analyzer, some oils were subjected to total sulfur analysis 

according to ASTM method D5453. TAN and evaporation behavior was determined for the mixed 

OF. A heating ramp of 10 °C/min was used for the investigation of the oils’ evaporation behavior 

in a thermogravimetric analyzer (TGA, Netzsch Jupiter449F1). The temperature was ramped to 

500 °C under N2 atmosphere and held for 30 min. The solid remains from the TGA simulated 

distillation curves combusted uniformly for all oils investigated within a temperature range of 520–

710 °C after switching to oxidative atmosphere (10 Vol.% O2) and ramping from 300 to 1000 °C 

at 10 °C/min (not shown). 

5.3 Results 
Physicochemical catalyst characterization. Isotherms from high-resolution low 

temperature argon pore characterization (87 K) for the fresh (unsteamed) HZSM-5, the alumina 

binder, the extrudates with HZSM-5, and the desilicated extrudates are shown in Fig. 5-1a. Acidity 

characterization by NH3-TPD was performed for the calcined and steam treated catalysts, and after 
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several reaction/regeneration cycles. The NH3 desorption profiles are provided in Fig. D-1–

Fig. D-4. Table 5-2 provides an overview of the catalysts’ textural properties, their acidity 

characterization (both total and Brønsted acidity), and their molar Si/Al ratio and Na content 

(determined by XRF). As the differences in textural properties between the freshly calcined 

catalysts and the recovered catalysts after both steaming and reaction/regeneration appear small, 

the textural properties of the steamed-only samples were not investigated in detail.  

Pore characterization. As expected, the fresh HZSM-5 component of the extrudate 

mainly contains micropores (0.2 cc/g), while the fresh Al2O3 binder is purely mesoporous. It is 

noted that the application of the BJH method from N2 adsorption data calculates ~0.01 cc/g higher 

mesopore volume (Vmeso) compared to the total volume (Vtotal). This may be attributed to the lower 

resolution of the N2 adsorption points, which leads to uncertainties in the linear interpolation 

between data points. Application of the NL-DFT model to the argon adsorption isotherms obtained 

for the fresh Al2O3 binder indicates Vtotal = 0.53 cc/g and Vmeso = 0.52 cc/g.  

The small amount of mesoporosity in the HZSM-5 (0.06 cc/g) is expected to result from 

narrow voids between agglomerated crystals (inter-crystallite porosity). Note the different shapes 

of adsorption isotherms (Fig. 5-1), which shows the high uptake of HZSM-5 at low relative 

pressure, whereas alumina shows a major uptake at p/p0 ~0.7. The HZSM-5 exhibited a Type I(a) 

isotherm, while Al2O3 showed a Type IV(a) isotherm according to IUPAC classifications [36]. The 

hysteresis loop of Al2O3 may be characterized as Type H1, in agreement with its narrow range of 

uniform mesopores, while the isotherm of HZSM-5/Al2O3 shows characteristics of both 

constituents and a H4 hysteresis loop. The low slope region in the middle observed for parent and 

desilicated HZSM-5/Al2O3 indicates the presence of multilayer adsorption [36], as others have 

observed for desilicated HZSM-5 [37].  

The fresh HZSM-5 extrudate contains a micropore volume (Vmicro) of 0.12 cc/g and a 

mesopore volume (Vmeso) of 0.31 cc/g. The steaming and two reaction-regeneration cycles lead to 

a slight decrease in Vmicro and an increase in mesoporosity for CBV80. For the Al2O3, a decrease 

in pore volume from 0.55 to 0.48 cc/g was observed accompanied by a pronounced decrease in 

BET surface area by 21%. In contrast, for CBV80 the loss in BET surface area after steaming and 

reaction-regeneration cycles amounted to only 3%, which indicates that a major contribution in 

the loss of BET surface area of the extrudates (11%) can be attributed to the binder. 

With respect to the pore characterization of the HZSM-5 extrudate after desilication, it has 

to be stated that the presence of an additional porous binder obviously complicates a detailed 

assessment of the porosity development in the zeolite crystal. Compared to the isotherm of the 

parent HZSM-5 extrudate, leaching with 0.3M NaOH led to a downward shift of the isotherm, 

caused by the loss in microporous material. Besides the ~40% decrease in Vmicro from 0.11 to 0.07 
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cc/g, an increase in Vmeso by ~20% resulted after the alkaline treatment with 0.3M NaOH. With 

increased leaching strength (0.5M NaOH), the loss in micropore volume was more severe and 

Vmicro decreased to 0.04 cc/g.  

Interestingly, the effect of steaming and repeated reaction-regeneration cycles on the pore 

structure was less pronounced for the mesoporous HZSM-5 extrudate compared to the parent 

HZSM-5 extrudates as the BET surface area decreased only by 2% (compared to 11% for Extr). 

Groen et al. [28] reported a distinct increase in mesopore surface area from 120 to 180 m2/g upon 

leaching of HZSM-5/alumina extrudates, whereas Vmicro decreased from 0.12 to 0.08 cm3/g. A 

similar decrease of ~30 % in Vmicro was observed after the alkaline treatment of the corresponding 

zeolite powder. 

TEM imaging of the mesoporous HZSM-5 extrudate (see Fig. D-5) confirms the creation 

of mesopores in the zeolite crystals (center of Fig. D-5), which reduces the size of the purely 

microporous domains. The less structured lumps shown at the top left corner and bottom of the 

image are attributed to the binder phase.  

 
Fig. 5-1. High-resolution low-temperature argon pore characterization (87 K) for HZSM-5, alumina binder, 

extrudates thereof, and desilicated extrudates. Characterization shown for calcined catalysts (unsteamed). 

Legend in (a) applies for both figures. Filled symbols in (a) refer to adsorption branch while open symbols 

refer to desorption branch of isotherms. (b) Shows the pore size distribution (PSD) obtained from applying 

the NL-DFT model to the adsorption branch of the argon isotherm. Insert in (b) shows PSD obtained from 

applying the BJH model to adsorption branch of isotherms from N2 physisorption.  

Chemical properties. With respect to the acidity of the catalysts, a clear drop (20–40%) 

in acidity was observed after the steam treatment for catalysts containing HZSM-5 (see Table 5-2). 

The subsequent reaction-regeneration cycles induced no or little (~1.5%) decrease of the zeolite’s 
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acidity, with the exception of the HZSM-5 extrudate for witch an additional drop by 12% was 

observed. While there are clear differences in the distribution of the acid strength, the total acidity 

of the equilibrated catalysts after steaming and use are rather close in the range 0.31–0.39 mmol 

NH3/g. In order to quantify the Brønsted acidity, ethylamine was adsorbed from the vapor phase 

onto a Brønsted acid site, where a proton transfer occurs. The alkylamine then decomposed to 

ethylene and ammonia through a Brønsted acid catalyzed Hoffman elimination reaction [38]. The 

numbers of Brønsted acid sites was then determined from the released ammonia, see Table 5-2. 

For the steamed versions of the parent HZSM-5, the parent HZSM-5 extrudate, and the parent 

mesoporous HZSM-5 extrudate quite similar Brønsted acidity remains. As such, neither the 

introduction of the binder phase nor the additional treatment of desilication and acid wash appear 

to have negatively influenced the steam-stability of the Brønsted acid sites. The Al2O3 binder phase 

itself contains 0.06 mmol NH3/g Brønsted acidity. In contrast to HZSM-5 containing catalysts, 

Al2O3 maintains its total acidity, which amounts to 0.301 NH3/g for the fresh catalyst and 0.308 

mmol NH3/g after steaming and three reaction/regeneration cycles, thereby indicating good 

hydrothermal stability.  

For the mesoporous HZSM-5 extrudate, it should be kept in mind that the relative content 

of the binder phase was enhanced by the alkaline treatment. The parent extrudate was comprised 

of 65% HZSM-5 and 35% binder. Assuming that the ~10% mass loss by the desilication treatment 

can be solely attributed to the dissolution of the zeolitic phase, the resulting mesoporous HZSM-5 

extrudate is comprised of 61% zeolite and 39% binder.  

Table D-1 shows the comparison of elemental composition in terms of Si and Al content, 

as well as the Ca, Mg, K and Na content for selected catalysts after repeated use and regeneration. 

The hot gas filtration (350 °C) prevented the contact of ash-rich char particles with the catalyst 

and therefore the poisoning of the acid sites by the alkalines present in the wheat straw feedstock 

(~1 wt.% K). 
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Table 5-2. Physicochemical characterization of the parent HZSM-5 (CBV80-st), the alumina-binder, the 

HZSM-5 extrudates, and the desilicated HZSM-5 extrudates. Vmicro and Smicro were determined by high-

resolution low temperature argon physisorption (87 K), while all other textural parameters were derived 

from nitrogen adsorption data. Total acidity was determined by NH3-TPD. The Brønsted acidity was 

quantified by ethylamine-TPD. The suffixes ‘st’, ‘u’, and ‘r’ to the catalyst designation indicate steaming, 

upgrading, and regeneration procedures, with the superscript number indicating the number of each 

treatment. CBV80-st-u2-r2, Al2O3-st-u3-r3, Extr-st-u-r, and mesoExtr-st-u4-r4 refer to the catalyst obtained 

after experiment Z801, A003, AZ802, and mAZ804 (see Table 5-1).  

Sample 
Vmicro 

[cc/g] 

Smicro 

[m2/g] 

Vmeso           

[cc/g] 

Smeso 

[m2/g] 

Vtotal at                   

p/p0 

=0.99 

BET (N2) 

m²/g 

Total 

Acidity 

[mmol 

NH3/g] 

Brønsted 

Acidity 

[mmol 

NH3/g] 

CBV80 0.20 1585 0.06 51 0.24 431 0.520 n.d. 

CBV80-st n.d. n.d. n.d. n.d. n.d. n.d. 0.335 0.150 

CBV80-st-u2-r2 0.19 1427 0.08 70 0.30 419 0.387 0.135 

Al2O3 0 0 0.56 268 0.55 228 0.301 0.061 

Al2O3-st 0 0 0.53 235 0.52 201 0.313 n.d. 

Al2O3-st-u3-r3 0 0 0.49 212 0.48 181 0.308 n.d. 

Extr 0.12 865 0.31 178 0.46 395 0.486 n.d. 

Extr-st n.d. n.d. 0.32 171 0.45 376 0.385 0.154 

Extr-st-u-r 0.11 859 0.33 177 0.44 353 0.338 n.d. 

mesoExtr 0.07 502 0.37 134 0.50 248 0.561 n.d. 

mesoExtr-st n.d. n.d. 0.38 153 0.49 251 0.330 0.163 

mesoExtr-st-u4-r4 n.d. n.d. 0.39 153 0.50 243 0.325 0.101 

 

Product distribution. Fig. 5-2 and Table D-2 provide an overview of the product 

distributions (yields of dry, ash-free biomass). Results for SiC (grey bars) are included as non-

catalytic reference. Since results are shown on daf basis, the reaction water excludes the moisture 

in the biomass. It should be noted that the experiments obtained using SiC and the conventional 

HZSM-5 (Z801 to Z804) have recently been reported in our work testing the performance of 

desilicated HZSM-5 (Ref Fuel Proc. Tech. manuscript).  

All catalysts were tested at 500 °C. In addition, runs were conducted with Al2O3 and 

desilicated HZSM-5/Al2O3 at a lower temperature of 450 °C, and an additional run was conducted 

with desilicated HZSM-5/Al2O3 at 550 °C (see legend of Fig. 5-2). The char yields were in the 

range of 17–21 wt.% on daf basis and the fluctuations are attributed to the collection process. 

Hydrogen yields were negligible on a mass basis. In Fig. 5-2, the C4+ compounds analyzed in the 

gas phase are shown along the organic liquid (OL) yield, as they are expected to be condensed in 

full-scale processes at less diluted concentrations. The organic liquid comprises both the organics 

recovered as phase separated oil fractions and the organics in the aqueous fractions. While only 

the condensed liquid was analyzed, the addition of the mostly deoxygenated C4+ compounds to 
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the condensed oil is expected to further improve the oil properties, particularly its viscosity and 

evaporation behavior. For both the extrudates and its two constituents, with increased feeding of 

pyrolysis vapors the yields of gas, reaction water, and coke decreased while the OL yield increased. 

The lower gas yield observed with CBV80 at B:C = 9.9 compared to B:C = 17 likely resulted from 

an increased uncertainty in gas analysis at shorter runtimes. At the lower catalyst loadings, the gas 

concentration peaked within the first 5–10 min of operation after which it rapidly declined. Due to 

the gas sampling interval of ~13 min, the maximum gas concentration may have been missed in 

this case, which led to the calculation of an ~2.6 wt.% lower gas yield than would have resulted 

by monitoring of the gas concentrations with higher resolution.  

Even for small amounts of catalyst (~25 g) and operation to B:C ratios >10, the OL yield 

obtained using SiC (500 °C) was not yet approached. For the Al2O3 binder, but also for the HZSM-

5 extrudates a drastically reduced oil yield resulted when operated at low B:C, while the coke yield 

was markedly enhanced. Passing the vapors over Al2O3 at 450 °C (to B:C 6.2) instead of 500 °C 

(to B:C 7.3) led to a decrease in gas, reaction water and coke yield, while enhancing the OL yield 

(incl. C4+) from 19 to 24%.  

The product distribution obtained with mesoporous HZSM-5 extrudates operated at 500 °C 

and B:C = 2.1, 6.1 and 10.6 demonstrates the shift in product yields with increasing B:C ratio. In 

addition, the product distribution obtained at 500 °C and B:C ~6 was compared to runs at catalyst 

temperatures of 450 and 550 °C at similar B:C, respectively. Comparing the product distribution 

obtained with 260 g of the parent extrudates at B:C = 5.6 and 140 g of mesoExtr at 500 °C, 

indicates similar yields of CO, CO2, and water. However, the mesoExtr yielded significant less 

olefins and C1–C3 gas products and about twice the amount of condensed OL. The slightly higher 

coke yield of the extrudates (4.2 wt.%) compared to the mesoExtr (3.5 wt.%) can be explained by 

the higher amount of extrudates loaded (260 g vs 140 g) and the slightly lower B:C ratio (5.6 vs 

6.1). Table D-3 provides a comparison of the carbon deposits of coke per surface area (micro- and 

mesopores) of the different catalysts and the comparison based on surface area shows that the coke 

deposits per surface area of the desilicated extrudates increased compared to its parent version 

when compared at similar catalyst volume and B:C ratio.  

The variation in catalyst temperature between 450 and 550 °C strongly impacts the yield 

of gas, oil, and coke. The increased gas production at increasing temperature results mainly from 

enhanced CO and CO2 yields, (Fig. D-6). The operation at a lower catalyst temperature of 450 °C 

improves the organic liquid yields and leads to reduced coke formation, while operation at 550 °C 

leads to a drastic decrease in oil yield to <13 wt.% (incl C4+).  
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Fig. 5-2. Product yields based on biomass (daf) when passing increasing amounts of wheat straw pyrolysis 

vapors over steamed HZSM-5 (CBV80-st), steamed alumina-binder (Al2O3-st), steamed HZSM-5 

extrudates (Extr-st), and steamed mesoporous HZSM-5 extrudate (mesoExtr-st). Process conditions 

according to Table 5-1. Catalyst temperatures were 500 °C except when noted otherwise in the figure 

legend. The char yields were in the range of 17–21 wt.% (daf).   

 

Liquid properties. The comparison of the oil quality focuses on the properties of the phase 

separated oil fraction and the carbon losses to the aqueous phase. Table D-4 summarizes the 

characterization of the non-catalytic reference oil obtained when vapors were passed over a SiC 

bed. Table D-5–Table D-8 summarize the properties of the obtained liquids using HZSM-5 as 

catalyst (experiments Z801 to Z804), Table D-9–Table D-12 summarize the properties of the 

obtained liquids using alumina as catalyst (experiments A801 to A804), Table D-13–Table D-16  

summarize the properties of the obtained liquids using HZSM-5 extrudates as catalyst 

(experiments AZ801 to AZ804), and Table D-17–Table D-21 summarize the properties of the 

obtained liquids using mesoporous HZSM-5 extrudates as catalyst (experiments mAZ801 to 

mAZ805). As indicated by the comparison of the organics distribution between the oil and aqueous 

phases in Table D-5–Table D-21, a higher fraction of the produced organics was recovered in the 

water fraction (mix WF) towards less severe deoxygenation. This holds true both for liquids 

collected at increased B:C ratios and at reduced catalyst temperatures. 

Along with the oils’ yield, moisture- and oxygen content (wt.% d.b.), Table 5-3 provides 

an overview of the oils’ total acid content and char remains upon TGA simulated distillation, with 

both the solid remains of the dry organics content at 300 °C and 500 °C indicated. The weight loss 

curves during TGA simulated distillation are provided in Fig. D-7–Fig. D-10. The TAN refers to 

the “wet” oil samples, i.e. the oil fraction including the dissolved water. While all four catalysts 

could reduce the oils’ oxygen content below 10 wt.% d.b. at low B.C ratios, for oils collected at 
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higher B:C ratios the oxygen content increased as result of catalyst deactivation (coking). The 

charring tendency positively correlates with the oxygen content of the oils, as shown in Fig. D-11 

for the mass remains of organics (d.b.) when heated to 200, 300, and 500 °C of all oils obtained 

using catalyst at 500 °C. A higher catalyst loading therefore leads to higher vapor conversion and 

oil with lower oxygen content, but the higher loading itself does not lead to substantially reduced 

charring. For mesoporous ZSM-5 extrudate, the effect of catalyst temperature on the charring 

tendency of the oils was moderate, as the mass remaining when heated to 300 and 500 °C was 

quite close for oils collected at catalyst temperatures of 450, 500 and 550 °C, even though the oils’ 

oxygen and TAN decreased towards higher catalyst temperature. For alumina, a reduction in 

catalyst temperature to 450 °C at B:C ~6 increased the oil yield by ~20% to 16.8 wt.% of biomass 

(daf); however, the oil’s oxygen and TAN increased from ~12 to 21 wt.% (d.b.) and from ~17 to 

~40 mg KOH/g, respectively. Even though the charring tendency increased, the use of 1/5th of 

catalyst at 500 °C appears to reduce the oils’ oxygen and TAN more efficiently compared to 

utilizing five times more catalyst at a lower temperature of 450 °C. Analysis of the derivative 

curves of the oils’ weight changes upon heating (see Fig. D-10) indicates four distinct weight 

losses at 80, 116, 220 and 332 °C for the SiC oil. The weight loss above 300 °C may be attributed 

to thermal decomposition of residue [37]. For catalytically upgraded oils using mesoporous 

HZSM-5 extrudate, the weight loss at temperatures >300 °C was less distinct and the weight losses 

at ~80 °C and 200 °C were enhanced (see Fig. D-10). The weight loss observed around 180–

220 °C may be related to vaporization of (methoxy-)phenolics [39]. For the severely deoxygenated 

oil (B:C = 2.1, 6.3 wt.% O), the weight loss was most pronounced at ~100 °C, which could be 

attributed to vaporization of volatile non-polar compounds such as aromatic hydrocarbons [39]. 

This is in accordance with a higher volatility as the oils collected at low B:C ratio comprise a 

higher fraction of oil collected at the final condensation stage (−60 °C), which was more amenable 

for quantification by GC-MS/FID.  
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Table 5-3. Overview of oil properties for runs according to Table 5-1. Yield and C recovery of phase 

separated oil fraction (not including C4+ measured in gas), moisture, oxygen content (d.b.), TAN, and mass 

fraction remaining with respect to dry organics content upon heating to 500 °C in a TGA (Pt crucible with 

lid, 10 °C/min heating rate, 150 ml/min flowrate N2). Sulphur analysis according to ASTM method D5453. 

Catalyst temperature was 500 °C unless noted otherwise. Samples marked with an asterix (*) denote the 

use of less catalyst corresponding to 24-36 g (~60 ml).   

Catalyst B:C 

Yield             

[wt.% of 

daf feed] 

C recovery 

[wt.%] 

H2O 

[%] 

wt.% O 

(d.b.) 

TAN                            

[mg 

KOH/g] 

Solid remains           

[wt.% d.b.] at               

300 °C/500 °C 

Sulfur [wt.% d.b.] 

SiC 11.0 19.4 29.2 14.7 21.4 54.4 44.5 / 16.9 0.07 

CBV80-st 2.8 13.0 22.1 1.8 9.2 5.9 25.5 / 10.3 0.17 

CBV80-st 4.5 14.5 23.9 3.1 13.6 7.8 27.2 / 10.5 0.12 

CBV80-st* 9.9 16.6 26.2 4.1 16.0 18.5 42.7 /17.6 n.d. 

CBV80-st* 17 19.1 29.0 3.4 20.2 23.6 45.2 /18.4 n.d. 

Alumina-st 2.2 5.7 10.5 4.5 2.7 1.3 20.1 / 4.4 0.30 

Alumina-st 7.3 14.0 23.1 2.7 11.8 17.2 23.1 / 9.4 0.22 

Alumina-st 

(450 °C) 
6.2 16.8 25.0 3.7 21.0 40.2 26.6 / 10.2 n.d. 

Alumina-st* 6.0 15.6 25.0 3.2 14.5 34.8 32.4 / 12.7 n.d. 

Extr-st 5.6 7.7 13.5 2.0 7.7 <3.4 17.4 / 5.7 0.14 

Extr-st* 6.4 14.8 23.4 2.8 15.5 18.7 28.5 / 11.7 n.d. 

Extr-st* 13 17.3 26.7 3.8 17.4 22.6 33.9 / 15.1 n.d. 

mesoExtr-st 2.1 9.7 17.0 1.8 6.3 6.5 18.9 / 5.2 0.22 

mesoExtr-st 

(450°C) 
6.1 18.0 26.9 4.1 19.1 37.4 24.2 / 11.9 0.09 

mesoExtr-st 6.3 15.5 24.2 2.6 17 12.5 25.1 / 11.1 0.22 

mesoExtr-st 

(550 °C) 
6.4 11.4 19.1 2.6 10.8 4.0 25.5 / 11.3 n.d. 

mesoExtr-st* 10.6 19.5 29.3 4.5 19.8 34.8 30.3 / 15.6 n.d. 

 

With increased deoxygenation the sulfur (S) content in the oil increased, both for the oils 

obtained using the zeolite containing catalysts but also for the alumina binder itself (Table 5-3). 

The maximum increase in S was observed for oil obtained from alumina at B:C = 2.2, where the 

severely deoxygenated oil (2.7% O) showed 0.3 wt.% S compared to 0.07 wt.% S of the SiC oil. 

While the nature of the condensed S species was not investigated in this study, we note that the 

formation of S impurities in gasoline obtained from fluid catalytic cracking was attributed to the 

reaction of H2S with olefins or diolefins to form alkylthiophenes [40]. An increased deoxygenation 

severity increased the yield of olefins not only for HZSM-5 containing catalysts but also for Al2O3. 

The observed shift to lower MW and a decrease in oil yield indicates that the increased S content 

can be attributed to higher concentration of low MW S-containing compounds. Depending on the 

oil’s application, the sulfur and nitrogen constituents can be suitably removed by hydrotreating.  
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Size exclusion chromatograms (SEC) for oils obtained with CBV80, Al2O3, HZSM-5 

extrudates, and desilicated HZSM-5 extrudate are compared in Fig. 5-3. For chemically analogous 

compounds, a higher retention volume indicates a shift to lower molecular weight. The negative 

peak at 10.4 ml is most probably due to the presence of water in the samples. There are at least 

seven discernable components in the SEC trace for SiC oil. Based on the elution of a dodecastyrene 

standard with MW = 1250 Da at 7.57 mL, the compounds of the derived oils appear to have a MW 

below ~1000 Da. Compared to the SiC oil, the catalytically obtained oils, have reduced 

contributions of high MW compounds and a more intense differential refractive index (DRI) output 

of low MW compounds eluting at 9.7 mL, especially for oils collected at low B:C ratio and higher 

temperature (550 °C)  (see  Fig. 5-3). For oils collected at higher B:C ratio or lower temperature 

(450 °C), this low MW response decreased and contributions of higher MW compounds eluting 

below 9.25 mL increased to levels similar to the SiC oil. The low MW response remained enhanced 

compared to the SiC oil even for catalytically obtained oils at high B:C ratios. Oil obtained using 

36 g Al2O3 at B:C = 6 and oil obtained using an about five times higher amount of catalyst at 

similar B:C ratio but lower temperature of 450 °C  showed quite similar MW distribution. The 

results indicate that a breakdown of the primary bulky pyrolysis vapors into low MW compounds 

occurred more effectively at low B:C ratio; however, it can also be achieved for oils collected at 

higher B:C ratio and elevated catalyst temperature.   
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Fig. 5-3. SEC chromatograms for oils obtained using CBV80, alumina, HZSM-5 extrudates and 

mesoporous HZSM-5 extrudates as catalyst.  

The quality of the derived oils at 500 °C can be compared by plotting the molar H/C ratio 

against the molar O/C ratio (see Fig. 5-4). The number next to each data point indicates the yield 

of the oil fraction (not including organics in WF and C4+). The O/C ratio was clearly reduced by 

using a larger amount of catalyst and stopping the experiments at low B:C ratio. This resulted in 

decreased H/C ratios due to the favored dehydration pathway at low B:C. Amongst the different 

catalysts, oils obtained from Al2O3 showed the highest H/C ratios. The extension of the H/C ratios 

towards complete deoxygenation for the HZSM-5 and HZSM-5 extrudate oils approaches H/C ~1, 
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in agreement with the enhanced aromaticity observed by GC-MS/FID and NMR characterization 

(vide infra). When extrapolating the trends of the H/C ratio obtained with higher amounts of 

catalyst towards higher O/C ratios, the results obtained using reduced amounts of catalyst fall 

below those extrapolations. This could be related to the reduced coking rate at lower catalyst 

loadings, resulting in reduced incorporation of hydrogen into vapor compounds during the 

formation of carbon-rich coke. The trend observed for the H/C ratios in the oils correlates with the 

coking tendency. As such, it cannot be excluded that the higher coking rates observed for Al2O3 

and HZSM-5/Al2O3 allowed more hydrogen to be incorporated into the vapors. 

Dehydration appears to be favored mainly at low B:C ratio by the Brønsted acidity, while 

oxygen removal in the form of COx prevails once the Brønsted acid sites are poisoned by coke and 

only weak acid sites—presumably of the Lewis type—remain (see NH3-TPD of coked HZSM-5 

extrudate after B:C = 5.6 in Fig. D-3). Fig. D-12 shows the effect of the catalyst temperature on 

the molar H/C and O/C ratios of the obtained oils using Al2O3 and mesoExtr. A reduction in 

catalyst temperature from 500 to 450 °C for Al2O3 resulted in a slight reduction in H/C ratio, but 

a clear increase in O/C ratio from 0.12 to 0.23, close to the SiC oil (O/C = 0.24). Decreasing the 

temperature from 550 °C to 500 °C and 450 °C for the hierarchical HZSM-5 extrudate gradually 

increased the O/C ratio. At 450 °C, the mesoExtr-st achieved a 1.2 wt.% higher oil yield compared 

to Al2O3 at a lower O/C ratio (Fig. D-12). Within the investigated temperature range, the Al2O3 

derived oils show higher H/C ratios compared to the mesoporous HZSM-5 extrudate, which may 

result from the higher coking propensity of Al2O3 and/or the higher dehydration activity of 

HZSM-5 containing catalyst.  
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Fig. 5-4. Molar H/C ratio and O/C ratio for the phase separated oil fractions obtained using CBV80, 

alumina, HZSM-5 extrudates and mesoporous HZSM-5 extrudates (all steamed) as catalyst at 500 °C. Oil 

obtained with empty catalytic reactor and SiC shown for reference. Numbers next to symbol indicate the 

oil yield (wt.% of biomass (daf)). 

The yield of compounds in the liquid products obtained from CBV80, alumina, and HZSM-

5 extrudates as catalyst is shown in Fig. 5-5 and will be discussed separately for the oil and aqueous 

fractions. Liquids obtained using a larger amount of catalyst (~300 mL) are indicated by ‘L’, 

whereas liquid products obtained using less catalyst (~60 mL) are indicated with ‘S’. Clearly 

enhanced monoaromatics yields of 2.3 wt.% (of daf straw) resulted using 140 g of CBV80 at B:C 

= 2.8; however, the monoaromatics yields rapidly decreased as seen by a yield of 1.7 wt.% at B:C 

= 4.5. A significant drop in monoaromatics yield resulted when using less catalyst at B:C = 9.9 

and an increase in oxygenates, especially methoxy-phenols, acids, alcohols, aldehydes and ketones 

was observed. For the oil fractions obtained from Al2O3, the monoaromatics yields were not 

particularly enhanced at larger catalyst mass. No acids were observed for oils collected at B:C = 

2.2 and 7.3 at 500 °C using 178 g of alumina; however, acids appeared in the product slate when 

loading less catalyst or lowering the temperature to 450 °C at B:C ~6. Not surprisingly, the 

monoaromatics yields were enhanced over the HZSM-5 extrudate compared to alumina, however 

at lower yields compared to the runs with HZSM-5 only, in agreement with Zhang et al.’s [41] 

observations when physically mixing HZSM-5 with -Al2O3 in equal proportions. While the yield 

of monoaromatics decreased towards increased B:C ratio and by using less catalyst, it is interesting 

to note the pronounced selectivity towards phenols, especially over the partly coked extrudate (B:C 

= 1.9–5.6) resulting in a yield of 1.8 wt.%. This suggests that besides the phenols resulting from 

cracking of lignin-derived primary vapors, they may constitute intermediate products of catalytic 

0.0 0.1 0.2 0.3 0.4 0.5

1.0

1.1

1.2

1.3

1.4

1.5

 SiC

 CBV80-st, 140 g, B:C = 2.8

 CBV80-st, 140 g, B:C = 4.5

 CBV80-st, 24 g, B:C = 9.9

 CBV80-st, 24 g, B:C = 17

 Al2O3-st, 178 g, B:C = 2.2

 Al2O3-st, 178 g, B:C = 7.3

 Al2O3-st, 36 g, B:C = 6

 Extr-st, 260 g, B:C = 0-1.9

 Extr-st, 260 g, B:C = 1.9-5.6

 Extr-st, 26 g, B:C = 6.4

 Extr-st, 26 g, B:C = 13

 mesoExtr-st, 140 g, B:C = 2.1

 mesoExtr-st, 140 g, B:C = 6.3

 mesoExtr-st, 28 g, B:C = 10.6

m
o
la

r 
H

/C

molar O/C

d
e
h
yd

ra
tio

n

decarboxylation

decarbonylation

15.5

9.7

19.5

3.5

10.0

14.8

17.3

19.4

5.7

14.0

15.6

14.5

12.9

19.1

16.6



Chapter 5 

 

124 

 

 

origin [42–45]. Comparing the results at lower catalyst loadings, the yield of phenols was about 

30% higher using the Al2O3 and HZSM-5 extrudate at B:C ~6 compared to the results obtained 

with HZSM-5 only. The breakthrough of oxygenates and decrease of aromatic yields with 

increasing B:C ratios for HZSM-5/Al2O3 extrudates agrees with work reported by Murillo et al. 

[14]. The selectivity within the obtained monoaromatics to benzene, toluene, and xylenes (BTX), 

alkyl and alkenyl-benzenes, as well as indenes is provided in Fig. D-13. In accordance with the 

trends observed for the monoaromatics yields, the BTX selectivity was highest for CBV80 and the 

HZSM-5 extrudate, while Al2O3 has a high selectivity to alkylated benzenes.  

In the phase separated oil fraction obtained with mesoporous HZSM-5 extrudate as catalyst 

(Fig. 5-5a), a clear enhancement of monoaromatics and phenols was observed compared to SiC. 

The yield of monoaromatics and phenols decreased towards higher B:C ratios and reduction in 

catalyst temperature, along with a breakthrough of methoxy-phenols, acids, ketones, and 

aldehydes. The results indicate that conducting the catalytic vapor treatment at 550 °C allows to 

obtain a similar yield of valuable products at B:C ~6 compared to operating at B:C ~2 and 500 °C, 

thereby reducing the regeneration frequency by ~2/3. The selectivity within the obtained 

monoaromatics to BTX, alkyl and alkenyl-benzenes, as well as indenes when using mesoporous 

HZSM-5 extrudate is shown in Fig. D-14. Overall, the BTX selectivity followed the trend of the 

monoaromatic yields, i.e. with increasing catalyst deactivation at high B:C or at moderate 

temperature (450 °C), the BTX selectivity decreased. While the selectivity to benzene was little 

affected, the changes for toluene and p-xylene were more pronounced. 

Acids, aldehydes and ketones are the main product groups found in the WF due to their 

polar nature and water-solubility (Fig. 5-5b). At low B:C, the yield of these oxygenates was 

reduced due to their effective cracking. At low B:C ~2 and at elevated temperature of 550 °C, 

increased yields of phenols were recovered in the WF when using the conventional and desilicated 

HZSM-5/Al2O3 as catalyst. The yield of acids increased at lowered catalyst temperature and 

towards higher B:C ratio, indicating their less effective conversion at reduced catalyst activity. The 

yield of acids recovered in the aqueous phase positively correlated with the TAN of the oil phase 

(see Table 5-3 and Fig. D-15a). The higher moisture content and polarity of the less deoxygenated 

oils likely facilitated the solvation of acids. At 550 °C, acids could be removed very efficiently, 

which agrees with the clear reduction in TAN from ~37 mg KOH/g at 450 °C to ~4 mg KOH/g at 

550 °C for oils collected at B:C ~6 using desilicated HZSM-5/Al2O3 (see Table 5-3). While 

aldehydes appeared less affected by variations in B:C ratio or temperature, ketones followed the 

same trend as acids. Elevated yields of methoxy-phenols and (anhydro)sugars were recovered in 

the aqueous fraction obtained from SiC. These groups can be attributed to primary pyrolysis vapors 

from the thermal breakdown of lignin and cellulose, respectively.  
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Fig. 5-5. Yields of GC identifiable products for oils obtained using HZSM-5 (CBV80), Al2O3, HZSM-

5/Al2O3, and mesoporous HZSM-5/ Al2O3 extrudate as catalysts (all steamed). Fig. 5-5a shows the yields 

recovered in the oil fraction (sum OF), while Fig. 5-5b shows yields recovered in the aqueous fraction (sum 

WF). Liquids obtained using a larger amount of catalyst (~300 mL) are indicated by 'L', whereas liquid 

products obtained using less catalyst (~60 mL) are indicated with 'S'. Annotations in top graph applies for 

both graphs. Amounts of catalyst used and reaction conditions according to Table 5-1. 

While GC-MS/FID analysis allowed a detailed analysis of the chemical composition, it 

only identified a fraction of the oil since up to 50% of the oils’ mass may remain upon heating to 

250 °C at the injection, as seen from evaporation in a TGA (see Fig. D-7–Fig. D-10). In order to 

analyze the chemical composition of the whole oils, selected oils were subjected to 1H, 13C NMR 

and 2D HSCQ NMR analysis. Fig. D-16 and Fig. D-17 show a comparison of the processed 1H 

NMR spectra. The relative distribution of the different chemical groups was obtained by assigning 

the functional groups to their chemical shift ranges and excluding the peak area contributions of 

water (3.7–3.3 ppm) and the DMSO solvent (2.5 ppm). The H percentages are summarized in 

Table 5-4, with the assigned protons marked underlined. Acid groups are not reliably quantified 

by 1H NMR due to rapid proton exchange with residual water present in the oil and solvent. 

Compared to the SiC oil, the catalytically obtained oils show elevated H concentrations of the sum 

of –CHO and ArOH, in agreement with an enhanced phenol and/or aldehyde content measured 
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within the GC-identifiable range. The H percentage within aromatics and conjugated alkenes 

increased from 12% (SiC) to 29% using CBV80 (B:C = 4.5). Even higher H percentage of 

aromatics and conjugated alkenes resulted using the HZSM-5 extrudate (B:C = 5.6) with 35.1%, 

and when using the mesoporous HZSM-5 extrudate at B:C = 2.1 (32.0%) or at elevated 

temperature of 550 °C at B:C = 6.4 (34.4%). Using Al2O3 or mesoporous HZSM-5 extrudate at 

reduced temperature of 450 °C leads to reduced aromaticity of the oils (~22–23% H). Protons 

bound in aliphatic OH, -CH=CH-, and Ar−CH2-O−R amounted to 4.7% for the SiC oil and this 

contribution was clearly reduced by the use of all catalysts, yet less effectively at a temperature of 

450 °C using the mesoporous HZSM-5 extrudate (3.7%) or Al2O3 (2.6%). For the H percentage of 

ether (R−CH2−O-R) and methoxy (CH3−O−R) groups, those contributions could be effectively 

reduced with Al2O3 at 500 °C, while at 450 °C using mesoExtr the relative H% of these groups 

closely approached the SiC oil. The relative H contribution of aliphatics (2–0 ppm) was most 

pronounced using the alumina binder (31.6%) compared to the SiC oil (24.6%). 

13C NMR analysis of the oils provides spectra with less overlap of chemical shifts 

compared to 1H NMR. Fig. D-18 and Fig. D-19 show a comparison of the 13C NMR spectra of the 

oils and Table 5-5 summarizes the C percentage within a given chemical shift range. The 

assignment of chemical shift regions was conducted according to Mante et al. [46] and Joseph et 

al. [47]. The SiC oil showed a high amount of oxygenated compounds with carbonyl, 

carbohydrates and methoxy/hydroxyl containing groups constituting 27.6 C%. These fractions 

were effectively reduced to ~9–13 C% for the majority of the catalytically obtained oils that were 

analyzed by NMR, with the exception of the oil collected from Al2O3 (20.4 C%) and mesoporous 

HZSM-5 extrudate at 450 °C (22.4 C%). The C percentage of aromatics including olefins and 

phenolics increased for all catalysts compared to the SiC oilyet more pronounced for HZSM-5, 

HZSM-5 extrudate, and the mesoporous HZSM-5 extrudate at B:C = 2.1 (500 °C) and B:C = 

6.4 (550 °C), which can be attributed to the shape selectivity of the zeolite’s micropores. The 

contribution of aromatics and olefins was clearly enhanced and the content of aliphatic 

hydrocarbons decreased when increasing the temperature from 450 °C to 550 °C using 

mesoporous HZSM-5 extrudate, while the temperature increase had little effect on the content of 

aromatic carbons in phenol and methoxylated phenols. Compared to the SiC oil, the C contribution 

of lignin derived methoxy-groups (57–55 ppm, 3.9 C%) was effectively reduced by all 

catalystshowever, least effectively at the reduced catalyst temperature (450 °C) using the 

mesoporous HZSM-5 extrudate.  
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Table 5-4. Hydrogen percentage based on the 1H NMR analysis of the oils obtained from passing straw 

fast pyrolysis vapors over SiC, CBV80, HZSM-5 extrudate, alumina, and mesoporous HZSM-5 extrudate 

at the indicated B:C ratios. Catalyst temperature was 500 °C unless noted otherwise. The H% for oil from 

HZSM-5 extrudate at B:C = 5.6 has been calculated based on the oil yields and H% of oils collected at 

B:C = 0–1.9 and 1.9–5.6.   
Assignment Chemical 

shift 

range 

(ppm) 

SiC CBV80, 

B:C = 4.5 

Extr, B:C 

= 5.6 

(calc.) 

Alumina,  

B:C = 7.3 

mesoExtr,  

B:C = 2.1 

mesoExtr,  

B:C = 6.1,  

450 °C 

mesoExtr,  

B:C = 6.3, 

500 °C 

mesoExtr, 

B:C = 6.4,  

550 °C 

-COOH 12.5–11.0 0.2% 0.1% 0.1% 0.2% 0.1% 0.2% 0.0% 0.1% 

-CHO, ArOH 11–8.2 0.7% 2.9% 3.3% 2.2% 2.7% 2.0% 1.4% 1.4% 

aromatics and  

conjugated 

alkene H 

8.2–6 12.0% 29.2% 35.1% 22.1% 32.0% 22.7% 28.7% 34.4% 

aliphatic OH, -

CH=CH-, 

Ar−CH2-O−R 

6–4.2 4.7% 2.2% 1.1% 2.6% 2.0% 3.7% 3.4% 1.8% 

R−CH2−O-R, 

CH3−O−R 
4.2–3 9.6% 5.0% 2.1% 2.3% 1.3% 9.5% 5.8% 1.8% 

aliphatic H, 

 -CHR-C=O,  

-CHR-C=C 

3.0–2.0 48.4% 39.6% 43.1% 39.0% 46.6% 33.3% 38.3% 48.0% 

aliphatic H 2.0–0 24.6% 20.9% 15.3% 31.6% 15.3% 28.5% 22.5% 12.4% 

Table 5-5. Carbon percentage based on the 13C NMR analysis of the oils obtained from passing straw fast 

pyrolysis vapors over SiC, CBV80, HZSM-5 extrudate, alumina, and mesoporous HZSM-5 extrudate at the 

indicated B:C ratios. Catalyst temperature was 500 °C unless noted otherwise. The C% for oil from HZSM-

5 extrudate at B:C = 5.6 has been calculated based on the oil yields and C% of oils collected at B:C = 0–9 

and 1.9–5.6.   
Assignment  Chemical 

shift range 

(ppm) 

SiC CBV80, 

B:C = 

4.5 

Extr, B:C 

= 5.6 

(calc.) 

Alumina,  

B:C = 7.3 

mesoExtr,  

B:C = 2.1 

mesoExtr,  

B:C = 6.1, 

450 °C 

mesoExtr,  

B:C = 6.3, 

500 °C 

mesoExtr, 

B:C = 6.4, 

550 °C 

aldehydes, ketones 220–180 7.8% 4.0% 4.1% 9.3% 5.1% 8.7% 6.2% 5.1% 

CO groups 

(carboxylic acids 

and derivatives) 

180–160 7.6% 2.6% 2.1% 4.6% 2.3% 6.1% 3.5% 3.0% 

aromatic 

carbons in phenol 
160–140 12.6% 10.8% 10.4% 10.4% 10.0% 13.1% 12.5% 12.0% 

aromatics and 

olefins 
140–125 9.1% 29.7% 33.4% 17.7% 31.3% 13.0% 18.1% 27.9% 

methoxylated 

phenols 

(guaiacyl/syringyl) 

125-105 14.2% 14.8% 15.4% 15.2% 14.9% 15.6% 18.6% 18.5% 

levoglucosan, 

anhydrosugars, 

alcohols, ethers 

105–60 8.3% 3.8% 2.7% 5.5% 3.4% 4.6% 6.0% 4.5% 

methoxyl-group in 

lignin 
57–55 3.9% 1.5% 0.4% 1.0% 0.6% 3.0% 1.7% 0.7% 

aliphatic 

hydrocarbons 
55–0 36.4% 32.8% 31.5% 36.4% 32.4% 36.0% 33.4% 28.3% 
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Comparison of coking propensity. For the freshly calcined zeolite, the initial rate of 

dealumination is high upon exposure to hydrothermal conditions [48]. When starting the vapor 

upgrading, the activity of the freshly calcined catalyst would therefore decrease both due to coke 

deposition and due to the simultaneous dealumination. Steaming prior to reaction, as was done in 

this study, allowed to better disentangle these two effects.  

In order to compare the coking propensity of the HZSM-5 extrudate and its two 

constituents, the build-up of carbon as coke normalized by the amount of catalyst was plotted 

against increasing amounts of pyrolysis vapors passed over the catalyst (in terms of increasing B:C 

ratios) (see Fig. 5-6). Clearly, large differences in the coking propensity are observed and the 

increased coke deposition on the HZSM-5 extrudate compared to the pure zeolite can be attributed 

to the alumina binder, as previously observed [8,12,13]. About two to three times more coke was 

formed on the binder compared to the HZSM-5 itself when using ~300 mL catalyst volume. 

Fig. 5-6 also shows a clear effect of the catalyst loading on the coking propensity. While the extent 

of deoxygenation was more severe when utilizing larger amounts of catalyst, more coke deposited 

compared to the reduced catalyst loadings (~60 mL). Table D-3 indicates a negative correlation of 

the deposited carbon per surface area and the catalyst surface area when comparing the results 

obtained at similar catalyst volume and B:C ratio. Since for HZSM-5 containing catalysts the 

micropores contribute the most to the total surface area, the results confirm that the micropores of 

HZSM-5 limit coke formation compared to alumina. The desilication leads to i) a decrease of the 

micropore surface area and an increase of the surface area of mesopores (see Table 5-2), and ii) a 

higher fraction of alumina in the desilicated HZSM-5/Al2O3 extrudates. Both aspects can 

contribute to the increased coking propensity of the latter. 

A clear effect of temperature on the coking propensity was demonstrated using the 

mesoporous HZSM-5 extrudate (see Fig. D-20), with an increase from 0.178 to 0.274 g coke/g 

catalyst when increasing the temperature from 450 °C to 550 °C at B:C ~6.  

Fig. D-21 shows a comparison of the evolution of CO and CO2 during the oxidative 

regeneration of coked catalyst when ramping the combustion temperature (1°C/min). It can be 

seen that the coke on Al2O3 combusted most easily and predominantly resulted in CO2 formation, 

while coke on HZSM-5 required ~200 °C higher combustion temperatures. The coke on the parent 

HZSM-5/ Al2O3 combusted more readily compared to the HZSM-5, which is attributed to the 

Al2O3 component. Lower combustion temperature of combined char and coke on Al2O3-SiO2 

matrix and Al2O3 binder compared to HZSM-5 was also reported by Du et al. [13,49] after CFP 

of miscanthus in direct contact with the catalyst. For the desilicated HZSM-5/Al2O3, the coke 

combusted more readily compared to the parent HZSM-5/Al2O3 (see Fig. D-21). 
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Fig. 5-6. Build-up of carbon (as coke) on steamed HZSM-5 (CBV80-st), steamed alumina (Al2O3-st), and 

steamed HZSM-5/Al2O3 extrudates (Extr-st) shown for increasing B:C ratios and experimental conditions 

according to Table 1. 

Process-performance. The energy distribution was calculated based on the mass yield of 

each product fraction and its heating value. The higher heating value (HHV) for the char and the 

oil fraction was calculated based on their elemental composition [50], and the HHV of the gas was 

calculated based on the HHV of the individual gas components. On daf basis, the char contained 

2 wt.% N, 80 wt.% C, 4 wt.% H, and 14 wt.% O, corresponding to 31 MJ/kg. Fig. 5-7 shows a 

comparison of the energy balance for the different catalysts. Besides the thermal reference using a 

SiC bed, also the energy balance for an empty reactor was included. The sum of all condensable 

organics (including C4+) was highest for the empty reactor case, followed by SiC. For all four 

catalysts, with increasing B:C ratios the energy losses to gas and C4+ decreased (see Fig. 5-7), 

while the energy recovery of the organics recovered as oil phase increased. In comparison to the 

empty catalytic reactor, the use of SiC led to a reduction in the energy recovery of organic liquid 

and C4+ from ~50% to ~44%. ‘L’ and ‘S’ in Fig. 5-7 indicate if a larger or smaller amount of 

catalyst was utilized. While the energy recovery of the aqueous fraction was not determined since 

no complete elemental analysis of the highly diluted organics was obtained, Fig. D-22 and 

Fig. D-23 show the carbon recovery of the aqueous phase. Increased losses of organics to the 

aqueous phase resulted towards higher B:C ratios or when less catalyst and a lower temperature 

was applied for the vapor upgrading. It is noteworthy that a quite similar energy balance resulted 

for Al2O3 at B:C = 6 when using 180 g catalyst at 450 °C compared to using only 40 g catalyst at 

500 °C. The use of the Al2O3 binder or extrudate at low B:C ratio increased the carbon losses to 
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coke and the energy recovery of the gas phase, at the expense of energy recovery as organic liquid. 

As an example, for Al2O3 at B:C = 2.2, the carbon recovery as condensed oil phase amounted to 

only 10.5%, which was less than the carbon lost as coke (17.2%). 

Also for mesoporous HZSM-5 extrudates, the energy recovery as organic liquid and C4+ 

improved with increasing B:C ratio from ~29% (B:C = 2.1) to ~40% (B:C = 10.6), while the energy 

recovery of the gas phase was reduced from ~17% to ~9%. When varying the temperature at B:C 

~6, the energy recovery as NCG was clearly enhanced at 550 °C, while less carbon was lost to the 

aqueous phase (see Fig. D-23). Higher temperatures thus favored the production of gas and bio-

oil aromatics, however at reduced liquid yields. This is in agreement with results by Du et al. [13], 

who investigated the effect of temperature for CFP using HZSM-5.  

The carbon product distribution from runs obtained with the zeolite, the binder, and the 

HZSM-5 extrudates is shown in Fig. D-22. The C recovery of the condensed OF increased with 

increasing B:C ratio, and the C recovery of the SiC reference oil (29.2 wt.%) was closely 

approached for B:C = 17 using CBV80-st. C4+ products tend to decrease with increasing B:C, 

along with decreasing C losses to NCG but increasing losses to the WF. The aqueous fraction from 

the SiC run contained >10% of the biomass carbon whereas for the majority of the catalytic runs 

less than 5% carbon were lost to the aqueous phase (at low B:C ratio even less than 2.5%). For the 

Al2O3 binder, the carbon losses to the aqueous phase clearly increased at a lower catalyst 

temperature of 450 °C compared to 500 °C. It is interesting to note that a nearly identical C product 

distribution at B:C = 6 was obtained with 36 g Al2O3 operated at 500 °C compared to the five times 

higher amount (178 g) operated at B:C = 6.2 and 450 °C, in agreement with the similar energy 

recovery, monoaromatics selectivity, and MW distribution. Carbon losses to coke are highest for 

the alumina binder and lowest for the HZSM-5. Severe deoxygenation at low B:C using the Al2O3 

itself thus appears unfavorable due to >15 wt.% carbon losses to coke.  

Likewise, for the mesoporous extrudates (Fig. D-23) an increased C recovery of the 

condensed oil fraction but also increased losses to the aqueous phase resulted towards higher B:C 

ratios, while the losses to C4+, NCG, and coke decreased. Comparing the effect of temperature at 

a B:C ratio of ~6 shows that by lowering the catalyst temperature the product distribution changed 

in the direction as it would for higher B:C ratios and reduced catalyst activity/amount. An increase 

in catalyst temperature to 550 °C at B:C ~6 led to a product distribution similar to that obtained at 

B:C ~2 and 500 °C. Even though the NCG yield was markedly higher at 550 °C and B:C ~6 

compared to B:C~2 at 500 °C, a higher carbon and energy recovery of oil phase resulted for the 

former, 19.1 wt.% carbon/20.3% energy recovery, compared to 17 wt.% carbon/18.4% energy 

recovery for the latter, which is in line with the high losses of carbon to coke at low B:C ratio.  
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Fig. 5-7. Energy recovery of phase separated oil fraction, C4+, non-condensable gases, and char when 

upgrading wheat straw FP vapors with steamed CBV80, Al2O3, HZSM-5/Al2O3 extrudates, and mesoporous 

HZSM-5/Al2O3 extrudates as catalyst. Energy recovery of aqueous stream and coke not shown (please see 

Fig. D-22 and Fig. D-23 for carbon recovery). Catalyst temperature was 500 °C unless noted otherwise. 

Energy balance for empty catalytic reactor and SiC at 500 °C shown for reference. ‘L’ and ‘S’ indicate if a 

larger (~300 mL) or smaller (~60 mL) amount of catalyst was employed.  

5.4 Discussion 
The organics recovered in the aqueous fraction have to be separated by further processing 

steps and the aqueous phase as such does not have an application as fuel but may be considered 

waste water. As such, it is desirable to limit the loss of organics to the aqueous phase. It can be 

seen from Fig. D-22 and Fig. D-23 that for all catalysts the carbon recovery of the WF was lower 

compared to the SiC case. An increase in catalyst temperature clearly enhanced the activity and a 

5 times lower amount of catalyst at 500 °C compared to at 450 °C achieved the same degree of 

deoxygenation, as was demonstrated using Al2O3 and mesoporous HZSM-5/Al2O3 extrudates as 

catalysts. Du et al. [49] investigated catalytic pyrolysis of miscanthus over HZSM-5 in the 

temperature range of 400–600 °C and B:C ratios 1 (in situ spouted bed), and concluded that the 

selectivity to aromatics increased with temperature, which is in agreement with our results. 

Puertolas et al. [51] reported a positive correlation between the yields of CO and aromatics. As 

seen in Fig. D-6, the yields of CO, CO2, and C2-3 olefins increased exponentially with temperature, 

while the yields of C1-3 alkanes and C4+ increased linearly. A positive correlation between CO and 

aromatics yield (see Fig. 5-5) is therefore in line with observations by Puertolas et al. [51]. The 

increased coking with HZSM-5/Al2O3 compared to pure HZSM-5 is consistent with several studies 
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attributing high coke yields to alumina, which is likely due to its high content of 

mesopores [15,19,49]. 

A comparison of the extent of deoxygenation (relative to the SiC oil, 21.5 wt.% O (d.b.)) 

and the carbon recovery in the phase separated oil fraction is shown in Fig. 5-8a. While there are 

some differences between the different catalysts tested, it is interesting that at 500 °C the trend is 

consistent for all catalysts that with increase in deoxygenation severity, the carbon recovery in the 

oil phase decreased (due to higher losses to coke, NCG and C4+). While a decrease in catalyst 

temperature to 450 °C led to a pronounced decrease in deoxygenation activity for Al2O3 (from 

11.8 wt. % O in the oil to 21.0 wt. % O in the oil) the decrease in deoxygenation activity for 

mesoporous HZSM-5 extrudates at 450 °C compared to 500 °C was less pronounced (from 17.0 

wt. % O in the oil to 19.1 wt. % O in the oil). A slightly different picture is obtained when 

comparing the deoxygenation and energy recovery of the condensable vapors, that is the sum of 

organic liquid (OF + WF) and C4+, relative to the results obtained with an empty reactor (see 

Fig. 5-8b), which eliminates fluctuations in the collection efficiency of C4+. The use of SiC 

resulted in 22% deoxygenation while preserving 88% of the energy of condensable products. For 

all catalysts, at 500 °C the energy recovery of condensable vapors decreased with increasing 

deoxygenation severity. At 500 °C, the desilicated HZSM-5/Al2O3 extrudate achieved ~5-10% 

deeper deoxygenation of condensable vapors compared to the other catalysts. The carbon recovery 

in the oil phase was 24.2 %at B:C = 6.3, while removing 45% of the oxygen functionalities relative 

to the SiC oil. 

When using ZSM-5 based catalysts (alone or as extrudates with Al2O3) it does not appear 

attractive to aim for deep deoxygenation and high aromatics yield since the overall drop in oil yield 

is high considering the low product yields of BTX. Instead, production of fuel grade chemicals 

appears more favorable and one should aim for sufficient deoxygenation to get a stable oil with 

reduced acidity. The acidity of the oils is clearly correlated with the oxygen content (see 

Fig. D-15), and thus also the carbon recovery of the oil (see Fig. 5-8). As such, the TAN should 

only be reduced to an extent that allows further (co-) processing in FCC or hydrotreating processes. 

Mante et al. [52] demonstrated that bio-oil with 19.5 wt.% O produced by upgrading of pine 

pyrolysis vapors with a nonzeolite, alumina-based catalyst at ~520 °C could be successfully 

upgraded into hydrocarbon liquid fuels in a single-stage hydrotreating. Utilizing Al2O3 at 450-

500 °C therefore appears to be an economically attractive alternative compared to using HZSM-5 

based catalysts.  
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Fig. 5-8. (a) Shows the carbon recovery in the phase separated oil fraction and the extent of deoxygenation 

relative to SiC oil with 21.5 wt.% O (d.b.). (b) Shows the deoxygenation and energy recovery of the 

condensable vapors, that is organic liquid (OF + WF) and C4+ gas compounds, relative to results obtained 

with an empty reactor. Catalyst temperature was 500 °C unless noted otherwise in the figure legend (applies 

for both graphs). 

5.5 Conclusion 
We demonstrated what yields of deoxygenated pyrolysis oil can be obtained from ex-situ 

catalytic straw fast pyrolysis using steam treated HZSM-5, alumina binder, HZSM-5/Al2O3 

extrudates, and mesoporous HZSM-5/ Al2O3 extrudates obtained by desilication of the original 

extrudates. At 500 °C, all catalysts reduced the oil yield but improved the oil quality in terms of 

reduced moisture and oxygen content, TAN, improved evaporation characteristics and lower 

molecular weight. A reduction in the catalyst temperature from 500 to 450 °C clearly reduced the 

deoxygenation activity, especially for alumina. While alumina showed the highest coking 

propensity, its deoxygenation performance at 500 °C was comparable to the HZSM-5 based 

catalysts, which makes it economically attractive. 

Desilication allowed introducing mesopores to the zeolitic phase of HZSM-5/Al2O3 

extrudates without disintegration of the extrudates. Despite achieving ~8% higher deoxygenation 

compared to conventional HZSM-5 or alumina at a carbon recovery of ~25% of the oil phase, the 

benefit of the added mesoporosity will have to justify the costs associated with the additional 

treatment. Overall, the approach of mild rather than deep deoxygenation appears more viable for 

treating the pyrolysis vapors before co-processing the condensed bio-oil with fossil oil in 

refineries.  
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Chapter 6 |  Co-processing of wood and wheat straw-

derived pyrolysis oils with FCC feed—product 

distribution and effect of deoxygenation 

The content presented in this chapter was published in Fuel (260 (2020), 

doi.org/10.1016/j.fuel.2019.116312).  

6.1 Introduction 
Co-feeding of biomass-derived fast pyrolysis (FP) oils with fossil oil in oil refineries can 

attenuate our dependence on crude oil. Advantageously, FP processes are generally flexible with 

respect to biomass feedstocks [1–8]. However, raw pyrolysis oil is comprised of hundreds of 

oxygenated species which makes the oil acidic, instable, and capable of dissolving high amounts 

of water compared to the mostly aliphatic and hydrophobic refinery feedstock [9–12]. In order to 

improve the miscibility of fossil oils with biomass FP oils, the pyrolysis vapors can be (partly) 

deoxygenated under atmospheric conditions over solid acid catalysts [13]. In this way, the 

renewable oils could be upgraded using existing refinery infrastructure [14]. The refineries’ 

acceptance for co-processing biomass-derived oils is crucial, especially since the bio-oil properties 

may fluctuate due to the heterogeneity and variety of the feedstock. It is noted that due to the high 

acidity of raw bio-oils, separate feed lines and tanks with stainless steel cladding would be 

necessary for bio-oil co-processing to minimize corrosion [15,16]. Recently, Stefanidis et al. [17] 

reviewed studies [15,18–21] that investigated co-feeding of raw FP bio-oils and the resulting shift 

in product distribution. Reduced gasoline and light cycle oil (LCO) yields were attributed to 

increased coke formation and the dilution of the reactant stream with water from the raw bio-oil 

feed. Most studies reported reduced hydrogen yields, which was attributed to the introduction of 

the hydrogen-deficit bio-oil. The shifts in gasoline, LCO, and coke yield were not consistent across 

all studies, which may be related to the difficulty in blending and feeding raw bio-oil with fossil 

oil and the different experimental conditions [17]. Pinho et al. [22] conducted tests in a 

demonstration-scale FCC unit using 450 kg catalyst and feeding 150 kg/h of 10/90 and 20/80 

weight ratios of bio-oil/vacuum gas oil (VGO). In both cases, approximately 30% by weight of the 

renewable carbon present in the bio-oil was preserved in the liquid effluent. In a later study [15] 

at similar scale (oil feeding rate 200 kg/h), 5/95 and 10/90 bio-oil/VGO blends were tested. The 

pine wood derived bio-oil contained 31.9 wt.% moisture and 32.8 wt.% O on dry basis (d.b.). 

Liquid product streams of gasoline and LCO contained 1 wt.% of renewable carbon respectively 

for the 5/95 bio-oil/VGO blend. Interestingly, the coke yield decreased when co-processing 5 wt.% 

bio-oil, while no benefits with respect to coking resulted when blending 10 wt.% bio-oil.  
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Since the majority of the laboratory and pilot-scale FCC co-processing tests resulted in 

higher coke production when introducing raw bio-oil (especially at high blending ratios), some 

authors have investigated co-feeding of stabilized bio-oils with reduced oxygen content that were 

obtained by catalytic deoxygenation of the pyrolysis vapors prior to condensation. Catalytic 

deoxygenation of FP oils not only reduces the extent of oil aging and plant corrosion, but it also 

improves the evaporation properties and the miscibility with fossil feedstock [10–12,23–25]. This 

has the potential to increase the fraction of bio-oil being co-processed and thus increase the 

proportion of renewable carbon in the desired refinery products. Compared to studies co-

processing partly deoxygenated oils obtained by hydrodeoxygenation (HDO) of raw FP oils [17], 

studies on co-processing of catalytic fast pyrolysis (CFP) oils are fewer and more research is 

needed to properly evaluate this approach. Table 6-1 summarizes studies in which bio-oils (all 

wood derived) obtained by CFP over HZSM-5 were tested for blending with fossil feed. Agblevor 

et al. [26] carried out catalytic cracking of a CFP oil blended with 85 wt.% standard gas oil over 

an equilibrated FCC catalyst (E-cat) in a laboratory catalyst evaluation unit. The CFP oil was 

produced via HZSM-5 catalytic pyrolysis of poplar wood in a fluidized-bed reactor at 450 °C. 

Only the fraction that was collected from the electrostatic precipitator was used for co-processing, 

which accounted for 50 wt.% of the total bio-oil and had relatively low moisture (8.9 wt.%) and 

oxygen content (22 wt.% on dry basis), a total acid number (TAN) of 41 mg KOH/g oil and a 

carbon content of 71 wt.% (dry basis). The CFP oil was shown to be stable since only minimal 

increase in viscosity after long-term storage at ambient conditions was observed and high 

temperature simulated distillation to ~600 °C could be carried out with only minor char formation. 

Co-processing standard gas oil with CFP oil did not have any obvious adverse effects on the yield 

of the various product fractions, especially gasoline. However, the blend produced less hydrogen 

and slightly less coke than standard gas oil, which was attributed to the presence of steam and in 

situ generated hydrogen that moderated coke formation. Radiocarbon analysis showed that the bio-

carbon content of the cracked liquid products was 3 wt.%. Thegarid et al. [27] reported almost two 

fold higher coke yields and enhanced dry gas and CO2 yields when co-feeding 10 wt.% CFP oil 

(beech wood, 27 wt.% O) with VGO. These researchers found enhanced gasoline and decreased 

LCO oil yields upon co-processing. Lindfors et al. [19] tested CFP oil (pine wood, 22 wt.% O d.b.) 

at a blending ratio of 20/80 with VGO and observed a doubling in coke yield from 5 to 10 wt.% 

and an increase in both gasoline, LCO, and dry gas, while the heavy cycle oil and slurry oil 

(>370 °C (HCO) decreased. This is in agreement with Marker et al. [16] who found that the acid 

bio-oils increased the cracking of the VGO and shifted the yields toward increased light ends, 

which is an economically attractive outcome. Wang et al. [24] obtained CFP oil with 73 wt.% C, 

5.6 wt.% H and 19.5 wt.% O using Fe/HZSM-5 and reported 7 wt.% (bio) carbon recovery in the 
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gasoline fraction when 10 wt.% bio-oil was added to VGO. The results indicate that increased C/O 

ratios of upgraded oils can increase the (bio) carbon recovery in the gasoline product fraction, and 

the lower C recovery reported by Agblevor et al. [26] may be reasoned by the higher blending 

ratio and lower C/O ratio compared to Wang et al. [24].  

The objective of this work was to compare the cracking performance of blends of regular 

FCC feed with pyrolysis oils from different feeds (wood and wheat straw). In addition, a 

catalytically deoxygenated oil obtained from wheat straw was included in the FCC blending tests. 

While the potential of wheat straw as a renewable source of fuels and chemicals via FP has been 

recognized by others [7,8,28–31], to the best of our knowledge wheat straw derived pyrolysis oils 

(raw or deoxygenated) have not yet been tested for FCC co-feeding. At fixed blending ratios 

between bio-oil and the FCC reference feed (20/80 by weight), the blend was tested at a MAT unit 

at different catalyst-to-oil ratios (cat/oil) in order to obtain complete yield curves and assess the 

impact of the addition of bio-oils on the product distribution. 

Table 6-1. Shift in gasoline, light cycle oil (LCO), coke, and hydrogen yields when co-processing 

catalytic pyrolysis oil (CPO) with vacuum gas oil. Adapted from Stefanidis et al. [17] and amended by the 

oxygen and carbon content of the upgraded bio-oils used for co-feeding.  
Ref. Reactor O wt.%db 

bio-oil 

C wt.%db 

bio-oil 

bio-oil/VGO 

wt.%/wt.% 

Gasoline 

(wt.%) 

LCO 

(wt.%) 

Coke 

(wt.%) 

Hydrogen 

(wt.%) 

[26] Lab-scale fluidized-bed 

reactor 
21.9 71.2 15/85 +0.4 +0.1 -0.3 -0.05 

[27] Lab-scale fixed-bed 

reactor 
27 66 10/90 +1.7–+15.1 -13.0–0.0 +1.6–+1.9 -0.29–-0.12 

[19] Lab-scale fixed-bed 

reactor 
22 71.5 20/80 +3 +2 +5 Not reported 

[24] Pilot-scale circulating 

riser 
19.5 73.1 10/90 -0.1 +0.5 -0.1 -0.04 

6.2 Experimental section  

6.2.1 Bio-oil generation 

6.2.1.1 Pyrolysis 

The experimental set-up, procedure, and the characteristics of the pine wood and wheat 

straw feedstock are described elsewhere [32]. Briefly, biomass was fed at ~200 g/h to an ablative 

FP unit, operated at 500 °C using wood (pine) and at 530 °C using wheat straw as feedstock. Char 

separation was achieved by cyclones (450 °C) and hot gas filtration using a ceramic filter candle 

350 °C upstream the ex-situ located catalytic fixed bed. Vapors were condensed in three stages: 

At 4 °C, a series of metal impingers was used, followed by an electrostatic precipitator (ESP) 

operated at room temperature, and a series of glass impingers cooled to −60 °C. Noncondensable 

gases (NCG) were analyzed using NDIR and GC-TCD/FID. For both wood and straw feedstock, 

non-catalytic thermal reference oils were obtained by filling the catalytic reactor with 95 g SiC. 
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To obtain partly deoxygenated wheat straw FP oil, 260 g HZSM-5/Al2O3 extrudates (Extr) 

consisting of 65% HZSM-5 and 35% Al2O3 binder were provided by Haldor Topsøe A/S and 

steamed prior to its use by injecting water (2 ml/min) into a preheated nitrogen stream (4 Nl/min) 

and passing the steam (~30 vol.%) for 5 h through the catalyst bed kept at 500 °C under 

atmospheric pressure conditions. The steamed extrudates were crushed, screened, and the fraction 

between 250 and 850 μm was used for the catalytic runs. Oil was collected first over the freshly 

steamed extrudate (Extr-st) after feeding a ratio of dry, ash free (daf) biomass-to-catalyst ratio 

(w/w, B:C) of 1.9. Subsequently, oil was collected over the pre-coked extrudate (Extr-st-u) during 

continued biomass feeding at B:C =1.9–5.6. Coke combustion after the second upgrading interval 

was conducted according to the conditions described by Eschenbacher et al. [32] and allowed 

closing the mass balance to ~94%. Only the latter oil was used in the MAT experiments. 

 

6.2.1.2 Oil characterization.  

The oil characterization methodology was reported earlier [32,33]. Karl Fischer titration, 

elemental analysis and GC–MS/FID was conducted for the mixture of oil fractions (mix OF) 

obtained at the 4 °C, the ESP, and the −60 °C condensation stage. The mixtures were prepared 

gravimetrically according to the oil’s yield at each condensation stage. The organics contained in 

the phase separated oil and water fractions are referred to as liquid-range organics. Since the sulfur 

concentration was below the detection limit of the elemental analyzer, the oil fractions (OF) were 

subjected to total sulfur analysis according to ASTM method D5453. In addition, analysis of the 

TAN, basic nitrogen content and evaporation characteristics was conducted, and the oils were 

analyzed using 1H, 13C, and 2D HSQC NMR. For the investigation of the oils’ evaporation 

behavior in a thermogravimetric analyzer (TGA simulated distillation), about 20 mg of oil were 

prepared into a Pt crucible with lid shortly before start of the heating. The temperature was ramped 

to 650 °C at 10 °C/min under N2 atmosphere. For details regarding the GPC system used for size 

exclusion chromatography of the oils, the reader is referred to our earlier work [31]. It should be 

noted that for mixtures of chemically similar compounds, the components with higher MW elute 

at lower retention volumes. 

6.2.2 MAT experiments 

6.2.2.1 FCC catalyst pre-deactivation  

A commercial resid FCC catalyst was used in the study. The FCC catalyst was first 

impregnated with nickel and vanadium naphthenates according to the Mitchell method [34]. The 

target metals level after impregnation were 2500 ppm V, 1667 ppm Ni, i.e. a target V:Ni ratio of 

3:2. Then the FCC catalyst was deactivated by Cyclic Propylene Steaming (CPS) [35]. The CPS 
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deactivation was performed as recommended by Wallenstein et al. [36], but with some minor 

modifications: The deactivation temperature was 795 °C, and the number of deactivation cycles 

was 40. In addition, two deactivation cycles were run during the last part of heating of the 

deactivation unit. After CPS deactivation, the FCC catalyst had a zeolite surface area of 147 m2/g 

(micropores) and a matrix surface area of 36 m2/g (mesopores), resulting in a total surface area of 

183 m2/g. 

6.2.2.2 FCC feed properties.  

A North Sea Atmospheric Resid with properties as shown in Table 6-2 was used as 

reference feed in the MAT experiments. The boiling point distribution of the reference feed based 

on high-temperature simulated distillation (Fig. E-1) shows that the feed mostly (85%) contained 

heavy cycle oil (HCO), boiling above 350 °C, but it also contained approximately 15 wt.% with a 

boiling point below 350 °C, corresponding to light cycle oil (LCO) with a defined boiling point 

range of 225–350 °C. Three different pyrolysis oils were tested and their properties are described 

in more detail in section 6.2.1.2 and Table 6-3. The oxygen content of the reference oil is assumed 

to be close to zero and the TAN is expected to be ~1 mg KOH/g based on TAN-numbers for other 

North Sea atmospheric resids. The bio-oils tested in the MAT unit were blended with the reference 

feed in the ratio 20/80 by weight. 

Table 6-2. Properties of FCC reference feed. The TAN-number is assumed to be close to 1 mg KOH/g 

based on TAN-numbers for other North Sea atmospheric resids. 

Density (kg/l) 0.9342 

Conradson Carbon Content (wt.%) 3.78 

Sulphur (wt.%) 0.457 

Vanadium (ppm) 2.6 

Ni (ppm) 4 

Na (ppm) 2.8 

Fe (ppm) 3.4 

Basic Nitrogen (ppm) 620 

 

6.2.2.3 MAT Testing  

The MAT experiments were done in a fully automated MAT unit, as described by Myrstad 

and Engan [37], with an oil injection time of 30 s and a reaction temperature of 525 °C. The 

catalyst/oil ratio in the experiments was varied by varying the amount of feed injected over a bed 

containing 3 g catalyst. For the catalytic cracking, the conversion [%] was defined as 

Conversion =  100 − (light cycle oil (LCO) +  heavy cycle oil (HCO)). 

Besides light gases and coke formed on the catalyst, liquefied petroleum gas (LPG) was 

defined as C3+C4 compounds and naphtha was defined as C5+ compounds up to a boiling point of 
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221 °C. As will be shown in Section 3.1, the bio-oils—especially the catalytically treated one—

contained some components in the naphtha range. Since the biomass derived components are more 

reactive, it is likely that they are converted to both heavier and lighter product components during 

the cracking and the calculation of conversion was not adjusted for this aspect. All results were 

normalized against the mass balance. Thus, the differences in the mass balances are the largest 

source of uncertainty in the experiments. To reduce the uncertainty, only experiments with mass 

balances of 100 ± 2.5% were accepted. The standard deviation (SD) was not calculated in this 

paper but has earlier been reported to 0.51 wt.% for 20 replicates [37]. The different yield curves 

are drawn by using linear, logarithmic, or exponential regression. The regression coefficient R2 

can be used as an indication on the quality of the results. For the conversion vs. catalyst/oil curves 

and most yields R2 was >0.95. R2 for the coke and naphtha yield curve were lower (~0.8). 

6.3 Results 

6.3.1 Product Distribution Bio-Oil Generation.  

Fig. E-2 shows the product distributions from bio-oil generation (yields based on dry, ash-

free biomass; reaction water excludes biomass induced moisture). As was noted earlier [32], 

compared to oil collected with an empty catalytic reactor, passing the vapors over a SiC bed 

slightly decreased the oil yields and its oxygen content. The coke yield amounted to ~0.1 wt.% of 

fed biomass when using the SiC bed, and to 4.2 wt.% using the steamed HZSM-5/Al2O3 extrudate 

after feeding of biomass corresponding to B:C=0–5.6. Higher char and gas yields resulted when 

using wheat straw compared to wood, which led to a significantly lower yield of liquid-range 

organics, see Fig. E-2. This can be attributed to the high ash content of straw (5.9%) compared to 

wood (0.2%), which is known to promote cracking and char formation [2,5]. The upgrading of the 

vapors over the catalyst severely decreased the yield of liquid-range organics at B:C =1.9 (at 

enhanced gas formation), while for B:C =1.9–5.6 the losses to gas decreased and higher yields of 

liquid-range organics were obtained, yet only ~50% compared to SiC (see Fig. E-2). 

 

6.3.1.1 Catalyst characterization 

Catalyst characterization of the HZSM-5/Al2O3 extrudate has been reported in earlier work 

[38]. Table E-1 and adjacent section summarize the physicochemical characterization of the 

catalyst used for deoxygenation of the wheat straw FP vapors. 
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6.3.1.2 Oil Properties 

Table 6-3 provides an overview of important properties of the bio-oils tested for co-

processing in the MAT. Each oil was prepared as a mixture of oil fractions obtained at three 

different condensation stages, and the analysis of these single oils (4 °C OF, ESP OF, −60 °C OF) 

is provided in Table E-2–Table E-4. A comparison of the straw oils shows that a higher fraction 

of the organics content was recovered in the water fraction (mix WF) for oils with higher oxygen 

content (Table E-3–Table E-4). Along with the oils’ yield, moisture and oxygen content (wt.% 

d.b.), Table 6-3 lists the oils’ TAN content and char remains upon TGA simulated distillation, with 

both the solid remains of the dry organics content at 300 °C and 500 °C indicated. The weight loss 

curves during TGA simulated distillation are shown in Fig. 6-1a. The TAN content refers to the 

“wet” oil samples, i.e. the oil fraction including the dissolved water. In addition, Table 6-3 includes 

sulphur analysis and density of the oils. Wood FP oil has 29.7 wt.% O (d.b.), which shows some 

reduction compared to the feedstock (41.9 wt.% O d.b.). Straw FP oil has a lower oxygen content 

and TAN compared to the wood oil (Table 6-3), however a slightly higher sulfur content (0.07 

wt.%) which agrees with the ~10-fold higher S concentration in the feedstock. While a deep 

deoxygenation (2.9 wt.% O) was obtained for the catalytically upgraded oil at B:C =1.9, the yield 

of the oil fraction was only 3.5 wt.% of daf straw. Over the coked catalyst with reduced activity 

(B:C =1.9–5.6), oil with 8.8 wt.% O was obtained at almost three times higher oil yield (10 wt.%). 

When oxygen is released as water during the cracking of oxygenates over acidic catalysts, 

hydrogen is depleted which leads to enriched aromatics content in the products but also rapid coke 

formation. In view of this, the effective hydrogen to carbon ratio (EHI) as defined by Chen et al. 

[39] can be used to assess the coking propensity of the product mixture. EHI is defined as (H-2O-

3N-2S)/C, where H, C, O, N, and S are atoms per unit weight of sample of hydrogen, carbon, 

oxygen, nitrogen and sulfur, respectively. All three bio-oils have EHI < 1, which is indicative of 

their hydrogen deficiency. Wood-derived oil showed the lowest EHI of 0.5 and lowest heating 

value (26.8 MJ/kg) due to its higher oxygen content, while EHI and HHV were higher for the 

wheat straw derived bio-oils, especially for the catalytically treated one. Despite different O 

content and MW distribution, the evaporation of straw and wood oils obtained over SiC did not 

differ much (Fig. 6-1a, Table 6-3). The evaporation characteristics and TAN of the wheat straw 

derived FP oil improved by the catalytic treatment (Table 6-3). Analysis by size exclusion 

chromatography (SEC) shows several discernable components for the oils (Fig. 1b). For 

chemically similar compounds, a higher retention volume indicates a shift to lower molecular 

weight. Based on the elution of a dodecastyrene standard with MW =1250 Da at 7.57 mL, the oils 

contain compounds with MW<1000 Da. The catalytically obtained straw derived oils show 

reduced contributions of high MW compounds and a more intense refractive index (RI) response 

of low MW compounds, especially the oil obtained at B:C=0–1.9. While the wood and straw 
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derived oils show a similar distribution of low MW compounds eluting >9.5 mL, wood oil obtained 

over SiC contains a higher amount of compounds with higher MW. The lower MW of the straw 

SiC oil is attributed to the additional cracking effect induced by the alkaline ashes (especially K) 

during pyrolysis and possibly upon contact of the vapors with the chars collected at the hot gas 

filter [11,40–42]. 

The quality of the condensed oils was further compared by their molar H/C and O/C ratios 

(see Fig. E-3). The thermochemical conversion of both wood and straw produced oils with lower 

O/C and H/C ratio compared to the feedstock composition. Oil obtained from straw FP had a 

significantly lower O/C ratio (0.24) compared to wood oil (0.35), while the H/C ratio of the two 

oils was about the same (1.2). The energy recovery as phase separated oil fraction amounted to 

35.2% and 30.4% for wood and straw oils obtained over the ex-situ SiC bed. For catalytically 

upgraded oils obtained from straw at B:C =1.9–5.6, the energy recovery was 18.6%. 

Table 6-4 shows an overview of the proton NMR analysis of the oils, and the corresponding 

spectra are provided in Fig. E-4. For straw derived oils, the most pronounced change upon catalytic 

upgrading of the vapors is the clearly enhanced proton concentration of aromatics and conjugated 

alkenes from 12% for SiC to 31.9% for oil obtained at B:C=1.9–5.6. The H% of oxygenates and 

aliphatics (6–2 ppm) shows an inversely related trend and decreases from 62.7% (SiC) to 47.30% 

for B:C =1.9–5.6. The H% of wood oil (from SiC bed) shows a higher contribution of carboxyl-

groups compared to the straw oil, in agreement with a higher TAN of the former. In addition, 

carbonyl groups, phenols and aromatics show higher H% compared to the wheat straw derived oil, 

which is likely the result of the elevated lignin content of wood (31.1 ± 0.8 wt.%) compared to 

straw (20.2 ± 1.5 wt.%).  

Table 6-5 provides the overview of the 13C NMR characterization of the oils and the 

corresponding 13C NMR spectra are provided in Fig. E-5 and Fig. E-6. It is noted that the C% of 

the wood FP oil was calculated based on the 13C NMR analysis of the three oils collected at the 

different condensation stages and their weight yields on dry basis. The wood derived SiC oil shows 

a higher C contribution of aldehydes, ketones, levoglucosan, anhydrosugars, alcohols, ethers, and 

lignin derived methoxyl-groups compared to the straw oil, which agrees with the higher oxygen 

content of the former. In agreement with the 1H NMR results for the straw derived oils, the C 

content of aromatics (including olefins and phenols) increases from 36% (SiC) to 56.9% for 

B:C=1.9–5.6. Enhanced phenol yields besides aromatics for HZSM-5 based catalysts were also 

observed by others [43–45] and agrees with our GC–MS/FID results, especially for oil obtained at 

B:C =1.9–5.6 (Table E-5). Phenols were pointed out to have low reactivity and may strongly 

adsorb to the active sites on HZSM-5 and contribute to coke formation [46,47]. The C content of 

the oils associated with oxygenates (220–160 ppm and 105–55 ppm) decreased from 27.6% to 
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9.3% for B:C =1.9–5.6. This observation is further confirmed by 2D HSQC NMR (see Fig. E-7), 

which shows that especially sugars and -CH-O- groups are still effectively converted over the pre-

coked HZSM-5 extrudates (B:C =1.9–5.6). 

Table 6-3. Overview of properties of bio-oils.  

  Wood, SiC Straw, SiC Straw, Extr-st-u 

B:C 0–4.2 0–11.0 1.9–5.6 

Yield of oil phase (OF) [wt.% of daf feed] 25.5 19.4 10.0 

Density at 25 °C [g/ml] 1.1752 1.105 1.0162 

H2O [%] 7.8 14.7 2.3 

wt.% C (d.b.) 63.7 69.9 79.8 

wt.% H (d.b.) 6.5 7.1 7.9 

wt.% N (d.b.) 0.2 1.6 3.6 

wt.% O (d.b.) 29.7 21.4 8.8 

wt.% S (d.b.) 0.01 0.07 0.14 

Higher heating value (HHV) [MJ/kg]* 26.8 30.50 36.2 

Effective hydrogen index (EHI)* 0.50 0.69 0.90 

TAN [mg KOH/g] 60.8 54.4 3.4 

Basic nitrogen content [ppm] 30 3920 5670 

Solid remains (w-% d.b.) at 300 °C/500 °C 44.0/17.2 44.5/16.9 17.7/5.9 

*HHV was calculated based on the elemental composition of the oil according to correlations reported by Channiwala 

et al. [48], and the EHI parameter was defined by Chen et al. [39].   

 

 
Fig. 6-1. (a) Shows TGA simulated distillation curves of bio-oils. About 20 mg of oil were prepared into a 

Pt crucible with lid shortly before start of the heating. Temperature was ramped at 10 °C/min to a final 

temperature of 500 °C in 150 ml/min N2. (b) Shows the differential refractive index (DRI) output: SEC 

chromatograms for oils from FP of wood and straw over SiC bed (500 °C) as well as oil obtained from FP 

of straw and catalytic upgrading using steamed HZSM-5 extrudates as catalyst. For mixtures of chemically 

similar compounds, the components with higher MW elute at lower retention volumes. 
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Table 6-4. Hydrogen percentage based on the 1H NMR analysis of the bio-oils. 

Assignment 
Chemical shift 

range (ppm) 
Wood, SiC Straw, SiC 

Straw, Extr-st-u, 

B:C = 1.9–5.6 

-COOH 12.5–11.0 1.0% 0.2% 0.1% 

-CHO, ArOH 11–8.2 6.2% 0.7% 3.5% 

Aromatics and  

conjugated alkene H 
8.2–6 17.6% 12.0% 31.9% 

Aliphatic OH, -

CH=CH-, Ar−CH2-

O−R 

6–4.2 11.8% 4.7% 1.2% 

R−CH2−O-R, 

CH3−O−R 
4.2–3 21.2% 9.6% 2.2% 

Aliphatic H, 

-CHR-C=O, 

-CHR-C=C 

3.0–2.0 20.8% 48.4% 43.9% 

Aliphatic H 2.0–0 21.4% 24.6% 17.2% 

Table 6-5. Carbon percentage based on the 13C NMR analysis of the bio-oils. 
Assignment  Chemical shift 

range (ppm) 

Wood, 

SiC 

Straw, 

SiC 

Straw, Extr-st-u, 

B:C = 1.9–5.6 

Aldehydes, ketones 220–180 8.4% 7.8% 4.2% 

CO groups (carboxylic acids 

and derivatives) 
180–160 6.6% 7.6% 2.2% 

Total Ar including olefins 

and phenolics 
160–105 40.1% 36.0% 56.9% 

Carbons in aromatic 

hydrocarbons further from an 

O atom 

140–125 8.9% 9.1% 28.6% 

Levoglucosan, 

anhydrosugars, alcohols, 

ethers 

105–60 15.4% 8.3% 2.5% 

Methoxyl-group in lignin 57–55 4.4% 3.9% 0.4% 

Aliphatic hydrocarbons 55–0 25.1% 36.4% 33.7% 

 

6.3.2 Co-processing Bio-oils with FCC Feed 

Fig. 6-2 shows the conversion of the different bio-oils mixed with the reference feed at 

increasing cat/oil ratios. The conversion for co-processing of the catalytically upgraded pyrolysis 

oil was significantly lower than when the reference oil was processed alone. Without catalytic 

upgrading, the conversion was higher than or similar to the reference oil, and the pyrolysis oil 

originating from wheat straw and pine wood showed similar conversion behavior.  

Table 6-6 compares the product yields from co-processing of the different bio-oils in the 

MAT at a fixed conversion of 77.5%. The pine pyrolysis oil showed similar yields to the reference 

oil. Compared with the reference oil, the wheat straw pyrolysis oil without catalytic treatment gave 

a higher coke yield and correspondingly a lower LPG yield. For the catalytically treated wheat 

straw pyrolysis oil, this effect was even higher, resulting in an even higher coke yield and lower 

LPG yield (Table 6-6). This result seems surprising at first considering the lower MW, higher 
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volatility, reduced oxygen content, and higher EHI of the upgraded oil compared to the raw wheat 

straw oil. However, the observations can be reasoned based on the higher concentration of 

aromatics, phenolics and nitrogen containing compounds for the partly deoxygenated oil obtained 

derived from using HZSM-5 based catalyst for vapor deoxygenation, as will be elaborated in the 

discussion (Section 6.4). 

Commercially, FCC units are often operated at constant coke generation and a comparison 

of the MAT results at constant coke yield thus can be more realistic. Compared with the reference 

oil at constant coke yield (11.7 wt.%), the wheat straw pyrolysis oil without catalytic treatment 

gave a lower conversion and thus higher yields of LCO and HCO, and a corresponding lower LPG 

yield (see Table 6-7). For the catalytically treated wheat straw FP oils, this effect was even higher, 

i.e. an even lower conversion and higher yields of LCO and HCO, and lower LPG yields. Fig. 6-3a 

shows the yield of dry gas, which is defined as the sum of C1+C2 hydrocarbons and hydrogen. All 

pyrolysis oils gave higher dry gas yields than the reference oil. The pine pyrolysis oil gave a higher 

dry gas yield than the wheat straw pyrolysis oils, and there was no significant effect of the catalytic 

treatment of the wheat straw pyrolysis oil on the total dry gas yield. Considering the hydrogen 

yields (Fig. 6-3b), the two pyrolysis oils without catalytic treating gave similar hydrogen yields, 

lower than the reference oil. The catalytically treated wheat straw pyrolysis oil gave similar 

hydrogen yields as the reference oil. This agrees with higher values of H/C and EHI of the partly 

deoxygenated oil compared to the raw FP oils. All the pyrolysis oils tested gave significantly 

higher yields of CO than the reference oil (Fig. 6-3c). The pine pyrolysis oil gave higher CO yield 

than the wheat straw pyrolysis oils, as expected from its higher O-content. The same effect could 

also be observed for CO2, but less pronounced (Fig. 6-3d). The pine pyrolysis oil gave similar 

LPG-yields as the reference oil. The wheat straw pyrolysis oils gave lower LPG yields, whereas 

the catalytically treated wheat straw pyrolysis oil gave the lowest LPG-yield (see Fig. 6-4a). The 

C3 and C4 olefinicity of LPG is defined as the ratio of propene to total C3 and the ratio of butene 

to total C4, respectively. The pyrolysis oils gave higher LPG olefinicity than the reference oil. 

(Fig. 6-4b+c). The effect was especially pronounced in the C4 fraction (Fig. 6-4c). No significant 

difference between the wheat straw pyrolysis oil and the pine pyrolysis oil could be observed, but 

the catalytically treated wheat straw pyrolysis oil gave an even higher LPG olefinicity. Only small 

differences could be observed for LCO (221–350 °C) and HCO (350 °C+) for the different oils 

tested (see Fig. 6-4). The processing of blends of pyrolysis oil and reference oil resulted in lower 

naphtha yields (C5–221 °C) compared to processing of 100% reference oil (see Fig. 6-5a). The 

pine pyrolysis oil gave a slightly higher naphtha yield than the wheat straw pyrolysis oils, and 

there was no significant effect of the catalytic treatment of the wheat straw pyrolysis oil on the 

naphtha yield during co-processing. Note that the experimental points were obtained in the over-

cracking region, where the naphtha yield decreases with increasing conversion. Fig. 6-5b shows a 



Chapter 6 

148 

 

 

comparison of the coke yields. The wheat straw pyrolysis oils with and without catalytic treatment 

gave higher coke yields than the reference oil. The pine pyrolysis oil gave similar coke yield as 

the reference oil. 

 
Fig. 6-2. Conversion from co-processing of bio-oil at different catalyst/oil ratios. 

Table 6-6. Yield comparison from MAT at constant conversion of 77.5%. 

 Reference 

oil 

Wood, 

SiC 

Straw, 

SiC 

Straw, Extr-st-u, 

B:C = 1.9–5.6 

Cat:oil 3.1 2.7 2.6 3.7 

 Yields (wt.%) 

CO 0.16 0.38 0.27 0.25 

CO2 0.47 0.54 0.51 0.49 

Hydrogen 0.51 0.38 0.40 0.51 

C1+C2 3.6 3.9 4.0 3.9 

LPG 16.0 16.0 14.8 14.1 

Naphtha 45.1 45.2 44.2 44.0 

LCO 14.2 14.3 14.3 14.3 

HCO 8.3 8.2 8.2 8.2 

Coke 11.7 11.1 13.3 14.3 

Table 6-7. Yield comparison from MAT at fixed coke yield of 11.7 wt.%. 

 Reference 

oil 

Wood, 

SiC 

Straw, 

SiC 

Straw, Extr-st-u, 

B:C = 1.9–5.6 

Conversion 77.5 77.9 75.1 74.2 

Cat:oil 3.1 2.9 2.0 3.0 

 Yields (wt.%) 

CO 0.16 0.33 0.18 0.20 

CO2 0.47 0.57 0.46 0.43 

Hydrogen 0.51 0.40 0.34 0.43 

C1+C2 3.6 4.2 3.6 3.3 

LPG 16.0 16.4 13.7 12.9 

Naphtha 45.1 44.3 45.1 45.1 

LCO 14.2 14.2 15.7 16.1 

HCO 8.3 7.9 9.2 9.7 
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Fig. 6-3. Yields of gas species for reference oil and 80/20 blend with different bio-oils. (a) Yields of dry 

gas, that is C1+C2 hydrocarbons plus hydrogen, (b) Hydrogen yields, (c) CO yields, and (d) CO2 yields. 
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Fig. 6-4. a) Yields of LPG (C3+C4) when processing reference oil and 80/20 blends of reference oil with 

different bio-oils. (b) and (c) show the LPG olefinicity for C3 and C4 (b), which is defined as the ratio of 

propene to total C3 and the ratio of butene to total C4, respectively.  

 

 
Fig. 6-5. Naphtha yields when processing reference oil and 80/20 blends of reference oil with different bio-

oils in MAT. 
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Fig. 6-6. (a) Shows yields of LCO (221-350 °C) and (b) shows yields of HCO (350 °C+) for the different 

oils tested. 

 
Fig. 6-7. Coke yields for FCC reference oil and 80/20 blends with different bio-oils. 

6.4 Discussion 
A rough calculation indicates that at 80% conversion, the coke yield was about 28 wt.% 

from the wheat straw bio-oils, indicating that a significant amount of biogenic carbon was lost to 

coke on the FCC catalyst. 

While water was not analyzed for in the products, the blending of the FCC reference feed 

with bio-oil introduced water in the feed and additional water may be formed during catalytic 

cracking of pyrolysis oils. In general, the influence of this on the results is minor compared to the 

mass balances uncertainty (see Table E-6  and Table E-7). However, the corrected yield for 

naphtha could be about 6 percentage points lower for the blends with raw FP oils due to their 

higher moisture content and possibly higher yield of cracking water by oxygen removal via 
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dehydration, while it could only be ~2 percentage points lower for the blends with catalytic fast 

pyrolysis oil. Taking into account these considerations, it can be concluded that for the 

interpretation of the naphtha yields (Fig. 6-6a), all blends with bio-oils resulted in lower naphtha 

yields compared to processing of 100% reference oil. In addition, it is possible that the blends with 

untreated wood and straw FP oils produced less naphtha compared to the catalytically treated FP 

oil. 

Untreated pyrolysis oils have a very high TAN number (>50 mg KOH/g), which can cause 

severe corrosion in commercial operation [49]. The TAN of pyrolysis oils is effectively reduced 

by catalytic upgrading of the vapors prior to condensation, however, the oil yield decreases with 

the severity of the vapor deoxygenation. Mild deoxygenation of the pyrolysis vapor over a pre-

coked HZSM-5/Al2O3 catalyst, as applied in this work, obtained higher bio-oil yields compared to 

upgrading over a fresh catalyst due to the reduced carbon losses to gas and coke, while the TAN 

of the obtained oil (3.4 mg KOH/g) was still considerably lowered compared to the raw FP oil 

[32,33].  The TAN-number for the reference feed used in this study was not measured, but based 

on TAN-numbers for other North Sea atmospheric resids, the value is assumed to be close to 1 mg 

KOH/g. Assuming a maximum allowable TAN for the blended feed of ~2 mg KOH/g in order to 

prevent corrosion of the FCC plant, the residual acidity of the pyrolysis oil could then be 

accommodated by diluting with crude oil or an internal refinery stream (naphtha, gas oil, etc.) [12]. 

Thus, for untreated wood and straw bio-oils the blend ratio would have to be limited to 1–2 wt.% 

bio-oil, while up to ~40 wt.% could be blended in the case of the catalytically upgraded oil. 

On the other hand, 39% of the energy of the wheat straw FP oil was lost by the pre-cracking, 

and the conversion of the blend with deoxygenated oil in the subsequent MAT tests was lower 

compared to the raw bio-oil. This indicates that HZSM-5 based catalysts may not be the optimal 

choice for this application. HZSM-5 is well known for its high aromatization activity and lower 

coke yields compared to other zeolites. However, besides monoaromatics also higher 

concentrations of phenols and nitrogen-containing compounds were observed in the product 

mixture, and all three product groups may negatively affect the conversion when added to an FCC 

feedstock [50]. Once the deoxygenation activity of HZSM-5 decreases, more oxygen and nitrogen 

appears to be retained in the hydrocarbon pool, leading to the formation of hetero-aromatics with 

nitrogen and oxygen [51]. In catalytic cracking, aromatic rings are difficult to crack and tend to 

polymerize and form coke. In addition, phenolic molecules can have a detrimental impact on the 

zeolite component of FCC catalysts [52,53]. The deoxygenated oil contained higher concentrations 

of aromatics (1–3 rings) and the concentration of phenolics determined by GC–MS/FID was 6.5 

times higher compared to oil obtained over SiC [33]. Since the deoxygenated oil was collected at 

B:C=1.9–5.6, it is very likely that the production of phenolics was particularly favored in this range 
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as opposed to B:C <1.9 or operation to very high B:C ratios which would approach the composition 

of the SiC oil. 

Basic nitrogen is a well-known catalyst poison in catalytic cracking [52,53]. Decreased 

gasoline yields and increased hydrogen yields (compared at constant conversion) were observed 

by Caeiro et al. [54] for increasing feedstock basic nitrogen content. For conventional refinery 

feedstock, the content of basic nitrogen is usually about one third of the total nitrogen [55–57]. 

The basic nitrogen content of the wheat straw oils obtained with SiC and HZSM-5/Al2O3 was 3920 

and 5670 ppm, which is less than one third of the total nitrogen content of the oils (see Table 6-3) 

but still considerably higher compared to the basic nitrogen content of the reference feed 

(620 ppm). Basic nitrogen compounds may reduce the cracking activity by (i) site competition due 

to their reversible adsorption to Brønsted and Lewis acid sites, and (ii) acting as coke precursors 

due to their size and aromatic nature. The nitrogen content of the severely deoxygenated oil 

collected at B:C=1.9 with 2.9 wt.% O and 6.6 wt.% C recovery was only 1.5 wt.%, while the oil 

collected at B:C=1.9–5.6 had increased carbon recovery of 17.1 wt.% but contained 3.6 wt.% N. 

Analysis by GC–MS/FID indicated that methyl- and dimethyl-pyridine, as well as dimethyl-

indazole are amongst the highest concentrated nitrogen compounds in the oil collected at B:C=1.9–

5.6 and the concentration of N containing compounds was about twice as high compared to the 

non-catalytically treated wheat straw oil and the oil collected at B:C =0–1.9 over HZSM-5/Al2O3. 

With increasing catalyst deactivation, a shift to higher MW compounds occurred which lie outside 

the identification range of the applied gas chromatography method. While non-basic nitrogen 

compounds and condensed aromatics contribute to coke formation on the external surface of 

zeolite crystallites and pore blockage [58], the  poisoning ability of bulkier nitrogen bases is even 

higher [55,59]. Xu et al. [60–64] demonstrated that N–heterocycles (pyridines, pyrroles, anilines 

and indoles) can be produced via reaction of biomass derived oxygenates and ammonia. Even 

though not measured directly, some ammonia may be produced from the FP of wheat straw 

containing ~1 wt.% N (d.b.) and lead to the formation of N–heterocycles. 

The present results agree with Stefanidis et al.’s review [17] indicating that most studies 

that investigated co-processing of bio-oil found decreased naphtha yields. Lower hydrogen yields 

compared to the reference feed upon co-feeding of untreated pyrolysis oils were also observed by 

others [15,22,24,26,65]. Increased coke yields upon co-feeding of both raw and CFP oils agrees 

with Lindfors et al.’s work [19], who tested CFP oil (22 wt.% O) at the same blending ratio as this 

study (20/80), however at lower conversions (30–41%). It should be noted that lab scale co-

processing of bio-oils to FCC units may overestimate the coke yields [15,66]. In contrast to larger 

operation scale, a thermal shock between the hot catalyst and the bio-oil is not possible at 

laboratory scale and the non-vaporized fraction of the bio-oil will yield more char/coke upon 

reheating [22]. The thermal shock allows to break high MW compounds in larger scale units and 
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improves the accessibility to the micropores of the catalyst [27]. This was confirmed by Wang et 

al. [24] who attributed their good results in terms of almost complete oxygen removal during FFC 

co-processing to the larger operating scale and the benefits of thermal shock effect in their pilot-

scale unit. Several researchers have investigated FCC of upgraded FP oils mixed with crude oil 

distillates in MAT units [27,67–69]. While co-refining may lead to severe changes in product 

quality, such as a higher aromaticity and residual oxygenates in the hybrid fuels that are produced, 

it was concluded that a compromise can be reached between bio-oil upgrading severity and FCC 

product yields and quality. 

To allow processing in FCC, the oil’s oxygen and nitrogen content has to be taken into 

account as they affect plant corrosion and FCC catalyst deactivation. While the reduced TAN and 

polarity of the deoxygenated oil will allow higher blend ratios compared to untreated bio-oil 

considering corrosion and miscibility, the current study shows that the basic nitrogen content has 

to be taken into account as well since it affects FCC catalyst deactivation. Thus, catalytically 

treated wheat straw oil obtained with HZSM-5 based catalysts may require further hydrotreating 

prior to FCC in order to saturate condensed aromatics, remove phenols and reduce the content of 

basic nitrogen [57,70]. While it is desirable to develop a nitrogen-resistant FCC catalyst [54,71–

73], the nitrogen poisoning is reversible, as the nitrogen components are burned in the FCC 

regenerator (see Bai et al. [50] and references therein). Mild upgrading by cracking increases the 

energy recovery of bio-oil compared to deep deoxygenation [33]. Higher coke yields upon 

cofeeding of bio-oil may be tolerable to some extent as the oxidative regeneration generates the 

energy required to run the endothermic cracking process [74]; however, increased coke yields in 

combination with lower conversion as was observed for blends with catalytically deoxygenated 

wheat straw oil indicates a less desirable FCC performance. 

6.5 Conclusion 
Two untreated fast pyrolysis oils from pine and wheat straw and a catalytically treated 

wheat straw fast pyrolysis oil were blended in a 20/80 ratio with FCC reference feed oil and tested 

in a MAT containing a partly deactivated FCC catalyst. Fast pyrolysis oil from pine performed 

best as it resulted in similar product and coke yields compared to the reference oil. The conversion 

of blends with untreated oils from pine and wheat straw was higher compared to the reference oil, 

however, blends with the wheat straw oil resulted in higher coke and lower LPG yields. 

Catalytically upgraded straw pyrolysis oil gave an even higher coke yield and lower LPG yield 

and resulted in lower conversions compared to the reference oil. All the pyrolysis oils gave lower 

naphtha yield than the reference oil and the pine pyrolysis oil gave a slightly higher naphtha yield 

compared to the straw oils. The study shows that not only wood derived pyrolysis oils but also 
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pyrolysis oils obtained from agricultural residues such as wheat straw could contribute to the 

refinery input stream. However, the reduction of the TAN via deoxygenation of wheat straw fast 

pyrolysis vapors over HZSM-5/Al2O3 increased the nitrogen concentration of the stabilized oil, 

which in turn had a poisoning effect on the FCC catalyst. The basic nitrogen content of fast 

pyrolysis oils produced from agricultural residues with elevated nitrogen content shall thus be 

taken into account during the catalyst optimization for deoxygenation of fast pyrolysis vapors. 
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Chapter 7 |  Catalytic upgrading of tars generated in a 

100 kWth low temperature circulating fluidized bed 

gasifier for production of liquid bio-fuels in a 

polygeneration scheme 

The content presented in this chapter was accepted for publication in Energy Conversion and 

Management under the same chapter title.  

7.1 Introduction 
The reduction of greenhouse gas emissions and the independence of fossil fuels are central 

and challenging tasks worldwide. Valuable potential synergies between energy production, food 

supply, waste disposal etc. should be identified and integrated. The use of biomass instead of fossil 

fuels for electricity and heat production allows for significant reduction in CO2 emissions. Biomass 

can be converted into a controllable and reliable supply of electricity and heat. In addition, biomass 

can also be used to produce different value-added products such as storable high energy density 

fuels, chemicals and valuable ashes. Biomass feedstocks often have a high content of essential 

nutrients that can be efficiently recycled in the form of ash or char for use as fertilizer and soil 

enhancer [1]. 

Thermal pyrolysis and gasification can be applied to convert many different biomass 

feedstocks to a wide range of useful products. The low temperature (LT) circulating fluid bed 

(CFB) gasification process has been developed by the company Ørsted (former Dong Energy) 

from Denmark in a collaboration with the Technical University of Denmark (DTU) and Danish 

Fluid Bed Technology. The gasifier consists of two stages, as shown in Fig. 7-1. The LT-CFB 

concept was originally developed to use high alkali biomass such as straw. By using relatively low 

reactor temperatures, the straw can be gasified without agglomeration problems in this gasifier. 

The generated tar-rich gas could then be combusted in a power plant boiler that was not designed 

for biomass combustion, and thereby an alkali-rich biomass can be used for production of 

electricity and heat [2]. At the first stage, a circulating fluidized bed pyrolysis reactor is operated 

at ~650 °C. Char and sand are separated in a primary cyclone from the vapor stream, and the char 

is gasified with air and steam at the second stage in a bubbling fluidized bed reactor operated at 

about 730 °C. The gasifier is operated auto-thermally by using air as the oxidizing medium. The 

remaining sand, ash, and gas after char gasification are directed to the pyrolysis reactor, and 

provide the heat for the biomass pyrolysis. Further downstream separation of char and ash fines is 

achieved with a secondary cyclone and hot gas filtration. The scalability of the unit has been 



Chapter 7 

160 

 

 

proven from 100 kW to 500 kW, and 6 MW thermal capacity [3]. Cold gas efficiencies of 87–93% 

have been achieved in tests with the 500 kWth unit [4]. Gas compositions of 6.9% H2, 12.3% CO, 

17.9% CO2, and 4.5% CH4 have been reported when using straw pellets as fuel [5,6] and a higher 

heating value of the tars of ~29 MJ/kg was determined [7]. The LT-CFB design has low 

construction and maintenance costs and it can efficiently utilize troublesome marginal biomass 

resources with high contents of low melting ash compounds like straw, shea nut, seaweed and 

citrus peel residues, various manure and biogas residue fibers, and waste water sludge [8,9]. The 

LT-CFB technology produced bio-ashes that were tested as soil amendments, showing  good 

fertilizer properties and improvements in the quality of sandy subsoils [10–12].  

Since the produced gas has a high tar content (>4.8 g/Nm3) [13], it cannot be fed to gas 

engines or fuel cells without further gas cleaning. However, the problem of tar removal can be 

turned into an opportunity for liquid bio-fuel production, which is thereby proposed as a biomass-

based polygeneration plant that is able to co-produce heat, power, bio-oil and fertilizer (ashes) with 

very high overall efficiency and flexibility (see Fig. 7-1). The direct application of untreated bio-

oil within existing infrastructure is impeded by its high oxygen content (17–50 wt.%) and acidity 

(pH = 2.5–3), resulting in undesirable properties such as low heating value, immiscibility with 

hydrocarbon fuels, thermal and chemical instability, high viscosity and corrosiveness [14,15]. 

Upgrading of bio-oils and reduction of the rather high oxygen content is hence required for 

efficient use of the oils and for the enhancement of oil properties. Upgraded bio-oil has many 

advantages, including higher stability, higher pH, simpler handling and various utilization 

possibilities as a high-load fuel for heat production, transportation, industrial processes or even as 

a gas turbine fuel for electricity production. Furthermore, the catalytic reactor and following tar 

condensation provide a tar free gas that can be utilized by an engine. 

In contrast to catalytic cracking of gasifier tars for their complete decomposition [16–20], 

a milder tar deoxygenation and improvement of the fuel properties of the collected bio-oils was 

targeted in this work without severely reducing the bio-oil yield by the catalytic treatment. In-line 

atmospheric pressure catalytic upgrading of biomass pyrolysis vapors is one of the most promising 

and simple processes to produce upgraded bio-oils, and a wide variety of catalysts has been tested 

for this purpose in recent decades [21–29]. Catalytic upgrading of fast pyrolysis vapors can be 

conducted in a one-reactor system, where biomass is fed into a fluidized catalyst bed (often referred 

to as in-situ CFP [30,31]), or in a two-reactor system in which the catalytic upgrading is performed 

in a separate reactor downstream the pyrolysis reactor (ex-situ configuration [31,32]). While others 

have reported catalytic fast pyrolysis at larger scales from 2–40 kg/h biomass feeding rate [33–

35], those units were operated in fast pyrolysis mode using woody biomass as feedstock with direct 

catalyst contact in a circulating fluidized bed. Compared to woody biomass, wheat straw contains 
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a much higher content of alkaline ashes such as K, Ca, Cl and Mg. The direct contact with the 

catalyst in in-situ upgrading configuration can lead to transfer of the alkalines and poisoning of 

catalytic sites [34,36–38]. This led to patent applications involving the pretreatment of the biomass 

by washing and the washing out of ash deposits from the catalyst after oxidative regeneration 

[36,37], thereby adding complexity and costs.  

The catalytic treatment reduces the oxygen content of the tars and converts some of the tar 

to permanent gas species. After the catalytic unit, the bio-oil can be collected from the producer 

gas (PG) by cooling and condensation and the product can be further treated in an oil refinery and 

be a potential substitute for traditional transport fuels (gasoline and diesel). 

Amongst the catalysts tested, the zeolite catalyst HZSM-5 showed a good performance in 

terms of the production of aromatic hydrocarbons, deoxygenation, and resistance to coke 

deposition, which can be attributed to the shape selectivity of its three dimensional pore structure 

and unique solid acidic characteristics. Recently, our group investigated the deoxygenation of 

wheat straw fast pyrolysis (FP) vapors over different HZSM-5, -Al2O3, and HZSM-5/-Al2O3 

extrudates [39–41]. Due to the small size of HZSM-5 crystals (< 1 m), binders like alumina (-

Al2O3) are required to shape the catalyst and ensure sufficient physical strength for both fixed bed 

and particularly fluid bed operation as well as catalyst transport and reactor filling. The alumina 

binder itself is acidic and is hydrothermally stable under typical reaction conditions of ~500 °C. 

The use of alumina for deoxygenation of biomass derived FP vapors [41–46] can offer economic 

advantages over HZSM-5 based catalysts, albeit higher coke yields and lower yields of aromatics 

result compared to HZSM-5 [41,42,47]. 

In this study, we performed catalytic upgrading of tars generated at a 100 kWth low-

temperature gasifier over HZSM-5/-Al2O3 and -Al2O3 in order to i) obtain information about the 

change in carbon distribution (condensable organics, gas, coke) and ii) to investigate the change 

in oil properties by detailed liquid characterization. The catalytic upgrading was performed in an 

ex-situ configuration using a side stream of the gasifier producer gas at a specifically designed test 

rig downstream the hot gas filtration of the vapors, which was found to further stabilize the bio-oil 

[48]. As the tars at the LT-CFB gasifier were generated at higher temperatures (~650 °C) compared 

to the usually reported FP temperature range of ~500-550 °C for maximum bio-oil yield [49], we 

further compare the properties of the bio-oils collected at the gasifier with “regular” FP oil 

generated at an ablative unit at 530 °C [39]. This investigation is the first of its kind to study 

catalytic upgrading of tars generated at an LT-CFB gasifier for collection of bio-oils with improved 

fuel properties. 
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Fig. 7-1. Scheme of the LT-CFB gasifier (in dashed box) and proposed modification for polygeneration of 

char, bio-oil, electricity, and heat.  

 

7.2 Experimental section 

7.2.1 Feedstock  

The ultimate and proximate characterization of the Danish wheat straw pellets used as 

feedstock is shown in Table 7-1. The particle size of the crushed wheat straw pellets was <7 mm. 

The proximate and ultimate ash analysis by ICP and chlorine extraction was carried out by Force 

Technology, Denmark. The standard deviation of the N, C, H, and O (by difference) determination 

amounted to 0.02, 0.96, 0.11, and 1.06 wt.%, respectively. The higher heating value (HHV) of the 

dry biomass was calculated to 17.7 MJ/kg based on the elemental composition and ash content of 

the biomass according to the formula reported by Channiwala and Parikh [50].  
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Table 7-1. Proximate and ultimate analysis of crushed wheat straw pellets used as feedstock.  

Proximate analysis [wt.%, as received]  

Moisture 8.5 

Volatiles  66.9 

Ash  6.6 

Fixed carbon (by difference) 17.9 
 

Ultimate analysis 

Elemental composition [wt.%, daf] 

N  0.8 

C  46.2 

H  6.6 

O  46.4 

S  0.08 

Inorganics [wt.%, d.b.]  

Cl  0.11 

Al  0.21 

Ca  0.32 

Fe  0.01 

K  0.98 

Mg  0.07 

Na  0.01 

P  0.11 

Si  1.10 
 

Sulfuric acid hydrolysis was used for the determination of carbohydrates bound in the 

cellulose and hemicellulose. Klason lignin was determined as the ash free residue after hydrolysis. 

First, 1.5 ml of 72% H2SO4 was added to 0.16 g sample and the sample was pre-hydrolyzed for 

60 minutes at 30 °C. After dilution of the hydrolysate with MilliQ water (42 ml), the liquid samples 

were autoclaved at 120 °C for 60 minutes. Filtered liquids were analyzed on an HPLC column, 

while the solid residue was heated to 550 °C to determine the lignin ash content. The content of 

carbohydrates and Klason lignin was determined to be ~68.5 wt.% and 20.2 wt.%, respectively. 

The contribution of individual carbohydrates is listed in Table F-1. 

7.2.2 Catalyst preparation 

The extrudates of the -Al2O3 binder (same as used for preparation of the shaped 

HZSM-5/-Al2O3), and the HZSM-5/-Al2O3 extrudates consisting of 65% HZSM-5 (Si/Al ~40) 

and 35% Al2O3 binder were provided by Haldor Topsøe A/S. The shaped HZSM-5/-Al2O3 and 

-Al2O3 extrudates were downsized to a particle size of 250–850 μm. The catalysts were steamed 

prior to their use by injecting water (2 ml/min) into a preheated nitrogen stream (4 Nl/min) and 

passing the steam (~30 vol.-%) for 5 h through the fixed bed of catalyst kept at 500 °C under 

atmospheric pressure conditions. 

30 g and 100 g of HZSM-5/-Al2O3 extrudates, 100 g of -Al2O3 extrudates, and 95 g of 

SiC were tested at ~500 °C. In addition, another test at lower catalyst temperature of ~450 °C was 

performed using 100 g of HZSM-5/-Al2O3 extrudates. 
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7.2.3 Catalyst characterization 

The methodology for catalyst characterization has been outlined recently [39]. Ar 

physisorption was carried out using a Quantachrome AsiQ instrument for analysis of micro and 

mesopores. Prior to the measurement, samples were outgassed under vacuum at 350 °C overnight. 

The NLDFT model was applied to the adsorption branch of the Ar isotherm in order to determine 

the volume of micropores and mesopores. The specific surface area (SBET) was calculated by the 

Brunauer-Emmett-Teller (BET) method. (Vtotal) was calculated from the amount of adsorbed 

nitrogen at the relative pressure of p/p0 = 0.95.  

Temperature programmed desorption (TPD) of ammonia was conducted at a Micromeritics 

AutoChem II Chemisorption Analyzer. For the individual treatment steps, the reader is referred to 

Eschenbacher et al. [39]. Curves were normalized using the sample mass. Based on a duplicate 

analysis, a standard deviation of 0.009 mmol NH3/g was calculated. 

Solid-state 1H, 13C and 27Al NMR spectra were all recorded on a Bruker AVANCE III HD 

spectrometer operating at a magnetic field of 14.05 T (1H = 600.165 MHz, 13C =150.911 MHz 

and 27Al = 156.384 MHz). The system was equipped with a 4 mm CP/MAS BBFO probe (Bruker) 

and the samples were spinning at 15 kHz for all experiments. For the 1H and 27Al NMR spectra a 

simple pulse-acquire experiment was employed using a 2.5 s p/2 pulse with 5 s interscan delay 

for 1H, and a 0.4 s p/12 pulse with 0.5 s interscan delay for 27Al. 13C-{1H} CP/MAS NMR spectra 

were acquired with a contact time of 2 ms, a ramped 1H contact pulse and an interscan delay of 1 

s. High-power 1H SPINAL decoupling with RF = 98 kHz was employed for both 27Al and 
13C-{1H} experiments. Chemical shifts are reported relative to neat TMS for 1H and 13C 

( = 0 ppm) and 1.0 M AlCl3 ( = 0 ppm) for 27Al. Data were processed in TopSpin software 

(Bruker) using a Gaussian window function and re-plotted in Origin software for integration of the 

peak center bands.  

Coke yields on the catalysts were determined by combustion of the coke in a 

thermogravimetric analyzer (Netzsch STA 449 F1 Jupiter ASC). About 50 mg of coked catalyst 

was filled in an alumina crucible. Using 40 ml/min total flowrate, the samples were first heated in 

nitrogen to 350 °C at 20 °C/min and held at 350 °C for 5 min in order to remove moisture. 

Secondly, the gas was adjusted to 20 vol.% oxygen by mixing 8 ml/min oxygen with 32 ml/min 

nitrogen and the temperature was held for an additional 5 min at 350 °C before ramping to 700 °C 

at 10 °C/min and holding the final temperature for 10 min. 

7.2.4 Bio-oil characterization 

All liquid products were kept refrigerated at 5 °C. A detailed description of methods 

applied for oil characterization can be found in our earlier work [39]. In brief, the collected oil and 

aqueous fractions were analyzed for moisture content by Karl Fischer titration (ASTM E203-08) 
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and elemental composition (nitrogen, carbon, hydrogen) was measured using an EA3000 CHNS 

elemental analyzer from Eurovector. Prior to analysis, 1-3 mg of sample was sealed in tin capsules. 

Calibration (R2 = 0.998) was performed with acetanilide (>99%) and sulphanilamide (>99%). A 

minimum of two replicates were performed per sample. As the sulfur concentration was below the 

detection limit of the elemental analyzer, oils were subjected to total sulfur analysis according to 

ASTM method D5453. The oxygen content was determined by difference. Taking into account the 

moisture content, the elemental composition of the dry organics was calculated. The higher heating 

value of the bio-oil (d.b.) was calculated based on the elemental composition using an empirical 

formula according to Channiwala and Parikh [50]. The phase separated oil and aqueous fraction 

were analyzed using a GC-MS/FID Shimadzu QP 2010 Ultra apparatus equipped with a Supelco 

Equity 5 column. Identification and quantification of the species in the samples was performed by 

the mass spectrometer and flame ionization detector (FID), respectively. Aqueous samples were 

analyzed directly while the oil samples were diluted in a 1:9 volumetric ratio in acetone. The initial 

temperature for the GC column was held at 40 °C for 10 min and the column was heated up to 250 

°C with an initial heating rate of 2 °C/ min up to 100 °C followed by an increased heating rate of 

8 °C/min. A split ratio of 80 was used at the injection. The MS scanning was set to a range of 20 

to 300 m/z. For calculation of relative FID areas, the effective carbon number method outlined by 

Schofield was applied [51]. 

The organic-rich oil fractions were further analyzed for total acid number (TAN) according 

to ASTM D 664 using an 848 Titrino plus (Metrohm). The accuracy was verified by analyzing an 

ASTM standard with 10 mg KOH/g (Paragon Scientific Limited). The basic nitrogen content of 

the oils was analyzed following the UOP Method 269-10 for determination of nitrogen bases in 

hydrocarbons by titration. Size exclusion chromatography was performed according the details 

described in earlier work [39]. 

To investigate the reactivity and charring behavior of the collected bio-oils during 

reheating, the evaporation behavior of the oils was investigated in a thermogravimetric analyzer 

(Netzsch STA 449 F1 Jupiter ASC). After weighing of an empty Pt crucible with perforated lid, 

10–20 mg of oil was placed into the crucible immediately before the sample was weighed and the 

heating ramp started. The temperature was ramped at 10 °C/min to 500 °C under N2 atmosphere 

and held at the final temperature for 30 min.  

In order to analyze the chemical composition of the whole oils, selected oils were subjected 

to 1H, 13C NMR and 2D HSCQ NMR analysis. Details of the used instruments and experimental 

conditions are provided in earlier work [39]. The integration was performed following the 

procedure suggested by Ben and Ragauskas [61] and taking into account the modifications 

suggested by Happs et al. [52]. 
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7.2.5 Experimental set-up of LT-CFB gasifier 

The plant concept and operating principle of the LT-CFB gasifier is described in more 

detail in several references [3,4,6,9,12,53,54], and a photograph of the 100 kWth unit is provided 

in Fig. F-1. Since the sum of the gasses from gasification and pyrolysis is passing through the 

upper part of the pyrolysis reactor and since the square section of the pyrolysis chamber is much 

smaller than for char gasification, the gas velocity in the pyrolysis chamber is much higher than in 

the gasification chamber. As such, the char is gasified in a slowly fluidized bubbling bed type 

reactor while pyrolysis takes place in a fast bed type reactor, wherein the added gas from the char 

gasifier constitutes a large part of the upwards gas flow. This design has several benefits: 

1) A lower char gasification temperature (to avoid agglomeration problems) by achieving better 

char retention than would be possible in a more usual large scale one-chamber CFB reactor,  

2) An even lower pyrolysis temperature to avoid secondary pyrolysis reactions (that would expand 

the gas volume and produce soot and polycyclic aromatic hydrocarbons),  

3) Making the pyrolysis reactor act as an in situ—alkaline condensing—raw gas cooler, so that 

also the alkalines evaporated in the char reaction chamber can be efficiently retained by simple 

down stream particle separation,–i.e. without the need for inserting an expensive raw gas cooler, 

preventing heat loss as well as potential corrosion and deposition problems. 

The biomass feeding-rate in this work was ~20 kg/h and the weight of the feeder was 

continuously monitored. In addition, the flow of nitrogen, air, and water into the system was 

recorded. The temperature of the pyrolysis chamber was measured at seven, vertically distributed 

positions. Within this work, the average temperature of those measurements is reported. For three 

closely located pyrolysis temperatures (663, 659, and 665 °C), the uncertainty in tar load of the 

producer gas (expressed as standard deviation) was 0.8 g/Nm3 for the tar recovered as bio-oil. 

Experiments in this study were performed by withdrawing a side stream of ~2% from the 

LT-CFB producer gas. For the investigations on the effect of temperature of the LT-CFB pyrolysis 

chamber on the tar loading in the producer gas and the bio-oil quality, a cooling-water-based one-

stage condensation device as described by Thomsen et al. [9] was used. For further experimental 

details, the reader is referred to Jensen [55]. 

In order to determine the change in product distribution and properties by the catalytic 

treatment, a new test rig was designed which comprised two parallel condensation trains. This 

allowed parallel condensation of tars and collection of dry gas for both the raw producer gas and 

the tars after catalytic treatment, as shown in Fig. 7-2. The first condensation stage consisted of a 

series of metal impingers cooled to 4 °C. As a second stage, an electrostatic precipitator (ESP) was 

operated at room temperature. The third condensation stage consisted of a series of glass impingers 

cooled to −60 °C by an external dry ice/ethanol bath. The liquid collected at the ESP was a single-
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phase oil whereas the liquid collected at the first and third step spontaneously phase separated into 

an organic-rich and an aqueous fraction. The three different oil fractions and two different aqueous 

fractions were combined to a single oil and an aqueous liquid, respectively. The time of the 

experiment was recorded and the total volume of the sampled non-condensable gas was measured 

by the cumulative flow meters. 
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Fig. 7-2. Test rig with two parallel condensation trains for condensation of tars and dry gas sampling.  

 

For the test of 30 g of HZSM-5/-Al2O3 catalyst, an externally heated reactor tube (ID 

= 20 mm, length = 190 mm) was used resulting in a catalyst bed volume of ~60 ml. A larger 

externally heated reactor (ID = 67 mm, length = 250 mm) was used for tests with 100 g of catalyst. 

Quartz wool and perforated distribution plates were placed between the catalyst bed and the gas 

inlet and outlet in order to ensure plug flow behavior and avoid channeling or dead pockets. For 

both reactor dimensions, the temperature of the catalyst bed was measured by thermocouples in 

the center of the bed. The flow rate of dry gas was ~9 Nl/min for the large reactor bed (100 g 

catalyst) while it was ~3 Nl/min for the narrower reactor due to the increased pressure drop of the 

bed. The corresponding weight hourly space velocity based on the vapor products to the catalyst 

fixed bed is estimated to be 1.9 g tar per g catalyst per hour [h-1] for the small reactor scale. When 

using 100 g of catalyst, the WHSV was in the range of 0.5-1 h-1 based on the variations in the tar 

concentration of the producer gas. Upon contact of the catalyst with tars, the temperature of the 

catalyst increased by 30-40 °C (see temperature profile measured by thermocouple in center of 

reactor bed, Fig. F-2), after which the temperature slowly decreased. This indicates the occurrence 

of exothermic reactions upon contact of the tars with the acid sites of the catalyst. The catalytic 

treatment was followed by rapid quenching of the vapors in a condensation train consisting of dry 

operated metal impingers (4 °C), an electrostatic precipitator (25 °C), and several dry operated 

glass impingers (-60 °C). Samples of the non-condensable gasses were filled into gas bags and 



Chapter 7 

168 

 

 

analyzed off-line with a gas chromatograph (Thermo Scientific refinery gas analyzer, Trace 

1300/1310) equipped with a flame ionization detector (FID) and two thermal conductivity 

detectors (TCD), which measured the gas composition (H2, N2, CO, CO2, C1 to C5, and C6+ 

hydrocarbons). Chromeleon Chromatography Studio software was used for analysis of the 

chromatograms.  

7.3 Results and Discussion 

7.3.1 Catalyst properties 

The physicochemical characteristics of the steamed HZSM-5/-Al2O3 and -Al2O3 

catalysts were recently reported in our earlier work [41]. An overview of important properties is 

given in Table 7-2. While -Al2O3 is purely mesoporous, the HZSM-5/-Al2O3 extrudates had a 

microporous volume (Vmicro) of 0.11 cc/g due to the zeolite component. It is further noteworthy 

that the zeolite containing catalysts contained more Brønsted acidity compared to -Al2O3. 

Table 7-2 further contains the textural properties of two coked catalysts from the in-line tar 

treatment at 500 °C. For both HZSM-5/-Al2O3 and -Al2O3, the coke deposition reduced the 

surface area. The coke deposition on Al2O3 reduced the total pore volume Vtotal from 0.53 to 0.36 

cc/g and a shift to narrower power width can be observed from the pore size distribution, which is 

attributed to the coke deposition in mesopores (see Fig. F-3). Similarly, the Vmicro and the volume 

of mesopores Vmeso of HZSM-5/-Al2O3 decreased due to the coke deposition. While not further 

investigated in this work, a significant reduction in acidity due to the coke deposition can be 

expected as observed for upgrading of wheat straw FP vapors generated at lower temperature of 

530 °C over HZSM-5/-Al2O3 [41].  

Table 7-2. Physicochemical properties of the steamed and coked HZSM-5/-Al2O3 and -Al2O3 catalysts. 

For the coked catalysts, the processed amount of tar per g catalyst was 1.02 and 0.74 g/g for 

HZSM-5/-Al2O3 and -Al2O3, respectively. Textural properties were determined by high-resolution low 

temperature argon physisorption (87 K), total acidity and Brønsted acidity was determined by TPD of NH3 

and ethylamine respectively, as described in Eschenbacher et al. [40]. 
 

HZSM-5/-Al2O3 -Al2O3 
coked 

HZSM-5/-Al2O3 

coked 

-Al2O3 

Vmicro
a [cc/g]  0.11 0 0.09 0 

Smicro
a [m2/g] 859 0 665 0 

Vmeso
a [cc/g]  0.28 0.52 0.15 0.33 

Smeso
a
 [m2/g]  171 268 78 183 

Vtotal at p/p0 =0.95 0.45 0.53 0.30 0.36 

BET area (Ar) [m²/g] 376 192 235 174 

Acidityb [mmol NH3/g] 0.39 0.31 n.d. n.d. 

Brønsted acidityc [mmol NH3/g]  0.15 0.06 n.d. n.d. 
aobtained by applying NL-DFT method to adsorption branch of isotherm; bdetermined by NH3-TPD; c Brønsted acidity 

was quantified by TPD of ethylamine [40] . 
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The 27Al solid-state NMR spectra of HZSM-5/-Al2O3 prior to catalytic use (Fig. 7-3a) 

shows a high fraction of AlO6 (-5-10 ppm), which can be attributed to i) the mostly Lewis acidic 

-Al2O3 binder, and ii) the transformation of tetrahedral framework AlO4 (54 ppm) in the HZSM-

5 zeolite to extra-framework aluminate domains of AlO5 (20-30 ppm) and AlO6 (-5-10 ppm) by 

the steam treatment prior to catalytic testing. Overall, for HZSM-5/-Al2O3 the contribution of 

extra framework Al did not significantly change by the catalytic test and coke deposition (67.2% 

before and 68.0% after the catalytic test). The coked -Al2O3 catalyst on the other hand showed a 

slightly higher contribution of extra framework Al (69.3%) compared to HZSM-5/-Al2O3.  
13C NMR of the coked catalysts (Fig. 7-3b) revealed that generally the nature of the coke 

species deposited on -Al2O3 and HZSM-5/-Al2O3 is quite similar. In both cases, the coke is 

highly aromatic, as shown by the peak at ~125 ppm and the two spinning side bands at ~225 and 

~25 ppm. In addition, both coked catalysts exhibit distinct shoulder peaks at ~150, 145, 140 and 

120 ppm, which indicate the presence of several aromatic species and possibly also olefin 

structures. Both catalysts further show a peak at ~20 ppm, which is attributed to aliphatic groups. 

This feature is better defined for the coked HZSM-5/-Al2O3 catalyst compared to the coked -

Al2O3 catalyst, in agreement with 1H NMR (see feature at ~3 ppm, Fig. F-4). Due to the relative 

high spinning speed, the areas of the 1st order aromatic sidebands in 13C NMR can be assumed to 

be almost identical. Subtracting the area of the side band at ~225 ppm from the convoluted peaks 

in the range 50-0 ppm thus allows estimating the contribution of the aliphatic peak. The ratio of 

the aliphatic-to-aromatic carbon contribution was thus estimated to 12.7% and 5.8% for the coked 

HZSM-5/-Al2O3 and -Al2O3 catalyst, respectively.   
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Fig. 7-3. (a) 27Al solid-state nuclear magnetic resonance spectra of the HZSM-5/-Al2O3 prior to catalytic 

use, and the coked versions of HZSM-5/-Al2O3 and -Al2O3 after in-line catalytic treatment (500 °C) of 

LT-CFB producer gas from wheat straw. (b) 13C NMR of the coked versions of HZSM-5/Al2O3 and Al2O3. 

Signals are normalized by sample mass (dry). Legend in Fig. 7-3(a) also applies for Fig. 7-3(b).  

 

7.3.2 Mass balance 

The amount of biomass, nitrogen, air, and water fed into the LT-CFB during the sampling 

of the PG side stream was recorded. By taking the inflow of nitrogen as an internal standard, the 

mass balance for the LT-CFB operation could be closed to ~95-122%. The raw mass balance data 

is provided in Table F-2–Table F-6. Note that the char yield could not be determined. However, 

since the mass balance closure was close to or above 100% in most tests, it appears that no char 

accumulation had occurred in the char combustion reactor while the producer gas was sampled. 

Mass balance above 100% during the PG sampling period can be explained if the air that was fed 

into the system not only combusted the chars produced from the biomass, but also converted some 

char that had accumulated prior to the sampling period in the char combustion reactor.  

Table 7-3 shows the product yields with respect to the sum of biomass (dry and ash-free) 

and oxygen fed to the LT-CFB for the sampling of raw (un-treated) producer gas and after in-line 

catalytic treatment. Generally, the vapor treatment reduced the yield of organics recovered in the 

phase-separated oil phase, increased the gas yield and produced coke. For unknown reasons, the 

reaction water obtained without catalyst at a LT-CFB pyrolysis temperature of 626 °C was 

unusually low compared to the other tests, but unfortunately, it was not possible to repeat the test. 

The yield of bio-oil on the other hand is in line with the values from the other experiments.  
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The coke yield on -Al2O3 was higher compared to HZSM-5/-Al2O3, in agreement with 

literature [41]. While the coke yields were shown to increase with catalyst temperature for -Al2O3 

and mesoporous HZSM-5/-Al2O3 [41] when treating FP vapors generated at 530 °C, the coke 

yield was slightly higher when treating LT-CFB vapors at a catalyst temperature of 450 °C 

(2 wt.%) compared to 500 °C (1.6 wt.%). This is attributed to the fact that less tar was processed 

over the catalyst at 450 °C (0.67 g tar/g catalyst) compared to 500 °C (1.0 g tar/g catalyst), and it 

is known that higher coke yields result at lower ratios of fed biomass-to-catalyst and processed 

tar/g catalyst.  

It was further observed that the yield of organics recovered in the aqueous fraction 

decreased upon treatment with HZSM-5/-Al2O3 and -Al2O3 at 500 °C, while it remained 

unchanged at a lower catalyst temperature of 450 °C (HZSM-5/-Al2O3). This observation is 

attributed to a higher polarity of the condensed organics at lower catalyst temperature and thus a 

higher recovery in the aqueous phase. The trend agrees with a higher TAN (15 mg KOH/g) of oil 

obtained at 450 °C catalyst temperature while oils obtained at a catalyst temperature of 500 °C 

showed a lower TAN (3-5 mg KOH/g).  

Table 7-3. Product yields (except char) with respect to the sum of biomass (dry and ash-free) and oxygen 

fed to the LT-CFB during the sampling period.  

Tpyrolysis [°C] Catalyst (Tcatalyst) 
Organics 

(oil phase) 

Organics 

(aq. phase) 

Reaction 

water 

Gas  

(incl. C4+) 
Coke 

Mass 

balance [%] 

626 

- 10.0% 5.6% 10.4% 73.9% 0.0% 100% 

HZSM-5/-

Al2O3 (450 °C) 
9.3% 5.3% 20.5% 74.3% 2.0% 111% 

656 

- 8.9% 7.4% 23.1% 76.7% 0.0% 116% 

HZSM-5/-

Al2O3 (500 °C) 
8.3% 3.9% 19.8% 82.5% 1.6% 116% 

662 

- 9.3% 2.8% 19.9% 73.4% 0.0% 115% 

-Al2O3 

(500 °C) 
6.9% 1.9% 24.2% 76.5% 3.0% 112% 

7.3.3 Gas composition 

The dry producer gas contained 53-58 vol.% N2. The other main gas components present 

in the LT-CFB producer gas were CO2 (19-22 vol%), CO (12-17 vol%), hydrogen (4-6 vol%), and 

methane (3-5 vol%).Table 7-4 lists the nitrogen-free gas composition. It appears that with 

increasing temperature in the pyrolysis chamber, the selectivity to methane/ethane and CO 

increased. Upon contact of the tar vapors with the acidic catalysts, the concentrations of olefins 

(ethylene and propene) increased in the initial vapor-upgrading phase. With ongoing time on 

stream and catalyst deactivation, the concentration of olefins decreased. Increased yield of olefins 

in the initial vapor upgrading phase was also observed for in-line catalytic treatment of wheat straw 

FP vapors generated at 530 °C with HZSM-5/-Al2O3 and -Al2O3 [41]. Averaged over the gas-
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sampling period, the olefin concentration was increased by the catalytic treatment, especially for 

propene (Table 7-4). 

Table 7-4. Gas composition in vol% on N2-free basis 
  Methane Ethane Ethene Propane Propene CO2 CO Hydrogen C4+ 

626 

- 7.1 0.8 1.4 0.1 0.8 50.7 26.9 11.5 0.6 

HZSM-5/-Al2O3, 

450 °C 
6.8 0.8 2.0 0.1 1.7 50.6 26.8 10.6 0.7 

656 

- 7.5 0.7 1.9 0.1 0.9 45.9 28.3 14.0 0.6 

HZSM-5/-Al2O3, 

500 °C 
7.8 0.8 2.4 0.1 1.5 45.5 29.0 12.2 0.7 

662 
- 9.2 0.9 2.2 0.1 1.0 39.8 34.8 11.3 0.7 

-Al2O3, 500 °C 9.9 1.0 2.5 0.1 1.2 40.3 36.0 8.2 0.7 

671 SiC 8.7 0.8 2.4 0.1 1.0 46.4 29.8 10.0 0.8 

660 
HZSM-5/-Al2O3, 

500 °C 
8.6 0.9 2.2 0.1 1.1 45.1 29.7 11.7 0.7 

7.3.4 Product distribution and tar quality 

Table 7-5 provides an overview of the average temperature in the pyrolysis chamber of the 

LT-CFB during the tar sampling period. In addition, the used catalyst masses and temperatures are 

indicated. It should be noted that for the first two columns of Table 7-5 the sampling of raw and 

catalytically treated tars was performed on two adjacent days and not in parallel as for the 

remaining columns of Table 7-5. As a result, for the first two columns of Table 7-5 the pyrolysis 

temperature of the gasifier was not identical during the sampling of raw and treated tars. In 

addition, it should be noted that catalytic upgrading was performed with only 30 g of catalyst and 

that the reactor was filled with SiC to obtain an inert reference. The tests performed with parallel 

sampling of raw and treated PG (columns three to eight of Table 7-5) were performed with 100 g 

of catalyst and the untreated reference tars were obtained without being passed over a hot bed of 

SiC. 

Using 100 g HZSM-5/-Al2O3 at 500 °C in the catalytic treatment reduced the tar load by 

18%. Upon reduction of the catalyst temperature to 450 °C, the tar load in the PG decreased only 

slightly by 3%. The highest reduction in tar load (by 24%) was observed using 100 g -Al2O3. The 

more pronounced decrease in tar loading for -Al2O3 can be attributed to its higher selectivity for 

coke formation, as will be discussed in section 7.3.5. An effect of pyrolysis temperature on the tar 

load is observed as the tar load decreased from 134 to 92 g/Nm3 when increasing the average 

pyrolysis temperature from 626 °C to 671 °C.  

The inline catalytic treatment of the tars influenced the carbon distribution of the producer 

gas, as can be observed for the results obtained with parallel sampling. The carbon contribution of 

condensable organics decreased by 30 and 20% when using 100 g of -Al2O3 and HZSM-5/-Al2O3 
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at 500 °C, while it only decreased by 6% (from 30 to 28%) when lowering the catalyst temperature 

to 450 °C for HZSM-5/-Al2O3. Up to ~10% of the carbon in the producer gas formed coke.  

In all cases, the inline catalytic treatment of the producer gas improved the fuel properties 

of the collected liquid. The oxygen content was decreased to 10-12 wt.% O (d.b.) from a raw tar 

oxygen content of 14-18 wt.% O along with a decrease in moisture content to ~3 wt.% and an 

increase in higher heating value to a maximum of 35.5 MJ/kg. In addition, the TAN—which is an 

important indicator for the corrosiveness of fuels—could be significantly reduced by 51–92% 

compared to the untreated reference oils. Similarly, a reduction in basic nitrogen content was 

observed after catalytic treatment compared to the untreated reference oils. Vapor upgrading over 

100 g HZSM-5/-Al2O3 catalyst reduced the basic nitrogen content by ~0.3 mass%, both at a 

catalyst temperature of 450 and 500 °C (see Table 7-5). -Al2O3 on the other hand only achieved 

a reduction by ~0.1 mass%. It is interesting to note that this behavior is opposite to what was 

observed for upgrading of fast pyrolysis vapors generated at a lower temperature (530 °C) using 

the HZSM-5/-Al2O3 catalyst, which led to an increase in basic nitrogen content from 0.39 to 0.57 

mass% [56]. The observed increase in basic nitrogen by catalytic deoxygenation of FP vapors 

generated at 530 °C and the increase in basic nitrogen with increasing FP temperatures observed 

at the LT-CFB could indicate that basic nitrogen compounds are less prone of being converted 

compared to oxygenates.  

The weight loss curves during heating of the oils in a TGA are provided in Fig. F-5. The 

catalytic treatment of the tars reduced the reactivity and charring propensity of the oils. This is 

indicated in Table 7-5 by comparing the mass remaining at 300 and 500 °C with respect to the 

initially loaded content of dry organics contained in the oils. The improved revaporization after 

catalytic treatment can be attributed to cracking and deoxygenation reactions, and it can be noted 

that the cracking was more severe when loading 100g of catalyst as opposed to 30 g and operating 

at 500 °C as opposed to 450 °C. In addition, the lower catalyst temperature of 450 °C was less 

effective in reducing the TAN of the collected oil. The oil characterization by size exclusion 

chromatography (SEC) shown in Fig. F-6 revealed that compared to the fast pyrolysis bio-oil 

obtained at 530 °C the LT-CFB oils obtained at 620-660 °C contain a relatively higher contribution 

of light MW compounds. This is likely due to cracking reactions occurring at the increased 

pyrolysis temperature. The tar treatment of the LT-CFB vapors with HZSM-5/Al2O3 at 450 °C did 

only slightly increase the contribution of low MW compounds, while a more pronounced 

additional cracking to lower MW was achieved at a catalyst temperature of 500 °C. 
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Table 7-5. Overview of temperatures in the pyrolysis chamber of LT-CFB, relative carbon product 

distribution of the producer gas, and key properties of the condensed bio-oil (phase separated from aqueous 

phase).   

average T pyrolysis 

chamber [°C] 
671 660 662 656 626 

Catalyst, Temperature 
SiC, 

500 °C 

HZSM-

5/-Al2O3, 

500 °C 

- 
-Al2O3, 

500 °C 
- 

HZSM-5/ 

-Al2O3, 

500 °C 

- 

HZSM-5/ 

-Al2O3, 

450 °C 

Mass [g] 95 30 - 100 - 100 - 100 

Processed tar g/g catalyst  1.75  0.74  1.02  0.67 

Flowrate dry gas (after 

condensation) [Nl/min] 
2.4 3.1 6.9 8.6 8.3 6.7 8.8 9.1 

Tar in producer gas  

[g organics/Nm3 dry gas] 
92 137 98 74 123 101 134 125 

Carbon distribution  

cond. organics/gas/coke 
25/75/0 37/61/2 26/74/0 18/75/7 27/73/0 22/75/4 30/70/0 28/67/5 

Properties of bio-oil         

H2O [wt.%] 6.2 3.00 8.10 2.50 9.90 2.70 16.60 4.10 

wt.% N (d.b.) 3.0 4.4 3.6 4.3 3.1 3.5 3.9 2.2 

wt.% C (d.b.) 68.4 76.1 75.1 77.8 76.7 78.5 70.8 78.0 

wt.% H (d.b.) 7.5 7.7 7.2 7.9 7.6 7.3 7.4 8.1 

wt.% S (d.b.) 0.29 0.28 0.45 0.50 0.32 0.21 0.36 0.16 

wt.% O (d.b., by diff.) 21.2 11.8 14.1 10.0 12.6 10.7 17.8 11.7 

HHV [MJ/kg] 30.5 34.4 33.2 35.4 34.3 34.9 31.6 35.5 

O/C 0.24 0.12 0.14 0.10 0.12 0.10 0.19 0.11 

H/C 1.31 1.21 1.14 1.22 1.18 1.11 1.25 1.24 

TAN [mg KOH/g] 25.2 12.3 14.1 4.7 33.9 2.8 35.2 15.0 

Basic nitrogen [mass%] 1.24 1.20 1.3 1.2 0.7 0.4 0.6 0.3 

Solid remains [wt.% d.b.] 

at 300 °C/500 °C 
36/11 32/8 38/11 19/3 39/16 18/6 42/17 25/8 

*Carbon in char not included 

Comparing the tar load and the carbon distribution of the raw producer gas as well as the 

quality of the obtained tars in Table 7-5 indicates a significant influence of the average temperature 

of the pyrolysis chamber of the gasifier. With decreasing pyrolysis temperature, the carbon 

contribution of condensable tars in the producer gas increased while the carbon contribution of 

light gases in the producer gas decreased. To further investigate this aspect, the relative carbon 

distribution in the LT-CFB producer gas (excluding carbon retained in char) was compared to FP 

results obtained at an ablative bench scale FP unit [39] for the same feedstock, as shown in 

Table F-7. The inline catalytic treatment lost carbon to coke on the catalyst and reduced the 

recovery of producer gas carbon in the form of condensable bio-oil and aqueous phase. The latter 

is usually considered as wastewater since the recovery of the dissolved oxygenates from the 
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aqueous phase is challenging, but research is ongoing in this field [57–60]. By taking nitrogen as 

an internal standard for the sampling of the producer gas slip stream, the carbon yields with respect 

to the total fed biomass could be calculated (see Table F-8). The carbon yield (relative to fed 

biomass) of phase separated bio-oil and C4+ components in the gas was clearly lower at ~21-22 

wt.% C at the LT-CFB (pyrolysis temperature 630-660 °C) compared to ~34 wt.% C using an 

ablative fast pyrolysis unit at 530–550 °C [39]. However, also the amount of carbon lost to the 

aqueous stream decreased from ~12 wt.% C at 530–550 °C to as low as 3.5 wt.% C for the highest 

LT-CFB pyrolysis temperature of ~660 °C. The char yields could not be determined for the LT-

CFB tests, but it is clear from Table F-8 that in contrast to regular fast pyrolysis systems, the char 

gasification at the LT-CFB lead to more of the fed carbon being contained in the dry gas. Several 

aspects contribute to uncertainty in the carbon mass balance. Some uncertainty arises due to the 

larger scale of the system. Effects such as carbon accumulation (explaining carbon balances below 

100%) or higher carbon gas yields due to increased char gasification (explaining carbon balances 

above 100%) can occur.  

While the oil yield decreased by the catalytic treatment, a clear improvement in the 

properties of the collected bio-oils was observed. The reduced carbon losses to the aqueous phase 

after catalytic vapor upgrading seen in Table F-8 agrees with the results obtained in the ablative 

bench scale FP set-up [39–41]. It should be noted that more carbon was recovered as aqueous 

phase at lower pyrolysis temperatures in the LT-CFB, in agreement with observations from bench 

scale ablative fast pyrolysis. In addition, it was observed that inline treatment of the LT-CFB tars 

with a catalyst temperature of 450 °C did not reduce the carbon lost to the aqueous phase, while it 

was more effectively decreased at a catalyst temperature of 500 °C. This is attributed to increased 

cracking of polar, oxygen-containing compounds at the higher catalyst temperature, which lowered 

the polarity of the condensed tars and thus the extent of solvation into the aqueous phase.  

With increase in the temperature of the pyrolysis chamber, the carbon distribution in the 

producer gas shifted towards more light gas at the expense of condensable organics (including C4+ 

measured in the gas phase) and organics recovered in the aqueous phase. The trend in product 

distribution with pyrolysis temperature agrees with results obtained with the same feedstock at an 

ablative bench scale FP unit (feeding rate ~0.2 kg/h) at lower pyrolysis temperatures of 530 and 

550 °C [39], as shown in in Fig. 7-4. 
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Fig. 7-4. Carbon distribution (excluding char) in raw producer gas obtained from LT-CFB gasification and 

ablative bench scale fast pyrolysis of wheat straw as a function of temperature.  

Based on the determined mass yields (Table 7-3) the energy recovery of condensable 

organics (see Table 7-6) was calculated taking into account the heating values (calculated based on 

elemental composition) of the condensed oil phase, aqueous phase, and C4+ components measured 

in the gas phase. The deoxygenation using HZSM-5/-Al2O3 hardly affected the energy recovery 

of condensable organics. As illustrated for a catalyst temperature of 450 °C, this can be attributed 

to the fact that the organics content in the producer gas was only slightly reduced by the catalytic 

treatment from 134 g/Nm3 to 125 g/Nm3, but the HHV of the condensed oil phase (containing 

about 2/3 of the energy content of condensables) increased from 32 to 35 MJ/kg. A higher penalty 

in the energy recovery of condensable organics was observed when using -Al2O3 compared to 

HZSM-5/-Al2O3 at 500 °C, which is attributed to the higher coking propensity of -Al2O3.  

Table 7-6. Energy recovery of condensable organics with respect to fed wheat straw. 

Tpyrolysis [°C] Catalyst (Tcatalyst) 
Organics 

(oil phase) 

Organics 

(aq. phase) 
C4+ in gas sum 

626 

- 21.3% 9.9% 2.8% 34.0% 

HZSM-5/-

Al2O3 (450 °C) 
22.4% 9.3% 2.1% 33.7% 

656 

- 21.7% 7.3% 2.8% 31.8% 

HZSM-5/-

Al2O3 (500 °C) 
20.1% 7.1% 3.4% 30.6% 

662 

- 20.1% 4.8% 3.5% 28.4% 

-Al2O3 

(500 °C) 
15.9% 3.4% 2.9% 22.2% 
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The effect of the pyrolysis temperature on the product distribution in the producer gas that 

was observed by using the three-stage condensation system agrees with investigations by Jensen 

[55] who used a simpler condensation setup as described by Thomsen et al. [9]. Fig. 7-5 shows 

that with increasing pyrolysis temperature, both the oil phase and the aqueous phase decreased. 

Fig. 7-6 compares the determined tar load (g of dry organics per Nm3 dry gas) using the one-stage 

condensation system described by Thomsen et al. [9] with the tar load determined by using a three-

stage condensation system which includes an ESP for collection of aerosols and a dry ice trap for 

collection of light compounds [39]. Clearly, more tar was recovered using the latter condensation 

apparatus, which was applied in this work. This can be explained by an inefficient collection of 

aerosols and compounds with low boiling point temperature using the one-stage condensation 

system. Nevertheless, similar conclusions for the quality of the collected bio-oil could be obtained 

using the simple condensation system; with increasing pyrolysis temperature, the moisture content 

of the oil phase decreased while its higher heating value increased (see Fig. 7-7 and Table 7-5 ).  

 
Fig. 7-5. The effect of pyrolysis temperature on the amount of condensed organics recovered in the phase-

separated oil and aqueous fractions. Data obtained with simple one-step condensation. 
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Fig. 7-6. Comparison of tar loads determined by tar condensation using a one-stage condensation system 

() and tar loads determined using a three stage condensation system ().  

 
Fig. 7-7. The effect of pyrolysis temperature on the moisture content in the collected bio-oil and the higher 

heating value (on dry basis). 

Table 7-7 shows the results from the quantitative 13C NMR analysis of two raw (non-

treated) bio-oils and their respective upgraded oils using 100 g of -Al2O3 and HZSM-5/-Al2O3 

at 500 °C. In addition, results from the 13C NMR analysis of an FP oil obtained at an ablative FP 

unit at 530 °C are included for comparison. The 13C NMR spectra are found in Fig. F-7. Comparing 

the two bio-oils collected without catalytic treatment at the LT-CFB and the FP oil obtained at 

lower pyrolysis temperature, it can be seen that with increasing pyrolysis temperature the 

contribution of carbonyls, aliphatic C–O, aliphatic C–H and methoxyl groups decreased, while the 

sum of aromatic C–C and C–H groups increased from 25% (530 °C) to 48% (660 °C). The 

decreased oxygen content of the bio-oil (Table 7-5) and its decreased carbon yield towards 
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increased pyrolysis temperature can be attributed partly to decarbonylation and decarboxylation. 

With increasing pyrolysis temperatures, the extent of cracking reactions of instable oxygenates 

such as aldehydes, ketones and acids lead to decarbonylation and decarboxylation, which resulted 

in the observed enhanced deoxygenation and lowered TAN yields towards higher pyrolysis 

temperatures. For acetol, an important pyrolysis vapor model compound, a conversion of 79% was 

reported in an empty stainless steel reactor at 650 °C under production of CO [62]. Steam 

reforming and dry reforming are highly endothermic reactions, and as such, the extent of these 

reactions will increase at elevated temperatures, leading to the formation of hydrogen. In addition, 

the removal of methoxy-groups from lignin-derived methoxy-phenols will increase with 

temperature according to a radical mechanism, which increases the yields of phenols and CO. Due 

to the strong aryl-OH bond of phenolic compounds, the dissociation energy of this bond requires 

higher temperatures and activation energies, eventually leading to the formation of aromatics. 

Upon catalytic treatment of the LT-CFB tars with HZSM-5/-Al2O3 at 500 °C, the 

contribution of aromatic C–C and C–H groups increased from 42% to 55%, while for -Al2O3 it 

increased only slightly from 48% to 50%. The increased aromatization activity of HZSM-5/-

Al2O3 can be attributed to the confinement effect of the microporous HZSM-5 zeolite and Brønsted 

acid sites inside the channels. These observations agree with investigations using the ablative FP 

unit at lower temperatures of 530 °C and catalytically treating the vapors with HZSM-5, -Al2O3, 

and HZSM-5/-Al2O3 catalysts [41].  

Table 7-7. Carbon percentage based on the 13C NMR analysis of bio-oils collected at the LT-CFB gasifier 

for indicated pyrolysis chamber temperature and catalysts (100 g). Bio-oil collected for regular fast 

pyrolysis (FP) at 530 °C shown for reference. 
Average pyrolysis chamber 

temperature [°C] 
662 656 530 (FP) 

Catalyst - -Al2O3, 500 °C - 
HZSM-5/-

Al2O3, 500 °C 
- 

13C NMR analysis      

Carbonyl (215–166.5 ppm) 7.2% 6.2% 9.4% 6.2% 14.6% 

Aromatic C–O (166.5–142 ppm) 10.6% 7.9% 10.5% 8.3% 12.5% 

Aromatic C–C (142–132/125 

ppm)a 
27.0% 8.5% 24.1% 9.2% 7.5% 

Aromatic C–H (132/125–95.8 

ppm)a 
20.9% 41.0% 17.6% 45.7% 17.9% 

Aliphatic C–O (95.8–60.8 ppm) 3.3% 2.4% 4.3% 2.3% 10.6% 

Methoxyl (60.8–55.2) 0.6% 0.4% 1.0% 0.7% 5.0% 

Aliphatic C–H (55.2–0 ppm, 

with exclusion of solvent) 
30.4% 33.7% 33.1% 27.7% 31.8% 

aFor catalytically treated pyrolysis oils the border between aromatic C–C and aromatic C–H was moved downfield 

from 125 ppm to 132 ppm following the recommendation of Happs et al. [52]. 
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Compared to 1D NMR spectra required for quantification, 2D NMR spectra lower the 

likelihood of overlapping because the signals are spread out into two dimensions. The 

heteronuclear single-quantum correlation spectroscopy (HSQC) correlates chemical shifts of 

carbons and protons in a phase sensitive way. The HSQC NMR spectra for the raw and upgraded 

tars using -Al2O3 and HZSM-5/-Al2O3 are provided in Fig. F-8 and Fig. F-9, respectively. The 

catalytic treatment with both catalysts clearly reduced the contributions of sugars (–CH–O–) and 

aldehydes. A higher contribution of the aromatic CH region resulted when using HZSM-5/-Al2O3 

compared to -Al2O3, in agreement with 1D 13C NMR analysis (Table 7-7). 

The GC-MS/FID analysis of the phase separated aqueous and oil fraction is shown in 

Fig. 7-8. Besides the relative FID areas of different product groups (Fig. 7-8 a+c), also the semi-

quantitative yields (Fig. 7-8 b+d) are shown obtained by multiplication of the relative FID areas 

with the yield of water-free organics in each fraction. The aqueous fraction contained mainly 

alcohols, ketones, acids, and phenolics. Hydroxyacetone and levoglucosan were detected in the 

aqueous phase collected from the untreated producer gas, while those compounds were not 

detected after the catalytic treatment, indicating that these sugar derived compounds [63–66] were 

converted over the catalyst. The vapor treatment at a lower catalyst temperature of 450 °C with 

HZSM-5/-Al2O3 had the least effect on the compounds recovered in the aqueous phase (Fig. 7-8 

a), and as such did not markedly influence the yield of organics recovered in the aqueous phase. 

At a higher catalyst temperature of 500 °C, both -Al2O3 and HZSM-5/-Al2O3 decreased the 

concentration and the yield of acids recovered in the aqueous phase, while the increased 

concentration and yield of phenols in the aqueous phase is attributed to the cleavage of methoxy-

groups from lignin derived methoxy-phenolics [63–65]. In the phase separated oil fraction, the 

yield of monoaromatics increased upon catalyst vapor treatment, especially for HZSM-5/-Al2O3 

due to the shape selectivity of its micropore-structure. The highest concentrated monoaromatics 

are toluene, p-xylene, and benzene. The concentration of oxygenates in the oil phase decreased, in 

line with the vapor deoxygenation and the increased content of aromatics. The concentration of 

phenolics and small acids such as acetic, propanoic, and butanoic acid in the oil phase decreased 

by the catalytic treatment, which is in line with a reduced TAN (Table 7-5). 
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Fig. 7-8. GC-MS/FID analysis of aqueous and oil fractions. The products were grouped into aliphatics 

(ALI), monoaromatics (MAR), di-aromatics (DAR), phenols (PH), aldehydes (ALD), acids (AC), ketones 

(KET), methoxy-phenols (MPH), furans (FUR), esters (EST), alcohols (ALC), nitrogen containing 

compounds (N), and (anhydro-)sugars. (a) Selectivity of compounds (grouped) in aqueous phase. (b) Semi-

quantitative yields of product groups in aqueous phase. (c) Selectivity of compounds (grouped) in oil phase. 

(d) Semi-quantitative yields of product groups in oil phase.  

Basic nitrogen is a well-known catalyst poison in catalytic cracking [66–68]. For 

conventional refinery feedstock, the content of basic nitrogen is usually about one third of the total 

nitrogen [68–70]. Basic nitrogen compounds may reduce the cracking activity by (i) site 

competition due to their reversible adsorption to Brønsted and Lewis acid sites, and (ii) acting as 

coke precursors due to their size and aromatic nature. As we showed recently [56], a poor cracking 

performance resulted when co-feeding pyrolysis oils derived from wheat straw with vacuum gas 

oil to a microactivity test unit. This was partly attributed to the elevated basic nitrogen content of 

wheat straw oils (0.43- 0.55 mass-% basic nitrogen), while blending with wood derived oil (0.03 

mass-% basic nitrogen) did not markedly influence the cracking performance. The tars collected 

in this work from the gasification of wheat straw in the LT-CFB gasifier showed a higher content 

of basic nitrogen compared to oil obtained at a FP temperature of 530 °C (Fig. 7-9). This can be 

attributed to the elevated temperatures of the gasifier as a positive correlation between basic 

nitrogen content of collected oils and temperature of the LT-CFB pyrolysis chamber was found 

(see Fig. 7-9). The up to four times higher basic nitrogen content of the bio-oils collected at the 

LT-CFB would likely impede the utilization of the bio-oil as a feedstock for catalytic cracking due 
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to rapid poisoning of the FCC catalyst, unless measures to decrease the basic nitrogen are taken,  

e.g. by hydrotreating. The corrosiveness of the collected bio-oils can be expected to decrease for 

oils collected at higher pyrolysis temperature according to the negative correlation observed 

between TAN and pyrolysis temperature (Fig. 7-9). 

 

 
Fig. 7-9. Basic nitrogen content and TAN of tars collected at different pyrolysis temperatures. Note that the 

data points at 530 °C were obtained from oil produced using an ablative fast pyrolysis unit while all other 

data points were obtained using the LT-CFB gasifier.  

 

7.3.5 Coke  

The results of the quantification of coke on the catalysts by combustion and integration of 

the combustion products CO and CO2 are summarized in Table 7-8. The higher coke loading of 

30 g HZSM-5/-Al2O3 as opposed to 100 g can be explained by the longer tar sampling period and 

higher WHSV, and thus a higher tar load. 100 g -Al2O3 showed a higher coking propensity 

compared to zeolite containing HZSM-5/-Al2O3, which is in agreement with our recent work [41]. 

Table 7-8. Overview of coke loadings in terms of wt.% carbon per coke-free catalyst.  
coke wt.% C per coke-free catalyst 

30 g HZSM-5/-Al2O3, 500 °C 15.7% 

100 g HZSM-5/-Al2O3, 500 °C 14.1% 

100 g HZSM-5/-Al2O3, 450 °C 10.4% 

100 g -Al2O3, 500 °C 19.4% 

We further investigated the combustion profile and found that coke on -Al2O3 combusted 

at lower temperatures compared to HZSM-5/-Al2O3 (Fig. 7-10), in agreement with literature 

[41,47,71]. The coking at a catalyst temperature of 500 °C was studied for the same biomass but 
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at lower FP temperature of 530 °C using a tandem micropyrolyzer system, described in more detail 

in ref. [56], for an ex-situ located catalyst (2 mg) and a cumulative biomass-to-catalyst ratio of ~4. 

Despite the difference in scale and lower pyrolysis temperature used at the micro-pyrolyzer, 

similar combustion profiles resulted (Fig. 7-10). 

As such, it appears that the coke species do not differ much with variation in pyrolysis 

temperature. However, the reduced tar yield at the higher operating temperature of the LT-CFB 

gasifier reduces the tar load on the catalyst and therefore longer runtimes can be expected until the 

quality of the bio-oil deteriorates and catalyst regeneration is required. For continuous operation, 

a parallel fixed bed scenario or a circulating fluidized bed is required in order to operate the 

regeneration of the catalyst simultaneously to the catalytic upgrading [72,73].  

 
Fig. 7-10. Coke combustion profiles from coked catalyst obtained from the LT-CFB at a FP temperature of 

~660 °C and using a tandem micro-pyrolyzer [74] with a FP temperature of 530 °C. The catalyst 

temperature was 500 °C in both systems. For clarity, the micro-pyrolyzer curves were shifted upwards by 

0.0015. 

7.3.6 Limitations and future development 

It is known from studies of fast pyrolysis of biomass that the optimum bio-oil yield is 

obtained at ~500–550 °C [49–54]. As such, the temperatures obtained in this study were above the 

maximum as is clearly seen from the level of tar in the producer gas. Some further decrease in 

pyrolysis temperature below the ~570 °C could probably be achieved by further decreasing the 

particle circulation rate, but the temperature decrease will increase the char yield and reduce the 

flow of sensible heat (thermal enthalpy) exiting the gasifier with the raw product gas. The latter 

means that less air (or O2) can be added (at a fixed char reactor temperature and limited water 

addition), which will also lead to a higher char concentration in the bed particles. This may 

negatively affect the function of the L-leg (returning particles from the primary cyclone to the char 

reactor). On the other hand, the bio-oil obtained in this study is already partly de-oxygenated 
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compared to bio-oil obtained at the temperature of maximum yield, which may be considered as 

an advantage. 

With respect to the flexibility of the proposed polygeneration scheme: If the wind is 

blowing and the sun is shining, there is no additional demand for heat and electricity production 

by gasification of biomass and therefore the temperature of the LT-CFB pyrolysis chamber can be 

lowered in order to increase the tar yields and store energy as bio-oil. As the TAN of the tars 

increases with decreasing pyrolysis temperature and the tar loading on the catalyst increases, the 

catalyst will need to be regenerated more frequently in order to prevent a deterioration in fuel 

properties. In this regard, it is beneficial that the basic nitrogen content decreases with decreasing 

temperature. While the tars collected at higher pyrolysis temperature already show a reduced TAN, 

the catalytic treatment helped in reducing the basic nitrogen content, but it could be considered to 

collect the tars generated at higher pyrolysis temperatures without catalytic treatment and subject 

them directly to hydro-cracking/treatment. In any case, an efficient tar collection system is required 

in order to valorize the tars for fuel purposes and protect downstream gas engines from tar 

deposition.  

Possibilities for future development of the system include: 

 Testing of catalytic bed material that can tolerate high temperatures in the gasification 

reactor and which does not loose catalytic activity by the direct contact with the biomass 

and the hydrothermal conditions. 

 For downstream catalytic production of chemicals/fuels from the dry gasses remaining 

after tar condensation, decreasing the amount of introduced nitrogen by replacing the air 

inlet stream with a mixture of O2/CO2 or O2/steam will provide a better syngas quality. For 

combustion of the gases in an engine, the dilution with N2 is of lower importance. 

 Future development could also include the testing of hydrodeoxygenation catalysts, which 

use hydrogen to selectively remove oxygen as water without breaking the C-C bonds. This 

may have the potential to incorporate some of the hydrogen that is present in the producer 

gas in the bio-oil, and thereby higher energy recoveries of bio-oil may be obtained.   
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7.4 Conclusion 
The processing of wheat straw in an LT-CFB gasifier aimed at producing bio-oil, producer 

gas for combustion in an engine to produce electricity and heat, and char for soil improvement 

rather than aiming at maximizing a single product. The concept is thus novel compared to previous 

concepts typically aiming at maximizing bio-oil or syn-gas. 

Increased operating temperature of the pyrolysis chamber of the gasifier reduced the bio-

oil yield but increased its quality, such as increased heating value and decreased moisture content, 

oxygen content, and TAN.  

Parallel sampling of tars with and without catalytic treatment was used in order to 

investigate the effect of the catalytic treatment on the bio-oil quality. The in-line catalytic treatment 

of tars using HZSM-5/γ-Al2O3 or γ-Al2O3 as catalysts significantly improved the quality of the 

collected bio-oils since the moisture content, oxygen content, TAN and basic nitrogen content 

decreased while the heating value of the oils was improved. . For a similar improvement in oxygen 

content and TAN of the bio-oils from ~13-14 wt.% O and 14-34 mg KOH/g TAN to 10-11 wt.% 

O and 3-5 mg KOH/g TAN, the energy recovery of the bio-oil decreased by only ~2 percentage 

points when using HZSM-5/-Al2O3 as catalyst while it decreased by ~4 percentage points when 

-Al2O3 was used as catalyst. The catalytically treated bio-oils showed a decreased charring 

propensity and are expected to be better suited for further processing in existing oil refineries. 
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Chapter 8 |  Deoxygenation of wheat straw fast 

pyrolysis vapors over Na-Al2O3 catalyst for 

production of bio-oil with low acidity 

The content presented in this chapter was submitted for publication in Chemical Engineering 

Journal under the same chapter title.  

8.1 Introduction 
Fast pyrolysis (FP) processes are generally flexible with respect to biomass feedstocks [1–

8]. The integration of biomass-derived FP oils in existing oil refineries may allow to decrease our 

dependence on crude oil and increase the share of renewables in the transport sector [9–12]. 

Unfortunately, the pyrolysis oil contains hundreds of different oxygenated species, which render 

the oil acidic and unstable. The acidity of untreated bio-oil causes severe corrosion in commercial 

operation [13] and separate feed lines and tanks with stainless steel cladding would be necessary 

for bio-oil processing in order to minimize corrosion [14,15].  

The fuel properties and miscibility with fossil feedstock can be improved via catalytic 

deoxygenation of the biomass pyrolysis vapors prior to condensation [12,16–24]. However, these 

improvements come at the expense of carbon loss as light hydrocarbons, CO, CO2, and coke 

[25,26]. Amongst the variety of catalysts tested for pyrolysis vapor up-grading (without hydrogen 

addition), microporous HZSM-5 zeolite is considered a suitable solid acid catalyst for the 

production of aromatics and gasoline range products from biomass derived pyrolysis vapors 

[27,28]. Nevertheless, rapid deactivation by coking occurs [18,29]. Beside other zeolites [30–33], 

acidic oxides like silica-alumina and -Al2O3 have been found active for deoxygenation of FP 

vapors [34–38]. In addition, basic oxides like ZnO and MgO are claimed to have good 

deoxygenation activity [39–43].  

The first use of Na2CO3 for production of upgraded pyrolysis oil was reported by Babich 

et al. [44], who impregnated chlorella algae with Na2CO3 solution and pyrolyzed the modified 

algae (20 wt.% Na2CO3) at different temperatures. Although the oxygen content was not measured, 

towards increased pyrolysis temperature (450 °C), a similar energy recovery of the catalytic FP oil 

was obtained compared to the non-catalytic reference (~40%), while a clear decrease in (especially 

small) acids was observed by GC-MS, along with an increase in pH from 2.7 to 3.5. 

In continuation of Babich et al.’s work [44], a high activity of alkali modified amorphous 

silica-alumina and alumina catalysts was reported for deoxygenation of pyrolysis vapors derived 

from woody biomass [45–48]. Using a laboratory packed-bed pyrolysis unit, Zabeti et al. [48] 

found 10 wt.% Na on amorphous silica alumina effective for deoxygenation of pinewood pyrolysis 
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vapors. However, no significant changes in the content of carboxylic acids detected by GC-MS 

was reported. For a Na-based faujasite zeolite on the other hand, it was reported that acids and 

aldehydes/ketones were effectively removed [49]. Nguyen et al. [50] reported the deoxygenation 

of pine pyrolysis vapors using a packed-bed system as described in reference [48] over 20 wt.% 

Na2CO3/-Al2O3 at a biomass-to-catalyst ratio (B:C) of 2. While a severe drop in oil yield was 

observed from 41 wt.% to 9 wt.% and the yield of coke from biomass was 15 wt.%, the oxygen 

content (d.b.) and TAN of the oil decreased from 42 wt.% O and 119 mg KOH/g to 12 wt.% O 

and 4 mg KOH/g, respectively. In a later work, Nguyen et al. [51] tested different Na2CO3 loadings 

on an alumina support. FP vapors from sugarcane bagasse were generated in a fluidized-bed 

reactor (100 g/h feeding rate) and upgraded over a fixed bed of 20 g catalyst. Unfortunately, the 

final cumulative B:C ratio was not reported but the optimum performance was obtained using 

25 wt.% Na2CO3. The deoxygenation activity of the 25 wt.% Na2CO3/γ-Al2O3 catalyst was found 

comparable to HZSM-5 (Si/Al ~ 15), albeit the Na-Al2O3 catalyst showed a higher coke yield 

(4.1 wt.%) compared to HZSM-5 (2.3 wt.%) and a lower yield of organic fraction (26.2 wt.% vs. 

27.8 wt.%).  

Xue et al. [52] tested five kinds of sodium salts (carbonate, silicate, aluminate, sulfate, and 

chloride) supported on γ-Al2O3 for the upgrading of pine pyrolysis vapors generated in a horizontal 

fixed-bed reactor (2 g biomass and 1 g catalyst). All salts effectively removed acids. The oxygen 

content was most effectively reduced when using Na2CO3 and Na2SiO2 for the impregnation. The 

-Al2O3-supported Na2SiO2 catalyst was suggested as the best performing candidate since it 

obtained a slightly higher oil yield compared to the other -Al2O3-supported Na salts. However, 

the O/C ratio was slightly higher for the oil obtained using the Na2SiO2 impregnated catalyst 

compared to Na2CO3 impregnation and as such the benefit appears ambiguous.  

To the best of our knowledge, to date the stability of Na-Al2O3 catalysts has only been 

addressed for a single regeneration [45]. While Na content and textural properties were reported 

to remain stable, upgrading of FP vapors over the regenerated catalyst produced bio-oil with a 

higher oxygen content (~20 wt.%) compared to oil obtained over the fresh catalyst (12 wt.%). This 

was attributed to a change in the active hydrated sodium species during regeneration.  

In this work, the stability of the Na-Al2O3 catalyst was studied for extended 

reaction/regeneration cycles in a continuous FP set-up. Compared to earlier reported oil 

characterization by GC-MS, elemental composition, heating value and TAN, additional oil 

characterization was conducted by one- and two-dimensional 13C and 1H NMR, GCxGC, basic 

nitrogen determination, and thermogravimetric analysis in order to fully determine the chemical 

composition and fuel properties of the oils derived from wheat straw FP vapors after catalytic 

treatment with Na-Al2O3. In addition, the following research questions were addressed:  
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i) What yields and oil quality can be obtained from deoxygenation of wheat straw FP vapors using 

a Na2CO3/Al2O3 catalyst in a continuous bench unit? 

ii) How is the oil yield and quality influenced by increased processing of FP vapors (i.e. increasing 

B:C)?  

iii) How does the performance of a Na2CO3/Al2O3 catalyst compare to frequently used acidic 

catalysts such as -Al2O3, HZSM-5, mesoporous HZSM-5, and HZSM-5/-Al2O3?  

These aspects need to be addressed in order to determine the frequency of regeneration 

needed to maintain a certain bio-oil quality in a parallel vapor-upgrading fixed bed scenario [53]. 

The results obtained using the bench scale system were complemented by catalytic studies in a 

micro-scale reactor and a comparison between these two systems was attempted.  

8.2 Material and methods 

8.2.1 Feedstock  

The biomass feedstock was obtained by downsizing wheat straw pellets using a hammer 

mill. For the bench scale investigations, a sieve fraction <1.4 mm was used, while for the micro-

pyrolysis (μ-Py) a sieve fraction of 106–250 m was used. The respective ultimate and proximate 

characterization for the two different sieve fractions are shown in Table 1. More details about the 

analysis methods of the feedstock can be found in references [18] and [54]. While the two fractions 

showed a comparable elemental composition on dry and ash-free basis (daf), the finer sieve 

fraction contained a higher amount of ash.  

Table 8-1. Properties of wheat straw used in micro and bench scale experiments 

Proximate analysis 
wheat straw (0–1.4 mm) 

used for bench scale tests 

wheat straw (0.1–0.25 mm) 

used for μ-Py tests 

Moisture (as received (a.r.)), wt.% 8.8 7.1 

Volatiles (dry basis, (d.b.) wt.% 66.8 74.4 

Fixed carbon (d.b., by diff.) wt.% 18.5 15.8 

Ash (d.b.) wt.% 5.9 9.8 

Elemental composition (dry and ash-

free basis (daf)) 
  

Nitrogen wt.% 0.8 1.3 

Carbon wt.% 50.4 48.2 

Hydrogen wt.% 5.6 5.0 

Sulfur wt.% 0.1 0.1 

Oxygen (by diff.) wt.% 43.1 45.4 

8.2.2 Catalyst preparation 

Extrudates of γ-Al2O3 were provided by Haldor Topsøe A/S and downsized prior to wet 

impregnation in excess water. For the addition of 20 wt.% Na2CO3, one part of Na salt was 

dissolved in water, after which four parts of γ-Al2O3 was added. The slurry was stirred overnight, 

poured in glass trays and dried in an oven at 105 °C. The catalyst was downsized to a range of 36–
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125 m for the tests with the μ-Py, while a larger sieve fraction of 250–850 m was used in the 

bench scale reactor. Prior to reaction, the catalyst was calcined in a muffle furnace under ambient 

air. The temperature was increased by 5 °C/min to 550 °C and the final temperature was held for 

5 h. Note that the catalyst used for the μ-Py and bench scale tests was prepared in two separate 

batches.  

8.2.3 Catalyst characterization 

The Na content was determined by XRF. The method was described in detail in our earlier 

work [18]. The Na distribution of the fresh and regenerated (after six reaction/regeneration cycles) 

catalysts was studied by scanning electron microscopy-energy dispersive X-ray spectroscopy 

(SEM-EDS). Samples were ground and sieved to <50 µm before adding them on a copper grid 

with lacey carbon film. A FEI Nova 600 NanoSEM equipped with a FlatQuad (Bruker, USA) EDS 

detector was used to image the particles and measure their elemental composition by mapping the 

entire imaged area. The microscope was operated in high vacuum at 6 kV acceleration voltage and 

a beam current of 0.62 nA. The sample was mounted at 10 mm working distance below the 

polepiece and approximately 4 mm under the annular FlatQuad detector. Particles were imaged 

with the Everhardt Thornley secondary electron detector at a magnification of 40000x and maps 

were acquired with a pixel dwelltime of 16 µs and image resolution of 800 pixels in X for a couple 

of minutes, to achieve a statistically significant number of counts (>10000). 

 N2 physisorption was carried out on a Quantachrome Novatouch apparatus at liquid 

nitrogen temperature. Prior to the measurement, samples were outgassed under vacuum at 350 °C 

overnight. The specific surface area (SBET) was calculated by the Brunauer-Emmett-Teller (BET) 

method in the relative pressure range of 0.05 to 0.3. The total pore volume (Vtotal) was calculated 

from the amount of adsorbed nitrogen at the relative pressure of p/p0 = 0.99. The Barrett-Joyner-

Halenda (BJH) pore size distribution was derived from the adsorption branch of the N2 

physisorption isotherm for calculation of the volume and surface area of mesopores (20–500 Å 

pore width). 

Temperature programmed desorption (TPD) of ammonia (NH3) and CO2 was used for 

characterization of the acid and base sites on the catalysts, respectively. The measurements were 

performed using a Micromeritics Autochem II 2920 Chemisorption Analyzer. Samples were pre-

treated at 500 °C (heating ramp: 10 °C/min) in 25 mL/min He for 1 h. The sample was then cooled 

to 100 °C and NH3 was adsorbed for 120 min (20 mL/min of 1 vol% NH3 in He) followed by a 

flowing He purge for 60 min. The NH3 desorption while heating the samples to 500 °C using a 

5 °C/min ramp in 25 mL/min He was recorded by a thermal conductivity detector (TCD). For the 

basic site measurement, samples were pre-treated at 500 °C (heating ramp: 10 °C/min) in 25 

mL/min He for 1 h. The sample was then cooled to 50 °C and 100% CO2 was adsorbed for 30 min 
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(50 mL/min) followed by purging the sample with He for 60 min. Under the same flow conditions, 

the CO2 desorption during heating at 10 °C/min to 500 °C was recorded by TCD. NH3-TPD and 

CO2-TPD curves were normalized based on the sample mass.  

In order to investigate any differences in the CO2 chemisorption capacity under operating 

conditions (500 °C), TPD-MS tests were performed using an Autosorb iQ instrument (3P 

instruments) which was coupled to a Hiden QGA gas analyzer. 1 g of catalyst that was stored 

under ambient air conditions was packed in a U-shaped quartz reactor in between plugs of quartz 

wool. Under Helium flow (~40 Nml/min), the sample temperature was increased to 110 °C and 

held for 2 h in order to remove moisture. Then, the sample temperature was increased to 600 °C at 

10 °C/min in helium flow and any evolving CO2 (m/z = 44) was monitored with the MS. After 

heating to 600 °C, the sample temperature was lowered to 500 °C in helium flow, and the gas was 

switched to 100% CO2. After purging with CO2 for 30 min, the gas was changed to helium again. 

After flushing with helium for 90 min, the temperature was again increased to 600 °C at 10 °C/min 

while monitoring evolved CO2.  

The weight change of the catalyst during heating was investigated using a 

thermogravimetric analyzer (Netzsch STA 449 F1 Jupiter ASC). About 50 mg of catalyst was 

loaded in an alumina crucible, and the temperature was increased at 10 °C/min until reaching 

900 °C while maintaining a flow of 100 ml/min N2. 

The crystalline phases of the samples were examined by powder X-ray diffraction 

(Empyrean from Malvern Analytical). The catalyst samples were crushed and sieved <50 m 

before being pressed in pellets for analysis. After testing of the catalysts, samples were taken and 

pressed into pellets and mounted. The incident beam was generated using a Cu-anode of 

wavelength 1.5418 Å (Empyrean Cu LFF HR). The diffracted beam was filtered through a 

monochromator and detected (PIXcel3D-Medipix3). During acquisition, samples were spun with 

3.75 rotations/min and the 2θ-angles was scanned from 10° to 60° in 0.0131° steps. 

8.2.4 Pyrolysis units 

Sections 8.2.4.1 and 8.2.4.2 summarize the experimental conditions applied in the μ-Py 

and the bench scale system. The two scales should not be compared quantitatively, only 

qualitatively, since they operate at very different ratios of flow rate to catalyst mass. In addition, 

the bench-Py determines yields from condensed product while the μ-Py uses GC for vapor 

quantification, which will therefore mainly determine the lighter components. 

8.2.4.1 Micro-pyrolyzer (μ-Py) setup 

The μ-Py study was carried out using a single-shot tandem micro-pyrolysis system (Rx-

3050tr, Frontier Labs, Japan) and the formed vapors were analyzed by a GC-MS/FID/TCD (see 

Fig. C-1) using He as carrier gas at a flow rate of 60 mL/min and a split ratio of 1:56. A detailed 
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description of the experimental set-up and experimental conditions of this study can be found in 

the work of Nolte et al. [55] and Eschenbacher et al. [54]. The top pyrolysis reactor and the bottom 

catalytic reactor were maintained at 530 °C and 500 °C, respectively. 0.59 0.01 mg of wheat 

straw was loaded into stainless steel sample cups and the cups (16 in total) were introduced into 

the pyrolysis reactor via an autosampler. The catalytic reactor contained a quartz tube loaded with 

a mixture of 60 mg quartz beads (150–215 m, acid washed and calcined at 550 °C) and the 

catalyst (2 mg, 36–125 m). The catalyst bed was secured between two quartz wool plugs and 

placed within the temperature-controlled isothermal zone of the tandem-reactor. After the reaction 

of 16 pyrolysis vapor pulses over the catalyst, the catalyst was regenerated by placing the quartz 

tube containing the catalyst into a muffle furnace and calcining the catalyst for 5 h at 550 °C 

(heating ramp 10 °C/min). A repetition experiment processing another 16 pyrolysis vapor pulses 

was performed with the regenerated catalyst.  

For product analysis, the GC (Agilent 7890B) separation was completed using an initial 

oven temperature of 35 °C for 7.5 min followed by ramping at 10 °C/min to 300 °C. Condensable 

species were separated using a medium polarity 1701 column (Agilent VF-1701 ms), identified by 

MS (Agilent 5977A), and quantified using FID based on calibration and molecular response 

factors (MRF), as elaborated in earlier work [54]. The products identified by FID were grouped 

into aliphatics (ALI), monoaromatics (MAR), di-aromatics (DAR), phenols (PH), aldehydes 

(ALD), acids (AC), ketones (KET), methoxy-phenols (MPH), furans (FUR), alcohols (ALC), and 

nitrogen containing compounds (Nit). Table G-1–Table G-11 provide an overview of the 

compounds contained in each product group along with their respective MRF.  

The light gases were separated using a GasPro column (Agilent GS-GasPro) and quantified 

using TCD. To test the repeatability of the product analysis, three biomass injections were 

performed replacing the catalyst with 2 mg of SiC as highly inert material. Table G-12 lists the 

individual product standard deviations based on these three repeated injections. The char yields 

were determined gravimetrically by weighing the sample cups and biomass before and after FP in 

the μ-Py. Coke yields were determined by combustion of the coke in a TGA (Netzsch STA449 F1) 

coupled with an MS (QMS 403 D Aëolos®), following the procedure described by Eschenbacher 

et al. [54]. 

8.2.4.2 Bench scale pyrolyzer 

A description of the bench scale pyrolysis unit (bench-Py) can be found in earlier 

work [18]. For this study, the flowrate of nitrogen carrier was set to 8.3 Nl/min and the temperature 

of the pyrolysis section, cyclone section, hot gas filter, and catalyst bed was set to 530 °C, 450 °C, 

350 °C, and 500 °C, respectively. Biomass was fed into the pyrolysis zone at ~3.5 g/min until a 

desired cumulative biomass-to-catalyst weight ratio (B:C) was reached. For the regeneration of the 
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catalyst, it was first cooled down to ~150 °C in N2 flow before replacing the flow with 2 vol.% 

O2/N2 and heating the bed to 550 °C at 1 °C/min. The final temperature was held for several hours 

before the nitrogen was stepwise replaced by increasing amounts of air. The regeneration was 

assumed complete once no CO and CO2 were observed in the effluent gas stream. In total, six tests 

were performed (labeled A-F), and the catalyst was regenerated in between each test. Condensation 

was achieved by a three-stage condensation system consisting of i) a cold water bath at 4 °C, ii) 

an ESP for collection of aerosols generated during the initial quench, and iii) a series of impingers 

immersed in a dry-ice/EtOH bath at -60 °C. The dry gas was analyzed continuously for CO and 

CO2 by nondispersive infrared and O2 by paramagnetism and every ~10 min a sample was 

analyzed by GC-FID/TCD for analysis of C1-C6 hydrocarbons and H2.  

8.2.5 Oil characterization 

The liquid products collected at the bench scale pyrolysis unit were kept refrigerated at 

5 °C in order to minimize aging. Karl−Fischer titration, elemental analysis, and GC-MS/FID was 

conducted for the spontaneously phase-separated aqueous and oil fractions according to the details 

described elsewhere [18]. The condensed oil phase was further analyzed for total acid number 

(TAN) following ASTM D664, and the basic nitrogen content was analyzed following UOP 

Method 269-10.  

It is important to provide information on the charring behavior of the liquid products for 

comparison with literature and to assess how suited the bio-oils are for further processing [26]. In 

line with others [56,57], the evaporation behavior of the oils was studied by thermogravimetric 

analysis (TGA). About 20 mg of oil was loaded into a Pt crucible with lid shortly before start of 

the heating ramp in order to minimize the loss of volatiles. The temperature was ramped to 550 °C 

at 10 °C/min under N2 atmosphere (150 ml/min). The revaporization efficiency was defined based 

on the mass% of the loaded (water-free) bio-oil that was volatilized at 350 °C.  

A non-catalytic bio-oil and bio-oil that was obtained from vapor upgrading over a four 

times used and regenerated Na-Al2O3 catalyst at B:C ~4 was further characterized by GC×GC-

ToF/MS or−FID using a LECO® Pegasus 4DTM instrument. The instrument included an Agilent 

7890A GC equipped with a Gerstel® CIS 4 PTV inlet, a secondary oven, a quad-jet, dual-stage 

cryogenic-based (liquid N2) modulator, a time-of-flight (ToF) mass spectrometer (MS) and a flame 

ionization detector (FID). The primary (1D) and secondary (2D) columns were Restek® Rtx-1701 

and SGE® BPX5, respectively. 0.3 mm3 sample, diluted 1:1 in THF, was injected in pulsed split 

mode (split ratio 1:100) into the PVT inlet at 40 °C, and then raised to 300 °C (10 °C/s), with a 

total hold up time of 1.5 min. The main oven with the 1D column was held at 35 °C for 1.5 min 

and then ramped to 275 °C at 3 °C/min; the secondary oven and modulator were run with offsets 

to the main oven of +10 °C and +25 °C, respectively; total run time was 101.5 min. Helium (He) 
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was used as carrier gas at constant flow rate of 1.5 cm3/min, and the modulation period was 7 sec. 

The transfer line and ion source of the ToF/MS detector were operated at constant temperatures of 

250 °C and 225 °C, respectively. The ToF/MS was run in EI mode at 70 eV and an acquisition rate 

of 100 spectra/sec for m/z = 41 to 441. The NIST2008 mass spectral database was used as 

reference. For group quantification, the FID was used. The detector was operated at 300 °C and 

with a sampling rate of 100 Hz. Based on the GC×GC-ToF/MS analysis the compounds were 

classified into 13 groups: aliphatics (paraffins/naphthenes), monoaromatics 

(alkylbenzenes/naphthenobenzenes), di/tri-aromatics, carboxylic acids, pyrroles/nitriles, 

pentanones/hexanones, furanones/furfuryl alcohols, aliphatic ketone/other aliphatic oxygenates, 

indanones/benzofurans/dibenzofuranes, phenols/methoxybenzenes, methoxy-phenols, 

hydroxylated di/tri-aromatics, and dihydroxylated benzenes. The relative amount (FID area-%) of 

each com-pound class was estimated as the sum of areas of all detected peaks in that class divided 

by the total peak area of all compound classes. ChromaTof® 4.72 GC×GC software was applied 

for data acquisition and exporting of raw data as CDF files. Successively, pixel-based analysis 

(proprietary software developed by Copenhagen University) of CDF files was applied for setting 

up group integration templates and quantification of relative amounts (area-%) of compound 

classes. 
1H, 13C NMR and 2D HSQC NMR analysis was performed for selected bio-oils. Details of 

the used instruments and experimental conditions are provided in earlier work [18]. The 

quantitative 13C integration was performed following the procedure suggested by Ben and 

Ragauskas [58], while taking into account the modifications suggested by Happs et al. [59].  

8.3 Results 

8.3.1 Catalyst properties 

Isotherms and pore distribution from nitrogen physisorption are shown in Fig. G-1a. Note 

that the pores are in mesopore range (Fig. G-1b) and as such the total pore volume and surface 

area are the same as the surface area and pore volume of mesopores. The Na impregnation 

decreased the pore volume and surface area from ~0.5 cc/g and >200 m2/g to 0.34 cc/g and 

125 m2/g (see Table 8-2). A further decrease in pore volume and surface area was observed at the 

end of the bench-Py test series to ~0.28 cc/g and 100 m2/g. The Na addition to -Al2O3 decreased 

the pore volume of pores with pore width < 200Å while slightly more pores with pore volume 

>200 Å were formed (see Fig. G-1). Due to the small amount of catalyst used with the -Py, no 

post-reaction characterization was attempted.  

The NH3-TPD and CO2-TPD results for the catalysts that were prepared and tested at bench 

scale are shown in Fig. 8-1, while the characterization for the catalysts tested with the -Py is 
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provided in Fig. G-2. The impregnation with Na2CO3 severely reduced the number of acid sites 

(by ~80%), with only very weak (desorption at 100-200 °C) and medium (desorption at 200-

400 °C) acid sites remaining. The calcination in air at 550 °C increased the acidity only slightly 

for the dried Na-Al2O3 sample. After six reaction-regeneration cycles at bench-scale, the 

concentration of acids sites with weak to medium strength (desorption at 100-300 °C) increased 

from 0.06 mmol/g to 0.11 mmol/g. At the same time, many basic sites with weak to medium 

strength have been lost during the reaction-regeneration cycles, and only strong basic sites 

(desorbing CO2 between 250-500 °C) remained (Fig. 8-1b). As such, it appears that over the course 

of the catalytic testing, basic (Na) species transformed into other species, possibly facilitated by 

the reducing conditions and steam present under reaction conditions. 

As such, it appears that over the course of the catalytic testing, basic (Na) species 

transformed into another species, possibly facilitated by the reducing conditions and steam present 

under reaction conditions. Under reaction conditions, Na(1) is expected to be bound to the Al2O3, 

possibly at hydrated (hydroxy) positions.  

The catalyst characterization by TGA is shown in Fig. G-3. The main weight loss for the 

-Al2O3 support occurred at ~95 °C, attributed to atmospheric moisture, and the mass continued to 

decrease at a lower rate with increasing temperature, which is attributed to phase changes 

accompanied by dehydration [60–62]. The impregnated and dried Na-Al2O3 catalyst on the other 

hand shows four more decomposition peaks at ~250 °C, ~325 °C, ~710 °C, and ~870 °C, which 

can be attributed to the decomposition of different Na2CO3 species on the -Al2O3 surface. After 

calcination of the catalyst, the intensity of the weight losses at ~250 °C, ~325 °C, and ~710 °C had 

decreased appreciably, while the feature at ~870 °C remained the same. After three 

reaction/regeneration cycles, the observed features for the dried, and the dried and calcined 

samples had disappeared completely and the weight loss resembled more closely the TGA of the 

-Al2O3 support, i.e. only dehydration. Thus, the TGA analysis is in agreement with the observed 

changes in CO2-TPD. The calcined Na-Al2O3 catalyst desorbed CO2 at ~250 °C, at which also a 

weight loss was observed in TGA (Fig. G-3). It is worth mentioning that the difference in weight 

loss between -Al2O3 and dried Na-Al2O3 in the temperature range of 400-700 °C roughly agrees 

with a calculated mass loss of 8.3% for the decomposition of Na2CO3 into Na2O and CO2. The 

difference between calcined Na-Al2O3 and -Al2O3 was lower (4-6 mass%), and after multiple 

reaction/regeneration cycles the difference in weight loss between the Na-Al2O3 and -Al2O3 was 

only 1-2%, which is attributed to differences in moisture content. Nguyen et al. [46] had reported 

a difference in weight loss between -Al2O3 and calcined Na-Al2O3 of 8.4 mass%. Both CO2 and 

water were observed during the weight loss, which suggested that the Na on the calcined catalyst 

was present as a hydrated carbonate phase, raising the question if Na2CO3 is completely 
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decomposed into Na2O and CO2 during calcination at 550 °C and to what extent (and how rapid) 

Na2O may take up moisture and CO2 from ambient air.  

Assuming that the impregnated Na2CO3 decomposes to Na2O and CO2 during calcination, 

a theoretical Na load of 9.5 wt.% is calculated. The elemental analysis by XRF determined Na 

loadings of 9.1 wt.% and 9.6 wt.% for the catalysts prepared for the -Py tests and bench scale 

tests, respectively, which is in good agreement with the theoretical loading. A discrepancy to the 

Na content reported for 20 wt.% Na2CO3/γ-Al2O3 in the work by Nguyen et al. [45] is noted, since 

the Na content in their case was reported as ~4.5 wt.%.  

Table 8-2. Physicochemical characterization of -Al2O3, and Na impregnated -Al2O3 tested in the μ-Py. 

Textural parameters were derived from nitrogen adsorption data. Acidity and basicity was determined by 

temperature programed desorption of ammonia and CO2, respectively. Numbers in brackets indicate values 

that were determined after six reaction/regeneration cycles. 
 -Al2O3 Na-Al2O3 (u-Py) Na-Al2O3 (bench-Py) 

Vtotal at p/p0 =0.99 0.56 (0.49) 0.38 0.34 (0.28) 

BET area [m²/g] 268 (212) 113 125 (100) 

Acidity [mmol NH3/g] 0.30 (0.31) 0.06 0.06 (0.11) 

Basicity [mmol CO2/g] 0.004 0.021 0.018 (0.002) 

 

 
Fig. 8-1. (a) Temperature programmed desorption (TPD) of ammonia for parent -Al2O3 (grey) and Na2CO3 

impregnated -Al2O3 after impregnation and drying (orange), calcination (pink), and six 

reaction/regeneration cycles (blue). (b) TPD of CO2. The legend in Fig. 8-1a also applies for Fig. 8-1b. 

 

The XRD analysis (Fig. 8-2) shows that compared to the pattern of the support -Al2O3, 

additional peaks from the Na species arise for the Na-Al2O3 catalyst prior to catalytic tests. Some 

of the Bragg reflections correspond to Na2CO3, suggesting that the catalyst re-adsorbed CO2 from 

the atmosphere after calcination. After reaction/regeneration, Na2CO3 related peaks in the XRD 
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pattern decreased in intensity and became broader, indicating smaller crystallites (Fig. 8-2). Other 

Bragg reflections may correspond to hydrated Na2CO3, Sodium formate, and NaOH, but no single 

phase was found that would fit the additional reflections compared to Al2O3.  

  

 
Fig. 8-2. XRD diffractograms acquired at room temperature and atmospheric conditions.  

8.3.2 Product distribution–μ-Py 

Table G-13 shows the structure of the 34 most prevalent compounds that were identified 

in the FP vapors generated in the -Py system. All compounds contain at least one oxygen 

functionality. Aldehydes (ALD), ketones (KET), and furanic (FUR) compounds were the most 

prevalent compound types, followed by esters (EST) and methoxyphenols (MPH). Phenols (PH) 

and MPH are attributed to the decomposition of the lignin component of wheat straw, while 

anhydrosugars and smaller oxygenates result from the pyrolysis of hemicellulose and cellulose 

[63–65]. For the catalytic vapor upgrading, the change in product distribution was monitored for 

each biomass injection. Then, the integral yields at a certain cumulative weight ratio of injected 

biomass (daf) to loaded catalyst (2 mg) were calculated. For a series of 16 biomass injections of 

~0.5 mg wheat straw (daf) per injection, a cumulative B:C ratio of ~4 was reached. Fig. G-4 shows 

a comparison for the first and 16th biomass injection when using -Al2O3 as a catalyst. Fewer 

species were observed in the chromatogram for the first injection compared to the 16th injection, 

especially the compounds with higher MW eluting after ~17.5 min. This observation is in line with 

an effective cracking of the pyrolysis vapors. For the first injection, the vapors contain a few simple 

oxygenates (FUR and KET) with one oxygen functionality and simple aromatics. Due to catalyst 

deactivation, the 16th injection (B:C = 3.6–3.9) shows a large number of highly oxygenated 
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compounds containing at least two oxygen atoms such as acids, esters, methoxy-phenols, and di-

ketones, which are also observed when replacing the catalyst with a highly inert SiC (Fig. G-4). 

Compared to -Al2O3, Na-Al2O3 yielded less aromatics and more ketones (e.g. acetone and 

cyclopentenones) from the first biomass injection (Fig. G-5). This can be explained by a decreased 

activity for catalytic cracking due to the reduced acidity compared to -Al2O3. Na-Al2O3 showed 

an increased activity for ketonization, which is the conversion of two organic acids to a ketone 

while oxygen is removed in the form of water and CO2 [66–70]. Since CO2 is one of the reaction 

products, it may poison strong base sites and make them unavailable for ketonization reaction. As 

the CO2-TPD showed (Fig. 8-1b), even after repeated reaction/regeneration cycles some base sites 

remained that desorb CO2 below the reaction temperature (500 °C), which should thus be available 

for ketonization in the presence of CO2. The ketonization reaction is beneficial as the formed 

ketones can be further converted to produce longer-chain hydrocarbons via aldol 

condensation/hydrogenation [71,72]. An increased concentration of di-methylated 

cyclopentenones and long chain compounds such as 2- heptadecanone observed in the Na-Al2O3 

treated vapors suggests the occurrence of coupling reactions. When comparing the chromatograms 

for the 16th biomass injection obtained with -Al2O3 and Na-Al2O3, it becomes clear that in contrast 

to Al2O3, Na-Al2O3 was still active in converting acids and showed higher concentrations of certain 

ketones, e.g. (methyl-) pentanedione and butanedione.  

Fig. 8-3 shows the carbon yields of the different product groups for each biomass injection 

as a function of increasing B:C. For -Al2O3, a rapid breakthrough of acids, ketones and aldehydes 

is observed which reach a constant yield at B:C ~2. The yield of methoxyphenols on the other hand 

continued to increase as B:C increased. For Na-Al2O3, the yield of ketones is high and stable from 

the beginning. The yield of ALD remained lower compared to -Al2O3 and most noticeable, the 

conversion of acids and methoxyphenols improved for the Na modified -Al2O3.   



Deoxygenation of wheat straw fast pyrolysis vapors over Na-Al2O3 catalyst for production of bio-oil with low acidity 

203 

 

 
Fig. 8-3. Carbon yields of the different product groups. The abbreviations in the legend refer to aliphatics 

(ALI), monoaromatics (MAR), phenols (PH), aldehydes (ALD), acids (AC), ketones (KET), methoxy-

phenols (MPH), furans (FUR) and alcohols (ALC). 

 

Table 8-3 summarizes the (cumulative) product yields of vapors, gas, and coke at B:C ~4. 

The char yield was 18.3 wt.% (0.08) of fed wheat straw (daf), which is in agreement with char 

yields of 18-21 wt.% (daf) obtained for the same feedstock and pyrolysis temperature at the bench 

scale FP unit [18,19,73]. Higher gas yields were attained for Na-Al2O3 compared to -Al2O3. The 

coke yield was 1.5 wt.% of fed biomass for Na-Al2O3 while it was 2.7 wt.% for Al2O3, which 

explains why Al2O3 deactivates more rapidly than Na-Al2O3 as observed from the differences 

between the 16th injections of the two catalysts (see Fig. G-4 and Fig. G-5). Lower yields of ALD, 

AC, MPH, and FUR and higher yields of KET and ALC were obtained for the Na-Al2O3 compared 

to -Al2O3. It is worth pointing out that the overall yield of compounds with ketone functionalities 

was highest in the non-catalytic case (Table 4-2). To discern the ketonization activity, the ketone 

product group was further divided into two subgroups: 

i) ketones with multiple oxygen functionalities such as hydroxy-ketones, di-ketones, and 

cyclopentenone- and cyclopentanone –derivatives with two or more oxygen functionalities, and  

ii) linear ketones and cyclopentenone- and cyclopentanone –derivatives with a single oxygen 

functionality.  

A full list of the compounds contained in the two ketone subgroups is provided in 

Table G-14. The ketones observed in the non-catalytic case are predominantly contained in group 

i), but some acetone and cyclopentenone is already present in the non-catalytic vapors, which were 

grouped as group ii) ketones. Cyclopentenones originate from the decomposition of carbohydrates 

in the biomass [74] and the presence of alkalines such potassium during fast pyrolysis can further 
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enhance these minor carbohydrate-derived products [75]. The ketones with single oxygen 

functionality, especially linear ketones, are considered ketonization products. This subdivision 

shows that both -Al2O3 and Na-Al2O3 decreased the yield of highly oxygenated group i) ketones 

at a cumulative B:C of ~4, as shown in Table G-15. While no increase in the yield of group ii) 

ketones was observed for -Al2O3, the yield of simple ketones increased from 1.4 wt.% for the 

blank test (SiC) to 2.4 wt.% when using Na-Al2O3, which in combination with the effective 

conversion of acids is a strong indication for ketonization. 

Table 8-3. Product yields (wt.% of fed biomass (daf)) at B:C ~4. Results obtained with SiC as a highly 

inert solid shown for reference. Vapors, gas, and coke were quantified by GC-FID, GC-TCD, and TGA, 

respectively. Char yield was 18.3 wt.% (0.08) for all tests.  

 vapors gas coke 

 ALI MAR PH ALD AC KET MPH FUR ALC CO CO
2
 C1-3 C2-3= C

4
+  

SiC 0.1 0.0 0.3 1.8 2.4 3.9 0.9 0.9 0.7 7.1 17.1 0.1 0.3 0.3 ~0 

-Al
2
O

3
 0.2 0.2 0.3 2.3 1.7 2.6 0.3 1.1 0.6 8.4 17.2 0.1 0.6 0.6 2.7 

Na-Al
2
O

3
 0.1 0.2 0.3 1.5 0.3 3.5 0.3 0.4 0.9 10.3 18.0 0.0 1.3 1.0 n.d. 

Na-Al
2
O

3 

(after single 

use and 

regenerated) 

0.2 0.1 0.3 1.5 0.1 3.5 0.1 0.4 1.2 9.5 18.0 0.1 1.1 0.9 1.5 

The elemental composition of the char from the μ-Py was assumed to be the same as 

determined in bench scale; namely 80 wt.% C, 4 wt.% H, 2 wt.% N, and 14 wt.% O (by difference) 

on a daf basis. Thus, the carbon recovery of char was ~31 wt.% for all tests. The carbon closure 

(Table 8-4) was ~61 wt.% for the non-catalytic case, while it was improved slightly to ~63-66% 

when using a catalyst due to the increased carbon recoveries of gas, vapors and coke. The missing 

carbon is attributed to i) non-identified compounds in the FID chromatogram and ii) deposits of 

oligomeric species with highly reactive functionalities that may polymerize and deposit at the 

interface between the reactors (300 °C), the GC-inlet (270 °C), and the guard column inlet [54]. 

Larger scale catalytic experiments, discussed under section 8.3.3, are thus indispensable for the 

assessment of the elemental composition and quality of the bio-oil. Nevertheless, the differences 

in deactivation, based on the breakthrough of primary pyrolysis vapors and differences in products 

can be compared for different catalysts using the micropyrolyzer. Table 8-4 summarizes the 

obtained product carbon recoveries. For -Al2O3, the cumulative C recovery of the vapors at B:C 

~4 was 11.5%, which is close to SiC and can be explained by the rapid deactivation of the catalyst. 

For Na-Al2O3 the carbon recovery of vapors was lower (9.4%), which can be attributed to the 

elevated gas yields. As indicators for the fuel properties upon condensation of the vapors, 

Table 8-4 lists the wt.% acidity, the oxygen content, the higher heating value (HHV), and the 

effective hydrogen index (EHI) for the vapors. The oxygen content and the acidity of the GC-
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identified vapors was calculated as 𝑤𝑡. % 𝑂 =  
mass of oxygen in vapors

mass of vapors
, and 𝑎𝑐𝑖𝑑𝑖𝑡𝑦 =

 
yield of acids in vapors

mass yield of vapors
. The EHI is a calculated indicator of the ‘net’ H/C ratio of a feed after debiting 

the feed's hydrogen content for complete conversion of heteroatoms to NH3, H2S, and H2O 

according to 𝐸𝐻𝐼 =  
𝐻−2𝑂−3𝑁−2𝑆

𝐶
 [73]. Overall, Na-Al2O3 produced vapors with highly reduced 

acidity and moderate deoxygenation (due to ketonization). The heating value of the accumulated 

vapors at B:C ~4 improved from 24.6 MJ/kg for the non-catalytic SiC to 27.0 MJ/kg and ~29 

MJ/kg when -Al2O3 and Na-Al2O3 was used as a catalyst, respectively. For -Al2O3 and Na-Al2O3 

the HHV of the treated vapors decreased from 30.1 and 29.8 MJ/kg to 26.3 and 29.1 MJ/kg for the 

first and 16th vapor pulse, respectively.  

Favorably, EHI >1 was obtained with Na-Al2O3, which is expected to reduce the coking 

propensity upon further processing of the condensed oil by fluid catalytic cracking (FCC). The 

performance of the Na-Al2O3 after a single oxidative regeneration cycle was comparable to its 

initial use (Table 8-4, Fig. G-6), and the yield of the identified acids (acetic and propionic acid) 

was even lower for the regenerated catalyst (0.04 wt.% of fed biomass) compared to its initial use 

(0.29 wt.%). 

Table 8-4. Carbon balance and vapor properties. For SiC, the vapor properties were determined from three 

biomass injections. For vapor treatment with -Al2O3 and Na-Al2O3, the properties are reported for the 

accumulated vapors of 16 biomass injections corresponding to B:C ~4.  

 Carbon recovery Cumulative vapor properties 

 
C-% 

vapors 
C-% gas 

C-% 

coke 

Acidity vapors 

(wt.%) 

wt.% O 

vapors 

HHV* of 

vapors [MJ/kg] 

EHI† 

vapors 

SiC 12.6 17.3 ~0 22.1 37.1 24.6 0.67 

-Al
2
O

3
 11.5 19.9 4.3 17.6 32.6 27.0 0.88 

Na-Al
2
O

3
 9.4 21.8 n.d. 3.6 30.0 28.7 1.01 

Na-Al
2
O

3 

(after single use 

and regenerated) 

9.4 20.3 3.1 0.7 28.9 29.4 1.06 

*calculated based on CHNO content of vapors according to correlation reported by Channiwala and Parikh [74]. 

†calculated based on definition by Chen et al. [73]. 

8.3.3 Product distribution–bench scale pyrolysis unit  

Six tests were performed using the bench scale FP unit denoted by A-F in chronological 

order. Tests A, B, and C were performed to investigate the change in oil yield and energy recovery 

towards increasing biomass to catalyst ratio (up to B:C = 12.7). Tests D and E were performed to 

test the catalyst stability, since test A, D, E were all stopped at B:C ~4. Finally, test F was 

performed to repeat the operation to high B:C > 10. Fig. 8-4 shows the obtained product yields 

with respect to the fed biomass and includes two non-catalytic references obtained with an empty 

catalytic reactor or ~100 g SiC. The mass balance closure was in the range 92-97% (standard 
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deviation 1.7%), and the missing mass is attributed to char accumulations in the system, and 

volatilization prior to weighing of the condensation equipment. The inline catalytic treatment with 

Na-Al2O3 only slightly increased the dehydration and decarbonylation, while a pronounced 

increase in decarboxylation was observed with 7.6-10.7 percentage point higher CO2 yields 

compared to the empty reactor reference (Fig. 8-4). This is in agreement with observations by 

Nguyen et al. [46] who noted an increase in CO2 yields from 5 to 12 wt.%. A decrease in the molar 

CO/CO2 ratio from 0.66 to 0.60 was also observed in this study using the -Py. 

Upon contact of the catalyst (at operating temperature) with the FP vapors, the bed 

temperature increased by ~30 °C due to exothermic reactions after which the temperature slowly 

decreased (see Fig. G-7). Significantly higher hydrogen concentrations in the gas resulted when 

using Na-Al2O3 compared to -Al2O3. The initially high CO2 and H2 concentration in the gas 

continued to decrease with time-on-stream, while the concentration of CO increased (see 

Fig. G-7). The yields of H2, CO, and CO2 for the first use Na-Al2O3 (run A) was 0.6, 8.6, and 

22.1 wt.%, respectively, while for repetitions D and E, the yield of H2, CO, and CO2 was 0.3, 9.1, 

and 20.5 wt.%, respectively. For comparison, the yield of H2, CO, and CO2 when using -Al2O3 as 

catalyst was 0.15, 9.8, and 13.7 wt.%, respectively. The lower CO and higher CO2 and H2 yields 

compared to -Al2O3 catalyst could indicate water gas shift (WGS) activity of the Na-Al2O3 

catalyst, which is in line with an observed promoter effect of Na for WGS activity [75,76]. 

It is further noteworthy that the coking propensity of the Na-Al2O3 catalyst decreased after 

multiple reaction/regeneration cycles. This can be seen by comparing the coke yields of run A, D, 

E at B:C ~4 and will be discussed in more detail in section 8.3.5. At the same time, the yield of 

liquid range organics increased, while the O content of the liquid surprisingly did not increase, as 

discussed more in sections 8.3.4 and 8.3.7. 

The non-catalytic reference of SiC and empty reactor show lower gas yields and higher 

yields of oil phase, but also much higher losses of organics to the aqueous phase, which is often 

considered wastewater. The yield (relative to fed biomass), of the aqueous phase, its water content, 

carbon concentration, and the carbon recovery with respect to fed biomass carbon in aqueous phase 

are summarized in Table G-16. The water content and carbon content of the aqueous phase was 

68 wt.% and 16 wt.% for the empty-reactor case, while for the catalytic runs the water content 

increased above 92 wt.% and the carbon content of the aqueous phase decreased to 3-5 wt.% 

(Table G-16). 
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Fig. 8-4. Product yields based on fed biomass (daf) when passing wheat straw pyrolysis vapors over Na-

Al2O3. The designation A-F in the legend indicates the order of the performed tests, with the catalyst being 

regenerated in between each run. Product distribution for SiC (500 °C) and empty catalytic reactor shown 

for reference. The char yield was 18.71.1wt.%.  

8.3.4 Oil properties 

Table 8-5 presents an overview of the bio-oil properties along with the B:C ratio at which 

the oil was obtained and the experiment order . The moisture content of the phase-separated bio-

oils was reduced from 11-15 wt.% to 4-9 wt.% after catalytic upgrading. The carbon content of the 

oils increased from 63 wt.% (empty reactor) to ~78 wt.% upon use of catalyst, while the oxygen 

content was reduced from 21-27 wt.% to 9-14 wt.%. While no complete deoxygenation was 

obtained at B:C ~4, the oxygen content remained fairly stable and did not significantly increase 

with increasing B:C, as is usually observed with acidic catalysts [18,19,77]. This observation is in 

line with the ketonization activity observed for the non-condensed vapors analyzed with the μ-Py.  

The catalytic treatment increased the HHV from ~30 MJ/kg to ~37 MJ/kg and the effective 

hydrogen index (EHI) from ~0.6-0.7 to ~1.1-1.2. This is in excellent agreement with the EHI of 

the non-condensed vapors (Table 8-4). Slightly higher values for the HHV and EHI observed in 

the bench scale tests could be a result of longer residence times and the exposure of pyrolysis 

vapors to active sites on the inner surface of tubing in the bench-scale system and the char 
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containing ~25 wt.% ash. In contrast, the μ-Py system is quite inert due to the use of quartz tubes 

and a shorter char-vapor interaction. 

TAN values as low as 0.5 mg KOH/g were obtained, which stresses the selective removal 

of acids and brings the TAN levels in the same range as acidic crude oil [78]. Also for repeated 

tests to B:C ~4, the TAN of the oil remained very low, indicating catalyst stability for acid 

conversion when operated to low B:C. When operated to higher B:C = 10.4 (run F), the TAN had 

increased to 3.5 mg KOH/g whereas it was 1.3 mg KOH/g for run C (B:C = 12.7). This indicates 

that the capacity for conversion of acids has decreased slightly after repeated reaction/regeneration 

cycles, which is likely due to the observed decrease in surface area and basicity (see section 8.3.1). 

This is different from what was observed using the -Py where the conversion of acids was 

improved from first to second use. The reason is likely that the catalyst is operated to higher B:C 

ratio and experiences a higher level of steam for longer time. 

The basic nitrogen content on the other hand increased with deoxygenation (from ~0.4 to 

0.6 mass%), which indicates that denitrification is more challenging compared to deoxygenation 

and thus nitrogen compounds were concentrated due to the decrease in oil yield by deoxygenation.  

As seen from the weight loss curves during heating of the oils via TGA (see Fig. G-8), the 

volatility and stability of the oils during heating improved significantly. The revaporization 

efficiency [56,57] stated in Table 8-5 indicates how much of the dry organics content in the oil has 

volatilized at 350 °C. A significant improvement in revaporization efficiency behavior was 

observed from ~70% to 90-99% upon use of Na-Al2O3 catalyst for vapor upgrading, which can be 

attributed to the reduced charring tendency and reactivity at lower oxygen content.  

Table 8-5. Oil properties of phase-separated bio-oil fraction. 
Experiment empty SiC A B C D E F 

B:C  11.0 4.2 7.9 12.7 3.9 4.2 10.4 

Yield of oil phase [wt.% (daf)] 24.6 19.4 9.8 12.6 14.6 12.7 13.5 15.0 

H2O [wt.%] 11.0 14.7 4.5 3.9 4.6 3.3 5.9 9.3 

wt.% N (d.b.) 3.3 1.6 3.1 3.2 3.5 3.4 2.4 3.5 

wt.% C (d.b.) 63.0 69.9 77.8 78.5 78.1 77.5 79.1 78.5 

wt.% H (d.b.) 7.2 7.1 9.6 9.3 9.1 9.5 9.0 9.1 

wt.% O (d.b.) 26.5 21.4 9.5 9.1 9.2 9.6 9.5 8.9 

wt.% S (d.b.) 0.07 0.10 0.35  n.d. 0.15  n.d. n.d. n.d. 

Higher heating value (HHV) [MJ/kg] 27.7  30.5 37.4 37.4 37.0 37.2 37.1 37.2 

EHI 0.59  0.69 1.18 1.14 1.09 1.16 1.16 1.10 

TAN [mg KOH/g] 71.1 54.4 0.5 0.7 1.3 1.0 0.9 3.5 

Basic nitrogen (mass%) 0.40 0.43 n.d. 0.60 0.66 0.54 0.57 0.61 

Revaporization efficiency @350 °C (d.b.) 67 71 99 92 92 99 96 90 
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The relative abundance of the main compound groups detected by GC-MS/FID in the phase 

separated aqueous fractions is shown in Fig. 8-5a. A list of the FID areas of the single compounds 

is found in Table G-17, along with the FID response correction taken into account for the effective 

carbon number of each compound [79]. After upgrading over Na-Al2O3, the aqueous phase 

organics analyzed by GC-FID were mainly comprised of ketones (~55-58%) and alcohols (~34–

39%), and smaller fractions of phenols (1-4%) and nitrogen containing compounds (1-3%). Acids 

such as acetic acid, (methyl-) propanoic acid, butanoic acid, and 2-pyridinecarboxylic acid were 

only present in small percentages of 2-4% even when operated to high B:C >10. The non-catalytic 

reference contained significantly more acids (28%). In addition, a high concentration of 

hydroxyacetone and small amounts of methoxyphenols and anhydro-sugars (especially 

levoglucosan) were observed, which were not detected in the aqueous fractions derived from Na-

Al2O3 vapor treatment. Many compounds identified in the aqueous phase of the bench scale tests 

were also observed in the non-condensed vapors from the -Py set up (Fig. G-5), such as methanol, 

ethanol, acetone, hydroxyacetone, acetic and propanoic acid, (methyl)-butanones, pentanones, 

(methyl)-cyclopentanones, (di-)methyl-2-cyclopenten-1-ones, (methyl)-phenols and methoxy-

phenols. Fig. 8-5b shows the semi-quantitative yields by multiplying the yield of total organics 

(d.b.) in the aqueous phase with the selectivity of identified compounds. Na-Al2O3 clearly reduced 

the yield of acids recovered in the aqueous phase, which also correlates with the low TAN of the 

phase separated oil phase [19].  

The selectivity and yields of compounds detected in the oil phase by GC-MS/FID are 

shown in Fig. 8-5c and d. No acids were detected by GC-MS/FID in the oils obtained with Na-

Al2O3, even for runs to high B:C. Since some acids were detected in the aqueous phase at B:C ~13 

and 10, any small amounts of acids dissolved in the oil-phase may have been below the detection 

limit of the gas chromatographic method. On the other hand, phenols are known to contribute to 

the TAN of oils [20] and based on the high selectivity to phenols (Fig. 8-5c) they are likely the 

main contributors to the remaining TAN of the bio-oils derived from vapor treatment with Na-

Al2O3. Similar to the considerations made for the -Py (section 8.3.2), the decrease in liquid yield 

by the catalytic treatment and the increased selectivity to ketones may result in similar overall 

yields of ketones in the GC-detectable range compared to the non-catalytic case. Therefore, the 

yield of ketones in the combined liquid phase (oil and aqueous phase) was further divided into 

ketones with multiple oxygen functionalities and ketones with single oxygen functionalities (see 

Table G-14). At bench scale, no ketones with multiple oxygen functionalities (group i) were 

detected by GC-MS/FID for the liquid obtained after upgrading with Na-Al2O3, while the yield of 

simple group ii) ketones was equal or higher compared to the non-catalytic reference case (see 

Table 8-6).  
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Since charring upon heating increases with the oxygen content of oils (see Fig. G-8), the 

presented semi-quantitative yields are likely overestimated for the non-catalytic reference 

oil/aqueous phase due to their higher charring propensity. Nevertheless, it is clear that the non-

catalytic bio-oil contains a cocktail of different oxygenated species and especially higher yields of 

acids and methoxy-phenols while the Na-Al2O3 derived oils mainly contain phenolics and ketones, 

along with oxygen-free hydrocarbons (between 1.5 and 1.8 wt.% of fed biomass), furans and 

alcohols.  

A list of the 24 most prevalent products (constituting ~90% of the total) that were identified 

in the Na-Al2O3 derived bio-oils is provided in Table D-15. 17 of these 24 products identified in 

the condensed oils have also been identified using the -Py (Fig. G-5, Table G-1–Table G-11). 

Table G-19 shows the 20 most prevalent (90% of total) products identified in the bio-oil attained 

without vapor treatment in the bench scale reactor. 17 of those 20 compounds were also observed 

for the non-condensed pyrolysis vapors obtained using the -Py (Fig. G-4, Table G-1–

Table G-11). Without catalytic treatment, hydroxyacetone and acetic acid appear amongst the 

highest concentration of compounds for both the non-condensed vapors from the -Py and the 

condensed bio-oil from the bench-Py. As such, there is good agreement in the chemical 

composition between non-condensed vapors and condensed oils. However, significantly less 

aldehydes were detected in the condensed non-catalytic pyrolysis oil compared to the non-

condensed vapors. Aldehydes are highly reactive and it is therefore likely that aldehydes further 

reacted/polymerized after condensation.  

No methoxy-phenols were detected in the bio-oils from catalytic treatment with Na-Al2O3 

while methoxy-phenols were found to break through in the non-condensed vapors at B:C >2 using 

the -Py. This observation is attributed to higher conversions obtained in bench scale due to the 

lower ratio of vapor flowrate to catalyst mass. The removal of the methoxy-groups from methoxy-

phenols is in line with higher yields of phenols compared to the non-catalytic reference.  
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Fig. 8-5. (a) Selectivity of compounds (grouped) in aqueous phase analyzed by GC-MS/FID. (b) Semi-

quantitative yields of compounds in aqueous phase. (c) Selectivity of compounds (grouped) in oil phase 

analyzed by GC-MS/FID. (d) Semi-quantitative yields of compounds in oil phase.  

Table 8-6. Product yields (wt.% of fed biomass (daf)) of ketones detected in the condensed liquid from 

bench-Py. Group i) ketones contain multiple oxygen functionalities while group ii) ketones contain only a 

single ketone group (see Table G-14).  

empty reactor 
run A, 

B:C ~4 

run B, 

B:C ~8 

run C, 

B:C ~13 

run D, 

B:C ~4 

run E, 

B:C ~4 

run F, 

B:C ~10 

group i) 

ketones 
7.4 0.0 0.0 0.0 0.0 0.0 0.0 

group ii) 

ketones 
5.4 5.4 6.2 6.5 7.6 8.4 8.8 

 

Two-dimensional GC×GC analysis allows a more comprehensive characterization of bio-

oil based on the spatial separation of polar and nonpolar compounds. The 2D GC×GC plots for the 

non-catalytic bio-oil and the bio-oil obtained from vapor upgrading at run E (B:C ~4) are shown 

in Fig. G-9–Fig. G-10. The integration results of the different regions in the two-dimensional plots 

are summarized in Table 8-7. Compared to the non-catalytic reference, the oil obtained from vapor 

treatment with Na-Al2O3 shows increased concentrations of oxygen-free aromatics such as 

aromatics and paraffins/napthenes. The concentration of carboxylic acids dropped from 5.5% to 

0.1%, in agreement with the severe reduction in TAN (Table 8-5) and one-dimensional GC-

MS/FID (Fig. 8-5) analysis. Likewise, increased contributions of aliphatic ketones (from 3.6 to 

14.3%) and a reduction in the concentration of methoxy-phenols (from 10 to 4.4%) agree with the 

observations made with 1D GC-MS/FID (Fig. 8-5). 
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Table 8-7. Integration results from GC × GC-FID analysis of the bio-oils. 

  

non-

catalytic 

run E 

(B:C ~4) 

paraffins/naphthenes 7.1 11.9 

alkylbenzenes/naphthenobenzenes 3.9 8.5 

diAromatics/triAromatics/Biphenyls  1.4 7.5 

carboxylic acids 5.5 0.1 

pyrroles/nitriles 1.3 0.6 

pentanones/hexanones 14.0 7.1 

aliphatic ketone/other aliphatic oxygenates 3.6 14.3 

indanones/benzofurans/dibenzofuranes 7.3 11.0 

furanones/furfuryl alcohols 2.3 0.1 

phenols/methoxybenzenes 29.6 30.9 

dihydroxylated benzenes 6.2 0.5 

hydroxylated two/three-ring aromatics  7.8 3.1 

methoxy-phenols 10.0 4.4 

While gas-chromatographic methods provide single-compound information, they only 

analyze the more volatile compounds of the oils since compounds may char at the injection port 

(~280 °C) or have a higher boiling point temperature (Fig. G-8). For analysis of the whole oil 

composition, 13C NMR characterization was performed for the non-treated bio-oil and two bio-

oils obtained by vapor treatment to B:C ~4 and B:C ~10 using 100 g of Na-Al2O3 at 500 °C 

(Table 8-8, Fig. G-11). Note that the two oils were obtained towards the end of the test series, i.e. 

after the catalyst had undergone four or five reaction/regeneration cycles. Despite slight 

differences in the chemical shift assignment, the 13C NMR analysis of the non-catalytic reference 

oil agrees well with the 13C NMR analysis reported by Negahdar et al. [63] for wheat straw FP oil, 

which showed 35.7% alkyl C (54–1 ppm), 12.4% carbonyl (215–163 ppm), 5.6% carbohydrates 

(103–70 ppm), and 30.1% aromatics (163–103 ppm). The vapor treatment with Na-Al2O3 reduced 

the contribution of carbonyls from ~15% to ~11% and the contribution of aromatic C–O was 

reduced from ~13 to 7-8%. Nguyen et al. [46] reported that the upgraded oil from treatment of 

pine FP vapors with 20 wt.% Na2CO3/-Al2O3 catalyst contained a high amount of carbonyl 

components in the bio-oil, which can cause stability problems owing to condensation reactions 

with alcohols/phenols. The present 13C NMR analysis shows that for upgrading of wheat straw 

derived FP vapors using the Na-Al2O3 catalyst the concentration of carbonyl and phenols was 

reduced by the catalytic treatment, implying improved stability. However, carbonyls were not very 

effectively removed with Na-Al2O3, which is in agreement with a high yield of ketones observed 

with the μ-Py (Fig. 8-3, Table 8-3) and the GC analysis of the condensed aqueous and oil phase 

(Fig. 8-5). The almost complete removal of acids and increased CO2 yields suggests ketonization, 

and the ketones were not efficiently deoxygenated further over the Na-Al2O3 catalyst. It is worth 

mentioning that the increase in aliphatics detected by NMR could indicate the presence of long 
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aliphatic chains (with or without oxygen functionality) and more methyl-groups, which in 

combination with the increased concentration of aliphatic ketones detected by GC x GC analysis 

agrees with the increased concentration of methylated cyclopentenones and long chain aliphatic 

ketones observed with the -Py. 

The sum of aromatic C-C and C-H contributions increased by the catalytic treatment from 

~25% for the non-catalytic case to ~28–29% (in agreement with higher yields of MAR and PH 

observed by GC-MS/FID, Table 8-5), along with a clear increase in the aliphatic C–H contribution 

from ~32% to ~50%. The catalytic treatment reduced the aliphatic C–O contribution from ~11 to 

~2% and methoxy groups were practically removed completely. While a slight increase in aromatic 

C-O and methoxy groups is observed when comparing the oils obtained at B:C ~4 and B:C ~10, 

the oils are surprisingly similar, which indicates that the Na-Al2O3 catalyst can maintain its 

catalytic performance up to high B:C ratios. A high mobility of Na+ ions in the sodium beta-

alumina under reaction conditions may explain why the catalyst is fairly robust towards 

deactivation. 

Table 8-8. Carbon percentage based on the 13C NMR analysis of bio-oils. 

Catalyst - 

Na-Al2O3, 

B:C ~4 

Na-Al2O3, 

B:C ~10 

Carbonyl (215–166.5 ppm) 14.6% 11.2% 10.7% 

Aromatic C–O (166.5–142 ppm) 12.5% 6.9% 8.2% 

Aromatic C–C (142–132/125 ppm)a 7.5% 4.8% 5.1% 

Aromatic C–H (132/125–95.8 ppm)a 17.9% 23.0% 24.3% 

Aliphatic C–O (95.8–60.8 ppm) 10.6% 2.2% 2.2% 

Methoxy (60.8–55.2) 5.0% 0.4% 0.6% 

Aliphatic C–H (55.2–0 ppm, with exclusion of solvent) 31.8% 51.4% 48.8% 
aFor catalytically treated pyrolysis oils, the border between aromatic C–C and aromatic C–H was moved downfield 

from 125 ppm to 132 ppm following the recommendation of Happs et al. [59] 

Compared to 1D NMR spectra required for quantification, 2D NMR spectra lower the 

likelihood of overlapping because the signals are spread out into two dimensions. The 

heteronuclear single-quantum correlation spectroscopy (HSQC) correlates chemical shifts of 

carbons and protons in a phase sensitive way. The 2D HSQC spectra are provided in Fig. G-12. 

Oils obtained from the catalytic vapor treatment with Na-Al2O3 showed a clear reduction in -CH-

O- and -O-CH-O- groups, mainly present in sugars. In addition, a clear reduction in aldehydes is 

observed. For the oil collected at B:C ~10, a slightly higher contribution of -CH-O-, -O-CH-O-, 

and aldehyde groups is noted compared to B:C ~4; however the concentration of these groups at 

B:C ~10 was still clearly lower compared to the non-catalytic reference. 
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8.3.5 Coke on catalyst 

The combustion of the coke deposits that had accumulated on 2 mg of catalyst (tested at 

the -Py) was monitored by thermogravimetric analysis (Fig. 8-6). Coke deposits on Na-Al2O3 

(5.9 wt.% of C per coke-free catalyst) combusted at ~100 °C lower temperature compared to -

Al2O3 (8.0 wt.% of C per coke-free catalyst), which can be attributed to a combustion catalytic 

effect of Na [80]. In combination with the lower coke yields observed after Na incorporation 

(Table 8-4), this demonstrates that the Na incorporation could decrease regeneration time. In 

agreement with the lower combustion temperature for regeneration of Na-Al2O3 compared to 

-Al2O3 observed at the -Py (Fig. 8-6), the evolution of CO/CO2 during regeneration of Na-Al2O3 

used at bench scale occurred at lower temperatures (see Fig. G-14).  

 
Fig. 8-6. Derivative curves of weight loss (DTG) during combustion of coke deposits on 2 mg of catalyst. 

The coke deposited on the catalyst during upgrading of wheat straw FP vapors (B:C ~4) in a -Py. Reaction 

atmosphere during coke combustion: 20 vol.% O2 in argon, heating rate: 10 °C/min. 

Fig. 8-7 compares the coking propensity (in terms of deposited mass of carbon per coke-

free catalyst) for different catalysts from the bench scale pyrolyzer as a function of increasing B:C 

ratios. When using Na-Al2O3 for vapor treatment, the first test at B:C ~4 (run A) formed more 

coke compared to later repetitions at B:C ~4 (run D+E), which is tentatively attributed to the 

observed decrease in the amount of basic sites and surface area. Our earlier works [18,19,77] 

indicated that increased catalyst loadings resulted in increased amounts of coke deposited per mass 

of catalyst (compared at the same B:C). In earlier work [19] the coke deposition on -Al2O3 was 

determined for ~180 and ~40 g, while in this work 100 g of Na-Al2O3 was tested. As seen from 

Fig. 8-7, the coking propensity of Na-Al2O3 appears in the same range as for alumina and about 

twice as high compared to HZSM-5 zeolite. While for the initial tests (A+B) the coking propensity 

for 100 g Na-Al2O3 was higher compared to using ~180 g -Al2O3, later tests (D-F) indicate a 

coking propensity similar to ~40 g -Al2O3, which suggests that for the same mass of catalyst the 

‘equilibrated’ Na-Al2O3 has a slightly lower coking propensity compared to -Al2O3. It is well 

known that sodium and potassium are very reactive towards steam gasification of char [81]. Under 
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reaction conditions, the moisture introduced by the biomass (~9 wt.%) and the water produced 

from dehydration reactions occurring during catalytic vapor upgrading contribute to a high steam 

partial pressure (~14%). While gasification usually operates at >800 °C, it was tested to what 

extent coke gasification catalyzed by Na occurs at the reaction temperature of ~500-530 °C applied 

in this work. To this end, steam (~36 vol.%) was passed over a coked Na-Al2O3 catalysts with 

~32 wt.% coke/catalyst that was recovered after test F (B:C ~10) while increasing the catalyst 

temperature from 120 °C to 550 °C at 2 °C/min. Monitoring the gas species during the temperature 

ramp (Fig. G-13) confirmed that towards the reaction temperature applied for the vapor upgrading, 

appreciable coke gasification reactions take place over the Na-Al2O3 catalyst. Besides CO2, also 

CO, small hydrocarbons (mainly methane), and H2 were observed, especially towards increased 

temperature. H2 may be the product from gasification and/or WGS. While the steam concentration 

was ~14% under reaction conditions in this study, at full scale less nitrogen carrier gas and thus 

higher steam loadings are expected.  

For the coked catalyst collected after run F (B:C = 10.4), the surface area had decreased 

from ~100 m2/g (coke-free catalyst) to 53 m2/g (coked catalyst), and the pore volume had 

decreased from ~0.28 to 0.11 cc/g, indicating that the coke had filled ~0.17 cc/g of the pores. While 

the pore volume decreased, there was no significant shift in the pore width centered at ~105 Å (see 

Fig. G-1). Nguyen et al. [46] found that the coke species contained a high oxygen content of 

~42 wt.% due to the oligomerization of pyrolysis vapor oxygenates. In contrast to their findings, 

our results showed that the coke deposited on Na-Al2O3 from upgrading of wheat straw FP vapors 

at bench scale contained 94 wt.% C, 2 wt.% H, and only ~4 wt.% oxygen (by difference).  

 
Fig. 8-7. Deposited mass of carbon in coke per coke-free catalyst for different catalysts and increasing B:C 

ratios for the bench scale pyrolyzer set-up. The letter next to the data points obtained with Na-Al2O3 

indicates the order in which the experiments were performed. Data points for -Al2O3 and HZSM-5 have 

been reported in earlier works [19,77].  
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8.3.6 Catalyst stability 

SEM-EDX analysis showed that for the fresh catalyst the Na is homogenously distributed 

(Fig. 8-8a) on the -Al2O3 support, in agreement with literature [46]. Please note that the color 

intensity in Fig. 8-8 is not representative of the quantitative elemental composition of the sample. 

Further SEM-EDX examples showing the distribution of Al, O, and Na are provided in Fig. G-15. 

The catalyst underwent six cycles of reaction and regeneration, with a nominal set-point of 500 

and 550 °C, respectively. Due to exothermic reactions during vapor upgrading and coke 

combustion, the catalyst experienced a maximum temperature of ~530 °C and ~570 °C during the 

reaction and regeneration, respectively. The biomass introduced moisture and the pyrolysis 

reactions produce steam during FP operation, while during regeneration steam is produced via 

combustion of hydrogen in the coke. It can be seen from Fig. 8-8b and Fig. G-15 that also after the 

exposure to hydrothermal conditions during reaction/regeneration the Na was homogeneously 

dispersed on the -Al2O3 support at micron length scale. The surface area of Na-Al2O3 slightly 

decreased after six reaction/regeneration cycles from 125 m2/g to 100 m2/g, which may indicate 

sintering of the alumina.  

In order to ensure that no Na species were lost due to volatilization during reaction and 

regeneration, the Na content was re-analyzed after the test series. In addition, the used catalyst was 

analyzed for components that are present in high concentrations in the biomass ash (Ca, K, and 

Mg). As shown in Table 8-9, no reduction in Na content has occurred—in agreement with others 

[45]— and any accumulation of biomass ash components was successfully prevented by the ex-

situ configuration of the catalyst bed with an upstream hot gas filtration at 350 °C.  

 

  
Fig. 8-8. SEM-EDX images of Na-Al2O3 catalyst (a) pre-reaction and (b) post-reaction. The color intensity 

is not representative for the quantitative elemental composition of the sample.  
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Table 8-9. Elemental analysis by XRF of Na-Al2O3 catalyst before and after test series.  

  Al (wt.%) Si (wt.%) Na (wt.%) Ca (wt.%) K (wt.%) Mg (wt.%) 

Na-Al2O3 43.6 n.d. 9.55 n.d. n.d. n.d. 

Na-Al2O3-u6-r6† 41.3 0.1 10.6 <0.05 <0.04 0.00 
†The suffix ‘u6-r6’ indicates that the catalyst was used for six cycles of vapor upgrading and regeneration.  

For the basicity probed by CO2-TPD, the adsorption of CO2 was conducted at 50 °C. In 

order to investigate any differences in the CO2 chemisorption capability under operating conditions 

(500 °C) after six reaction-regeneration cycles, the evolving CO2 during heating to 600 °C was 

monitored. The results of this investigation are shown in Fig. G-16. Two distinct CO2 desorption 

peaks at ~250 °C and ~330 °C were observed for the calcined Na-Al2O3, in agreement with weight 

losses at similar temperatures observed with the TGA (Fig. G-3). After lowering the sample 

temperature to 500 °C, adsorption of CO2 and flushing of weakly adsorbed CO2 in helium, the 

further increase in temperature showed a clear release of CO2 at ~590 °C (see Fig. G-16). This 

sequence was repeated twice for the same Na-Al2O3 catalyst after being exposed to ambient air 

over night. As can be seen from Fig. G-16, the calcined Na-Al2O3 catalyst gradually lost its 

capacity for CO2 adsorption from ambient air, whereas the CO2 adsorption capacity at 500 °C 

remained at a similar level. Similarly, for the sample obtained after six reaction-regeneration 

cycles, there was less CO2 desorption during the initial heating ramp, while the catalyst still 

showed a good uptake of CO2 at 500 °C. For Al2O3 on the other hand, the adsorption of CO2 from 

ambient air and under reaction conditions was significantly less (Fig. G-16).  

Together with the stable deoxygenation performance, it appears that the loss in CO2 

adsorption capacity close to ambient conditions did not have a large negative effect on the 

deoxygenation activity of the catalyst. On the other hand, the CO2 adsorption capacity at reaction 

temperature was largely preserved for Na-Al2O3-u6-r6, and may thus play an important role in the 

effective deoxygenation mechanism of Na-promoted Al2O3 catalysts. 

8.3.7 Performance of Na-Al2O3 in comparison with acidic catalysts 

Fig. 8-9a shows the degree of vapor deoxygenation (DOD) and the relative energy recovery 

of the vapors compared to a non-catalytic reference case for the -Py study. For -Al2O3, ~30% 

DOD was obtained for the first vapor pulse at ~50% energy recovery of the vapors. With increasing 

B:C, the DOD continuously decreased while the energy recovery of the vapors increased. For Na-

Al2O3, on the other hand, the initial DOD was lower at ~22%. Importantly however, it remained 

stable for increasing B:C. It is of interest to compare the performance of the Na-Al2O3 tested in 

the bench-Py to other acidic catalysts. In earlier work [19,77], the performance of HZSM-5, -

Al2O3, mesoporous HZSM-5, and HZSM-5/-Al2O3 was reported for upgrading of wheat straw FP 

vapors. In comparison with these catalysts, Fig. 8-9b shows the degree of deoxygenation (DOD) 

obtained in the collected bio-oil and their energy recovery with respect to a non-catalytic reference 
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case (empty catalytic reactor at 500 °C). For acidic catalysts, with operation to increasing B:C the 

energy recovery of the oil increased while the DOD clearly decreased. For Na-Al2O3, however, 

the DOD remained stable between 60 to 70%, even when operated to quite high B:C of ~13. This 

allowed outperforming the acidic catalysts, since about 10% higher energy recovery was obtained 

for the same DOD of ~60%. While overall higher deoxygenation was obtained at bench-Py due to 

the higher ratio of catalyst mass to vapor flowrate, it was found that the -Py can provide 

reasonable indications for the trends in deoxygenation performance of different catalysts. When 

Na-Al2O3 was tested at the bench-Py, it is interesting to note that the oil yield (see Table 8-5) and 

thus the energy recovery increased for the same B:C of 4 after repeated use. This observation 

correlated with decreased yields of coke and gas after repeated use (see Fig. 8-4). Nguyen et al. 

[51] found the deoxygenation activity of the 25 wt.%Na2CO3/γ-Al2O3 catalyst comparable to 

HZSM-5 (Si/Al ~ 15), albeit the Na-Al2O3 catalyst showed a higher coke yield (4.1 wt.%) 

compared to HZSM-5 (2.3 wt.%) and a lower yield of organic fraction (26.2 wt.% vs. 27.8 wt.%).  

Fig. 8-10 shows the obtained TAN of the collected bio-oils from upgrading with Na-Al2O3 

and solid acid catalysts [19,77] with the cumulative B:C ratio to which the process was operated 

and the corresponding yield of oil fraction. As seen from Fig. 8-10a in comparison to the reference 

acidic catalysts the bio-oil obtained from vapor treatment with Na-Al2O3 has a lower TAN for the 

whole range of B:C 4–13. Importantly, for a given TAN of the bio-oil, higher oil yields were 

obtained with Na-Al2O3 compared to using acidic catalysts (Fig. 8-10b).  

 
Fig. 8-9. Relative deoxygenation and energy recovery of (a) non-condensed vapors in -Py and (b) of the 

condensed oil phase including C4+ gas compounds compared to a non-catalytic reference in bench scale. 

Note the difference axes scaling in Fig. 8-9a and b. Data points for acidic catalysts shown in Fig. 8-9b have 

been reported in earlier works [19,77]. For brevity, the results obtained with different HZSM-5 (Si/Al = 15, 

27, and 40) are represented in one symbol.  
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Fig. 8-10. (a) Total acid number (TAN) of collected oils as a function of cumulative biomass-to-catalyst 

ratio. (b) TAN as a function of oil yield. The yield and TAN of the bio-oil without vapor treatment was 

25 wt.% and 71 mg KOH/g, respectively.  

8.4 Conclusion 
The upgrading of pyrolysis oil by using Na doped -Al2O3 as a catalyst for deoxygenation 

of wheat straw fast pyrolysis vapors was investigated by a tandem -Py and a larger bench scale 

pyrolysis unit. Na impregnation of mesoporous -Al2O3 influenced the textural and chemical 

properties; in particular, the surface area and acidity decreased, while basicity was added. The Na 

species were well distributed over the support.  

By using the -Py, the effect of catalyst deactivation on the change in product composition 

could be monitored for the non-condensed vapors. Acids were effectively converted up to higher 

biomass-to-catalyst ratios for Na-Al2O3 compared to -Al2O3 and no permanent catalyst 

deactivation was observed after a single regeneration. 

Bench scale tests using 100 g of catalysts allowed assessing the fuel properties and energy 

recovery of condensed pyrolysis oil, which are relevant parameters for industrial applications. In 

agreement with the results of the -Py, the bio-oil when operating to a biomass to catalyst ratio 

(B:C) of ~4 g/g had remarkably low TAN of ~1 mg KOH/g and an oil oxygen content reduction 

level of 65% relative to a non-catalytic oil was obtained. The catalyst activity for acid conversion 

was stable for multiple reaction/regenerations cycles and the Na remained well dispersed on the 

support despite the hydrothermal conditions of ~530 °C during reaction and ~570 °C during 

regeneration. Compared to the freshly calcined catalyst, however, a decrease in basicity and an 

increase in acidity was observed indicating that (part of) the Na was bound differently after 

repeated use.  

Compared to acidic catalysts such as -Al2O3 or HZSM-5 zeolite, the oxygen removal with 

Na-Al2O3 was less severe at low B:C, limited to producing a bio-oil with ~9 wt.% O at the applied 
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flow to catalyst ratio. This is attributed to ketonization activity of the Na-Al2O3 catalyst, thereby 

retaining some oxygen. However, at energy recoveries of ~60-70% relative to non-treated bio-oil, 

the deoxygenation was comparable to the acidic catalysts. The operation to higher B:C ratios up 

to 13 maintained a good deoxygenation performance of ~60%, which allowed to achieve ~10% 

higher energy recovery of bio-oil compared to the acidic catalysts. For a given TAN, the use of 

Na-Al2O3 allowed to operate to higher B:C ratios and provided higher oil yield compared to vapor 

treatment with acidic catalysts. As such, the upgrading of biomass derived fast pyrolysis vapors 

with Na-Al2O3 poses an economically attractive alternative to zeolites for production of bio-oil 

with low corrosion potential, which may be further processed in conventional refineries or directly 

applied as a renewable fuel for ship diesel engines. Further studies of Na-Al2O3 to elucidate its 

structure, optimal Na content, long-term behavior and processing of produced oils in refinery 

processes such as FCC and hydroprocessing appear highly relevant. 

Acknowledgment 
Dr. Leonhard Schill (DTU, Department of Chemistry) is acknowledged for conducting 

CO2-TPD measurements. 

References 
[1] G.W. Huber, A. Corma, Synergies between bio- and oil refineries for the production of fuels from biomass, 

Angew. Chemie - Int. Ed. 46 (2007) 7184–7201. doi:10.1002/anie.200604504. 

[2] N. Tröger, D. Richter, R. Stahl, Effect of feedstock composition on product yields and energy recovery rates 

of fast pyrolysis products from different straw types, J. Anal. Appl. Pyrolysis. 100 (2013) 158–165. 

doi:10.1016/j.jaap.2012.12.012. 

[3] C.W. Edmunds, E.A.R. Molina, N. Andre, C. Hamilton, S. Park, O. Fasina, S. Adhikari, S.S. Kelley, J.S. 

Tumuluru, T.G. Rials, N. Labbe, Blended Feedstocks for Thermochemical Conversion: Biomass 

Characterization and Bio-Oil Production From Switchgrass-Pine Residues Blends, Front. Energy Res. 6 

(2018) 16. doi:10.3389/fenrg.2018.00079. 

[4] K. Wang, O.D. Mante, J.E. Peters, D.C. Dayton, Influence of the Feedstock on Catalytic Fast Pyrolysis with 

a Solid Acid Catalyst, Energy Technol. (2016) 183–188. doi:10.1002/ente.201600254. 

[5] D.L. Carpenter, T.L. Westover, S. Czernik, W. Jablonski, Biomass feedstocks for renewable fuel production: 

a review of the impacts of feedstock and pretreatment on the yield and product distribution of fast pyrolysis 

bio-oils and vapors, Green Chem. 16 (2014) 384–406. doi:10.1039/C3GC41631C. 

[6] B. Rejai, S.C.S.C.S.C. Engineer, R.J. Evans, S. Chemist, P. Chemist, J.P. Diebold, P.C. Engineer, J.W. Scahill, 

S.C.S.C.S.C. Engineer, C. Conversion, The conversion of biobased feedstocks to liquid fuels through 

pyrolysis, Energy From Biomass Wastes XV. (1991) 855–876. 

[7] T.N. Trinh, P.A. Jensen, D.J. Kim, N.O. Knudsen, H.R. Sørensen, S. Hvilsted, Comparison of lignin, 

macroalgae, wood, and straw fast pyrolysis, Energy and Fuels. 27 (2013) 1399–1409. doi:10.1021/ef301927y. 

[8] C.E. Greenhalf, D.J. Nowakowski, A.B. Harms, J.O. Titiloye, A. V. Bridgwater, A comparative study of straw, 

perennial grasses and hardwoods in terms of fast pyrolysis products, Fuel. 108 (2013) 216–230. 

doi:10.1016/j.fuel.2013.01.075. 

[9] H.L. Chum, R.P. Overend, Biomass and renewable fuels, Fuel Process. Technol. 71 (2001) 187–195. 

doi:10.1016/S0378-3820(01)00146-1. 

[10] M. Shemfe, S. Gu, B. Fidalgo, Techno-economic analysis of biofuel production via bio-oil zeolite upgrading: 

An evaluation of two catalyst regeneration systems, Biomass and Bioenergy. 98 (2017) 182–193. 

doi:10.1016/j.biombioe.2017.01.020. 



Deoxygenation of wheat straw fast pyrolysis vapors over Na-Al2O3 catalyst for production of bio-oil with low acidity 

221 

 

 

 

[11] L. Faba, E. Díaz, S. Ordóñez, Recent developments on the catalytic technologies for the transformation of 

biomass into biofuels: A patent survey, Renew. Sustain. Energy Rev. 51 (2015) 273–287. 

doi:10.1016/j.rser.2015.06.020. 

[12] M.S. Talmadge, R.M. Baldwin, M.J. Biddy, R.L. McCormick, G.T. Beckham, G.A. Ferguson, S. Czernik, K. 

Magrini, T.D. Foust, P.D. Metelski, C. Hetrick, M.R. Nimlos, A perspective on oxygenated species in the 

refinery integration of pyrolysis oil, Green Chem. 16 (2014) 407–453. doi:10.1039/C3GC41951G. 

[13] M.P. Brady, J.R. Keiser, D.N. Leonard, A.H. Zacher, K.J. Bryden, G.D. Weatherbee, Corrosion of stainless 

steels in the riser during co-processing of bio-oils in a fluid catalytic cracking pilot plant, Fuel Process. 

Technol. 159 (2017) 187–199. doi:10.1016/j.fuproc.2017.01.041. 

[14] A. Pinho, M.B.B. de Almeida, F.L. Mendes, L.C. Casavechia, M.S. Talmadge, C.M. Kinchin, H.L. Chum, A. 

De Rezende, M.B.B. De Almeida, F. Leal, L. Carlos, M.S. Talmadge, C.M. Kinchin, H.L. Chum, Fast 

pyrolysis oil from pinewood chips co-processing with vacuum gas oil in an FCC unit for second generation 

fuel production, Fuel. 188 (2017) 462–473. doi:10.1016/j.fuel.2016.10.032. 

[15] T. Marker, J. Petri, T. Kalnes, M. McCall, D. Mackowiak, B. Jerosky, B. Reagan, L. Nemeth, M. Krawczyk, 

S. Czernik, D.C. Elliott, D. Shonnard, Opportunities for Biorenewables in Oil Refineries, Golden, CO, 2005. 

doi:10.2172/861458. 

[16] A. V. Bridgwater, Review of fast pyrolysis of biomass and product upgrading, Biomass and Bioenergy. 38 

(2012) 68–94. doi:10.1016/j.biombioe.2011.01.048. 

[17] R. French, S. Czernik, Catalytic pyrolysis of biomass for biofuels production, Fuel Process. Technol. 91 

(2010) 25–32. doi:10.1016/j.fuproc.2009.08.011. 

[18] A. Eschenbacher, P.A. Jensen, U.B. Henriksen, J. Ahrenfeldt, C. Li, J.Ø. Duus, U.V. Mentzel, A.D. Jensen, 

Impact of ZSM-5 deactivation on bio-oil quality during upgrading of straw derived pyrolysis vapors, Energy 

& Fuels. 33 (2019) 397–412. doi:10.1021/acs.energyfuels.8b03691. 

[19] A. Eschenbacher, P.A. Jensen, U.B. Henriksen, J. Ahrenfeldt, C. Li, J.Ø. Duus, U.V. Mentzel, A.D. Jensen, 

Deoxygenation of wheat straw fast pyrolysis vapors using HZSM-5, Al2O3 , HZSM-5/Al2O3 extrudates, and 

desilicated HZSM-5/Al2O3 extrudates, Energy & Fuels. (2019) acs.energyfuels.9b00906. 

doi:10.1021/acs.energyfuels.9b00906. 

[20] A. Oasmaa, D.C. Elliott, J. Korhonen, Acidity of biomass fast pyrolysis bio-oils, Energy and Fuels. 24 (2010) 

6548–6554. doi:10.1021/ef100935r. 

[21] S. Bezergianni, A. Dimitriadis, O. Kikhtyanin, D. Kubička, Refinery co-processing of renewable feeds, Prog. 

Energy Combust. Sci. 68 (2018) 29–64. doi:10.1016/j.pecs.2018.04.002. 

[22] C. Wang, M. Li, Y. Fang, Coprocessing of Catalytic-Pyrolysis-Derived Bio-Oil with VGO in a Pilot-Scale 

FCC Riser, Ind. Eng. Chem. Res. 55 (2016) 3525–3534. doi:10.1021/acs.iecr.5b03008. 

[23] A. Oasmaa, S. Czernik, Fuel oil quality of biomass pyrolysis oil - State of the art for the end users, Energy & 

Fuels. 13 (1999) 914–921. doi:10.1021/ef980272b. 

[24] S. Czernik, A. V. Bridgwater, Overview of applications of biomass fast pyrolysis oil, Energy & Fuels. 18 

(2004) 590–598. doi:10.1021/ef034067u. 

[25] A. Saraeian, M.W. Nolte, B.H. Shanks, Deoxygenation of biomass pyrolysis vapors: Improving clarity on the 

fate of carbon, Renew. Sustain. Energy Rev. 104 (2019) 262–280. doi:10.1016/j.rser.2019.01.037. 

[26] R.H. Venderbosch, A critical view on catalytic pyrolysis of biomass, ChemSusChem. 8 (2015) 1306–1316. 

doi:10.1002/cssc.201500115. 

[27] J. Jae, G.A. Tompsett, A.J. Foster, K.D. Hammond, S.M. Auerbach, R.F. Lobo, G.W. Huber, Investigation 

into the shape selectivity of zeolite catalysts for biomass conversion, J. Catal. 279 (2011) 257–268. 

doi:10.1016/j.jcat.2011.01.019. 

[28] T.R. Carlson, G.A. Tompsett, W.C. Conner, G.W. Huber, Aromatic production from catalytic fast pyrolysis 

of biomass-derived feedstocks, Top. Catal. 52 (2009) 241–252. doi:10.1007/s11244-008-9160-6. 

[29] P.A. Horne, P.T. Williams, The effect of zeolite ZSM-5 catalyst deactivation during the upgrading of biomass-

derived pyrolysis vapours, J. Anal. Appl. Pyrolysis. 34 (1995) 65–85. doi:10.1016/0165-2370(94)00875-2. 

[30] J. Jae, Production of green aromatics and olefins from lignocellulosic biomass by catalytic fast pyrolysis: 

Chemistry, catalysis, and process development, University of Massachusetts Amherst, 2012. 

 

 



Chapter 8 

222 

 

[31] H. Hernando, I. Moreno, J. Fermoso, C. Ochoa-hernández, P. Pizarro, J.M. Coronado, D.P. Serrano, Biomass 

catalytic fast pyrolysis over hierarchical ZSM-5 and Beta zeolites modified with Mg and Zn oxides, (2017) 

289–304. doi:10.1007/s13399-017-0266-6. 

[32] A. Aho, A. Tokarev, P. Backman, N. Kumar, K. Eränen, M. Hupa, B. Holmbom, T. Salmi, D.Y. Murzin, 

Catalytic pyrolysis of pine biomass over H-beta zeolite in a dual-fluidized bed reactor: Effect of space velocity 

on the yield and composition of pyrolysis products, Top. Catal. 54 (2011) 941–948. doi:10.1007/s11244-011-

9716-8. 

[33] A. Aho, N. Kumar, K. Eränen, T. Salmi, M. Hupa, D.Y. Murzin, Catalytic Pyrolysis of Biomass in a Fluidized 

Bed Reactor: Influence of the Acidity of H-Beta Zeolite, Process Saf. Environ. Prot. 85 (2007) 473–480. 

doi:10.1205/psep07012. 

[34] S.D. Stefanidis, K.G. Kalogiannis, E.F. Iliopoulou, A.A. Lappas, P.A. Pilavachi, In-situ upgrading of biomass 

pyrolysis vapors: Catalyst screening on a fixed bed reactor, Bioresour. Technol. 102 (2011) 8261–8267. 

doi:10.1016/j.biortech.2011.06.032. 

[35] S. Yorgun, Y.E. Şimşek, Catalytic pyrolysis of Miscanthus × giganteus over activated alumina, Bioresour. 

Technol. 99 (2008) 8095–8100. doi:10.1016/j.biortech.2008.03.036. 

[36] F. Ateş, M.A. Işikdaǧ, Influence of temperature and alumina catalyst on pyrolysis of corncob, Fuel. 88 (2009) 

1991–1997. doi:10.1016/j.fuel.2009.03.008. 

[37] I. Demiral, S. Şensöz, The effects of different catalysts on the pyrolysis of industrial wastes (olive and hazelnut 

bagasse), Bioresour. Technol. 99 (2008) 8002–8007. doi:10.1016/j.biortech.2008.03.053. 

[38] M.C. Samolada, A. Papafotica, I.A. Vasalos, Catalyst Evaluation for Catalytic Biomass Pyrolysis, Energy & 

Fuels. 14 (2000) 1161–1167. doi:10.1021/ef000026b. 

[39] P. Kim, T.G. Rials, N. Labbé, S.C. Chmely, Screening of Mixed-Metal Oxide Species for Catalytic Ex Situ 

Vapor-Phase Deoxygenation of Cellulose by py-GC/MS Coupled with Multivariate Analysis, Energy and 

Fuels. 30 (2016) 3167–3174. doi:10.1021/acs.energyfuels.6b00347. 

[40] M.I. Nokkosmäki, E.T. Kuoppala, E.A. Leppämäki, A.O.I. Krause, Catalytic conversion of biomass pyrolysis 

vapours with zinc oxide, J. Anal. Appl. Pyrolysis. 55 (2000) 119–131. doi:10.1016/S0165-2370(99)00071-6. 

[41] K.G. Kalogiannis, S.D. Stefanidis, S.A. Karakoulia, K.S. Triantafyllidis, H. Yiannoulakis, C. Michailof, A.A. 

Lappas, First pilot scale study of basic vs acidic catalysts in biomass pyrolysis: Deoxygenation mechanisms 

and catalyst deactivation, Appl. Catal. B Environ. 238 (2018) 346–357. doi:10.1016/j.apcatb.2018.07.016. 

[42] S.D. Stefanidis, S.A. Karakoulia, K.G. Kalogiannis, E.F. Iliopoulou, A. Delimitis, H. Yiannoulakis, T. 

Zampetakis, A.A. Lappas, K.S. Triantafyllidis, Natural magnesium oxide (MgO) catalysts: A cost-effective 

sustainable alternative to acid zeolites for the in situ upgrading of biomass fast pyrolysis oil, Appl. Catal. B 

Environ. 196 (2016) 155–173. doi:10.1016/j.apcatb.2016.05.031. 

[43] J. Fermoso, H. Hernando, P. Jana, I. Moreno, J. Prech, C. Ochoa-Hernández, P. Pizarro, J.M. Coronado, J. 

Cejka, D.P. Serrano, Lamellar and pillared ZSM-5 zeolites modified with MgO and ZnO for catalytic fast-

pyrolysis of eucalyptus woodchips, Catal. Today. 277 (2016) 171–181. doi:10.1016/j.cattod.2015.12.009. 

[44] I.V. Babich, M. van der Hulst, L. Lefferts, J.A. Moulijn, P. O’Connor, K. Seshan, Catalytic pyrolysis of 

microalgae to high-quality liquid bio-fuels, Biomass and Bioenergy. 35 (2011) 3199–3207. 

doi:10.1016/j.biombioe.2011.04.043. 

[45] T.S. Nguyen, L. Lefferts, K.B. Saisankargupta, K. Seshan, Catalytic Conversion of Biomass Pyrolysis 

Vapours over Sodium-Based Catalyst: A Study on the State of Sodium on the Catalyst, ChemCatChem. 7 

(2015) 1833–1840. doi:10.1002/cctc.201500236. 

[46] T.S. Nguyen, M. Zabeti, L. Lefferts, G. Brem, K. Seshan, Conversion of lignocellulosic biomass to green fuel 

oil over sodium based catalysts, Bioresour. Technol. 142 (2013) 353–360. 

doi:10.1016/j.biortech.2013.05.023. 

[47] A. Imran, E.A. Bramer, K. Seshan, G. Brem, High quality bio-oil from catalytic flash pyrolysis of 

lignocellulosic biomass over alumina-supported sodium carbonate, Fuel Process. Technol. 127 (2014) 72–79. 

doi:10.1016/j.fuproc.2014.06.011. 

[48] M. Zabeti, T.S. Nguyen, L. Lefferts, H.J. Heeres, K. Seshan, In situ catalytic pyrolysis of lignocellulose using 

alkali-modified amorphous silica alumina, Bioresour. Technol. 118 (2012) 374–381. 

doi:10.1016/j.biortech.2012.05.034. 

[49] T.S. Nguyen, M. Zabeti, L. Lefferts, G. Brem, K. Seshan, Catalytic upgrading of biomass pyrolysis vapours 

using faujasite zeolite catalysts, Biomass and Bioenergy. 48 (2013) 100–110. 

doi:10.1016/j.biombioe.2012.10.024. 



Deoxygenation of wheat straw fast pyrolysis vapors over Na-Al2O3 catalyst for production of bio-oil with low acidity 

223 

 

[50] T.S. Nguyen, M. Zabeti, L. Lefferts, G. Brem, K. Seshan, Conversion of lignocellulosic biomass to green fuel 

oil over sodium based catalysts, Bioresour. Technol. 142 (2013) 353–360. 

doi:10.1016/j.biortech.2013.05.023. 

[51] T.S. Nguyen, T.L. Duong, T.T.T. Pham, D.T. Nguyen, P.N. Le, H.L. Nguyen, T.M. Huynh, Online catalytic 

deoxygenation of vapour from fast pyrolysis of Vietnamese sugarcane bagasse over sodium-based catalysts, 

J. Anal. Appl. Pyrolysis. 127 (2017) 436–443. doi:10.1016/j.jaap.2017.07.006. 

[52] X. Xue, Z. Pan, C. Zhang, D. Wang, Y. Xie, R. Zhang, Analysis of Bio-Oil Derived from Catalytic Pyrolysis 

of Pine Sawdust over Sodium Salts-Supported γ-Al2O3, Environ. Prog. Sustain. Energy. (2019) 1–7. 

doi:10.1002/ep.13174. 

[53] A. Dutta, J.A. Schaidle, D. Humbird, F.G. Baddour, A. Sahir, Conceptual Process Design and Techno-

Economic Assessment of Ex Situ Catalytic Fast Pyrolysis of Biomass: A Fixed Bed Reactor Implementation 

Scenario for Future Feasibility, Top. Catal. 59 (2016) 2–18. doi:10.1007/s11244-015-0500-z. 

[54] A. Eschenbacher, F. Goodarzi, A. Saraeian, S. Kegnæs, B.H. Shanks, A.D. Jensen, Performance of 

Mesoporous HZSM-5 and Silicalite-1 Coated Mesoporous HZSM-5 Catalysts for Deoxygenation of Straw 

Fast Pyrolysis Vapors, J. Anal. Appl. Pyrolysis. (2019) 104712. doi:10.1016/J.JAAP.2019.104712. 

[55] M.W. Nolte, A. Saraeian, B.H. Shanks, Hydrodeoxygenation of cellulose pyrolysis model compounds using 

molybdenum oxide and low pressure hydrogen, Green Chem. 19 (2017) 3654–3664. doi:10.1039/c7gc01477e. 

[56] Matthew Von Holle; John R. Carpenter; David C. Dayton, Reactive catalytic fast pyrolysis process and 

system, US 2019/0211268 Al, 2019. doi:10.1111/2047-8852.12112. 

[57] D.C. Dayton, T. Member, A. Daniels, M. Company, Catalytic Deoxygenation of Biomass Pyrolysis Vapors 

to Improve Bio-oil Stability, n.d. 

[58] H. Ben, A.J. Ragauskas, Heteronuclear single-quantum correlation-nuclear magnetic resonance (HSQC-

NMR) fingerprint analysis of pyrolysis oils, Energy and Fuels. 25 (2011) 5791–5801. doi:10.1021/ef201376w. 

[59] R.M. Happs, K. Iisa, J.R.F. Iii, Quantitative 13C NMR characterization of fast pyrolysis oils, RSC Adv. 6 

(2016) 102665–102670. doi:10.1039/C6RA24044E. 

[60] H. de Souza Santos, P. de Souza Santos, Pseudomorphic formation of aluminas from fibrillar pseudoboehmite, 

Mater. Lett. 13 (1992) 175–179. doi:10.1016/0167-577X(92)90216-7. 

[61] R.S. Zhou, R.L. Snyder, Structures and transformation mechanisms of the η, γ and θ transition aluminas, Acta 

Crystallogr. Sect. B Struct. Sci. 47 (1991) 617–630. doi:10.1107/S0108768191002719. 

[62] M. Bodaghi, A.R. Mirhabibi, H. Zolfonun, M. Tahriri, M. Karimi, Investigation of phase transition of γ-

alumina to α-alumina via mechanical milling method, Phase Transitions. 81 (2008) 571–580. 

doi:10.1080/01411590802008012. 

[63] L. Negahdar, A. Gonzalez-Quiroga, D. Otyuskaya, H.E. Toraman, L. Liu, J.T.B.H. Jastrzebski, K.M. Van 

Geem, G.B. Marin, J.W. Thybaut, B.M. Weckhuysen, K.M. Van Geem, Characterization and Comparison of 

Fast Pyrolysis Bio-oils from Pinewood, Rapeseed Cake, and Wheat Straw Using13C NMR and Comprehensive 

GC × GC, ACS Sustain. Chem. Eng. 4 (2016) 4974–4985. doi:10.1021/acssuschemeng.6b01329. 

[64] F. Ates, S. Tophanecioglu, A.E. Putun, The evaluation of mesoporous materials as catalyst in fast pyrolysis 

of wheat straw, Int. J. Green Energy. 12 (2015) 57–64. doi:10.1080/15435075.2014.889005. 

[65] Q. Yang, S. Wu, Wheat straw pyrolysis analysis by thermogravimetry and gas chromatography-mass 

spectrometry, Cellul. Chem. Technol. 43 (2009) 123–131. 

[66] T.N. Pham, D. Shi, D.E. Resasco, Evaluating strategies for catalytic upgrading of pyrolysis oil in liquid phase, 

Appl. Catal. B Environ. 145 (2014) 10–23. doi:10.1016/j.apcatb.2013.01.002. 

[67] T.N. Pham, T. Sooknoi, S.P. Crossley, D.E. Resasco, Ketonization of Carboxylic Acids: Mechanisms, 

Catalysts, and Implications for Biomass Conversion, ACS Catal. 3 (2013) 2456–2473. 

doi:10.1021/cs400501H. 

[68] R. Pestman, A. van Duijne, J.A.Z. Pieterse, V. Ponec, The formation of ketones and aldehydes from carboxylic 

acids, structure-activity relationship for two competitive reactions, J. Mol. Catal. A Chem. 103 (1995) 175–

180. doi:10.1016/1381-1169(95)00138-7. 

[69] R. Pestman, R.M. Koster, A. van Duijne, J.A.Z. Pieterse, V. Ponec, Reactions of Carboxylic Acids on Oxides, 

J. Catal. 168 (1997) 265–272. doi:10.1006/jcat.1997.1624. 

[70] S.T. Almutairi, E.F. Kozhevnikova, I. V. Kozhevnikov, Ketonisation of acetic acid on metal oxides: Catalyst 

activity, stability and mechanistic insights, Appl. Catal. A Gen. 565 (2018) 135–145. 

doi:10.1016/j.apcata.2018.08.008. 

 



Chapter 8 

224 

 

[71] T.N. Pham, T. Sooknoi, S.P. Crossley, D. Resasco, Ketonization of carboxylic acids: Mechanism, catalysts, 

and implications for biomass concersion, Am. Chem. Soc. Catal. 3 (2013) 2456–2473. 

[72] S. Wan, T. Pham, S. Zhang, L. Lobban, D. Resasco, R. Mallinson, Direct catalytic upgrading of biomass 

pyrolysis vapors by a dual function Ru/TiO 2 catalyst, AIChE J. 59 (2013) 2275–2285. doi:10.1002/aic.14038. 

[73] N.Y. Chen, D.E. Walsh, L.R. Koenig, Fluidized Bed Upgrading of Wood Pyrolysis Liquids and Related 

Compounds., ACS Div. Fuel Chem. Prepr. 32 (1987) 264–275. doi:10.1021/bk-1988-0376.ch024. 

[74] S.A. Channiwala, P.P. Parikh, A unified correlation for estimating HHV of solid, liquid and gaseous fuels, 

Fuel. 81 (2002) 1051–1063. doi:10.1016/S0016-2361(01)00131-4. 

[75] F. Meshkani, M. Rezaei, Preparation of mesoporous nanocrystalline alkali promoted chromium free catalysts 

(Fe 2 O 3 –Al 2 O 3 –NiO) for a high temperature water gas shift reaction, RSC Adv. 5 (2015) 9955–9964. 

doi:10.1039/C4RA13508C. 

[76] D.B. Pal, R. Chand, S.N. Upadhyay, P.K. Mishra, Performance of water gas shift reaction catalysts: A review, 

Renew. Sustain. Energy Rev. 93 (2018) 549–565. doi:10.1016/J.RSER.2018.05.003. 

[77] A. Eschenbacher, P.A. Jensen, U.B. Henriksen, J. Ahrenfeldt, S. Ndoni, C. Li, J.Ø. Duus, U.V. Mentzel, A.D. 

Jensen, Catalytic deoxygenation of vapors obtained from ablative fast pyrolysis of wheat straw using 

mesoporous HZSM-5, Fuel Process. Technol. 194 (2019) 106119. doi:10.1016/J.FUPROC.2019.106119. 

[78] J.G. Speight, Corrosion by High Acid Crude Oil, in: High Acid Crudes, Elsevier, 2014: pp. 57–75. 

doi:10.1016/B978-0-12-800630-6.00003-4. 

[79] K. Schofield, The enigmatic mechanism of the flame ionization detector: Its overlooked implications for fossil 

fuel combustion modeling, Prog. Energy Combust. Sci. 34 (2008) 330–350. doi:10.1016/j.pecs.2007.08.001. 

[80] R.W. Stevens, A. Shamsi, S. Carpenter, R. Siriwardane, Sorption-enhanced water gas shift reaction by 

sodium-promoted calcium oxides, Fuel. 89 (2010) 1280–1286. doi:10.1016/j.fuel.2009.11.035. 

[81] A. Nzihou, B. Stanmore, P. Sharrock, A review of catalysts for the gasification of biomass char, with some 

reference to coal, Energy. 58 (2013) 305–317. doi:10.1016/j.energy.2013.05.057. 



 

225 

 

Chapter 9 |  Enhancing bio-oil quality and energy 

recovery by atmospheric hydrodeoxygenation of 

wheat straw pyrolysis vapors using Pt and Mo-based 

catalysts 

The content presented in this chapter was submitted for publication in Sustainable Energy & Fuels 

under the same chapter title. 

9.1 Introduction 
Fast pyrolysis of biomass is a well-developed technology, which can produce bio-oil at 

yields up to ~60 wt.% (water-free) [1–6]. The integration of biomass-derived pyrolysis oils in 

existing oil refineries is a potential near-term solution for decreasing our dependence on crude oil 

and increasing the share of renewables in the transportation sector [7–10]. However, the pyrolysis 

oil has a high oxygen content of ~35-50 wt.% (present as water and biomass-derived oxygenates), 

resulting in several adverse properties such as low heating value, high polarity, acidity, and 

instability upon storage and heating. The fuel properties and miscibility with fossil feedstock can 

be improved via catalytic deoxygenation of the biomass pyrolysis vapors prior to their 

condensation [10–19]. Though, these improvements come at the expense of carbon loss as light 

hydrocarbons, CO, CO2, and coke [20,21]. Amongst the variety of catalysts tested (without 

hydrogen addition), microporous HZSM-5 zeolite is considered a suitable solid acid catalyst for 

production of aromatics and gasoline range products from biomass-derived pyrolysis vapors 

[22,23]. Nevertheless, rapid deactivation by coking is a major obstacle for their industrial 

implementation [13,24].  

Hydrodeoxygenation (HDO), on the other hand, uses hydrogen to selectively remove 

oxygen as water without breaking the C-C bonds, and therefore has the potential to obtain higher 

yields of bio-oil with low oxygen content. Direct catalytic upgrading of biomass pyrolysis vapors 

by a dual function 5 wt.% Ru/TiO2 catalyst was reported by Wan et al. [25], who evaluated 

Ru/TiO2 in a fixed-bed reactor for upgrading oak and switchgrass pyrolysis vapors at 400 °C and 

0.58 bar H2. Ru/TiO2 showed a high ketonization activity and light oxygenates were converted to 

larger, less oxygenated molecules, which improved the stability of the upgraded bio-oil. The TiO2 

support is known to be active for ketonization reactions of acids TiO2 [26–34] and the 

defunctionalization of lignin-derived phenolics [35] without the need of hydrogen. As indicated 

by Wan et al. [25], the promotion of TiO2 with a noble metal (Ru) not only adds activity for (hydro-

)deoxygenation, but also plays a role in generating oxygen vacancy sites on the TiO2 surface which 
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promote deoxygenation via an oxygen-vacancy driven reverse Mars−van Krevelen process [36–

39]. Using m-cresol as a model compound for Pt-supported TiO2, hydrogen spillover from the 

metal was proposed to form Lewis-acidic oxygen vacancies on TiO2, which are capable of aryl-

OH bond scission [40]. Over Pt(111), ring hydrogenation to 3-methylcyclohexanone and 3-

methylcyclohexanol was found to be the most energetically favorable pathway, while over 

TiO2(101), tautomerization and direct deoxygenation to toluene were identified as additional 

energetically favorable routes. Work conducted at NREL [41] demonstrated the use of 2 wt.% 

Pt/TiO2 and 0.5 wt.% Pt/TiO2 for the continuous upgrading of pine FP vapors at bench-scale. The 

presence of Pt enhanced the activity and/or prolonged the lifetime of TiO2 active sites under 

reducing conditions. It was further proposed that Pt may prolong catalyst lifetime by facilitating 

the removal of coke precursors from the catalyst surface. The catalytic activity of 2 wt.% Pt/TiO2 

was found to be stable for 13 reaction/regeneration cycles (operated to biomass-to-catalyst (B:C) 

ratio of ~3), and carbon recoveries of 38 C% with ~16 wt.% oxygen (d.b.) were reported. This 

level of deoxygenation allowed further processing of the condensed bio-oil by a single stage 

hydrotreating. However, post-reaction characterization showed an increase in Pt particle size [41], 

indicating irreversible catalyst deactivation through sintering.  

Molybdenum trioxide (MoO3) was found active for vapor-phase HDO of pyrolysis model 

compounds and real biomass at low hydrogen pressures [42–45]. It has been reported that MoO3 

undergoes partial carburization during reaction to from oxycarbide- and oxycarbohydride-

containing phases. This indicates that surface carbon plays an important role in the activity of 

MoO3 under HDO conditions [44]. Studies conducted in the group of Román-Leshkov [43] found 

10 wt.% MoO3 dispersed on ZrO2 or TiO2 active and stable for the HDO of m-cresol at 320 °C 

and low H2 pressures (1 bar). The supported MoO3 catalysts selectively cleaved C-O bonds 

without saturating the aromatic ring, thus yielding toluene at moderate to high conversions. It was 

found that the ZrO2 or TiO2 supports stabilized the active Mo species (Mo5+) on the surface. While 

hydrogen is crucial for retaining HDO activity in bulk MoO3, it can also change the speciation of 

active species on the catalyst surface by over-reduction to lower oxidation states with lower 

reactivity [42,46]. Murugappan et al. [46] tested 10 wt.% MoO3/TiO2 and MoO3/ZrO2 at 500 °C 

and H2 pressures ≤0.75 bar for HDO of pine FP vapors. The supported MoO3 (10 wt.%) catalysts 

achieved complete deoxygenation to olefinic and aromatic hydrocarbons at low biomass-to-

catalyst (B:C) ratios <0.2. Furans and phenols were found to increase until B:C ~0.6 before slowly 

declining. For higher B:C ratios, the primary vapors were observed to break through the catalyst 

bed. The bare TiO2 support was reported to show minimal catalytic activity compared to 

MoO3/TiO2 [46]. 

Others [47] reported a yield of ~43 C% C4+ hydrocarbons with ~6 wt.% oxygen from 

upgrading of pine FP vapors in a fluidized bed with an industrial Mo based catalyst.  
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It is further important to note that the degree of deoxygenation (DOD) of pyrolysis vapors 

can be increased by increasing the H2 partial pressure [42,47–49]. Increased H2 pressure can also 

lead to increased hydrogenation of aromatic rings and olefins to their saturated counterparts, which 

are of lower value and unnecessarily increases the H2 consumption. . Techno economic analysis 

showed that for atmospheric HDO the catalyst cost (e.g. the noble metal loading) and the biomass 

feedstock price are the primary contributors to the minimum selling price of fuel obtained after 

hydrotreating [41]. Thus, it is important to consider these factors when designing and testing 

catalysts for HDO. Since MoO3 is considerably cheaper than noble metals it might be beneficial 

to use MoO3 based catalysts if similar catalytic performance can be achieved.  

Catalytic upgrading of fast pyrolysis vapors can be conducted in a one-reactor system, 

where biomass is fed into a fluidized catalyst bed (in-situ configuration [50,51]), or in a two-reactor 

system in which the catalytic upgrading is performed in a separate reactor downstream the 

pyrolysis reactor (ex-situ configuration [51,52]). Compared to woody biomass, wheat straw 

contains a much higher content of alkaline ashes such as K, Ca, Cl and Mg. The direct contact with 

the catalyst in in-situ upgrading configuration can thus lead to transfer of the alkalines and 

poisoning of catalytic sites [53–56]. In order to circumvent deposition of biomass indigenous ashes 

on the catalyst and allow for determination of catalyst coking without the need of char separation, 

the ex situ configuration was employed in this work.  

Based on above research, in this work the deoxygenation performance of a 

10 wt.% MoO3/TiO2 catalyst, an industrial Mo catalyst similar to that used in ref. [47], and a 

0.5 wt.% Pt/TiO2 catalyst were compared for the deoxygenation of wheat straw pyrolysis vapors 

in a continuous bench scale unit. Mass and energy balances and a detailed analysis of the bio-oil 

properties allowed comparing the performance of these HDO catalysts with frequently used solid 

acid catalysts such as -Al2O3 and HZSM-5 zeolite. We investigated how the yield and the quality 

of bio-oil is influenced by increased processing of FP vapors. Addressing this aspect will allow 

determining the frequency of regeneration needed for maintaining a certain bio-oil quality in a 

scenario of parallel fixed bed reactors [57]. We further studied to what extent the hydrogen 

concentration influences the yield and quality of the bio-oil. Compared to reported characterization 

of bio-oils derived from woody biomass by GC-MS, elemental composition, heating value and 

TAN, we conducted additional oil characterization by one- and two-dimensional 13C and 1H NMR, 

GC×GC-ToF/MS or−FID, basic nitrogen determination, and thermogravimetric analysis in order 

to fully investigate the chemical composition and fuel properties of the bio-oils derived from wheat 

straw FP vapors after atmospheric HDO.  
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9.2 Experimental section 

9.2.1 Feedstock 

Wheat straw pellets were downsized <1.4 mm using a hammer mill. The proximate and 

elemental analysis is shown in Table 9-1. Experimental details on the feedstock characterization 

can be found in earlier work [7]. Potassium was amongst the highest concentrated ash components 

with ~1 wt.% (d.b.). 

Table 9-1. Properties of wheat straw feedstock. 
Proximate analysis  

Moisture (as received (a.r.)) 8.8 wt.% 

Volatiles (dry basis, (d.b.) 66.8 wt.% 

Fixed carbon (d.b., by diff.) 18.5 wt.% 

Ash (d.b.) 5.9 wt.% 

Elemental composition (dry and ash-free basis (daf))  

Nitrogen 0.8 wt.% 

Carbon 50.4 wt.% 

Hydrogen 5.6 wt.% 

Sulfur 0.1 wt.% 

Oxygen (by diff.) 43.1 wt.% 

9.2.2 Catalyst preparation 

In order to achieve a high dispersion of Pt particles, 100 g of Pt/TiO2 with a target Pt 

loading of 0.5 wt.% was synthesized via strong electrostatic adsorption following the procedure 

described by Griffin et al. and references therein [41,59,60]. The pH of an aqueous solution 

(~500 mL) of 1 g of Pt(NH3)4(NO3)2 was adjusted to 11.5 by adding NH4OH. Titanium(IV) oxide, 

(Sigma Aldrich, nanopowder, 21 nm primary particle size (TEM), ≥99.5% trace metals basis) was 

soaked for 24 h in the solution containing 5.7×10-4 M Pt. After impregnation, the catalyst 

suspension was dried at room temperature for 48 h and then at 60 °C overnight. The catalyst was 

downsized to 250-850 m via pelletizing/crushing and filled into the catalytic reactor, where it 

was calcined/reduced in flowing 5% H2/N2 at 450 °C for 5 h. The catalyst was passivated in 

flowing 1% O2/N2 at room temperature before taking a sample for pre-reaction analysis.  

100 g of 10 wt.% MoO3/TiO2 was prepared via wet impregnation: Ammonium molybdate 

tetrahydrate (Sigma-Aldrich, 99.98% trace metals basis) was dissolved in 80-160 mL nanopure 

water and added to 10-20 g of TiO2 (Sigma-Aldrich, nanopowder >99.5% trace metals basis). The 

paste was mixed vigorously overnight using a magnetic stirrer and then dried at 110 °C for 24 h. 

The dried solid was transferred to a ceramic crucible and calcined at 550 °C (10 °C/min) for 4 h 

under static air. In addition, 100 g of bare TiO2 support (same as for preparation of MoO3/TiO2 

and Pt/TiO2) was prepared after calcination at the same conditions used for preparation of 

MoO3/TiO2. Prior to reaction tests, all catalysts were reduced for 2 h at 450 °C under reaction 

atmosphere (50 or 90 vol.% H2). 
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9.2.3 Catalyst characterization 

The Mo loading of the MoO3/TiO2 catalyst was determined by XRF following the 

procedure described in earlier work [7]. For the quantification of Ti and Pt in the Pt/TiO2 catalyst, 

0.1-0.15 g finely ground sample was weighed accurately and transferred quantitatively into a 

Teflon microwave digestion vessel in duplicate. 9 ml 37% HCl (p.a. quality), 3 ml 65% HNO3 

(p.a. quality) and 2 ml 47-51% HF (p.a. quality) are added and the sample was digested at 200 °C 

for 20 minutes in a Milestone Ethos UP microwave digestion unit (or similar) yielding a clear 

sample solution. The sample solution was then transferred to a 100 ml volumetric flask and filled 

to the mark with pure water (18.2 MΩ). The contents of Ti and Pt in the sample solution were 

quantified by Inductively Coupled Optical Emission Spectrometry (ICP-OES) with an Agilent 720 

ES ICP-OES instrument. The sample was analyzed with suitable dilution and the emission signal 

from several Ti and Pt specific emission lines were compared to the signal from certified 

calibration standards containing 0–10 mg/l for Ti and 0–2.5 mg/l for Pt. The precision of the 

analysis is ±3% relative with 95% confidence. 

For analysis of the Pt/TiO2 catalyst by transmission electron microscopy (TEM), the 

catalyst was ground in a mortar and sieved <50 m before adding them on a copper TEM grid with 

lacey carbon film. TEM images were acquired using a Tecnai T20 G2 (acceleration voltage of 200 

kV). For acquisition of X-ray diffraction patterns (Empyrean from Malvern Analytical), the 

catalyst samples (sieved <50 m) were pressed in pellets for analysis. The incident beam was 

generated using a Cu-anode of wavelength 1.5418 Å (Empyrean Cu LFF HR). The diffracted beam 

was filtered through a monochromator and detected (PIXcel3D-Medipix3) and the 2θ-angle was 

scanned from 20° to 90° in 0.0105° steps. 

N2 physisorption was carried out on a Quantachrome Novatouch apparatus at liquid 

nitrogen temperature. Prior to the measurement, the samples were outgassed under vacuum at 

350 °C overnight. The specific surface area (SBET) was calculated by the Brunauer-Emmett-Teller 

(BET) method. The total pore volume (Vtotal) was calculated from the amount of adsorbed nitrogen 

at the relative pressure of p/p0 = 0.99. The Barrett-Joyner-Halenda (BJH) pore size distribution 

was derived from the adsorption branch of the N2 physisorption isotherm. 

Temperature programmed desorption (TPD) of ammonia was conducted for the 

characterization and quantification of the catalyst’s acid sites. The measurements were performed 

using a Micromeritics Autochem II 2920 Chemisorption analyzer. The samples were first heated 

to 500 °C at 20 °C/min in 20 mL/min He and held for 1 h to remove moisture. Next, the sample 

temperature was decreased to 450 °C, and the catalyst was reduced in a 10 vol.% H2/He mixture 

for 2 h at the same flowrate. Then, the temperature was lowered to 100 °C and NH3 was adsorbed 

for 30 min by flowing 10 vol.% NH3/He at 20 mL/min. Any weakly adsorbed NH3 was purged 
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with He for 60 min at 10ml/min. The sample was then heated to 500 °C at 10 °C/min under the 

same flow conditions and the NH3 desorption was recorded using a thermal conductivity detector 

(TCD).  

Diffuse reflectance infrared Fourier transform spectroscopy (DRIFT) of pyridine-loaded 

samples was performed following the procedure reported previously [61] with the modification 

that the catalyst was reduced at 450 °C for 1 h in a flow of 10 % H2/N2 before cooling the sample 

to 150 °C for acquisition of the spectra of the reduced catalyst. The flow was then changed to argon 

and pyridine was adsorbed on the reduced catalysts from the vapor phase for 30 min using a 

bubbler operated at room temperature. After flushing any weakly adsorbed pyridine for 30 min, 

the spectra of the pyridinated sample was acquired. Absorbance from 4000 to 400 cm−1 was 

collected using 64 scans at a 4 cm−1 resolution. A background spectrum was recorded with pure 

KBr at 150 °C.  

9.2.4 Pyrolysis unit 

A detailed description of the bench scale fast pyrolysis unit is found in earlier work [7], 

and a flow sheet is provided in Fig. H-1. In this work, tests were conducted in either 50 vol.% or 

90 vol.% hydrogen (balance nitrogen) at a total flowrate of ~8.7 Nl/min and a maximum operating 

pressure ~0.1 bar above atmosphere. The biomass feeding rate on a dry and ash-free basis (daf) 

was ~3 g/min. The pyrolysis reactor, the cyclones, and the hot gas filter were externally heated to 

530 °C, 450 °C, and 350 °C, respectively. In earlier work [62], the experimental uncertainty in 

terms of ±2 standard deviations for the yields of gas, organic liquid, reaction water, and char was 

estimated to 2.1 wt.%, 0.4 wt.%, 0.8 wt.% and 3.8 wt.%, respectively. In this work, a catalyst mass 

of 100 g was used and the typical duration of the assays was ~2 h for tests run to B:C ~4 and ~4 h 

for tests run to B:C ~8. A catalytic upgrading temperature of 450 °C was found optimal by Wang 

et al. [24] for the industrial Mo/Al2O3 catalyst, and the same temperature was employed here for 

the tests with MoO3/TiO2. For catalytic upgrading with Pt/TiO2, the reactor was heated to 400 °C 

which has been reported to avoid condensation of the pyrolysis vapors while higher temperatures 

are undesirable due to a decrease in hydrogen coverage and thermodynamic limitations on ring 

hydrogenation, which inhibit HDO reaction pathways [26]. Upon contact with the vapors, the 

temperature of the catalyst (measured in the middle of the fixed bed) increased by ~25-50 °C 

within the first ~15 min of biomass feeding (B:C ~0.5), after which the bed temperature slowly 

decreased while remaining 5-25 °C above its initial starting temperature (see Fig. H-2). 

Condensation was achieved by a three-stage condensation system consisting of i) a condensation 

stage at 4 °C, ii) an electrostatic precipitator (ESP) for collection of aerosols that were generated 

during the initial quench, and iii) a condensation stage at -60 °C consisting of a series of impingers 

immersed in a dry-ice/EtOH bath. The dry gas was analyzed continuously for CO and CO2 by 
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nondispersive infrared and O2 by paramagnetism, and every ~10 min a sample was analyzed by 

GC-FID/TCD for analysis of C1-C6 hydrocarbons and H2.  

9.2.5 Oil characterization 

Each experiment yielded five different liquid fractions, which were kept refrigerated at 

5 °C in order to minimize ageing reactions. Liquid collected at the 4 °C condensation stage and 

the -60 °C condensation stage spontaneously phase separated into an aqueous and organic-rich 

phase, while a single-phase, organic-rich oil was collected at the ESP. The three oil fractions and 

the two aqueous fractions were combined in the proportion of their yields for further analysis. The 

moisture content and elemental content (CHN, O by difference) of the total bio-oil and aqueous 

phase was determined by Karl−Fischer titration and elemental analysis according to the details 

described elsewhere [7]. The higher heating value of the bio-oil (d.b.) was calculated based on the 

elemental composition using an empirical formula according to Channiwala and Parikh [45]. The 

oil and aqueous fractions were analyzed using a GC-MS/FID Shimadzu QP 2010 Ultra apparatus 

equipped with a Supelco Equity 5 column. Identification and quantification of the species in the 

samples was performed by the mass spectrometer (MS) and flame ionization detector (FID), 

respectively. Aqueous samples were analyzed directly while the oil samples were diluted in a 1:9 

volumetric ratio in acetone. The initial temperature for the GC column was held at 40 °C for 10 

min and the column was heated up to 250 °C with an initial heating rate of 2 °C/ min up to 100 °C 

followed by an increased heating rate of 8 °C/min. A split ratio of 80 was used at the injection 

(280 °C). The MS scanning was set to a range of 20 to 300 m/z. The Selectivity of different product 

groups calculated based on the FID area percentage after correcting the FID areas taking into 

account the effective carbon numbers of each compound as outlined by Schofield [46]: 

Selectivity product group =  
∑ FID areas of compounds in product group 

∑ FID areas of all compounds
 × 100%. 

The condensed oil fractions were further analyzed for their total acid number (TAN) 

following ASTM D664, and for their basic nitrogen content following UOP Method 269-10. 

Following the methodology reported by Dayton and coworkers [47,48], the evaporation behavior 

of the oils was studied by thermogravimetric analysis (TGA). About 20 mg of oil was prepared 

into a Pt crucible with lid shortly before start of the temperature program in order to minimize the 

loss of volatiles. The temperature was increased at 10 °C/min to a final temperature of 650 °C in 

150 ml/min N2 flow.  

Bio-oil samples obtained in the 50 vol.% H2 atmosphere without catalyst and at B:C ~4 

from atmospheric HDO with the three different catalysts were further characterized by 

GC×GC-ToF/MS or-FID. In addition, bio-oil obtained from vapor upgrading with MoO3/TiO2 at 

an increased H2 partial pressure (90 vol.%) was analyzed. For the analysis, a LECO® Pegasus 

4DTM instrument was used that included an Agilent 7890A GC equipped with a Gerstel® CIS 4 
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PTV inlet, a secondary oven, a quad-jet, dual-stage cryogenic-based (liquid N2) modulator, a time-

of-flight (ToF) mass spectrometer (MS) and a flame ionization detector (FID). The primary (1D) 

and secondary (2D) columns were Restek® Rtx-1701 and SGE® BPX5, respectively. 0.3 mm3 

sample, diluted 1:1 in THF, was injected in pulsed split mode (split ratio 1:100) into the PVT inlet 

at 40 °C, and then raised to 300 °C (10 °C/s), with a total hold up time of 1.5 min. The main oven 

with the 1D column was held at 35 °C for 1.5 min and then ramped to 275 °C at 3 °C/min; the 

secondary oven and modulator were run with offsets to the main oven of +10 °C and +25 °C, 

respectively; total run time was 101.5 min. Helium (He) was used as carrier gas at constant flow 

rate of 1.5 cm3/min, and the modulation period was 7 sec. The transfer line and ion source of the 

ToF/MS detector were operated at constant temperatures of 250 °C and 225 °C, respectively. The 

ToF/MS was run in EI mode at 70 eV and an acquisition rate of 100 spectra/sec for m/z = 41 to 

441. The NIST2008 mass spectral database was used as reference. For group quantification, the 

FID was used. The detector was operated at 300 °C and with a sampling rate of 100 Hz. Based on 

the GC×GC-ToF/MS analysis the compounds were classified into 13 groups: aliphatics 

(paraffins/naphthenes), monoaromatics (alkylbenzenes/naphthenobenzenes), di/tri-aromatics, 

carboxylic acids, pyrroles/nitriles, pentanones/hexanones, furanones/furfuryl alcohols, aliphatic 

ketone/other aliphatic oxygenates, indanones/benzofurans/dibenzofuranes, 

phenols/methoxybenzenes, methoxy-phenols, hydroxylated di/tri-aromatics, and dihydroxylated 

benzenes. The relative amount (FID area-%) of each compound class was estimated as the sum of 

areas of all detected peaks in that class divided by the total peak area of all compound classes. 

ChromaTof® 4.72 GC×GC software was applied for data acquisition and exporting of raw data as 

CDF files. Successively, pixel-based analysis (proprietary software developed by Copenhagen 

University) of CDF files was applied for setting up group integration templates and quantification 

of relative amounts (area-%) of compound classes. 

Selected bio-oils were further analyzed by 1H, 13C NMR and 2D HSQC NMR analysis. 

Details of the used instruments and experimental conditions have been reported earlier [7]. The 

quantitative 13C integration was performed following the procedure suggested by Ben and 

Ragauskas [49], while taking into account the modifications suggested by Happs et al. [50]. For 
1H NMR, the relative distribution of the different chemical groups was obtained by assigning the 

functional groups to their chemical shift ranges. The water region (3.6−3.3 ppm) was excluded for 

this comparison. 
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9.3 Results 

9.3.1 Catalyst properties 

The catalyst properties are shown in Table 9-2. The metal loading of the TiO2-supported 

Pt and Mo catalysts was determined to 0.61 wt.% Pt and 5.8 wt.% Mo (theoretical loading of 

10 wt.% MoO3 = 6.7 wt.% Mo). The XRD pattern of the fresh prepared MoO3/TiO2 catalyst 

closely resembles the pattern of the bare TiO2 support (see Fig. H-3), indicating that the MoO3 is 

well dispersed on the support. Only few minor additional peaks are observed at 2θ = 23.3°, 33.6°, 

and 49.2°, which are associated with crystalline MoO3 clusters [47]. The isotherms and pore 

distribution obtained from nitrogen physisorption are shown in Fig. H-4 for the Pt/TiO2 and 

MoO3/TiO2 catalyst. MoO3/TiO2 shows a reduced pore volume (0.23 cc/g) compared to Pt/TiO2 

(0.43 cc/g), probably due to the higher loading of the Mo compared to Pt. The pore size distribution 

by the BJH suggests that MoO3/TiO2 has less pores with diameter >400 Å compared to Pt/TiO2 

(see Fig. H-4b). Since the crystal size is about 21 nm (210 Å), these larger pores are attributed to 

voids in between adjacent crystals. The BET surface area of Pt/TiO2 was 51 m2/g while that of 

MoO3/TiO2 was 54 m2/g. A surface area of 54 m2/g was also determined by Shetty et al. [43] for 

a 10 wt.% MoO3/TiO2 catalyst . Amongst the tested catalysts, the industrial Mo/Al2O3 catalyst had 

the highest acidity with 0.5 mmol NH3/g, which is about double the acidity of the Pt/TiO2 and ~2.5 

times the acidity of the MoO3/TiO2 catalyst. The NH3-TPD in Fig. H-5 shows that the reduced 

Pt/TiO2 catalyst has both weak acid sites desorbing NH3 at ~180 °C and medium acid sites 

desorbing NH3 at ~300 °C. TiO2-supported MoO3 catalyst shows mostly weak acid sites centered 

at a desorption peak of ~200 °C and to a lesser extent medium strength acid sites, resulting in a 

lower acidity compared to Pt/TiO2 (see Table 9-2). The catalysts are Lewis acidic as seen by 

interaction with pyridine at 1612 and 1445 cm-1 (see Fig. H-6) and the absence of absorbance at 

1545 cm−1 (pyridine adsorbed on Brønsted acid). At 150 °C, MoO3/TiO2 showed a higher 

absorbance of pyridinated Lewis acid sites compared to Pt/TiO2. Since pyridine is a weaker base 

than ammonia, it will preferably probe medium- to high-strength acid sites. From NH3-TPD 

(Fig. H-5) it can be seen that Pt/TiO2 contains a relative higher fraction of medium-strength acid 

sites compared to MoO3/TiO2. For both samples, the chemisorbed pyridine readily desorbed when 

heated from 150 °C to 250 °C. 

Table 9-2. Physicochemical properties of bare TiO2, TiO2-supported Pt and MoO3 catalysts, and industrial 

Mo-catalyst.  
 TiO2 0.5 wt.% Pt/TiO2 10 wt.% MoO3/TiO2 Mo/Al2O3 

Metal loading n.d. 0.61 5.8b) n.d. 

Vtotal at p/p0 =0.99 (cc/g) 0.38 0.43 0.23 n.d. 

Surface area [m²/g] 47 51 54 n.d. 

Aciditya) [mmol NH3/g] 0.16 0.25 0.19 0.50 

a)The acidity was determined for the reduced catalysts (reduction for 2 h in 10 vol.% H2); b) loading of molybdenum 
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Representative TEM images of the prepared Pt/TiO2 catalyst are provided in Fig. H-7. The 

Pt particles are well dispersed on the TiO2 crystals, with particle diameters between 0.4 and 3.3 

nm and a mean particle size diameter of 1.65 (determined for ~110 particles). A main Pt particle 

size distribution between 0-5 nm particle diameter has also been reported by others for a 2 wt.% 

Pt/TiO2 catalyst [51], albeit their work also showed larger particles >5 nm which may be related 

to the higher Pt loading.  

9.3.2 Product distribution 

The product distribution obtained from atmospheric pressure catalytic HDO in comparison 

to two non-catalytic reference cases obtained under inert atmosphere (N2) and 50 vol.% H2 is 

shown in Fig. 9-1. The numeric values are given in Table H-1 and Table H-2 for tests conducted 

in 50 and 90 vol.% H2, respectively. For reference, the product distributions obtained with an 

empty catalytic reactor and over 100 g TiO2 at 450 °C under nitrogen atmosphere are given in 

Table H-3, and the properties of the respective bio-oils are given in Table H-4. Mass balances 

between 90-98% were obtained. Compared to the inert references, the yield of light gases and 

reaction water increased when applying catalytic HDO, which can be attributed to cracking 

reactions (C1-C5 hydrocarbons), and deoxygenation via decarbonylation, decarboxylation, and 

hydrodeoxygenation. The yield of gas and coke was highest at low B:C ratios, at the expense of 

liquid-range organics. With continued operation to higher B:C, the yield of gas and coke decreased 

due to a reduced catalyst activity, and the yield of condensed organics increased. The aqueous 

phase obtained without catalyst under N2 atmosphere contained an appreciable amount of organics 

(~11 wt.%), which decreased to 8 wt.% when the test was performed in 50 vol.% H2 while 

obtaining a slightly higher yield of oil phase. This observation is tentatively attributed to a low 

degree of hydrodeoxygenation of the most reactive vapor compounds via contact of the vapors 

with i) the metal surface of the pyrolysis reactor/cyclones/catalytic reactor and ii) the vapor contact 

with biomass indigenous alkalines and metals both during the pyrolysis and upon vapor contact 

with the char. The slight deoxygenation can lower the polarity of the oxygenates and thus decrease 

the loss of organics to the aqueous phase.  

Atmospheric HDO using Pt/TiO2 decreased the yield of liquid-range organics and 

increased the yields of light gases, reaction water, and coke. Operation to higher B:C shifted the 

yields in the direction of the non-catalytic reference and further increased the yield of condensed 

organics. Remarkably low coke yields resulted for Pt/TiO2 toward higher B:C, which will be 

discussed more in section 8.3.5. Increased H2 partial pressure led to an enhanced gas production 

for Pt/TiO2 and MoO3/TiO2, and it increased the yield of reaction water for the latter while no 

marked increase in dehydration was observed for Pt/TiO2. Mo/Al2O3 produced less liquid-range 

organics and more coke compared to Pt/TiO2 at B:C ~4. The yield of ethylene and propylene was 
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higher with Mo/Al2O3 (~1.5 wt.%) compared to Pt/TiO2 (~0.9 wt.%). It is known that for HDO of 

acetone over MoO3 the oxygen is removed while making propene [19]. On the other hand, the 

yield of C1-C3 alkanes was slightly higher for Pt/TiO2, which is attributed to the Pt catalyzed 

hydrogenation of some of the alkenes and oxygenates. The initial deactivation when using Pt/TiO2 

also corresponded with a decrease in the C2–C4 alkane concentration and an increase in the C2–C3 

alkene concentration (see Fig. H-8). The loss of hydrogenation activity may be associated with the 

blocking of metallic Pt sites, and is in line with observations by Griffin et al. [26]. Besides a lower 

hydrogenation activity of the Mo/Al2O3 catalyst compared to Pt/TiO2, it is expected that the Al2O3-

supported catalyst has a higher surface area and in combination with its significantly higher acidity 

(0.5 mmol NH3/g), catalytic cracking is favored. This can explain the higher coke and lower oil 

yields observed for the vapor upgrading over Mo/Al2O3 compared to the TiO2-based catalysts. 

Slightly more reaction water and less CO/CO2 was formed with Mo/Al2O3 compared to Pt/TiO2. 

In 50 vol.% H2, MoO3/TiO2 produced the lowest gas yields and highest yield of liquid-range 

organics at B:C ~4. The yield of coke and reaction water for MoO3/TiO2 was in between the values 

for Pt/TiO2 and MoO3/Al2O3 (Fig. 9-5). An increase in H2 concentration in the gas (from 50 vol.% 

to 90 vol.%) increased the yield of light gases and reaction water due to increased 

hydrodeoxygenation and slightly decreased the coke yield (from 1.7 wt.% to 1.6 wt.% of biomass). 

The yield of organic oil phase was similar for 90 and 50% vol.% H2, but less organics were 

recovered in the aqueous stream when using 90 vol.% H2. This is attributed to a reduced polarity 

of oxygenates, as will be elaborated in more detail in section 9.3.3. For MoO3/TiO2, the operation 

to higher biomass-to-catalyst ratio (7.3 vs. 3.6) decreased the yields of gas, reaction water, and 

coke while the yield of liquid range organics increased. However, this increase was largely due to 

a higher fraction of organics recovered in the aqueous stream (from 2.2 wt.% to 3.7 wt.% of 

biomass).  
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Fig. 9-1. Product yields based on fed biomass (daf). The char yield was 19.2 0.8 wt.%, with the uncertainty 

being related to the manual collection process.  

 

9.3.3 Bio-oil properties 

Table 9-3 presents an overview of the bio-oil properties along with the B:C ratio at which 

the oil was obtained and the experimental conditions such as catalyst temperature and H2 

concentration. Under N2 atmosphere, the vapor treatment with bare TiO2 reduced the oxygen 

content from ~27 wt.% O (d.b.) to ~20 wt.%, which increased the HHV from ~28 to 31 MJ/kg. 

The use of TiO2 under inert atmosphere reduced the total acid number (TAN) of the bio-oil from 

71 to 43 mg KOH/g (see Table H-4), which is attributed to mild cracking and ketonization 

reactions [26–32]. The oil obtained without catalyst in 50 vol.% H2 showed an oxygen content of 

23 wt.% O (d.b.). Catalytic HDO in 50 vol.% H2 to B:C ~4 achieved a clear reduction in the acidity 

of the bio-oils since the TAN was decreased from 66 mg KOH/g to 12-13 mg KOH/g when using 

Pt/TiO2 and Mo/Al2O3 while it was decreased to 28 mg KOH/g when using MoO3/TiO2. The 

results indicate that both a high hydrogenation/HDO activity (Pt/TiO2) and a high acidity 

(Mo/Al2O3) can effectively convert acids, whereas the poorer performance of MoO3/TiO2 in TAN-

reduction—although still improved compared to the bare TiO2—likely results from its lower 

hydrogenation/HDO activity and lower catalyst acidity. It is known that not only carboxylic acids 

but also phenolic compounds contribute to TAN, e.g. the acid number for phenol is ~10 mg of 

KOH/g [9]. The TAN could be further decreased by increasing the H2 partial pressure, as shown 

for MoO3/TiO2 and Pt/TiO2, thereby reaching values as low as 2 mg KOH/g at B:C ~4 in the case 

of Pt/TiO2, which is the same range as acidic crude oils [52]. At 50 vol.% H2 and B:C ~4, the 
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MoO3/TiO2 catalyst achieved similar deoxygenation compared to Pt/TiO2 and Mo/Al2O3. The 

moisture content of the bio-oils was reduced from 19 wt.% to 2-7 wt.% after catalytic upgrading. 

The carbon content of the oils increased from 70 wt.% (empty reactor) to ~77–83 wt.% upon use 

of catalyst, while the oxygen content was reduced from 23 wt.% to 7-12 wt.%. While complete 

deoxygenation was not obtained at low B:C ~4, the oxygen content remained fairly stable and did 

not significantly increase with increasing B:C, as is usually observed with rapidly deactivating 

acidic catalysts such as HZSM-5 or -Al2O3 [7,8,53]. A slight deterioration in the oil-properties 

(due to catalyst deactivation) was observed when comparing the oils obtained at B:C ~4 and B:C 

~7 or 8 at the same H2 concentration, since the TAN and the oxygen content of the oils increased 

while the revaporization efficiency decreased (Table 9-3). This slight decrease in activity is 

attributed to the continuous coke build-up rather than a permanent deterioration in the 

deoxygenation capacity. A stable deoxygenation performance for a TiO2-supported Pt catalyst 

during 13 reaction/regeneration cycles was reported by Griffin et al. [41]. 

The catalytic treatment increased the HHV of the bio-oils from ~28 MJ/kg to ~36-38 

MJ/kg. The effective hydrogen index (EHI) as defined by Chen et al. is a calculated indicator of 

the ‘net’ H/C ratio of a feed after debiting the feed's hydrogen content for complete conversion of 

heteroatoms to NH3, H2S, and H2O, according to 𝐸𝐻𝐼 =  
𝐻−2𝑂−3𝑁−2𝑆

𝐶
 [54]. Compounds or 

mixtures with EHI's <1 led to rapid catalyst coking when upgraded over ZSM-5 catalyst. Higher 

EHI’s of bio-oils may therefore limit the coking when further processing the bio-oil by FCC. The 

atmospheric HDO treatment allowed increasing the effective hydrogen index (EHI) from ~0.3 to 

~1.0 (Table 9-3). The increase in H2 concentration from 50 to 90 vol.% increased the EHI of the 

oils obtained from MoO3/TiO2 from 0.95 to 1.09, while the EHI of the oils obtained by vapor 

treatment with Pt/TiO2 remained in the range of 1.05. The trend in EHI correlates with the trends 

in molar H/C ratio, as both parameters are indicative of the hydrogen incorporation, e.g via 

hydrogenation of olefins and aromatic rings. 

The basic nitrogen content of bio-oils is an important parameter for the progressing of the 

upgraded bio-oils in a FCC unit of a conventional refinery since firstly, the basic nitrogen 

compounds (reversibly) poison the FCC catalysts via rapid coking, and secondly the combustion 

of nitrogen containing coke species requires nitrous oxide abatement. The vapor treatment with 

the HDO catalyst did not markedly affect the basic nitrogen content of the bio-oils compared to 

the non-catalytic reference (0.4 mass%), and it is known that basic heterocyclic compounds, e.g. 

pyridines and quinolones are among the most difficult to remove via hydrodenitrification [55]. 

While some denitrification may have been achieved, the decrease in oil yield (especially at lower 

B:C) may have led to an up-concentration of more recalcitrant basic nitrogen species.  
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The volatility and stability of the oils obtained from atmospheric HDO improved 

significantly upon catalytic treatment, as seen from the weight loss curves during heating of the 

oils in a TGA (see Fig. H-9–Fig. H-11), The revaporization efficiency [47,48] stated in Table 9-3 

indicates what fraction of the (water-free) oil had volatized at 350 °C. The revaporization 

efficiency increased from ~70% to 86–96% by applying atmospheric vapor HDO. Oils obtained 

using Pt/TiO2 for vapor HDO showed the highest revaporization efficiency and the revaporization 

efficiency of bio-oils obtained from vapor upgrading with MoO3/TiO2 catalysts improved when 

HDO was conducted at increased H2 concentration. As such, the reduced reactivity and charring 

tendency of the oils correlates with increased EHI and H/C ratios, which is reasonable since 

alkanes have a higher volatility and are less reactive compared to unsaturated compounds. 

Table 9-3. Properties of phase-separated bio-oil fraction for catalysts (100 g) and reaction conditions as 

indicated.  

Catalyst - Pt/TiO2 MoO3/Al2O3 MoO3/TiO2 

Reactor temperature  500 °C 400 °C 450 °C 450 °C 

H2 vol.% 50 50 50 90 90 50 50 50 90 90 

B:C - 1.4 3.9 3.9 8.2 3.7 7.2 4.1 3.6 7.3 

Yield of oil phase [wt.% 

(daf)] 
25.0 15.8 17.0 19.4 20.6 12.7 17.3 18.3 18.2 18.6 

Energy recovery oil + C4+ 37.2 31.5 36.1 41.6 42.3 28.9 32.4 36.6 39.1 38.1 

H2O content [%] 18.7 7.0 2.7 2.6 5.0 1.8 2.8 4.6 2.8 4.3 

wt.% N (d.b.) 1.1 1.7 2.3 2.9 2.0 2.8 2.8 2.9 2.7 2.4 

wt.% C (d.b.) 70.3 83.0 78.0 78.6 78.2 78.5 77.2 78.2 80.4 78.8 

wt.% H (d.b.) 5.2 8.2 8.8 8.7 8.8 8.7 8.5 8.2 8.9 8.5 

wt.% O (d.b.) 23.4 7.0 10.9 9.8 11.0 9.9 11.5 10.7 8.0 10.3 

Higher heating value (HHV) 

[MJ/kg] 
28.2 37.9 36.4 36.7 36.5 36.6 35.8 35.8 37.7 36.5 

Effective hydrogen index 0.34 1.00 1.05 1.04 1.07 1.04 1.00 0.95 1.09 1.02 

H/C 0.88 1.18 1.34 1.32 1.34 1.32 1.31 1.25 1.32 1.29 

O/C 0.25 0.06 0.11 0.09 0.11 0.09 0.11 0.10 0.07 0.10 

TAN [mg KOH/g] 66 13 12 2 12 13 19 28 13 20 

Basic nitrogen (mass-%) 0.40 0.52 0.39 0.49 0.38 0.37 0.34 0.37 0.36 0.38 

revaporization efficiency at 

350 °C (d.b.) 
70 95 96 96 95 94 91 86 92 90 

 

The relative abundance of the main compound groups detected by GC-MS/FID in the phase 

separated aqueous fractions is shown in Fig. 9-3a. After atmospheric HDO, the aqueous phase 

organics that could be detected by GC-FID were mainly comprised of phenolics, acids, ketones, 

and alcohols (see Fig. 9-3a). The aqueous phase from the non-catalytic reference contained less 

phenolics and more ester, methoxy-phenol, and (anhydro-)sugar-type compounds. Fig. 9-3b shows 

the semi-quantitative yields by multiplying the yield of total organics (d.b.) in the aqueous phase 
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with the selectivity of identified compounds. The atmospheric HDO clearly reduced the yield of 

acids recovered in the aqueous phase. The yield of acids contained in the aqueous phase increased 

with increasing B:C, and compared at similar B:C it decreased when increasing the H2 

concentration. Those trends correlate with the TAN of the phase-separated bio-oil fraction (see 

Table 9-3), and the same observations have been reported for the upgrading of wheat straw FP 

vapors with solid acid catalysts in N2 atmosphere [8]. Since acids are difficult to hydrogenate, they 

are likely decarboxylated or converted via ketonization, which can explain a high yield of 

2-butanone (ketonization product of acetic acid and propionic acid) and 2-pentanone (ketonization 

of two propionic acid molecules) observed in the oil phase (see Fig. 9-3).  

The selectivity and yields of compounds in the oil phase as detected by GC-MS/FID is 

shown in Fig. 9-3c+d. Compared with the non-catalytic reference, the oils obtained from 

atmospheric HDO contained higher concentrations of hydrocarbons such as aliphatics and 

monoaromatics, and higher concentrations of phenolics while methoxy-phenols and acids were 

effectively reduced or even converted completely. Note that the ketonization of acetic acid over 

TiO2 would yield acetone [56], which was used as solvent and therefore excluded in the analysis 

of the oil-phase. The formed acetone from ketonization of acetic acid was likely to some extent 

further hydrogenated to propane/propene, in agreement with increased yields of propane/propene 

compared to the non-catalytic reference. The increase in H2 partial pressure from 50 to 90 vol.% 

increased the yield of hydrocarbons, and Pt/TiO2 was more selective to aliphatics while 

MoO3/TiO2 did not favor ring hydrogenation and favored monoaromatics. The chromatograms of 

the non-catalytic reference oil (50 vol.% H2) and two oils obtained after HDO with Pt/TiO2 and 

MoO3/TiO2 catalysts at B:C ~4 (90 vol.% H2) are shown in Fig. 9-3. Interestingly, the alkanes 

obtained with Pt/TiO2 at 90 vol.% comprised long chain alkanes such pentadecane, heptadecane, 

and eicosane, which indicates the occurrence of C–C coupling reactions, possibly via ketonization. 

The highest yield of aliphatics was 1.7 wt.% of fed biomass. Griffin et al. [26] found that the 

concentration of unreacted oxygenates such as acetic acid and methoxyphenols from upgrading 

pine pyrolysis vapors over 2 wt.% Pt/TiO2 increased steadily during the course of the reaction to 

B:C ~3. The analysis of their condensed oil by GC-MS showed a high concentration of phenols 

and ketones, which agrees with this work; however, a higher concentration of methoxyphenols 

was reported in Griffin et al.’s work [26]. This is likely related to the higher lignin content of pine 

compared to wheat straw and the higher oxygen content of the upgraded bio-oil (~16 wt.%, d.b.) 

reported by Griffin et al. [26] compared to this work (7-11 wt.% O, d.b). In agreement with our 

observations (Fig. 9-3), Wan et al. [25] reported significant decrease in acetic acid, 

hydroxyacetone, methoxy-phenols and dihydrobenzofuran when upgrading fast pyrolysis vapors 

from oak and switchgrass with 5 wt.% Ru/TiO2 at 400 °C (0.6 bar H2), while an increase in 

acetone, 2-butanone, 2-cyclopenten-1-one, and phenol was observed. The effective conversion of 
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methoxyphenols from wheat straw fast pyrolysis vapors by HDO using the industrial Mo/Al2O3 

agrees with Wang et al.’s [24] results for upgrading pine fast pyrolysis vapors (in-situ reactor 

configuration). Based on the high selectivity to phenols (Fig. 9-3c) after atmospheric HDO, 

phenols are likely an important contributor to the TAN of the upgraded bio-oils [9]. Since the 

breakage of phenolic C–O bonds requires a high bond dissociation energy of 468 kJ/mol [57], only 

the increased hydrodeoxygenation activity at increased H2 partial pressure may have allowed to 

further decrease the yield of phenolics and therefore the TAN of the bio-oils (see Table 9-3). 

 

 
Fig. 9-2. GC-MS/FID results: (a) Selectivity of compounds (grouped) in aqueous phase. (b) Semi-

quantitative yields of compounds in aqueous phase. (c) Selectivity of compounds (grouped) in oil phase. 

(d) Semi-quantitative yields of compounds in oil phase.  
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Fig. 9-3. GC-FID chromatograms of non-catalytic reference (50 vol.% H2) and two oils obtained after HDO 

with Pt/TiO2 and MoO3/TiO2 catalyst at B:C ~4 (90 vol.% H2). 

Two-dimensional GC×GC analysis allows characterizing the bio-oil comprehensively 

based on the spatial separation of polar and nonpolar compounds, thereby expanding the range of 

volatile compounds that can be analyzed. The 2D GC×GC plots for the non-catalytic oil and oils 

obtained at B:C ~4 and 50 vol.% H2 using the three different catalysts are shown in Fig. H-12–

Fig. H-13. In addition, the oil obtained from vapor upgrading with MoO3/TiO2 at B:C ~4 and 90 

vol.% H2 was analyzed to demonstrate the effect of H2 partial pressure on the oil composition. The 

integration results of the different regions in the two-dimensional plots are summarized in Fig. 9-4. 

Note that the contribution of acids (Ac), nitrogen-containing groups (Nit), and furanones/furfuryl 

alcohols (Fur) was multiplied by 10 for better visibility. Most noticeably, the GC×GC analysis 

shows a severe reduction in the yield of Ac, Nit, pentanones/hexanones, Fur, dihydroxylated 

benzenes, and methoxy-phenols after vapor HDO compared to the non-catalytic reference, in 

general agreement with the decrease in oxygen content and TAN. On the other the hand, the yield 

of oxygen-free hydrocarbons, especially aromatics increased after HDO. The contribution of acids, 

ketones (Ket), furans, phenols (Ph), and methoxy-phenols (MeO-Ph) was lowest for the industrial 

Mo catalyst, while this catalyst showed the highest aromatics content. This observation agrees with 

both the GC-MS/FID results (Fig. 9-3) and the NMR characterization of the bio-oils (Table 9-4 

and Table 9-5). The Pt/TiO2 catalyst on the other hand was the most selective catalyst towards 

aliphatics, in line with high aliphatic C–H contributions detected by NMR (Table 9-4 and 

Table 9-5). In addition, the Pt/TiO2 catalyst was most selective to phenolics, in agreement with the 

trends suggested by GC-MS/FID (Fig. 9-3). An increase in the H2 concentration from 50 to 90 

vol.% led to a clear improvement in the bio-oil properties as shown for MoO3/TiO2. The selectivity 

5 10 15 20 25 30 35 40 45 50

OH

O

O

O

O

O

O

OH

MoO3/TiO2, B:C ~4

O

O

OH

O

OH
OH

OH
OH

OH

O

OH

OH

OH OH

OH

OH

OH

OH

OH

O

OH

O

OH OH

OH

re
la

ti
v
e

 i
n

te
n

s
it
ie

s
 (

F
ID

 s
ig

n
a

l)

time (min)

Pt/TiO2, B:C ~4

OH

OHOH

OHOH

O

non-catalytic
O

OH

O O

OH

O

O

O
O

O

OH

O O

OH

solvent

O

OH

O

O

OH

O O

O

OH

O

O
O

O

OH

O

OH

O

O

O

O

O

O

O

OH

OH

OH

O

OH

OH



Chapter 9 

242 

 

to oxygen-free hydrocarbons (Ali + Ar) increased at the expense of oxygen-containing compound 

groups. This observation agrees with the findings by GC-MS/FID (Fig. 9-3) and a reduction in 

oxygen content and TAN (Table 8-5).  

 
Fig. 9-4. GC×GC-FID analysis of the bio-oils. The components in the condensed organics are divided into 

aliphatics (Ali), aromatics (mono and di+ Ar), acids (Ac), pyrroles/nitriles (Nit), ketones (Ket), 

furanones/furfuryl alcohols (fur), phenols (Ph), and methoxy-phenols. The relative FID area contribution 

of Ac, Nit and Fur was multiplied by 10 for better visibility. 

While gas-chromatographic methods provide single-compound information, only the 

fraction volatilizing during injection (~280 °C) is analyzed. Compounds with higher boiling point, 

light compounds overlapping with the solvent (acetone), or reactive compounds that 

polymerize/char during the injection are not analyzed. The heating of the oils in the TGA 

(Fig. H-9–Fig. H-11) indicates that only 56 wt.% of the organics (water-free) volatilized at the 

injection temperature for the non-catalytic reference oil, while ~83–86 wt.%, 82–85 wt.%, and 

~74–83 wt.% of the upgraded oils volatilized when using Pt/TiO2 , Mo/Al2O3, and MoO3/TiO2, 

respectively.  

In order to obtain information on the whole composition of the bio-oils, the non-catalytic 

bio-oil and the bio-oils obtained from atmospheric HDO with the three different catalysts at B:C 

~4 in 50 vol.% were analyzed by 13C and 1H NMR. The spectra are provided in Fig. H-17–

Fig. H-18 while Table 9-4 and Table 9-5 summarize the contribution of different product groups 

according to their chemical shift range. The atmospheric HDO reduced the contribution of 

carbonyls from ~15% to ~8-10% and the contribution of aromatic C–O was reduced from ~13 to 

7-9% (Table 9-4). The HDO resulted in a clear decrease of aliphatic C–O groups from ~10 to ~2%, 

and methoxyl groups were practically removed completely (detection level). The sum of aromatic 

C–C and C–H contributions increased by the catalytic treatment from ~26% to ~32-33% using 
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Pt/TiO2 or MoO3/TiO2 while it increased to 38% using Mo/Al2O3.The aliphatic C–H contribution 

on the other hand was most enhanced for Pt/TiO2 (48%), followed by MoO3/TiO2 (45%) and 

Mo/Al2O3 (42%). While oxygen containing groups were clearly reduced with all three catalysts, 

under 50 vol.% H2 the reduction in oxygen containing groups was least pronounced using 

MoO3/TiO2, in agreement with higher TAN and charring propensity of this oil (Table 9-3). It is 

worth mentioning that a similar oil quality could be obtained when operating to higher B:C (7.3) 

at increased H2 concentration of 90 vol.% (see Table H-5). The operating at increased H2 

concentration can thus reduce the frequency of catalyst regeneration in a scenario of parallel fixed 

bed reactors while maintaining a certain oil quality.  

The results from 1H NMR analysis (Table 9-5) show a slightly higher content of aromatic 

and conjugated alkene hydrogen (8.2−6.0 ppm) after HDO for all catalysts. Aliphatic H connected 

to oxygen in sugars and related groups (chemical shifts from 3.0- 6 ppm) show a strong decrease 

from ~14% to ~1-3% after HDO. The oil obtained by HDO with the Mo/Al2O3 catalyst showed 

the highest contribution of aromatics and conjugated alkene H, followed by MoO3/TiO2 and 

Pt/TiO2, while the aliphatic H was favored in reverse order, in agreement with the 13C NMR results. 

The increased aliphatic H of the Pt/TiO2 oil agrees with the increased hydrogen incorporation 

indicated by the higher EHI and H/C ratios of the Pt/TiO2 derived oils (see Table 9-3). 

The lack of ring hydrogenation was checked for monoaromatics and phenol in excess H2 

(99 vol.%) by thermodynamic calculations for temperatures 400–475 °C and hydrogen pressure 

1–50 bar (see Fig. H-24 and Fig. H-25). The equilibrium calculations show that higher pressures 

and/or lower temperatures are needed to hydrogenate the rings. 

Table 9-4. Carbon percentage based on the 13C NMR analysis of bio-oils obtained in 50 vol.% H2 

atmosphere (atm. pressure) and B:C ~4 for the three different HDO catalysts. 

 No catalyst Pt/TiO2 MoO3/Al2O3 MoO3/TiO2 

Carbonyl (215–166.5 ppm) 15.4% 9.8% 8.3% 9.3% 

Aromatic C–O (166.5–142 ppm) 12.5% 6.7% 8.6% 10.3% 

Aromatic C–C (142–132/125 ppm)a 9.2% 4.7% 6.4% 5.4% 

Aromatic C–H (132/125–95.8 ppm)a 16.5% 28.0% 31.8% 26.4% 

Aliphatic C–O (95.8–60.8 ppm) 9.9% 2.1% 2.0% 2.4% 

Methoxyl (60.8–55.2) 4.2% 0.3% 0.4% 1.3% 

Aliphatic C–H (55.2–0 ppm, with 

exclusion of solvent) 
32.4% 48.4% 42.5% 44.8% 

aFor catalytically treated pyrolysis oils, the border between aromatic C–C and aromatic C–H was moved downfield 

from 125 ppm to 132 ppm following the recommendation of Happs et al. [50] 
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Table 9-5. Hydrogen percentage based on the 1H NMR analysis of bio-oils, obtained in 50 vol.% H2 

atmosphere (atm. pressure) and B:C ~4 for the three different HDO catalysts.  
assignment No catalyst Pt/TiO2 Mo/Al2O3 MoO3/TiO2 

-COOH (12.5–11.0 ppm) 0.1% 0.1% 0.1% 0.0% 

-CHO, ArOH (11.0–8.2 ppm) 0.8% 0.5% 1.1% 0.7% 

aromatics and  

conjugated alkene H (8.2–6.0 ppm) 
18.5% 20.6% 23.2% 21.5% 

aliphatic OH, -CH=CH-, Ar−CH2-O−R  

(6.0–4.2 ppm) 
5.6% 1.4% 1.7% 2.7% 

R−CH2−O-R, CH3−O−R (4.2 –3.0 ppm) 13.9% 0.8% 1.3% 3.6% 

-CH2CH=O, aliphatic H (3.0–2.0 ppm) 24.6% 44.2% 42.8% 40.7% 

aliphatic proton (2.0–0 ppm) 36.5% 32.5% 29.7% 30.8% 

Compared to 1D NMR spectra required for quantification, 2D NMR spectra lower the 

likelihood of overlapping because the signals are spread out into two dimensions. The 

heteronuclear single-quantum correlation spectroscopy (HSQC) correlates chemical shifts of 

carbons and protons in a phase sensitive way. The according 2D HSQC spectra of oils analyzed 

by 1D NMR are provided in Fig. H-19–Fig. H-23. Oils obtained from the catalytic vapor treatment 

with HDO catalysts showed a clear decrease in the contribution of -CH-O- and -O-CH-O- groups, 

which are mainly present in sugars. Aldehydes were converted almost completely using Pt/TiO2 

while a higher concentration of aldehydes remained for the oil obtained from HDO with Mo/Al2O3.  

9.3.4 Coke on catalyst 

The regeneration of coke species on the three HDO catalysts occurred at lower combustion 

temperatures compared to regeneration of coked Al2O3 or HZSM-5 (see Fig. 9-5). The TiO2-

supported catalysts showed the lowest combustion temperature. This observation is attributed to 

the metal promotion, which catalyzes coke combustion. While not further investigated in this 

work, the coke species from HDO may contain higher H/C ratios compared to the more graphitic 

coke inside zeolitic micropores. For HDO of a lignin model compound (m-cresol), Shetty et al. 

[22] reported that an Al2O3-supported MoO3 showed a higher tendency to form refractory graphitic 

coke compared to TiO2 and ZrO2-supported MoO3 catalysts, thereby requiring higher temperatures 

for oxidative regeneration, which agrees with our observations. The onset of coke-combustion for 

the coke deposited on TiO2 from upgrading under N2 atmosphere occurred at higher temperatures 

(~275 °C) compared to the Pt and MoO3-promoted TiO2 catalysts (not shown). Fig. 9-5b shows a 

comparison of the deposited mass of coke (carbon) per mass of coke-free catalyst at increasing 

B:C ratios for the different HDO catalysts and acidic catalysts such as -Al2O3 and HZSM-5 zeolite 

[8]. The coking propensity of -Al2O3 is rather high, while the microporosity of HZSM-5 limits 

the coke formation [8]. The coking propensity of bare TiO2 under nitrogen atmosphere was in the 

same range as HZSM-5. The Pt/TiO2 catalyst formed less coke per mass of catalyst compared to 

HZSM-5 zeolite and the bare TiO2 support, which could indicate that hydrogenation of coke 

precursors and coke scavenging occurred near the active Pt sites. Coke scavenging was observed 
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in micropyrolyzer tests where H2 continued to flow over the catalyst in between pyrolysis vapor 

pulses [46]. Remarkably, the HDO using Pt/TiO2 resulted in only a slight additional buildup of 

coke compared to the coke that had initially deposited at B:C ~1.2, even though the catalyst was 

still active and improved the fuel properties of the condensed bio-oil up to high B:C of ~8 (see 

Table 9-3). This is attractive as it limits carbon losses to coke and eventually CO2 during the 

catalyst regeneration. The coking propensity of MoO3/TiO2 was slightly higher compared to 

Pt/TiO2, yet below the coking propensity of HZSM-5. It is further noted that an increase in H2 

concentration from 50 to 90 vol.% led to a slight decrease in coke deposition for the MoO3/TiO2 

and Pt/TiO2 catalysts (Fig. 9-5). Compared per surface area of catalyst, 0.96 and 1.29 mg/m2 

deposited using Pt/TiO2 and MoO3/TiO2 catalyst at 50 vol.% H2, which decreased to 0.86 and 1.07 

mg/m2 at increased H2 concentration of 90 vol.%. Amongst the three tested HDO catalysts, the 

coking propensity of the industrial MoO3/Al2O3 was the highest, which is tentatively attribute to a 

higher surface area and acidity of the Al2O3 support compared to TiO2.  

 
Fig. 9-5. (a) CO2 evolution during coke combustion (B:C ~4) of the full catalyst bed in ~2 vol.% O2/N2 

during heating at 1 °C/min. (b) Deposited mass of carbon in coke per coke-free catalyst for different 

catalysts and increasing B:C ratios. Data points for -Al2O3 and HZSM-5 have been reported earlier [8,53].  

9.3.5 Catalyst stability 

In order to investigate potential sintering of small Pt particles, the Pt/TiO2 catalyst was re-

analyzed by TEM after four cycles of reaction and regeneration. Representative TEM images and 

the particle size distributions obtained from ~200 particles of ~10 different sample locations are 

shown in Fig. H-26. The Pt particles remain well dispersed on the support. While the peak of the 

particle size distribution remains centered at ~1.5 nm similar to the pre-reaction characterization 
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(Fig. H-7c), the post-reaction particle size distribution extended to larger particles up to ~5 nm 

(Fig. H-26f). The post-reaction characterization of the regenerated TiO2-supported catalysts 

showed only minimal changes in surface area, as the surface area slight increased from 51 to 54 

m2/g for Pt/TiO2 and slightly decreased from 54 to 49 m2/g for MoO3/TiO2. Griffin et al. [26] 

reported minimal changes to the TiO2 support after 13 reaction/regeneration cycles, albeit a more 

pronounced increase in Pt particle size was observed in their work—yet without any apparent 

impact on performance.  

9.3.6 Energy recovery 

It is of interest to benchmark the performance of the HDO catalysts against each other and 

against other acidic catalysts such as HZSM-5 zeolite, Al2O3, and HZSM-5/Al2O3 extrudates 

[8,53]. Fig. 9-6 shows the degree of deoxygenation (DOD) obtained in the collected bio-oil and 

their energy recovery with respect to bio-oil obtained without catalyst in N2 atmosphere. When 

using acidic catalysts for vapor upgrading under N2 atmosphere, the deoxygenation rapidly 

decreased with increasing B:C ratio while the energy recovery of the oil increased (Fig. 9-6). 

Interestingly, an ~20% higher energy recovery of the condensed oil phase was obtained when 

switching to 50 vol.% H2 without using a catalyst. This is attributed to a slight hydrodeoxygenation 

achieved by the metal surfaces inside the pyrolysis system or metals in the char/ash with catalytic 

activity, which is consistent with a slight increase in reaction water due to HDO and a reduction 

in the oil’s oxygen content by 20%. While the overall yield of liquid-range organics was 

comparable (Fig. 9-1), this led to a more favorable phase separation between organic and aqueous 

phase with a decreased yield of (polar) organic compounds in the aqueous phase. The application 

of atmospheric HDO achieved higher energy recoveries for a given level of deoxygenation 

compared to previously tested acidic catalysts (Fig. 9-6). While obtaining the same energy 

recovery as the non-catalytic oil (N2), almost 60% deoxygenation was achieved with Pt/TiO2 at 

B:C ~4 and 50 vol.% H2. Note that at lower B:C (1.4) a lower oxygen content can be obtained 

albeit at lower energy recovery due to increased losses to gas and coke (Fig. 9-1). Amongst the 

three HDO catalysts tested at 50 vol.% H2, the industrial Mo based catalyst achieved the lowest 

energy recoveries compared at similar vapor deoxygenation, which correlated with higher gas and 

coke yields. At 50 vol.% H2, MoO3/TiO2 performed identical to Pt/TiO2 in terms of deoxygenation 

and energy recovery of condensed bio-oil: ~60% deoxygenation of oil was obtained at a similar 

energy recovery (101%) of bio-oil fraction compared to the non-catalytic reference case without 

hydrogen addition. The lower hydrogenation activity of Mo compared to Pt was seemingly 

compensated by the significantly higher loading of Mo on TiO2 (11 times higher than Pt) leading 

to roughly similar activity of the two catalysts. An increase in H2 partial pressure from 50 to 90 

vol.% H2 further increased the deoxygenation and energy recovery of the bio-oils. At 90 vol.% H2, 
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energy recoveries of bio-oil with respect to the fed biomass of 42 and 39% were obtained with bio-

oil oxygen contents of 10 and 8 wt.% (d.b.) using the Pt/TiO2 and MoO3/TiO2 catalyst, 

respectively. With operation to B:C of 7-8, the extent of deoxygenation decreased for both Pt/TiO2 

and MoO3/TiO2 catalyst while the oil yield increased (see Fig. 9-1). For Pt/TiO2 this led to a slight 

increase in energy recovery, while for MoO3/TiO2 the energy recovery decreased due to the lower 

heating value of the oil (36.5 vs. 37.7 MJ/kg), thereby approaching the results obtained at lower 

H2 concentration and B:C ~4.  

 
Fig. 9-6. Deoxygenation and energy recovery of bio-oil obtained with HDO catalysts at 400-450 °C (half-

filled symbols) and acidic catalysts at 500 °C (filled symbols) relative to a non-catalytic bio-oil obtained 

under inert conditions (N2) with 26 wt.% O (d.b.) and 36% energy recovery. 

9.3.7 Catalyst cost estimation 

In order to obtain a rough cost comparison of the two in-house prepared TiO2-supported Pt 

and MoO3 catalysts, the estimation tool CatCost [58], provided by the DOE/NREL/ALLIANCE, 

was used. The material cost of 10 wt.% MoO3/TiO2 catalyst was estimated to ~4300 $/ton of 

catalyst, with zero value of the spent catalyst. The material cost of 0.5 wt.% MoO3/TiO2 catalyst 

was significantly higher (~118000 $/ton of catalyst), but the spent catalyst value was estimated to 

~92700 $/ton of catalyst. The Pt catalyst therefore has much higher investment costs, and even 

with taking the value of the spent catalyst into account, the Pt/TiO2 catalyst would be almost 6 

times more expensive compared to the 10 wt.% MoO3/TiO2 catalyst. This speaks for the latter 

catalyst, since it achieved similar performance to Pt/TiO2, especially at higher H2 partial pressure; 

however, further optimization of the Pt loading of the Pt/TiO2, and possibly Pt particle size [77,78], 

should be carried out before a firm conclusion can be drawn. 
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9.4 Conclusion 
Atmospheric hydro-deoxygenation (HDO) of wheat straw fast pyrolysis vapors was 

investigated in a continuous flow setup using 100 g of 0.5 wt.% Pt/TiO2, 10 wt.% MoO3/TiO2, or 

an industrial MoO3/Al2O3 catalyst. The HDO provided higher energy recoveries of bio-oils 

compared to acidic catalysts such as -Al2O3 or HZSM-5 zeolite, which is attributed to carbon 

preserving HDO reactions, H2 incorporation, and a reduction in polarity of the compounds, thereby 

reducing losses to the aqueous phase. At 50 vol.% H2, the performance of the industrial Mo based 

catalyst was the poorest, with the highest gas and coke yields. 10 wt.% MoO3/TiO2 performed 

identical to 0.5 wt.% Pt/TiO2 at 50 vol.% H2 and obtained oil with ~11 wt.% O, 31 C% and 36% 

energy recovery. The carbon and energy recovery could be further improved by increasing the 

hydrogen concentration in the gas to ~90 vol.%, yielding oils with 8-10 wt.% O (dry basis) and 

39-42 % energy recovery. This further decreased the acidity (TAN) of the bio-oil to as low as 2 

mg KOH/g when using Pt/TiO2 (non-catalytic = 66 mg KOH/g). Oils obtained from HDO using 

Pt/TiO2 catalyst showed a higher aliphatic content compared to the Mo based catalysts, which 

reduced the charring tendency during heating of the bio-oil. Methoxyphenols that are present in 

non-treated bio-oil were not detected in the upgraded bio-oils and thus were likely converted to 

aromatic hydrocarbons or partially deoxygenated into phenols.  

For the deoxygenation of biomass fast pyrolysis vapors, it is critical to balance the 

deoxygenation severity with the carbon losses during deoxygenation. The application of 

atmospheric pressure catalytic HDO reduced the losses of carbon to the aqueous phase and coke 

and increased the carbon recovery of bio-oil with improved fuel properties, which may be further 

processed in conventional refineries or directly applied as a renewable fuel, e.g. for ship engines. 

The presented data may facilitate future techno-economic assessment for the production of 

transportation fuels from agricultural residues.  
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Chapter 10 |  Discussion 

This chapter compares the results obtained in this work using wheat straw as feedstock 

with the works conducted by other research groups in the field of biomass CFP during the last 

three decades for a variety of biomass and catalyst types. In order to lay a common ground for the 

comparison of the results obtained for various biomass types, catalysts loadings, catalyst types, 

and CFP configurations (in-situ or ex-situ), the deoxygenation of the organic bio-oil phase relative 

to the non-catalytic FP oil is plotted against the relative carbon recovery of the C4+ liquid range 

organics with respect to the carbon recovery of the non-catalytic FP oil. In works where no non-

catalytic reference was reported, it was estimated from other works for the same type of biomass 

feedstock. In addition, the carbon content of the bio-oil was not always reported. In those cases 

[1–9], the carbon content was estimated based on the stated oxygen content of the bio-oil, since a 

negative correlation was observed between the carbon and oxygen content of bio-oils derived from 

a range of various biomass types and catalysts according to: 

𝑤𝑡. % 𝐶bio−oil (d.b.)  =  −0.9655 × (𝑤𝑡. % 𝑂bio−oil (d.b.))  +  91.748. 

Plotting the data relative to the non-catalytic reference case allowed eliminating differences 

in absolute oil yield resulting from different biomass ash content. The plot shown in Fig. 10-1 thus 

compares how efficiently oxygen was removed from the bio-oil with respect to carbon preservation 

in the bio-fuel. It can be noted that under inert conditions (CFP), a negative trend between 100% 

deoxygenation and 100% carbon recovery of bio-exists, which shows that oxygen removal can 

only concur with carbon loss under these conditions. This is due to the hydrogen deficiency of 

biomass, which does not allow removing all organic oxygen via dehydration, besides the challenge 

of developing a highly selective dehydration catalyst [10]. Despite the overall negative correlation, 

it can also be seen that there is a certain optimization range within the CFP field (grey shaded), 

and the catalyst and process optimization should aim to move as far towards the upper right corner 

as possible. The benefits of ‘novel’ catalysts should be carefully evaluated in the bigger picture, 

as catalyst performance may only have been evaluated for a single degree of deoxygenation or a 

limited range.  

Interestingly, the results for upgrading of FP vapors generated from agricultural residues 

seem comparable with upgrading of FP vapors generated from woody biomass. While the bio-oil 

yield is lower from agricultural residues, it is possible to increase the oil yield via biomass 

demineralization. Whether the extra pre-treatment step is worth the effort depends on the process, 

e.g. if bio-oil production is the primary purpose or if higher char and gas yields are acceptable and 

considered as valuable byproducts for carbon sequestration and heat and power generation (see 

chapter 7). Under CFP conditions, mesoporous HZSM-5 derived from desilication of HZSM-5 
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with Si/Al = 28 and 39 achieved a better performance compared to their parent counterparts, 

especially when operated to higher B:C ratios (chapter 3). Na-Al2O3 achieved similar performance 

and even slightly surpassed the performance of mesoporous HZSM-5 when operated to high B:C. 

Compared to the results reported in literature for upgrading wood derived FP vapors over Na-

Al2O3 (purple data points in Fig. 10-1), higher carbon recoveries (relative to the non-catalytic 

reference) were obtained in this work using straw. Besides the comparison of different catalyst 

parameters and the reaction temperature, it is paramount to investigate the change in bio-oil yield 

and quality when operating to higher B:C ratios in order to investigate the catalyst’s resistance to 

deactivation. As this work showed, the operation to higher B:C ratio can improve the carbon 

recovery of bio-oil while still obtaining a significant drop in the oxygen content, which suggests 

that even coked catalysts have a mild deoxygenation activity.  

The results obtained for atmospheric HDO in this work (chapter 9) allowed to further 

surpass the best performing CFP catalysts in terms of deoxygenation and carbon recovery, and the 

results are comparable to works by others for atmospheric HDO using wood as feedstock [11,12]. 

While oxygen can be removed almost entirely at relative carbon recoveries close to 100% when 

applying HDO at higher H2 pressures of 8-35 bar, it is easier to feed biomass into atmospheric 

HDO systems. The remaining oxygen content of the stabilized bio-oils is expected to be easily 

removed via a single stage hydrotreatment or further treatment in an FCC, for which a lower coking 

propensity for the bio-oils derived from atmospheric HDO is expected due to their higher H/Ceff 

ratios compared to CFP oils.  
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Fig. 10-1. Comparison of results obtained in this work with literature. Table 10-1 to Table 10-4 contain the 

symbol legend with the respective references, and indications of the used biomass, catalysts, and process 

type. Results from this work are indicated by yellow shading in Table 10-2 and Table 10-3. 

 
Table 10-1. CFP with woody biomass 
symbol ref. biomass catalyst 

 [12] 

wood 

solid acid catalyst 

(FCC, HZSM-5, 

-Al2O3 etc.) 

 [1] 

 [13] 

 [2] 

 [14] 

 [9] 

 [15] 

 [16] 

 [17] 

 [18] 

 [19] 

 [20] 

 [21] 

 [22] 

 [7] 

 [9] metal oxides 

 [3] 
Ni/V 

 [23] 

 [5] 
supported Na 

catalysts 
 [24] 

 [4] 
 

Table 10-2. CFP with agricultural residues 
symbol ref. biomass catalyst 

 [6] corn cob 

(meso-) 

HZSM-5 (+binder) 

 [25] rice husks 

 [26] 
acid-washed 

straw 
 [8] 

 [27] 

 [28] a) 
straw 

 
 [29] b) 


c) Na-Al2O3 

a)see Chapter 3, b)see Chapter 5, c)see Chapter 8 
 

Table 10-3. Atmospheric HDO 
symbol ref. biomass catalyst 


d) straw TiO2-supported Pt and MoO3 

 [11] 

wood 
Pt/TiO2 

 [12] Haldor Topsoe proprietary 
d)see Chapter 9 
 

Table 10-4. HDO with H2 pressure 8-35 bar 
symbol ref. biomass catalyst 

 [30] 

wood 

NiMo 

 [31] CRI proprietary 

 [32] CoMo 

 [33] CoMo, NiMo, and Mo 

 [34] CoMo/MgAl2O4 + NiMo 
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Chapter 11 |  Conclusions 

Within this work, a bench scale fast pyrolysis test rig was modified for the purpose of 

catalyst testing and continuous vapor condensation and gas analysis. It was shown in detail how 

the quality of bio-oil deteriorates during vapor upgrading over microporous HZSM-5.  

Also after introduction of mesopores to the HZSM-5 zeolite via desilication, it was 

generally found that with progressive biomass feeding, i.e. towards higher B:C ratios, the catalysts 

deactivated by coke, and the oxygen content and acidity of the bio-oils increased. In addition, a 

shift towards larger molecules resulted and the bio-oils formed more char during evaporation, 

which is unwanted for further processing operations such as hydrotreating or FCC. The 

introduction of mesoporosity to HZSM-5 retained activity for a longer time during vapor 

upgrading compared to the parent microporous HZSM-5, indicating an improved tolerance 

towards deactivation. For a certain oxygen-level in the bio-oil, this may allow operating to ~50% 

higher B:C ratios using the mesoporous HZSM-5, and can therefore reduce the regeneration 

frequency. However, the overall coking propensity of the catalysts increased after introduction of 

mesopores. Addition of a low-level of mesoporosity seemed sufficient to improve the performance 

and has the benefit that it limits the loss of the parent zeolitic material and preserves the shape 

selectivity of the HZSM-5 microporous domains to a larger extent, while overall increasing the 

accessibility of the crystals.  

Coating of mesoporous HZSM-5 with silicalite-1 increased the overall Si/Al ratio and 

reduced the (external) acidity. Micro-pyrolyzer tests showed that the added silicalite-1 shell 

reduced the coke yield by 43% for the same catalyst mass and by 8% for the same total number of 

acid sites, while the tolerance towards deactivation observed for the mesoporous HZSM-5 core 

was largely preserved.  

Tests conducted with HZSM-5/Al2O3 extrudates and the bare -Al2O3 used as binder 

showed that the low cost -Al2O3 is active in deoxygenation and achieved reasonable energy 

recoveries of bio-oil. While, the coke yields were significantly higher for -Al2O3 compared to 

HZSM-5, the coke combusted at lower temperatures and especially the acidity of -Al2O3 was 

found more hydrothermally stable at the conditions applied for CFP. 

When studying the co-feeding of bio-oils (raw FP oils from wood and straw, and straw 

CFP oil) with a fossil reference feed in a FCC microactivity unit, it was found that the blends with 

the wheat straw oil resulted in higher coke and lower LPG yields. This was attributed to a higher 

basic nitrogen content of the straw derived pyrolysis oils, which can have a poisoning effect on 

the FCC catalyst. The basic nitrogen content should therefore be taken into account during the 

catalyst optimization if the upgraded bio-oils are to be considered for further processing via FCC.  
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Na-Al2O3 catalyst showed ketonization activity and thus was found highly selective in acid 

conversion and reducing the TAN of bio-oils. For a given TAN, the use of Na-Al2O3 allowed to 

operate to higher B:C ratios and provided higher oil yield compared to vapor treatment with acidic 

catalysts such as -Al2O3 and HZSM-5. This may allow reducing the frequency of required catalyst 

regeneration. In addition, the coke combusted more readily at lower temperatures compared the 

acidic catalysts. The upgrading of biomass derived fast pyrolysis vapors with Na-Al2O3 thus poses 

an economically attractive alternative to zeolites for production of bio-oil with low corrosion 

potential, which may be further processed in conventional refineries or directly applied as a 

renewable fuel for ship diesel engines.  

The processing of wheat straw in an LT-CFB gasifier showed that an increased operating 

temperature of the pyrolysis chamber of the gasifier reduced the bio-oil yield and increased its 

quality, such as increased heating value and decreased moisture content, oxygen content, and TAN. 

The in-line catalytic treatment of tars using HZSM-5/γ-Al2O3 or γ-Al2O3 at 500 °C significantly 

improved the quality of the collected bio-oils since the moisture content, oxygen content, TAN 

and basic nitrogen content decreased while the heating value of the oils was improved. In addition, 

the catalytically treated bio-oils obtained from the gasifier tar treatment showed a decreased 

charring propensity and thus are better suited for further processing. 

Finally, promising HDO catalysts were studied at bench scale under atmospheric hydrogen 

pressure. Pt/TiO2 was found very selective to alkanes, which resulted in a high hydrogen (and 

energy) incorporation into the bio-oils. This reduced the char formation when reheating the bio-

oil. MoO3 based HDO catalysts on the other hand showed a higher activity in aromatization 

activity, but with respect to deoxygenation and energy recovery of bio-oil, MoO3/TiO2 was found 

to perform comparable to Pt/TiO2, for which an about 6 times higher cost was estimated despite 

the low Pt loading of ~0.5 wt.% used in this work. For a certain extent of deoxygenation, higher 

levels of bio-oil energy recoveries were obtained under atmospheric HDO compared to CFP 

conditions, which can be explained by the efficient hydrodeoxygenation, preservation of C-C 

bonds (reduced losses to CO/CO2), and the boosted heating values of the bio-oil by the hydrogen 

incorporation.  

Overall, this work shows that a variety of catalysts is active for deoxygenation of wheat 

straw FP vapors. However, it is imperative to balance catalyst activity, stability, and carbon losses 

to light gases and coke, which reduce the bio-oil yield. The carbon losses to coke and gas decrease 

while the liquid recovery increases when the process is operated to higher B:C ratios. The point at 

which the biomass feeding should be stopped shall therefore be determined by the maximum 

acceptable oxygen content of the liquid depending on the bio-oil application and further 

processing. The lowest coke yields and good deoxygenation performance were obtained with TiO2 

supported Pt and MoO3 catalysts under hydrogen atmosphere.  
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Chapter 12 |  Recommendations and outlook 

Both the ratio of catalyst mass to vapor flowrate (W/F) and the catalyst temperature 

strongly affect the conversions. Increased catalyst temperatures thus allow operating to higher B:C 

ratios for a given limit in bio-oil oxygen content. In a scenario of parallel fixed beds of catalyst, 

operation to higher B:C would limit the frequency of regeneration and hence the number of parallel 

fixed bed units required for continuous operation. For the most promising catalysts identified in 

this study, it may therefore be worthwhile to further investigate the change in bio-oil properties 

towards higher B:C ratios as a function of W/F and catalyst temperature.  

In general, increasing the extent of deoxygenation with minimal loss in bio-oil carbon 

recovery remains a challenging task. Reporting a decrease in oil yield and an improvement in bio-

oil properties for a single B:C ratio as such does not advance the field without critically comparing 

the results with literature. To this end, the comparison with literature is not straightforward because 

of the differences between feedstocks, operating conditions, types of reactors, and analysis 

techniques applied. Other researchers working in the field are therefore encouraged to always 

report the elemental (CHNS/O) analysis of the biomass feedstock, a non-catalytic fast pyrolysis 

oil, and the catalytically upgraded oil(s). In addition, it is crucial that the moisture content of the 

bio-oils is determined in order to compare the yields and oxygen content on a water-free basis.  

Areas identified in this work that warrant further investigation are listed in the following:  

 Further studies using Na-Al2O3 for vapor upgrading to elucidate the nature of Na species 

during reaction conditions, optimal Na content, long-term behavior, and processing of 

produced oils in refinery processes such as FCC or hydroprocessing appear highly relevant. 

In addition, testing of the partly deoxygenated bio-oil as fuel for ship diesel engines may 

be of interest.  

 While good HDO performance of 0.5 wt.% Pt/TiO2 was observed in this work, based on 

the high cost of Pt it may be of interest to study to what extent the Pt loading can be further 

lowered without negatively affecting the deoxygenation activity. Similarly to the previous 

point, more investigations are needed with respect to the further processing of bio-oils 

produced from atmospheric HDO in refinery processes such as FCC/hydroprocessing or 

its application as a renewable fuel for ship diesel engines.  

 It is expected that the partly deoxygenated bio-oils with an oxygen content of ~10 wt.% 

can be hydrotreated in a single stage. To demonstrate this, hydrotreatment tests require 

~2 L of upgraded bio-oil, which would require ~12 repetition experiments at the ablative 

bench scale unit using 100 g catalyst and operating to B:C ~8. Conducting these tests with 

the most promising catalysts identified in this study (Na-Al2O3, 0.5 wt.% Pt/TiO2, and 
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10 wt.% MoO3/TiO2) will at the same time provide additional information on the catalyst 

stability. 

 It will be of interest to study the performance of the promising Na-Al2O3 and HDO catalysts 

for upgrading of vapors from the LT-CFB gasifier operated at a low pyrolysis temperature. 

This may allow achieving higher energy storage and further improving the bio-fuel 

properties compared to tar deoxygenation with solid acid catalysts.  

 Micropyrolyzer tests indicated that MoO3 promotion of HZSM-5/Al2O3 achieved an 

increased deoxygenation activity and resistance towards deactivation compared to 

unpromoted HZSM-5/Al2O3. It may therefore be of interest to test the performance of 

MoO3 promoted HZSM-5/Al2O3 and MoO3 promoted HZSM-5/Al2O3 with a low level 

of mesoporosity added to the HZSM-5 component at bench scale and compare the results 

to the performance of MoO3/TiO2.  

 Taking into account that Na-Al2O3 was found highly selective for acid conversion while 

the HDO catalyst achieved a high bio-oil energy recovery but were not as efficient in 

converting acids at low H2 pressure, it should be investigated to what extent the positive 

characteristics of both catalysts systems can be combined. This may be achieved in a dual 

bed configuration or via addition of Na-species to the Pt or MoO3 promoted TiO2 catalyst.  
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Appendix A |  Supplementary information for chapter 2 

 
Fig. A-1. Acid site strength distribution for the freshly calcined CBV55, after steam treatment (CBV55-st), 

and after the test series as determined by NH3-TPD. The TCD signal is normalized to the weight of the 

sample.  

 
Fig. A-2. Isotherms (left) obtained from high resolution argon physisorption (87 K) and distribution of 

micropores (right) for the parent sample, the steamed sample and a sample which has undergone steaming, 

multiple upgrading experiments (sum B:C = 28) and four oxidative regenerations (st-u7-r4). The legend in 

the left graph applies for both graphs.  
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Fig. A-3. Isotherms obtained from nitrogen physisorption (77 K) for the parent CBV55, its steamed version 

(CBV55-st) and a sample which has undergone steaming, multiple upgrading experiments (sum B:C = 28) 

and four oxidative regenerations (st-u7-r4). 

 

 
Fig. A-4. XRD spectra obtained for CBV55, CBV55-st and CBV55-st-u7-r4. Legend in left figure also 

applies to right figure, which shows a close-up of the characteristic patterns and indicates the peaks with 

the associated (051), (313), and (323) planes, respectively.  
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Fig. A-5. Comparison of CO and CO2 evolution in gas during oxidative regeneration of coked catalyst after 

B:C = 0 - 1.7 and 0 - 6.2 using 151g of catalyst (dashed lines) and after 0–6.5 and 0 - 12.9 using 15 g of 

zeolite (solid lines). Heating ramp 1 °C/min in 2 vol.% oxygen, (balance nitrogen, total flowrate = 2 

Nl/min). Signals were normalized to zeolite mass and have been shifted by 2.5E-06 mol/min*g upwards, 

respectively. 

 

 
Fig. A-6. Exemplary temperature profile in catalyst bed at bed inlet, middle and end of bed during 

upgrading to B:C = 12.9, using 15 g of CBV55-st-u3-r3.  
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Table A-1. Comparison of relative error between calculated concentration by effective CN method and 

"true" concentration of certain calibrated reference components. 
  

formula effective CN 

Relative deviation [%] of 

calibrated value with respect to 

calculation by ECN 

Acetovanillone C9H10O3 6.5 -36% 

Bisphenol C15H16O2 14 -17% 

Benzene C6H6 6 -8% 

Cyclohexane C6H12 6 -7% 

Cyclohexane-methanol C7H14O 6.5 -16% 

Cyclohexanone C6H10O 5 -8% 

Cyclohexene C6H10 6 -22% 

Cyclopentenone C5H6O 4 16% 

Dibenzofuran C12H8O 11 -36% 

Ethyl acetate C4H8O2 2.62 -27% 

Ethylbenzene C8H10 8 -25% 

Furfurylalcohol C5H6O2 3.5 -36% 

Guaiacol C7H8O2 5.5 -32% 

Hydroxyacetone C3H6O2 1.5 -1% 

Indene C9H8 9 -30% 

Indole C8H7N 8 -60% 

Methoxy-benzene (anisole) C7H8O 6 -28% 

Methylnaphtalene C11H10 11 -31% 

m-Xylene C8H10 8 -21% 

Naphtalene C10H8 10 -32% 

Phenol C6H6O 5.21 -47% 

p-Xylene C8H10 8 -12% 

Styrene C8H8 8 -29% 

Toluene C7H8 7 -24% 

Vanillin C8H8O3 5.5 -47% 
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Table A-2. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors through empty reactor bed (500 °C). 

 4 °C OF ESP OF -60 °C OF  sum OF 
sum 

WF 

yield distribution of 

collected liquid (wt.%) 
21.9 20.6 1.2  43.7 56.3 

moisture content (wt.%) 18.9 2.7 8.5  11.0 68.2 

organics distribution 

(dry) 
31.3 35.3 1.9  68.5 31.5 

elements (wt.%db)       

N 4.4 2.4 1.8  3.3 3.4 

C 60.9 64.6 68.0  63.0 49.8 

H 7.1 7.2 9.3  7.2 8.8 

O 27.6 25.8 21.0  26.5 38.0 

HHVdb [MJ/kg] 26.7 28.3 32.5  27.7 23.8 

Table A-3. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(db) for liquid products obtained for passing straw pyrolysis vapors over SiC bed (500 °C). 

 4 °C OF 4 °C WF ESP OF -60 °C WF -60 °C OF  sum 

OF 

sum 

WF 

yield distribution of 

collected liquid (wt.%) 
18.0 51.7 17.6 10.3 2.4  37.9 62.1 

moisture content (wt.%) 27.4 79.3 2.4 62.7 8.6  14.6 76.6 

organics distribution 

(dry) 
27.9 22.8 36.5 8.2 4.6  69.0 31.0 

elements (wt.%db)         

N 1.8 6.4 1.3 3.9 2.2  1.6 5.8 

C 75.4 55.2 66.4 53.6 63.5  69.8 54.7 

H 6.7 9.0 7.1 9.6 8.6  7.1 9.1 

O 16.1 29.4 25.1 33.0 25.6  21.5 30.4 

HHVdb [MJ/kg] 32.6 26.7 29.0 26.6 29.7  30.5 26.7 

TAN [mg KOH/g] 50.8 59.2 54.1 67.5 50.5  52.5 61.4 

Table A-4. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(db); liquid products obtained from upgrading of B:C = 0 - 1.7 over 151 g CBV55-st. 

 4 °C OF 4 °C WF ESP OF -60 °C WF -60 °C OF  sum 

OF 

sum 

WF 

yield distribution of 

collected liquid (wt.%) 
4.8 61.8 8.0 16.5 9.0  21.7 78.3 

moisture content (wt.%) 1.6 98.9 0.7 93.5 0.4  0.8 97.7 

organics distribution 

(dry) 
20.1 3.0 33.9 4.6 38.3  92.2 7.6 

elements (wt.%db)         

N 2.6 0.0 1.4 20.9 2.1  2.0 12.6 

C 86.2 92.4 84.3 63.9 84.1  84.6 75.2 

H 7.8 7.6 7.1 12.8 8.4  7.8 10.7 

O 3.4 - 7.2 2.4 5.3  5.6 - 

HHVdb [MJ/kg] 38.4 39.2 36.1 27.7 38.7  37.7 36.5 
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Table A-5. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(db); liquid products obtained from upgrading of B:C = 0 - 1.1 over 151 g CBV55-st-u-r. 

 4 °C OF 4 °C WF ESP OF -60 °C WF -60 °C OF  sum 

OF 
sum WF 

yield distribution of 

collected liquid (wt.%) 
4.9 56.0 4.1 26.6 8.4  17.4 82.6 

moisture content (wt.%) 3.9 97.3 0.4 95.1 0.9  1.6 96.6 

organics distribution 

(dry) 
23.5 7.6 20.4 6.6 41.9  85.8 14.2 

elements (wt.%db)         

N 1.2 13.1 1.7 64.4 2.2  1.8 36.8 

C 84.0 57.5 84.9 34.2 85.8  85.0 46.7 

H 6.6 29.4 6.9 1.3 8.3  7.5 16.4 

O 8.3 - 6.5 - 3.8  5.7 - 

HHVdb [MJ/kg] 36.19 52.04 37.06 12.57 39.32  37.9 30.1 

TAN [mg KOH/g] 15.1 4.6 0.2 2.6 4.3  6.4 3.2 

Table A-6. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(db); liquid products obtained from B:C = 1.1–2.5 over 151 g CBV55-st-u-r-u. 

 4 °C OF 4 °C WF ESP OF -60 °C WF -60 °C OF 

 
sum 

OF 

sum 

WF 

yield distribution of 

collected liquid (wt.%) 
10.8 51.3 10.1 19.2 8.6  29.4 70.6 

moisture content 

(wt.%) 
3.5 97.3 0.6 91.0 1.1  1.8 95.6 

organics distribution 

(dry) 
32.5 4.4 31.3 5.4 26.4  90.2 9.8 

elements (wt.%db)         

N 3.8 22.4 1.9 12.6 3.6  3.1 17.0 

C 76.8 56.3 83.9 67.2 78.3  79.7 62.3 

H 6.9 21.2 8.1 20.2 8.2  7.7 20.7 

O 12.5 - 6.1 - 9.8  9.5 - 

HHVdb [MJ/kg] 33.6 44.3 38.1 47.1 35.9  35.9 45.9 

Table A-7. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(db); liquid products obtained from upgrading of B:C = 2.5–3.6 over 151 g CBV55-st-u-r-u2. 

 4 °C OF 4 °C WF ESP OF -60 °C WF -60 °C OF 

 
sum 

OF 

sum 

WF 

yield distribution of 

collected liquid (wt.%) 
7.3 56.6 9.8 20.3 5.9  23.1 76.9 

moisture content (wt.%) 4.2 95.9 0.5 90.5 1.2  1.8 94.5 

organics distribution 

(dry) 
26.1 8.6 36.5 7.2 21.7  84.2 15.8 

elements (wt.%db)         

N 2.3 23.2 1.6 26.4 3.3  2.3 24.6 

C 80.8 41.4 75.5 54.0 83.0  79.1 47.1 

H 7.0 28.5 6.6 15.7 8.6  7.2 22.6 

O 9.9 7.0 16.4 3.9 5.1  11.4 5.6 

HHVdb [MJ/kg] 35.4 46.9 32.4 36.5 38.5  34.9 42.2 
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Table A-8. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(db); liquid products obtained from upgrading of B:C = 3.6–6.2 over 151 g CBV55-st-u-r-u3. 

liquid distribution 4 °C OF 4 °C WF ESP OF -60 °C WF -60 °C OF  sum 

OF 

sum 

WF 

yield distribution of 

collected liquid (wt.%) 
9.6 53.0 14.0 17.1 6.2  29.9 70.1 

moisture content 

(wt.%) 
5.8 98.3 0.8 88.4 2.3  2.7 95.9 

organics distribution 

(dry) 
28.3 2.8 43.5 6.2 19.0  90.7 9.0 

elements (wt.%db)         

N 0.7 18.2 0.5 20.9 5.7  1.6 20.1 

C 81.4 72.2 69.0 44.2 73.9  73.9 52.8 

H 8.3 9.6 6.8 13.3 7.8  7.5 12.1 

O 9.6 - 23.8 21.7 12.6  17.0 15.0 

HHVdb [MJ/kg] 37.16 36.19 29.61 28.49 33.59  32.8 30.9 

TAN [mg KOH/g]  6.9 4.9 11.5 0.3 32.2  14.3 3.8 

Table A-9. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(db); liquid products obtained from upgrading of B:C = 0–6.5 over 15 g CBV55-st-u5-r2. 

liquid distribution 4 °C OF 4 °C WF ESP OF -60 °C WF -60 °C OF  sum 

OF 

sum 

WF 

yield distribution of 

collected liquid (wt.%) 9.1 
n.a. 13.0 n.a. 

8.6  30.7 69.3 

moisture content (wt.%) 8.1 n.a. 1.7 n.a. 3.5  4.1 87.0 

organics distribution 

(dry) 21.8 
n.a. 33.1 n.a. 

21.7  76.5 23.5 

elements (wt.%db)         

N 4.1 n.a. 2.9 n.a. 4.1  3.6 6.0 

C 79.3 n.a. 71.2 n.a. 66.4  72.1 50.1 

H 6.7 n.a. 6.8 n.a. 8.2  7.2 9.5 

O 9.9 n.a. 19.0 n.a. 21.3  17.1 34.5 

HHVdb [MJ/kg] 34.5 n.a. 30.9 n.a. 30.6  31.8 25.0 

TAN [mg KOH/g]  n.a. n.a. n.a. n.a. n.a.  26.0 37.7 

Table A-10. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(db); liquid products obtained from upgrading of B:C = 0–12.9 over CBV55-st-u6-r3. 
liquid distribution 4°C OF 4 °C WF ESP OF -60 °C WF -60 °C OF 

 
sum 

OF 

sum 

WF 

yield distribution of 

collected liquid (wt.%) 
11.9 51.5 14.1 9.8 12.7  38.7 61.3 

moisture content (wt.%) 5.9 91.4 0.9 66.5 5.0  3.8 87.4 

organics distribution 

(dry) 
24.9 9.8 31.1 7.3 26.8  82.8 17.2 

elements (wt.%db)         

N 1.2 23.7 1.0 5.5 3.4  1.8 15.9 

C 74.4 60.0 72.0 47.8 64.0  70.1 54.8 

H 6.7 6.2 6.9 9.1 8.4  7.4 7.5 

O 17.7 10.1 20.0 37.6 24.2  20.7 21.8 

HHVdb [MJ/kg] 32.1 26.9 31.2 23.5 29.7  31.0 25.4 

TAN [mg KOH/g] 15.8 n.a. 15.6 n.a. 14.1  15.1 - 
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Fig. A-7. Energy distribution for increasing amount of fed straw pyrolysis vapors, i.e. increasing B:C ratio 

over steamed CBV55-st for 151g catalyst (left bars) and 15g catalyst (middle bars). Non-catalytic SiC and 

empty reactor bed shown for reference. 

 

The following tables Table A-11 to Table A-24 each show a certain group of identified compounds 

by GC-MS/FID, as identified for organic fractions obtained from upgrading of straw pyrolysis 

vapors to B:C = 1.7 over CBV55-st. 

Table A-11. Identified acids 

Compound Formula 
MW 

[g/mol] 

Effective 

CN 

Retention 

time [min] 
Structure 

acetic acid C2H4O2 60.1 1.01 2.8 

O

OH 

Table A-12. Identified alcohols  

Compound Formula 
MW 

[g/mol] 

Effective 

CN 

Retention 

time [min] 
Structure 

MeOH CH3OH 32.0 0.52 2.5 OH 

Prop-2-en-1-ol C3H6O 58.1 2.5 2.8 OH
 

Furfurylalcohol C5H6O2 98.1 3.5 6.2 
O OH 

Cyclohexane-methanol C7H14O 114.2 6.5 13.4 
OH 

Cycloheptanol, 1-methyl-2-methylene- C9H16O 140.2 8.5 20.4 

OH 

2-Phenylpropanol C9H12O 136.2 8.5 27.8 
OH
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Table A-13. Identified naphtols 

Compound Formula 
MW 

[g/mol] 

Effective 

CN 

Retention time 

[min] 
Structure 

2-Naphthalenol C10H8O 144.2 9.5 38.0 

OH

 

1-Naphthalenol, 2-methyl- C11H10O 158.2 10.5 40.7 

OH

 

1-Naphthol, 5,7-dimethyl- C12H12O 172.2 11.5 43.4 

OH

 

4-Phenanthrenol, 1,2,3,4-tetrahydro-4-

methyl- 
C15H16O 212.3 14.5 46.7 

OH

 

Table A-14. Identified phenolic compounds 

Compound Formula 
MW 

[g/mol] 

Effective 

CN 

Retention 

time [min] 
Structure 

Phenol C6H6O 94.1 5.21 11.7 

OH

 

m-Cresol C7H8O 108.1 6.5 16.9 

OH

 

Guaiacol C7H8O2 124.1 5.5 19.6 

OH

O  

Phenol, 2,5-dimethyl- C8H10O 122.2 7.5 22.5 

OH

 

Phenol, 2-ethyl- C8H10O 122.2 7.5 22.8 

OH

 

Phenol, 2,3-dimethyl- C8H10O 122.2 7.5 24.5 

OH

 

Phenol, 3-ethyl- C8H10O 122.2 7.5 25.1 

OH

 

Phenol, 2,3,5-trimethyl- C9H12O 136.2 8.5 26.4 

OH
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p-Cresol, 2-ethyl- C9H12O 136.2 8.5 28.2 

OH

 

2-Allylphenol C9H10O 134.2 8.5 32.2 

OH

 

Vanillin C8H8O3 152.2 5.5 34.3 
OH

O

O

H

 

Phenol, 2-methyl-6-(2-propenyl)- C10H12O 148.2 9.5 34.9 

OH

 

Acetovanillone C9H10O3 166.2 6.5 37.1 

O

OH

O

 

Bisphenol C15H16O2 228.3 14 53.9 
OH

OH  

 

Table A-15. Identified aldehydes. 

Compound Formula MW [g/mol] 
Effective 

CN 

Retention 

time [min] 
Structure 

But-2-enal C4H6O 70.1 3 3.2 
O

H

 

2-Methyl-2-butenal C5H8O 84.1 4 4.1 
O

H

 

3-Cyclohexene-1-carboxaldehyde C7H10O 110.2 6 5.1 

O

H  

2,4-Hexadienal C6H8O 96.1 5 6.7 
O

H

 

Bicyclo[2.2.1]hept-5-ene-2-

carboxaldehyde 
C8H10O 122.2 7 14.1 

O

H

 

Benzaldehyde, 4-(1-methylethyl)- C10H12O 148.2 9 33.7 

O
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Table A-16. Identified alkanes and cycloalkanes 

Compound Formula MW [g/mol] 
Effective 

CN 

Retention 

time [min] 
Structure 

Cyclobutene, 3,3-dimethyl- C6H10 82.15 6 3.2 
 

Trimethylcyclopropane C6H12 84.2 6 3.4 
 

Cyclohexane C6H12 84.2 6.04 3.4 
 

Cyclohexene C6H10 82.1 6 3.5 
 

Cyclopentene, 4,4-dimethyl- C7H12 96.17 7 3.7 

 

Cyclobutane, (1-methylethylidene)- C7H12 96.17 7 3.8 

 

Methylcyclohexane C7H14 98.2 7 4.0 
 

Cyclopentene, 1,2,3-trimethyl- C8H14 110.2 8 5.2 

 

Cyclopentadiene, 2,5,5-trimethyl- C8H12 108.2 8 6.1 

 

Cyclopentane, 2-isopropyl-1,3-

dimethyl- 
C10H20 140.3 10 8.3 

 

Cyclopentane, (1-methylethyl)- C8H16 112.2 8 9.3 

 

Octane, 4,5-dipropyl- C14H30 198.4 14 9.6 

 

Bicyclo[2.2.1]hept-2-ene, 5-

ethylidene- 
C9H12 120.2 9 18.0 

 

Bicyclo[3.2.0]hept-2-ene, 2-methyl- C9H12 108.2 9 20.2 

 

Bicyclo[4.4.1]undeca-1,3,5,7,9-

pentaene 
C11H10 142.2 11 31.3 
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Table A-17. Identified nitrogen-containing compounds. 

Compound Formula 
MW 

[g/mol] 

Effective 

CN 

Retention 

time [min] 
Structure 

Pyridine C5H5N 79.1 5 4.2 

N

 

2-Methylpyridine C6H7N 93.1 6 5.4 

N

 

Phenyl carbamate C7H7NO2 137.1 5.5 7.2 
O

O

NH2

 

1,3-diethenyl-2-Imidazolidinone C7H10ON2 138.2 6 21.2 
NN

O

 

indole C8H7N 117.2 8 30.5 
N
H  

Table A-18. Identified monoaromatic compounds. 

Compound Formula 
MW 

[g/mol] 

Effective 

CN 

Retention 

time 
structure 

toluene C7H8 92.1 7 4.5 

 

ethylbenzene C8H10 106.2 8 6.6 

 

m-xylene C8H10 106.2 8 6.9 

 

p-Xylene C8H10 106.2 8 6.9 

 

styrene C8H8 104.2 8 7.6 

 

m-Ethylmethylbenzene C9H12 120.2 9 11.1 

 

Benzene, 1,2,3-trimethyl- C9H12 120.2 9 11.3 
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Benzene, (1-methylethenyl)- C9H10 118.2 9 12.1 

 

Benzene, 1-ethenyl-2-methyl- C9H10 118.2 9 12.8 

 

m-Methylstyrene C9H10 118.2 9 13.1 

 

Bicyclo[4.2.0]octa-1,3,5-triene, 7-

methyl- 
C9H10 118.2 9 15.1 

 

Indane C9H10 118.2 9 15.8 
 

indene C9H8 116.2 9 16.4 
 

Diethylbenzene C10H14 134.2 10 17.1 

 

Benzene, 1-ethyl-2,3-dimethyl- C10H14 134.2 10 17.3 

 

m-Ethylstyrene C10H13 133.2 10 19.½ 

 

2-Ethyl-p-xylene C10H14 134.2 10 19.3 

 

1-Phenyl-1-butene C10H12 132.2 10 19.9 
 

Benzene, 1,2,4,5-tetramethyl 

(Durene) 
C10H14 134.2 10 21.6 

 

2,6-dimethyl- Styrene C10H12 132.2 10 22.1 

 

4-Methylindane C10H12 132.2 10 23.1 
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Methylindene C10H10 130.2 10 23.6 

 

Benzocyclohexane (Tetralin) C10H12 132.2 10 24.4 
 

1H-Indene, 2,3-dihydro-4,7-

dimethyl- 
C11H14 146.2 11 25.5 

 

1,6-Dimethylindane C11H14 146.2 11 25.7 

 

trans-1-Phenyl-1-pentene C11H14 146.2 11 26.1 
 

Ethylindane C11H14 146.2 11 27.9 
 

3-Phenyl-2-pentene C11H14 146.2 11 27.9 

 

1,2-Dihydro-3-methylnaphthalene C11H12 144.2 11 28.4 
 

1,3-Dimethyl-1H-indene C11H12 144.2 11 28.9 

 

Trimethylstyrene C11H14 146.2 11 29.4 

 

Indan, 1,2-dimethyl- C11H14 146.2 11 29.4 

 

1H-Indene, 2,3-dimethyl- C11H12 144.2 11 30.0 

 

4-Propylindane C12H16 160.3 12 31.7 

 

2-Phenyl-1-pentene C11H14 146.2 11 32.0 

 

Benzene, 1-ethyl-4-(2-

methylpropyl)- 
C12H18 162.3 12 32.6 
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(1-Methylpenta-2,4-dienyl)benzene C12H14 158.2 12 32.8 

 

1H-Indene, 1,1,3-trimethyl C12H14 158.2 12 33.4 

 

Benzene, (1,3-dimethyl-2-butynyl)- C12H14 158.2 12 33.6 

 

1,2,3-Trimethylindene C12H14 158.2 12 34.1 

 

1H-Indene, 3-ethenyl-2,3-dihydro-

1,1-dimethyl- 
C13H16 172.3 13 36.6 

 

Table A-19. Identified diaromatic compounds 

Compound Formula MW [g/mol] 
Effective 

CN 

Retention time 

[min] 
Structure 

Cyclopentacycloheptene (Azulene) C10H8 128.2 10 25.6 

 

Naphthalene C10H8 128.2 10 25.6 
 

Methylnaphthalene C11H10 142.2 11 31.3 
 

Ethylnaphthalene C12H12 156.2 12 34.2 
 

Naphthalene, 2,6-dimethyl- C12H12 156.2 12 34.6 
 

Dimethylnaphthalene C12H12 156.2 12 35.1 

 

Naphthalene, 1-propyl- C13H14 170.3 13 37.0 

 

Naphthalene, 2-(1-methylethyl)- C13H14 170.3 13 37.1 

 

Naphthalene, 1,4,6-trimethyl- C13H14 170.3 13 38.4 
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Azulene, 4,6,8-trimethyl- C13H14 170.3 13 38.5 

 

Naphthalene, 1,4,5-trimethyl- C13H14 170.3 13 39.0 

 

Isopropylnaphthalene C13H14 170.3 13 39.09 

 

1,1'-Biphenyl, 2-methyl- C13H12 168.2 13 39.83 

 

Naphthalene, 2-methyl-1-propyl- C14H16 184.3 14 40.39 

 

p-Methylbiphenyl C13H12 168.2 13 40.95 
 

Fluorene C13H10 166.2 13 41.29 
 

Naphthalene, 1-methyl-7-(1-

methylethyl)- 
C14H16 184.3 14 41.80 

 

1,1'-Biphenyl, 2,3'-dimethyl- C14H14 182.3 14 41.94 

 

4-Ethylbiphenyl C14H14 182.3 14 42.08 

 

Naphthalene, 1-butyl- C14H16 184.3 14 42.38 

 

1,1'-Biphenyl, 2,4'-dimethyl- C14H14 182.3 14 42.60 

 

Fluorene, 1-methyl- C14H12 180.3 14 44.22 

 

Benzene, 1,2-dimethyl-4-

(phenylmethyl)- 
C15H16 196.3 15 44.77 
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1,1'-Biphenyl, 3-(1-methylethyl)- C15H16 196.3 15 44.90 

 

Naphthalene, 2-methyl-1-propyl- C14H16 184.3 14 45.12 

 

9H-Fluorene, 2,3-dimethyl- C15H14 194.3 15 45.97 

 

Anthracene, 9,10-dihydro-9-methyl- C15H14 194.3 15 47.13 

 

Table A-20. Identified three-ring aromatics. 

Compound Formula MW [g/mol] 
Effective 

CN 

Retention 

time [min] 
Structure 

Phenanthrene C14H10 178.2 14 45.55 

 

Anthracene, 9-methyl- C15H12 192.3 15 48.30 

 

Phenanthrene, 9,10-dimethyl- C16H14 206.3 16 50.61 

 

9,10-Dimethylanthracene C16H14 206.3 16 50.92 

 

Phenanthrene, 3,6-dimethyl- C16H14 206.3 16 51.23 

 

Table A-21. Identified ketones 

Compound Formula 
MW 

[g/mol] 

Effective 

CN 

Retention 

time [min] 
Structure 

1-Buten-3-one C4H6O 70.1 3 2.89 
O  

Butanone C4H8O 72.1 3.18 2.93 
O

 

Hydroxyacetone C3H6O2 74.1 1.5 3.30 
O

OH 
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Pentadione C5H8O2 100.1 3 3.50 
O O

 

Hydroxy-2-butanone C4H8O2 88.1 2.5 4.40 
O

OH  

Cyclopentanone C5H8O 84.1 4 4.85 

O

 

4-Butoxy-2-butanone C8H16O2 144.2 6 5.54 
O

O  

Cyclopentenone C5H6O 82.0 4 5.74 

O

 

4-Hydroxy-4-methyl- 2-Pentanone C6H12O2 116.2 4.5 5.85 

OH

O

 

Cyclopentanone, 2-methyl-  C6H10O 98.2 5 5.94 

O

 

Cyclohexanone C6H10O 98.2 5 7.66 
O

 

Methyl-cyclopentadione C6H8O2 112.1 4 7.97 O

O

 

2,5-Hexanedione  C6H10O2 114.1 4 8.83 

O

O  

2-Cyclopenten-1-one, 2,3-

dimethyl- 
C7H10O 110.2 6 9.51 O

 

Furandione, dihydro-3-methylene C5H4O3 112.1 2.5 9.90 

O O
O

 

2-Methyl-2-cyclopentenone C6H8O 96.1 5 10.96 

O  

Dimethylenecyclopentanone C7H8O 108.1 6 14.63 

O  

Methylcyclopentadione C6H8O2 112.1 4 14.85 

O

O  

Bicyclo[3.3.0]oct-2-en-8-one, 3-

methyl- 
C9H12O 136.2 8 15.33 

O  

Trimethyl-2-cyclopenten-1-one C8H12O 124.2 7 17.54 

O  
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 3-ethenyl-Cyclohexanone C8H12O 124.2 7 18.76 
O

 

2,3,4-Trimethyl-2-cyclopenten-1-

one 
C8H12O 124.2 7 19.50 O

 

Benzyl methyl ketone 

(Phenylacetone) 
C9H10O 134.2 8 22.27 

O

 

 3-ethenyl-Cyclohexanone C8H12O 124.2 7 22.45 

O

 

2-Cyclopenten-1-one, 3-(1-

methylethyl)- 
C8H12O 124.2 7 22.45 

O  
4,7,7-

Trimethylbicyclo[4.1.0]heptan-3-

one 

C10H16O 152.2 9 24.90 
O  

1-Methylindan-2-one C10H10O 146.2 9 26.74 O

 

4-Methylphenyl acetone  C10H12O 148.2 9 27.44 
O

 

2-Indanone C9H8O 132.2 8 27.51 O

 

2,5-Dimethyl-4-methoxy-3(2H)-

furanone 
C7H10O3 142.2 4 36.1 

O

O
O

 

2-Ethyl-3-methylene-indane-1-one C12H13O 173.2 11 36.48 

O

 

5-Methyl-2-heptanone C8H16O 128.2 7 36.60 
O

 

Table A-22. Identified Esters 

Compound Formula MW [g/mol] 
Effective 

CN 
Retention time structure 

Methyl acetate C3H6O2 74.1 1.5 2.69 
O

O

 

ethyl acetate C4H8O2 88.1 2.62 3.00 
O

O

 

Vinyl 2-butenoate C6H8O2 112.1 4.5 4.04 

O

O
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Propanoic acid, ethenyl ester C5H8O2 100.1 3.5 10.55 
O

O

 

Acetonyl acetate C5H8O3 116.1 2.5 6.43 O

O

O  

Butanethioic acid, S-methyl ester C5H10OS 118.2 4 12.37 
S

O  

Table A-23. Identified Ethers 

Compound Formula MW [g/mol] 
Effective 

CN 

Retention time 

[min] 
Structure 

methoxy-benzene (anisole) C7H8O 108.1 6 8.6 

O

 

Oxepine, 2,7-dimethyl- C8H10O 122.2 7 9.8 
O  

Dibenz[c,e]oxepin, 5,7-dihydro C14H12O 196.3 13 46.2 

O

 

Table A-24. Identified Furan-type compounds 

Compound Formula 
MW 

[g/mol] 

Effective 

CN 

Retention time 

[min] 
Structure 

2-Methylbenzofuran C9H8O 132.2 8 22.1 
O  

Dimethylbenzofuran C10H10O 146.2 9 27.1 
O  

dibenzofuran C12H8O 168.2 11 38.2 

O

 

Naphtho[2,1-b]furan, 1,2-

dimethyl- 
C14H12O 196.3 13 45.8 

O  

Table A-25. Distribution of oil yields per condensation stage on a weight basis with respect to the sum of 

all collected oil fractions. Percentage of total organics quantified by GC indicated.  
B:C range of 

experiment 
wt.% of 4 °C OF 

wt.% of 

ESP OF 

wt.% of           

-60 °C OF 
GC quantified-% 

0 - 1.1 28.0% 23.4% 48.5% 64.4% 

1.1 - 2.5 34.3% 36.6% 29% 41.8% 

2.5 - 3.6 42.7% 31.7% 25.6% 34.0% 

3.6 - 6.2 32.2% 47.0% 20.8% 27.3% 

SiC 47.4% 46.3% 6.3% 11.6% 
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Fig. A-8. Size exclusion chromatogram with RI response (solid lines) and light scattering response (dashed 

lines) for the SiC oil and oils obtained using CBV55-st for operation at B:C = 0–1.1 and B:C = 3.6–6.2. 

Baseline was subtracted for all chromatograms using Origin software and the light scattering response has 

been shifted upwards for clarification. 

 

 
Fig. A-9. TGA simulated distillation behavior conducted for ~20 mg oil with heating ramp 50 °C/min to 

650 °C under 150 ml/min N2 flow. (a) Simulated boiling curves of non-catalytic oils from straw and wood; 

(b) Revaporization behavior of oils from straw derived feedstock when passed over CBV55-st for B:C = 0 

- 1.1 and B:C = 3.6–6.2.  
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Fig. A-10. 1H NMR spectra of 4 °C OF (a) with SiC bed, (b) during B:C = 3.6–6.2 and (c) B:C = 0–1.1 

over CBV55-st-u-r.  

 

 
Fig. A-11. 1H NMR spectra for ESP OFs collected over (a) SiC, (b) over CBV55-st during B:C = 3.6–6.2 

and (c) over CBV55-st during B:C = 0–1.1. 
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Fig. A-12. 1H NMR spectra for oils collected at dry ice condensation stage (-60 °C OF) (a) with SiC bed, 

(b) during B:C = 3.6–6.2 and (c) B:C = 0–1.1 over CBV55-st-u-r. 

 

 
Fig. A-13. 13C NMR spectra of oils collected at 4 °C condensation stage (a) with SiC bed, (b) during B:C 

= 3.6–6.2 and (c) B:C = 0–1.1 over CBV55-st-u-r. 
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Fig. A-14. 13C NMR spectra for ESP oils collected over (a) SiC, (b) over CBV55-st during B:C = 3.6–6.2 

and (c) over CBV55-st during B:C = 0–1.1. 

 

 

 

 
Fig. A-15. 13C NMR spectra for oils collected at -60 °C condensation stage collected (a) with SiC bed, (b) 

during B:C = 3.6–6.2 and (c) B:C = 0–1.1 over CBV55-st-u-r. 
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Table A-26. 13C NMR quantification of bio-oils collected when vapors passed over (a) SiC bed, (b) 

CBV55-st-u-r during B:C = 3.6–6.2 and (c) CBV55-st-u-r during B:C = 0–1.1. 
  C-% for 4 °C OF C-% for ESP OF C-% -60 °C OF 

 ppm 

range 
a b c a b c a b c 

carbonyl 215-163 17.2% 13.9% 9.5% 20.9% 23.1% 8.4% 17.9% 9.5% 5.1% 

aromatics 163-110 33.2% 42.3% 55.9% 25.8% 42.8% 62.2% 23.0% 47.3% 66.6% 

carbohydrates , 

alcohols, ethers 
110 - 60 16.6% 17.0% 10.6% 19.6% 9.0% 9.0% 9.0% 8.6% 4.9% 

methoxy in lignin 60-54 3.5% 4.1% 5.8% 2.8% 2.2% 1.1% 1.2% 1.1% 0.6% 

alkyl 

54-0 

(excl. 

solvent) 

29.5% 22.8% 18.2% 25.4% 22.8% 19.3% 48.9% 33.5% 22.9% 
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Fig. A-16. Comparison of 2D NMR spectra for oils obtained at 4 °C condensation stage. (a) Obtained with 

SiC bed, (b) obtained with coked catalyst (B:C = 3.2–6.2) and (c) obtained with fresh catalyst (B:C = 0–

1.1) (CBV55-st-u-r). 
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Fig. A-17. Comparison of 2D NMR spectra for ESP OFs. (a) Obtained with SiC bed, (b) Obtained from 

B:C = 3.2–6.2, and (c) Obtained from B:C = 0–1.1 using CBV55-st-u-r.  
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Fig. A-18. Comparison of 2D NMR spectra for oils obtained at -60 °C condensation stage. (a) Obtained 

with SiC bed, (b) obtained with coked catalyst (B:C = 3.2–6.2) and (c) obtained with fresh catalyst (B:C = 

0–1.1) (CBV55-st-u-r).  
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Fig. A-19. Olefin selectivities and ratios of interest obtained for increasing amounts of straw pyrolysis 

vapors fed over 151 g CBV55-st (500 °C) .The legend in (a) is also valid for plots (b) to (f). Ratios for non-

catalytic test (SiC bed at 500 °C) are shown as comparison (dashed line).  

 

Discussion of change non-condensable gas composition: Rather drastic changes for the 

propene/propane ratio were observed when comparing a freshly steamed CBV55 with the gas 

profile obtained after a first upgrading and regeneration cycle. For CBV55-st, the propene/propane 

ratio increased steeply until it peaked at a ratio of about 70 at B:C = 1.3. For the used and 

regenerated CBV55-st-u-r, the propene/propane ratio increased less steep and reached only about 

half the value compared to the initial upgrading, after which the ratio continued to decrease with 

continued biomass conversion. The (C1 + C2)/isobutane ratio accounts for the protolytic versus 

beta-scission cracking mechanisms [1]. This ratio continuously increased for both fresh and 

regenerated ZSM-5 with increasing biomass loading, indicating a continuous loss of accessible 

acid sites due to coking. The C3/C4 ratio, representing a cracking-to-disproportionation ratio, 

depends on the channel’s size or tortuosity [1]. A steep drop for the C3/C4 ratio is observed in the 

initial B:C conversion range up to B:C ~ 1, after which the range continued to decrease slightly. It 

is postulated that either the size of the channel is narrowed by formation of catalytic coke or the 

pore mouth became increasingly covered by coke, thereby restricting the formation of isobutyl 

cations. The CO/CO2 ratio was suggested as indicator for the deactivation of the catalyst [2], and 

it increased slightly up to B:C~1.3 after which the ratio slowly decreased. Since for a non-catalytic 

reference experiment a higher CO2 level compared to CO was observed, the CO/CO2 ratio is 

expected to drop below 1 towards complete catalyst deactivation. The isobutene/isobutane ratio 

increased steeply, but then leveled off at a ratio of about 60. The ratio of butene to butane species 

reached a peak at B:C~2, after which the ratio continuously decreased with increasing B:C ratio. 

 
[1] T. Blasco, A. Corma, J. Martínez-Triguero, Hydrothermal stabilization of ZSM-5 catalytic-cracking additives 

by phosphorus addition, J. Catal. 237 (2006) 267–277. doi:10.1016/j.jcat.2005.11.011. 

[2] F.A. Agblevor, S. Besler-Guran, Fractional pyrolysis of biomass for high-valued products, ACS Div. Fuel 

Chem. Prepr. 47 (2002) 374–375. 
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Table B-1. Overview of references reporting the performance of mesoporous HZSM-5 in comparison to 

conventional HZSM-5 for the upgrading of pyrolysis vapors derived from whole biomass and cellulose. 

Two different methods of mesopore introduction are distinguished: ‘bottom-up’ refers to synthesis of 

hierarchal HZSM-5 (e.g. by use of surfactants or C-microspheres which are later removed during 

calcination), and ‘top-down’ refers to introduction of mesopores to the conventional zeolites, e.g. by 

desilication. It is indicated how the introduction of mesopores increased (+) or decreased (-) the product 

yields of monoaromatics, water, coke and gas in comparison to the parent HZSM-5. (~) indicates that no 

change was observed and (n.a.) indicates that results were not reported. 

reference biomass scale 

reactor 

configuration 

(operation mode) 

Si/Al of 

parent/ 

mesopo

rous 

HZSM-

5 

Method of 

mesopore 

introduction 

monoaromatics water coke gas 

[1] pine lab ex-situ (batch) 20/18 bottom-up + - + + 

[2] miscanthus lab ex-situ (batch) 15/15 bottom-up + + n.a. ~ 

[3] beech micro in-situ (batch) 26/24 top-down + n.a. - - 

[4] miscanthus micro in-situ (batch) 40/37 top-down + n.a. - + 

[5] 
red oak, 

cellulose 
micro in-situ (batch) 12/12 top-down + n.a. n.a. n.a. 

[6] oak lab in-situ (batch) 45/n.a. top-down + n.a. + ~ 

[7] cellulose micro in-situ (batch) 25/n.a. top-down + n.a. - n.a. 

 

Section B-1 - Screening of Desilication Conditions 

For screening of the desilication conditions of the Al-rich ZSM-5 (Zeolyst product CBV-3024E, 

abbr. CBV30) with NaOH at varying base strength, the NaOH solution was maintained at 65 °C 

under stirring at 300 rpm and the zeolite material was added in a 1:10 mass ratio to the solution. 

After stirring of the slurry for 30 min, the solution was immediately quenched by pouring the 

content into a large beaker filled with crushed ice (prepared using demineralized water). This way, 

both the temperature was rapidly decreased and the NaOH concentration was reduced by dilution, 

thereby quenching the leaching process. Additional deionized water was added for washing 

purpose. After the temperature quench, the filtration process was started using a grade F glass fiber 

filter in a Büchner funnel and a vacuum suction pump. The filter cake was washed with deionized 

water and dried over-night at 105 °C. The dried filter cake was carefully scraped off the filter paper 

and further subjected to an acid wash step, which was conducted at 65 °C for 6 h under stirring. 

The quench, filtration and drying steps conducted after acid washing followed the same procedure 

as mentioned above. The final ion exchange procedure was conducted at 80 °C with 1 mol/L 

NH4NO3 solution for 24 h. After filtration and drying over night, the samples were calcined in a 

muffle oven under synthetic air flow by ramping the temperature to 550 °C at 3 °C/min and 

maintaining the temperature at 550 °C for 5 h. 
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Due to the protective function of Al, a higher NaOH concentration was required for desilication of 

CBV30 compared to leaching of CBV55 or CBV80. With increase in NaOH concentration (0.2M–

1M), also the HCl concentration for the acid wash was increased (0.01M–0.1M HCl), although it 

was not studied in detail. An acid wash using 0.01M HCl for 6 h at 65 °C was found insufficient 

in removing Al debris blocking the micropore access. An additional acid wash conducted at 0.04 

M HCl successfully increased the accessible micropore volume. 

The preparation of larger amounts of mesoporous ZSM-5 was conducted at an electrically heated 

and stirred reactor system, as shown in Fig. B-1.   

 

 
Fig. B-1. Stirred batch reactor (20 L capacity) used for leaching of up to 300 g ZSM-5. Vanes inside the 

reactor were heated electrically and the temperature was measured inside the liquid for accurate temperature 

control. Stirrer ensured turbulent mixing during the 30 min leaching process, after which the content was 

emptied in a bucket filled with ice cubes (prepared with deionized water).  
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Fig. B-2. Exemplary temperature profiles measured at the middle of the catalyst bed when using different 

reactor scales and steamed versions of CBV30 and CBV80.  

 

Section B-2 – Catalyst acidity characterization by TPD of NH3 and ethylamine 

The characterization of the total catalyst acidity and acid strength distribution was performed by 

NH3-TPD at an autosorb iQ instrument (3P instruments) which was coupled to a Hiden QGA gas 

analyzer. Catalyst (~200 mg) was packed in a U-shaft quartz reactor in between plugs of quartz 

wool and degassed at 350 °C for 4 h, after which the sample was cooled to 100 °C and stabilized 

in He flow (40mL/min). Gas was changed to 2% NH3 (balance N2) for 30 min. Subsequently, gas 

was changed to He for 120 min to flush all physisorbed NH3. With continued He flow the 

temperature ramp was initiated at 10 °C/min to 550 °C and held for 60 min at 550 °C. Desorbing 

NH3 was monitored by scanning for m/z = 17 using soft ionization. Calibration of the MS was 

performed using 0.05, 1, and 2% NH3 concentrations at the same flowrate as during desorption. In 

addition, a reference parent ZSM-5 sample (calcined) was analyzed repeatedly to correlate the MS 

area of the desorption peak with a known quantity of desorbing NH3.  

Ethylamine-TPD was performed using the same instrumentation as for NH3-TPD. After degassing 

at 400 °C, the sample was cooled to 30 °C and 2% ethylamine (balance He) purged the sample for 

30 min. Weakly adsorbed ethylamine was removed by both evacuating the sample for 90 min, 

followed by flushing with He for 30 min, after which the temperature ramp was started with 

continued He flow to 550 °C at 5 °/min and holding the temperature for 60 min at 550 °C. The 

effluent gas was scanned for ethylamine (m/e = 45) and ethylene (m/e = 28), and for NH3 (m/e = 

17) using soft ionization. 
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Fig. B-3. N2 adsorption/desorption isotherms (a) and derived BJH pore size distribution (b) for CBV30 and 

CBV30 derived mesoporous material. Legend applies for both figures, however the isotherms for spent 

catalysts are not shown in (a) for sake of brevity. Filled symbols in (a) refer to adsorption branch while 

open symbols refer to desorption branch of isotherm. 

 

 
Fig. B-4. High-resolution low temperature argon pore characterization (87 K) for CBV30 and CBV30 

derived mesoporous material. Legend applies for both figures. Filled symbols in (a) refer to adsorption 

branch while open symbols refer to desorption branch of isotherm. (b) Shows pore size distribution obtained 

from applying the NL-DFT model to the adsorption branch of the isotherm. 
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Fig. B-5. N2 adsorption/desorption isotherms (a) and derived BJH pore size distribution (b) for CBV55 and 

CBV55 derived mesoporous material. Legend applies for both figures, however the isotherms for spent 

catalysts are not shown in (a) for sake of brevity. Filled symbols in (a) refer to adsorption branch while 

open symbols refer to desorption branch of isotherm. 

 

 
Fig. B-6. High-resolution low temperature argon pore characterization (87 K) for CBV55 and CBV55 

derived micro-mesoporous material. Legend applies for both figures. Filled symbols in (a) refer to 

adsorption branch while open symbols refer to desorption branch of isotherm. (b) Shows pore size 

distribution obtained from applying the NL-DFT model to the adsorption branch of the isotherm. 
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Fig. B-7. The three XRD spectra at the bottom show the parent CBV55 after calcination, after steaming, 

and after four reaction/regeneration cycles. The two spectra at the top show mesoCBV55 and mesoCBV55 

after three reaction/regeneration cycles.  

 

 
Fig. B-8. N2 adsorption/desorption isotherms and derived pore size distribution (BJH) for CBV80 and two 

different micro-mesoporous materials obtained by desilication with 0.2M NaOH and applying zeolite-to-

leaching solution of 1:15 and 1:30, respectively. Legend in left figure applies for both (a) and (b). Filled 

symbols refer to adsorption branch while open symbols refer to desorption branch of isotherm. 
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Fig. B-9. High-resolution low temperature argon pore characterization (87 K) for CBV80 and two different 

micro-mesoporous materials obtained by desilication with 0.2M NaOH and applying zeolite-to-leaching 

solution of 1:15 and 1:30, respectively. Legend applies for both figures. Filled symbols in (a) refer to 

adsorption branch while open symbols refer to desorption branch of isotherm. (b) Shows pore size 

distribution obtained from applying the NL-DFT model to the adsorption branch of the isotherm. 

 

  
Fig. B-10. Acidity characterization (NH3-TPD) of parent CBV30 and mesoporous CBV30 after calcination, 

after steaming, and after three and four upgrading/regeneration cycles, respectively. NH3 was adsorbed by 

flowing 2% NH3 (balance N2) over the sample, and the heating ramp during desorption was 10 °C/min. 
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Fig. B-11. Acidity characterization (NH3-TPD) of parent CBV55 (a) and mesoCBV55 (b) after calcination, 

after steaming, and after several upgrading/regeneration cycles, respectively. The acidity characterization 

of the parent CBV55 (a) was reported in ref. [8]. For the mesoCBV55 (b), NH3 was adsorbed by flowing 

2% NH3 (balance N2) over the sample, and the heating ramp during desorption was 10 °C/min. 

 

 
Fig. B-12. Acidity characterization (NH3-TPD) of CBV80 after calcination, after steaming, and after three 

upgrading/regeneration cycle, respectively. Vapor upgrading was conducted at 500 °C and the maximum 

temperature during the three oxidative regeneration steps was 550 °C. NH3 was adsorbed by flowing 2% 

NH3 (balance N2) over the sample, and the heating ramp during desorption was 10 °C/min. 
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Fig. B-13. NH3-TPD profiles for the microporous CBV80 (steamed) and the mesoporous version prepared 

by L/S = 15 after steaming, use during a single upgrading interval (B:C = 0–22), and after two upgrading 

and regeneration cycles. NH3 was adsorbed by flowing 2% NH3 (balance N2) over the sample, and the 

heating ramp during desorption was 10 °C/min. 

 

 
Fig. B-14. NH3-TPD profiles for the mesoporous CBV80 prepared by L/S = 15. Shown are the acidity of 

the calcined sample, the steamed sample, and the “spent” sample after two upgrading and regeneration 

cycles. NH3 was adsorbed by flowing 2% NH3 (balance N2) over the sample, and the heating ramp during 

desorption was 10 °C/min. 
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Fig. B-15. Monitoring of NH3 as reaction product from adsorbed ethylamine at increasing temperature 

(5 °C/min), here shown for catalysts related to CBV30 and desilicated CBV30. 

 

 
Fig. B-16. Monitoring of NH3 as reaction product from adsorbed ethylamine at increasing temperature 

(5 °C/min), here shown for catalysts related to CBV55 and desilicated CBV55. 
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Fig. B-17. Monitoring of NH3 as reaction product from adsorbed ethylamine at increasing temperature 

(5 °C/min), here shown for catalysts related to CBV80 and desilicated CBV80. 

 

 
Fig. B-18. Pore size distribution based on TEM images for desilicated CBV30, CBV55 and CBV80 

zeolites. 

 
Table B-2. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing straw 

pyrolysis vapors (500 °C) over SiC bed. 
Liquid distribution 4°C OF ESP OF -60°C OF OF mixa) WF mixb) 

Yield within total collected liquid [wt.%wb]c) 18.0 17.6 2.4 37.9 62.1 

Moisture [wt.%] 27.6 2.4 8.6 14.7 76.6 

Organics distribution within total collected 

liquid [wt.%db] 

27.3 35.9 4.5 67.8 30.5 

Elements [wt.%db]      

N 1.8 1.3 2.2 1.6 5.8 

C 75.6 66.4 63.5 69.9 54.7 

H 6.7 7.1 8.6 7.1 9.1 

O 15.9 25.1 25.6 21.4 30.4 

HHV [MJ/kg] 32.7 29.0 29.7 30.5 26.7 

TAN [mg KOH/g] 50.8 54.1 50.5 52.5 61.4 
a)‘OF mix’ is the sum of the three oil fractions to the left. b)‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

OF mix + WF mix 
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Table B-3. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 143 g CBV30-st, B:C = 1.4 (experiment Z301). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mixa) WF mixb) 

Yield within total collected liquid [wt.%wb]c) 2.8 4.7 11.2 18.7 81.3 

Moisture [wt.%] 1.3 0.3 0.2 0.4 97.6 

Organics distribution within total collected 

liquid [wt.%db] 
13.4 22.9 54.1 90.5 9.5 

Elements [wt.%db]      

N 1.9 1.8 1.7 1.8 48.8 

C 86.9 84.9 88.0 87.0 47.4 

H 7.4 6.9 8.6 8.0 3.7 

O 3.8 6.4 1.7 3.2 n.a. 

HHV [MJ/kg] 38.6 37.0 40.7 39.4 20.2 
a)‘OF mix’ is the sum of the three oil fractions to the left. b)‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

OF mix + WF mix 

 

Table B-4. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 143 g CBV30-st-u2-r2, B:C = 3.6 (experiment Z302). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mixa) WF mixb) 

Yield within total collected liquid [wt.%wb]c) 6.8 9.2 10.0 26.0 74.0 

Moisture [wt.%] 3.0 0.9 0.6 1.4 99.6 

Organics distribution within total collected 

liquid [wt.%db] 

25.5 34.9 38.4 98.8 1.2 

Elements [wt.%db]      

N 3.7 2.7 3.6 3.3 39.8 

C 78.3 78.2 82.0 79.7 52.9 

H 7.4 6.7 8.7 7.6 7.2 

O 10.6 12.3 5.7 9.3 n.a. 

HHV [MJ/kg] 34.8 33.9 38.2 35.8 26.4 
a)‘OF mix’ is the sum of the three oil fractions to the left. b)‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

OF mix + WF mix 

Table B-5. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 143 g CBV30-st-u-r, B:C = 6.1 (experiment Z303). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mixa) WF mixb) 

Yield within total collected liquid [wt.%wb]c) 9.9 10.8 10.3 31.0 69.0 

Moisture [wt.%] 3.8 1.0 1.2 1.9 97.3 

Organics distribution within total collected 

liquid [wt.%db] 
29.6 33.1 31.5 94.1 5.9 

Elements [wt.%db]      

N 3.4 2.9 3.9 3.4 31.5 

C 72.4 76.4 79.4 76.1 62.9 

H 7.2 6.9 9.1 7.7 5.6 

O 17.0 13.7 7.6 12.7 n.a. 

HHV [MJ/kg] 32.0 33.4 37.6 34.3 28.1 
a)‘OF mix’ is the sum of the three oil fractions to the left. b)‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

OF mix + WF mix 
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Table B-6. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 26 g CBV30-st, B:C = 10.7 (experiment Z304). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mixa) WF mixb) 

Yield within total collected liquid [wt.%wb]c) 9.9 10.8 10.3 31.0 69.0 

Moisture [wt.%] 6.4 1.2 3.0 3.4 86.8 

Organics distribution within total collected 

liquid [wt.%db] 
23.8 27.3 25.5 76.6 23.4 

Elements [wt.%db]      

N 3.0 2.6 4.3 3.3 7.8 

C 73.9 72.0 73.2 73.0 49.7 

H 6.9 6.8 9.0 7.6 9.1 

O 16.1 18.7 13.5 16.2 33.4 

HHV [MJ/kg] 32.2 31.1 34.7 32.7 24.5 
 a)‘OF mix’ is the sum of the three oil fractions to the left. b)‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

OF mix + WF mix 

 

Table B-7. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 93 g mesoCBV30-st, B:C = 2.4 (experiment MZ301). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mixa) WF mixb) 

Yield within total collected liquid [wt.%wb]c) 4.6 7.1 8.3 20.0 80.0 

Moisture [wt.%] 2.2 0.8 0.7 1.1 97.0 

Organics distribution within total collected 

liquid [wt.%db] 
20.4 31.9 36.8 89.1 10.9 

Elements [wt.%db]      

N 3.9 4.1 3.2 3.7 43.2 

C 78.9 81.2 83.8 81.8 51.4 

H 7.0 6.9 8.8 7.7 5.4 

O 10.2 7.8 4.1 6.8 n.a. 

HHV [MJ/kg] 34.7 35.6 39.2 36.9 23.6 
a)‘OF mix’ is the sum of the three oil fractions to the left. b)‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

OF mix + WF mix 

Table B-8. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 93 g mesoCBV30-st, B:C = 6.2 (experiment MZ302). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mixa) WF mixb) 

Yield within total collected liquid [wt.%wb]c) 7.7 9.9 10.0 27.6 72.4 

Moisture [wt.%] 5.0 0.9 0.6 2.0 95.8 

Organics distribution within total collected 

liquid [wt.%db] 
24.4 32.6 33.0 90.0 10.0 

Elements [wt.%db]      

N 3.4 3.1 3.8 3.4 19.1 

C 77.7 76.0 76.1 76.5 76.8 

H 7.0 6.8 9.1 7.7 4.1 

O 12.0 14.0 11.0 12.4 n.a. 

HHV [MJ/kg] 34.0 33.1 36.0 34.4 31.3 
a)‘OF mix’ is the sum of the three oil fractions to the left. b)‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

OF mix + WF mix 
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Table B-9. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 15 g mesoCBV30-st, B:C = 9.2, (experiment MZ303). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix WF mix 

Yield within total collected liquid [wt.%wb]c) 9.3 13.1 10.2 32.5 67.5 

Moisture [wt.%] 5.0 1.1 3.4 2.9 85.0 

Organics distribution within total collected 

liquid [wt.%db] 
21.2 31.0 23.5 75.8 24.2 

Elements [wt.%db]      

N 2.9 4.1 3.8 3.7 5.0 

C 76.0 72.4 70.7 72.1 43.1 

H 7.3 6.7 9.1 7.4 8.9 

O 13.8 16.8 16.4 16.8 43.0 

HHV [MJ/kg] 33.6 31.3 33.7 32.1 21.0 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-10. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 151 g CBV55-st, B:C = 1.7 (experiment Z501). 
Liquid distribution 4°C OF ESP OF -60°C OF WF mix 

Yield within total collected liquid [wt.%wb]c) 4.8 8.0 9.0 78.3 

Moisture [wt.%] 1.6 0.7 0.4 97.7 

Organics distribution within total collected 

liquid [wt.%db] 
20.1 33.9 38.3 7.6 

Elements [wt.%db]     

N 2.6 1.4 2.1 12.6 

C 86.2 84.3 84.1 75.2 

H 7.8 7.1 8.4 10.7 

O 3.4 7.2 5.3 - 

HHV [MJ/kg] 38.4 36.1 38.7 36.5 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-11. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 151 g CBV55-st, B:C = 6.2 (experiment Z502). 
Liquid distribution OF mix WF mix 

Yield within total collected liquid [wt.%wb]c) 26.4 73.6 

Moisture [wt.%] 2.2 95.8 

Organics distribution within total collected 

liquid [wt.%db] 
89.0 11.0 

Elements [wt.%db]   

N 2.1 24.1 

C 77.3 52.4 

H 7.5 16.2 

O 13.1 7.3 

HHV [MJ/kg] 34.4 36.2 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 



Supplementary information for chapter 3 

B-15 

 

Table B-12. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 15 g CBV55-st-u2-r2, B:C = 6.5 (experiment Z503). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix WF mix 

Yield within total collected liquid [wt.%wb]c) 9.1 13.0 8.6 30.7 69.3 

Moisture [wt.%] 8.1 1.7 3.5 4.1 87.0 

Organics distribution within total collected 

liquid [wt.%db] 
21.8 33.1 21.7 76.5 23.5 

Elements [wt.%db]      

N 4.1 2.9 4.1 3.6 6.0 

C 79.3 71.2 66.4 72.1 50.1 

H 6.7 6.8 8.2 7.2 9.5 

O 9.9 19.0 21.3 17.1 34.5 

HHV [MJ/kg] 34.5 30.9 30.6 31.8 25.0 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-13. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 15 g CBV55-st-u3-r3, B:C = 12.9 (experiment Z504). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix WF mix 

Yield within total collected liquid [wt.%wb]c) 11.9 14.1 12.7 38.7 61.3 

Moisture [wt.%] 5.9 0.9 5.0 3.8 87.4 

Organics distribution within total collected 

liquid [wt.%db] 
24.9 31.1 26.8 82.8 17.2 

Elements [wt.%db]      

N 1.2 1.0 3.4 1.8 15.9 

C 74.4 72.0 64.0 70.1 54.8 

H 6.7 6.9 8.4 7.4 7.5 

O 17.7 20.0 24.2 20.7 21.8 

HHV [MJ/kg] 32.1 31.2 29.7 31.0 25.4 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-14. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 100 g mesoCBV55-st-u-r, B:C = 2.5 (experiment MZ501). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix WF mix 

Yield within total collected liquid [wt.%wb]c) 5.2 8.8 10.2 24.2 75.8 

Moisture [wt.%] 2.6 0.8 1.0 1.3 97.1 

Organics distribution within total collected 

liquid [wt.%db] 
19.4 33.5 38.8 91.7 8.3 

Elements [wt.%db]      

N 4.0 3.0 2.9 3.2 19.0 

C 82.0 79.4 83.4 81.6 70.3 

H 7.2 6.7 9.1 7.8 0.0 

O 6.9 10.9 4.6 7.4 n.a. 

HHV [MJ/kg] 36.3 34.5 39.3 36.9 23.1 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 
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Table B-15. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 100 g mesoCBV55-st, B:C = 6.4 (experiment MZ502). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix WF mix 

Yield within total collected liquid [wt.%wb]c) 8.2 10.7 11.1 30.0 70.0 

Moisture [wt.%] 4.4 1.2 1.6 2.2 85.1 

Organics distribution within total collected 

liquid [wt.%db] 19.6 26.7 27.5 73.8 26.2 

Elements [wt.%db]           

N 3.9 3.2 5.3 4.1 13.3 

C 76.5 76.7 80.3 78.0 42.1 

H 7.1 6.6 9.3 7.8 3.5 

O 12.5 13.4 5.1 10.1 41.2 

HHV [MJ/kg] 33.7 33.2 38.4 35.3 14.4 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-16. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 100 g mesoCBV55-st-u2-r2, B:C = 9.6 (experiment MZ503). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix WF mix 

Yield within total collected liquid [wt.%wb]c) 11.7 12.8 13.0 37.5 62.5 

Moisture [wt.%] 5.2 1.3 1.9 2.7 92.0 

Organics distribution within total collected 

liquid [wt.%db] 
26.8 30.4 30.7 87.9 12.1 

Elements [wt.%db]      

N 3.7 4.1 4.4 4.1 10.8 

C 76.8 74.9 74.9 75.5 55.7 

H 7.1 6.9 9.1 7.7 5.4 

O 12.5 14.2 11.6 12.8 28.1 

HHV [MJ/kg] 33.8 32.7 35.6 34.0 22.8 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-17. Moisture and elemental content of organics (d.b.) for liquid products obtained when passing 

straw pyrolysis vapors over 20 g mesoCBV55-st-u3-r3, B:C = 11.2 (experiment MZ504). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix WF mix 

Yield within total collected liquid [wt.%wb]c) 10.8 14.6 10.9 36.3 63.7 

Moisture [wt.%] 5.9 1.4 3.3 3.3 84.6 

Organics distribution within total collected 

liquid [wt.%db] 
22.6 32.0 23.6 78.2 21.8 

Elements [wt.%db]      

N 4.2 2.7 3.6 3.4 7.9 

C 73.1 71.3 68.5 71.0 49.8 

H 7.1 6.6 8.8 7.4 8.5 

O 15.7 19.4 19.1 18.2 33.9 

HHV [MJ/kg] 32.2 30.7 32.2 31.6 23.7 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 
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Table B-18. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing 

straw pyrolysis vapors over 140 g CBV80-st-u-r, B:C = 2.8 (experiment Z801). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix mix WF 

Yield within total collected liquid [wt.%wb]c) 7.9 9.0 9.4 26.3 73.7 

Moisture [wt.%] 3.9 0.8 1.0 1.8 97.0 

Organics distribution within total collected 

liquid [wt.%db] 
27.0 32.0 33.1 92.1 7.9 

Elements [wt.%db]      

N 2.8 3.9 4.3 3.7 43.4 

C 78.4 74.1 85.3 79.4 52.4 

H 6.9 6.5 9.4 7.7 4.2 

O 11.9 15.5 1.0 9.2 n.a. 

HHV [MJ/kg] 34.2 31.9 40.7 35.7 22.6 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

 

Table B-19. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing 

straw pyrolysis vapors over 140 g CBV80-st, B:C = 4.5 (experiment Z802). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix mix WF 

Yield within total collected liquid [wt.%wb]c) 9.1 10.9 9.0 29.0 71.0 

Moisture [wt.%] 4.3 1.0 1.0 2.0 95.0 

Organics distribution within total collected 

liquid [wt.%db] 27.2 33.8 27.8 88.8 11.2 

Elements [wt.%db]           

N 3.4 2.6 3.9 3.2 20.4 

C 76.8 77.7 75.2 76.6 70.7 

H 7.2 7.1 9.1 7.8 9.0 

O 12.6 12.6 11.9 12.4 n.a. 

HHV [MJ/kg] 34.0 34.1 35.6 34.5 34.9 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-20. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing 

straw pyrolysis vapors over 24 g CBV80-st-u2-r2, B:C = 9.9 (experiment Z803).  
Liquid distribution 4°C OF ESP OF -60°C OF OF mix mix WF 

Yield within total collected liquid [wt.%wb]c) 10.1 13.8 7.7 31.6 68.4 

Moisture [wt.%] 7.6 1.9 3.2 4.1 92.5 

Organics distribution within total collected 

liquid [wt.%db] 
26.4 38.1 21.1 85.6 14.4 

Elements [wt.%db]      

N 1.9 2.5 3.9 2.6 6.2 

C 76.3 73.1 72.1 73.9 55.9 

H 7.1 7.0 9.0 7.5 8.6 

O 14.6 17.4 15.0 16.0 29.2 

HHV [MJ/kg] 33.5 31.9 34.2 32.9 39.1 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 
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Table B-21. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing 

straw pyrolysis vapors over 24 g CBV80-st, B:C = 17 (experiment Z804). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix mix WF 

Yield within total collected liquid [wt.%wb]c) 11.1 15.2 8.8 35.1 64.9 

Moisture [wt.%] 6.3 1.5 3.1 3.4 87.2 

Organics distribution within total collected 

liquid [wt.%db] 

24.6 35.4 20.3 80.3 19.7 

Elements [wt.%db]      

N 1.0 1.5 2.7 1.6 11.9 

C 72.1 70.3 69.3 70.6 53.4 

H 7.2 6.8 9.1 7.5 8.1 

O 19.6 21.4 18.8 20.2 26.6 

HHV [MJ/kg] 31.7 30.4 33.0 31.4 25.3 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-22. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing 

straw pyrolysis vapors over 90 g mesoCBV80-st, B:C = 2.4 (experiment MZ801). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix mix WF 

Yield within total collected liquid [wt.%wb]c) 7.4 10.1 11.4 28.9 71.1 

Moisture [wt.%] 2.9 0.8 1.5 1.6 95.5 

Organics distribution within total collected 

liquid [wt.%db] 

22.6 31.7 35.5 89.8 10.2 

Elements [wt.%db]      

N 2.9 4.9 3.6 3.9 20.2 

C 74.3 79.0 79.2 77.9 69.4 

H 7.5 6.8 9.0 7.9 1.9 

O 15.3 9.3 8.2 10.4 8.4 

HHV [MJ/kg] 33.2 34.6 37.4 35.3 25.3 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-23. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing 

straw pyrolysis vapors over 90 g mesoCBV80-st, B:C = 8.3 (experiment MZ802). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix mix WF 

Yield within total collected liquid [wt.%wb]c) 10.0 12.6 11.6 34.2 65.8 

Moisture [wt.%] 5.7 1.4 2.6 3.1 89.7 

Organics distribution within total collected 

liquid [wt.%db] 

23.6 31.1 28.3 83.0 17.0 

Elements [wt.%db]      

N 3.8 3.7 3.9 3.8 8.0 

C 75.1 74.4 74.7 74.7 50.7 

H 6.9 7.1 9.4 7.8 4.2 

O 14.1 14.9 11.9 13.6 37.0 

HHV [MJ/kg] 32.9 32.7 35.9 33.8 18.8 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 



Supplementary information for chapter 3 

B-19 

 

Table B-24. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing 

straw pyrolysis vapors over 15 g mesoCBV80-st, B:C = 10.3 (experiment MZ803). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix mix WF 

Yield within total collected liquid [wt.%wb]c) 9.6 12.9 9.3 31.8 68.2 

Moisture [wt.%] 4.7 1.4 3.8 3.1 86.3 

Organics distribution within total collected 

liquid [wt.%db] 

22.7 31.7 22.3 76.8 23.2 

Elements [wt.%db]      

N 2.8 3.3 3.3 3.2 8.0 

C 73.7 74.7 70.8 73.2 47.6 

H 6.9 7.3 9.3 7.8 11.8 

O 16.6 14.7 16.6 15.8 32.5 

HHV [MJ/kg] 32.1 33.0 33.9 33.0 27.1 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

Table B-25. Moisture and elemental content of organics (d.b.) for liquid products obtained for passing 

straw pyrolysis vapors over 15 g mesoCBV80-st, B:C = 21.8 (experiment MZ804). 
Liquid distribution 4°C OF ESP OF -60°C OF OF mix mix WF 

Yield within total collected liquid [wt.%wb]c) 10.4 12.9 11.2 34.5 65.5 

Moisture [wt.%] 6.6 1.4 4.6 4.0 83.8 

Organics distribution within total collected 

liquid [wt.%db] 

22.1 29.2 24.4 75.7 24.3 

Elements [wt.%db]      

N 3.2 3.5 3.9 3.5 14.3 

C 72.8 73.8 68.1 71.7 49.4 

H 7.1 7.2 9.0 7.8 13.2 

O 17.0 15.5 18.9 17.0 23.1 

HHV [MJ/kg] 32.0 32.6 32.4 32.3 30.1 
a) ‘OF mix’ is the sum of the three oil fractions to the left. b) ‘WF mix’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

OF mix + WF mix 

 
Fig. B-19. TGA simulated distillation curves for oils obtained from SiC and when (a) parent CBV30-st or 

(b) hierarchical CBV30-st was used as catalyst. About 20 mg of oil were prepared into a Pt crucible with 

lid shortly before start of the heating in order to minimize the loss of volatiles prior to starting the program 

(heating ramp of 10 °C/min to a final temperature of 500 °C in 150 ml/min N2).  
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Fig. B-20. TGA simulated distillation curves for oils obtained from SiC and when (a) parent CBV55-st or 

(b) hierarchical CB55-st was used as catalyst, respectively. About 20 mg of oil were prepared into a Pt 

crucible with lid shortly before start of the heating in order to minimize the loss of volatiles prior to starting 

the program (heating ramp of 10 °C/min to a final temperature of 500 °C in 150 ml/min N2).  

 

  
Fig. B-21. TGA simulated distillation curves for oils when (a) the parent and (b) the mesoporous CBV80 

were used for catalytic vapor treatment, with the SiC oil shown as reference.  
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Fig. B-22. SEC chromatograms (differential refractive index (DRI) output) for oils obtained from SiC, 

parent CBV30 (experiments Z301 & Z303), and mesoCBV30 (MZ301 & MZ302). For mixtures of 

chemically analog compounds, the components with higher MW elute at lower retention volumes. For 

comparison, the arrows show positions of the elution peaks for dodecastyrene (PS), linear hydrocarbon 

(HC) standards, and several model compounds. The negative peak at 10.4 ml is most probably due to the 

presence of water in the samples. 

 

 
Fig. B-23. SEC chromatograms (differential refractive index (DRI) output) for oils obtained from SiC, 

parent CB55 (solid lines) and mesoCBV55 (dashed). Elution of hydrocarbon (HC) and polystyrene (PS) 

standards as well as model compounds as indicated. Higher MW compounds elute at lower retention 

volumes. The negative peak at 10.4 ml is most probably due to traces of water in the samples. 

 

7 8 9 10

D
R

I 
in

te
n
s
it
y
 (

a
.u

.)

Ret. Vol [mL]

 SiC

 CBV30-st (143 g), B:C = 1.4

 CBV30-st-u2-r2 (143 g), B:C = 6.1

 mesoCBV30-st (93 g), B:C = 2.4

 mesoCBV30-st-u-r (93 g), B:C = 6.2

1
9

8
 D

a
 (

H
C

)

T
o

lu
e

n
e

, 
F

u
rf

u
ra

l,
 

D
ib

e
n

z
o

fu
ra

n
, 

P
h

e
n

th
re

n
e

2
8

3
 D

a
 (

H
C

)

3
9

5
 D

a
 (

H
C

)

1
2

5
0

 D
a

 (
P

S
)

5
0

7
 D

a
 (

H
C

)

G
u

a
ia

c
o

l

7 8 9 10

D
R

I 
in

te
n
s
it
y
 [

a
.u

.]

 SiC

 CBV55-st-u-r, 150 g, B:C = 0–1.1

 CBV55-st-u-r, 150 g, B:C = 3.6–6.2

 mesoCBV55-st-u-r, 100 g, B:C = 0–2.5

 mesoCBV55-st-u2-r2, 100 g, B:C = 0–9.6

Ret. Vol [mL]

1
9

8
 D

a
 (

H
C

)

2
8

3
 D

a
 (

H
C

)

3
9

5
 D

a
 (

H
C

)

1
2

5
0

 D
a

 (
P

S
)

5
0

7
 D

a
 (

H
C

)

G
u

a
ia

c
o

l

T
o

lu
e

n
e

, 
F

u
rf

u
ra

l,
 

D
ib

e
n

z
o

fu
ra

n
, 

P
h

e
n

th
re

n
e



Appendix B |  

B-22 

 

 
Fig. B-24. SEC chromatograms (differential refractive index (DRI) output) for oils obtained from SiC 

reference and experiments Z801, MZ801 and MZ802 according to Table 1. Higher MW compounds elute 

at lower retention volume. The negative peak at 10.4 ml is most probably due to the presence of water traces 

in the samples. 

 

 
Fig. B-25. Selectivity (wt.%) within monoaromatics quantified by GC-MS/FID for oils obtained using 

CBV30 and mesoCBV30-st 
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Fig. B-26. Selectivity (wt.%) within monoaromatics quantified by GC-MS/FID for oils obtained with 

parent and mesoporous CBV55. 

 

 
Fig. B-27. Selectivity (wt.%) within monoaromatics quantified by GC-MS/FID for oils obtained with 

parent and mesoporous CBV80 
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Fig. B-28. 1H NMR spectra for oils collected over (a) SiC, (b) mesoCBV55-st at B:C = 2.5 and (c) 

mesoCBV55-st at B:C = 9.6 

 

 
Fig. B-29. 13C NMR spectra for oils collected over (a) SiC, (b) mesoCBV55-st at B:C = 2.5 and (c) 

mesoCBV55-st at B:C = 9.6. 
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Fig. B-30. Comparison of 2D NMR spectra for oils obtained with SiC (a), and 100 g mesoCBV55-st at B:C 

= 2.5 (b) and 9.6 (c). 
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Fig. B-31. Comparison of carbon recoveries in oil fraction and its oxygen content. Shown are results 

obtained with ~300 ml catalyst volume, corresponding to ~150 g of parent and ~100 g of desilicated zeolite.  
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Fig. C-1. Schematic of tandem micropyrolyzer-GC-MS/FID/TCD set-up. Cups with biomass were 

introduced via auto-sampler. Flowrate was 60 ml/min He. Further experimental details can be found in the 

experimental section. 
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Table C-1. List of 54 different compounds used for calibration of FID detector. The molecular response 

factor (MRF) of each compound was calculated based on their combustion enthalpies and molecular 

structures[1]. 
Compound  Formula MRF 

1,4-Diethylbenzene C10H14 1.22 

2,2-Dimethoxypropane C₅H₁₂O₂ 0.52 

2,3-Butanedione C4H6O2 0.32 

2,3-Pentanedione C5H8O2 0.45 

2-5 Dimethylfuran C6H8O 0.58 

2-Butanone C4H8O 0.40 

2-Cyclopenten-1-one C5H6O 0.45 

2-Cyclopenten-1-one, 3-methyl- C6H8O 0.58 

2-Furonitrile C5H3NO 0.40 

2-Methoxy-4-vinylphenol C9H10O2 0.97 

2-Pentanone C5H10O 0.53 

3-Methyl-3-penten-2-one C6H10O 0.62 

3-Penten-2-one C5H8O 0.49 

4-Hydroxy-2-butanone C4H8O2 0.36 

Acetaldehyde C2H4O 0.15 

Acetic acid C2H4O2 0.11 

Acetone C3H6O 0.28 

Acetonitrile C2H3N 0.18 

Anthracene C14H10 1.75 

Benzene C6H6 0.71 

Benzofuran, 2,3-dihydro- C8H8O 0.89 

Cyclopentanone C5H8O 0.49 

Cyclopentene C5H8 0.53 

Decane C10H22 1.24 

Fluoranthene C16H10 1.93 

Fluorene C13H10 1.66 

Furan C4H4O 0.33 

Furan, 2,5-dimethyl- C6H8O 0.58 

Furan, 2-methyl- C5H6O 0.45 

Furfural C5H4O2 0.38 

Hydroxyacetone C3H6O2 0.23 

Indane C9H10 1.05 

Indene C9H8 1.03 

Lactic acid C3H6O3 0.19 

Levoglucosan C6H10O5 0.45 

m-Cresol C7H8O 0.80 

Mesitylene C9H12 1.09 

Methyl vinyl ketone C4H6O 0.49 

Methyl-cyclopentane C6H12 0.70 

Methyl-cyclopentene C6H10 0.66 

m-Xylene C8H10 0.96 

Naphthalene C10H8 1.23 

Naphthalene, 1-methyl- C11H10 1.36 

Phenol C6H6O 0.67 

Phenol, 2,5-dimethyl- C8H10O 0.92 

Phenol, 2,6-dimethoxy- C8H10O3 0.84 

Phenol, 2-methoxy- C7H8O2 0.75 

Phenol, 2-methoxy-4-(1-propenyl)- C10H12O2 1.18 

Phenol, 2-propyl- C9H12O 1.11 

Propanal C3H6O 0.28 

Propanoic acid C3H6O2 0.23 

Propanoic acid, 2-oxo-, methyl ester C4H6O3 0.28 

Propylbenzene C9H12 1.09 

Toluene C7H8 0.84 
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Fig. C-2. Correlation of FID response (area/mole) of the compounds listed in Table C-1with their 

molecular response factor (MRF) calculated from the combustion enthalpies and molecular structures of 

the compounds according to the correlations provided by de Saint Laumer et al. [1]. The gas chromatograph 

utilized 60 ml/min He flowrate and a split ratio of 56 at the inlet. 

 
Fig. C-3. XRD characterization for conventional HZSM-5, mesoporous HZSM-5 and Silicalite-1 coated 

mesoporous HZSM-5 (Core-shell). 
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Fig. C-4. A) Nitrogen isotherms and B) BJH analysis of the desorption branch for conventional HZSM-5, 

mesoporous HZSM-5 and Silicalite-1 coated mesoporous HZSM-5, C+D) BJH analysis of adsorption and 

desorption branches for silicalite-1 coated mesoporous HZSM-5 zeolite. 

 

 
Fig. C-5. (a) High-resolution low temperature argon pore characterization (87 K) for conventional HZSM-

5, mesoporous HZSM-5, and Silicalite-1 coated mesoporous HZSM-5 (Core-shell). Filled symbols refer to 

the adsorption branch while open symbols refer to the desorption branch of isotherm. (b) Pore size 

distribution obtained from applying the NL-DFT model to the adsorption branch of the isotherm. 
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Fig. C-6. Scanning electron microscopy image of A) Conv-ZSM-5 and B) Meso-ZSM-5 C) Shell-Meso-

ZSM-5 zeolites. 

 

 
Fig. C-7. TEM image of Conv-ZSM-5 
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Fig. C-8. TEM image of (A+B) mesoporous HZSM-5 and (C+D) core-shell mesoporous HZSM-5.  

 

 
Fig. C-9. TEM image of Meso-ZSM-5 
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Fig. C-10. TEM image of Shell-Meso-ZSM-5 

 

 
Fig. C-11. Acidity characterization of conventional HZSM-5, mesoporous HZSM-5 and Silicalite-1 coated 

mesoporous HZSM-5 (Shell-Meso-ZSM-5) by NH3-TPD. The experimental procedure for NH3-TPD is 

provided in the experimental section.  
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Fig. C-12. Pyridine FT-IR 1570−1430 cm−1 region of spectra showing the difference in peak intensities for 

pyridine adsorbed on Brønsted (1545 cm−1) and Lewis (1455 cm−1) acid sites. The peak at ~1490 cm−1 is 

attributed to pyridine on non-specific acid sites (B and L).  

 
Fig. C-13. 27Al solid-state nuclear magnetic resonance spectra of Conv-ZSM-5, Meso-ZSM-5, and Shell-

Meso-ZSM-5. Spectra were scaled to the same peak area.  
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Table C-2. Content of carbohydrates and Klason lignin in dry wheat straw, determined by sulfuric acid 

hydrolysis 

Component wt.% of wheat straw (d.b.) 

Xylose 22.3 ± 0.4 

Arabinose 1.9 ± 0.03 

Glucose 42.6 ± 0.9 

Mannose 0.2 ± 0.02 

Galactose 0.6 ± 0.01 

Galacturonic acid 0.9 ± 0.05 

Klason lignin 20.2 ± 1.5 

Table C-3. Yields in wt.% of daf wheat straw and standard deviations from three biomass injections using 

an empty catalytic reactor and a catalytic reactor filled with 2 mg SiC. 

  
yield 

(wt.% of biomass (daf)) 

Standard 

deviation 

CO 7.1 0.13 

CO2 17.1 0.22 

C1-C3 0.1 0.02 

C2-C3 olefins 0.3 0.01 

C4+ 0.3 0.01 

ALI 0.06 0.005 

MAR 0.04 0.002 

DAR 0 n.d. 

PH 0.13 0.010 

ALD 1.76 0.060 

AC 2.44 0.091 

KET 3.91 0.221 

MPH 0.88 0.076 

FUR 1.05 0.044 

AL 0.75 0.057 

EST 0.75 0.050 

SUG 0 n.d. 

N 0 n.d. 

Table C-4. Product grouping: Aliphatics (ALI) 

Compound Formula MW [g/mol] MRF Structure 

1-Propene, 2-methyl- C4H8 56.1 0.444 
 

2-Butene C4H8 56.1 0.444  

1,3-Butadiene C4H6 54.1 0.402  

2-Butene, 2-methyl- C5H10 70.1 0.570 
 

1-Butene, 3-methyl- C5H10 70.1 0.570 
 

2-Pentene C5H10 70.1 0.570  

1,4-Pentadiene C5H8 68.1 0.533  
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Table C-4 (continued) 

1,3-Pentadiene, 2-methyl-, (E)- C6H10 82.1 0.659  

2-Pentene, 2-methyl- C6H12 84.15 0.696 
 

2-Pentene, 3-methyl-, (E)- C6H12 84.2 0.696 
 

Cyclopentadiene C5H6 66.1 0.495 
 

Cyclopentene, 1-methyl- C6H10 82.1 0.659 
 

1,3-Cyclopentadiene, 5-methyl- C6H8 80.1 0.621 
 

1,3-Cyclopentadiene, 1-methyl- C6H8 80.1 0.621 
 

1,4-Hexadiene, 2-methyl- C7H12 96.2 0.785 
 

1,5-Hexadien-3-yne C6H6 78.11 0.584 
 

1,4-Cyclohexadiene, 1-methyl- C7H10 94.2 0.748 
 

3-Methylenecyclohexene C7H10 94.2 0.748 
 

1,3,5-Heptatriene, (E,E)- C7H10 94.2 0.748  

Table C-5. Product grouping: Monoaromatic compounds (MAR) 

Compound Formula MW [g/mol] MRF Structure 

Benzene C6H6 78.1 0.711 
 

Toluene C7H8 92.1 0.837 
 

Ethylbenzene C8H10 106.2 0.963 
 

m-Xylene C8H10 106.2 0.963 

 

p-Xylene C8H10 106.2 0.963 
 

Benzene, 1-ethyl-3-methyl- C9H12 120.2 1.089 

 

Benzene, 1-ethyl-4-methyl- C9H12 120.2 1.089 
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Table C-5 (continued) 

Benzene, 1,4-diethyl- C10H14 134.2 1.216 
 

Benzene, 1,2,3-trimethyl- C9H12 120.2 1.089 

 

Benzene, 1,2,4-trimethyl- C9H12 120.2 1.089 

 

Benzene, propyl- C9H12 120.2 1.089 
 

Styrene C8H8 104.2 0.926 
 

Benzene, 1-propenyl- C9H12 120.2 1.089 
 

Benzene, 2-propenyl- C9H10 118.2 1.052 
 

Benzene, 1-methyl-4-(2-propenyl)- C10H12 132.2 1.178 
 

Benzene, 1-ethenyl-2-methyl- C9H10 118.2 1.052 

 

2,4-Dimethylstyrene C10H12 132.2 1.178 

 

Indane C9H10 118.2 1.052 
 

Indene C9H8 116.2 1.033 
 

1H-Indene, 1-methyl- C10H10 130.2 1.141 

 

1H-Indene, 1,3-dimethyl- C11H12 144.2 1.267 

 

1H-Indene, 3-methyl C10H10 130.2 1.141 

 

1H-Indene, 1-methylene- C10H8 128.2 1.103 
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Table C-6. Product grouping: Diaromatic and polyaromatic compounds (DAR) 

Compound Formula MW [g/mol] MRF Structure 

Naphthalene C10H8 128.2 1.230 
 

Naphthalene, 1-methyl- C11H10 142.2 1.357 

 

Naphthalene, 2-methyl- C11H10 142.2 1.357 
 

Naphthalene, 1-ethyl- C12H12 156.2 1.483 

 

Naphthalene, 1,2-dihydro- C10H10 130.18 1.141 
 

Naphthalene, 1,2-dihydro-4-methyl- C11H12 144.2 1.394 

 

Naphthalene, 1,2-dihydro-6-methyl- C11H12 144.2 1.267 

 

Naphthalene, 2,6-dimethyl- C12H12 156.2 1.229 
 

Naphthalene, 1,7-dimethyl- C12H12 156.2 1.229 

 

Fluorene C13H10 166.2 1.661 

 

9H-Fluorene, 9-methyl- C14H12 180.2 1.660 

 

9H-Fluorene, 2-methyl- C14H12 180.2 1.660 

 

Anthracene, 2-methyl- C15H14 192.3 1.876 

 

Phenanthrene, 2,7-dimethyl- C16H14 206.3 2.002 
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Table C-7. Product grouping: Ketones (KET) 

Compound Formula 
MW 

[g/mol] 
MRF Structure 

Acetone C3H6O 58.1 0.276 
O  

Hydroxyacetone C3H6O2 74.1 0.235 
O

OH 

Methyl vinyl ketone C4H6O 70.1 0.492 
O  

2-Butanone C4H8O 72.1 0.402 
O  

3-Buten-2-one, 3-methyl- C5H8O 84.1 0.491 

O  

2,3-Butanedione C4H6O2 86.1 0.324 

O

O  

1-Hydroxy-2-butanone C4H8O2 88.1 0.361 
O

OH

 

3-Pentanone C5H10O 86.1 0.529 
O  

3-Penten-2-one C5H8O 84.1 0.491 
O

 

2,3-Pentanedione C5H8O2 100.1 0.450 

O

O

 

Cyclopentanone C5H8O 84.1 0.491 
O

 

2-Cyclopenten-1-one C5H6O 82.10 0.580 
O

 

2-Cyclopenten-1-one, 2-methyl- C6H8O 96.1 0.580 
O

 

2-Cyclopenten-1-one, 3-methyl- C6H8O 96.1 0.580 
O

 

2-Cyclopenten-1-one, 3-ethyl-2-

hydroxy- 
C7H10O2 126.1 0.665 O

OH

 

1,2-Cyclopentanedione C5H6O2 98.1 0.491 O

O

 

1,2-Cyclopentanedione, 3-methyl- C6H8O2 112.1 0.580 
O

O
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Table C-7 (continued) 

1,3-Cyclopentanedione, 2,4-dimethyl- C7H10O2 126.2 0.665 
O

O

 

4-Cyclopentene-1,3-dione C5H4O2 96.1 0.454 O

O

 

2-Cyclopenten-1-one, 2-hydroxy-3-

methyl- 
C6H8O2 112.1 0.539 O

OH

 

Bicyclo[3.1.1]heptan-2-one C7H10O 110.2 0.669 
O  

1H-Inden-1-one, 2,3-dihydro- C9H8O 132.2 0.973 

O  

Table C-8. Product grouping: Aldehydes (ALD) 

Compound Formula MW [g/mol] MRF Structure 

Acetaldehyde C2H4O 44.1 0.150 O
 

2-Propenal C3H4O 56.1 0.239 O
 

Propanal, 2-methyl- C4H8O 72.1 0.402 O
 

2-Propenal, 2-methyl- C4H6O 70.1 0.365 O
 

2-Butenal C4H6O 70.1 0.365 
O

H

 

Acetaldehyde, hydroxy- C2H4O2 60.1 0.225 O
OH  

Succindialdehyde C4H6O2 86.1 0.402 O
O  

Pentanal C5H10O 86.1 0.491 O
 

Benzaldehyde, 2-methyl- C8H8O 120.1 0.885 O

 

Benzaldehyde, 3-hydroxy-4-methoxy- C8H8O3 152.1 0.802 

O

O

OH

 

Table C-9. Product grouping: Acids (AC) 

Compound Formula MW [g/mol] MRF Structure 

Acetic acid C2H4O2 60.1 0.109 

O

OH 

Propanoic acid C3H6O2 74.1 0.235 
O

OH
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Table C-10. Product grouping: Phenolic compounds (PH) 

Compound Formula MW [g/mol] MRF Structure 

Phenol C6H6O 94.1 0.670 OH

 

Phenol, 2-methyl- C7H8O 108.1 0.796 OH

 

Phenol, 3-methyl- C7H8O 108.1 0.796 OH

 

Phenol, 4-methyl- C7H8O 108.1 0.796 OH

 

Phenol, 3,4-dimethyl- C8H10O 122.2 0.758 OH

 

Phenol, 2,3-dimethyl- C8H10O 122.2 0.758 

OH

 

Phenol, 3-ethyl- C8H10O 122.2 0.758 

OH

 

Table C-11. Product grouping: Methoxyphenols (MPH) 

Compound Formula MW [g/mol] MRF Structure 

Guaiacol (Phenol, 2-methoxy) C7H8O2 124.1 0.754 
O

OH

 

Creosol C8H10O2 138.2 0.881 
O

OH

 

2-Methoxy-4-vinylphenol C9H10O2 150.2 0.969 

O

OH

 

Phenol, 2-methoxy-4-(1-propenyl)- C10H12O2 164.2 1.178 

O

OH

 

Phenol, 2-methoxy-6-(1-propenyl)- C10H12O2 164.2 1.096 
O

OH

 

2-Butanone, 4-(4-hydroxy-3-

methoxyphenyl)- 
C11H14O3 194.2 1.181 

O

OHO
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Table C-11 (continued) 

Phenol, 2,6-dimethoxy- C8H10O3 154.2 0.839 
OO

OH  

Phenol, 2,6-dimethoxy-4-(2-propenyl)- C11H14O3 194.2 1.181 

O

O

OH

 

Ethanone, 1-(4-hydroxy-3,5-

dimethoxyphenyl)- 
C10H12O4 196.2 0.935 

O

O

OH

O

 

3-tert-Butyl-4-hydroxyanisole C11H16O2 180.2 1.024 
OH O

 

trans-Isoeugenol C10H12O2 164.2 0.935 
O

OH

 

Table C-12. Furans (FUR) 

Compound Formula MW [g/mol] MRF Structure 

Furan C4H4O 68.1 0.328 

O  

Furan, 2,3-dihydro- C4H6O 70.1 0.402 
O  

Furan, 2-methyl- C5H6O 82.1 0.454 

O  

Furan, 3-methyl- C5H6O 82.1 0.885 O

 

2(5H)-Furanone C4H4O2 84.1 0.402 

O
O

 

2(5H)-Furanone, 5-ethyl- C6H8O2 112.1 0.539 

O
O

 

2,4(3H,5H)-Furandione, 3-methyl- C5H6O3 114.1 0.491 

O
O

O  

Furan, 2,5-dimethyl- C6H8O 96.1 0.580 

O
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Table C-12 (continued) 

2-Vinylfuran C6H6O 94.1 0.543 
O  

Furfural C5H4O2 96.1 0.375 

O O
 

2-Furanmethanol C5H6O2 98.1 0.491 

O OH
 

Ethanone, 1-(2-furanyl)- C6H6O2 110.1 0.614 

OO  

2(3H)-Furanone, 5-heptyldihydro- C11H20O2 184.3 1.024 
O

O

 

Benzofuran, 2,3-dihydro- C8H8O 120.1 0.885 

O

 

Benzofuran C8H6O 118.1 0.847 

O

 

Benzofuran, 4,7-dimethyl- C10H10O 146.2 1.100 
O

 
Table C-13. Alcohols (ALC) 

Compound Formula MW [g/mol] MRF Structure 

Methanol CH4O 32.0 0.52 OH 

2-Propen-1-ol C3H6O 58.1 0.314 OH
 

R-(-)-1,2-

propanediol 
C3H8O2 76.1 0.272 

OH

OH 

(E)-1,3-Butadien-1-

ol 
C4H6O 70.1 0.365 OH

 

1-Penten-3-ol, 4-

methyl- 
C6H12O 100.2 0.655 

OH  

2,4-Hexadien-1-ol C6H10O 98.1 0.580 OH
 

1,5-Hexadien-3-ol C6H10O 98.1 0.580 
OH

 

1H-Indenol C6H8O2 112.1 0.973 

OH

 



Appendix C |  

C-18 

 

Table C-14. Product grouping: Sugars (SUG) 

Compound Formula MW [g/mol] MRF Structure 

d-Mannose C6H12O6 180.2 0.580 

O

OH

OH

OH

OH

OH

 

Levoglucosan C6H10O5 162.1 0.452 

O

O

OH

OH

OH

 

Table C-15. Product grouping: Ester (EST) 

Compound Formula MW [g/mol] MRF Structure 

Acetic acid, methyl ester C3H6O2 74.1 0.314 
O

O  

Propanoic acid, 2-oxo-, methyl ester C4H6O3 102.1 0.282 
O

O

O

 

2-Propanone, 1-(acetyloxy)- C5H8O3 116.1 0.491 

O

O

O  

Butyrolactone C4H6O2 86.1 0.324 
O

O

 

Table C-16. Product grouping: Nitrogen containing compounds (Nit) 

Compound Formula MW [g/mol] MRF Structure 

Acetonitrile C2H3N 41.1 0.179 N  

Carbonocyanidic acid, ethyl ester C4H5NO2 99.1 0.402 

O

O
N  

3-Methylpyridazine C5H6N2 94.1 0.508 

N
N

 

Indolizine C8H7N 117.1 0.913 
N

 

Isoxazole, 3,5-dimethyl- C5H7NO 97.1 0.479 

N
O

 

2-Piperidinecarboxylic acid C6H11NO2 129.2 0.580 
N
H

O

OH

 

Carbamic acid, phenyl ester C7H7NO2 137.1 0.742 

OO

NH2
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Table C-17. Overview of the 34 most abundant compounds identified in vapors from fast pyrolysis of 

wheat straw at 530 °C.  

PH ALD AC KET MPH FUR ALC EST SUG 
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Fig. C-14. Momentary carbon yields of different product groups. (a), (c) and (e) show carbon yields 

obtained with 2 mg of conventional HZSM-5, mesoporous HZSM-5, and Silicalite-1 coated mesoporous 

HZSM-5, respectively, while (b), (d) and (f) show carbon yields obtained with 8 mg of conventional HZSM-

5, mesoporous HZSM-5, and Silicalite-1 coated mesoporous HZSM-5, respectively. The legend applies to 

all figures. Note that the yield of alcohols (ALC) and nitrogen containing compounds (Nit) was multiplied 

by 10.  

Table C-18. Yields of fed dry, and ash-free biomass for 2 mg catalyst loading at cumulative B:C ~2. Vapors 

and gas were analyzed by GC-FID and GC-TCD, respectively.   

 Vapors Gas 

 ALI MAR DAR PH ALD AC KET MPH FUR ALC N CO CO2 C1-3 
C2-3 

olefins 
C4+ 

Conv-ZSM-5 0.10 0.17 0.05 0.23 1.46 2.14 3.40 0.60 1.52 0.51 0.39 0.10 0.17 0.05 0.23 1.46 

Meso-ZSM-5 0.32 0.72 0.05 0.37 1.68 1.44 3.21 0.54 1.89 0.41 0.41 0.32 0.72 0.05 0.37 1.68 

Shell-Meso-ZSM-5 0.31 0.51 0.08 0.34 1.52 1.72 3.56 0.63 1.76 0.50 0.19 0.31 0.51 0.08 0.34 1.52 

0 1 2 3 4

0

2

4

6

8

10

0.00 0.25 0.50 0.75 1.00

0

2

4

6

8

10

0.00 0.25 0.50 0.75 1.00

0

2

4

6

8

10

0 1 2 3 4

0

2

4

6

8

10

0 1 2 3 4

0

2

4

6

8

10

0.00 0.25 0.50 0.75 1.00

0

2

4

6

8

10

C
-r

e
c
o
v
e
ry

 (
w

t-
%

 o
f 
fe

e
d
s
to

c
k
 C

)

Conv-ZSM-5

2 mg catalyst

B:C B:C

(a) (b)

8 mg catalyst

B:C

2 mg catalyst

Meso-ZSM-5

8 mg catalyst

B:C

C
-r

e
c
o
v
e
ry

 (
w

t-
%

 o
f 
fe

e
d
s
to

c
k
 C

)

 ALI

 MAR

 DAR

 PH

 ALD

 AC

 KET

 MPH

 FUR

 ALC x10

 N x10

(c) (d)

C
-r

e
c
o
v
e
ry

 (
w

t-
%

 o
f 
fe

e
d
s
to

c
k
 C

) (e) (f)
Shell-Meso-ZSM-5

2 mg catalyst 8 mg catalyst

B:C B:C



Supplementary information for chapter 4 

C-21 

 

 
Fig. C-15. GC-FID chromatograms showing the product distribution for first and 23rd injection of wheat 

straw over conventional HZSM-5 in the micropyrolyzer. Reaction conditions of micropyrolyzer: catalyst = 

11.5 mg, biomass = 23 cups of 0.59 mg wheat straw, TPyrolysis = 530 °C, TCatalyst = 500 °C. Temperature 

program of GC oven: 1.) hold for 7.5 min at 35 °C, 2.) ramping to 300 °C with 10 °C/min.  
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Fig. C-16. GC-FID chromatograms showing the product distribution for the first and 16th injection of wheat 

straw over mesoporous HZSM-5 in the micropyrolyzer. Reaction conditions of micropyrolyzer: catalyst = 

8 mg, biomass = 16 cups of 0.59 mg wheat straw, TPyrolysis = 530 °C, TCatalyst = 500 °C. Temperature program 

of GC oven: 1.) hold for 7.5 min at 35 °C, 2.) ramping to 300 °C with 10 °C/min. 
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Fig. C-17. GC-FID chromatograms showing the product distribution for the first and 20th injection of wheat 

straw over silicalite-1 coated mesoporous HZSM-5 (Shell-Meso-ZSM-5) in the micropyrolyzer. Reaction 

conditions of micropyrolyzer: catalyst = 8 mg, biomass = 16 cups of 0.59 mg wheat straw, TPyrolysis = 530 °C, 

TCatalyst = 500 °C. Temperature program of GC oven: 1.) hold for 7.5 min at 35 °C, 2.) ramping to 300 °C 

with 10 °C/min. 

 
Table C-19. Comparison of carbon recoveries of vapors, gas, and coke when using 2 mg of catalyst. Carbon 

recovery of char was ~31 wt.%. The table further compares the acidity, EHI, and oxygen content of the 

vapors and shows the molar CO/CO2 ratio of the gas.  

 
C-% 

vapors 
C-% gas 

C-% 

coke 

Acidity vapors 

(wt.%) 

EHI 

vapors 

wt.% O 

vapors 
CO/CO2 

SiC 12.6% 17.3% ~0% 22.1 0.67 37.1 0.66 

Conv-ZSM-5 12.7% 19.5% 1.7% 20.2 0.78 32.4 0.77 

Meso-ZSM-5 14.6% 23.5% 2.1% 13.1 0.86 27.2 0.90 

Shell- Meso-ZSM-5 14.3% 23.4% 1.6% 15.5 0.84 29.4 0.83 
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Fig. C-18. Selectivities of monoaromatics (wt.%) 

 

 
Fig. C-19. Example of carbonaceous deposits observed during GC maintenance, which was conducted after 

injection of 500 cups of ~0.5 mg daf wheat straw: (a) shows the pyrolysis quartz reactor tube (operated 

530 °C), (b) shows the glass liner at the GC inlet (operated at 270 °C), and (c) shows the first ~6 cm of the 

guard column inlet.  
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Fig. C-20. Derivative curves of weight loss (DTG) during combustion of coke deposits. Reaction 

atmosphere: 20 Vol.% O2 in argon, heating rate: 10 °C/min.  
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Fig. D-1. Acidity characterization of steamed CBV80 before and after use. Use includes three upgrading 

operations (500 °C) and three oxidative regeneration steps according to the procedure described in 

experimental section.  

 

 
Fig. D-2. Acidity characterization of alumina (freshly calcined) and after steaming and two reaction-

regeneration cycles. Steaming and reaction was performed at 500 °C and oxidative regeneration was 

performed according to the procedure described in the experimental section. 
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Fig. D-3. Acidity characterization of HZSM-5 extrudate as received, after steaming and pyrolysis vapor 

upgrading (500 °C, B:C = 5.6), after the regeneration of the accumulated coke, and finally after an 

additional upgrading/regeneration cycle (Extr-st-u2-r2).  

 

 
Fig. D-4. Acidity characterization of mesoporous HZSM-5 extrudate: calcined, after steaming, and after 

four reaction-regeneration cycles upgrading wheat straw derived pyrolysis vapors (catalyst temperature 

450-550°C).  
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Fig. D-5. TEM image of mesoporous HZSM-5 extrudate prepared by leaching with 0.3M NaOH for 30 min 

at 65 °C, followed by acid wash with 0.02M HCl for 6 h at 65 °C. 

 
Table D-1. Elemental composition for selected catalyst samples (determined by XRF analysis) 

  Al (wt.%) Si (wt.%) Na (wt.%) K (wt.%) Ca (wt.%) Mg (wt.%) 

CBV80 1.10 45.00 <0.025 <0.04 <0.015 <0.02 

CBV80-st-u3-r3  1.13 45.00 <0.025 <0.04 <0.015 <0.02 

Al2O3-st-u3-r3 51.80 0.11 <0.025 <0.04 0.03 <0.04 

meso Extr (after leaching with with 0.3 M 

NaOH) 
22.30 25.60 0.11 n.a. n.a. n.a. 

meso Extr (after leaching with with 0.5 M 

NaOH) 
27.00 20.90 0.19 n.a. n.a. n.a. 

meso Extr (after leaching with with 0.3 M 

NaOH and 0.02 M HCl acid wash) 
22.80 25.40 0.10 <0.04 0.02 <0.04 

mesoExtr-st-u4-r4 22.90 25.60 0.10 <0.04 0.04 <0.04 
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Table D-2. Yields (wt.% of biomass (daf)) for conducted experiments. 
Experiment - S0 Z801 Z802 Z803 Z804 A001 A002 A003 A004 AZ801 AZ802 AZ803 AZ804 mAZ801 mAZ802 mAZ803 mAZ804 mAZ805 

Catalyst 
empty 

reactor 
SiC 

CBV80-

st-u-r 

CBV80-

st 

CBV80-

st-u-r 

CBV80-

st 
Al2O3-st 

Al2O3-

st-u-r 

Al2O3-

st-u2-r2 
Al2O3-st Extr-st Extr-st-u Extr-st 

Extr-st-

u-r 

mesoExt

r-st-u-r 

mesoExt

r-st-u2-r2 

mesoExt

r-st 

mesoExt

r-st-u3-r3 

mesoExt

r-st 

B:C - 0–11 0–2.8 0–4.5 0–9.9 0–17 0–2.2 0–7.3 0– 6.2 0–6.0 0–1.9 1.9 -5.6 0–6.4 0–13 0–2.1 0–6.1 0–6.3 0–6.4 0–10.6 

Yields (wt.% of biomass (daf)) 

Organic 

liquid 
35.96 28.6 14.1 16.3 21.0 23.8 6.4 18.1 23.2 20.8 4.5 12.2 19.6 22.6 12.6 22.2 19.2 13.5 24.1 

Reaction 

water 
17.33 21.1 26.0 24.7 24.6 22.2 27.4 23.3 23.0 23.6 24.5 24.4 23.5 23.4 25.5 26.1 24.5 24.6 24.6 

Char 19.70 21.3 17.9 19.8 20.2 19.8 17.3 19.2 19.0 18.9 20.5 21.4 19.4 19.4 16.6 18.0 17.5 18.1 19.7 

Hydrogen 0.05 0.0 0.0 0.1 0.0 0.1 0.1 0.2 0.0 0.1 0.1 0.1 0.1 0.1 0.1 0.1 0.1 0.1 0.1 

CO 6.54 7.1 14.2 10.8 9.9 11.2 9.7 10.0 9.1 9.5 11.5 10.6 11.6 9.4 10.6 9.3 11.1 13.7 8.4 

CO2 11.27 13.6 15.5 13.7 13.4 14.2 15.7 13.6 15.6 13.7 15.7 14.8 16.1 12.8 14.4 12.6 15.1 18.5 11.4 

C1-C3 0.81 1.0 1.3 1.6 1.1 1.3 2.7 2.6 1.5 1.4 2.6 2.2 1.3 1.3 1.4 1.2 1.5 1.8 1.1 

C2/3 olefins 0.39 0.5 2.8 2.8 1.6 1.7 2.5 1.3 1.0 1.0 5.0 2.5 2.2 1.5 1.7 1.5 1.8 2.2 1.3 

C4+ 0.34 0.5 1.1 1.4 1.4 1.2 1.5 0.9 0.9 0.7 2.1 2.2 1.9 1.0 1.1 1.0 1.2 1.4 0.9 

Coke 0.00 0.1 2.9 2.1 0.7 0.5 8.0 5.0 4.3 4.3 n.d. 5.8a) 2.6 1.6 6.6 2.9 3.5 4.3 1.5 
a)coke was determined for combined runs AZ801 and AZ802 from B:C = 0-5.6 
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Fig. D-6. Cumulative yields of CO, CO2, C1-3

 alkanes, C2-3 olefins, and C4+ at B:C ~6 as a function of 

catalyst bed temperature when 140 g of mesoporous HZSM-5 extrudate was used as catalyst at B:C ~6.  

 

 
Fig. D-7. TGA simulated distillation curves for the oils obtained with alumina as catalyst (non-catalytic 

SiC oil as reference). About 20 mg of oil were prepared into a Pt crucible with lid shortly before start of the 

heating in order to minimize the loss of volatiles prior to starting the program (heating ramp of 10 °C/min 

to a final temperature of 500 °C in 150 ml/min N2).  
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Fig. D-8. TGA simulated distillation curves for the oils obtained with HZSM-5 (CBV80) as catalyst and 

the non-catalytic SiC oil as reference. About 20 mg of oil were prepared into a Pt crucible with lid shortly 

before start of the heating ramp in order to minimize the loss of volatiles prior to starting the program 

(heating ramp of 10 °C/min to a final temperature of 500 °C in 150 ml/min N2).  

 
Fig. D-9. TGA simulated distillation curves for the oils obtained with ZSM-5 extrudate catalyst and the 

non-catalytic SiC oil as reference. About 20 mg of oil were prepared into a Pt crucible with lid shortly 

before start of the heating ramp in order to minimize the loss of volatiles prior to starting the program 

(heating ramp of 10 °C/min to a final temperature of 500 °C in 150 ml/min N2). 
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Fig. D-10. TGA simulated distillation curves for the oils obtained with mesoporous HZSM-5 extrudate as 

catalyst and the non-catalytic SiC oil as reference. About 20 mg of oil were prepared into a Pt crucible with 

lid shortly before start of the heating ramp in order to minimize the loss of volatiles prior to starting the 

program (heating ramp of 10 °C/min to a final temperature of 500 °C in 150 ml/min N2).  

 

 
Fig. D-11. Correlation of solid remains (wt.% of dry organics content) at 200, 300, and 500 °C upon 

reheating in TGA (conditions described in experimental section) with the oils’ oxygen content. Full symbols 
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Table D-3. Comparison of coking propensity based on deposited carbon of coke per surface area of catalyst. 

The catalyst surface area was calculated as sum of the surface area of micro- and mesopores. 

Catalyst B:C 

Catalyst bed 

volume 

(cm3)/mass (g) 

Carbon [g]/catalyst [g] 
Catalyst surface 

area [m2/g] 

Carbon per surface 

area [mg]/m2 

CBV80-st-u-r 2.8 300/140 0.069 1497 0.05 

CBV80-st 4.5 300/140 0.081 1497 0.05 

CBV80-st-u-r 9.9 60/24 0.071 1497 0.05 

CBV80-st 17 60/24 0.092 1497 0.06 

Al2O3-st 2.2 300/178 0.177 235 0.75 

Al2O3-st-u-r 7.3 300/178 0.361 235 1.54 

Al2O3-st 6.0 60/36 0.237 235 1.01 

Extr-st-u 5.6 550/260 0.213 1036 0.21 

Extr-st 6.4 55/26 0.164 1036 0.16 

Extr-st-u-r 13.0 55/26 0.208 1036 0.20 

mesoExtr-st-u-r 2.1 300/140 0.137 655 0.21 

mesoExtr-st 6.3 300/140 0.219 655 0.33 

mesoExtr-st 10.6 60/28 0.164 655 0.25 
 

 

Table D-4. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained for passing straw pyrolysis vapors (500 °C) over SiC bed. 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid fractions 

relative to total liquid product 

(wt.%w.b.) 

18.0 17.6 2.4 37.9 62.1 

Moisture [wt.%] 27.6 2.4 8.6 14.7 76.6 

Organics distribution [wt.%db] 27.3 35.9 4.5 67.8 30.5 

Elements [wt.%db]      

N 1.8 1.3 2.2 1.6 n.d. 

C 75.6 66.4 63.5 69.9 54.7 

H 6.7 7.1 8.6 7.1 n.d. 

O 15.9 25.1 25.6 21.4 n.d. 

HHV [MJ/kg] 32.7 29.0 29.7 30.5 n.d. 

TAN [mg KOH/g] 50.8 54.1 50.5 52.5 61.4 
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Table D-5. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 140 g CBV80-st, B:C = 2.8 

(experiment Z801). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid 

fractions relative to total liquid 

product (wt.%w.b.) 

4.6 7.1 8.3 20.0 80.0 

Moisture [wt.%] 2.2 0.8 0.7 1.1 97.0 

Organics distribution [wt.%db] 20.4 31.9 36.8 89.1 10.9 

Elements [wt.%db] 
     

N 2.3 4.1 3.2 3.3 n.d. 

C 46.0 81.2 83.8 74.2 51.4 

H 45.8 6.9 8.8 16.6 n.d. 

O 6.0 7.8 4.1 5.9 n.d. 

HHV [MJ/kg] 69.4 35.6 39.2 44.8 n.d. 

Table D-6. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 140 g CBV80-st-u-r, B:C = 

4.5 (experiment Z802). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid 

fractions relative to total liquid 

product (wt.%w.b.) 

6.8 9.2 10.0 26.0 74.0 

Moisture [wt.%] 3.0 0.9 0.6 1.4 99.6 

Organics distribution [wt.%db] 25.5 34.9 38.4 98.8 1.2 

Elements [wt.%db]      

N 3.7 2.7 3.6 3.3 n.d. 

C 78.3 78.2 82.0 79.7 52.9 

H 7.4 6.7 8.7 7.6 n.d. 

O 10.6 12.3 5.7 9.3 n.d. 

HHV [MJ/kg] 34.8 33.9 38.2 35.8 n.d. 

Table D-7. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 24 g CBV80-st, B:C = 9.9 

(experiment Z803). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid fractions 

relative to total liquid product 

(wt.%w.b.) 

10.1 13.8 7.7 31.6 68.4 

Moisture [wt.%] 7.6 1.9 3.2 4.1 92.5 

Organics distribution [wt.%db] 26.4 38.1 21.1 85.6 14.4 

Elements [wt.%db]      

N 1.9 2.5 3.9 2.6 n.d. 

C 76.3 73.1 72.1 73.9 55.9 

H 7.1 7.0 9.0 7.5 n.d. 

O 14.6 17.4 15.0 16.0 n.d. 

HHV [MJ/kg] 33.5 31.9 34.2 32.9 n.d. 
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Table D-8. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 24 g CBV80-st, B:C = 17 

(experiment Z804). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid 

fractions relative to total 

liquid product (wt.%w.b.) 

11.1 15.2 8.8 35.1 64.9 

Moisture [wt.%] 6.3 1.5 3.1 3.4 87.2 

Organics distribution 

[wt.%db] 
24.6 35.4 20.3 80.3 19.7 

Elements [wt.%db]      

N 1.0 1.5 2.7 1.6 n.d. 

C 72.1 70.3 69.3 70.6 53.4 

H 7.2 6.8 9.1 7.5 n.d. 

O 19.6 21.4 18.8 20.2 n.d. 

HHV [MJ/kg] 31.7 30.4 33.0 31.4 n.d. 

 

Table D-9. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 180 g Alumina-st, B:C = 2.2 

(experiment A001). 
Liquid distribution sum OF sum WF 

Yield of collected liquid fractions relative 

to total liquid product (wt.%w.b.) 
13.7 86.3 

Moisture [wt.%] 5.0 98.2 

Organics distribution [wt.%db] 89.4 10.6 

Elements [wt.%db]   

N 3.2 n.d. 

C 86.4 56.2 

H 8.3 n.d. 

O 2.2 n.d. 

HHV [MJ/kg] 39.6 n.d. 

 

Table D-10. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 180 g Alumina-st-u-r, B:C = 

7.2 (experiment A002). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid fractions 

relative to total liquid product 

(wt.%w.b.) 

9.4 10.5 8.0 28.0 72.0 

Moisture [wt.%] 4.2 0.8 3.4 2.7 88.9 

Organics distribution [wt.%db] 25.6 29.7 22.1 77.3 22.7 

Elements [wt.%db]      

N 3.3 3.1 3.9 3.4 n.d. 

C 78.9 78.8 71.5 76.7 47.7 

H 7.5 7.5 9.5 8.1 n.d. 

O 10.2 10.6 15.1 11.8 n.d. 

HHV [MJ/kg] 35.3 35.2 34.6 35.1 n.d. 
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Table D-11. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 180 g Alumina-st-u-r, B:C = 

6.2 at 450 °C (experiment A003). 
Liquid distribution sum OF sum WF 

Yield of collected liquid fractions relative 

to total liquid product (wt.%w.b.) 
31.1 68.9 

Moisture [wt.%] 3.7 83.6 

Organics distribution [wt.%db] 72.6 27.4 

Elements [wt.%db]   

N 2.5 n.d. 

C 69.2 48.9 

H 7.3 n.d. 

O 21.0 n.d. 

HHV [MJ/kg] 30.6 n.d. 
 

Table D-12. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 36 g Alumina-st, B:C = 6 

(experiment A004). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid fractions 

relative to total liquid product (wt.%w.b.) 
9.9 12.1 7.5 29.6 70.4 

Moisture [wt.%] 4.3 1.0 5.4 3.2 86.4 

Organics distribution [wt.%db] 24.7 31.5 18.7 74.9 25.1 

Elements [wt.%db]      

N 3.4 5.1 4.2 4.3 11.0 

C 75.2 78.7 67.4 74.7 52.3 

H 7.0 7.4 8.3 7.5 8.0 

O 14.5 8.9 20.0 13.5 n.d. 

HHV [MJ/kg] 32.9 35.2 31.2 33.4 n.d. 

 

Table D-13. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 261 g Extr-st, B:C = 1.9 

(experiment AZ801). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid fractions relative 

to total liquid product (wt.%w.b.) 
2.3 2.4 4.6 9.3 90.7 

Moisture [wt.%] 1.1 0.5 0.2 0.5 97.0 

Organics distribution [wt.%db] 19.0 19.6 38.5 77.1 22.9 

Elements [wt.%db]      

N 2.1 1.0 1.5 1.5 n.d. 

C 86.0 88.8 88.4 87.9 39.6 

H 6.9 6.4 8.6 7.6 n.d. 

O 5.0 3.8 1.5 2.9 n.d. 

HHV [MJ/kg] 37.6 38.1 40.8 39.3 n.d. 
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Table D-14. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 261 g Extr-st, B:C = 1.9 – 5.6 

(experiment AZ802). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid fractions 

relative to total liquid product (wt.%w.b.) 

7.4 8.1 7.0 22.4 77.6 

Moisture [wt.%] 3.8 0.6 2.7 2.3 93.6 

Organics distribution [wt.%db] 26.3 29.9 25.3 81.5 18.5 

Elements [wt.%db]      

N 2.6 3.2 5.0 3.6 n.d. 

C 79.9 78.7 81.0 79.8 41.4 

H 7.3 7.0 9.6 7.9 n.d. 

O 10.2 11.1 4.5 8.8 n.d. 

HHV [MJ/kg] 35.4 34.5 39.0 36.2 n.d. 
 

Table D-15. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 26 g Extr-st, B:C = 6.4 

(experiment AZ803). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid fractions 

relative to total liquid product (wt.%w.b.) 

8.1 11.0 10.2 29.2 70.8 

Moisture [wt.%] 4.3 1.3 3.2 2.8 86.9 

Organics distribution [wt.%db] 20.5 28.7 26.1 75.4 24.6 

Elements [wt.%db]      

N 3.2 2.4 3.5 3.0 n.d. 

C 76.1 73.6 71.9 73.7 44.6 

H 7.2 6.9 9.3 7.8 n.d. 

O 13.4 17.1 15.3 15.5 n.d. 

HHV [MJ/kg] 33.7 32.1 34.4 33.3 n.d. 

 

Table D-16. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 26 g Extr-st, B:C = 13 

(experiment AZ804). 
Liquid distribution 4°C OF ESP OF -60°C OF sum OF sum WF 

Yield of collected liquid fractions 

relative to total liquid product (wt.%w.b.) 

9.0 12.4 11.5 32.9 67.1 

Moisture [wt.%] 7.1 1.1 4.1 3.8 85.8 

Organics distribution [wt.%db] 20.4 29.7 26.7 76.8 23.2 

Elements [wt.%db]      

N 3.8 3.0 3.3 3.3 n.d. 

C 74.0 72.7 68.4 71.5 48.6 

H 7.0 6.9 9.1 7.7 n.d. 

O 15.2 17.4 19.2 17.4 n.d. 

HHV [MJ/kg] 32.5 31.7 32.6 32.2 n.d. 
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Table D-17. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 140 g mesoExtr-st, B:C = 2.1 

(experiment mAZ801). 
Liquid distribution sum OF sum WF 

Yield of collected liquid fractions relative 

to total liquid product (wt.%w.b.) 21.0 79.0 

Moisture [wt.%] 1.8 98.0 

Organics distribution [wt.%db] 93.0 7.0 

Elements [wt.%db]   

N 4.5 n.d. 

C 81.5 69.1 

H 7.7 n.d. 

O 6.3 n.d. 

HHV [MJ/kg] 36.8 n.d. 

Table D-18. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 140 g mesoExtr-st at 450°C 

and B:C = 6.1 (experiment mAZ802). 
Liquid distribution sum OF sum WF 

Yield of collected liquid fractions relative 

to total liquid product (wt.%w.b.) 
32.9 67.1 

Moisture [wt.%] 4.1 89.1 

Organics distribution [wt.%db] 81.2 18.8 

Elements [wt.%db]     

N 4.9 n.d. 

C 69.3 87.4 

H 6.6 n.d. 

O 19.1 n.d. 

HHV [MJ/kg] 30.0 n.d. 

Table D-19. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 140 g mesoExtr-st at 500 °C 

and B:C = 6.3 (experiment mAZ803). 
Liquid distribution sum OF sum WF 

Yield of collected liquid fractions relative to 

total liquid product (wt.%w.b.) 
30.3 69.7 

Moisture [wt.%] 2.6 89.9 

Organics distribution [wt.%db] 80.8 19.2 

Elements [wt.%db]   

N 3.1 n.d. 

C 72.6 60.5 

H 7.3 n.d. 

O 17 n.d. 

HHV [MJ/kg] 32.2 n.d. 
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Table D-20. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 140 g mesoExtr-st at 550 °C 

and B:C = 6.4 (experiment mAZ804). 
Liquid distribution sum OF sum WF 

Yield of collected liquid fractions relative to 

total liquid product (wt.%w.b.) 24.9 75.1 

Moisture [wt.%] 2.6 94.0 

Organics distribution [wt.%db] 84.2 15.8 

Elements [wt.%db]   

N 4.0 n.d. 

C 77.9 56.1 

H 7.3 n.d. 

O 10.8 n.d. 

HHV [MJ/kg] 34.6 n.d. 

 

Table D-21. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 28 g mesoExtr-st at 500 °C 

and B:C = 10.6 (experiment mAZ805). 
Liquid distribution sum OF sum WF 

Yield of collected liquid fractions relative to 

total liquid product (wt.%w.b.) 35.4 64.6 

Moisture [wt.%] 4.5 87.6 

Organics distribution [wt.%db] 80.9 19.1 

Elements [wt.%db]   

N 3.5 n.d. 

C 69.9 74.6 

H 6.9 n.d. 

O 19.8 n.d. 

HHV [MJ/kg] 30.4 n.d. 
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Fig. D-12. Molar H/C ratio and O/C ratio for the phase separated oil fractions obtained using alumina and 

mesoporous HZSM-5 extrudates as catalyst at different temperatures according to the legend. Oil obtained 

with empty catalytic reactor and SiC shown for reference. 

 

 
Fig. D-13. Selectivity (wt.%) within mono-aromatics for oils obtained using HZSM-5, alumina binder, and 

extrudates thereof as catalyst. 

 

0.0 0.1 0.2 0.3 0.4 0.5

1.0

1.1

1.2

1.3

1.4

1.5
 SiC

 Al2O3-st-u-r, 180 g, B:C = 6.2, 450 °C

 Al2O3-st-u-r, 180 g, B:C = 7.3, 500 °C

 mesoExtr-st, 140 g, B:C = 6.1, 450 °C

 mesoExtr-st, 140 g, B:C = 6.3, 500 °C

 mesoExtr-st, 140 g, B:C = 6.1, 550 °C

m
o

la
r 

H
/C

molar O/C

d
e
h
yd

ra
tio

n

decarboxylation

decarbonylation

15.5

19.4

14.0 16.8

18.011.4

B
:C

 =
 2

.8

B
:C

 =
 4

.5

B
:C

 =
 0

 - 
6.

4

B
:C

 =
 0

 - 
13

B
:C

 =
 0

 - 
2.

2

B
:C

 =
 0

 - 
7.

3

B
:C

 =
 0

 - 
6.

2

B
:C

 =
 0

 - 
6.

0,
 3

6g

B
:C

 =
 0

 - 
1.

9

B
:C

 =
 1

.9
 - 

5.
6

B
:C

 =
 0

 - 
6.

4

B
:C

 =
 0

 - 
13

0

20

40

60

80

100

450 °C

M
o
n

o
a

ro
m

a
ti
c
s
 s

e
le

c
ti
v
it
y
 [
w

t-
%

]

 Indenes

 Alkenyl-benzenes

 Alkyl-benzenes

 p-Xylene

 o/m-Xylene

 Toluene

 Benzene

SL LL L S S L L S S

CBV80 Alumina Extr

L



Appendix D |  

16 

 

 
Fig. D-14. Selectivity (wt.%) within mono-aromatics for oils obtained using mesoporous HZSM-5 

extrudate as catalyst. 

 

 
Fig. D-15. a) Shows the correlation of the TAN of the phase separated oil phase with the yield of acids 

(wt.% of biomass (daf)) recovered in phase separated water phase. b) Shows the correlation between the 

TAN and the oxygen content of the phase separated oil phase. 
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Fig. D-16. 1H NMR spectra of oils obtained using SiC (a), CBV80-st at B:C = 4.5 (b), HZSM-5 extrudate 

at B:C = 0-1.9 (c) and B:C=1.9-5.6 (d), and (e) Al2O3-st at B:C = 7.3. 

 

 
Fig. D-17. 1H NMR spectra of oils obtained using steamed mesoporous HZSM-5/Al2O3 extrudate: (a) oil 

obtained at B:C = 2.1 (500 °C), (b) oil obtained at B:C = 6.1 (450 °C), (c) oil obtained at B:C = 6.3 (500 °C), 

(d) oil obtained at B:C = 6.4 (550 °C). 
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Fig. D-18. 13C NMR spectra of oils obtained from passing wheat straw FP vapors over SiC (a), CBV80-st 

at B:C = 4.5 (b), HZSM-5 extrudate at B:C = 0-1.9 (c) and B:C=1.9-5.6 (d), and (e) Al2O3-st at B:C = 7.3. 

 
Fig. D-19. 13C NMR spectra of oils obtained using steamed mesoporous HZSM-5/Al2O3 extrudate: (a) oil 

obtained at B:C = 2.1 (500 °C), (b) oil obtained at B:C = 6.1 (450 °C), (c) oil obtained at B:C = 6.3 (500 °C), 

(d) oil obtained at B:C = 6.4 (550 °C). 
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Fig. D-20. Build-up of carbon (as coke) on steamed HZSM-5/Al2O3 extrudates (Extr-st) and steamed 

mesoporous HZSM-5/Al2O3 extrudates (mesoExtr-st) shown for increasing B:C ratios and different 

temperatures as indicated.  

 

 
Fig. D-21. Comparison of CO and CO2 evolution in gas during oxidative regeneration of coked catalysts. 

Heating ramp was 1 °C/min in 2 vol.% oxygen, (balance nitrogen, total flowrate = ~2 Nl/min). Average 

catalyst bed temperature was determined by three temperature measurements along the catalyst bed. Signals 

were normalized to catalyst mass. Isothermal combustion period with stepwise increasing oxygen 

concentration not shown. 
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Fig. D-22. Carbon product distribution when passing increasing amounts of wheat straw pyrolysis vapors 

over steamed HZSM-5, steamed alumina-binder, and steamed HZSM-5 extrudates, respectively. 

Temperature of catalytic bed was 500 °C except for a single run using Al2O3 at 450 °C as indicated in the 

legend. Carbon recoveries as char were in the range of 27.9 and 35.2, and on average 31.7 wt.%. 

 

 
Fig. D-23. Carbon product distribution obtained with mesoporous HZSM-5 extrudate as catalyst. B:C = 

2.1, 6.3 and 10.6 are shown for a catalyst temperature of 500 °C to demonstrate the shift in product 

distribution with increasing B:C ratio. The product distribution obtained at 500 °C and B:C ~6 is compared 

to two further catalyst temperatures of 450 and 550 °C at B:C ~6, respectively. 
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Fig. E-1. Boiling point distribution of the reference feed based on high-temperature simulated distillation. 

 

Physicochemical characterization  
Table E-1 summarizes the properties of the freshly calcined HZSM-5/Al2O3 extrudate, after steaming, after coke 

formation from upgrading to B:C = 5.6, and after combustion of the coke species. The Brønsted acidity quantified by 

ethylamine-TPD for the steamed HZSM-5 extrudate amounted to 0.154 mmol NH3/g. The steaming and 

reaction/regeneration cycle decreased the BET surface area from 395 to 353 m2/g. The coked catalyst obtained after 

cumulative feeding of biomass to B:C = 5.6 showed both reduced volume of micro- and mesopores, and a reduced 

BET surface area of 185 m2/g. Furthermore, the catalyst’s acidity has been reduced from ~0.39 to ~0.05 mmol NH3/g. 

The NH3-TPD profiles are provided in Fig. D-3 and show that the strong acidity was completely diminished for the 

coked catalyst while some weak acidity remained. Combustion of the coke species allowed to regain both weak and 

strong acidity.  

Table E-1. Physicochemical properties of HZSM-5/Al2O3 extrudate. Vmicro and Smicro were determined by 

high-resolution low temperature argon physisorption (87 K), while all other textural parameters were 

derived from nitrogen adsorption data. Total acidity was determined by NH3-TPD. The suffixes ‘st’, ‘u’, 

and ‘r’ to the catalyst designation indicate steaming, upgrading and regeneration, respectively. 
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Fig. E-2. Product distribution obtained for generation of oils: non-catalytic fast pyrolysis oils from wood 

(pine) and wheat straw were obtained using a SiC bed, while the catalytically upgraded oils were obtained 

using 260 g steamed HZSM-5 extrudates at 500 °C and wheat straw as feedstock. Coke yield was 5.8 wt.% 

of the fed (daf) biomass for the catalytic run when operated to a cumulative B:C ratio of 5.6.  

Table E-2. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained for passing wood fast pyrolysis vapors over SiC bed. 
Liquid distribution 4°C OF ESP OF -60°C OF sum OFa) sum WFb) 

Yield within total collected liquid [wt.%wb]c) 17.2 25.0 1.7 43.9 56.1 

Moisture [wt.%] 11.9 4.9 9.6 7.8 51.5 

Organics distribution within total collected liquid [wt.%db] 22.4 35.1 2.2 59.8 40.2 

Elements [wt.%db]      

N 0.2 0.0 1.8 0.2 n.d. 

C 64.9 63.0 62.9 63.7 55.2 

H 6.1 6.5 8.2 6.5 n.d. 

O 28.7 30.5 27.1 29.7 n.d. 

HHV  [MJ/kg] 26.9 26.6 28.8 26.8 n.d. 

TAN [mg KOH/g] 57.2 66.9 1.2 60.8 66.4 
a) ‘sum OF’ is the sum of the three oil fractions to the left. b) ‘sum WF’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c) Total collected liquid = 

sum OF + sum WF 

Table E-3. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained for passing wheat straw fast pyrolysis vapors over SiC bed. 
Liquid distribution 4°C OF ESP OF -60°C OF sum OFa) sum WFb) 

Yield within total collected liquid [wt.%wb]c) 18.0 17.6 2.4 37.9 62.1 

Moisture [wt.%] 27.6 2.4 8.6 14.7 76.6 

Organics distribution within total collected liquid [wt.%db] 27.3 35.9 4.5 67.8 30.5 

Elements [wt.%db]      

N 1.8 1.3 2.2 1.6 n.d. 

C 75.6 66.4 63.5 69.9 54.7 

H 6.7 7.1 8.6 7.1 n.d. 

O 15.9 25.1 25.6 21.4 n.d. 

HHV  [MJ/kg] 32.7 29.0 29.7 30.5 n.d. 

TAN [mg KOH/g] 50.8 54.1 50.5 52.5 61.4 
a)‘sum OF’ is the sum of the three oil fractions to the left. b)‘sum WF’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

sum OF + sum WF 
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Table E-4. Characterization of moisture (Karl Fischer titration) and elemental analysis of organics content 

(d.b.) for liquid products obtained when passing straw pyrolysis vapors over 260 g Extr-st, B:C = 1.9–5.6. 

Liquid distribution 4°C OF ESP OF -60°C OF sum OFa) sum WFb) 

Yield within total collected liquid [wt.%wb]c) 7.4 8.1 7.0 22.4 77.6 

Moisture [wt.%] 3.8 0.6 2.7 2.3 93.6 

Organics distribution within total collected 

liquid [wt.%db] 

26.3 29.9 25.3 81.5 18.5 

Elements [wt.%db]      

N 2.6 3.2 5.0 3.6 n.d. 

C 79.9 78.7 81.0 79.8 41.4 

H 7.3 7.0 9.6 7.9 n.d. 

O 10.2 11.1 4.5 8.8 n.d. 

HHV [MJ/kg] 35.4 34.5 39.0 36.2 n.d. 

TAN [mg KOH/g] 35.4 34.5 39.0 36.2 n.d. 
a)‘sum OF’ is the sum of the three oil fractions to the left. b)‘sum WF’ is the sum of aqueous fractions that phase 

separated from 4°C OF and -60°C OF (results for individual aqueous fractions not shown). c)Total collected liquid = 

sum OF + sum WF 

 
Fig. E-3. Molar H/C ratio and O/C ratio for the phase separated oil fractions obtained from FP of wood and 

straw over SiC bed (500 °C), as well as oil obtained from FP of straw and catalytic upgrading using steamed 

HZSM-5 extrudates as catalyst. H/C and O/C ratio of feedstock are shown for reference. The numbers 

besides the data points indicate the yield (on daf basis) of the oil fraction.  
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Fig. E-4. 1H NMR spectra of oils from FP of wood (a) and straw (b) over SiC bed (500 °C) as well oil 

obtained from FP of straw and catalytic upgrading using steamed HZSM-5/Al2O3 extrudates as catalyst at 

B:C = 1.9-5.6 (c). 

 

 
Fig. E-5. 13C NMR spectra of oil from wood FP and passing the vapors over SiC (500 °C). (a) shows oil 

collected at 4 °C condensation stage (4°C OF) (b) shows oil collected at electrostatic precipitator (ESP OF), 

and (c) shows oil collected at a condensation stage operated at -60 °C (-60°C OF).  
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Fig. E-6. 13C NMR spectra of oil from straw fast pyrolysis over SiC bed (a) and oil obtained from catalytic 

vapor upgrading using steamed HZSM-5 extrudates as catalyst at B:C = 1.9-5.6 (b).  

 

Table E-5. Characterization of straw derived oil fractions by GC-MS/FID: Shown is the yield of identified 

compounds with respect to dry, ash-free wheat straw.   

  straw, SiC straw, B:C = 1.9-5.6 

Monoaromatics 0.23 1.33 

Diaromatics 0.36 0.65 

Polyaromatics (PAH) 0.07 0.18 

Aliphatic hydrocarbons 0.58 0.64 

Phenols 0.59 1.79 

Methoxy-phenols 0.22 0.11 

Furans 0.27 0.14 

Acids 0.68 - 

Esters - 0.23 

Alcohols 0.53 0.58 

Aldehydes 0.20 0.11 

Ketones 0.84 0.87 

Nitrogen containing 0.16 0.14 

Oxygenates < 0.1 wt.% yield 0.08 0.04 
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Fig. E-7. 2D NMR HSQC characterization of oil from straw fast pyrolysis over SiC bed (a) and oil obtained 

from catalytic vapor upgrading using steamed HZSM-5 extrudates as catalyst at B:C = 1.9-5.6 (b). 
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Effect of water in feed and products on calculated product yields 

The water concentration of the blends of VGO with wood FP oil, straw FP oil, and catalytically 

treated straw FP oil was 1.6, 2.9 and 0.5 wt.%, respectively. For 100 g of VGO/bio-oil blend, 

Table E-6 shows the water present in the blend and the maximum water produced by complete 

deoxygenation via dehydration: 

Table E-6.  
  Wood FP oil Straw FP oil Straw, catalytic FP oil 

gram water in 100 g of VGO/bio-oil blend 1.6 2.9 0.5 

Max. water produced by 100% dehydration [wt.%] 6.7 4.8 2.0 

 

While for the catalytically treated oil the water yield (for 100% conversion) may be only up to 2 

wt.%, it could reach ~4.8 and 6.7 wt.% for the blends with non-treated straw and wood oil (see 

Table E-6).  

The water in the product is expected to be the sum of the water introduced by the bio-oils plus any 

additional water produced by the cracking/dehydration. This water would fall in the boiling range 

of naphtha. Correcting for the water in the feed would slightly decrease the naphtha yield while 

increasing all other product yields. As a result, the conversion decreases slightly (by 0.8 percentage 

points) and the yield at a given conversion changes for all fractions, including gas and coke. In 

addition, the ratio of catalyst to (water-free) oil increases. After this correction, the additional water 

produced during cracking should only affect the naphtha yield downwards but not affect the 

conversion or Cat:Oil ratio. 

 

Table E-7. Product yields with and without correction for water the case of 3 wt.% water present in the 

feed and 5 wt.% water that was produced during the cracking reactions. 

 

  Old yield 

corrected yield for 3 

wt.% H2O in feed     

additional 

correction if yield 

of cracking water 

was 5 wt.% of feed 

Gas 16.7 17.2     17.2 

Naphtha 44.4 45.8 42.7 

water free 

naphtha yield 37.7 

LCO 16.7 17.2     17.2 

HCO 11.1 11.5     11.5 

Coke 11.1 11.5     11.5 

Water 0.0 0.0     5.0 

  100.0 103.1 100.0 sum 100.0 

            

Conversion 72.2   71.4 Conversion 71.4 

Cat:Oil 3 3.09       
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Table F-1. Content of carbohydrates and Klason lignin in dry wheat straw, determined by sulfuric acid 

hydrolysis. 

Component wt.% of wheat straw (d.b.) 

Xylose 22.3 ± 0.4 

Arabinose 1.9 ± 0.03 

Glucose 42.6 ± 0.9 

Mannose 0.2 ± 0.02 

Galactose 0.6 ± 0.01 

Galacturonic acid 0.9 ± 0.05 

Klason lignin 20.2 ± 1.5 

 

 
Fig. F-1. 100 kW LT-CFB gasifier at the Technical University of Denmark. The gasifier is the parts in 

silver-shining insulation, while the blue barrels are the fuel bin (elevated) and the bin for ash collection 

from the secondary cyclone. The photograph was reported by Stoholm et al. [1]. 
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Fig. F-2. Temperature of catalyst during in-line treatment of LT-CFB producer gas, as measured by 

thermocouple in center of reactor bed.  

Table F-2. Mass balance data for 90 min of producer gas sampling at average temperature of LT-CFB 

pyrolysis chamber = 662 °C. Catalytic vapor treatment was performed with 100 g Al2O3 at 500 °C. 

Mass into the system [g] 

Mass out of the system [g] 

 
non-catalytic 

100 g Al2O3, 

500 °C 

Biomass 32623 Liquid 14566 14918 

Oxygen 7245 Gas 25764 26847 

Water 575 Coke 0 1054 

    Char n.d. n.d. 

Sum 40443 Sum 40330 41765 

  Mass balance 

closure [%] 
100% 103% 

 

Table F-3. Mass balance data for 50 min of producer gas sampling at average temperature of LT-CFB 

pyrolysis chamber = 626 °C. Catalytic vapor treatment was performed with 100 g HZSM-5/Al2O3 at 

450 °C. 

Mass into the system [g] 

Mass out of the system [g] 

 
non-catalytic 

100 g HZSM-5/Al2O3, 

450 °C 

Biomass 18130 Liquid 7988 9854 

Oxygen 4248 Gas 14744 14832 

Water 1448 Coke 0 391 

   Char n.d. n.d. 

Sum 23827 Sum 22732 25077 

  Mass balance 

closure [%] 
95% 105% 
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Table F-4. Mass balance data for 90 min of producer gas sampling at average temperature of LT-CFB 

pyrolysis chamber = 656 °C. Catalytic vapor treatment was performed with 100 g HZSM-5/Al2O3 at 

500 °C. 

Mass into the system [g] 

Mass out of the system [g] 

 
non-catalytic 

100 g HZSM-5/ 

Al2O3, 500 °C 

Biomass 26560 Liquid 16599 14316 

Oxygen 7216 Gas 23195 24946 

Water 2607 Coke 0 495 

   Char n.d. n.d. 

Sum 36383 Sum 39794 39757 

 
 

Mass balance 

closure [%] 
109% 109% 

 

Table F-5. Mass balance data for producer gas sampling at average temperature of LT-CFB pyrolysis 

chamber = 671 °C. Catalytic vapor treatment was performed with 95 g SiC at 500 °C. 

Mass into the system [g] 
Mass out of the system [g] 

 non-catalytic 

Biomass 69750 Liquid 37365 

Oxygen 19243 Gas 59038 

Water 4808 Coke 0 

   Char n.d. 

Sum 93801 Sum 96402 

 
 

Mass balance 

closure [%] 
103% 

Table F-6. Mass balance data for producer gas sampling at average temperature of LT-CFB pyrolysis 

chamber = 660 °C. Catalytic vapor treatment was performed with 30 g HZSM-5/Al2O3 at 500 °C. 

Mass into the system [g] 
Mass out of the system [g] 

 30 g HZSM-5/ Al2O3, 500 °C 

Biomass 70731 Liquid 56687 

Oxygen 20227 Gas 56924 

Water 4746 Coke 791 

   Char n.d. 

Sum 70731 Sum 114402 

 
 

Mass balance 

closure [%] 122% 

 



Appendix F |  

F-4 

 

 
Fig. F-3. (a) High-resolution low temperature isotherms (argon, 87 K) of HZSM-5/Al2O3 and Al2O3 

catalysts prior to their use, and the coked catalysts after upgrading LT-CFB vapors at a catalyst temperature 

of 500 °C (b) Respective pore size distribution for catalysts shown in (a), which was obtained from applying 

the NL-DFT model to the adsorption branch of the isotherm. 

 

 
Fig. F-4. 1H NMR of coked HZSM-5/Al2O3 and Al2O3 after in-line catalytic treatment (500 °C) of LT-CFB 

producer gas from wheat straw  
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Fig. F-5. Simulated distillation curves of condensed tars (phase separated oil phase) via heating in 

thermogravimetric analyzer. (a) Raw and treated (100 g Al2O3, 500 °C) tar obtained at LT-CFB pyrolysis 

temperature of 662 °C. TGA analysis of bio-oil obtained without catalytic treatment in an bench scale unit 

at a pyrolysis temperature of 530 °C shown for comparison. (b) Raw tars obtained at LT-CFB pyrolysis 

temperature of 656 °C and 626 °C and treated tars using 100 g catalyst at 500 and 450 °C. About 20 mg of 

oil were prepared into a Pt crucible with lid shortly before start of the heating ramp in order to minimize 

the loss of volatiles prior to starting the program (heating ramp of 10 °C/min to a final temperature of 

500 °C in 150 ml/min N2).  

 

 
Fig. F-6. SEC chromatograms for bio-oils obtained for raw fast pyrolysis (FP) at a bench scale FP unit at 

530 °C [2] and two raw bio-oils obtained at the LT-CFB, with their respective upgraded versions using 

HZSM-5/Al2O3 at 450 and 500 °C as catalyst. 
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Table F-7. Relative carbon distribution in producer gas (PG) from a bench scale ablative fast pyrolysis 

unit [2] and the gasification of wheat straw using the LT-CFB.  

Conditions 
Abl. 

Pyrolysis 

Abl. 

Pyrolysis 
PG 

PG + HZSM-5/ 

Al2O3 
PG 

PG + HZSM-5/ 

Al2O3 
PG PG + Al2O3 

Temperature 

PG/Catalyst 
530 °C/- 550 °C/- 626 °C/- 626 °C/450 °C 656 °C/- 656 °C/500 °C 662 °C/- 662 °C/500 °C 

Oil + C4+ 56.0 54.0 23.1 21.5 21.2 18.7 21.9 15.8 

Aqueous 

phase 20.0 19.0 7.1 6.8 5.9 3.0 3.7 2.1 

Dry gas 24.0 27.0 69.8 67.1 72.9 74.6 74.4 75.0 

Coke on 

catalyst 0.0 0.0 0.0 4.6 0.0 3.7 0.0 7.1 

 

Table F-8. Carbon yields with respect to fed carbon in wheat straw, shown for bench scale ablative fast 

pyrolysis unit [2] and LT-CFB gasification of wheat straw. ‘PG’ denotes producer gas.  

System 

Abl. 

Pyrolysis 

Abl. 

Pyrolysis 
PG 

PG + HZSM-5/ 

-Al2O3 
PG 

PG + HZSM-5/ 

-Al2O3 
PG 

PG + -

Al2O3  

Temperature 

Pyrolysis/Catalyst 
530 °C/- 550 °C/- 626 °C/- 

626 °C/ 

450 °C 
656 °C/- 

656 °C/ 

500 °C 
662 °C/- 

662 °C/ 

500 °C 

Bio-oil + C4+ 34.0 34.4 21.6 22.4 22.0 21.0 21.2 16.7 

Aqueous phase 12.1 11.8 6.3 7.6 6.1 3.4 3.5 2.1 

Dry gas 14.7 17.0 68.7 70.5 75.6 83.2 71.9 76.5 

Char 32.4 32.3 n.d. n.d. n.d. n.d. n.d. n.d. 

Coke 0.0 0.0 0.0 5.4 0.0 4.7 0.0 8.1 

Sum 93.2 95.5 96.6 105.9 103.7 112.3 96.6 103.4 
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Fig. F-7. (a) and (c) 13C NMR spectra of the condensed tars (phase separated oil phase) collected from the 

raw LT-CFB producer gas at a pyrolysis temperature of ~656 and 662 °C, respectively. Spectra (b) and (d) 

are from tar collected after in-line catalytic treatment of the raw producer gas with ~100 g of HZSM-5/Al2O3 

and Al2O3 at 500 °C, respectively.  
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Fig. F-8. (a) 2D HSQC NMR spectra of the condensed tars (phase separated oil phase) collected from the 

raw LT-CFB producer gas at a pyrolysis temperature of 662 °C. (b) 2D HSQC NMR spectra from tar 

collected after in-line catalytic treatment of the raw producer gas with ~100 g of Al2O3 at 500 °C. 
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Fig. F-9. (a) 2D HSQC NMR spectra of the condensed tars (phase separated oil phase) collected from the 

raw LT-CFB producer gas at a pyrolysis temperature of 656 °C. (b) 2D HSQC NMR spectra from tar 

collected after in-line catalytic treatment of the raw producer gas with ~100 g of HZSM-5/Al2O3 at 500 °C. 
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Table G-1. Product grouping non-condensed vapors micro pyrolysis: Aliphatics (ALI) 

Compound Formula MW [g/mol] MRF Structure 

2-Butene C4H8 56.1 0.444  

1,4-Pentadiene C5H8 68.1 0.533  

Cyclopentadiene C5H6 66.1 0.495 
 

Cyclopentene, 1-methyl- C6H10 82.1 0.659 
 

1,3-Cyclopentadiene, 5-methyl- C6H8 80.1 0.621 
 

1,3-Cyclopentadiene, 1-methyl- C6H8 80.1 0.621 
 

1,4-Hexadiene, 2-methyl- C7H12 96.2 0.785 
 

1,3,5-Heptatriene, (E,E)- C7H10 94.2 0.748  

1,3,5-Hexatriene, 3-methyl-, (Z)- C7H10 94 0.748 
 

Cyclobutene, 2-propenylidene- C7H8 92 0.710 
 

 

Table G-2. Product grouping non-condensed vapors micro pyrolysis: Monoaromatic compounds (MAR) 

Compound Formula MW [g/mol] MRF Structure 

Benzene C6H6 78.1 0.711 
 

Toluene C7H8 92.1 0.837 
 

Ethylbenzene C8H10 106.2 0.963 
 

m-Xylene C8H10 106.2 0.963 

 

p-Xylene C8H10 106.2 0.963 
 

Benzene, 1-ethyl-3-methyl- C9H12 120.2 1.089 

 

Benzene, 1-ethyl-4-methyl- C9H12 120.2 1.089 
 

Benzene, 1,4-diethyl- C10H14 134.2 1.216 
 

Benzene, propyl- C9H12 120.2 1.089 
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Table G-2 (continued) 

Styrene C8H8 104.2 0.926 
 

Benzene, 1-methyl-4-(2-propenyl)- C10H12 132.2 1.178 
 

Benzene, 1-ethenyl-2-methyl- C9H10 118.2 1.052 

 

Indene C9H8 116.2 1.033 
 

1H-Indene, 1-methyl- C10H10 130.2 1.141 

 

Table G-3. Product grouping non-condensed vapors micro pyrolysis: Ketones (KET) 

Compound Formula 
MW 

[g/mol] 
MRF Structure 

Acetone C3H6O 58.1 0.276 
O  

Hydroxyacetone C3H6O2 74.1 0.235 
O

OH 

3-Buten-2-one C4H6O 70.1 0.492 
O  

2-Butanone C4H8O 72.1 0.402 
O  

2,3-Butanedione C4H6O2 86.1 0.324 

O

O  

1-Hydroxy-2-butanone C4H8O2 88.1 0.361 
O

OH

 

3-Pentanone C5H10O 86.1 0.529 
O  

3-Penten-2-one C5H8O 84.1 0.491 
O

 

2,3-Pentanedione C5H8O2 100.1 0.450 

O

O

 

2,3-Pentanedione, 4-methyl- C6H10O2 114.1 0.576 

O

O

 

Cyclopentanone C5H8O 84.1 0.491 
O

 

2-Cyclopenten-1-one C5H6O 82.10 0.580 
O

 

2-Cyclopenten-1-one, 2-methyl- C6H8O 96.1 0.580 
O
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Table G-3 (continued) 

2-Cyclopenten-1-one, 3-methyl- C6H8O 96.1 0.580 
O

 

2-Cyclopenten-1-one, 2,3-dimethyl- C7H10O 110.2 0.706 O

 

3-Cyclopenten-1-one, 2,2,5,5-

tetramethyl- 
C9H14O 138.2 0.959 

O

 

2-Cyclopenten-1-one, 3,4-dimethyl- C7H10O 110.2 0.706 O

 

2-Cyclopenten-1-one, 2-hydroxy- C5H6O2 98.1 0.539 

O

OH

 

1,2-Cyclopentanedione C5H6O2 98.1 0.491 O

O

 

1,2-Cyclopentanedione, 3-methyl- C6H8O2 112.1 0.580 O

O

 

1,3-Cyclopentanedione, 2,4-dimethyl- C7H10O2 126.2 0.665 
O

O

 

4-Cyclopentene-1,3-dione C5H4O2 96.1 0.454 O

O

 

2-Cyclopenten-1-one, 2-hydroxy-3-

methyl- 
C6H8O2 112.1 0.539 O

OH

 

1H-Inden-1-one, 2,3-dihydro- C9H8O 132.2 0.973 

O  

2-Heptadecanone C17H34O 254.5 2.043 
O

 

Table G-4. Product grouping non-condensed vapors micro pyrolysis: Aldehydes (ALD) 

Compound Formula MW [g/mol] MRF Structure 

Acetaldehyde C2H4O 44.1 0.150 O
 

Propanal C3H6O 58.1 0.276 O  

Succindialdehyde C4H6O2 86.1 0.402 O
O  

Pentanal C5H10O 86.1 0.491 O
 

Benzaldehyde, 2-methyl- C8H8O 120.1 0.885 O

 

p-Isobutylbenzaldehyde C11H14O 162.2 1.263 
O
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Table G-5. Product grouping non-condensed vapors micro pyrolysis: Acids (AC) 

Compound Formula MW [g/mol] MRF Structure 

Acetic acid C2H4O2 60.1 0.109 

O

OH 

Propanoic acid C3H6O2 74.1 0.235 
O

OH

 

Acetic acid, 

(acetyloxy)- 
C4H6O4 118.1 0.241 

O

O

O

OH

 

Table G-6. Product grouping non-condensed vapors micro pyrolysis: Phenolic compounds (PH) 

Compound Formula MW [g/mol] MRF Structure 

Phenol C6H6O 94.1 0.670 OH

 

Phenol, 2-methyl- C7H8O 108.1 0.796 OH

 

Phenol, 3-methyl- C7H8O 108.1 0.796 OH

 

Phenol, 4-methyl- C7H8O 108.1 0.796 OH

 

Phenol, 2,3-dimethyl- C8H10O 122.2 0.758 

OH

 

Phenol, 3-ethyl- C8H10O 122.2 0.758 

OH

 

4-Vinylphenol C8H8O 120.15 0.885 

OH

 

1,3-Benzenediol, 4-ethyl- C8H10O2 138.2 0.881 

OH

OH  

Table G-7. Product grouping non-condensed vapors micro pyrolysis: Methoxyphenols (MPH) 

Compound Formula MW [g/mol] MRF Structure 

Guaiacol (Phenol, 2-methoxy) C7H8O2 124.1 0.754 
O

OH

 

Creosol C8H10O2 138.2 0.881 
O

OH
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Table G-7 (continued) 

Phenol, 4-ethyl-2-methoxy- C9H12O2 152.2 0.880 

O

OH

 

2-Methoxy-4-vinylphenol C9H10O2 150.2 0.969 

O

OH

 

Phenol, 2-methoxy-4-(1-propenyl)- C10H12O2 164.2 1.178 

O

OH

 

Phenol, 2-methoxy-6-(1-propenyl)- C10H12O2 164.2 1.096 
O

OH

 

2-Butanone, 4-(4-hydroxy-3-

methoxyphenyl)- 
C11H14O3 194.2 1.181 

O

OHO

 

Phenol, 2,6-dimethoxy- C8H10O3 154.2 0.839 
OO

OH  

Phenol, 2,6-dimethoxy-4-(2-propenyl)- C11H14O3 194.2 1.181 

O

O

OH

 

Ethanone, 1-(4-hydroxy-3,5-

dimethoxyphenyl)- 
C10H12O4 196.2 0.935 

O

O

OH

O

 

3-tert-Butyl-4-hydroxyanisole C11H16O2 180.2 1.024 
OH O

 

Table G-8. Product grouping non-condensed vapors micro pyrolysis: Furans (FUR) 

Compound Formula MW [g/mol] MRF Structure 

Furan C4H4O 68.1 0.328 

O  

Furan, 2,3-dihydro- C4H6O 70.1 0.402 
O  

Furan, 2,5-dihydro- C4H6O 70.1 0.402 

O

 

Furan, 2-methyl- C5H6O 82.1 0.454 

O  
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Table G-8 (continued) 

Furan, 3-methyl- C5H6O 82.1 0.885 O

 

2(5H)-Furanone C4H4O2 84.1 0.402 
O

O

 

2(3H)-Furanone, 5-methyl- C5H6O2 98.1 0.413 
OO

 

Furan, 2,5-dimethyl- C6H8O 96.1 0.580 

O

 

2-Vinylfuran C6H6O 94.1 0.543 
O  

2-Furanmethanol C5H6O2 98.1 0.491 

O OH
 

Ethanone, 1-(2-furanyl)- C6H6O2 110.1 0.614 
OO  

2-Furancarboxaldehyde, 5-methyl- C6H6O2 110.1 0.501 
O

O

 

Benzofuran, 2-methyl- C9H8O 132.15 0.973 
O  

Table G-9. Product grouping non-condensed vapors micro pyrolysis: Alcohols (ALC) 

Compound Formula MW [g/mol] MRF Structure 

Methanol CH4O 32.0 0.52 OH 

Cyclopentanol C5H10O 86.1 0.529 OH

 

(E)-1,3-Butadien-

1-ol 
C4H6O 70.1 0.365 OH

 

2-Hexanol C6H14O 102.2 0.692 
OH  

2-Hexen-1-ol, (Z)- C6H12O 100.2 0.655 
OH 

2,4-Hexadien-1-ol C6H10O 98.1 0.580 OH
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Table G-10. Product grouping non-condensed vapors micro pyrolysis: Ester (EST) 

Compound Formula MW [g/mol] MRF Structure 

2-Propanone, 1-(acetyloxy)- C5H8O3 116.1 0.491 

O

O

O  

Butyrolactone C4H6O2 86.1 0.324 
O

O

 

Geranyl isovalerate C15H26O2 238.4 1.675 
O

O

 

Table G-11. Nitrogen containing compounds (Nit) 

Compound Formula MW [g/mol] MRF Structure 

Acetonitrile C2H3N 41.1 0.179 N  

1H-Pyrrole, 3-methyl- C5H7N 81.1 0.473 
N
H

 

3-Methylpyridazine C5H6N2 94.1 0.508 

N
N

 

Indolizine C8H7N 117.1 0.913 
N

 

Isoxazole, 3,5-dimethyl- C5H7NO 97.1 0.479 
N

O
 

Carbamic acid, phenyl ester C7H7NO2 137.1 0.742 

OO

NH2
 

Table G-12. Results from micro-pyrolyzer. Yields in wt.% of daf wheat straw and standard deviations from 

three biomass injections using an empty catalytic reactor and a catalytic reactor filled with 2 mg SiC. 

  
yield (wt.% of biomass 

(daf)) 
Standard deviation 

CO 7.1 0.13 

CO2 17.1 0.22 

C1-C3 0.1 0.02 

C2-C3 olefins 0.3 0.01 

C4+ 0.3 0.01 

ALI 0.06 0.005 

MAR 0.04 0.002 

DAR 0 n.d. 

PH 0.13 0.010 

ALD 1.76 0.060 

AC 2.44 0.091 

KET 3.91 0.221 

MPH 0.88 0.076 

FUR 1.05 0.044 

AL 0.75 0.057 

EST 0.75 0.050 
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Fig. G-1. (a) Isotherms from N2 physisorption for Al2O3, Na2CO3 impregnated Al2O3 after calcination, and 

Na-Al2O3 with 32.4 wt.% coke per mass of coke-free catalyst (sample taken after run F, B:C = 10.4). (b) 

BJH pore size distribution derived from adsorption isotherm shown in Fig. G-1a. 

 

 
Fig. G-2. (a) Temperature programmed desorption of ammonia for parent Al2O3 (red) and Na2CO3 

impregnated Al2O3 after impregnation and drying (black), and after additional calcination (green) prior to 

testing at the micro-pyrolyzer.  
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Fig. G-3. TGA curves and DTG curves of -Al2O3 and Na2CO3 impregnated -Al2O3 catalysts. The spent 

catalyst was recovered from the bench scale pyrolyzer tests after experiment C and catalyst calcination.  

Table G-13. Overview of 34 most concentrated compounds identified in vapors from fast pyrolysis of 

wheat straw at 530 °C at the micro-pyrolyzer.  
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Fig. G-4. GC-FID chromatograms showing the product distribution for the first and 16th injection of wheat 

straw fast pyrolysis vapors over -Al2O3 in the micro pyrolyzer. Chromatogram obtained with SiC shown 

as inert reference. Reaction conditions of micropyrolyzer: catalyst = 2 mg, biomass = 16 cups of 0.59 mg 

wheat straw, TPyrolysis = 530 °C, TCatalyst = 500 °C. Temperature program of GC oven: 1) hold for 7.5 min at 

35 °C, 2) ramping to 300 °C with 10 °C/min. 
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Fig. G-5. GC-FID chromatograms showing the product distribution for the first and 16th injection of wheat 

straw fast pyrolysis vapors over Na-Al2O3 in the micropyrolyzer. Chromatogram obtained with SiC shown 

as inert reference. Reaction conditions of micropyrolyzer: catalyst = 2 mg, biomass = 16 cups of 0.59 mg 

wheat straw, TPyrolysis = 530 °C, TCatalyst = 500 °C. Temperature program of GC oven: 1) hold for 7.5 min at 

35 °C, 2) ramping to 300 °C with 10 °C/min. 
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Table G-14. Subdivision of ketone group into group i) ketones with multiple oxygen functionalities and 

group ii) ketones with a single oxygen functionality 

group i) ketones with multiple oxygen functionalities  group ii) simple ketones 

1,2-Cyclopentanedione (R)-(+)-3-Methylcyclopentanone 

1,2-Cyclopentanedione, 3-methyl- 1H-Inden-1-one, 2,3-dihydro- 

1,3-Cyclopentanedione, 2,4-dimethyl- 2,3,4-Trimethyl-2-cyclopenten-1-one 

1-Hydroxy-2-butanone 2-Butanone 

2,3-Butanedione 2-Butanone, 3-methyl- 

2,3-Pentanedione 2-Cyclohexen-1-one, 2-methyl- 

2,3-Pentanedione, 4-methyl- 2-Cyclopenten-1-one 

2-Cyclopenten-1-one, 2-hydroxy- 2-Cyclopenten-1-one, 2,3-dimethyl- 

2-Cyclopenten-1-one, 2-hydroxy-3-methyl- 2-Cyclopenten-1-one, 3,4-dimethyl- 

2-Cyclopenten-1-one, 3-ethyl-2-hydroxy- 2-Cyclopenten-1-one, 3-ethyl 

2-Propanone, 1-hydroxy- 2-Cyclopenten-1-one, 3-methyl- 

4-Cyclopentene-1,3-dione 2-Heptadecanone 

Bicyclo[4.3.0]nonan-7-one, 1-(2-methoxyvinyl)- 2-Methylcyclopentan-1-one  

 2-Pentadecanone 

 2-Pentadecanone, 6,10,14-trimethyl 

 2-Pentanone 

 3-Buten-2-one 

 3-Buten-2-one, 3-methyl- 

 3-Cyclopenten-1-one, 2,2,5,5-tetramethyl- 

 3-Hepten-2-one, 4-methyl-  

 3-Methyl-3-cyclohexen-1-one 

 3-Methylcyclopentanone 

 3-Pentanone 

 3-Penten-2-one 

 3-Penten-2-one, (E)- 

 5,9-Dodecadien-2-one, 6,10-dimethyl-, (E,E))- 

 Acetone 

 Bicyclo[3.1.1]heptan-2-one 

 Cyclopentanone 

 Cyclopentanone, 2-methyl- 

 

Table G-15. Product yields (wt.% of fed biomass (daf)) of group i) ketones with multiple oxygen 

functionalities and group ii) ketones with a single oxygen functionality  
SiC -Al2O3 Na-Al2O3 

B:C -  B:C = 0-4 B:C = 0-4 

group i) ketones 3.9 1.3 1.2 

group ii) ketones 1.4 1.3 2.4 
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Fig. G-6. Left axis: acid concentration in vapors (wt.%) from micro pyrolyzer. Right axis: carbon recovery 

of GC-detected vapors in micro pyrolyzer with respect to fed carbon in biomass. Reaction conditions of 

micropyrolyzer: catalyst = 2 mg, biomass = 16 cups of 0.59 mg wheat straw, TPyrolysis = 530 °C, TCatalyst = 

500 °C. Temperature program of GC oven: 1) hold for 7.5 min at 35 °C, 2) ramping to 300 °C at 10 °C/min. 

 
Fig. G-7. Catalyst temperature (measured in center/middle of fixed bed) and gas concentration of CO, CO2, 

and H2 during feeding of wheat straw fast pyrolysis vapors over 100 g Na-Al2O3 catalyst (500 °C) until 

reaching a cumulative B:C ~8 (run B).  

Table G-16. Properties of phase-separated aqueous fraction 
Experiment empty SiC A B C D E F 

B:C - 11.0 4.2 7.9 12.7 3.9 4.2 10.4 

Yield of aqueous phase [wt.%, a.r.] 30.7 31.9 28.6 28.5 28.8 28.6 28.6 28.2 

H2O content [wt.%] 68.2 76.6 95.4 94.2 92.8 93.3 92.2 92.1 

Carbon content [g C/g aq. phase] 15.8 12.8 3.0 4.0 3.9 3.9 4.7 5.2 

Carbon recovery [wt.% fed C] 12.1 10.9 2.1 2.5 2.9 2.3 3.3 3.4 
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Fig. G-8. TGA evaporation curves for the oils obtained with 100 g Na-Al2O3 catalyst. About 20 mg of oil 

was prepared into a Pt crucible with lid shortly before start of the heating ramp in order to minimize the 

loss of volatiles prior to starting the program (heating ramp of 10 °C/min to a final temperature of 550 °C 

in 150 ml/min N2).  

Table G-17. FID areas of individual compounds identified in aqueous fractions from tests in the bench 

scale pyrolyzer.  

  FID areas 

  

Effective 

Carbon 

Number* 

run A, 

B:C ~4 

run B, 

B:C ~8 

run C, 

B:C ~13 

run D, 

B:C ~4 

run E, 

B:C ~4 

run F, 

B:C ~10 
SiC 

(S)-(+)-2',3'-

Dideoxyribonolactone  
3 

0 0 0 0 0 0 18444 

1,2-Cyclopentanedione, 3-

methyl-  
4 

0 0 0 0 0 0 173150 

1,2-Ethanediol, monoacetate  1.5 0 0 0 0 0 0 51201 

1,3-Dioxolane-4-methanol, 2,2-

dimethyl-  
3.5 

0 0 0 0 0 0 16069 

1,4:3,6-Dianhydro-.alpha.-d-

glucopyranose 
2.5 

0 0 0 0 0 0 24170 

1H-Pyrazole, 4-ethyl-3,5-

dimethyl-  
7 

0 0 8967 0 0 24840 7718 

1-Propanol  2.5 2951 8190 9642 8437 8858 10783 24775 

2(5H)-Furanone, 3-methyl- 3.5 0 0 0 0 0 0 15344 

2,3-Anhydro-d-mannosan 2.5 0 0 0 0 0 0 18891 

2,3-Dihydrofuran 3 0 0 0 0 0 0 28308 

2-Butanone 3 287556 217520 232524 290312 386178 319680 308150 

2-Butanone, 3-methyl- 4 9659 8095 9212 11283 15085 12989 310630 

2-Butenal, 2-methyl-, (E)-  4 0 0 3323 0 0 16821 0 

2-Cyclopenten-1-one  4 0 0 20170 0 0 64979 440503 
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Table G-17 (continued) 
2-Cyclopenten-1-one, 2,3-

dimethyl- 
6 

33944 33710 31387 12742 11024 11235 24315 

2-Cyclopenten-1-one, 2-methyl- 5 107064 141302 144184 161052 151520 158809 75958 

2-Cyclopenten-1-one, 3,4-

dimethyl- 
6 

15054 16563 16112 22548 21651 16744 0 

2-Cyclopenten-1-one, 3-ethyl 6 3897 13383 15035 13099 13709 16231 0 

2-Cyclopenten-1-one, 3-ethyl-2-

hydroxy-  
5.5 

0 0 0 0 0 0 22972 

2-Cyclopenten-1-one, 3-methyl- 5 61067 105403 123482 120214 117049 128088 63106 

2-Methylcyclopentan-1-one  5 12586 8509 11765 11197 11243 17239 26376 

2-Pentanone 4 20805 16460 16283 25805 30783 25622 30616 

2-Pentanone, 4-hydroxy-  3.5 4542 10410 10466 16040 20583 13545 22158 

2-Pentanone, 4-hydroxy-4-

methyl- 
4.5 

0 0 5944 0 0 0 0 

2-Propen-1-ol 2.5 0 0 8657 0 6054 13465 32262 

2-Pyridinecarboxylic acid  5 5839 0 6250 8153 7991 9478 0 

3,4,5-Trimethylpyrazole  6 0 0 13578 0 0 42593 0 

3,5-Dihydroxycyclohexanamine 5 0 0 0 0 0 0 8460 

3-Buten-2-one, 3-methyl- 4 0 0 0 0 0 0 50949 

3-Decen-1-ol, (E)-  9.5 0 10135 11870 11977 12194 16946 24739 

3-Hepten-2-one, 4-methyl-  7 11655 75485 132697 62389 87315 138867 10675 

3-Methylcyclopentanone 5 5599 0 0 5018 0 5385 5404 

3-Pentanone 4 9061 7692 8047 10547 12985 11913 0 

3-Penten-2-one  4 0 0 0 0 0 0 34417 

4-Piperidinone, 1,2,5-trimethyl- 7 0 10202 7664 14405 17190 6765 0 

Acetic acid 1 0 0 21761 0 0 47446 1033382 

Acetic acid - methyl ester 1.5 0 0 0 0 0 0 46553 

Acetic acid, butyl ester  4.5 0 5081 0 7295 9551 0 17680 

Acetone 2 1247089 892403 980675 1258222 1459233 1155780 1125208 

Butanal, 3-hydroxy-  2.5 0 0 0 0 0 0 31267 

Butanoic acid  3 0 0 16230 0 0 15519 29608 

Cyclopentane, (1-

methylethylidene)-  
8 

7342 7777 6846 9608 7911 7683 0 

Cyclopentanone 4 42017 28732 44760 30273 29440 66989 77714 

Cyclopentanone, 2-methyl- 5 0 0 0 0 0 0 39634 

Ethanol 1 35292 44673 51607 52519 49518 53380 18915 

Ethriol  4.5 0 0 0 0 0 0 26964 

Levoglucosan  2.5 0 0 0 0 0 0 11154 

m-Dioxan-4-ol, 2,6-dimethyl- 3.5 0 0 0 0 0 0 36057 

MeOH 0.5 419371 490630 531249 619663 671719 696959 1483994 

Phenol 5.5 97927 57469 49912 57454 50452 36673 24471 

Phenol, 2,6-dimethoxy- 5.5 0 0 0 0 0 0 11160 

Phenol, 2-methoxy-4-methyl-  6 0 0 0 0 0 0 15177 
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Table G-17 (continued) 

Phenol, 2-methyl- 6.5 22663 9669 8486 11365 9920 7337 20983 

Phenol, 3-methyl- 6.5 44604 17195 14923 16099 13396 13356 0 

Phenol, 4-ethyl-2-methoxy-  7.5 0 0 0 0 0 0 12257 

Phenol, 4-methoxy- 5.5 0 0 0 0 0 0 42411 

Propanenitrile 3 9298 7575 8077 9646 12365 9545 24492 

Propanoic acid  2 0 0 18310 0 0 37479 74383 

Propanoic acid, 2-methyl- 2.5 0 0 7591 0 0 7654 324837 

Pyridine, 2,6-dimethyl-  7 0 0 7775 0 7563 13011 109549 

Pyrrole  4 7490 0 0 5824 0 0 0 

Trimethylamine 3 34875 44024 37851 45644 49720 31949 0 

 
Table G-18. The 24 most prevalent products identified in bio-oils collected from inline vapor treatment in 

the bench scale pyrolyzer with Na-Al2O3 catalyst, which constitute ~90% of the identified compounds.  

Compound Structure relative FID area* 

Methanol OH 3.1% 

2-Butanone 
O  

17.6% 

2-Pentanone 
O  

2.6% 

3-Pentanone 
O  

1.4% 

Cyclopentanone 
O

 
2.9% 

2-Cyclopenten-1-one 
O

 
3.3% 

2-Cyclopenten-1-one, 2-methyl- 
O

 

9.1% 

2-Cyclopenten-1-one, 3-methyl- 
O

 
1.7% 

2-Cyclopenten-1-one, 2,3-dimethyl- O

 
2.9% 

2-Cyclopenten-1-one, 3,4-dimethyl- O

 
2.8% 

Phenol OH

 
5.8% 

Phenol, 3-methyl- OH

 

6.6% 

Phenol, 3-ethyl- 

OH

 

8.7% 
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Table G-18 (continued) 

Phenol, 2-methyl- OH

 

3.8% 

Phenol, 2,5-dimethyl- 

OH

 

1.8% 

Phenol, 3,4-dimethyl- 

OH

 

1.4% 

Phenol, 2-ethyl-4-methyl- 

OH

 

1.8% 

Phenol, 3-ethyl-5-methyl- 

OH

 

1.7% 

Furan, 2-methyl- O  

1.9% 

Furan, 2,3-dihydro-4-methyl- O  
1.8% 

2-Methylindene 
 

1.6% 

2,4-Hexadiene, 2,3-dimethyl- 
 

1.2 

Toluene 
 

2.3 

*The FID areas were corrected taking into account the different effective carbon numbers of each compound [1] 

Table G-19. The 20 most prevalent products (~90% of the total) that were identified by GC-MS/FID in 

bio-oil from the bench scale pyrolyzer collected without vapor treatment. 

Compound Structure relative FID area* 

Methanol OH 6.5% 

2-Cyclopenten-1-one 
O

 
3.4% 

2-Cyclopenten-1-one, 2-methyl- 
O

 

2.2% 

2-Cyclopenten-1-one, 3-methyl- 
O

 
2.1% 

Acetic acid 

O

OH 

17.8% 
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Table G-19 (continued) 

Propanoic acid O

OH

 
3.1% 

2-Propanone, 1-hydroxy- 

O

OH 
14.7% 

1-Hydroxy-2-butanone O

OH

 
3.5% 

2-Cyclopenten-1-one, 2-hydroxy-3-methyl- 

O

OH

 

8.8% 

2-Propanone, 1-(acetyloxy)- 

O

O

O  

2.8% 

Phenol OH

 
2.4% 

Phenol, 3-methyl- OH

 

2.1% 

Phenol, 3-ethyl- 

OH

 

2.0% 

Phenol, 3,4-dimethyl- 

OH

 

2.0% 

4-Hydroxy-3-methylacetophenone O

OH

 

3.3% 

Mequinol OH O

 
4.7% 

Phenol, 2-methoxy-4-(1-propenyl)- 

O

OH

 

2.3% 

Phenol, 2,6-dimethoxy- 

OO

OH  

3.0% 

Benzene, 1,4-dimethoxy-2-methyl- 

O

O

 

2.5% 

Butyrolactone 
O

O

 
2.4% 

*The FID areas were corrected taking into account the different effective carbon numbers of each compound [1] 
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Fig. G-9. 2D GC×GC plot of non-catalytic bio-oil collected at bench scale. 

 

 
Fig. G-10. 2D GC×GC plot of bio-oil collected after vapor upgrading with Na-Al2O3 catalyst (500 °C) to 

B:C ~4 (run E) at bench scale. 
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Fig. G-11. 13C NMR spectra of different bio-oils from the bench scale pyrolyzer: (a) non-catalytic reference 

(empty reactor), (b) bio-oil obtained after in-line catalytic vapor treatment with Na-Al2O3 (500 °C) to B:C 

~4, and (c) bio-oil obtained after in-line catalytic vapor treatment with Na-Al2O3 (500 °C) to B:C ~10. 
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Fig. G-12. 2D NMR spectra for oils obtained using the bench scale pyrolyzer with (a) empty catalytic 

reactor (a), and (b) 100 g Na-Al2O3 at B:C ~4 and (c) B:C ~10. 
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Fig. G-13. Reactivity of coke on Na-Al2O3 towards steam gasification. The temperature of the catalytic bed 

was measured at two position along the bed length (~5 °C difference), and here the average catalyst 

temperature is shown. 3 ml/min water was injected into a preheated stream of N2 (6.8 Nl/min), resulting in 

~36% steam being passed continuously over the catalyst. 

 

 

 
Fig. G-14. CO and CO2 evolution in gas during oxidative regeneration of coked catalyst bed from bench 

pyrolyzer (100 g Na-Al2O3 catalyst, 180 g Al2O3 catalyst). Heating ramp was 1 °C/min in 2 vol.% oxygen, 

(balance nitrogen, total flowrate = ~2 Nl/min). Average catalyst bed temperature was determined by two 

temperature measurements along the catalyst bed. Signals were normalized to catalyst mass. Isothermal 

combustion period with stepwise increasing oxygen concentration not shown. 
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(a) (b) (c) 

   

   

   

   
Fig. G-15. SEM-EDX images of Na-Al2O3 catalyst (a) before and (b) and (c) after the test series in the 

bench scale pyrolyzer. The color intensity is not representative for the quantitative elemental composition 

of the sample.  
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Fig. G-16. Evolving CO2 signal as detected by MS during heating of the sample according to the indicated 

temperature profile. 
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Fig. H-1. Ablative fast pyrolysis unit with hot gas filtration and in-line catalytic upgrading of vapors prior 

to liquid condensation and gas analysis. 

 

 
Fig. H-2. Temperature of catalyst (100 g) during upgrading of wheat straw fast pyrolysis vapors with HDO 

catalysts at 50 vol.% H2. The bed temperature was measured both at the beginning and at the middle of the 

fixed bed. 
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Table H-1. Yields (wt-% of biomass (daf)) for experiments conducted in 50 vol.% H2. 

Catalyst - Pt/TiO2 Pt/TiO2 Mo/Al2O3 Mo/Al2O3 MoO3/TiO2 

B:C - 1.4 3.9 3.7 7.2 4.1 

C1-C3 0.9 2.9 3.4 2.6 2.4 1.9 

C2/3 olefins 0.4 0.8 0.9 1.5 1.3 1.0 

CO 6.5 11.4 10.6 9.6 9.4 8.4 

CO2 11.1 18.5 14.8 16.4 15.0 14.2 

Reaction water 18.7 23.2 23.1 25.2 26.0 24.2 

organics in oil phase 8.4 1.7 2.4 2.6 1.8 4.0 

organics in aqueous 

phase 
25.0 14.5 17.0 12.7 15.4 18.3 

C4+ in gas 0.4 1.4 1.6 2.0 1.6 1.1 

Coke 0.0 3.3 1.3 3.6 2.3 1.7 

Char 18.3 18.1 18.8 19.2 19.8 19.7 

 
Table H-2. Yields (wt-% of biomass (daf)) for experiments conducted in 90 vol.% H2. 

Catalyst Pt/TiO2 Pt/TiO2 MoO3/TiO2 MoO3/TiO2 

B:C 3.9 8.2 3.6 7.3 

C1-C3 3.7 3.4 2.4 2.2 

C2/3 olefins 0.8 0.8 1.3 1.1 

CO 11.9 11.4 9.0 8.8 

CO2 19.7 15.6 16.9 14.7 

Reaction water 20.9 20.9 26.2 24.5 

organics in oil phase 1.9 2.4 2.2 3.7 

organics in aqueous phase 19.4 20.6 18.2 18.6 

C4+ in gas 1.8 1.4 1.5 1.3 

Coke 1.1 0.6 1.6 1.0 

Char 15.8 18.9 19.2 20.8 

 

Table H-3. Yields (wt-% of biomass (daf)) for experiments conducted under N2 atmosphere for empty 

reactor and 100 g TiO2.  
  empty (500 °C) 100 g TiO2 (450 °C) 

B:C - 4.1 

Yields (wt-% of biomass (daf))  

H2 0.0 0.2 

C1-C3 0.8 1.3 

C2/3 olefins 0.4 0.6 

CO 6.5 8.2 

CO2 11.3 15.1 

Reaction water 17.3 20.8 

organics in oil phase 24.6 19.9 

organics in aqueous phase 11.3 4.2 

C4+ in gas 0.3 0.7 

Coke 0.0 2.4 
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Table H-4. Properties of bio-oil obtained in experiments conducted under N2 atmosphere with empty 

reactor and 100 g TiO2.  

 empty (500 °C) 100 g TiO2 (450 °C) 

H2O content [%] 11.0 6.3 

wt-% N (d.b.) 3.0 2.3 

wt-% C (d.b.) 63.1 69.9 

wt-% H (d.b.) 7.2 7.5 

wt-% O (d.b.) 26.7 20.3 

Higher heating value (HHV) 

[MJ/kg] 
27.7 31.1 

Effective hydrogen index 0.6 0.8 

H/C 1.4 1.3 

O/C 0.3 0.2 

TAN [mg KOH/g] 71.1 42.8 

 

 

Fig. H-3. Powder XRD patterns of the bare TiO2 support and the fresh MoO3/TiO2 catalyst 
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Fig. H-4. (a) Isotherms from N2 physisorption for TiO2 supported Pt (0.5 wt.%) and MoO3 (10 wt.%) 

catalysts. (b) BJH pore size distribution derived from adsorption isotherms shown in (a).  

 

 

Fig. H-5. NH3-TPD of reduced TiO2 supported MoO3 catalyst 
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Fig. H-6. 1700−1400 cm−1 region of Pyridine FT-IR for Pt/TiO2 and MoO3/TiO2 catalyst. The samples were 

reduced for 1 h at 450 °C prior to acquiring the non-pyridinated spectra (black) and adsorbing pyridine at 

150 °C (blue).  

 

 

  

 

(a) (b) (c) 

Fig. H-7. Representative TEM images and particle size distributions on prepared Pt/TiO2 catalyst (pre-

reaction). The relative particle size distribution in Fig. H-7c was derived from a count of 110 particles from 

~10 different images acquired from different locations on the sample grid. 
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Fig. H-8. Concentration of light hydrocarbons in the gas. Reaction atmosphere: 50 vol.% H2. Catalyst 

temperature: 400 °C for Pt/TiO2 and 450 °C for MoO3-based catalysts. 

 

 
Fig. H-9. TGA simulated distillation curves for the oils obtained with 100 g Pt-TiO2 catalyst. About 20 mg 

of oil was prepared into a Pt crucible with lid shortly before start of the heating ramp in order to minimize 

the loss of volatiles.  
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Fig. H-10. TGA simulated distillation curves for the oils obtained with 100 g MoO3/Al2O3 catalyst. About 

20 mg of oil was prepared into a Pt crucible with lid shortly before start of the heating ramp in order to 

minimize the loss of volatiles. 

 

 
Fig. H-11. TGA simulated distillation curves for the oils obtained with 100 g MoO3/TiO2 catalyst. About 

20 mg of oil was prepared into a Pt crucible with lid shortly before start of the heating ramp in order to 

minimize the loss of volatiles. 
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Fig. H-12. 2D GC×GC plot of non-catalytic bio-oil collected at bench scale. 

 

 
Fig. H-13. 2D GC×GC plot of bio-oil obtained from vapor upgrading with Pt/TiO2 catalyst at 400 °C, 50 

vol.% H2 and B:C ~4. 
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Fig. H-14. 2D GC×GC plot of bio-oil obtained from vapor upgrading with MoO3/Al2O3 catalyst at 450 °C, 

50 vol.% H2 and B:C ~4. 

 

 
Fig. H-15. 2D GC×GC plot of bio-oil obtained from vapor upgrading with MoO3/TiO2 catalyst at 450 °C, 

50 vol.% H2 and B:C ~4. 
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Fig. H-16. 2D GC×GC plot of bio-oil obtained from vapor upgrading with MoO3/TiO2 catalyst at 450 °C, 

90 vol.% H2 and B:C ~4. 

 
Fig. H-17. 13C NMR spectra of bio-oils obtained in 50 vol.% H2: (a) non-catalytic reference, (b) after in-

line catalytic vapor treatment with 100 g Pt/TiO2 catalyst at 400 °C and B:C ~4, (c) after in-line catalytic 

vapor treatment with 100 g MoO3/Al2O3 catalyst at 450 °C and B:C ~4, and (d) after in-line catalytic vapor 

treatment with 100 g MoO3/TiO2 catalyst at 450 °C and B:C ~4. 
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Fig. H-18. 1H NMR spectra of different bio-oils obtained at 50 vol.% H2: (a) non-catalytic reference, (b) 

bio-oil obtained after in-line catalytic vapor treatment with 100 g Pt/TiO2 catalyst at 400 °C and B:C ~4, 

(c) bio-oil obtained after in-line catalytic vapor treatment with 100 g MoO3/Al2O3 catalyst at 450 °C and 

B:C ~4, and (d) bio-oil obtained after in-line catalytic vapor treatment with 100 g MoO3/TiO2 catalyst at 

450 °C and B:C ~4. 

Table H-5. Carbon percentage based on the 13C NMR analysis of non-catalytic bio-oil obtained from vapor 

upgrading with MoO3/TiO2.  

 No catalyst MoO3/TiO2 MoO3/TiO2 

H2 vol.%, B:C  50 vol.% 50 vol.%, B:C = 4 90 vol.%, B:C = 4 

Carbonyl (215–166.5 ppm) 15.4% 9.3% 10.1% 

Aromatic C–O (166.5–142 ppm) 12.5% 10.3% 9.8% 

Aromatic C–C (142–132/125 ppm)a 9.2% 5.4% 4.7% 

Aromatic C–H (132/125–95.8 ppm)a 16.5% 26.4% 27.5% 

Aliphatic C–O (95.8–60.8 ppm) 9.9% 2.4% 2.7% 

Methoxyl (60.8–55.2) 4.2% 1.3% 1.3% 

Aliphatic C–H (55.2–0 ppm, with exclusion 

of solvent) 32.4% 44.8% 43.8% 



Appendix H |  

H-12 

 

 
Fig. H-19. 2D NMR spectra of bio-oil obtained with empty catalytic reactor at 50 vol.% H2. 

 
Fig. H-20. 2D NMR spectra of bio-oil obtained with 100 g Pt/TiO2 catalyst at 400 °C and 50 vol.% H2, 

operated to B:C ~4. 
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Fig. H-21. 2D NMR spectra of bio-oil obtained with 100 g of an industrial MoO3/Al2O3 catalyst at 450 °C 

and 50 vol.% H2, operated to B:C ~4. 

 
Fig. H-22. 2D NMR spectra of bio-oil obtained with 100 g MoO3/TiO2 catalyst at 450 °C and 50 vol.% H2, 

operated to B:C ~4. 
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Fig. H-23. 2D NMR spectra of bio-oil obtained with 100 g MoO3/TiO2 catalyst at 450 °C and 90 vol.% H2, 

operated to B:C ~7. 

 

Equilibrium calculations 

Equilibrium concentrations were calculated using the HSC Chemistry 9 software package. The 

calculations were performed with equal fractions of each molecule and 99% H2. The sum of the 

species in each category (aromatics/napthenes) is shown. 

 
Fig. H-24. The influence of the total pressure and different temperatures on the equilibrium distribution 

between monoaromatics and their hydrogenated versions.  
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Fig. H-25. The influence of the total pressure and different temperatures on the equilibrium distribution 

between phenol and cyclohexanol.  

 

   
(a) (b) (c) 

   

   
(d) (e) (f) 

Fig. H-26. (a)-(e) Representative TEM images of the post-reaction TiO2 supported Pt (0.6 wt.%) catalyst, 

i.e. after four reaction/regeneration cycles. (f) Particle size distributions was derived from a count of ~200 

particles from 10 different locations/images 
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