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Abstract: A more detailed model has been developed for cyclic distillation. The developed stage model 

includes mass and energy balances, comparable to the MESH equations model for a conventional 

distillation stage. The developed model is capable of including multiple feed and side draw locations as 

well as taking temperature deviations from the boiling point into account. With the energy balances 

included it is possible to introduce disturbances in the feed temperature, which would not be possible with 

the simple mass balance model previously presented in literature. In order to identify potential disturbance 

and manipulated variables, which can be used for control of the column, a degree of freedom analysis have 

been performed. 
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1. INTRODUCTION 

Cyclic distillation is a promising method of optimizing a 

distillation process. By separating the vapour and the liquid 

flow in two periods: vapour flow period (VFP) and liquid flow 

period (LFP) the tray efficiency can be significantly improved 

compared to conventional distillation (Bȋldea, 2016). 

So far, the industrial application of cyclic distillation is very 

limited, despite the technology first being proposed in the early 

1960’s (Cannon, 1961). Until recently, a problem with cyclic 

distillation was back-mixing of the liquids during LFP, which 

defeats the purpose of separating the phase flows. However, 

Maleta et al. (2011) proposed a new tray design, which solved 

the draining issues. With this type of tray it is possible to 

operate a distillation column in periodic mode with 

simultaneous draining of the trays without back-mixing of 

liquids. 

One issue that remains is the need for better models to describe 

the cyclic distillation. Since the 1960’s the developed models 

have been mass balance based, with assumption of a single 

saturated liquid feed (Bȋldea, 2016). These models are suitable 

for understanding the overall process. But, they lack the 

necessary complexity to predict realistic operation, for 

example to be used in designing of a control structure. 

When the energy balances are not included, the vapour flow 

rate inside the column and the temperature of each holdup are 

constant. This gives poor results when disturbances in 

temperature is considered. Furthermore, proper energy 

balances are crucial to incorporate the effect of a feed that is 

not saturated liquid or endo-/exothermic reactions take place. 

In this paper a new model for cyclic distillation is developed, 

which includes the energy balances. This is necessary in order 

to describe the temperature inside a distillation column. First 

the development of the model is described, including the 

modelling of separate phase flows. The developed model is 

tested in a case study and compared to the previous models that 

only includes mass balances. With the energy balances 

included disturbances in the feed temperature and composition 

is tested. Finally, a degree of freedom analysis is performed in 

order to identify possibly actuators that can be used in the 

control of the process. 

2. MODEL DEVELOPMENT 

In order to get a better overview of the operational and 

regulating challenges in a cyclic distillation, a new and more 

detailed model for cyclic distillation was developed. A stage 

model was developed that is comparable to the well-known 

MESH (Material balances, Equilibrium relations, Summation 

equations and Heat balances) stage model. 

The novel features of the developed model  for cyclic 

distillation are: 

 Energy balances to account for time dependent vapour 

flow rate. Including energy added or removed from the 

stage. 

 Feed that is not necessarily saturated liquid. I.e. pure 

vapour, cold liquid or a mixture of vapour and liquid. 

 Taking tray temperature deviations from boiling point into 

account. I.e. heating of tray holdup if the temperature is 

too low or flash if it is too high. 



 

 

     

 

 Multiple feed and side draw locations. 

An illustration of a tray in a cyclic distillation column is shown 

(Fig. 1). This representation is similar to a MESH tray, but due 

to the separate phase flows, the inlets and outlets are different 

during VFP and LFP. 

 

Fig. 1. Variables in a cyclic distillation stage during VFP (top) 

and LFP (bottom). 

The general stage equations can be written similar to the 

MESH equations, however, a distinction between VFP and 

LFP is necessary. 

During VFP, the model equations for stage n, counted from the 

top down, and components i=1,2…NC are: 

𝑑𝑀𝑛,𝑖

𝑑𝑡
= 𝑉𝑛+1 𝑦𝑛+1,𝑖 − 𝑉𝑛 𝑦𝑛,𝑖 + 𝑉𝑛+1

𝐹  𝑦𝑛+1,𝑖
𝐹   (1) 

𝑑ℎ𝑛

𝑑𝑡
= 𝑉𝑛+1 𝐻𝑛+1 − 𝑉𝑛 𝐻𝑛 + 𝑉𝑛+1

𝐹  𝐻𝑛+1
𝐹 + 𝑄𝑛  (2) 

𝑦𝑛,𝑖 = 𝐾𝑛,𝑖  𝑥𝑛,𝑖     (3) 

∑ 𝑥𝑛,𝑖
𝑁𝐶
𝑖=1 = 1     (4) 

∑ 𝑦𝑛,𝑖
𝑁𝐶
𝑖=1 = 1     (5) 

𝑥𝑛,𝑖  𝑀𝑛 = 𝑀𝑛,𝑖     (6) 

Using the expressions for the vapour and liquid enthalpies (𝐻𝑛 

and ℎ𝑛 respectively) in the energy balance (2), it is possible to 

isolate and calculate the vapour flow.  

For the liquid flow period, the mass and energy balance can be 

written: 

𝑀𝑛,𝑖
(𝐿𝐹𝑃)

= 𝑀𝑛−1,𝑖
(𝑉𝐹𝑃)

+ 𝑀𝑛−1,𝑖
𝐹 − 𝑆𝑛 𝑥𝑛,𝑖

(𝑉𝐹𝑃)
  (7) 

ℎ𝑛
(𝐿𝐹𝑃)

= ℎ𝑛−1
(𝑉𝐹𝑃)

+ ℎ𝑛−1
𝐹 − ℎ𝑛

𝑆𝐷   (8) 

𝑥𝑛,𝑖  𝑀𝑛 = 𝑀𝑛,𝑖     (9) 

The superscript (VFP) denotes the end of the vapour flow 

period and (LFP) the end of the liquid flow period. 

During the vapour flow period, the liquid is stationary on the 

trays, therefore, the accumulation term in the material and 

energy balances (1)-(2) are necessary. During the liquid flow 

period, the liquid holdup of each tray is dropped to the tray 

below. The condenser and reboiler always have a holdup, to 

avoid either from running dry. 

This model is subject to assumptions of constant pressure, tray 

efficiencies equal to 1 and total condenser. It is assumed 

vapour feed is supplied during VFP and mixed with the feed 

tray vapour and liquid feed is added during LFP. 

It is assumed the temperature in reboiler and condenser is 

equal to the boiling point after LFP.  

3.  RESULTS AND DISCUSSION 

A simple case was chosen to investigate the effect of the 

complexity of the model. A ternary mixture of ethanol-

methanol-water was implemented, assuming ideal gas and 

liquid described by Wilsons thermodynamic model. The 

Wilsons binary interaction parameters and molar volumes are 

shown in Table 1. 

Table 1: Wilsons parameters (Holmes et al. 1970). 

Binary pair 

(1)-(2) 
𝒂𝟏𝟐 (K) 𝒂𝟐𝟏 

(K) 

𝑽𝒎,𝟏 

(cm3/mol) 

𝑽𝒎,𝟐 

(cm3/mol) 

EtOH – H2O 192.38 480.80 58.7 18.1 

MeOH – 

H2O 

103.31 242.63 40.6 18.1 

EtOH - 

MeOH 

-257.34 301.15 58.7 40.6 

The models were simulated in pseudo-steady-state, i.e. 

periodic behaviour of the holdups in the column stages. The 

feed was set to be saturated liquid. The simulation parameters 

are shown in Table 2. 

 

 



 

 

     

 

Table 2: Simulation parameters. 

Parameter Value 

Pressure (𝑃) 1 atm 

Number of trays (𝑁𝑇) 15 

Feed stage (𝑁𝐹) 12 

Feed flow (𝑀12
𝐹 ) 200 mol/cycle 

EtOH in feed (𝑥𝐸𝑡𝑂𝐻
𝐹 ) 15 mol% 

MeOH in feed (𝑥𝑀𝑒𝑂𝐻
𝐹 ) 5 mol% 

Water in feed (𝑥𝐻2𝑂
𝐹 ) 80 mol% 

VFP duration (𝑡𝑉𝐹𝑃) 25 s 

LFP duration (𝑡𝐿𝐹𝑃) 5 s 

To ensure pseudo-steady-state the bottom and reflux flow rates 

were set to keep holdups in the reboiler and condenser the 

same after each LFP. The distillate flow rate was set to 25 

mol/cycle. 

Comparisons of the simple mass balance model (red) and the 

simple mass and energy balance model (black) at 𝑡 = 𝑡𝑉𝐹𝑃 are 

shown in Fig. 2. 

 

Fig. 2. Molar composition in column stages at 𝑡 = 𝑡𝑉𝐹𝑃, in 

pseudo-steady-state. Simple mass balance model (red), mass 

and energy balance model (black). 

As can be seen there is an effect of including the energy 

balances in the model. By including the energy balances it is 

possible to describe the stage temperatures over time, which 

for example can be used to better predict a proper control 

strategy. 

A +5% change in the feed temperature has been investigated. 

Fig. 3 shows the ethanol composition at 𝑡 = 𝑡𝑉𝐹𝑃 in the 

reboiler (bottom) and in the condenser (top) for no changes in 

the feed temperature (black) and a 5% increase in the feed 

temperature (red). The mass and energy balance model, is used 

for this simulation. 

 

Fig. 3. Ethanol composition at 𝑡 = 𝑡𝑉𝐹𝑃 in reboiler (top) and 

condenser (bottom) in pseudo-steady-state (black) and for a 

5% increase in feed temperature (red). 

An increase in the feed temperature does not seem to have a 

significant effect on the ethanol composition in the bottom 

product, but it does in the top product. When the feed 

temperature is above the boiling point, flash occurs and vapour 

feed is supplied to the column, which has an effect on the trays 

above the feed location. This would not be seen if energy 

balances and variations in the feed were not implemented. 

The base case is then compared to an increase in the ethanol 

content of the feed, going from 15 mol% to 20 mol%, while 

the water content is decreased to 75 mol%. For this 

disturbance, it is assumed the feed is saturated liquid. The 

ethanol composition in condenser (top) and reboiler (bottom) 

can be seen in Fig. 4, for the base case (black) and the change 

in feed composition (red). 

 

Fig. 4. Ethanol composition at 𝑡 = 𝑡𝑉𝐹𝑃 in reboiler (top) and 

condenser (bottom) in pseudo-steady-state (black) and for a 

33.33% increase in feed content of ethanol (red). 

As expected, when the ethanol composition in the feed is 

increased, and the water is decreased, the ethanol in the top and 

bottom is also increased. As with the change in the feed 



 

 

     

 

temperature, the new steady-state is found fast in the reboiler, 

but it takes many cycles to get to the new steady-state in the 

condenser.  

As mentioned considerations of temperature deviating from 

boiling point and multiple feed and side draw locations have 

not been shown here. Implementation of multiple feed and side 

draws is relatively simple, since another feed or side draw is 

added by setting 𝑀𝑛,𝑖
𝐹  or 𝑆𝑛 to greater than zero. 

Implementation of temperature deviations, that is flash or 

heating of liquid if the temperature is above or below boiling 

point, is more difficult. It is time consuming to perform flash 

calculations, so it is assumed flash only occurs if the liquid 

temperature is above boiling point after LFP. Heating occurs 

during VFP and only if the temperature is below boiling point. 

During heating no mass transfer occurs for the heating stage. 

Therefore, if the entire VFP is spent on heating a liquid, then 

the overall separation will suffer.  

With the developed mass and energy model, it is possible to 

perform a degree of freedom analysis in order to identify 

suitable manipulated variables. 

4. CONTROL OF CYCLIC DISTILLATION 

When designing a control structure for a distillation column, 

there are many important variables, and many options for 

choosing manipulated and controlled variables pairings. With 

cyclic distillation two important variables, which conventional 

distillation does not have, is the time for the LFP and the VFP 

period. Especially 𝑡𝑉𝐹𝑃 is important, since a longer time for 

VFP increases the overall time for mass transfer, but can  

decrease the throughput. The time for LFP should be set to 

ensure a complete draining before the next VFP is initiated in 

order to avoid back-mixing. The time for LFP should be set to 

the minimum value that allows complete draining. 

To get an overview of the variables in the cyclic distillation 

column a degrees of freedom analysis is made. For the degrees 

of freedom analysis the process is once again divided in VFP 

and LFP. For VFP the number of equations is 𝑁𝑒
𝑉𝐹𝑃 =

𝑁𝑇(3 + 3𝑁𝐶) and the number of variables is 𝑁𝑣
𝑉𝐹𝑃 = 2 +

𝑁𝑇(8 + 5𝑁𝐶), where NT is the number of trays and NC the 

number of components. This gives the degrees of freedom for 

a stage during VFP as: 

𝑁𝐷𝑜𝐹
𝑉𝐹𝑃 = 2 + 𝑁𝑇(5 + 2𝑁𝐶)   (10) 

The variables that are specified for a given tray are: 𝑃,
𝑡𝑉𝐹𝑃 ,   𝑦𝑛,𝑖

𝐹 , 𝑉𝑛
𝐹 , 𝑇𝑛

𝐹 , 𝑄𝑛 , 𝑉𝑛+1, 𝑦𝑛+1,𝑖 , 𝑇𝑛+1. The variables 

𝑉𝑛+1, 𝑦𝑛+1,𝑖 and 𝑇𝑛+1 are known from the stage below. For 

LFP the number of equations is 𝑁𝑒
𝐿𝐹𝑃 = 𝑁𝑇(2 + 𝑁𝐶) and the 

number of variables is 𝑁𝑣
𝐿𝐹𝑃 = 2 + 𝑁𝑇(5 + 4𝑁𝐶), which 

gives the degrees of freedom: 

𝑁𝐷𝑜𝐹
𝐿𝐹𝑃 = 2 + 𝑁𝑇(3 + 3𝑁𝐶)   (11) 

The specified variables are:  𝑃, 𝑡𝐿𝐹𝑃 , 𝑆𝑛, 𝑇𝑛
𝐹 , 𝑀𝑛,𝑖

𝐹 , 𝑀𝑛,𝑖
(𝑉𝐹𝑃)

,

𝑥𝑛,𝑖
(𝑉𝐹𝑃)

, 𝑇𝑛. Where the variables 𝑀𝑛,𝑖
(𝑉𝐹𝑃)

, 𝑥𝑛,𝑖
(𝑉𝐹𝑃)

 and  𝑇𝑛 are 

known from the end of VFP. 

The control degrees of freedom are not the same as the process 

degrees of freedom, but is related to this with the number of 

disturbance variables (Seborg et al. 2011). 

𝑁𝐶𝐷𝑜𝐹 = 𝑁𝐷𝑜𝐹 − 𝑁𝐷𝑉    (12) 

Disturbance variables are the input variables that are not 

manipulated. Assuming the temperature, composition as well 

as the vapour flow from the stage below and the stage pressure 

are disturbance variables then: 𝑁𝐷𝑉
𝑉𝐹𝑃 = 1 + 𝑁𝑇(2 + 𝑁𝐶), this 

gives the control degrees of freedom as: 

𝑁𝐶𝐷𝑜𝐹
𝑉𝐹𝑃 = 1 + 𝑁𝑇(3 + 𝑁𝐶)   (13) 

Similar for LFP, the number of disturbance variables is 

𝑁𝐷𝑉
𝐿𝐹𝑃 = 1 + 𝑁𝑇(1 + 2𝑁𝐶), if the disturbance variables are 

assumed to be the holdups and temperatures after VFP as well 

as the feed flow and temperature. 

𝑁𝐶𝐷𝑜𝐹
𝐿𝐹𝑃 = 1 + 𝑁𝑇(2 + 𝑁𝐶)   (14) 

The control degrees of freedom gives the total number of 

possible manipulated variables. However, often simpler 

control configurations can be made with just a couple of 

manipulated variables. For cyclic distillation, it is important to 

consider the duration of VFP as a manipulated variable. Other 

possible variables that can be used for control can also be 

found in conventional distillation. Actuators for cyclic 

distillation control with one saturated liquid feed and no side 

draws is shown in Table 3 and compared to conventional 

distillation. 

Table 3: Actuators in cyclic and conventional distillation. 

Actuators Cyclic Conventional 

Feed flow rate X X 

Product flows rates X X 

Condenser and reboiler duty X X 

Reflux flow rate X X 

Vapour flow periods duration X  

As mentioned, when operating a distillation in cyclic mode, 

the duration of vapour and liquid flow periods become 

important actuators that can be used in the control strategy. 

The other actuators in the cyclic distillation that are available 

for control are similar to the actuators for conventional 

distillation.  

 



 

 

     

 

5. CONCLUSIONS 

A model have been developed for cyclic distillation, which 

includes the energy balances. Furthermore, the developed 

model is capable of account for feed that is not necessarily 

saturated liquid. A model capable of accounting for tray 

temperatures above and below boiling point as well as having 

multiple feed and side draw location was discussed. 

It was shown that the developed model is capable of describing 

a disturbance of +5% in the feed temperature and account for 

flashed feed. Furthermore, a disturbance in the feed 

composition was investigated. Both cases showed the 

developed model being capable of describing changes in the 

feed, and that new pseudo-steady-states could be found. 

For a general overview of a cyclic distillation process it would 

be fine to use a simple model, but if disturbances that have 

effect on the temperatures or vapour flow are imposed, then a 

more detailed model is required.  

A degree of freedom analysis is made for a cyclic distillation 

column and, based on this simple analysis, manipulated 

variables are identified for the control. The control of a cyclic 

distillation process is different from conventional distillation, 

since the time for vapour and liquid flow periods are also 

available as actuators and must be specified, which will have 

an effect on the process. 
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