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Abstract 9 

Catalytic hydropyrolysis of beech wood has been conducted in a fluid bed reactor at 450 °C with a sulfided 10 

CoMo catalyst followed by a fixed bed hydrodeoxygenation (HDO) reactor with a sulfided NiMo catalyst at 11 

hydrogen pressures between 3.0 and 35.8 bar. Using both reactors the condensable organic yield 12 

(condensed organic and C4+ in gas) varied between 18.7 and 21.5 wt.% dry ash free basis (daf) and was 13 

independent of the hydrogen pressure. At 15.9 bar hydrogen or higher the condensed organic phase was 14 

essentially oxygen free (<0.01 wt.% dry basis (db)), but decreasing the hydrogen pressure to 3.0 bar 15 

increased the oxygen content to 7.8 wt.% db. The char and coke yield was close to constant (11.0-12.7 wt.% 16 

daf) at hydrogen pressures between 15.9 and 35.8 bar, but increased to 15.7 wt.% at 3.0 bar hydrogen due 17 

to an increase in the polymerization of pyrolysis vapors. The measured carbon content on the spent 18 

catalysts from both the fluid bed and HDO reactor showed that coking of the catalysts increased when the 19 

hydrogen pressure was decreased below 15.9 bar. The increased coking at low hydrogen pressure (<15.9 20 

bar) was ascribed to the polymerization of the more reactive oxygenates produced in the fluid bed reactor. 21 
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Abbreviations 30 

AED Atomic emission detector 

conc Concentration 

daf Dry, ash free basis 

db Dry basis 

diAro Diaromatics 

DMDS Dimethyl disulfide 

EDS Energy dispersive X-ray spectroscopy 

FB Fluid bed 

FID Flame ionization detector 

ToF Time of flight  

GC Gas chromatograph 

HDO Hydrodeoxygenation 

mAro Monoaromatics 

MS Mass spectrometry 

Naph Naphthenes 

O-Ali Oxygenated aliphatics 

O-Aro Larger oxygenated aromatics 

Par Paraffins 

PhOH Phenols 

Ph(OH)2 Dihydroxybenzene 

TAN Total acid number 

Temp. Temperature 

tetAro+ Tetra- and higher aromatics 
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triAro Triaromatics 
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1 Introduction 32 

Recent research have shown that catalytic hydropyrolysis of biomass is an efficient method for production 33 

of renewable liquid fuels with a low carbon footprint [1–4]. In this process pyrolysis takes place in a 34 

hydrogen atmosphere and a catalyst is used as heat carrier. This enables the hydrogenation of the 35 

oxygenates as soon as they are formed by the pyrolysis process, thus decreasing the extent of 36 

polymerization reactions [5]. Since catalytic hydropyrolysis is exothermic, as opposed to inert pyrolysis, 37 

additional heat to the fluid bed reactor is not required.   38 

In GTI’s process called IH2 catalytic hydropyrolysis takes place in a fluid bed reactor at temperatures 39 

between 336-469°C and the produced vapors are sent to a fixed bed hydrodeoxygenation (HDO) reactor 40 

operated at 343-399°C and the total pressure is between 19.5 and 24.1 bar [1,2]. Using maple and pine 41 

wood the IH2 process has been running continuously for 750 hours with a feeding rate of 50 kg/h at a 42 

hydrogen pressure of 24 bar with a condensable organic (condensed organics + C4+ in gas) of 26 wt.% dry as 43 

free (daf) [2].  44 

Dayton et al.[6–8] also investigated catalytic hydropyrolysis of wood in a fluid bed reactor. Using a reduced 45 

NiMo hydrotreating catalyst they investigated the effect of the pressure by varying the total pressure 46 

between 10.3 and 20.7 bar and varying the hydrogen concentration between 20 and 60 % [8]. They found 47 

that the char yield increased at low hydrogen partial pressure and that higher partial pressure of hydrogen 48 

decreased the oxygen content and increased the carbon content in the organic phase favoring the 49 

formation of hydrocarbons [8]. Furthermore, conducting catalytic hydropyrolysis at 450°C and using 50 

hydrogen at atmospheric pressure with a molybdenum based reduced metal oxide catalyst resulted in a 51 

carbon recovery in the organic phases and C4+ of 43 % and an oxygen content of 6.2 wt.% [7]. The results 52 

show that catalytic hydropyrolysis can be conducted at low pressure with a high yield and reasonable 53 

degree of deoxygenation.  54 
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Several groups have investigated catalytic hydropyrolysis using Pyroprobe reactors and H-ZSM-5, often 55 

impregnated with Ni [9–15]. Melligan et al.[15] investigated the effect of hydrogen pressure at 600 °C using 56 

a Ni/H-ZSM-5 catalyst and found that increasing the hydrogen pressure increased the higher heating value 57 

(HHV) of the products, due to an increased degree of deoxygenation. Other groups have investigated 58 

hydropyrolysis either using a cyclone reactor or fluid bed reactor followed by a fixed bed catalytic HDO 59 

reactor [16–19]. 60 

In our previous study [20] we investigated the effect of pressure and temperature on catalytic 61 

hydropyrolysis of beech wood using a two-reactor system, where the catalytic hydropyrolysis took place in 62 

a fluid bed reactor with a sulfided CoMo/MgAl2O4 catalyst followed by a fixed bed reactor with a sulfided 63 

NiMo/Al2O3 catalyst. Operating the fluid bed reactor at 450 °C and varying the total pressure between 16 64 

and 36 bar did not have an impact on the condensed organics and C4+ gas yield [20]. The spent catalysts 65 

were not investigated. In this study we have conducted a more thorough investigation of the effect of the 66 

total pressure and the hydrogen partial pressure. The total pressure has been varied between 5.0 and 36 67 

bar and the hydrogen partial pressure has been varied between 3.0 and 35.8 bar. The liquid products have 68 

been extensively characterized and the carbon content on the spent catalysts from both the HDO reactor 69 

and fluid bed reactor has been measured to indicate catalyst deactivation by coking.   70 

2 Material and methods 71 

2.1 Biomass feedstock  72 

Bark free beech wood was used as biomass feedstock and was supplied by Dansk Træmel (Product number: 73 

10000251250390). The moisture and ash contents were 6.72 wt.% (dried at 105 oC) and 0.59 wt.% on dry 74 

basis (db), respectively. The particle sizes were between 200-700 µm. The beech wood was analyzed by 75 

Celignis Analytical (analysis P10) and consisted of 24 wt.% db lignin, 40 wt.% db cellulose, 18 wt.% db 76 

hemicellulose, 3 wt.% db other polysaccharides, 3 wt.% db extractives and 12 wt.% db unknown. A detailed 77 

elemental composition of the biomass, including the ash composition, can be found elsewhere [20]. 78 
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2.2 Catalysts 79 

A CoMo/MgAl2O4 catalyst was used in the fluid bed reactor. The catalyst was received as extrudates and 80 

was crushed and sieved to a particle size between 180 and 355 µm. An extruded NiMo/Al2O3 catalyst was 81 

used in the HDO reactor, and was used as received. Both catalysts were supplied by Haldor Topsøe A/S and 82 

were also used in our previous work [20]. These two catalysts were chosen due to their well-known activity 83 

in HDO reactions [21–30], where the NiMo catalyst mainly promotes the removal of oxygen from phenols 84 

after it has saturated the aromatics (HDO pathway), while the CoMo to a larger extent promotes the direct 85 

removal of oxygen from phenol (DDO pathway) [27,31–34]. At the applied temperatures in the fluid bed 86 

reactor the hydrogenation/deoxygenation of phenols are controlled by the thermodynamic equilibrium 87 

[20], thus it has been shown that the CoMo catalyst is the best choice for the fluid bed reactor [35]. In 88 

addition a catalyst with MgAl2O4 as support material was chosen for the fluid bed reactor because of its 89 

relatively high mechanical strength, which decreases the catalyst loss due to attrition. 90 

2.3 Experimental setup 91 

The catalytic hydropyrolysis experiments were conducted in a bench scale setup shown in Figure 1. The 92 

setup is described in detail elsewhere [20]. The setup consisted of a feeding system, which included a gas 93 

mixing system and a screw feeder for biomass feeding, a fluid bed hydropyrolysis reactor, a filter for char 94 

removal, a fixed bed hydrotreating reactor, which can be bypassed, and a three stage condensation system 95 

(20°C, 2°C, and -40°C). The temperature in the last step in the condensation system was in some 96 

experiments increased to -20°C, to avoid plugging of the heat exchanger due to formation of wax. The 97 

uncondensed gases were sent to a flare. A small fraction of the gas was sent to an online gas 98 

chromatograph (GC), which measured the gas composition (H2, N2, H2S, CO, CO2, C1 to C5 and C6+ 99 

hydrocarbons) every 10 min. The tubes between the fluid bed, filter and condensation section were heated 100 

to 350°C in order to avoid condensation. The biomass feeding tube was preheated to approximately 200°C 101 

to preheat the biomass and carrier gas while avoiding premature pyrolysis. 102 
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The total mass of the condensed liquid was determined by weighing and the organic phase and the 103 

aqueous phase were separated with a separation funnel. In experiment 1-4 the mass of the condensed 104 

organics and aqueous were determined as described in ref. [20], while in experiment 5-8 the mass of the 105 

aqueous phase was measured and the mass of the organic phase was determined by subtracting the mass 106 

of the aqueous phase from the total mass of condensed liquid. The differences between these two 107 

methods are below the experimental uncertainty. The H2S dissolved in the liquid phases was for safety 108 

reasons removed by bubbling with N2 until hydrogen sulfide test strips (Sigma Aldrich) showed no sign of 109 

H2S. This lead to a mass loss between 1.2 and 7.9 wt.% for the organic phase and between 0.43 and 5.1 110 

wt.% of the aqueous phase. The mass loss in the organic phase was mainly due to vaporization of light 111 

hydrocarbons while the mass loss in the aqueous phase was mainly due to vaporization of water.   112 
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Figure 1. Simplified piping and instrumentation diagram of the catalytic hydropyrolysis setup 114 

After each experiment the catalyst and the remaining char was removed from the fluid bed, and replaced 115 

with fresh catalyst for the subsequent experiment. The same catalyst was used in the HDO reactor in 116 

experiments 1 to 4, but the catalyst in the HDO reactor was replaced before experiments 5, 6, and 7.  The 117 
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solid yield was defined as the sum of the char (un-vaporized biomass particles) and coke (carbon on the 118 

catalyst) yield, and was calculated by subtracting the mass of loaded catalyst from the total mass of solids 119 

collected from the filter and fluid bed.  120 

In experiments 1 to 4 a liquid feeding system consisting of a pump and evaporator was used to supply the 121 

setup with dimethyl disulfide (DMDS) during the sulfidation of the catalysts, more information can be found 122 

in ref. [20]. However, DMDS lead to coking of the gas preheater and bottled H2S was therefore used in 123 

experiments 5 to 8. The catalysts were sulfided at 26 bar by heating the reactors from 180 to 350 °C with 124 

1.8 mol % H2S, 11 mol % N2 in 87 % H2 by feeding 2 % H2S in H2 (flow: 4 NL/min) and N2 (flow: 0.5 NL/min). 125 

The temperature ramp was 10 °C/min and the holding time was 3 hours, when both reactors were used 126 

and 2 hours when only the fluid bed reactor was used. 127 

The experimental error is less than 0.2 wt.% daf for the C1-C3 yield, 0.5 wt.% daf for the total CO and CO2 128 

yield, 0.5 wt.% daf for the char and coke yield, 0.5 wt.% daf for the condensable organic yield (condensed 129 

organics and C4+ in the gas), and 1.5 wt.% daf for the aqueous phase yield, when the mass balance closes 130 

within 99 wt.% daf [36]. However, it should be noted that the experimental uncertainty increases with 131 

decreasing mass balance closure. 132 

2.4 Analysis methods 133 

2.4.1 Organic phase 134 

The produced organic phases were analyzed with several different methods and a detailed description of 135 

the methods can be found elsewhere[20]. The hydrogen and sulfur content was measured with ASTM 136 

method D7171 and ASTM method D4294, respectively. The viscosity at 40 °C was measured with ASTM 137 

method D7042, the density at 40 °C was measured with ASTM method D4052. The water content was 138 

measured with Karl Fisher titration. The total acid number (TAN) was measured at DB lab by titration with 139 

KOH. 140 
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For the organic phases with less than 2 wt.% oxygen, the oxygen content was measured using a GC with an 141 

atomic emission detector (AED). The GC was an Agilent 7890 coupled to a JAS 2370 AED in oxygen selective 142 

mode. The total amount of oxygen in the samples was quantified by adding a known amount of 4-143 

fluorophenol to the sample. For organic phases with more than 2 wt.% oxygen, the oxygen content was 144 

analyzed at DB Lab A/S using a Flash 2000 elemental analyzer (Thermo Scientific). The uncertainty of this 145 

measurement was 3.0 %, defined as two standard deviations for the measurement uncertainty, 146 

corresponding to a confidence interval of 95 %.  147 

Selective analysis of the sulfur containing compounds in the condensed oil was conducted using the above 148 

described GC with the AED detector in sulfur specific mode. Quantification was done by adding known 149 

amounts of  benzothiophene, dibenzothiophene and 4-methyl-dibenzothiophene to the sample.  150 

The condensed organic liquid samples were characterized by GC×GC-time of flight (ToF)/ mass 151 

spectrometry (MS) or –flame ionization detector (FID) using a LECO® Pegasus 4DTM instrument. The 152 

instrument included an Agilent 7890A GC equipped with a Gerstel® CIS 4 PTV inlet, a secondary oven, a 153 

quad-jet, dual-stage cryogenic (liquid N2) modulator, a Tof/MS, and a FID detector. The primary (1D) and 154 

secondary (2D) columns were Restek® Rxi-5Sil MS and Restek® Rxi-17Sil MS, respectively.  Based on the 155 

GC×GC-ToF/MS analysis the compounds were classified into eleven classes: naphthenes, monoaromatics, 156 

diaromatics, triaromatics, larger aromatics, phenols, dihydroxybenzenes, larger oxygenated aromatics, 157 

oxygenated aliphatics, paraffins, and sterols. Based on the paraffins retention time on the 1D column the 158 

component classes where divided into subgroups on the basis on the number of carbon atoms in the 159 

molecules : -C10, C11-C15, C16-C20, and C20+. However, it should be noted that other component classes 160 

do not necessarily have the same carbon number distribution as the paraffins, thus caution is needed when 161 

correlating the relative amount of each subgroup with its carbon number distribution. The relative amount 162 

(FID area-%) of each compound class was estimated as the sum of areas of all detected peaks in that class 163 
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divided by the total peak area of all compound classes. All data was processed using the ChromaTof® 4.50 164 

software. 165 

2.4.2 Aqueous phase 166 

The carbon content in the aqueous phase was determined with GC-AED. The quantification was done by 167 

external standards using benzyl alcohol dissolved in water. Calibration concentrations ranged from 10 ppm 168 

to 1100 ppm carbon. No identification of individual compounds was done and the total detected carbon 169 

was taken as a figure of the total carbon content in the aqueous sample. No sample pretreatment was done 170 

prior to analysis. A more thorough description of the method can be found elsewhere[36].  171 

The aqueous phase was also analyzed on a Shimadzu GC-MS/FID with a Supelco Equity-5 column. The 172 

compounds were identified on the MS and quantified using the parallel FID. Based on the GC-FID/MS 173 

analysis the components were classified into 8 groups: unidentified, ethers, ketones, alcohols, sugars, 174 

phenols, acids and furans. The relative amount (FID area-%) of each component class was estimated as the 175 

sum of all the detected peaks in that class divided by the total peak area.  176 

2.4.3 Catalyst characterization  177 

The carbon content on the spent NiMo/Al2O3 catalyst from the HDO reactor was measured with a LECO CS-178 

200. The sample was combusted in an O2 atmosphere and the formed CO2 was measured with IR-179 

absorption. 180 

The catalyst in the fluid bed reactor was during the experiment mixed with char particles, which makes it 181 

difficult to measure that carbon content on the spent catalyst from the fluid bed by combustion. The 182 

carbon content on the spent catalysts from the fluid bed reactor was therefore measured with scanning 183 

electron microscopy (SEM) combined with an energy-dispersive detector (EDS), and a detailed description 184 

of the method can be found elsewhere [36]. A FEI QUANTA600 scanning electron microscope with tungsten 185 

filament and equipped with a liquid nitrogen cooled EDAX EDS detector was used for these measurements. 186 

EDS element quantification was conducted at four different acceleration voltages: 3 kV, 5 kV, 10 kV, and 15 187 
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kV to probe different interaction volumes between the incident electron beam and the sample. The 188 

maximum penetration depth for MgAl2O4 was estimated with CASINO Monte Carlo Software to be 189 

approximately 0.170 µm for 3 kV and 1.60 µm for 15 kV [36], thus mainly probing the composition close to 190 

the catalyst surface. The standard deviation for the measurement was 1.5 wt.% at 3 kV, 0.8 wt.% at 5 kV, 191 

1.0 wt.% at 10 kV and 1.5 wt.% at 15 kV. 192 

3  Results and Discussion 193 

The tested process conditions and their effect on the product distribution are shown in Table 1. It should be 194 

noted that experiment 1-4 has previously been published [20]. However, in this work the produced liquid 195 

phases and the spent catalysts have been more extensively characterized and combining the previous 196 

obtained results with the new results gives a more in-depth understanding of the effect of pressure. The 197 

feed time varied between 1.4 and 4.0 hours and the mass balance closed between 99.5 and 92.1 wt.% daf. 198 

The reason for the short feeding time of 1.4 hours in experiment 6 is that the tube between fluid bed 199 

reactor and filter plugged. This was probably due to condensation and polymerization of heavy oxygenates 200 

in the tube.  The mass balance in experiment 8 only closed with 92.1 wt.% daf. In this experiment the HDO 201 

reactor was bypassed, the total pressure was 10 bar and the hydrogen partial pressure only 3.0 bar. The 202 

produced organic phase was thus heavier than the aqueous phase and part of the reason for the poor mass 203 

balance in experiment 8, is therefore most likely due to accumulation of organics in the setup. The biomass 204 

feeding rate was difficult to control and varied between 161 and 389 g/h, but only had a limited influence 205 

on the results [20]. 206 

  207 
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Table 1 Summary of the reactions conditions and mass balances for catalytic hydropyrolysis of beech wood at different total and 208 
hydrogen partial pressures.  209 

Test 1 2 3 4 5 6 7 8 

Test conditions      
 With 

HDO 
Without 

HDO 
With 
HDO 

With 
HDO 

With 
HDO 

With 
HDO 

With 
HDO 

Without 
HDO 

FB temperature (°C) 451 450 447 449 452 450 450 454 
FB catalyst amount 
(g) 

50.1 49.6 49.7 50.2 50.0 50.0 50.1 50.0 

HDO temperature 
(°C) 

371 - 370 364 386 383 376 - 

HDO catalyst mass (g) 173 - 173 173 175 175 171 - 
Total pressure (bar) 26 26 16 36 10 5 10 10 
H2 pressure (bar) 24.5 25.8 15.9 35.8 8.2 3.0 3.0 3.0 
Feed time (h) 4.0 3.9 4.0 4.0 2.6 1.4 2.8 2.8 
Feeding rate (g/h) 250 174 161 159 354 389 350 350 
H2S  conc.(ppm) 460 48 47 50 475 460 464 464 
H2 flow (NL/min) 82 87 52.4 124.2 30.9 10.4 11.4 11.4 
N2 flow (NL/min) 5.0 0.62 0.37 0.62 7.0 7.0 26.5 26.5 

2H  consumed (g)

Biomass used (kg)
  46 35 35 46 34 20 19 9.4 

Yields (wt. daf %)       
Gas 31.5 27.4 30.3 26.3 32.1 33.2 33.5 24.0 
Solid 11.4 12.3 11.0 12.7 13.2 13.6 15.7 15.3 
Aqueous phase 35.2 37.0 33.2 37.7 32.3 29.0 28.8 27.5 
Organic phase  12.3 12.0 11.0 10.6 13.0 10.1 12.6 23.0 
C4+ in the gas 9.1 8.3 8.7 10.3 7.9 8.5 7.6 2.3 
Organics + C4+ 21.5 20.3 19.7 20.9 20.9 18.7 20.2 25.3 
Mass balance 99.5 96.9 94.2 97.6 97.5 94.5 98.2 92.1 

Carbon recovery (%)         
C1-C3 23 19 19 21 22 21 21 8 
C4+ 15 14 14 17 13 15 13 4 
CO+CO2 12 13 13 10 13 15 16 13 
Organic phase 21 21 19 19 23 16 19 30 
Aqueous phase 0.014 1.1 <0.008 <0.009 0.51 0.59 0.47 8.5 
Organic phase + C4+ 37 35 34 36 36 31 32 34 

Organic phase composition       
Water (wt.%) ND 0.35 ND ND 0.36 3.32 1.6 11.3 
C* (wt.% db) 88 88 88 88 87 84 83 74 
H (wt.% db) 11.9 10.2 11.2 11.6 9.58 9.55 9.56 7.60 
O (wt.% db) 0.003 1.8 0.0009 0.0001 3.3 6.0 7.8 18.3 
S (wt.% db) 0.117 0.303 0.417 0.246 0.036 0.045 0.033 0.093 

Organic phase physical properties      
Density at 40°C 
(g/ml) 

0.827 0.889 0.852 0.843 0.863 .0936 0.944 1.06 

Viscosity (Pa s) 8.70×10-4 1.43×10-3 1.04×10-3 1.01×10-3 9.81×10-4 2.69×10-3 3.39×10-3 9.29×10-3 
TAN (mgKOH/g) - - - - - - 0.25 88.60 

Aqueous phase composition (wt.%)      
C 0.017 1.3 <0.01 <0.01 0.66 0.81 0.7 12.3 

Gas composition (wt.% daf)       
CO 9.0 11.1 10.8 9.9 8.8 10.0 10.0 8.7 
CO2 8.1 5.7 7.6 3.3 10.3 12.4 12.9 10.8 
C1-C3 14.3 12.1 12.0 13.2 13.0 10.9 10.6 4.5 
C4+ 9.1 8.3 8.7 10.3 7.9 8.5 7.6 2.3 

*By difference    
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3.1 Product distribution 210 

The main effect on the product distribution by increasing the hydrogen partial pressure was that it 211 

increased the aqueous phase yield and decreased the CO and CO2 yield. This shows that when the hydrogen 212 

pressure is increased the hydrodeoxygenation activity increases while the carboxylation/carbonylation 213 

decreases. In addition, decreasing the hydrogen partial pressure to below 15.9 bar hydrogen (experiment 5-214 

8) lead to an increase in the char and coke yield, which indicates that at low hydrogen pressure the catalyst 215 

is not active enough to suppress polymerization reactions. Varying the total pressure at constant hydrogen 216 

partial pressure (experiment 6 and 7) did not have a significant impact on the product distribution, thus the 217 

observed effects are due to the variations in hydrogen pressure.  218 

In the experiments where both reactors were used the condensable organic yield (condensed organics + C4+ 219 

in the gas) varied between 18.7 and 21.5 wt.% daf, as shown in Figure 2(A), with no apparent correlation 220 

between the hydrogen pressure and condensable organic yield. However, when the HDO reactor was 221 

bypassed the condensable organic yield was 20.3 wt.% daf at 25.8 bar hydrogen and increased to 25.3 wt.% 222 

daf at 3.0 bar hydrogen. The reason for the increased condensable organic yield is due to increased oxygen 223 

content in the organic phase. Using the HDO reactor, the total gas yield (Figure 2(B)) decreased from 33.5 224 

to 26.3 wt.% daf when partial pressure of hydrogen was increased from 3.0 to 35.8 bar. This was due to a 225 

decrease in the CO and CO2 yield, which decreased from 22.9 wt.% daf at 3.0 bar to 13.2 wt.% daf at 35.8 226 

bar, while the C1-C3 yield varied between 10.6 and 14.3 wt.% daf. The CO and CO2 yield most likely 227 

decreased due to a higher hydrodeoxygenation activity at higher hydrogen partial pressure, which is a 228 

competing reaction with decarbonylation and decarboxylation. The lower C1-C3 yield when the HDO reactor 229 

is bypassed, 4.5 wt.% daf at 3.0 bar hydrogen and 10.6 wt.% at 25.8 bar hydrogen, could be due to cracking 230 

of the vapors in the HDO reactor, but it is probably also due to deoxygenation of C1-C3 oxygenates, which 231 

are recovered in the aqueous and organic phases when the HDO reactor is bypassed. Interestingly, the CO 232 

and CO2 yield is unchanged when the HDO reactor is bypassed at 25.8 bar hydrogen, but decreased from 233 

22.9 to 19.6 wt.% daf at 3.0 bar hydrogen.  234 
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As shown in Figure 2(C) the solid yield decreased from 15.7 wt.% daf at 3.0 bar hydrogen to 11 wt.% at 15.9 235 

bar hydrogen. Furthermore, at 3.0 bar hydrogen it was observed that coke builds up on the filter and the 236 

filter cake was approximately 0.5 cm thick (see supplementary material Figure S.1). Similarly Dayton et al. 237 

[8] observed that decreasing the hydrogen concentration from 40 to 20 % (at 20.7 bar total pressure and 238 

425 °C) increased the solid yield from 8.9 to 14.1 wt.%. This indicates that the catalyst in the fluid bed 239 

reactor is not able to sufficiently fast remove the reactive oxygenates, leading to increased polymerization 240 

reactions. Furthermore, the solid yield increased to 12.7 wt.% daf when the hydrogen pressure was 241 

increased to 35.8 bar, which could indicate that too high pressure also increases the solid yield. However, 242 

the increase is close to the experimental uncertainty.  The aqueous phase yield increased with increasing 243 

hydrogen pressure from 28.8 wt.% daf at 3.0 bar hydrogen to 37.7 wt.% daf at 35.8 bar hydrogen, see 244 

Figure 2(D). This increase is both due to an increased degree of hydrogenation and hydrodeoxygenaton of 245 

the organics, and decreased carboxylation/carbonylation reactions. The change in aqueous phase yield, 246 

when the HDO reactor is bypassed is within the experimental uncertainty, however, bypassing the HDO 247 

reactor increased the carbon content in the aqueous phase, which is discussed in section 3.2. 248 

In both experiments 6 and 7 the hydrogen partial pressure was 3.0 bar, but in experiment 6 the total 249 

pressure was 5 bar, while it was 10 bar in experiment 7. The difference in the condensable organic, 250 

CO+CO2, C1-C3, and aqueous phase yields in these two experiments where 0.6 wt.% daf or lower. The 251 

largest difference was in the solid yield, which was 13.6 wt.% daf in experiment 6 (5 bar) and 15.7 wt.% daf 252 

in experiment 7 (10 bar). However, the reason for the lower solid yield in experiment 6 compared to 7 is 253 

that the tube between the fluid bed and filter blocked in experiment 6, thus leading to a solid build up in 254 

the tube, which was therefore not accounted for in the mass balance. Therefore, considering the relatively 255 

large difference in the product distribution (>2 wt.% for CO+CO2, C1-C3, solid and aqueous phase yield) 256 

between experiment 5 (10 bar pressure, 8.2 bar hydrogen) and 7 (10 bar pressure, 3 bar hydrogen), the 257 

experiments show that the product distribution is mainly dependent on the hydrogen partial pressure, and 258 

not on the total pressure.  259 
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Figure 2 Effect of hydrogen partial pressure on the condensable organic yield (A), gas yield (B), char yield (C), and aqueous phase 260 
yield (D). The lines provided are trend lines. Conditions: fluid bed temperature 447-454 °C, HDO temperature: 364-386 °C, 261 
biomass feeding rate: 159-389 g/min, H2S concentration: 47-475 ppm, H2 flow: 11.4-124.4 NL/min, N2 flow: 0.37-26.5 NL/min. 262 

The CO and CO2 yield is shown in Figure 3(A). The CO yield varied between 8.8 and 11.1 wt.% daf, and no 263 

correlation between the CO yield and the hydrogen pressure was observed. While the CO2 yield decreased 264 

from 12.9 wt.% daf at 3.0 bar hydrogen to 3.3 wt.% daf at 35.8 bar hydrogen. The reason for the decreasing 265 

CO2 yield might be that when the hydrogen pressure is increased, the CO2 is converted through the reverse 266 

water gas shift reaction (R.1).  267 

CO2 +H2 ⇌ CO+ H2O (R.1) 

The C2-C3 paraffin and olefin yields in Figure 3(B) show that when the HDO is used at hydrogen pressures 268 

between 15.9 and 35.8 bar all the olefins were converted into paraffins. However, at lower hydrogen 269 

pressures the olefin conversion decreased, thus at 8.2 bar hydrogen the C2-C3 olefin yield was 0.8 wt.% daf 270 
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and at 3.0 bar hydrogen the olefin yield was 3.1-3.3 wt.% daf. Bypassing the HDO reactor increased the 271 

olefin yield to 1.5 wt.% at 25.8 bar hydrogen, which shows that the olefins are removed in the HDO reactor 272 

at this pressure. However, bypassing the HDO reactor at 3.0 bar hydrogen decreased the olefin yield to 1.7 273 

wt.% daf, which is probably due to a higher yield of light oxygenates, which are not deoxygenated.  274 
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Figure 3 Effect of hydrogen partial pressure on the CO and CO2 yield (A) and the C2-C3 paraffin and olefin yield (B). The lines 275 
provided are trend lines. Conditions: fluid bed temperature 447-454 °C, HDO temperature: 364-386 °C, biomass feeding rate: 276 
159-389 g/min, H2S concentration: 47-475 ppm, H2 flow: 11.4-124.4 NL/min, N2 flow: 0.37-26.5 NL/min. 277 

3.2 Chemical composition of the condensed liquids 278 

3.2.1 Oxygen and hydrogen content 279 

The oxygen and hydrogen content in the condensed organic phase are shown in Figure 4. When the HDO 280 

reactor was used the oxygen content was close to 0 wt.% at hydrogen pressures between 15.9 and 25.8 281 

bar; however, decreasing the hydrogen pressure to 8.2 increased the oxygen content to 3.3 wt.% db and 282 

further decreasing the hydrogen pressure to 3.0 bar increased the oxygen content to between 6.0 and 7.8 283 

wt.% db. This shows that in order to produce oxygen free oil the hydrogen pressure should be above about 284 

8.2 bar with the used catalysts. Bypassing the HDO reactor when the hydrogen pressure was 25.8 bar 285 

increased the oxygen content in the organic phase to 1.8 wt.% db, showing that at this hydrogen pressure 286 

most of the deoxygenation takes place in the fluid bed reactor. However, bypassing the HDO reactor at 3.0 287 

bar hydrogen pressure increased the oxygen content to 18.3 wt.% db, thus under these conditions most of 288 

the oxygen must be removed in the HDO reactor. 289 
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Using the HDO reactor and increasing the hydrogen pressure from 3.0 to 24.5 bar increased the hydrogen 290 

content in the organic phase from 9.55 to 11.9 wt.% db, while further increasing the hydrogen pressure to 291 

35.8 bar decreased the hydrogen content to 11.6 wt.% db. However, this decrease is most likely due to the 292 

experimental uncertainty. Bypassing the HDO reactor also decreased the hydrogen content in the 293 

condensed organic phase to 10.2 wt.% db at 25.8 bar hydrogen and 7.60 wt.% db at 3.0 bar hydrogen. The 294 

lower hydrogenation activity could also be seen on the lower hydrogen consumption at low hydrogen 295 

pressures, thus the hydrogen consumption was between 19 and 20 g H2/kg biomass at 3.0 bar hydrogen 296 

which increased to 34 g H2/kg biomass at 15.9 bar hydrogen and further increased to 46 g H2/kg biomass at 297 

24.5 and 35.8 bar hydrogen. The hydrogen consumption also decreased with approximately 10 g H2/kg 298 

biomass when the HDO reactor was bypassed at both 3.0 and 25.8 bar hydrogen, indicating that the 299 

hydrogen consumed in the HDO reactor is independent of the pressure in the tested range.  Dayton et al. 300 

[8] observed that the hydrogen consumption was between 20 to 25 g H2/kg biomass when operating at 4.1 301 

bar hydrogen and between 35 to 38 g H2/kg biomass when operating at 8.2 bar hydrogen. The reason for 302 

the higher hydrogen consumption in the work by Dayton et al. is most likely that they used a reduced NiMo 303 

catalyst, while sulfided catalysts are used in this study, and reduced Ni is known for its high hydrogenation 304 

activity.  305 
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Figure 4 Effect of the hydrogen partial pressure on the oxygen (A) and hydrogen (B) content of the condensed organic phase. The 306 
lines provided are trend lines. Conditions: fluid bed temperature 447-454 °C, HDO temperature: 364-386 °C, biomass feeding 307 
rate: 159-389 g/min, H2S concentration: 47-475 ppm, H2 flow: 11.4-124.4 NL/min, N2 flow: 0.37-26.5 NL/min. 308 
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3.2.2 Physical properties of the organic phase 309 

The density and the viscosity of the condensed organic phase were measured at 40 °C and are shown in 310 

Figure 5(A) and (B), respectively. Using the HDO reactor the density was between 0.936 and 0.944 g/ml at 311 

3.0 bar hydrogen, and increasing the hydrogen pressure to 24.5-35.8 bar decreased the density to 0.827-312 

0.843 g/ml. Bypassing the HDO reactor increased the density to 1.0589 g/ml at 3.0 bar hydrogen and 0.889 313 

g/ml at 25.8 bar hydrogen. The viscosity varied between 9.81×10-4 and 1.01×10-3 Pa s when the hydrogen 314 

pressure was between 8.2 and 35.8 bar and the HDO reactor was used. Decreasing the hydrogen pressure 315 

to 3.0 increased the viscosity to between 2.69×10-3 and 3.39×10-3 Pa S, and bypassing the HDO reactor 316 

increased the viscosity to 1.43×10-3 Pa s at 25.8 bar hydrogen and 9.29×10-3 Pa s at 3.0 bar. The density of 317 

fast pyrolysis oil is typically between 1.1 and 1.3 g/ml and the viscosity is between 0.014 and 0.13 Pa s [5]. 318 

Therefore, and despite that both the density and viscosity increased significantly when the HDO reactor 319 

was bypassed at 3.0 bar they were still significantly lower than typical values for untreated fast pyrolysis oil. 320 

Furthermore, the density and viscosity of diesel is 0.82-0.85 g/ml and 1.56-1.83×103 Pa s, respectively [5]. 321 

This shows that the organic phases from the experiments with the HDO reactor were more similar to light 322 

gas oil than pyrolysis oil and due to the fairly low oxygen content in the organic phase it is most likely 323 

possible to co-feed into a refinery diesel hydrotreater.  324 

0 5 10 15 20 25 30 35 40

0,8

0,9

1,0

1,1

1,2

(A)

D
e

n
s

it
y

 a
t 

4
0

o
C

 (
g

/m
l)

PH2 (bar)

 With HDO

 Without HDO

 

0 5 10 15 20 25 30 35 40

1,0x10-3

2,0x10-3

3,0x10-3

4,0x10-3

5,0x10-3

6,0x10-3

7,0x10-3

8,0x10-3

9,0x10-3

1,0x10-2

(B)

V
is

c
o

s
it

y
 a

t 
4

0
o
C

 (
P

a
 s

)

PH2 (bar)

 With HDO

 Without HDO

 
Figure 5 Effect of the hydrogen partial pressure on the density (A) and viscosity (B) of the condensed organic phase. The lines 325 
provided are trend lines. Conditions: fluid bed temperature 447-454 °C, HDO temperature: 364-386 °C, biomass feeding rate: 326 
159-389 g/min, H2S concentration: 47-475 ppm, H2 flow: 11.4-124.4 NL/min, N2 flow: 0.37-26.5 NL/min. 327 
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The TAN number was also measured for the condensed organic phase from the experiments conducted at 328 

3.0 bar hydrogen with (exp. 7) and without the HDO reactor (exp. 8). This showed that the TAN number for 329 

organic phase was 0.25 mgKOH/g when the HDO reactor was used and 88.60 mgKOH/g when it was bypassed, 330 

indicating the HDO reactor is able to remove the acids, which are known for their ability to deactivate HDO 331 

catalysts by polymerization [37].  332 

3.2.3 GC×GC-MS/FID 333 

In order to gain a deeper insight into the condensed organic phases they were analyzed with GC×GC-334 

MS/FID and the detected components were divided into eleven groups naphthenes, monoaromatics, 335 

diaromatics, triaromatics, larger aromatics, phenols, dihydroxybenzenes, larger oxygenated aromatics, 336 

oxygenated aliphatics, paraffins, and sterols. The most important observation was that when the HDO 337 

reactor was used most of the oxygenates were phenols, showing that even at low hydrogen partial 338 

pressures the HDO reactor was able to remove the most reactive oxygenates (experiment 5-7). Bypassing 339 

the HDO reactor showed that the obtained bio-oil at 3 bar hydrogen (experiment 8) contained many 340 

reactive oxygenates and multifunctional phenols, thus likely making it more difficult to further upgrade in a 341 

refinery. 342 

Using the HDO reactor the concentration of paraffins was between 1.2 and 4.6 % area-FID, and the 343 

concentration of oxygenated aliphatics was between 1.5 and 2.6 % area-FID when the hydrogen pressure 344 

was below 15.9 bar, but 0 % area-FID at higher hydrogen pressures (see supplementary material Figure 345 

S.2). This indicates that even at low hydrogen pressures most of the reactive oxygenates are removed. The 346 

concentration of phenols and larger oxygenated aromatics are shown in Figure 6(A). The concentration of 347 

phenols was between 44 and 45 % area-FID at 3.0 bar hydrogen, but decreased to 12 % area-FID at 8.2 bar 348 

hydrogen and further increasing the hydrogen pressure lead to an almost complete removal of the phenols 349 

(non-detected). Similarly, the concentration of larger oxygenated aromatics decreased from between 4.5 350 

and 5.4 % area-FID at 3.0 bar hydrogen to 1.5 % area-FID at 8.2 bar hydrogen; none were detected at 351 

higher hydrogen pressures. The concentration of naphthenes increased from 17 % area-FID at 3.0 bar 352 
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hydrogen to 38 % area-FID at 35.8 bar hydrogen, while the concentration of diaromatics decreased from 353 

between 15 and 17 % area-FID at 3.0 bar hydrogen to 7.8 % area-FID at 35.8 bar hydrogen, see Figure 6(A).  354 

Interestingly, the concentration of monoaromatics increased from between 12 and 14 % area-FID at 3.0 bar 355 

hydrogen to 57 % area-FID at 15.9 bar hydrogen, but further increasing the hydrogen pressure to 35.8 bar 356 

decreased the concentration to 48 % area-FID. This indicates an optimum hydrogen pressure for the 357 

production of monoaromatics. At hydrogen pressures below the 15.9 bar the reaction rate of HDO is too 358 

low to efficiently deoxygenate the phenols and larger oxygenated aromatics despite that benzene is 359 

favored by the equilibrium [5]. At hydrogen pressures above the 15.9 bar the oxygenates are converted, 360 

and the naphthenes are favored by the thermodynamics [20], hence the aromatics are also hydrogenated 361 

which decreases the concentration of mono- and di-aromatics. This indicates that the concentration of 362 

monoaromatics is kinetically controlled at low hydrogen pressures (<15.9 bar), but controlled by the 363 

equilibrium at high hydrogen pressure (>15.9 bar).  364 
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Figure 6 Effect of the hydrogen partial pressure on the concentration of naphthenes (Naph), monoaromatics (mAro), diaromatics 365 
(diAro), phenols (PhOH), and larger oxygenated aromatics (O-Aro) (A), and on the concentration of hydrocarbons with  10 or 366 
fewer carbon atoms (-C10), between 11 and 15 carbon atoms (C11-C15), between 16 and 20 carbon atoms (C16-C20), and more 367 
than 20 carbon atoms (C20+) (B). The lines provided are trend lines. Conditions: fluid bed temperature 447-454 °C, HDO 368 
temperature: 364-386 °C, biomass feeding rate: 159-389 g/min, H2S concentration: 47-475 ppm, H2 flow: 11.4-124.4 NL/min, N2 369 
flow: 0.37-26.5 NL/min. 370 

Based on the paraffins retention time on the 1D column it was possible to estimate the number of carbon 371 

atoms in the products. However, it should be noted that other component classes do not necessarily have 372 

the same carbon number distribution as the paraffins and caution is needed when correlating the results.  373 
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As shown in Figure 6B the molecules were divided into 4 groups: less than 10 carbon atoms (-C10), 374 

between 11 and 15 carbon atoms (C11-C15), between 16 and 20 carbon atoms (C16-C20), and more than 375 

20 carbon atoms (C20+). The concentration of molecules with less than 10 carbon atoms increased from 376 

between 19 and 23 % area-FID at 3.0 bar hydrogen to 49 % area-FID at 8.2 bar, further increasing the 377 

hydrogen pressure to 35.8 bar increased the concentration to 52 % area-FID. The reverse trend was 378 

observed for molecules with between 11 and 15 carbon atoms for which the concentration decreased from 379 

between 60 and 61 % area-FID at 3.0 bar to 39 % area-FID at 8.2 bar, and to 35 % area-FID at 35.8 bar. This 380 

indicates that increasing the hydrogen pressure from 3.0 to 8.2 bar significantly increases the hydrocracking 381 

activity, while further increasing the hydrogen pressure has less effect on the hydrocracking activity. It 382 

should be noted that the concentration of molecules with between 16 and 20 carbon atoms was between 383 

12 and 15 % area-FID at 3.0 bar hydrogen and decreased to 9.9 % area-FID at 35.8 bar hydrogen. This 384 

indicates that hydrogen pressure only has a limited effect on the concentration of larger molecules and the 385 

concentration of molecules with more 20 carbon atoms was 3.9 % area-FID at 3.0 bar hydrogen and 3.6 % 386 

area-FID at 35.8 bar hydrogen. 387 

The chromatograms and composition of the organic phases from the experiments where the HDO reactor 388 

was bypassed (#2 and #8) are shown in Figure 7. The organic phases from the two experiments are very 389 

different. At 3.0 bar hydrogen 77 % area-FID of the organics are oxygenates, while only 26 % area-FID is 390 

oxygenates at 25.8 bar hydrogen. At 3.0 bar hydrogen the concentration of oxygenated aliphatics was 33 % 391 

area-FID, while it was 4.0 % area-FID at 25.8 bar hydrogen, which shows that at the low hydrogen pressure 392 

(3.0 bar) the rate of HDO it too low to convert even simple and reactive oxygenates. Likewise, the 393 

concentration of larger oxygenated aromatics and dihydroxybenzenes was 18 and 5.2 % area-FID, 394 

respectively, at 3.0 bar hydrogen. Increasing the hydrogen pressure to 25.8 bar decreased the 395 

concentration of larger oxygenated aromatics to 0.1 % area-FID and dihydroxybenzenes were not detected 396 

at this hydrogen pressure. Traces of sterols (0.1 % area-FID) were also detected at 3.0 bar hydrogen, but 397 

not at 25.8 bar hydrogen. These results indicate that the organic phase produced at 25.8 bar hydrogen is 398 
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more stable and less reactive than the organic phase produced at 3.0 bar hydrogen. It is therefore likely 399 

that the organic phase produced at 25.8 bar hydrogen can easily be co-feed into an existing refinery unit, 400 

while co-feeding the organic phase produced at 3.0 bar will most likely lead to catalyst deactivation due to 401 

the furans and multifunctional phenols present in the organic phase. Furthermore, the organic phase 402 

produced at 3.0 bar is most likely less miscible with fossil oil due to its high oxygen content.  However, it 403 

should also be noted that dihydroxybenzenes were not detected in any of the experiments with the HDO 404 

reactor, thus multifunctional phenols were only detected at 3.0 bar hydrogen when the HDO reactor was 405 

bypassed. Furthermore, the molecular size distribution was also very different for produced organics when 406 

the HDO reactor was bypassed. 32 % area-FID of the molecules contains less than 10 carbon atoms at 3.0 407 

bar hydrogen, while 41 % contains less than 10 carbon atoms at 25.8 bar hydrogen, showing that 408 

decreasing the hydrogen pressure leads to a heavier organic phase. 409 

  410 
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Figure 7 Composition of the organic phase when the HDO reactor is bypassed at 3.0 bar hydrogen (A,B) and at 25.8 bar hydrogen 411 
(C,D). The components in the condensed organics are divided into paraffins (Par), naphthenes (Naph), monoaromatics (mAro), 412 
diaromatics (diAro), triaromatics (triAro), tetraaromatics and larger aromatics (tetAro+), oxygenated aliphatics (O-ali), phenols 413 
(PhOH), dihydroxybenzenes (Ph(OH)2), and larger oxygenated aromatics (O-aro). Conditions: fluid bed temperature 450-454 °C, 414 
biomass feeding rate: 174-350 g/min, H2S concentration: 48-475 ppm, H2 flow: 11.4-87 NL/min, N2 flow: 0.62-26.5 NL/min. 415 

3.2.4 Sulfur specific GC-AED 416 

The sulfur content in the condensed organic phases was measured to be between 0.033 and 0.417 wt.% db 417 

with energy dispersive X-ray fluorescence, which indicates an incorporation of sulfur into the produced 418 

organics. The sulfur content in the organic phase therefore needs to be reduced before it can be used as 419 

transportation fuel for cars. Since the reactivity of sulfur molecules is highly dependent on the type of 420 

molecules, for instance dibenzothiophene is very difficult to desulfurize [38], it is important to investigate 421 

the type of sulfur compounds in the organic phase. Therefore, 5 of the condensed organic phases were 422 

analyzed with sulfur specific GC-AED and the detected compounds were divided into thiols, thiophenes, 423 

benzothiophenes, other sulfur containing hydrocarbons such as DMDS and carbonylsulfide, and 424 
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unidentified. Detailed lists of the detected compounds are shown in supplementary material Tables S.1 - 425 

S.5. This showed that the samples contained between 17 and 232 wt-ppm S as H2S, which was not properly 426 

removed during the stripping. When the HDO reactor was bypassed at 3.0 bar hydrogen the concentration 427 

of thiols was 23 wt-ppm S, but between 0 and 3 wt-ppm S when the HDO reactor was used, see Figure 8, 428 

showing that even at low hydrogen pressures the thiols were removed in the HDO reactor. The 429 

concentration of thiophenes was 220 wt-ppm S at 3.0 bar hydrogen without the HDO reactor, but 298 wt-430 

ppm S at 3.0 bar hydrogen (10 bar total pressure) with HDO reactor, indicating that thiophenes are formed 431 

in the HDO reactor. However, it should be noted that the concentration of unidentified compounds was 96 432 

wt-ppm S when the HDO reactor was bypassed and 34 wt-ppm S when the HDO reactor was used, thus it is 433 

likely that the organic phase from experiments without the HDO reactor contains some unidentified 434 

thiophenes or benzothiophenes.  435 
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Figure 8 Effect of the hydrogen partial pressure and the total pressure on the concentration of organic sulfur species in the 437 
condensed organic phase. Conditions: fluid bed temperature 447-454 °C, HDO temperature: 364-386 °C, biomass feeding rate: 438 
159-389 g/min, H2S concentration: 47-475 ppm, H2 flow: 11.4-124.4 NL/min, N2 flow: 0.37-26.5 NL/min.   439 

Interestingly, the concentration of thiophenes was 463 wt-ppm S when the total pressure was 5 bar (3.0 440 

bar hydrogen), but 298 wt-ppm S when the total pressure was 10 bar (3.0 bar hydrogen), both with the 441 

HDO reactor, indicating that the total pressure influences the thiophene concentration. The thiophene 442 

concentration was 38 wt-ppm S both at 8.2 and 24.5 bar hydrogen, indicating that varying the hydrogen 443 

pressure in this interval only has a limited effect on the thiophene concentration. However, the 444 
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concentration of benzothiophenes was 16 wt-ppm S at 8.2 bar hydrogen, but was not detected at 24.5 bar 445 

hydrogen. Furthermore, the total concentration of sulfur containing compounds was 109 wt-ppm S at 8.2 446 

bar hydrogen and 84 wt-ppm S at 24.5 bar hydrogen. This therefore shows that the sulfur compounds in 447 

the produced organic phase are fairly similar to the sulfur compounds produced in fluid catalytic cracking 448 

[39] and does not contain the very stable dibenzothiophenes [38], thus the sulfur can relatively easily be 449 

removed in a modern refinery.   450 

3.2.5 Aqueous phase composition 451 

The carbon content in the aqueous phases was below 0.02 wt.% in the experiments where the HDO reactor 452 

was used and the hydrogen pressure was 15.9 bar or higher, see Table 1. Decreasing the hydrogen pressure 453 

to 8.2 bar increased the carbon content in the aqueous phase to 0.66 wt.% and further decreasing the 454 

hydrogen pressure to 3.0 bar increased the carbon content to between 0.70 and 0.81 wt.%, depending on 455 

the total pressure. Furthermore, bypassing the HDO reactor at 3.0 bar hydrogen the carbon content in the 456 

aqueous phase was 12.3 wt.%, while it was 1.3 wt.% at 25.8 bar hydrogen. This shows that conducting 457 

catalytic hydropyrolysis at low hydrogen pressures (<15.8 bar) even with a HDO reactor lead to higher 458 

carbon content in the aqueous phase, which could increase the operating expenses for waste water 459 

treatment.  460 

In order to obtain a more thorough understanding of the oxygenates the aqueous phase, the aqueous 461 

phases with more than 0.02 wt.% carbon were analyzed with GC-MS/FID. The detected oxygenates were 462 

divided into 8 groups: alcohols, furans, acids, ketones, phenols, sugars, esters, aldehydes and unidentified. 463 

Lists of the detected compounds can be found in supplementary material Tables S.6-S.10. To compare the 464 

concentrations in the different aqueous phases the relative FID area (the FID area of one group divided 465 

with total area) was multiplied with the concentration of carbon in the aqueous phase, as shown in Figure 466 

9. When the HDO reactor was used most of the aqueous phase oxygenates were phenols and the phenol 467 

concentration increased from 0.11 to 0.31 wt.% when the hydrogen pressure was decreased from 8.2 to 3.0 468 

bar (10 bar total pressure). At 8.2 bar hydrogen no acids were detected, but at 3.0 bar hydrogen (10 bar 469 
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total pressure) acetic acid, propanoic acid, and butanoic acid were detected, corresponding to a total 470 

concentration of 0.009 wt.%. Ketones were also observed at 3.0 bar hydrogen at both 5 and 10 bar total 471 

pressure, showing that at 3.0 bar hydrogen the rate of HDO is too low to convert even the more reactive 472 

oxygenates. However, the concentration of alcohols was below 0.1 wt.% in all the experiments with the 473 

HDO reactor. 474 
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Figure 9 Effect of the hydrogen partial pressure and total pressure on composition of the aqueous phase. The concentration is 476 
calculated by multiplying the total concentration of the carbon in the aqueous phase with the fraction (area-FID) of the different 477 
compounds. 478 

Bypassing the HDO reactor increased the concentration of alcohols to 1.0 wt.% at 3.0 bar hydrogen and 479 

0.66 wt.% at 25.8 bar hydrogen. Likewise, the phenols concentration increased to 0.53 wt.% at 3.0 bar 480 

hydrogen and 0.36 wt.% at 25.8 bar hydrogen and the concentration of ketones increased to 3.6 wt.% at 481 

3.0 bar hydrogen and 0.24 wt.% at 25.8 bar hydrogen. At 3.0 bar hydrogen furans (0.12 wt.%), sugars (0.34 482 

wt.%), esters (0.073 wt.%), aldehydes (0.024 wt.%) were also observed, none of these compounds were 483 

detected at 25.8 bar hydrogen, showing that the aqueous phase formed at 3.0 bar hydrogen contains much 484 

more reactive oxygenates than the aqueous phase formed at 25.8 bar. 485 

3.3 Characterization of the spent catalysts 486 

3.3.1 Fluid bed reactor 487 

The carbon content on the spent catalysts from the fluid bed reactor was investigated with SEM-EDS and 488 

the acceleration voltage was varied between 3 and 15 kV. At 3 kV the carbon concentration at the surface 489 
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was measured and at 15 kV a concentration closer to the bulk was measured, as described in detail in ref. 490 

[36]. In order to account for the background carbon measurement, the carbon content on the catalysts was 491 

calculated by subtracting the measured carbon content on the fresh catalyst from the carbon on the spent 492 

catalysts (see supplementary material equation S.1). The measured carbon content on the catalysts is 493 

shown at different acceleration voltages in supplementary material Table S.11. Figure 10 shows the 494 

measured concentration of carbon at 15 kV as a function of the hydrogen pressure. It can be seen that at 495 

hydrogen pressures between 15.9 and 35.8 bar the carbon concentration varied between 4.8 and 6.2 wt.%, 496 

differences within the measurement uncertainty, and hence the coke formation was unaffected by the 497 

hydrogen pressure in this range. However, decreasing the hydrogen pressure to 8.2 bar increased the 498 

carbon concentration to 8.8 wt.% and further decreasing the hydrogen pressure to 3.0 increased the 499 

carbon content to between 12.2 and 20.7 wt.%. Part of the reason for the large variation in the carbon 500 

content at 3.0 bar hydrogen is that different amounts of biomass were used. When 513 g daf biomass was 501 

used the carbon content was 12.2 wt.%, while it was 16.0 wt.% when 972 g daf was used and 20.7 wt.% 502 

when 899 g daf was used. As shown in supplementary material Figure S.3 the carbon content on the 503 

catalysts, which had a bulk carbon content of 16.0 and 20.7 wt.% (measured at 15 kV), had a higher carbon 504 

concentration at surface (between 20.8 and 25.6 wt.%). This indicates that carbon was building up on the 505 

surface of the catalyst, which over time could lead to blocking of the pores. The carbon content on the 506 

spent catalysts from the fluid bed reactor therefore indicates that at hydrogen pressures of 15.9 bar and 507 

above there is sufficient hydrogen for the catalyst to stabilize the reactive molecules before they can 508 

participate in polymerization reactions on the surface. These observations are therefore in alignment with 509 

the knowledge from hydrotreating of fossil oil, where it is well-known that high hydrogen pressure 510 

decreases the degree of coking due to stabilization of coke precursors [40].  511 
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Figure 10 Carbon content on the spent catalysts from the fluid bed (FB) reactor, measured with SEM-EDS at 15 kV. Conditions: 513 
fluid bed temperature 447-454 °C, HDO temperature: 364-386 °C, biomass feeding rate: 159-389 g/min, H2S concentration: 47-514 
475 ppm, H2 flow: 11.4-124.4 NL/min, N2 flow: 0.37-26.5 NL/min. 515 

3.3.2 HDO reactor 516 

The carbon content on the spent catalysts from the HDO reactor was also measured as shown in Figure 11. 517 

The catalyst in the HDO reactor was not exchanged between experiments 1 to 4, and had prior to 518 

experiment 1 also been used in another experiment at 24.5 bar hydrogen. Despite that this catalyst had 519 

been used for several experiments (at high hydrogen partial pressure), the carbon content was only 1.29 520 

wt.%, while it was 2.94 wt.% on the catalyst that was tested at 8.2 bar hydrogen, 4.43 wt.% on the catalyst 521 

tested at 3.0 bar hydrogen (0.51 kg daf biomass used), and 5.59 wt.% on the catalyst that was tested at 3.0 522 

bar hydrogen (0.90 kg daf biomass used). This shows that the degree of coking of the catalyst in the HDO 523 

reactor increased with decreasing hydrogen partial pressure. The reason for this observation is most likely a 524 

combination of the low hydrogen pressure, the higher oxygen content in the hydrocarbons produced in the 525 

fluid bed reactor and the more reactive and multifunctional oxygenates, as discussed in the Section 3.2. 526 

These experiments therefore indicate that in order to minimize coking of the HDO reactor the hydrogen 527 

pressure should be above 8.2 bar, when the herein applied catalyst combination is used.  528 
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Figure 11 Carbon content on the spent catalyst from the HDO reactor. Conditions: fluid bed temperature 447-454 °C, HDO 530 
temperature: 364-386 °C, biomass feeding rate: 159-389 g/min, H2S concentration: 47-475 ppm, H2 flow: 11.4-124.4 NL/min, N2 531 
flow: 0.37-26.5 NL/min. 532 

4 Conclusion 533 

Catalytic hydropyrolysis of beech wood was conducted in a fluid bed reactor followed by a fixed bed HDO 534 

reactor, at a total pressure between 5 and 36 bar and a hydrogen pressure between 3.0 and 35.8 bar. At 535 

hydrogen pressures below 15.9 bar the solid yield increased from 11.0 wt.% daf at 15.9 bar hydrogen to 536 

15.7 wt.% daf at 3.0 bar hydrogen, showing that at low hydrogen pressures the pyrolysis vapors are not 537 

sufficiently stabilized, leading to polymerization. The organic phase produced at between 15.9 and 35.8 bar 538 

hydrogen pressure was essentially oxygen free (<0.01 wt.%), but the oxygen content increased with 539 

decreasing pressure and an oxygen content up to 7.8 wt.% db was measured at 3.0 bar hydrogen, where 540 

the oxygenates were mainly phenols. In addition conducting the experiments at 3.0 and 25.8 bar hydrogen 541 

pressure without the HDO reactor, showed that the oxygenates in the condensed liquid phases at 25.8 bar 542 

hydrogen mainly consisted of phenols, while the oxygenates from the experiment conducted at 3.0 bar 543 

consisted of phenols, dihydroxybenzenes, larger aromatics, and a high concentration of oxygenated 544 

aliphatics.  545 

The carbon content on the spent catalysts from both the fluid bed and HDO reactor was measured. Varying 546 

the hydrogen partial pressure between 15.9 and 35.8 bar did not have an impact on the carbon content on 547 
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the spent catalyst from the fluid bed, however further decreasing the hydrogen pressure increased the 548 

carbon content, indicating an increased deactivation of the catalyst. Similarly, a higher carbon content was 549 

observed on the spent catalyst from the HDO reactor when operating at below 15.9 bar hydrogen pressure.  550 

The higher carbon on the catalysts from experiments at low hydrogen pressures (15.9 bar) is because the 551 

oxygenates produced at low hydrogen pressures are more reactive, thus increasing the rate of coking. The 552 

results show, that despite being easier to feed biomass at low pressure, it may lead to a more reactive 553 

product, which can decrease the catalyst life time and may limit further processing in a refinery.  554 
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