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- CFD give opportunities, which cannot be achieved with simulations for ideal mixing.  

- CFD a tool to investigate substrate gradient in industrial bioreactors.  

- CFD gives an insight on the effect of strain improvements on the performance of a fed-batch 
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CFD based model for the growth of S. cerevisiae in an

industrial bioreactor

Mathias R. Wright, Christian Bach, Krist V. Gernaey & Ulrich Krühne

Process and Systems Engineering Centre (PROSYS), Department of Chemical and Biochem-

ical Engineering, Technical University of Denmark, 2800 Lyngby, Denmark

Abstract

The knowledge of the effect of uncertainties on kinetic parameters is fundamental,

when a model is used to improve the performance of an industrial bioreactor. In this work

a 100 m3 industrial bioreactor operating as a fed-batch is simulated by computational

fluid dynamic (CFD) methods to investigate the effects of varying kinetics describing the

growth of S. cerevisiae. The results of the simulation show that the kinetic parameters

used to describe the anaerobic metabolic state have the largest influence on the glucose

distribution causing a maximum deviation of 25% of the glucose profile corresponding to

the base case. The uncertainties of the parameters describing aerobic metabolism affect the

glucose with 2% to 5%. The sensitivity of the kinetics is also investigated for four different

volumes of the bioreactor operating as a fed-batch. The uncertainty of the kinetics has the

largest impact at the beginning of the process, where the mixing time is relatively low and

a small impact is found at the end where the mixing time is high. Finally, the influence

of a varying yield coefficient on the development of the cell concentration is investigated.

Only a small deviation in the cell concentration is found. However, by comparing the CFD

simulation with a simulation where ideal mixing is assumed, a deviation of the biomass

concentration of approximately 10 g/L or 33% was predicted for the final volume. This

work illustrates the possibility to evaluate the effect of variations in kinetic parameters

using CFD, and gives an insight on the effect of potential strain improvements on the

performance of a fed-batch process.

1

http://ees.elsevier.com/cherd/viewRCResults.aspx?pdf=1&docID=25860&rev=2&fileID=396900&msid={D1C4083B-C2E9-4504-98AE-0B61843C3496}
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1 Introduction

Saccharomyces cerevisiae is widely used in industry, for applications that range from the

production of beer to the production of pharmaceuticals [1]. S. cerevisiae is often cultivated

in large stirred bioreactors, which are aerated. In these reactors gradients of substrates are

likely to occur. Substrate gradients have been reported for several organisms in large reactors.

Bylund et al. [2] observed a concentration of 2000 mg/L glucose close to the feed point of a 12

m3 reactor with Escherichia coli. Far away from the feed point, glucose concentrations as low

as 2 mg/L were observed. Furthermore, a yield loss of 20% was observed when the large-scale

reactor was compared to a laboratory-scale reactor. They suggested that the yield loss was

caused by overflow metabolism in substrate-rich zones and/or by anaerobic fermentation in

oxygen-limited zones. This was confirmed by Larsson et al. [3] who showed that glucose

gradients in a 30 m3 reactor led to the formation of undesired by-products for S. cerevisiae,

which resulted in a decrease in biomass yield.

It is extremely difficult to collect good experimental data on gradients in large scale bioreac-

tors, for example due to concerns about maintaining sterile conditions in the reactor. Com-

monly used methods to investigate and predict gradients in a bioreactor rely on computational

models, in particular Computational Fluid Dynamics (CFD). CFD has been used to inves-

tigate and optimize bioreactors. Several studies have focused on the gas-liquid mixing. For

instance, CFD was used to investigate the gas-liquid flow and power consumption in a dual

Rushton turbine stirred tank with volume of 100 L [4, 5]. Furthermore, CFD has been used

to predict the gas transfer coefficient kLa for a stirred tank with a volume of respectively

150-350 L and 80 L [6, 7].

CFD simulations also have the potential to describe the formation of substrate gradients by

combining flow simulation with kinetics of microorganisms. Haringa et al. [8] simulated the

varying substrate concentrations to which Penicilium chysogenum is exposed to in an indus-

trial bioreactor. They found that 57% of the vessel was depleted of substrate. Furthermore,

Lapin et al. [9] simulated the glucose gradients to which E. coli organisms are exposed to in

a 900 L bioreactor. They found high glucose concentrations at the top close to the feed point

and glucose concentrations close to zero at the bottom of the reactor.

Several studies have also combined gas-liquid simulations with a kinetic model for the growth
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of microorganisms. For instance, Elgotbi et al. [10] simulated the behavior of Aspergillus

niger in a 5 L bioreactor operating as a batch. In the study, gas-liquid simulations and the

kinetics of Aspergillus niger were combined to investigate the production of gluconic acid.

Morchain et al. [11] combined gas-liquid flow with a population balance model for the cells to

investigate the formation of substrate gradients in a 70 m3 bioreactor with reasonable results.

Common for the studies reported in the literature, when combining CFD with a kinetic

model is that the effect of uncertainties on the parameters of the kinetic model is usually not

considered. For instance, a deviation of 5% on the yield coefficient of biomass on glucose has

been reported [12]. It is unknown how these uncertainties would affect a CFD-based model

for a production size bioreactor. Furthermore, most studies do not investigate an entire

production process using CFD, but only consider a snapshot of the process, for example only

considering a situation where the tank is completely filled. The latter is only the case for a

small period of time in case of a fed-batch process, an operating mode which is very popular

in industrial fermentation.

1.1 Purpose of paper

In view of the above the main focus in this work is to investigate the robustness of a CFD-based

kinetic model, which is used to describe the growth of S. cerevisiae in an industrial bioreactor

with a maximum capacity of 100 m3. Furthermore, it will be investigated how the variation

in the kinetic parameters affects the performance of the fed-batch operated bioreactor.

2 Materials and methods

2.1 Reactor geometry

The simulated bioreactor had a volume of 100 m3 and contained four baffles, 23 cooling coils

and four Rushton turbines with six blades each. The dimensions of the reactor can be seen

in Table 1, and an illustration of the reactor is shown in Figure 1. The cooling coils were

simplified so they were all oriented in parallel, whereas the cooling coil in the real system is

one long coil. All simulations were performed with a constant stirrer speed of 69 rpm. The

constant stirrer speed was chosen in order to achieve a constant power input of approximately
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1-2 KW/m3 which is typical for industrial bioreactors [13].

Table 1: Dimensions of the reactor used for simulations.

Symbol Dimension Description

H 10.5 m Reactor height

T 1/3 H Reactor diameter

d 2/5 T Impeller diameter

C 0.58 T Impeller clearance

B 1/10 T Baffle width

(a) Cross-sectional area of the reactor geome-

try.

(b) Three-dimensional drawing of the reactor

geometry.

Figure 1: Geometry of the simulated reactor. The Rushton turbines and the sparger are located

in the rotating domain. The baffles and coils are located in the stationary domain.
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2.2 Simulation setup

The CFD simulations were performed using ANSYS CFX 17. The reactor was divided into

two domains: An outer stationary domain and an inner rotating domain. A structured

hexahedral mesh was used for both domains. The mesh was constructed so that the mesh

density (elements/volume) is highest close to important regions such as walls or cooling coils.

A mesh sensitivity study was made and can be found in the supplementary material. The inner

domain was defined as a rotating domain with a rotational speed of 69 rpm. The standard

RANS k-ε model was used to model the turbulence. All walls were defined as no-slip walls,

apart from the top which was defined as a free-slip wall. Simulation of the flow was performed

by solving the mass conservation equation and the momentum equation, which can be found

in the supplementary material.

Only a one-phase simulation of the liquid phase was performed, where oxygen was represented

as dissolved oxygen. The dissolved oxygen was defined as an additional variable present in the

liquid phase. Despite the expected impact on the results of the mixing and the distribution

of oxygen in the reactor, this simplification was made to shorten the simulation time in order

to enable the investigation of the sensitivity of the model prediction to changes in the kinetic

parameters. A description of how the oxygen transfer from gas to the liquid phase was

modelled can be found in Section 2.4.1. The assumption related to one-phase simulation is

discussed in Section 3.3. Just like oxygen, glucose was defined as additional variable present

in the liquid phase. It was assumed that all fluid components are mixed at the molecular level,

that they share the same mean velocity and that mass transfer takes place by convection and

diffusion.

Since the particle Stokes number associated with the microorganisms was small, it was as-

sumed that microorganisms would behave like a tracer substance in the continuous phase

[14]. The microorganisms were therefore represented through their concentration in the liquid

phase. The growth of microorganisms is relatively slow compared to e.g. the consumption

of glucose and therefore the cell concentration is generally not expected to form gradients

[3, 15]. Thus, the microorganism concentration was assumed to be constant throughout the

entire reactor. The sensitivity of the kinetic model was investigated by varying the following

model parameters: the half-saturation constant, the yield coefficient and the maximum spe-
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cific growth rate. Further information about how the varying kinetics that are considered in

the evaluation can be found in Section 2.5.

2.3 Metabolism of S. cerevisiae

The growth of S. cerevisiae is well known and can generally be described by three major

metabolic pathways, depending on the availability of glucose and oxygen as shown in Equa-

tions 1-3.

In the presence of oxygen, glucose will be consumed by aerobic respiration. The by-products

of this reaction are carbon dioxide and water [16]. The reaction is shown in Equation 1, where

Ysi represents the yield coefficient of compound i on glucose.

C6H12O6 + Yso1 O2 → Ysx1 X + Ysco1 CO2 + YsH2O1 H2O (1)

If S. cerevisiae grows in an environment with no oxygen, it shifts its metabolism from aerobic

respiration to anaerobic fermentation. Without oxygen, glucose cannot be converted into

carbon dioxide and water. Instead, it is converted into ethanol, as shown in Equation 2 [17].

C6H12O6 → Ysx2 X + Ysp2 C2H6O + Ysco2 CO2 (2)

At high substrate concentrations, S. cerevisiae can also produce ethanol under aerobic condi-

tions, which is called the Crabtree effect or overflow metabolism [18]. The substrate is under

such conditions converted according to a mix of aerobic respiration and anaerobic fermenta-

tion.

C6H12O6 + Yso3 O2 → Ysx3 X + Ysco3 CO2 + YsH2O3 H2O + Ysp3 C2H6O (3)

The yield coefficients depend on the yeast strain, the media composition and the conditions

to which the yeast cells are exposed. For instance, Hoek et al. [19] found a yield coefficient

for aerobic metabolism (Ysx1) at 0.46 g/g, whereas Postma et al. [12] measured it to be 0.51

g/g for a different yeast strain.
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2.4 Kinetic model

A kinetic model based on classical Monod kinetics was used to describe the growth rate, where

the growth depends on one limiting substrate.

µ = µmax
Cs

Cs +Ks
(4)

where µ is the specific growth rate, µmax is the maximum specific growth rate, Cs is the

substrate concentration of the limiting substrate, and Ks is the half-saturation concentration.

From the growth rate, an equation for the glucose uptake rate can be formulated:

qs = µ · Cx

Ysx
(5)

where qs is the glucose uptake rate, Cx is the cell concentration, and Ysx is the yield coefficient.

From the glucose consumption rate, a general mass balance for glucose can be formulated and

was solved in the simulations.

∂Cs

∂t
+∇ (CsU) + qs = 0 (6)

where U is the velocity vector representing the three directions x, y and z.

2.4.1 Modelling the oxygen concentration

In an actual bioreactor air bubbles are sparged at the bottom of the reactor. As the bubbles

travel from the bottom to the top, some of the oxygen is transported from the bubbles to

the liquid phase. Simultaneously, some of the oxygen in the liquid phase is used by the cells.

The concentration of oxygen in the liquid phase therefore depends on the transfer and uptake

rates of oxygen.The simulations in this work are one-phase simulations, i.e. only the liquid

phase was considered and the bubbles were not simulated. The oxygen profile in the gas phase

is imposed, and used to derive the transport of oxygen to the liquid phase. The liquid oxygen

profile is a function of liquid convection, transport from the gas-phase and the consumption

of oxygen. The mass balance for the oxygen in the liquid phase was formulated as:

∂CO2

∂t
+∇ (CO2U) +

(
qt

O2 − qO2

)
= 0 (7)
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where the oxygen uptake rate is described by:

qO2 = Yso

Ysx
µ · Cx (8)

and the oxygen transfer rate is described by:

qt
O2 = kLa

(
yO2(H) · P (H)

HA
− CO2

)
(9)

where kla is a mass transfer coefficient, yO2 is the oxygen fraction, P is the pressure, H is the

height of the reactor and HA is the Henry’s constant (790.6 atm · L/mol).

It has been shown that the partial pressure of oxygen in the local gas phase varies with the

position in the reactor [20, 21]. The pressure was here defined as a function of the hydrostatic

pressure. Therefore, the oxygen fraction yO2 was defined to depend on the liquid height and

decreased when the height approached the maximum liquid height of 10.5 m. The oxygen

fraction was defined to begin at 0.21 at the bottom of the reactor and was assumed to decrease

with a logarithm average value between top and bottom of the reactor, which is illustrated

in Figure 2. The slope of the function was obtained by using the model from Sieblist et

al. [22]. This assumption was made to simulate that the partial pressure of the oxygen in

the local gas phase actually decreased the longer the gas phase was present in the reactor.

The assumption only applies if the microorganisms consumes some of the dissolved oxygen

present in the reactor. The oxygen driving force was therefore not constant in the reactor, but

depended on the height of the reactor. Furthermore, a constant kLa of 500 h−1 was assumed

for all simulations as Morchain et al .[11]. kLa is assumed constant in the entire domain and

independent of gas velocity, pressure and height. A constant kLa in the entire volume suggests

an even distribution of the dissipated power by the impeller over the volume. This might not

be the case in reality, but the assumption was made to simplify the simulations.
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Figure 2: Oxygen fraction yO2 as a function of the height of the reactor. The slope of the

function was obtained from Oosterhuis et al. [21].

2.4.2 Metabolic shift

To simulate the shift between the different metabolic states, Ks, Ysx and µmax were set to

depend on the glucose and oxygen concentrations. Aerobic and overflow metabolism were

defined to take place when the oxygen concentration was above 0.42 mg/L, corresponding to

5% of the saturation concentration of oxygen at normal pressure. The anaerobic metabolic

shift is based on an assumption because experimentel data was not available. The scope of

this study is to assess the sensitivity to uncertainty of kinetic models in CFD simulations,

and the absolute value of the shift is not essential to this assessment. Therefore a suitable

value was chosen.
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Figure 3: Boundaries between aerobic metabolism, overflow metabolism, and anaerobic

metabolism defined in the kinetic model of S. cerevisiae.

The shift between aerobic metabolism and overflow metabolism was defined to take place

for a glucose concentration of 0.12 g/L [12]. The shift between different metabolic states

was assumed to be instantaneous and is illustrated in Figure 3. The assumption is based

on Chassagnole et al. [23] who have shown that cells can switch metabolism in a matter

of seconds. The kinetic parameters and their uncertainties corresponding to the different

metabolic states can be seen in Table 2.
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Table 2: Parameters and their uncertainties used for the simulation.

Parameter Value Description Unit Reference

Ks1 0.02±0.002 Saturation for aerobic metabolism g/L [12]

Ks2 0.07±0.005 Saturation for overflow metabolism g/L [12]

Ks3 0.1± 0.025 Saturation for anaerobic metabolism g/L [24]

Ysx1 0.51±0.025 Yield coefficient for aerobic metabolism g/g [12]

Ysx2 0.16± 0.02 Yield coefficient for overflow metabolism g/g [12]

Ysx3 0.086± 0.02 Yield coefficient for anaerobic metabolism g/g [24]

µmax1 0.49±0.01 Maximum growth rate for aerobic metabolism h−1 [12]

µmax3 0.31±0.01 Maximum growth rate for anaerobic metabolism h−1 [24]

Yso 0.04 Oxygen yield coefficient g/g [25]

kLa 500 Volumetric mass transfer coefficient h−1 Assumed

HA 790.6 Henry’s constant atm · L/mol [26]

2.5 Initial sensitivity study

Simulations at the maximum reactor volume (100 m3) were carried out to investigate the

sensitivity of the model prediction to variations in the kinetic constants. Kinetic data obtained

from S. cerevisiae strain CBS8066 were used [12, 24]. The saturation constant, yield coefficient

and maximum growth rate were varied according to the uncertainty of the parameters shown

in Table 2. Glucose was fed from the top at four different feed rates: 0.5 kg/s, 1.0 kg/s, 1.5

kg/s and 2.0 kg/s. The cell concentration was assumed to be 20 g/L and constant throughout

the entire reactor.

The size of the glucose gradients was detected by calculation of the ratio between the maximum

and average glucose concentrations (Csmax/Csave). Furthermore, the sensitivity of the glucose

gradients to the varying kinetics was evaluated by:

(Cs max/Cs ave)deviation
(Cs max/Cs ave)base case

(10)

Equation 10 describes how much the glucose gradient deviates from the base case.

(Cs max/Cs ave)deviation is defined as the ratio between the maximum and average glucose

concentrations for simulations where one of the kinetic parameters was varied with its as-
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signed uncertainty. The base case is defined as the simulations performed with the kinetic

parameters shown in Table 2 without considering any uncertainties. The average glucose

concentration was calculated by calculation of the glucose concentration in each hexahedral

mesh element and then taking the average of calculated concentrations considering the volume

of each hexahedral element.

2.6 Fed-batch operation

A fed-batch process was designed to investigate how the varying kinetics affect a full produc-

tion cycle. The feeding profile was designed to keep the specific growth rate constant at 0.1

h−1 under the assumption that the reactor is perfectly mixed. The feed rate at the different

stages is shown in Table 3. The fed-batch process was simulated as steady-state for four dif-

ferent volumes to give four snapshots of the fed-batch process as it progressed. The fed-batch

process was assumed to start at a cell concentration of 0.15 g/L. The specific growth rate was

estimated for each volume and used to calculate the cell concentration for the subsequent step

of the fed-batch process. The cell concentration at the subsequent step was calculated under

the assumption that the cells grow under aerobic conditions and with the estimated specific

growth rate.

Table 3: Feed rates at different times and volumes of the fed-batch process.

Time [h] Volume [m3] Feed rate [g/s]

0 25 0.2

34 30 5.6

54 50 46.7

66 100 148.4

3 Results and discussion

3.1 Gradients in the reactor

CFD simulations were performed to investigate the glucose and oxygen distribution in the

reactor. Both the glucose and oxygen concentration depend on their position in the reactor.
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The highest glucose concentration was found near the feed point located in the upper right

corner of the reactor, which can be seen in Figure 4a. Moreover, more than half of the reactor

(the bottom half) was predicted to have glucose concentrations below 1 mg/L. The predictions

of the glucose concentration were in the same order of magnitude as the prediction made by

Larsson et al. [3], who measured a glucose concentration between 0.08 g/L and 1 mg/L in a 30

m3 reactor. Therefore, it can be concluded that the cells at the bottom of the reactor would

grow under starvation conditions, which might have a negative effect on the performance of

the reactor.

(a) (b)

Figure 4: Glucose concentration (4a) and the ratio between the oxygen and the oxygen saturation

concentration at normal pressure (4b) when the reactor volume is 100 m3. F = 0.15 kg/s, Ks1 =

0.02 g/L, Ks2 = 0.07 g/L, Ks3 = 0.1 g/L, Ysx1 = 0.51 g/g, Ysx2 = 0.16 g/g, and Ysx3 = 0.086 g/g. The

oxygen concentration was defined as the ratio between the oxygen concentration and the satu-

ration concentration at normal pressure. The source point for dosing glucose is located in the

top right corner indicated with a black dot. The mixing time is 678 s.

The oxygen concentration varied along the height of the reactor. The highest oxygen concen-

tration was found at the bottom of the reactor and the lowest at the top of the reactor. This

is inverse of the glucose concentration which suggests the existence of regions with anaerobic

growth. The lowest oxygen concentration is found close to the source point, where the glucose

concentration and therefore the oxygen uptake is highest.
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(a) Glucose concentration. (b) Oxygen concentration.

(c)

Figure 5: Glucose concentration (5a) and oxygen concentration (5b) at different feed rates as a

function of the reactor height and the volume fraction with the different metabolism states as a

function of the feed rate (5c) when the reactor volume is 100 m3. Ks1 = 0.02 g/L, Ks2 = 0.07 g/L,

Ks3 = 0.1 g/L, Ysx1 = 0.51 g/g, Ysx2 = 0.16 g/g, and Ysx3 = 0.086 g/g

Both the glucose concentration and the oxygen concentration depended on the feed rate, which

can be seen in Figures 5a and 5b. The figures show the glucose and oxygen concentration as

function of the reactor height. The concentrations were estimated at a straight line drawn

from the bottom to the top of the reactor. It can be seen that as the feed rate increased, the

glucose concentration at the top of the reactor increased. For all four feed rates, low glucose

concentrations below 1 mg/L were found in the bottom six meters of the reactor.

The oxygen concentration also depended on the feed rate. As seen in Figure 5b, the oxygen

concentrations were almost identical and independent of the feed rate in the first 4 meters of
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the reactor. At the top of the reactor, the oxygen concentration decreased as the feed rate

increased. This indicates that a considerable part of the oxygen uptake rate takes place at

the top of the reactor where plenty of glucose is present.

The low oxygen concentration at the top of the reactor resulted in an increased volume

fraction with anaerobic metabolism and a decreased volume fraction with aerobic metabolism

as observed in Figure 5c. The Figure shows the simulated volume fraction of the metabolic

stages as a function of the feed rate. At a low feed rate of 0.05 kg/s, almost the entire

reactor operated under aerobic metabolism. The volume fraction with anaerobic metabolism

increased as the feed rate increased due to the higher glucose concentration at the top of the

reactor for a higher feed rate. As the oxygen uptake rate depends on the glucose concentration,

the oxygen concentration decreased as the glucose concentration increased.

The investigated conditions did not give rise to a region with overflow metabolism, because

of the low glucose feeding and insufficient oxygen transfer. A higher feed rate should be

employed along with a higher oxygen transfer rate (OTR) to see overflow metabolism.

3.2 Effects of varying kinetics

To investigate the robustness of the model, the kinetics were varied with the uncertainty

related to the kinetic parameters, found in the literature (see Table 2). The robustness of

the model was evaluated by calculation of the deviation from the base case scenario of the

ratio between the maximum and average glucose concentration (see Section 2.5 for further

description). The model was evaluated with the four feed flow rates, which can be seen in

Figure 6.

The anaerobic kinetics had the largest effect on the glucose gradients. Both the yield coefficient

and the saturation constant affected the ratio with more than 5% at all feed rates and the

effect on the ratio increased as the feed rate increased. The highest difference was found for

the yield coefficient, which increased from a difference in the ratio of 10% at a feed rate of

0.05 kg/s to a difference of 25% at a feed rate of 0.2 kg/s.

The kinetic parameters for aerobic metabolism were all found to affect the ratio between the

maximum and average glucose concentration with 2% to 5% at all feed rates. The difference

decreased as the feed flow increased, due to the smaller volume fraction of the reactor with
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(a) (b)

(c)

Figure 6: The deviation from the base case scenario of the ratio between the maximum and the

average glucose concentration as a function of the feed rate. Each line represents the deviation

from the base case caused by the uncertainty of the parameter. The volume of the reactor is

100 m3. 1 represents parameters describing aerobic metabolism (6b), 2 represents parameters

related to overflow metabolism (6c) and 3 represents parameters related to anaerobic metabolism

(6a).

aerobic metabolism found at higher feed rates.

The CFD model showed no sensitivity towards the kinetic parameters associated with overflow

metabolism as shown in Figure 6. This is a result of the reactor operating at a lower concen-

tration of glucose throughout the reactor. Furthermore, the lack of oxygen in the top part of

the reactor prevents overflow metabolism to occur even though the glucose concentration is

high enough. The effect of varying kinetics related to overflow metabolism will therefore not

be further investigated in this work, because of the low impact at the investigated conditions.

The larger influence of the anaerobic parameters on the glucose concentration could be ex-

plained by the higher uncertainty of the anaerobic parameters compared to the aerobic pa-

rameters reported in the literature, which is illustrated in Table 4. For instance, the deviation
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of 25% for the glucose distribution caused by Ysx3 more or less corresponds to the uncertainty

of 23% for this parameter. Moreover, the influence of anaerobic parameters on the glucose

concentration increased as the feed rate increased. This can be explained by the increase in

the reactor volume fraction with anaerobic metabolism as the feed rate increased. Further-

more, Table 4 shows that the variation caused by the yield coefficient and specific growth

rate is more or less equal to the uncertainty of the parameters. For the saturation constants

the maximum deviation from the base case is less than half of the uncertainty of the same

parameter. The uncertainty of the parameters for the saturation constants therefore has a

smaller influence compared with the other parameters.

Table 4: The kinetic parameters and their uncertainties in percent together with the maximum

deviation from the base case observed in Figure 6.

Parameter Ks1 Ks2 Ks3 Ysx1 Ysx2 Ysx3 µmax1 µmax3

Uncertainty [%] 10 7 25 5 13 23 2 3

Max observed (Cs max/Cs ave)deviation
(Cs max/Cs ave)base case

4 0.1 11 3 0 25 2 3

3.3 Fed-batch process

A fed-batch process was designed to investigate how the uncertain growth kinetics affect the

operation at different degrees of filling in the process. The fed-batch was designed so the

specific growth rate was kept constant at 0.1 h−1. The rotational speed was kept constant at

69 rpm for all volumes. The initial volume was defined to be 25 m3 and the final volume to

be 100 m3. The determination of the power input and the mixing time can be seen in the

supplementary material. An illustration of the four simulated volumes is shown in Figure 7.
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Figure 7: Illustration of the four volumes used for the simulation of different stages in the

fed-batch operation of the bioreactor.

The power input for all four volumes was found to be between 1.2 kW/m3 and 1.4 kW/m3

(Figure 8a). Furthermore, the mixing time increased from 20 s at 25 m3 to almost 700 s at

100 m3. As expected, the larger volume resulted in less effective mixing. The mixing times

obtained here were considered to be reasonable as Vrabel et al. [27] have achieved mixing

times of 140-250 seconds for a 30 m3 reactor with a power input of 0.3-2.0 kW/m3.

The less effective mixing for larger volumes affected the formation of gradients in the reactor.

The ratio between the maximum and the average glucose concentration increased from close

to 1 in the initial volume to 2400 in the final volume, meaning that the glucose gradients

increased significantly the longer a fed-batch process was operated (Figure 8b). At the initial

volume, the ratio between the maximum and average glucose concentration was close to 1

and therefore almost no glucose gradients were found. The lack of glucose gradients can be

explained by the low cell concentration of 0.15 g/L in the start-up phase, which resulted in a

low glucose consumption rate. Furthermore, a relatively good mixing is found at this point

of the fed-batch process.

The sensitivity of the glucose concentration also depends on the volume and operation time

(Figure 8c). For all cases, the deviation increased from the initial volume to the second
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(a) (b)

(c) (d)

Figure 8: Prediction of mixing time and power input (8a), the ratio between the maximum

and average glucose concentration for the base case (8b), the deviation from the base case

of the ratio between the maximum and average glucose concentration (8c) and the deviation

of the specific growth rate from the base case (8d) all as a function of time. Each time step

corresponds to a different volume of the reactor operating as a fed-batch. Each line in Figures 8c

and 8d represents the deviation from the base case caused by the uncertainty of the parameter.

Moreover, only the effect of parameters describing the aerobic metabolic stage are shown.

volume, then it decreased subsequently. In the final volume, the observed difference was

around 1% for all cases. An explanation for this could be that almost no glucose is present

in a large part of the reactor caused by a high mixing time (678 seconds) and a high glucose

consumption rate. The saturation constant was found to have the largest effect on the glucose

concentration. The saturation concentration and the maximum specific growth rate had little

effect on the specific growth rate (Figure 8d), where only deviations of maximum 1% from
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the base case were observed for all volumes. The yield showed a larger effect on the specific

growth rate, with a deviation between 4% and 5% from the base case.

The yield coefficient does not directly affect the specific growth rate (Equation 4). It only has

an indirect influence on the specific growth rate by affecting the glucose concentration. In

contrast to both the maximum specific growth rate and the saturation constant which both

affected the specific growth rate and the glucose concentration. These two effects seemed to

counteract each other. Therefore, less deviations in the specific growth rate were observed

compared to the yield coefficient.

In order to investigate how the deviation in the yield coefficient affects the formation of

cells, a simulation of the reactor at different volumes of the fed-batch operation was made

with varying yield coefficients. The cell concentration increased exponentially and ended at

approximately 20 g/L in the final volume, which can be seen in Figure 9a. The specific growth

rate was calculated for each volume and used to calculate the subsequent cell concentration.

The deviation in the yield coefficient had only a minor effect on the formation of the cells.

The cell development for Ysx = 0.485 and Ysx = 0.535 oscillated around the base case, but

seemed to end at almost the same cell concentration.

(a) (b)

Figure 9: Simulation of the reactor operating as a fed-batch with varying Ysx1. Cell concentration

(9a) and glucose concentration (9b) as a function of time.

The feeding profile was designed to obtain a specific growth rate of 0.1 h−1, when Ysx = 0.51.

The higher yield coefficient resulted in a higher cell concentration for the subsequent volume.

Then the cell concentration was too high to match the feeding profile, and the average glucose
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concentration would therefore be lower compared to the base case. This can be observed in

Figure 9b, where the glucose concentration as a function of time is depicted.

In the first and second simulated volume of the fed-batch operation, the average glucose

concentration was almost the same at approximately 0.005 g/L. However, in the last two

simulations, the glucose concentration increased, meaning that the cell development was too

low compared to the feeding profile. This was confirmed by simulations where ideal mixing

was assumed. The deviation in the yield coefficient affected the cell development, but only

small deviations were observed. The final cell concentration was approximately 30 g/L when

ideal mixing was assumed. Moreover, the glucose concentration was more or less constant at

5 mg/L. The difference of biomass concentration between CFD simulation and simulation of

perfect mixing conditions was 10 g/L or 33% at the final volume. The deviation between the

CFD simulation and the ideal mixing simulation is caused by the inability to predict anaerobic

growth in the ideal mixing case, since conditions in the reactor are homogeneous due to the

ideal mixing assumption. In reality the feed rate will be adjusted to avoid or minimize

areas with anaerobic metabolism, i.e. feed rate will be adjusted based on a dissolved oxygen

measurement in order to keep aerobic conditions in the reactor.

The results presented in this work are not a perfect description of the reality. Several assump-

tions were made to simplify the simulations. For instance, only the liquid phase was simulated,

but an industrial bioreactor would contain both a gas phase and a liquid phase. Furthermore,

the oxygen fraction in the gas phase (yO2) was assumed to decrease exponentially between the

bottom and top of the reactor, which is illustrated in Figure 2. The assumed oxygen fraction

might have a major influence on the oxygen profile shown in this manuscript. In reality the

oxygen fraction in the gas phase and the transport from the gas to the liquid phase depends on

many factors, such as bubble size, oxygen concentration in the liquid phase and oxygen con-

sumption by the cells. Therefore the oxygen profile shown in this manuscript is not a perfect

description of the reality. To achieve more realistic results, the gas phase should be included.

By including the gas phase, both mixing of the reactor and the oxygen concentration should

be affected. The sensitivity of the kinetic parameters is however expected to be more or less

the same, as the kinetic parameters used in this work do not depend on the oxygen profile.

Only the size of the volume fractions with the different metabolism depends on the oxygen

profile. To achieve more realistic results, the gas phase should be included but this will add
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considerable complexity to the simulations. There are major contradictions in the literature

how the gas phase affect the mixing. Boualifi et al. [28] found that the mixing time increased

as the gas flow increased. However Shewale et al. [29] got contrary results.

A uniform cell population was assumed for all the microorganisms in the entire reactor, i.e.

no differences between the individual cells. In reality, S. cerevisiae is a living organism with

a cell life cycle. Different levels of physiological activities with different physiological states

have been reported for cells living in the same culture [30, 31]. A population balance could

be introduced to account for this. The challenges with population balances is that they are

quite complicated, and this will therefore complicate the simulations even more [32, 33]. A

population balance introduces several new parameters with different uncertainties, which also

have to be investigated to secure the robustness of the simulations.

Besides describing the formation of gradients in an industrial bioreactor at different volumes

of a fed-batch operation, the presented work provides another tool for optimization of an in-

dustrial bioreactor. The simulations could be used to identify the performance of the reactor

if microorganisms are improved by strain improvements. If biomass production is the pur-

pose, an obvious target for strain improvement could be the yield coefficient Ysx1. A higher

yield coefficient is expected to result in a higher cell concentration. This would be predicted

by simulations where ideal mixing is assumed. In reality this might not be the case. For

instance, the increased yield coefficient might result in a larger reactor volume with anaerobic

conditions. In the end it might result in slower growing cells and/or a less efficient process,

which could cause a lower productivity. The effect of such phenomena can be evaluated by

using CFD together with kinetics, which gives valuable insight into the benefits of certain

strain improvements.

4 Conclusion

In this work, the robustness of a CFD-based model, used to describe the growth of S. cerevisiae

in a 100 m3 bioreactor, was tested by varying the kinetic constants with the uncertainties

reported in the literature. The model describing the growth consisted of the metabolic stages:

aerobic, overflow and anaerobic. The kinetic parameters were evaluated at four different feed

flow rates: 0.05 kg/s, 0.1 kg/s, 0.15 kg/s and 0.2 kg/s. The cells were found to primarily
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grow under aerobic conditions, but also areas with anaerobic metabolism were observed. The

area with anaerobic metabolism increased as the feed flow rate increased. The uncertainty of

kinetic parameters describing aerobic metabolism affected the glucose concentration with 2%

to 5% at all flow rates. The largest deviation of the glucose concentration was found to be

25% when simulating the effect of uncertain parameters of the anaerobic metabolism.

A fed-batch process was designed to investigate the sensitivity of the parameters for an oper-

ating reactor. The sensitivity was investigated at four different volumes of the reactor. The

degree of glucose gradient was found to increase as the fed-batch process proceeds, due to

the increased volume and higher mixing time. The sensitivity of the model compared to the

base case was largest in the beginning of the process. The saturation constant had the largest

impact on the glucose concentration and the yield coefficient had the largest impact on the

specific growth rate. Therefore the development of the cell concentration caused by the vary-

ing yield coefficient was investigated. Small deviations in the cell concentration were found

at the final volume. But by comparing the CFD simulation with a simulation where ideal

mixing was assumed, a deviation in the biomass concentration of approximately 10 g/L or

33% was found in the final volume. Therefore, it can be concluded that the CFD simulations

give opportunities, which cannot be achieved with simulations where ideal mixing is assumed.

Moreover, the CFD simulations presented in this work have shown a way to investigate the

effect, caused by a change in a kinetic parameters on a bioreactor operating as a fed-batch.

The derived CFD model can be a tool to evaluate the effect of strain improvements on reactor

performance.
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Ci Concentration of component i kg/m3

HA Henry’s constant atm · L/mol

H Liquid height m

Ks Saturation constant for glucose kg/m3

kLa Oxygen mass transfer coefficient h−1

P Pressure Pa

qi Volumetic uptake rate for compound i kg/(m3 · h)

qt
O2

Oxygen transfer rate kg/(m3 · h)

SM Momentum source kg·m/s

tmix Mixing time [s]

U Velocity vector m/s

V Volume m3

X Cell concentration i kg/m3

Yji Yield coefficient of component i on j g/g

yo2 Oxygen fraction in the gas bubbles -

ρ Density kg/m3

τ Torque N

µ Specific growth rate h−1

µmax Maximum growth rate h−1
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