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Abstract

The most common way of producing cement today is effected thro ugh what is known as the dry
process. If the raw materials used in this process contain sulphide, the plant layout can lead to
emissions of SO, from the preheater tower. SO, emissions are most often caused by the oxida-
tion of pyritic sulphide, which occurs between 300 and 600 C. Of the formed SO, around 50%
is often said to be emitted from the preheater. However, larg e variations in this number have
been observed, with the circulation of CaO from the calciner given as the main reason for this
phenomenon.

One of the experimental goals in this thesis has been to produce CaO with a large surface area in
order to increase the absorption of SO,. For this purpose ash calcination of CaCO 3, calcination
under vacuum, calcination in a xed bed and a uid bed has beent ested between 650 C and
850 C. The results showed that ash calcination at low temperature s resulted in the largest sur-
face area, about 140 m3/g CaO. The material produced from all of the methods was a mixt ure
of CaO and CaCOj3, meaning that the material was only partly calcined, but wit h the particle
surface area being comprised by CaO.

One focus in this thesis was to investigate the reaction between CaO and SQ in the temperature
interval where SO ; is formed within the preheater tower, in order to understand the role of CaO
in connection with SO » emission. The experiments were conducted using CO» concentrations
up to 25 %. The reaction times in all cases were less than 1 secod, which was possible using an
entrained ow reactor. Furthermore, the experimental resul ts were found to be limited by both
external and internal diffusion. The reaction product was id enti ed as a mixture of CaSO 3 and
CaSQ,. For temperatures below 600 C no effect from O, was observed. At low CO , concen-
trations the CaO conversion with respect to SO, increased with both temperature and surface
area. At high CO, concentrations no effect or even a negative effect of temperature was seen. In
general, CO, was found to inhibit the CaO/SO , reaction. Based on the CaO experiments under
carbonating conditions it was concluded that CaO recircula tion within the preheater tower does
not in uence the SO , emission to any signi cant extend. This conclusion is opposi te to what
previously has been stated.

Modelling of experimental results concentrates on the resu Its obtained for CaO in non-CO »-
enriched atmospheres. Due to external and internal diffusi on limitations and very short reac-
tion times, a time-dependent grain model with chemical reac tion between SO, and CaO at the
shrinking core interface in the non-porous grains was used a nd found to describe data very
well. The outcome of the modelling was that the chemical react ion between SO, and CaO is so
fast that the observed rates exclusively are determined by solid state diffusion in the product
layer of the non-porous CaO grains. An activation energy of 11 5 kJ/mole was found to t all
CaO sources very well, even though data tting by the least su m of squares method showed
that this gure could be between 90 kJ/mole and 140 kJ/mole, w ith a corresponding change of



preexponential factors.

The ability to predict emissions is very important in the desi gn of cement plants. In this thesis
the zone model concept has been applied to the modelling of th e cyclone stages in a preheater
tower. The idea is to account for the complex ow pattern in a cyc lone stage by dividing it into
zones, each zone having special features. In this manner themodel can account for gas/solid
heat exchange, gas/solid separation, different gas and solid residence times, etc. The model was
evaluated against SO, data from ve full-scale plants, showing satisfactory resu Its in two cases.
An investigation of the parameters showed that it was possibl e to obtain satisfactory results in
four out of ve cases by allowing the CaCO 3 surface area available for SG absorption to be
about 4 m?/g instead of the measured surface areas, which was up to arou nd 10 m?/g.
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Dansk Abstrakt

Den mest almindelige m ade at producere cement i dag er ved den tgrre metode. Den tgrre
metode kan, hvis ravarerne indeholder sul d, fgre til udledning af SO , fra forvarmert arnet.
SO, emissionen er ofte forarsaget af oxidering af pyritsul d, som er oxideret mellem 3 00 og 600
C. Af den dannede SO, antages det ofte at omkring 50 % vil udledes som SO, fra forvarmeren.
Imidlertid er store variationer i dette tal blevet observer et med blandt andet recirkulering af
kalcinermateriale som en forklaring.
Et af de eksperimentelle mal i denne afhandling har veeret at producere CaO med et stort 0 ver-
adeareal. Dette er gjort med henblik p a at gge optagelsen af SQ. Til form alet er benyttet
ashkalcinering, kalcinering under vakuum og kalcineringi  en xed bed reaktor samtien uid
bed. Forsggene blev udfart i et temperaturinterval fra 650 C til 850 C. Resultaterne viste,
at ashkalcinering ved lave temperaturer resulterede i det s tgrste over adeareal, ca 140 m?/g
CaO. Det kalcinerede materiale var i alle tilfeelde en blandi ng af CaO og CaCQsg, hvilket betyder,
at materialet kun var delvist kalcineret.
Hovedform alet med denne afhandling har veeret at undersgge reaktionen mellem CaO og SO,
i et temperaturinterval hvor SO , dannes i forvarmeren. Forsggene blev udfgrt i en CO» kon-
centration pa op til 25 %. Reaktionstiden har i alle tilfaelde veeret korter e end 1 sekund, hvilket
var muligt ved brug af en entrained ow reaktor. | alle forsgg b lev det fundet at reaktionen
var begreenset af bade ekstern og intern diffusion. Reaktionsproduktet er ble vet identi ceret
som en blanding af CaSO; og CaSQ,. For temperaturer under 600 C blev ingen effekt af O,
observeret. Ved lave CO, koncentrationer steg CaO omdannelsesgraden med bade temperatur
og over adeareal. Ved hgje CO , koncentrationer blev observeret en positiv effekt af gget o ver-
adeareal, men ingen effekt eller endda en negativ effekt af t emperatur. Overordnet blev det
observeret at CO, inhiberer CaO/SO » reaktionen.
Modellering af de eksperimentelle resultater er koncentre ret om de opnaede resultater for CaO i
en ikke CO- beriget atmosfeere. Pa grund af eksterne og interne diffusionsbegraensninger og d e
meget korte reaktionstider er en tidsafhaengig grain model m ed kemisk reaktion mellem SO, og
CaO pa graense aden mellem produktlaget og den skrumpende kerne bl evet brugti modellerin-
gen af de opnaede data. Resultatet af modelleringen var, at den kemiske reaktion mellem SO»
og CaO er sa hurtig, at de observerede reaktionshastigheder udelukke nde bestemmes af faststof
diffusion i produktlaget af de ikke-porgse CaO korn. En akti veringsenergi pa 115 kJ/mol blev
fundet brugbar til at beskrive temperaturafheengigheden af alle dataserier, selvom modeltilpas-
ning ved brug af mindste kvadratersmetoden viste, at aktive ringsenergien kunne veere mellem
90 kJ/mol og 140 kJ/mol.
Forudsigelse af emissioner er meget vigtig i forbindelse me d opfagrelse og ombygning af ce-
mentfabrikker. | denne afhandling introduceres en ny m ade at modellere cyklontrinene i et
cement forvarmert arn. Ideen er at tage hgjde for de komplekse stramningsmgnstre i en cyklon
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ved at opdele et cyklontrin i zoner, som hver har seerlige kara kteristika. Pa denne made kan
modellen redeggare for varmeveksling mellem gas og faststof , seperation af gas/faststof separa-
tion, forskellige opholdstider for gas og faststof i et cykl ontrin, med mere. Modellen er blevet

evalueret i forhold til SO , data fra fem fuldskala anleeg, og viste tilfredsstillende re sultater i to
tilfeelde. En undersggelse af modelparametrene viste, at det var muligt at opn a tilfredsstillende
resultater i re ud af fem tilfaelde ved at benytte et over adea real af CaCOz omkring 4 m 2/g i

stedet for de malte arealer, som var op til omkring 10 m 2/g .
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Chapter 1

Introduction

This chapter will give the reader a short introduction to the b ackground for the thesis and the
objectives of the project will be outlined. In order to give t he reader of this thesis an overview
of the thesis content the chapter also contains an introduction to the three main sections of the
thesis.

1.1 Background

Archaeological excavations have shown that as far back as 56@ B.C. cementitious materials were
used in the Mediterranean region for the construction of bui Idings [1]. Today, the most common
type of cement is Portland cement, which was developed durin g the Industrial Revolution in
England and named after the isle of Portland in the English ch annel. In the early days of Port-
land cement production, clinker was burned in dome and shaft kilns, but in the late nineteenth
century these types of kilns were outmatched by the rotary ki In, which has been the preferred
method for production of cement clinker ever since.

At the beginning of the modern cement industry, the focus was o n how to increase produc-
tion rates and reduce energy consumption in order ful | a ste adily growing demand for cheap
cement. As production facilities grew larger, the environme ntal impact, especially on the lo-
cal community, also signi cantly increased. For this reaso n, the emission of harmful gases has
been an issue for the cement industry since the 1970s. Combired with more awareness of what
the emission of harmful gases can do to humans, the number of components subjected to re-
strictions have increased, while emission limits have been tightened up. The rising focus on
environmental aspects has forced cement manufacturers to deal with emission problems, while
the delivery of cheap and ef cient equipment for handling em issions has become an important
area for equipment suppliers. Besides the demand for equipm ent, predicting emissions has also
become more important because new plants, as well as existing plants undergoing reconstruc-
tion, are often required to be delivered with a guarantee tha t the equipment will ful I emission
limitations.
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1.2 Objectives

In order to be able to deliver better and cheaper solutions on a continuous basis, as well as
predict emission levels more accurately, it is important to increase the fundamental knowledge
about emission components. The emission component considered in this thesis is SO,, which
is known to be both formed and to some extent absorbed within a modern cement plant. The
fact that the absorption of SO, also takes place within a plant means that the emission of SO,
can be dif cult to estimate, since the absorption ef ciency of the raw materials must be consid-
ered. In previous Ph.D. theses [2, 3] concerning SGQ emissions from cement plants, the focus has
been on the formation of SO, and how this is absorbed by CaCO3. However, the fundamental
knowledge concerning SO, absorption by CaO in a cement production context was still li mited,
so further research was required in order to understand the i n uence and potential of these
components. In order to bring on the desired knowledge the fo llowing eight objectives for the
project were established.

Gain knowledge about the CaO/SO », reaction under conditions where SO is formed in
the preheater.

To clarify the potential of CaO as an absorbent for SO reduction.
Be able to model the initial reaction between SO, and CaO.
To test different methods for producing CaO with a large surf ace area from CaCG;.

To determine if CaO recirculating in the preheater tower inu ences SQ emission from the
preheater .

Constitution of a reactor model for preheater cyclone stage s.

To predict emission of SO, from a preheater tower, using kinetic knowledge obtained in
this and previous studies.

Evaluate the predicted emission against data from full scal e plants.

1.3 Report Outline

In order to meet the objectives outlined above the thesis is divided into three main sections,
whose content of which are outlined below.
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Literature Study

The literature study is initiated with a description of how ce ment is produced and fol-
lowed by a more detailed description of the preheater tower a nd SO, formation in it. Also
common methods for dealing with SO , emissions are reviewed.

The rest of the literature study is devoted to the absorption o f SOy, starting with a descrip-
tion of CaCO3, CaO and Ca(OH), and their properties, in order to be able to understand
how these compounds interacts. SO, absorption on CaCO3, Ca(OH), and non-calcium
containing species are reviewed in order to give a basic understanding of the capability
of these compounds to absorb SG in a cement preheater tower. The literature study is
completed by a comprehensive review of the CaO/SO ; reaction and the CaO/CO ; reac-
tion. The CaO/CO , reaction is included in the review because the conditions fo und in a
preheater imply that carbonization of CaO will take place. Th e CaO/SO3, literature study
also focus on previously published reaction models.

Experimental Results

This part of the thesis is divided into four chapters, with the  rst chapter presenting the
results obtained in the calcination experiments, where foc us has been on producing CaO
material with a large surface area. Before presentation of the SO, absorption results, calcu-
lations and measurements on mass and temperature gradients are carried out in order to
understand how to interpret the experimental results for SO , absorption. After clarifying
the in uence of mass and temperature gradients the experimen tal results for SO, absorp-
tion on CaO are presented, outlining and explaining the in ue nce of parameters such as
CO, concentration, temperature, reaction time, surface area, etc.

Modelling and Evaluation

Kinetic modelling in this thesis concerns the CaO/SO , reaction when carbonization of
CaO does not in uence the results. It has been decided to omit t he carbonization reaction
due to a lack of data. Modelling of the CaO/SO , reaction is done by a time dependent
grain model, which is chosen due to the very short reaction ti me and the mass transfer
limitations that was shown to in uence the observed results. The kinetic modelling leads
to a parameter estimation and comparison with experimental data.

The modelling part also contains the derivation of the prehea ter tower model, which intro-
duce a new way of considering a cyclone as a reactor. The preheder tower model is nally
evaluated against data from ve full scale plants and a param eter study of ve relevant
parameters are conducted in order to determine their in uenc e on the model.



Chapter 2

Cement and Cement Production

The annual global production of Portland cement constitutes about 1.6 10° tonnes [1], making
cement one of the largest bulk chemicals produced in the worl d. Cement is manufactured in
virtually all countries due to the geographic abundance of r aw materials, with China as the
largest producer in the world. Cement manufacturing is a hig hly energy-intensive process, and
the industry consumes 2 % of the world's energy and emits 5 % of m an-made CO, emission [4].
These gures clearly demonstrate that the cement industry is of great importance for the global
society. This chapter will outline the composition of Portla nd cement and the most modern
methods used for producing it, with a special focus on the pre heater tower used for energy
recovery.

2.1 Cement

Portland cement is the general name given to most of the cement types produced worldwide
today. Minor variations in the composition can be found, if s pecial properties are desired.
Portland cement mainly consists of four different minerals , which comprise more than 90 wt%:
3Ca0 SiO, (Alite), 2Ca0O SiO; (Belite), 3CaO Al ,03 (Aluminate) and 4CaO Al,03 Fe O3 (Alu-
minateferrite). Gypsum, which is added to the nal product, constitutes 4 to 6 wt% of Portland
cement. The remaining part of the cement is made up of impuriti es, which are found along with
the raw materials. Table 2.1 indicates the amount of differen t components in Portland cement as
oxides. The table shows that CaO and SiG;, by far constitute the major part of the nal product.
Typical values for the different components in the raw meal 1, here stated without impurities, is
also shown. About one-third of the raw meal mass can be attribu ted to Loss On Ignition (LOI),
which is almost exclusively due to the calcination of the CaC O3 used as a precursor for forming
CaO. This corresponds to the fact that the raw meal contains about 75 wt% of CaCOs.

The mass loss in the calcination process corresponds to a raw neal to cement clinker ratio of

1The mixture of raw materials fed into the kiln system is called raw meal.
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Components | contentin clinker [5] | contentinraw meal [5] | impurity limits [1, 6]
wt. % wt. % wt. %

CaO 63.76-70.14 43

SiO, 19.71-24.25 14

Al,03 3.76-6.78 4

Fe,O3 1.29-4.64 5

MgO 0-4.51 5

SG; 0.2-2.07 4.5

K,0O 0.31-1.76 0.8 as (NaQy)e?

Na,O 0.03-0.33 0.8 as (NaQy)e?

Mn ;O3 0.03-0.68 0.5

TiO, 0.21-0.52

P,Os 0.02-0.27 0.22

CO; 0.03-0.83

H,O 0.04-1.11

Cl, 0.1

LOI 0.09-1.56 34 3

Table 2.1: Composition of Portland cement clinker and raw meal.

about 1.5, if the raw meal is dry when fed into the kiln system. Th e raw meal composition
stated in Table 2.1 is usually obtained by blending limestone and clay (clay being rich in Si, Fe
and Al oxides). If needed, correctives like sand and iron ore ¢ an be added to the raw meal in
order to achieve the correct composition.

In order to ensure the proper quality of the nal product, the amount of certain minor compo-
nents is limited. Column 4 in Table 2.1 shows some general upper limits for certain elements,
but the exact amount that can be allowed depends on a wide rang e of factors such as what the
cement will be used for, the amount of other impurities, prod uction facilities and so on, which
is why the acceptable amount must be determined from case to case. However, the limits stated
in Table 2.1 cannot be exceeded signi cantly, and in many cases it is actually desirable to be well

below these limits, since a higher market price is then attai nable.

2.2 Cement Manufacturing

The four basic methods for producing cement are: wet, semi-we t, semi-dry and dry. Here, the
focus will be on the dry method, which is the most commonly use d today due to the relatively
low energy consumption compared to other methods [5]. The dry method can be divided into
the ve subsections outlined below:

2(NaO3)e, the effective amount of alkali, is calculated as 0.658(%K;O) + %Na;O.
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Quarrying
Raw meal preparation
Clinker burning
Cement grinding

Cement dispatch

The quarrying of raw materials usually takes place in open qua rries situated close to the plant
in order to minimise transportation costs. Raw meal prepara tion, which comprises grinding
and blending, takes place in a number of steps in order to ensu re that the raw meal consists of
a homogeneous mixture of the raw materials, with no more than 15 w/ w % of the raw meal
having a particle diameter larger than 90 m [7]. Simultaneous with grinding and blending, the
raw meal is dried using exhaust gas from the kiln system.

Clinker burning takes place in the kiln system outlined in Fi gure 2.1.

Figure 2.1: Schematic drawing of a modern dry plant kiln
system for cement production [8].

A modern kiln system in a dry plant consists of a preheater tow er with between four and six
cyclone stages and a calciner. A cyclone stage consists of aiser duct and the cyclone itself. The
cyclone stages are used for heat exchanging cold raw meal with hot gas from the calciner/rotary
kiln. In the calciner, about 90 w/w % of the CaCO 3 is calcined before entering the rotary kiln,
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where the cement clinker is then burned. When the clinker lea ves the rotary Kkiln, they are
rapidly heat exchanged with atmospheric air in the clinker ¢ ooler in order to recover energy
and ensure correct clinker quality. The hot gas leaving the cl inker cooler is used for combustion
in the kiln and calciner burners, which consume 40 % and 60 % of the total fuel, respectively [5].
If the raw meal and /or fuel contain large amounts of chlorine and alkali metals, recirculation
of these elements can make it necessary to introduce a kiln bypass through which a part of the
kiln gas is removed in order to prevent coatings from buildin g up in the calciner/rotary kiln.
The exhaust gas from the preheater tower is used for drying the raw meal prior to entering the
kiln system.

When the clinker are cold, they are ground down to particle si zes smaller than 100 m in order
to produce the nal cement product, which is then stored in si los before being dispatched to the
end-user. The energy needed to produce one kilogram of clinke r in a modern cement plant, as
described here, is 3-3.5 MJ/kg clinker [5]. This energy consum ption is divided between 15 %
electrical energy and 85 % fuel combustion [1].



Chapter 3

The Preheater Tower and SO »
Formation/Reduction

The emission of SO, into the atmosphere is known to cause the formation of acid ra in and
smog. This is the main reason why industries emitting SO , are subject to legislation limits on

emission levels, at least in the Western world. Dealing with legislation limits can be rather
expensive for cement plants, which is why the availability o f cheap SO, abatement methods
with high ef ciency levels is of great importance. This chapt er discusses SQ emission and how
it is formed. The chapter will begin with a detailed descripti on of the preheater tower, followed

by a description of known methods for dealing with SO , emission from cement plants.

3.1 The Preheater Tower

The idea of using a preheater tower consisting of cyclones for heat exchanging hot kiln gas with
cold raw meal was used for the rst time in the 1950s, with the ¢ alciner introduced about 20
years later. Besides the better utilisation of energy, the preheater tower also makes it possi-
ble to shorten the rotary kiln [9]. The preheater tower has var ious con gurations; for instance,
FLSmidth & CO. A/S offers six different basic designs [10]. The preheater tower operates as
a non-ideal counter-current heat exchanger, where gas and raw meal are mixed and separated
in every cyclone stage. Modern preheater cyclones are desighned to minimise the pressure drop
and height of the cyclone stages, which means that the highest separation ef ciency is not nec-
essarily obtained, resulting in large quantities of raw mea | recirculating within the preheater
tower [11]. However, the top cyclone is typically designed w ith a higher separation ef ciency
than the intermediate cyclones, so a minimum amount of raw me al escapes the preheater tower.
The pressure drop over the preheater tower depends on the numb er of cyclone stages, but for
modern low pressure cyclones this gure is in the order of 30 m bar [11]. The residence time of
solid material in a cyclone stage has been measured to be abou 8 s [12], while the gas residence
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time in a cyclone stage is about 1-2 s [5].

The mass of air needed for combustion per mass of clinker is about 1 kg/kg [5]. However, the
exhaust gas also includes CQ, from the calcination process, false air and excess gas geneated
from combustion of fuels, which results in about 1.8 kg of exha ust gas per kg clinker [2]. The
exhaust gas, in round numbers, contains 30 % CO,, 5 % O, and balance N». The diameter of the
cyclones depends on the production rate; for instance, a plant producing 2150 tonnes of clinker
per day has a vessel diameter of 5.7 m [13]. The radiation heat loss from the cyclone stages to
the surroundings constitute 2-3 % of the total energy requir ed [14].

According to Duda [15], 80 % of the heat transfer in the cyclone stage takes place in the riser
duct, while only 20 % occurs in the cyclone. Experiments carr ied out by Delong and Daohe [16]
on cement raw meal showed that heat transfer took place exclusively in the riser duct, with a
temperature difference between the particles and gas of about 30 C. Itis generally accepted that
the heat exchange between gas and raw meal takes place almosinstantaneously, which is why
the cyclone itself is used mainly for separating solid mater ial and gas [1].

A number of authors [2,17-20] have modelled the cyclone part of the preheater tower. Of these
authors, some [18-20] considered mass and energy balances waly, while others [2,17] also con-
sidered the cyclone as a reactor. Belot et al. [17] assumed tlat the cyclones were perfect stirred
tank reactors, and stated that the simulation results were w ithin the measurement uncertainty
of the plant data (no data for SO, was mentioned). Hansen [2] assumed that the cyclone stages
behaved like plug ow reactors, where solids and gas were mixe d gradually. The separation of
gas and solids was assumed to take place instantaneously in the outlet. Hansen [2] was able to
satisfactorily estimate the pyrite oxidation in most cases , but the predicted emission of SO, was
too high in all stated scenarios.

3.2 Formation and Emission of Sulphur Dioxide

The reduction of SO, emissions has been an important issue for the cement industry for a num-
ber of years, with the need for knowledge and methods to deal w ith SO, emission still growing
due to tighter and tighter emission limitations, especiall y in Europe and northern America. For
instance, the 2008 proposal from the Environmental Protection Agency (EPA) [21] suggests a
limit of 0.6 kg of SO » per tonne of clinker, resulting in plants running with a high  sulphur con-
tent in raw materials expecting to spend 5-7 % of the clinker s ales price to deal with the proposed
limits.

In a cement plant, SO, originates from both fuel and raw meal. The SO , from fuel is released in
either the kiln burner or the calciner. However, SO » originating from the fuel does not constitute
an emission problem in relation to exhaust gas, since the calciner and the bottom cyclone work
as dry scrubbers, which in practice remove all SO, originating from the fuel. SO », originating
from the raw meal evolves mainly in the preheater tower throu gh the oxidation of pyrite and



12 The Preheater Tower and $®ormation/Reduction

organic sulphur impurities, with most of the sulphur found a s pyrite inclusions [2]. The oxida-
tion of sulphur species starts to take place between 300-600 C [22], which in a preheater tower
like that shown in Figure 2.1 corresponds to the two top cyclon es. Of the sulphur entering with
the raw meal, it is often assumed that 50 % will leave the prehe ater tower as SO, [23, 24]. How-
ever, the amount can range from 10 to 65% [23], leading to seveaely incorrect estimations of SO,
emissions as a result. Salmento and Shenk [23] stated that, lased on laboratory tests and plant
measurements, they had developed a simple correlation for p redicting SO, emission.
Bech and Gundtoft [24] noted, based on plant emission data, that an increased number of cy-
clone stages in the preheater tower also increased SQ emission, which they explained by estab-
lishing that less CaO reaches the top stages when the number d cyclone stages increases.
The decomposition of pyrite was reviewed by Hu et al. [25], who found that in an atmosphere
containing oxygen, pyrite can decompose by direct oxidatio n (equation 3.1) or by the thermal
decomposition of pyrite to pyrrhotite and sulphur, followe d by subsequent oxidation to SO»
and iron oxides (equation 3.2). At temperatures below 525 C the dominating mechanism will
be reaction 3.1, if the O, concentration is high enough; otherwise, reaction 3.2 will d ominate the
SO, formation.

2FeSy(s) +5:502(g) ! Fep03(s) +4S0,(0) 3.1

oFeSy(s)! 2FeS(S)+2(1  0:5%)Sa(g) F'? Fey0s(s) + 4 SOy(g) (3.2)

Below 600-650 C iron sulphates may also be formed, slowing down oxidation d ue to pore
blockage. However, this is only occuring if the gas phase concentration of SO, is high. Hu
et al. [25] also concluded that even though the oxidation and thermal decomposition of pyrite
are well understood, the literature lacks kinetic data and p roper modelling.

The oxidation mechanism of pure pyrite particles and pyrite i nclusions in shale was studied
by Hansen [2] for conditions found in a preheater tower. He fo und that the oxidation of pyrite
inclusions in shale started at 350 C, whereas pure pyrite particle oxidisation rst took place
above 400 C. Moreover, the oxidation rate of pyrite inclusions in shal e increases signi cantly
faster with temperature than the oxidation rate of pure pyri te particles. The difference was
explained by the effect of impurities and smaller size of pyr ite inclusions found in the shale.
By using entrained ow reactor measurements, Hansen [2] foun d that pure pyrite particles self-
ignited at about 525 C, which was not observed for pyrite inclusions in shale due t o the smaller
pyrite crystal size. Hansen [2] nally concluded that great care must be taken when using results
obtained on pure pyrite to model pyrite inclusions found inr aw meals.
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3.3 Sulphur Dioxide Reduction in Cement Plants

Methods for reducing SO > emission from cement plants have been an issue for a number of
years, during which time a large number of patents and patent applications [26—36] have been
submitted, with different approaches on how to solve SO , emission problems in cement pro-
duction. The methods are by Cembureau [5] divided into three ¢ ategories, as outlined below:

Reduction of precursors: If less precursor for emission is fed into the kiln system, em is-
sions will be reduced as a natural consequence. This can be dore by intelligent mining,

where areas with a high content of precursor in the quarry are avoided. Another pos-
sibility is to substitute one or more raw materials with some that contain less emission
precursor. In general, the reduction of the precursor can be a fairly cheap way to deal with

emission problems. However, if the precursor is evenly dist ributed and found in one of

the main raw materials, this method is not applicable.

Primary reduction methods: These methods cover solutions where emission problems
are solved by making a minor change to the existing process, so that absorption is incor-
porated in the process. Miller and Hansen [37] summarised so me of the primary methods
that can be used such as using a calciner slip stream whereby apart of the calciner ma-
terial is recirculated to the top stages of the preheater tow er in order to absorb SO,. By
doing so, a SO, reduction of 25-30 % is possible when recirculating about 5 % of the cal-
ciner material. The injection of hydrated lime into the top st ages of the preheater tower
is another primary reduction method, which is able to reduce SO, emission by 45-70 %.
However, the cost of hydrated lime makes the operating costs relatively high. In order to
deal with the high material costs, a primary method where cal ciner material is hydrated
before being added to the process is also described by Miller and Hansen [37].

Secondary reduction methods: These are methods that rely on equipment installed as
separate units in order to deal with emission problems. Ofte n the cleaning units are well

known from, for instance, power plants. The advantage of seco ndary units is that emission

reduction is very high, often more than 90 %, which is why it ca n be necessary to imple-
ment a secondary reduction method if emission problems are s evere. However, primary

reduction methods or the reduction of precursors are prefer able, especially due to the high
capital investment costs connected with secondary reducti on methods.



Chapter 4

Limestone, Quicklime and Slaked Lime

CaCOjs (limestone), CaO(quicklime) and Ca(OH) » (slaked lime) are all related to SO, absorption
in the preheater tower, whereby the physical properties of t hese three materials become key
parameters in understanding how SO » is absorbed.

Calcium carbonate, often referred to as limestone, is a naturally occurring mineral, which covers
about 10 % of the earth's land surface [38]. It is used as a raw material in a wide range of
industries such as construction and building, agriculture , glass manufacturing and, of course,
cement production. From limestone it is possible to produce CaO (quicklime), which is formed
by the thermal dissociation of limestone, also known as calcination. Quicklime does not exist
in nature because it will react and form limestone when expos ed to CO in the atmosphere.
Quicklime also readily reacts with water to form Ca(OH) », also known as slaked lime, which
is not naturally occurring either because it also easily rea cts with CO , forming limestone. This
chapter will outline the properties of limestone, quicklim e and slaked lime.

4.1 Calcium Carbonate (Limestone)

Naturally occurring limestone is formed by either an inorga nic or an organic route. The inor-
ganic route involves the precipitation of CaCO 3 from sea water and inland waters [38]. The
organic route is comprised of organisms which build shells a nd skeletons, or secrete carbonates.
Most of the commercially available CaCO 3 is formed by the organic route [38]. According to
Oates [38], there are several ways to characterise naturall occurring CaCO 3. The most interest-
ing classi cation from a chemical point of view is the follow ing, which is based on the content
of CaCOs.

ultra-high-calcium (more than 97 % CaCO 3)
high-calcium, or chemical-grade (more than 95 % CaCO3)

high purity carbonate (more than 95 % CaCO 3 + MgCO 3)
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calcitic (less than 5 % MgCOs3)
magnesian (5-20 % MgCG;)
dolomitic (20-40 % MgCO3)

high magnesium dolomite (40-46 % MgCO 3)

When used for cement production, only limestones falling wi thin the rst four categories are
suitable, because of the limitations placed on magnesium content in the nal product.
Limestone used for cement production is found in two crystal forms, namely calcite (rhombohe-
dral crystal structure) and aragonite (orthorhombic cryst al structure). However, aragonite will
slowly be converted into calcite in the presence of water or i f the temperature is above 400-500
C. For these reasons, the most commonly found crystal structure of limestone in nature is the
calcite structure. Calcite will form dolomite (CaMg(CO 3)») in the presence of sea-water. How-
ever, such deposits will not be of relevance for cement manuf actures. A third crystal structure
called vaterite is also known. However, it is easily convert ed into calcite or aragonite when ex-
posed to water, which is why it has no practical importance in relation to cement production.
All limestones are crystalline, with crystal sizes ranging f rom less than 4 m to about 1000 m
in rare cases, and most limestones having an average crystalsize around 2-4 m. According to
Boynton [39], very large variations in crystal size and shap e can be observed within the same
limestone. Figure 4.1 shows SEM images of different limestones, and it is clear that the lime-
stones are made up of small crystals with different sizes and shapes. In natural limestones these
crystals are normally non-porous. It should be noted that th e limestone shown in Figure 4.1(b)
was the parent limestone for most of the experiments in this t hesis. From a chemical point of

(@) Oolitic limestone, Pickering, (b) Faxe Bryozo limestone, Fakse, Den-
North Yorkshire, England [40] mark [41]

Figure 4.1: SEM images of different limestones (a) and (b).

view, impurities contained in limestone are of interest, si nce they can in uence reactivity, sin-
tering and calcination behaviour [39]. In Table 4.1, the typi cal impurities found in limestones
are listed. As highlighted in the table, the variation in impu rities can be great, which is why
limestone samples from different places are usually not ide ntical.
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Impurity Typical range Impurity Typical range
low high unit low high unit

Silica (as SIQ) 0.1 2 w/w% | Copper 1 30 mg/kg
Alumina (as Al ,03) 0.04 15 w/w% | Fluoride 5 3000 | mg/kg
Iron (as Fe,O3) 0.02 0.6 w/w% | Lead 0.5 30 mg/kg
sulphur (as CaS0Oy) 0.01 0.5 w/w% | Mercury 0.02 0.1 mg/kg
Carbonaceous matter | 0.01 0.5 w/w% | Molybdenum | 0.1 4 mg/kg
Manganese (as MnQ,) | 20 1000 mg/kg | Nickel 0.5 15 mg/kg
Antimony 0.1 3 mg/kg | Selenium 0.02 3 mg/kg
Arsenic 0.1 15 mg/kg | Silver 0.2 4 mg/kg
Boron 1 20 mg/kg | Tin 0.2 15 mg/kg
Cadmium 0.1 1.5 mg/kg | Vanadium 1 20 mg/kg
Chromium 3 15 mg/kg | Zinc 3 500 mg/kg

Table 4.1: Impurities often found in limestone [38].

When limestone is heated, sintering can take place if the partial pressure of CO» is high enough
to prevent decomposition. According to Hu et al. [25], sinter ing was observed to start at 700 C,
which they state to be 167-328 C above the Tammann temperature for CaCOs3. It has further-
more been observed that in the case of limestone higher CO, partial pressure prevents sinter-
ing [25].

4.2 Calcium Oxide (Quicklime)

Quicklime is not naturally occurring, so it must be prepared by the calcination of limestone
according to reaction 4.1. The reported enthalpy for limeston e calcination is 180 kJ/mol at 25

C [38]. The partial pressure of CO» determines whether the calcination reaction takes place. In
the literature the equilibrium pressure of CO , for reaction 4.1 is usually expressed in terms of a
Clausius-Clapeyron relation, equation 4.2.

CaCO3(s) CaO(s)+ COz(g) 4.1)
Hyan-

Peq;002: PO;COZ exp Rviap,-?Oz Pa (42)
gas

Here, Peq;co, denotes the equilibrium pressure of CO ,, Po.co, is the pre-exponential factor and
Hvap;co, is the enthalpy of the reaction. Table 4.2 summarises literature values for the pre-

exponential factor and the enthalpy of vaporisation.

Quicklime is crystalline with large variations in grain siz  e. Some quicklimes appear to be amor-

phous; however, according to Boynton [39], they are micro-c rystalline, which can be dif cult to

observe by X-ray diffraction for very small crystals. The cry stal structure of quicklime is cubic,
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Author Po.co, Eeq Peq:co, =1atm | Peqco, = 0.3atm
kJ/mol C C

Garcia-Labiano [42] | 4.15 10'%2 | 170.2 894 820

Baker [43] 1.22 1012 | 159.1 901 820

Hu and Scaroni. [44] | 1.82 10%? | 163.6 905 825

Silcox et al. [45] 1.0 10%® | 179.1 896 824

Table 4.2: Parameters for calculating the equilibrium pressure o, @Dove limestone.

with a unit cell edge length of 0.4778 nm, while its skeletal de nsity is 3340 kg/m 3. The particle
density for most commercial quicklimes is 1.6-2.8 depending o n the porosity, which normally
lies between 18 and 54 % depending on the parent limestone and how the CaO has been pro-
duced. If CaO has not been heavily sintered, the porosity wil | be considerably greater than what
is observed in the parent stone due to the smaller molar volum e of CaO. Figure 4.2 shows SEM
images of quicklime sintered to different degrees. From Fig ure 4.2(a), it is evident that the crys-
tal size is approximately the same as that observed in Figure 4.1 and 4.1(b). In Figure 4.2(b), the
grains have started to sinter, forming larger grains, while in Figure 4.2(c) the original structure
has vanished.

The phenomenon of quicklime sintering has been studied by, fo r instance, Beruto et al. [46],
who showed that it was possible to undertake long-time and lo w-temperature calcination using
a vacuum, without any signi cant loss of surface area in the ¢ alcined product. Fuertes et al. [47]
found a negative effect of temperature on surface area using long calcination times. Agnew
et al. [48] found that at calcination times less than 1 s the degree of calcination, as well as the
surface area, increased with temperature. When the calcination process was achieved without
signi cant sintering, a bipartite pore system was observed [47,49]. In the bipartite pore system
the main pores were also found in the parent limestone. These pores have a diameter around
1 m. The secondary pore system is situated within the original C aCOj3 grains and comprises
small CaO crystals formed in the calcination process. In a non-sintered particle these crystals
will form pores with a particle diameter of about 20 nm. Howev er, the secondary pore sys-
tem will rapidly increase in size as sintering of the CaO crys tals becomes more pronounced.
Glasson [50] found that components such as NaCl and Fe,O3 accelerated the sintering of CaO,
resulting in a smaller surface area and larger CaO crystals. Fuertes et al. [47] showed that COs in
the gas phase strongly increases the sintering process, wit the effect increasing with increasing
CO; concentration. The negative effect of CO, was observed also by Borgwardt [51], who like-
wise found that water in the gas phase strongly increases sintering. He further observed that the
sintering effect of CO, and water are additive. Borgwardt [52] observed that quickl ime based
on naturally occurring limestones sinters faster than pure CaO in N2, which was explained by
impurities in the parent limestone. Chen et al. [53] found th at above 60 vol% CO, the effect upon
sintering levels off. They also observed the time required to obtain a 100 % calcination increase
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when the CO» content in the gas increases. When carrying out sintering experiments in nitro-
gen, Borgwardt [52] observed a sharp decline in surface area at about 850 C, indicating that
sintering had started, but which was 300 C lower than what would be predicted from the Tam-
mann temperature. Borgwardt [52] also observed that the decrease in surface area happened
simultaneously with a decrease in porosity, as also observed by Bruce et al. [54], indicating that
the particles were shrinking during the sintering process. Other authors [47] did not observe
any shrinkage.

(a) Soft burnt CaO [55] (b) Medium burnt CaO [55] (c) Hard burnt CaO [55]

Figure 4.2: SEM images of CaO, which is calcined for different periods of time. Thaat#a time increase from left to
right.

4.3 Calcium Hydroxide (Slaked Lime)

Slaked lime is formed when quicklime comes into contact with water or moisture, according to
equation 4.3. The stability of Ca(OH) » depends on temperature, and the partial pressure of water
and is often modelled by a Clausius-Clapeyron expression, equation 4.4. Table 4.3 summarises
literature values for the calculation of the equilibrium pr essure of water above Ca(OH),. From
the table it is interesting to note that there is some disagre ement about the parameters, which
might be due to impurities in the quicklime used.

CaO(s)+ H,0O(g) Ca(OH)a(s) (4.3)
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Peqi,0 = Por,0 €Xp % Pa (4.4)
gas
Author Po-1,0 HvapH ,0 | PeqH,0 = latm
kJ/mol C
Halstead and Moore [56] | 8.71 101! 104.1 511
Matsuda et al. [57] 1.93 1013 138.2 599
Hartman et al. [58] 1.11 1012 109.4 538

Table 4.3: Parameters for calculating the equilibrium pressure e+Habove slaked lime.

The crystal structure of Ca(OH) 2 is hexagonal symmetry [38] and consists of micro-crystalli ne
agglomerates with a skeletal density of 2240 kg/m 3. The process of lime slaking is exothermic,
with an enthalpy of 65 kJ/mol [55].

On the exposure of slaked lime to an atmosphere containing CO », it will react and form CaCO 3
[59]. Glasson [60] investigated the rate of hydration of CaO, nding that hydration was faster
when the surface area increased. In all cases Glasson [60] fand that it was possible to obtain 100
% hydration. The very low calcination temperature of Ca(OH) , means that the literature related
to the subject concentrates on sintering of the CaO formed wh en slaked lime decomposes. The
decomposition of Ca(OH) , was studied by Irabien et al. [61], who found that the evolved surface
area was not affected up to 500 C. At a calcination temperature of 500 and 600 C the same
decline in surface area was observed, while at 700 C and higher temperatures the surface area
declined as the temperature increased. The decrease in surfae area observed at 500 and 600C
might not be caused by sintering, but rather the formation of the cubic CaO structure.

(a) Ca(OH), [46] (b) CaO formed from Ca(OH) ; at 395 C (c) CaO formed from
[62] Ca(OH). at 800 C [63]

Figure 4.3: SEM images of Ca(OH)and CaO derived from Ca(OHl)
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The SEM image of Ca(OH), crystals in Figure 4.3(a) shows that these crystals have the ame
grain structure observed in both CaCO 3 and CaO. The SEM image of Ca(OH), calcined at low
temperatures (Figure 4.3(b)) shows a crystal surface with a number of slits in it and not the

expected CaO crystal structure. This behaviour is explained [46] by the fact that CaO formed at
low temperatures will maintain the crystal structure of Ca( OH), until the CaO crystal has got
time and/or the temperature is high enough for them to rearra nge into the cubic form. Figure
4.3(c) shows the expected grain structure of CaO. Based on ths evidence, it is doubtful whether

slaked lime sintering will happen to any signi cant extent b efore it decomposes.



Chapter 5

SO» Absorption by CaCO 3, Ca(OH)»
and Non-Ca Species in the Raw Meal

As outlined earlier, only a fraction of the formed SO , will escape the preheater tower and cause
SO, emission. The SG that does not escape must therefore be absorbed in the preheder tower.
It is known from other industries that Ca species are well sui ted for the absorption of SO,. This
chapter will outline the literature about SO , absorption by CaCO3; and Ca(OH),. Besides Ca
species, raw meal typical also contains other species that might be of interest to SO, absorption,
so these will also be reviewed here.

5.1 SO, Absorption by CaCO 3

As mentioned earlier, Hansen [2] was able to predict sulphur o xidation in preheater cyclones
satisfactorily by using his model. For the absorption of SO ;, he used a rate expression based on
experiments with SO, absorption on raw meal. However, it turned out that the kinet ic was too
slow, predicting an emission of SO ; that was at least twice that observed.

The Fresults for SO, absorption obtained by Hansen [2], when modelling the prehe ater tower,
led Hu et al. [64] to review the reaction between limestone an d SO,. They found the reaction
order for SO, to range from 0.4 to greater than 1, without any clear trend for this behaviour
when compared to the reaction conditions. The reaction order of O, was found to be 0 at high
concentrations (concentrations were not speci ed). In som e cases CQ was reported to in uence
the CaCO3/SO , reaction, while in others it was not noted. In addition to the se ndings, it was
established that water in uenced the reaction positively. H u et al. [64] explained the deviating
results as a lack of basic understanding of the reaction mechanism. This lack of knowledge is
also evident in the apparent activation energy, which at low conversions is reported to be be-
tween 10 and 160 kJ/mol. The activation energy observed at hig her conversions varied even
more, ranging from negative values up to 400 kJ/mol. Some of t he observed variations in the
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activation energy might be explained by impurities in the na turally occurring limestones used
for conducting experiments. Hu et al. [64] recorded a large n umber of different additives that
have been shown to promote the sulphation reaction. The promo ting additives are primarily
chlorides and alkali metals, originating from different sa Its. The explanations for their promot-
ing effect can be divided into three categories: the formati on of crystal lattice defects, formation
of eutectics and pore enlargement, which is only of importan ce if pore diffusion is signi cant.
Lattice defects and the formation of eutectics are discussed intensively by Hu et al. [64], who
state that the promoting effect of additives is related to in creased solid-state diffusivity. They
further emphasise that an increased solid-state diffusivi ty is counteracted by increased sinter-
ing, which will reduce the reaction rate. Of the 62 different potential eutectics that Hu et al. [64]
present, only a very few would be of interest in relation to ce ment production, because most
pyrite will be oxidised before the temperature of the eutect ic melting points is reached.
From the data collected by Hu et al. [64] it is clear that an inc reased surface area also results in
a higher sulphation rate, which shows that the controlling m echanism is related to the interface
between the gas phase and the interior of the particles used for the reaction. The product layer
formed at higher degrees of conversions is porous, despite the larger molar volume of CaSO4
compared to the initial molar volume of CaCO 3. The porous product layer is often explained by
an outward ow of CO »; however, according to Hu et al. [64], this explanation is qu estionable
due to the net inward ow of gas.
The modelling of the SO ,/CaCO j3 reaction is also treated by Hu et al. [64]. The intrinsic reaction
rate is often modelled as an n'th order reaction with respect t o SO,, incorporating the depen-
dency of O, and other species into the rate constant. Hu et al. [64] do not mention that the
rate constants, estimated by different authors, most often are based on data obtained when the
intrinsic reaction must be considered completed. At higher ¢ onversions it is common to model
the SO,/CaCO 3 reaction with an unreacted shrinking-core model, with the | imiting step being
solid-state diffusion, indicated by the effective diffusi on coef cient of 10 °to 10 ° m?/s at 850
C, which is within the range normally observed for solid-sta te diffusion [65].
From the review by Hu et al. [64] it is clear that even though th e SG,/CaCO 3 reaction has been
studied intensively over the years, the basic reaction mechanisms are still not well understood.
In order to deal with this issue, Hu et al. [66—69] investigat ed the SO,/CaCO 3 reaction at reac-
tion times smaller than 1 second. They also carried out experiments at longer reaction times in
order to study the initial period of CaSO 4 crystal growth. When studying the intrinsic kinetics
they found that increasing SO , concentration increased the conversion rate, while CO» had the
opposite effect. No effect of O, was observed. Hu et al. [68] suggested a new model for the
intrinsic reaction, based on their results obtained at reaction times shorter than 1 second.
In experiments where a crystal growing phase was observed, t he authors found that chlorides
and alkali metal salts were able to increase the sulphation rate six to eight times compared to
limestone without additives.
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Experiments carried out in the crystal growth phase with thr ee different limestones showed that
the reaction order of SO, was about 0.2 in a dry atmosphere, while the addition of 7.5 % wa-

ter increased the reaction order to 0.4. This is in accordance with the results obtained by other

authors. Identical results for the reaction order of O , were observed. At O, contractions above
15 % the reaction order became 0. They found the reaction order of CO» to be -0.5, while no
order for water was given, but a promoting effect was observe d on the reaction order of O , and
SO,. Hu et al. [67] found the apparent activation energy to be aro und 100 kJ/mol. Based on
these ndings a new model [67] at long reaction times was prop osed instead of the unreacted
shrinking core model often used in literature.

5.2 Ca(OH),-S0,-CO,

By far most of the work carried out in relation to the Ca(OH) /SO ; reaction was done below 100

C [70-78]. This temperature is well below the exhaust gas temperature of approximately 300 C
observed in modern preheater towers. This literature survey of the reaction between Ca(OH)»
and SO,/CO , does not include these results, the main reason for which is that below 100 C
liquid water will affect the results.

In absorption experiments carried out by Bueno-Lopez and Ga rcia-Garcia [79] it was observed
that the absorption capacity of Ca(OH) , was signi cantly higher at and above 450 C than at 250
and 350 C. The explanation given was that at 450 C the reactant CaO was more reactive due to
a larger surface area than in the parent Ca(OH),, which was the reactant at lower temperatures.
The results obtained by Gorkem and Oguz [80] con rm this.

Yamamoto et al. [81] observed a characteristic two-stage reaction with a fast initial stage and a
slow second stage. The second stage conversion being so slowltat it can be considered a max-
imum conversion level. This behaviour was also observed by ot her authors [82, 83] conducting
experiments below the decomposition temperature for Ca(OH )-.

Experiments with different dopants were conducted at 350 C by Yamamoto et al. [81], who
found that neither Fe 3* nor chlorides improved the reaction; only NO 3 was found to promote
the reaction. Also, NO and NO » have been found to promote the Ca(OH) »,/SO , reaction, which
was explained by NO and NO 5 inhibiting the negative effect of CO , [84].

Li et al. [85] found a higher conversion of Ca(OH) » both below and above the decomposition
temperature compared to the parent CaO. The explanation for t his phenomenon was a larger
surface area/pore volume of the Ca(OH) ; sorbent.

In a CO,-free atmosphere between 350 and 450 C a higher temperature shows a positive in u-
ence on the conversion obtained after 1 hour of reaction [86]. In an atmosphere containing 12
% CO, Matsushima et al. [84]observed an optimum temperature at 350 C, when studying the
Ca(OH),/S0 , reaction between 320 and 380 C. The negative in uence of CO , on the conver-
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Component | Component to sulphur ratio

mol/mol

CaO 48-501
SiO, 16-162
Al,03 2.6-27
Fe O3 1.1-12
MgO 4.3-45
K0 0.7-7.5
Na,O 0.2-2.1
Mn,0O3 0.2-1.7
TiO, 0.3-2.6
P,0Os 0.1-0.8

Table 5.1: Ratio between major species and sulphur in the clinker product. alues are based on the mass fractions
given in Table 2.1, where the interval stated in this table is the langgse for the component divided by the range for
sulphur stated in Table 2.1.

sion was also observed by Fernandez et al. [86], who noted a smaller conversion at 350 C when
adding CO ; to the reaction gas. Tseng et al. [82] stated that the initial reaction rate increases with
increasing SO, concentration. However, in their paper this behaviour is di f cult to see, and it

appears that the initial rate is constant or even decreases with increased SO, concentration.
Other authors [80] have only seen a small dependency of SO, concentration. The reaction prod-
uct was reported [85, 86] as a mixture of CaSO; and CaSO, when oxygen is present. Fernandez
et al. [86] did not observe any difference in the conversion o btained after one hour, conducting

experiments with and without water at 350 and 450 C.

Fernandez et al. [86] modelled their results using an exponential model to describe their break-

through curves. The model took the negative effect of CO , into account. The temperature
dependency of their model parameters did not t an Arrhenius e xpression, which is why they

t the temperature dependency to an empirical expression.

5.3 SO, Absorption by Non-Calcium Containing Species

Table 5.1 highlights the molar ratio between major species in the clinker product and the sulphur

content in the clinker product. Of the components shown in Ta ble 5.1, CaO and its precursors
(CaCOs/Ca(OH) ») are treated elsewhere. Ca species have naturally attaineda lot of attention
in understanding SO, absorption in preheater towers. However, other species mig ht also be
of interest if they are highly reactive towards SO », at the temperatures found in the top stages
of a preheater tower. In order for these to have any signi can t impact, besides a potentially
catalysing effect, a given component must be in reasonable excess and in a combination that
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is reactive towards SO,. The criterion of reasonable excess leads to the conclusion hat man-
ganese, titanium and phosphorous species do not signi cant ly in uence SO , absorption. Silica,
aluminium and iron are found in a great variety of naturally o ccurring minerals, where magne-
sium, potassium and sodium can be incorporated as impuritie s in the crystal lattice [87,88]. The
very large variation in makes it dif cult to state anything g eneral about these minerals. How-
ever, silicon oxides are normally considered inert in relat ion to SO, [89]. The reaction between
SO, and the different minerals is a gas-solid reaction, and an in dication for reactivity is the sur-
face area of the mineral species, since a potential reactionhas to proceed at or through the solid
material surface. However, the surface areas for non-Ca species are highly dependent on the
mineral, with values ranging from 10-360 m 2/g [87] making it dif cult to state anything based
on the surface area. The ability of some pure varieties, such as Fe&O3 and NaHCO 3/Na ,COg3,
to absorb SO, has been studied in the literature [90, 91], which found that SO, absorption took
place with all species, even though the absorbed amount was low. Carbonate compounds such
as Na,COg are of particular interest, since they would potentially be unaffected by the high CO »
partial pressure found in the preheater tower. In this respe ct especially, magnesium carbonate
is of interest, because it is an impurity in limestone or boun d in dolomite, and a considerable
amount of excess compared to sulphur might be present. Furth ermore, MgCO3 behaves like
CaCOs (from a chemical point of view), with the calcination of MgCO 3 starting at about 430
C [92] under the conditions present in a preheater tower. The sulphation of dolomite has been
studied by different researchers [93—99], who observed a sulphation behaviour similar to that of
limestone. Kaljuvee et al. [98, 99] found that CaO had a greater reactivity than dolomite. From
their results it is evident that dolomite is more reactive to wards SO, at 500 C than limestone, but
the difference is small. Regarding the reaction product, no authors have reported the formation
MgSO3/MgSO 4, not even at low temperatures where the reaction product is C aMg3(SOy)4 [99].
Experiments carried out using pure MgO [100, 101] have shown that MgO does not react with
SO, at temperatures below 625 C, which also explain why MgSO 3/MgSO 4 are not observed in
experiments with dolomite. That MgO seems to be inert towards SO, at low temperatures rules
it out as a signi cant species for SO, absorption in preheater towers.
Based on the literature ndings it must be concluded that onl y Ca species make a signi cant
contribution to SO , absorption in the top stages of a preheater tower, with other species only
exhibiting a catalytic effect.



Chapter 6

CaO Reactions

This chapter will focus on CaO reactions that take place in the top stages of the preheater tower,
including the reaction between CaO and SO, and between CaO and CO,. These reactions are
of interest in order to understand the processes that in uenc e the absorption of SO, in the top
stages of the preheater tower. Furthermore, CaO has the potential of being a cheap solution for
dealing with SO , emission. Literature approaches to model these reactions will also be reviewed
in this chapter.

6.1 Reactions Between CaO-S0O,-CO,

Reaction Time

The in uence of reaction time upon the CaO/SO » reaction in a CO,-free atmosphere was stud-
ied by a number of authors [102—-107], with reaction times ran ging from a few seconds up to
hours. As the reaction time increased, the conversion of CaO also increased. The results ob-
tained by Borgwardt and Bruce [105] show that the reaction is very fast in the initial period. In
their case, two-thirds of the total conversion took place wi thin the rst 35 s, while a reaction
time of 1000 seconds or more was required in order to obtain th e maximum conversion. What
in literature is referred to as the maximum conversion is alw ays smaller than 1, because the
conversion reaches a level from which it only increases very slowly. This level is explained by
blockage of the pore system, due to the larger molar volume of the reaction product. That the
conversion levels off when the pore system blocks is seen from the results presented by Gulllett
and Bruce [108], who measured how the pore system developed as a function of conversion.
From their results it is clear that the conversion rate decre ases strongly when the pore system
blocks.

Temperature
The temperature in uence on the CaO/SO » reaction was investigated by Borgwardt and Bruce
[105] using CaO particles smaller than 2 m, with a surface area of 3 m?/g in a temperature in-
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terval from 800-1125 C. Their results show that the conversion increase with tempe rature was

as would be expected. The positive effect of increasing temperature was also experienced by
Milne et al. [109] and Shi and Xu [110]. However, other author s [102, 107] observed that the
effect of temperature upon the nal conversion levels off or is even negative at about 1000 C.

The reason why these studies did not observe a continuously in creasing effect of temperature is
most likely due to sintering of the CaO particles used, becau se sintering is known to take place

well below 1000 C. The negative effect of sintering is avoided in the experime nts by Borgwardt

and Bruce [105], because their particles are heavily sintered before reaction with SO,. In one
study [111] the conversion was temperature-independent; h owever, the authors were able to

explain the missing temperature dependency through large d ifferences in CaO surface areas.

Surface Area

The effect of surface area was investigated by Borgwardt and Bruce [105] using CaO particles
with a surface area between 2.1 n?/g and 63 m ?/g. They found that the conversion increased
by increasing the surface area, for both short and long reaction times. The positive effect of
increased surface area was also reported in other publications [109, 111]. The reason in the lit-
erature for the positive effect of increasing the surface area is that the reaction is limited either
by the initial reaction between CaO and SO, or by diffusion through the solid product layer
formed. Nonetheless, if the particles are large enough [102], the limiting step will be pore diffu-
sion and the conversion will be independent of the internal s urface area.

SO, Concentration

One method used in the literature [103] to determine if pore d iffusion was present was to evalu-
ate the reaction order of SO,. If pore diffusion was exclusively rate determining, areac tion order
of one would be expected. Researchers [105,112,113] who hatbeen using very small particles in
order to eliminate pore diffusion observed that the reactio n order with respect to SO , was lower
than unity and was in the range from 0.49 up to a value of 0.7, with most of the values at about
0.6. In the paper written by Yang et al. [113] the reaction orde r obtained using a pure CaCO3
source as a precursor was 0.59, while the addition of Fe,O3 increased the reaction order to 0.62.
This difference was attributed to the catalytic oxidation of SO, to SO3, although no effect was
seen when using V,0s, which is known to be a strong catalyst for high-temperature oxidation.
In their experiments with V 205 and Fe,O3 Borgwardt et al. [112] did not nd any effect when
adding these compounds, which is why they excluded a catalyt ic effect. It should be noted that
Borgwardt et al. [112] found the reaction order to be indepen dent of whether the CaO precursor
was CaCO;3 or Ca(OH)».

CaO Precursor
A number of authors [54, 108, 108, 111, 112] have tried to compare the two most common pre-
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cursors for CaO, namely CaCO3 and Ca(OH),. The results from Shih et al. [111] show (they
do not comment on it) that the CaO derived from both precursor s behaves identically, both for
long and short time experiments, which in their case means on e hour and 80 s, respectively.
Borgwardt et al. [112] conclude that the intrinsic kinetics is independent of the precursor used
for forming CaO. Bruce et al. [54] nd that, at 1000 C, CaO derived from Ca(OH) » has a higher
conversion, but their data actually shows that the initial c onversion observed is the same, which
is why it can be derived from their results that CaO originati ng from CaCO 3 might sinter eas-
ier, perhaps due to a difference in its crystal structure (se e section 4.3). Gullett and Bruce [108]
compared CaO with a large surface area derived from CaCO 3 and Ca(OH),. Up to a conversion
of 45%, they found no signi cant deviations between the two ¢ alcium oxides. At higher conver-
sions they observed that a larger conversion for CaO derived from Ca(OH) » was possible, which
they ascribed to the slit pore structure formed in CaO origin ating from Ca(OH) . The slit pores,
they stated, allows for larger particle expansion than the p ore structure formed when calcining
CaCoOs.

Reaction Product and the In uence of O >

The reaction between CaO and SG can produce different products, depending on the tempera-

ture and atmosphere where the reaction takes place. Munoz-Guillena et al. [114,115] studied the
reaction products formed when the reaction takes place with in pure He or in a He atmosphere
containing 5 vol% oxygen. They suggested that reaction 6.1-6.4could take place depending on
the available conditions.

CaO(s)+ SOy(g) CaSOs(s) (6.1)
CaSOs(s) +1=20,(g) CaS04(s) (6.2)
4CaSOs(s) 3CaSOy(s)+ CaS(s) (6.3)

CaS(s)+20,(g) CaSOy(s) (6.4)

When using a pure He atmosphere they found that up to 700 C the product formed was CaSO.
Above 700 C they observed a decrease in CaO conversion. Above 777 C the conversion started
to increase again, which Munoz-Guillena et al. [114] explai ned by the formation of CaSO 4 and
CaS according to equation 6.3. X-ray diffraction con rmed th at only CaSO3; was formed below
700 C.

Using an atmosphere containing oxygen, Munoz-Guillena et al . [115] observed that only a small
amount of oxygen was consumed at temperatures below 500 C. Moreover, they observed that
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SO, retention increased continuously with temperature withou ta decrease at 700 C, as was ob-
served using a pure He atmosphere. This was explained by CaSO3 not disproportionating but
being oxidised to CaSQ4, which in the experiments carried out by Munoz-Guillena et a |. [115]
did not decompose below 1287 C. The products were investigated by X-ray diffraction, whic h
showed that between 500 and 700 C the product was a mixture of CaSO 4 and CaS0O;, while no
CaSQ, was found below 500 . Above 700 C, CaSQ, was the only product.

Some authors [85, 116-119] have used IR spectroscopy in ordeto study the reaction products
of the CaO/SO, reaction. In an oxygen-free atmosphere between 600 and 900 C Allen and
Hayhurst [119] observed the formation of CaSO 4, CaS and CaSQ up to 800 C, whereas only
CaSQ, and Cas were formed above. Ghardashkhani and Cooper [118] observed the same prod-
ucts. Li and Sadakata [85] studied the products from the sulp hation reaction in an oxygen-free
atmosphere, nding both CaSO 4, CaS and CaSQ@. In addition, they found, below 450 C, that
the products were the same when adding O ,. When adding Al ,O3 to the process, the oxida-
tion of CaSO3 and CaS to CaSQ was facilitated. That oxidation of CaSO 3 could be promoted
by other species was also found by Ishizuka et al. [117], who found that NO had a promoting
effect at 150 C. Low et al. [116] studied the CaO/SO , reaction in both a vacuum and an oxygen
atmosphere up to 750 C. At low temperatures only CaSO 3 was formed, and up to 500 C no
signi cant changes in the IR-spectras were observed. At 550 C the disproportionation of CaSO 3
into CaSO,4 and CasS started. Low et al. [116] also saw peaks that could notbe accounted for, but
when treating the samples with O , at 750 C these bands vanished. The authors explained this
phenomenon as the oxidation of species of the general form S,0x " to SO4? .

Allen and Hayhurst [119] studied the effect of oxygen between 600 and 900 C, nding the reac-
tion order of oxygen to be zero, from which they concluded tha tthe sulphation reaction proceeds
through reaction 6.1 without oxidation of SO , to SOz in the gas phase as an intermediate. The
zero-order reaction kinetic with respect to oxygen is suppo rted by other authors [93, 120], too,
both of whom carried out experiments in an atmosphere contai ning CO»,.

When comparing the oxygen reaction order to the reaction pro duct observations, it is reasonable
to assume that the CaO/SO> reaction proceeds through reaction 6.1 with subsequent oxid ation
to CaSQy, if the conditions are favourable for oxidation.

In uence of Water
Dennis and Hayhurst [121] investigated the in uence of water vapour in the gas phase, but did
not nd any effect with water contents between 0 and 7 %.

In uence of Impurities

Borgwardt et al. [112] compared CaO, based on naturally occurring limestones to CaO, based
on pure CaCOg3, and found that CaO originating from a naturally occurring| imestone reached a
higher conversion due to lattice defects. This was further in vestigated by grinding alkali(Li, Na,
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K) sulphates with CaO before reaction with SO ,. The authors observed an improved reactivity
towards SO,, while no effect was seen when adding the alkali sulphates be fore calcination. They
attributed the missing effect to a rapid decrease in surface area during the calcination process
and observed a surface area 16 times smaller when adding alkali sulphates before calcination.
No effect was forthcoming by adding Fe .03 and V,0s. Shi and Xu [110, 122] found that the
conversion could be promoted by adding y ash to CaO. It was exp lained by adherence of small
CaO particles to the y ash surface. Stouffer and Yoon [123] fo und a positive effect of adding
up to 2 wt% of Na ,CO3 to limestone before calcination. The positive effect was explained by
an increase in pore diameter caused by more pronounced sintering, which should prevent the
pore mouth blocking and make pore diffusion easier. They cond ucted their experiments in 15
% CO, and observed a small effect when adding NacCl, but no effect wh en adding CaCl, and
FeCl;. Yang et al. [113] determined that 4 wt% Fe,O3 increased conversion, while V05 did not
achieve the same result. When adding 19 wt% of y ash, which res ulted in 4 wt% Fe »,O3 content,
they saw the same effect as when adding 4 wt% of Fe,O3. The authors concluded that Fe;O3
might be the only effective additive in the y ash they were usi ng.

Partanen et al. [124] studied the simultaneous absorption of SO, and HCI, deducing that when
HCl is present in the gas, SO, absorption increases, even when carbonisation takes placesimul-
taneously. They cited the formation of a melted phase in the Ca O particles, when reacted with
HCI as the reason for their nding. Wang et al. also found that up to 2 wt% of Na ,CO3 had a
promoting effect on the CaO/SO » reaction, but the non-doped CaO showed a larger conversion
inthe rst 30 minutes of reaction. They suggested that cation s with valency other than Ca ?* and
approximately the same ion radius should be ef cient in prom oting the CaO/SO , reaction, be-
cause these ions can form lattice defects through which the reaction can proceed. They showed
that both the sulphates and carbonates of Li, Na and K promote d the reaction, but they did not
show any non-promoting species.

In uence of CO , on the CaO-SO, Reaction

Hartman and Trnka [125] studied the CaO/SO  reaction between 170 and 580 C using either
0 or 10% CG,. When exposing the CaO to SO, for two hours, it was not possible to observe

any difference in the absorption between the CO , and non-CO»-containing atmosphere. When
comparing the ability of CaO to absorb SO ,, H,O and CO, they found that SO, absorption
was not affected by the presence of water and that SO, absorption increased by increasing the
temperature. The CO, absorption increased with temperature when no SO , was present, while
with SO, the CO, absorption reached maximum at 520 C. When investigating the effect of

reaction time they found no difference between a CO , and a non-CO, containing atmosphere.
Tullin and Ljungstrom [106] performed sulphation/carboni  sation experiments ina TGA. In their

experiments with simultaneous carbonisation and sulphati on, they observed a large uptake of
CO; inthe rst 15 minutes, after which the conversion with respe ct to CO, started to decrease.
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The conversion with respect to SO, increased continuously during the 180-minute experiment,
and no difference in sulphation was seen between a CO, and a non-CO,-containing atmosphere.
lisa et al. [126] continued the work of Tullin and Ljungstrom [106] by observing the same trends.
Borgwardt [103] investigated CaO derived from four differe nt limestones using an atmosphere
containing 10.5 % of CO,. The temperature interval was 540 to 980 C. It was only at the lowest
temperature that the author observed an in uence of CO ;, upon the sulphation reaction. Suyadal
and Oguz [127] found that, in a 10 % CO, atmosphere, the CaO conversion with respect to SO,
continuously increased between 200 and 900 C. They also evaluated a reaction order of 0.7 at
temperatures up to 500 C, while the reaction order from 600 C to 900 was 1.

6.2 Modelling of the CaO-SO , Reaction

A wide range of authors [54,103-105,111,112,119, 126, 12832] have proposed models for the
CaO/S0; reaction under various conditions, basically building on t he work done by Leven-
spiel [133]. Here, the detailed aspects of the various models will be left out, with a focus on the
general trends in the different modelling approaches. Figu re 6.1 shows the general steps in the
CaO/S0O;, reaction and illustrates the non-porous crystals of CaO. Wh ent equals 0 the reaction
has not yet started, and the surface of the crystals is in contact with the surrounding gas phase.
Shortly after the reaction has started att 0 a thin layer of CaS0O4/CaSO 3 forms at the surface.
In this initial step, it is, according to Wang et al. [134], ge nerally accepted that the limiting step is
the chemical reaction between CaO and SG if pore and/or Im diffusion are negligible. Some
authors [111, 129] include this initial step in their modell ing approach, whereas others [54, 112]
omit it. However, even though it should be commonly recognis ed that the initial rate should be
governed by the chemical reaction,it has not been possible to nd any literature data that con-
rms this. Shih etal. [111] summarised values for the initia |rate constant, nding values ranging
from 2.6 10 #-6.610 2 m/s in a temperature interval from 750 to 980 C. No regular tendency
between these values is observed. Whent opposes tau, there is consensus in the literature that
the rate determining step is solid-state diffusion of SO ; in the product, if pore and/or Im dif-
fusion are negligible. However, a wide range of modelling ap proaches have been introduced in
order to account for the expanding product layer [130], as we Il as sintering phenomena [128].
When modelling solid-state diffusion itis common to assume that the reaction takes place at the
CaSQy/CaO0 interface, as proposed by Bhatia and Perimutter [129], meaning that the diffusing
species are sulphur oxides. However, Hsia et al. [135, 136] bund at 1300 C, through the use
of isotopes, that CaO was diffusing from the CaO/CaSO 4 interface to the CaSQy/gas interface,
where it reacted with SO , and oxygen. That the controlling mechanism, should be the dif fusion
of CaO in the product layer does not correspond with a reactio n order of SO, different from
zero.
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Figure 6.1: Steps in modelling the CaO/SQeaction.
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The temperature dependency of the solid-state diffusion coe f cient is often modelled by an Ar-

rhinus expression. Table 6.1 summarises the literature values for the pre-exponential factor and
activation energy. The values for Dsp,:s at 800 C show that the process is a solid-state dif-
fusion process, since the values correspond to those found in the literature [65] for solid-state
diffusion. Furthermore, they are signi cantly higher than

what is typically observed for gas dif-
fusion (10 ©)[65]. The values of both E, and Do show that they depend strongly on the model
and material used for tting data. This is, amongst other thin gs, seen from the two different
values for E, obtained by Milne et al. [130] and Borgwardt and Bruce [105] u sing the same data
but different models, as well as the results produced by Shih et al. [111] using different materials.

Author Do Ea Dso,:s(800 C) Data
m?/s kJ/mol m?/s

Shih et al. [111] 5.610 °-3.610 ¢ | 80-137 | 7.1410 13-7.710 13 own
Bhatia and Perlmutter [129] 3.910 6 120 5.610 12 Reference [103]

Marsh and Ulrichson [104] 1.810 © 149 110 ¢ own
Milne et al. [130] 4110 ° 107 2.710 * Reference [105]

Borgwardt et al. [112] 1.210 ° 138 2.310 12 own

Borgwardt and Bruce [105] N.A. 153 N.A. own

Table 6.1: Literature values for calculating the diffusion coef cient for solid-staftigion in the CaO/SQ reaction.

6.3 Reaction Between CaO and CO,

Reaction time

The CaO/CO ; reaction is also observed [137-142] as a two-stage reactionvith a fast initial stage
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and a slow second stage, referred to as the maximum conversion, which is smaller than one. The
explanation for the observed maximum conversion is pore blo ckage due to the larger molar vol-
ume of CaCO3; compared to CaO. However, some authors [137,140] ascribe this maximum level
to the formation of a critical product layer which marks the o nset of solid-state diffusion and
should be responsible for the very slow conversion rate obse rved when approaching maximum
conversion. However, experiments [139] on nano-sized CaO crystals, which were smaller than
the critical product layer, showed the same behaviour as observed for larger particles, ques-
tioning the idea of a critical product layer. Two of the very f ew authors who have studied the
carbonisation reaction at residence times less than 1 minute are Bhatia and Perlmutter [142].
They observed a sigmoid-shaped conversion curve comprising, according to the authors, the
following three stages of reaction: initial nucleation, ra pid reaction and then a slower second
stage reaction. However, although their results appear as if they might be limited by gas phase
diffusion, it is evident that the initial reaction is very fa st, with an observed conversion of 50 %
or more in less than 1 minute. Other authors [137,139, 141] okserved that the maximum conver-
sion was obtained within 5 minutes, with most of the carbonis ation taking place during the rst
minute or two. Sun et al. [143] observed a conversion above 50 % within 15 s at 700 C.

Temperature

Symonds et al. [144] studied the effect of temperature on the carbonisation reaction, establish-
ing that maximum conversion was independent of temperature between 580-700 C. Gupta and
Fan [145] and Bhatia and Perlmutter [142] observed that the maximum conversion increased
with increasing temperature in the interval from 400to 650 C. Several authors [142—-144,146,147]
reported the carbonisation reaction rate increased with te mperature. The activation energies ob-
tained from the different studies range from about 30 kJ/mol up to about 240 kJ/mol. A part of
this discrepancy is most likely caused by the lack of a reacti on mechanism/model for the reac-
tion itself. Dedman and Owen [148] observed a higher maximum conversion as well as a faster
reaction rate when increasing the temperature. Their experi ments were conducted between 100
and 600 C.

CO, Concentration

Sun et al. [143] found the reaction order with respect to CO , to be zero order when the partial

pressure of CO, was about 0.1 atm higher than the equilibrium pressure. When t he difference
was smaller than 0.1 atm the reaction was observed to be rst or der in CO»,. For CO, partial
pressures above 0.2 atm, Kyaw et al. [146] found the carbonisaion reaction to be zero order be-
tween 400 and 800 C. The zero-order kinetic was also observed by Bhatia and Perimutter [142],
who stated that it is only when close to the equilibrium conce ntration of CO , that the reaction
order should be different from zero. Oakeson and Cutler [149 ] observed that the effect of CO»
levelled off when the partial pressure became signi cantly higher than the equilibrium pressure.
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Dedman and Owen [148] also observed a reaction order of zero for CO», while Mess et al. [147]
found that the reaction order of CO , was not xed at 850 C, at long reaction times and above
900 C they found the reaction order to be rst order.

CaO Precursor

When comparing different CaO precursors, Gupta and Fan [145] did not nd any relation be-
tween the precursor and the observed conversion rates. The naturally occurring limestone
showed the lowest value for the maximum conversion.

Surface Area

Bhatia and Perlmutter [142] observed an increased conversion rate with increased internal sur-
face area. Barker [140] found that, after the initial period of carbonisation, the surface area was
similar to that of the CaCO 3 precursor and more than 70 times smaller than the surface area of
the CaO starting material. This difference in surface area clearly indicates that pore plugging
occurs when carbonisation takes place. Some authors [137, 50] studied the reaction in calcina-
tion/carbonisation cycles, and it is evident that conversi on is related to the surface area of the
used CaO.

Water

The possibility of improving carbonisation by hydrating CaO , followed by decomposition of
the formed Ca(OH) », has shown that CaO originating from Ca(OH) », is more reactive towards
CO, [151-153]. Sun et al. [153] found that the gas phase concentation of water did not affect the
carbonisation reaction.

Impurities

Symonds et al. [144] found that CO and H » in the gas phase promoted the reaction rate, which
occurred through the formation of more CO , at the solid/gas interface due to the water-gas
shift reaction. Manovic and Anthony [152] found in their cycl ic calcination/carbonisation ex-
periments that Na ,CO3; promoted carbonisation in the rst couple of cycles. The effe ct was
explained by enhanced product layer diffusion, which was co unteracted by sintering when the
number of cycles increased. Al,O3 showed the opposite effect as a dopant. The authors also
found that CaO derived from natural limestones exhibited di fferent behaviours with respect to
CO, absorption, which they ascribed to differences in impuriti es. In uidised bed experiments,
Salvador et al. [154] observed that both Na,CO3 and NaCl had a negative effect on the carbon-
isation process, while in TGA experiments only NaCl had a nega tive in uence. Sun et al. [143]
investigated a wide range of additives, nding that only Al ,0O3 had a substantially promoting
effect, while chlorides especially showed a negative effect, which was most likely due to sinter-
ing of the used CaO.
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models

Sun et al. [143] assumed that the reaction is the limiting step. Based on this model they estimated
an activation energy of 29 kJ/mole independent of the reacti on order of CO,. Kyaw et al. [146]
used the same model as Sun et al. [143], obtaining an activaton energy of 78 kJ/mole. Bhatia
and Perlmutter [142] found, for the fast initial reaction be tween CaO and CO», that the activation
energy should be 0, based on measurements between 550 and 725C. Barker [140] supported this
for temperatures up to 900 C. At higher conversions they assumed solid-state diffusion in the
product layer to be rate determining, observing that below 5 15 C the activation energy was 89
kJ/mole and above this temperature the value abruptly incre ased to 179 kJ/mole. Based on the
observed change in activation energy, Bhatia and Perlmutter suggested a reaction mechanism
where CO% /O 2 was the diffusing species. Diffusion of these species in the product layer is
also suggested by Oakeson and Cutler [149], who found an activation energy of 121 kJ/mole for
solid-state diffusion. Dedman and Owen [148] estimated an a ctivation energy of 40 kJ/mole for
solid-state diffusion, while Mess et al. [147] estimated th e activation energy to be 238 kJ/mole.



Chapter 7

Literature Summary

The previous chapters outlined modern cement production and potential SO, emission prob-
lems, as well as candidates for SQ absorption, with a special focus on calcium-containing
species. The most common way to produce Portland cement today is by using the dry pro-
cess, which is preferred because it is less energy-intensive compared to other methods. The kiln
system in the dry process is made up of a preheater tower, a rotary kiln and a clinker cooler. SO »
emission from this kiln system originates exclusively from the oxidation of sulphur compounds
in the top cyclones of the preheater tower. At the temperature s found in the top stages, the raw
meal is only capable of absorbing about 50 % of the formed SO,, which in practice can lead to
emission problems. In order to handle emission problems a nu mber of methods which integrate
the emission reduction into the plant have been patented, bu t none of these has turned out to be
as ef cient as a separate desulphurisation unit.

In the literature, several approaches to modelling the preh eater tower have been published, and
it has been possible to model the formation of SO in the top stages well. However, modelling
the absorption of SO, in the preheater satisfactorily has not yet been possible. Based on the liter-
ature review concerning non-calcium species' capability t 0 absorb SG;, it is concluded that these
species do not contribute signi cantly to the absorption of SO,, which is why calcium species
must be considered the main absorbents for SO,. The calcium species that are of interest in
relation to SO, absorption are CaCO3, CaO and Ca(OH),. Especially CaCO3z and CaO are of in-
terest when modelling the absorption of SO 5 in the preheater tower, since 75 w/w % of the raw
meal is CaCO3 and CaO, which recirculates inside the preheater tower, is b elieved to contribute
signi cantly to SO , absorption. However, in order to model the absorption proce sses of these
species it is necessary to understand the initial kinetics for the reactions at relevant conditions.
When reviewing the literature the amount of relevant data fo r the initial kinetic is extremely
limited for the CaCO 3/SO » reaction, and non-existent for the CaO/SO , reaction, at least when
CO;, is present in the gas phase. The limited amount of data concerning the initial kinetic for
these two essential reactions shows clearly the need for data and relevant kinetic modelling in
order to be able to estimate SO, absorption in the preheater tower. Although Ca(OH) » is not
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naturally present in the top stages of the preheater tower, i t has attracted a considerable amount
of attention in relation to dealing with SO , emission. However, at temperatures above 100 C
little work has been done in connection with the ability of Ca (OH), to absorb SG,. In order to
use the full potential of this compound dealing with SO , emissions, data and knowledge about
this compound's capability to absorb SO , in a CO,-containing atmosphere is required.



Chapter 8

Set-ups, Experiments and Materials

The experimental work conducted in this thesis focuses on the reaction between CaO/SO, at
reaction times shorter than 1 second. In order to achieve this an entrained ow reactor, where it
is possible to obtain these short reaction times, was utilised. From the literature it is known that
large surface areas result in higher conversion rates for the CaO/SO» reaction. In order to obtain
large surface areas a number of different methods for the calcination of CaCO 3 were attempted.
This chapter outlines the experimental equipment along with the experimental procedures. Fur-
thermore, the utilised materials are described here.

8.1 Entrained Flow Reactor

Figure 8.1 shows a schematic drawing of the entrained ow react or used for studying the reac-
tion between different calcium-containing species and SO ,/CO ». The reactor consists of a 14.95
m long tube of Fe-Cr-Ni-based high temperature-resistant a lloy. It is possible to inject SO, and
CO,, at four different points, marked V1-V4. The reactor tube is lo cated horizontally in the oven,
with a slope downwards of 1 , and it contains seven U-bends in order to tinto the oven. The
pipes for injecting SO, and CO, are dimensioned in order to ensure that the gases have reachal
the reactor temperature when injected. The reactor oven is electrically heated and controlled
by a thermostat, which ensures a constant reactor temperature. An electrical preheater is used
for preheating the main gases, which are nitrogen or compres sed air. If conducting experiments
with a wet gas, steam is added to the main gas before it enters the preheater. Solid material is
then fed from the loss in weight particle feeder, which is sit uated in an airtight bin. Blockage of
the feeding string is avoided by letting nitrogen through th e particle feeder. The use of nitrogen
to facilitate the feeding of solid material ensures an inert atmosphere around the particle feeder.
Preheated gas and solid material are mixed before entering the reactor oven. In the reactor oven,
gas and solid material are brought up to reactor temperature , before SQ, and CO, are injected.
Just before the reactor outlet, about 2 % of the gas is sampledfor analysis. When collecting gas
for analysis the set-up does not discriminate between gas and solid material, which is why it is
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necessary to separate solid material and gas outside the reator oven by using a lter, which is
heated in order to ensure that water does not condense. In the reactor outlet the remaining solid
material and gas are separated and the gas is discarded while the solid material is collected in
a particle container for further analysis. Temperature and pressure are measured at the places
marked T and P, respectively. Allgas ows to the reactor are con trolled by mass ow controllers.
The set-up is evaluated in Appendix A. In the evaluation it was fo und, based on experiments,
that the gas sampling method and the injection of solid mater ial do not in uence the observed
results. It is further concluded that the reactor can be considered isothermal. A thorough
literature-based analysis of the reactor tube con guratio n has led to the conclusion that it is
reasonable to assume that particles follow the gas ow.
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Figure 8.1: Sketch of the entrained ow reactor used for studying the reastimiween calcium-containing species and
SG,/CO;.



40 Set-ups, Experiments and Materials

8.2 Experimental Procedure

Initially, the reactor temperature is allowed to stabilise . Next, the main gas is supplied and
the preheater temperature adjusted, so that the reactor tube is isothermal from V1 and forward.
Then CO, and SO, are added to the reactor through one of the inlet valves V1-V4 ; the valve used
depends on the required reaction time. Next, the valve situa ted between the particle feeder and
the reactor tube is opened, and nitrogen from the feeder is mi xed with the main gas. The SO
concentration is adjusted to the correct value and allowed t o stabilise, before the addition of
water (if it is used). When a stable SO, concentration is obtained, the injection of particles star ts.
The injected amount of particles depends on the amount of SO, absorbed by the particles, which
should absorb enough SO, to minimise measurement uncertainties. However, the absor ption
must not be so high that the SO, concentration changes signi cantly. In practice, feed rat es be-
tween 0.2 and 2.5 kg/hr are reasonable. When a stable SQ concentration has been obtained for
3-5 minutes, particle feeding is stopped and the SO, concentration is allowed to stabilise again.
Finally, the particle container is emptied and the contenti s stored in a sealed container for later
analysis. In the experiments, a SG, concentration of 1000 ppm was used if nothing else was
stated. In general, atmospheric air was used as a balance gaglue to practical causes. The use
of atmospheric air as a balance gas meant that the reaction ga would contain small amounts
of CO»,. However, no in uence upon the results was observed when usin g atmospheric air as a
balance gas.

During experiments the reactor pressure was kept at an atmos pheric pressure of 20 mbar by
the capsule fan, shown in Figure 8.1. From practical experience it turned out that a linear gas
velocity in the isothermal part of the entrained ow reactor a round 20 m/s was optimal. As-
suming that all gases are ideal gases, the total gas ow can be calculated from equation 8.1.

D gjbe gas Tamb m3
= — 8.1

amb 4 Treac S ( )
In equation 8.1: mp is the gas ow at ambient temperature, D e is the diameter of the reactor
tube, gas is the linear velocity in the isothermal part of the reactor, Tamp and Treac the ambient
and the reactor temperatures, respectively.

8.3 Materials

Gases

The purity of the concentrated gases (N, CO, and SO,) was at least 99.2 %, and they were sup-
plied from gas cylinders. Air was supplied through the pressu rised air line in the experimental
facility building, and it comprised dry atmospheric air. Pu re steam was supplied by evaporating
demineralised water.
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Limestones, Quick Limes and Slaked Limes :

The quicklimes and slaked limes used for conducting the exper iments were based on three
naturally occurring limestones and produced in-house. One quicklime and one slaked lime
were bought. Raw meals and hot meals? used for conducting the experiments were supplied
by FLSmidth & CO A/S and originated from different cement prod uction facilities around the
world. Additives used were chemically pure substances. Tabl e 8.1 and 8.2 show the chemical
composition of the different materials on an oxide basis, al ong with the surface area, porosity
and particle size distribution. In the following, the three limestones in Table 8.1 are named Faxe,
Hole and Obajana, while the commercial CaO and Ca(OH) » are named commercial CaO and
Commercial Ca(OH) », respectively.

'Hot meal is a calcined raw meal.



Material Faxe Bryozo Limestone | Hole Limestone | Obajana Limestone CaO Ca(OH),
Composition [w/w%] Commercial Commercial
CaO 53.20 42.44 49.98 96.00 73.56
SiO; 0.49 12.22 2.57 1.00 0.6
MgO 0.43 3.1 1.06 0.90 0.73
Al,03 0.02 2.33 0.29 0.25 0.29
Fe; O3 0.03 1.2 0.14 0.25 0.11
K,0 0.01 0.65 0.18 0.01 0.02
Na,O 0.00 0.26 0.02 0.00 0
TiO, 0.00 0.15 0.03 0.00 0.01
Mn ;03 0.01 0.03 0.00 0.01 0.01
P,0Os 0.02 0.03 0.00 0.02 0.01
SrO 0.05 0.02 0.32 0.05 0.02
LOI 43.50 36.53 41.83 1.00 24.82
Total CaCO3 97.16 76.58 92.56 / /
Available CaO / / / / 67.12
Surface Area [m?/g] 0.8 0.6 0.2 3.2 17.6
Porosity [%0] 8.5 3.6 1.2 18 NaN
Particle distribution d(10%, 50%, 90%) [ m] 55, 145, 216 2.1,12,229.3 28, 115, 207 15, 108, 167 | 1.68, 6.98, 18.92

Table 8.1: Composition of limestones and commercial CaO and Caf@kkd for the experiments.
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Material Plant F Plant H Plant F PlantH
Composition [w/w%] Raw Meal Raw Meal Hot Meal Hot Meal
CaO 42.48 / 61.94 /
SiO; 13.91 / 20.21 /
MgO 1.82 / 2.52 /
Al,03 3.58 / 4.99 /
Fe,O3 1.68 / 2.76 /
K,O 0.87 / 1.42 /
Na,O 0.23 / 0.33 /
TiO, 0.20 / 0.27 /
Mn ;O3 0.05 / 0.08 /
P,Os 0.16 / 0.22 /
SrO 0.06 / 0.09 /
LOI 34.87 / 3.19 /
Total CaCO3 75.93 / / /
Available CaO / / 32.77 /
Surface Area [m?/g] 55 8.0 4.1 7.8
Porosity [%] 13.5 / 34.7 37.1
Particle distribution d(10%, 50%, 90%) [ m] | 1.16, 10.24, 97.67% / 0.61, 3.27, 75.85 /

Table 8.2: Composition of raw meals and hot meals used for the experiments.
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8.4 Calcination of CaCO 3

Calcination of limestone is a delicate matter if sintering, and thereby loss of surface area, are to
be avoided. From the literature it is known that larger surfa ce areas result in higher reaction
rates for the CaO/SO, reaction. Therefore, a method by which the calcination of lim estone is
possible with a minimum loss of surface area is desired. In th is section the methods used will

be outlined, while the results of the experiments will be dis cussed in Chapter 10. In order to
avoid sintering when calcining limestone, both temperatur e and CO, concentration should be

kept as low as possible. When dealing with CaO, and especially CaO with a large surface area,
it is essential to minimise contact with atmospheric air as m uch as possible in order to avoid

hydration and carbonisation. For this reason, calcined pro ducts are always stored in sealed
containers or under controlled atmospheric conditions.

Fluid Bed Calcination : Figure 8.2 shows a schematic drawing of the uidised bed set-u p
used for calcination. Initially the set-up was heated to 850 C (lower temperatures have
turned out to be inef cient). The primary gas ow was 17.5 NI/min of atmospheric air,
while the secondary air ow was 10 NI/min. When the temperatur e was stable, 400 g of
limestone was added and allowed to calcine for 50 minutes. Subsequently, the calcined
product was blown into the particle container. When calcini ng in the uidised bed, Faxe
limestone was used.

Vacuum Calcination : Figure 8.2 shows the set-up used for vacuum calcination. The idea
of using vacuum calcination was strongly inspired by the pap ers published by Beruto et
al. and Ewing et al. [46, 155, 156] around 1980. The principle in vacuum calcination is that
CO, concentration is very low, which is why the temperature can a Iso be lowered. The
experiments were carried out by placing a sample of CaCO 3 into an airtight container,

which was subsequently connected to a vacuum pump and placed in a cold oven. The
oven was heated to the temperature set point (650 or 750 C), while a vacuum was created
in the container. The sample was held at the temperature set point for up to 24 hours

and was subsequently cooled to ambient temperature under va cuum conditions. When
increasing the pressure again, it was done by N»,. The vacuum pump used maintained a
vacuum of 30 10 Pa in the airtight container, and the limestone used was Faxe.

Fixed Bed Calcination : Figure 8.2 shows the xed bed set-up. Here, the limestone was
placed in one end of the ceramic tube outside the oven and positioned by the two porous
plugs. Afterwards, the ceramic tube was placed into the oven a nd the gas ow switched.

The calcination process took place for up to two hours and 15 mi nutes, after which the
ceramic tube was removed from the oven and allowed to cool dow n with the gas ow

switched. The temperature interval used was 700-800 C, while the gas ow was set at 10
to 15 NI/min (either nitrogen or pressurised air). The mass lo ading ranged from 2to 5 g.
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In some experiments a pump was connected to the gas outlet in order to see whether it
was possible to obtain a faster removal of CO, from the CaCO 3 bed. The limestone source

was Faxe.
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Figure 8.2: Schematic drawing of three of the four reactors used for calcinkti@gtone containing materials.

Flash Calcination : When conducting ash calcination the entrained ow reactors hownin

Figure 8.1 was used, with a temperature set point for the react or between 750 and 850 C.
The linear velocity in the isothermal part was 20 m/s, while th e limestone feed rate was
200 or 500 g/hr. The calcined product was collected in the part icle container, which was
frequently emptied. When carrying out calcination in the en trained ow reactor, the gas

ow was comprised by pressurised air, which enters exclusive ly through the preheater.

For the ash calcination experiments all three limestones de scribed in section 8.3 were
used.



Chapter 9

Data Treatment and De nition of
Calculated Parameters

This chapter de nes the conversion with respect to SO ,, the calcium species fraction and the
mass fraction. It is also outlined how these important dimen sionless numbers are calculated
from experimental data obtained in the entrained ow reactor and TGA measurements.

9.1 Conversion With Respectto SO ,

Figure 9.1 shows a typical SO, measurement, with the horizontal lines indicating the stea dy-
state levels used for calculations. The difference in SO, concentration with and without particle
injection is due to SO, absorption by the injected material. The steady-state levels are used for
calculating an average SO, concentration before, during and after particle injection . The calcu-
lations are made by a Matlab program specially designed for t he purpose (Appendix G outlines
the program algorithm). Besides calculating SO, steady-state values for all other logged pa-
rameters are also calculated, taking into account any time delay between the parameter and
SO, concentration. The standard deviations for the steady-state values are calculated simulta-
neously by the Matlab program.

Equation 9.1 de nes the conversion with respect to SO , as the moles of SG absorbed per moles
of base compound. The use of different bases is convenient when dealing with different materi-
als and patrtly calcined particles.

— PNso, . - : : .
X 50,=basis = Nbacis Npasis = Nca; Ncao; Nca(oH),» Ncaco; (9.1)
asis

The de nition stated in equation 9.1 is rewritten to equation 9 .2, which can be used to calculate
the conversion from the steady-state values obtained in the entrained ow reactor experiments.

Xso, P amb Mi (9.2)

X s0,=basis =
2 Rgas Tamb Wp Qi:mtot
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Figure 9.1: Example of a steady-state interval fora;SO  Figure 9.2: TGA plot of a sample that contains Ca(OH)
measurement obtained in the entrained ow reactor. CaCQ; and CaO.

In equation 9.2, Xso, is the steady-state mole fraction with particle feeding min us the average
SO, mole fraction, before and after particle feeding. M ; is the molar mass of the compound on
which the mass fraction ( Q= ,, ) iS based.

9.2 Mole and Mass Fraction of Calcium Species

Figure 9.2 shows a TGA measurement with the two drops in mass cau sed by the decomposition
of Ca(OH), and CaCOs3. At temperatures above 800 C no mass loss is observed, because all
the Ca(OH), and CaCO3 has decomposed to CaO, which is why the sample is constituted ex-
clusively by CaO plus impurities such as SiO ,. The mass fraction of CaO at this temperature is
easily determined from the tables in section 8.3. The mass of CaCO3 and Ca(OH); in the sample
is determined from the mass losses due to CO, and H»0O, respectively.
Equation 9.3 shows the de nition of the mole fraction for comp onent i. The mole fraction is
calculated from the TGA data by calculating the moles of Ca(OH ), and CaCOj3 equal to the loss
in moles of H,0 and CO,, respectively. The moles of Ca are equal to the moles of CaO found
at 800 C. In casei is CaO, the moles of CaO should be calculated by subtracting the moles of
Ca(OH), and CaCO3 from the moles of Ca calculated at 800 C.

Xicca = n”T'a i = CaO; Ca(OH),; CaCO;s (9.3)
The mass fraction of component i is de ned in equation 9.4. The moles of CaO, CaCO3j; or
Ca(OH), are calculated as above and multiplied by the molar mass of component i, and then
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divided by the total sample mass used in the TGA experiment.

mi _ nj M

Miot Miot

Qi:m tot =

i = CaO; Ca(OH),; CaCOg3 (9.4)



Chapter 10

Calcination Results

This chapter presents the results of the four calcination methods (uid bed, vacuum, ash and
xed bed). The discussion is based on mercury porosimetry mea surements, which is why it
should be noted that surface area is proportional to the reci procal of pore size, meaning that
smaller pores results in a larger surface area. Figure ordinate axes in this chapter are "Log
differential intrusion ", which is a measure for the amount of pores at a given pore diam eter.

10.1 Vacuum Calcination

Figure 10.1 shows pore size distribution for Faxe limestone calcined under vacuum at 680 C for
different periods. The gure shows that the pore-system beco mes bipartite with an enlargement

of the primary pore-system, which also exists in the parent | imestone. The secondary pore-
system evolves around 0.08 m independent of the calcination time. Itis clear that the nu mber of
pores, in the secondary pore-system, increase with calcinaion time and thereby also calcination

degree, while the pore enlargement of the primary pore-syst em is similar in all three cases.
This shows that the enlargement of the primary pore-system is faster than the formation of

the secondary pore-system. Vacuum calcination at lower tem peratures (580-630 C) was also
tried, but a secondary pore-system was not observed, since the temperature was too low for

the initiation of the calcination process. If the secondary pore-system pore size is compared
to the results by Beruto et al. and Ewing et al. [46, 155, 156] i is seen that they obtain a pore
diameter about 10 times smaller. This difference is most like ly caused by the CaCOs source. In
the literature [46, 155, 156], were experiments conducted using a pure CaCO3 source, while a
natural Faxe limestone (containing signi cantly more impu rities) was used here. The difference
in vacuum conditions are not the reason, since Ewing et al. [1 56] conducted experiments with a
CO;, partial pressure up to 1200 Pa, at temperatures similar to ours, obtaining a secondary pore
diameter whcih was about 10 times smaller.



50 Calcination Results

1.2 w w 1.2 ‘ ‘
—o— Faxe Limestone —o— Faxe Limestone
—o— Faxe caclined for 7 hr —o— Faxe calcined for 54 min
——o— Faxe caclined for 23 hr —o— Faxe calcined for 79 min

Faxe caclined for 47 hr| —— Faxe calcined for 134 min |

[any
[any

o
©
o
fes)

Log Di®erential Intrusion [mL/g]
o
(o]

Log Di®erential Intrusion [mL/g]
o
(o))

0.4 0.4r1
0.2 0.2
O Tmmmmrooy oo 0
10” 10" 10°
Pore Diameter [t m] Pore Diameter [t m]
Figure 10.1: Pore size distribution for Faxe limestone Figure 10.2: Pore size distribution for Faxe limestone
calcined under vacuum at 68CC. calcined in a xed bed at 80CC.

10.2 Fixed Bed Calcination

Figure 10.2 shows pore size distribution for Faxe limestone calcined in the xed bed set-up at
800 C. The same behavior as in the vacuum calcination is observed here, with an enlargement
of the primary pore-system independent of calcination time and a secondary pore-system which
increase with calcination time and calcination degree. In t his case, the secondary pore-system
evolves around a pore diameter of 25 nm, with a tendency to lar ger pores when the calcination
time increase. The increase observed below 10 nm for Faxe calmed in 134 min is most likely,
judged from the shape of the curve, due to a measuring error. V ariation of calcination conditions,
within the earlier stated intervals, has not shown any effec t on the development of the secondary

pore-system.

10.3 Flash Calcination

Figure 10.3 shows pore size distribution for Faxe limestone a sh calcined in less than one sec-

ond at different temperatures. Itis clear that the primary p ore-system enlargement is faster than

development of the secondary pore-system. This is seen from that the primary pore-system is

at 800 and 850 C and the secondary pore-system develope around a diameter of 8 nm. At 750
C, the enlargement of the primary pore-system is smaller tha n in the two other cases and the

formation of a secondary pore-system incipient at about 8 nm .

Figure 10.4 shows pore size distribution for Hole, Faxe and Ob ajana limestone, ash calcined at
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850 C. Itis clear that the secondary pore-system in all cases evdves around 8-10 nm, while the
primary pore-system evolves in different manners, with alm ost no primary pore-system in cal-
cined Obajana limestone compared to Hole and Faxe, with the calcined Faxe limestone showing
the smallest pores in the primary pore-system. If the number of pores in the secondary pore-
system for Obajana are compared to the results for Hole and Faxe it is noteable that Obajana
shows a less developed secondary pore-system, which is alsore ected in the mole fraction of
CaO in the calcined product, which is 26.6 % compared to 51.7 and 45.7 % for Hole and Faxe,
respectively. What cause a lower content of CaO is uncertain since no apparent difference can
be observed between the parent limestones in table 8.1, but the difference shows that the calci-
nation kinetics of limestones strongly depends on the start ing material.

0.15 w w 0.15 w w
—o— Faxe limestone —o— Hole Flash Calcined 850°C
—o— Faxe calcined at 750*C —o— Faxe Flash Calcined 850*C
—o— Faxe calcined at 800*C —o— Obajana Flash Calcined 850°C

—— Faxe calcined at 850*C

Log Di®erential Intrusion [mL/g]
Log Di®erential Intrusion [mL/g]

Pore Diameter [t m] Pore Diameter [ m]
Figure 10.3: Pore size distribution for Faxe limestone Figure 10.4: Pore size distribution for Hole, Faxe and
ash calcined in less than one second. Objana limestone, ash calcined at 85Q.

10.4 Comparison of Calcination Methods

Figure 10.5 shows pore size distribution for all 4 methods tri ed. Here, it is observed that the
product which originating from uid bed calcination has aver y broad distribution compared to
the other methods. The primary system is more pronounced fort he uid bed calcination which
is probably due to a higher degree of sintering. Furthermore , it is seen that ash calcination
results in the secondary pore-system with the smallest pore diameter, while the vacuum calci-
nation results in the largest. Fabrication of CaO for experi ments with SO, was carried out by
ash calcination and calcination in the uid bed.
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Figure 10.5: Comparison of pore size distribution Figure 10.6: Pore size distribution for the hot meals
obtained from different methods of calcining. obtained from plant F and H. The pore size distribution
for the ash calcined Faxe limestone is shown for
comparison.

Table 10.1 summarises the properties of those calcines that lave been used for experiments with
SO, absorbtion. As seen from the table, is it only bought material which is fully calcined. The
surface area of the calcined materials are signi cantly lar ger than surface area observed in the
parent limestones (see table 8.1). Therefore, it is reasonal®@ to assume that the increase in sur-
face areas are due to the calcination process and it can be assmed that only CaO is found at the
surface.

The Materials, 5xFaxe 850, 2xFaxe 850, 2xFaxa,co, 850 and 2xFaxeaci, 850, is Faxe limestone
where ash calcination has been repeated. The repeated ash calcination is also seen from the
larger mole fraction of CaO in thier calcines. The subscripts Na,CO3 and CaCl, denotes that
2 w/w % of these species were added to the limestone. They were added as a water solution
and excess water was evaporated before calcination. It is naeworthy that both species appar-
ently promotes the calcination process, seen by a higher content of CaO in the doped calcines
compared to the non-doped calcines.
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Material Cal. Method Xcao=ca | Qmeao =mu AgeT AgeT Porosity

mol/mol kg/kg m?/g solid | m?/g CaO %

Faxe 750 F.C. 12.1% 6.9% 9.9 143.8 14

Faxe 800 F.C. 25.8% 15.4% 15.7 102.0 21

Faxe 850 F.C. 45.7% 30.2% 27.1 89.8 31
Obajana 850 F.C. 26.6% 15.1% 16.8 111.4 -
Hole 850 F.C. 51.7% 28.8% 14.2 49.3 -
2xFaxe 850 F.C. twice 60.2% 42.2% 36.2 85.8 -
2xXFaxecac), 850 F.C. twice 74.0% 51.3% - - -
2xFaxeya,co, 850 F.C. twice 81.8% 66.4% - - -
BxFaxe F.C. vetimes 81.8% 68.9% - - -
Faxe 900 F.C. 20.1% 12.3% - - -

Faxe commercial Bought 100% 96% 3.2 3.2 18

Faxe FB Fluid Bed 87.5% 76.3% 20.1 26.3 52

Table 10.1: Characterization of partly calcined limestones used for studyingehetion between CaO and $SC.C.
denotes that the material has been ash calcined.

10.5 Hot Meals

Figure 10.6 shows pore size distribution in hot meals from pla nt F and H along with the distri-
bution for Faxe limestone ash calcined at 850 C. The large amount of pores observed in the
primary pore-system are to some extend caused by void between the ne particles that com-
prises the hot meals. The secondary pore-system for both hot meals seems to evolve between
100 and 200 nm, which is a considerably larger pore diameter than observed for the ash cal-
cined limestone. It was expected that hot meals were comparable to the ash calcined limestone,
since the calciner unit in a cement plant works as a ash calcin er with a residence time of a few
seconds. However, the secondary pore-systems evolves differently, with pronounced sintering
of the hot meal CaO and only little or no sintering of the CaO ob tained from ash calcination.
The pronounced sintering of the hot meals is caused by the combustion of fuels, which leads to
zones with a temperature considerably higher than the appro ximately 850 C observed in the
outlet of the calciner unit. Sintering is further accelerat ed by CO, and water in the calciner, both
known to promote sintering. The pronounced sintering is also seen from the surface areas (see
table 8.2), which in the case of plant F hot meal only is 15 % of the surface area found in the
ash calcined Faxe limestone. The corresponding value for pla nt C hot meal is 29 %. When
comparing raw meal and hot meal surface areas (see table 8.2),is it remarkable that raw meal
surface areas are larger than hot meal surface areas. This istie opposite of the result from the
calcination experiments, where a large increase in surface area was observed for calcines.



Chapter 11

Mass and Temperature Gradients

When evaluating experimental data it is of great importance to know whether the observed
results are in uenced by mass and/or temperature gradients. Here, both phenomena will be
evaluated. The equations and constants used can be found in Appendix B

11.1 Mass Diffusion Limitations

The Weisz-Prater modulus (see Appendix B) compares the observed rate of reaction to the rate at
which diffusion in a porous material takes place. Accordingt o Levenspiel [133], a Weisz-Prater
modulus smaller than 0.15 indicates that the results are not i n uenced by internal diffusion lim-
itations. Similar to the Weisz-Prater modulus for evaluati ng internal diffusion limitations, ex-
ternal diffusion limitation can be evaluated by Mears crite rion. According to Scott Fogler [157],
external diffusion can be neglected if Mears criterion is sm aller than 0.15.

Figure 11.1 shows the particle diameter at which the Weisz-Prater modulus is equal to 0.15 as
a function of the measured CaO conversion for three differen t CaO materials, while Figure 11.2
shows a similar plot for Mears criterion. Thus, the particle d iameters shown in Figure 11.1 and
11.2 are the largest diameter in each experiment where diffusion limitations can be ruled out.

From Figure 11.1 it is evident that the particle diameter at wh ich internal diffusion limitations
are negligible is smaller than 25 m. In the case of external diffusion, Figure 11.2 shows that it
will begin to in uence the results at particle diameters betw een 10 and 70 m. Comparing these
critical diameters to the particle distributions, for the t hree different CaO materials, in Figure
11.3, it is evident that internal diffusion will in uence the r esults for at least 85 w/w % of the
particles, while the corresponding number for external dif fusion is 80 w/w %.

In order to verify the calculated results, the reaction prod uct from an experiment with Faxe 850
was fractionated and the sulphur content subsequently dete rmined. Table 11.1 summarises the
results. The actual concentration gradients were studied by slicing a sample of Faxe 750 particles
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materials used for evaluating diffusion limitations.

and subsequently mapping the cross-sectional sulphur cont ent by EDX. Figure 11.4 shows the
results for three different particles, all of which had a dia meter around 80 m.
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The results in Table 11.1 and Figure 11.4 con rm the Weisz-Prater modulus and Mears criterion

calculations, showing that diffusion limitations can not b e ruled out when interpreting experi-
mental results.

0.25 ‘ ‘ ;
¢ O Particle 1
4 Particle 2
= 0 Particle 3
% 0.2r - ®
<
n
g Particle size | sulphur content
E 0.15¢ 5 ] m wiw %
s O 0-32 4.35
O O
N 32-90 1.05
2 0.1r . 1
= 90-150 0.33
n
- 5 0 1501 0.25
Q
8 0.05f L 4 1
@ o
O
O [% - O . oa o
O Q h_/\D\(" %@‘D%—QDQL
0 0.2 0.4 0.6 0.8 1

Dimensionless Particle Diameter

Figure 11.4: Scaled sulphur content as a function of the  Table 11.1: Measured sulphur content in Faxe 850
dimensionless particle diameter. reacted with S@ at 517 C for 0.08 s in atmospheric air.



Temperature Gradients 57

11.2 Temperature Gradients

The high conversions observed here, within an extraordinari ly shorttime, can resultin a particle

temperature considerably higher than the bulk gas temperat ure due to the exothermic reactions
taking place. In order to clarify this question, an energy ba lance for a spherical particle was
established, as outlined in Appendix B.

Figure 11.5 and 11.6 show the deviation between bulk gas temperature and the particle temper-
ature as a function of the observed reaction rate for SO, and CO,. The particle temperature is
here evaluated in the core, where the temperature is highest. When calculating Figure 11.5 and
11.6, it is assumed that the reactions take place in an outer stell, which is 20 % of the patrticle
radius.

The highest observed reaction rate for the SO,/CaO reaction is 5500 mol/m 3/s, whereas for the
carbonisation reaction it is 2 10* mol/m 3/s. Comparing these numbers to Figure 11.5 and 11.6
it is evident that the deviation between bulk gas temperatur e and particle temperature will be

up to 0.6 %. A temperature difference of this size is negligibl e, which is why the assumption of

an isothermal reaction is valid.
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Chapter 12

SO» Absorption on CaO

Here, the experimental results for SO, absorption on the calcines discussed are presented. This
chapter will outline the experimental results obtained whe n investigating SO, absorption on the
calcines, described earlier in Chapter 10. In the interpretation of the results, it should be kept in
mind that both external and internal mass transfer have been shown to in uence the observed
results. If nothing else is stated, the SO, concentration was 1000 ppm in the experiments.

12.1 The In uence of Surface Area

Figure 12.1 shows the CaO conversion as a function of the surface area for different calcines of
Faxe limestone when reacted with SO,. It is evident that the CaO conversion increases with
surface area, while a positive effect of temperature is in general also observed. It is also seen
that an increase in surface area can compensate for a lower reaction temperature. The positive
effect of increasing surface area was also reported in the literature [105,109, 111].
In Chapter 11 it was shown that the observed results are heavily in uenced by diffusion limi-
tations. The positive effect of surface area upon CaO converson shows that external diffusion
does not exclusively limit the reaction rate, since CaO conv ersion would then depend purely
on the external surface area, which is similar in all experim ents with Faxe 750, 800 and 850.
From Figure 12.1 it is evident that for experiments at 441 C and 517 C the positive effect of
surface area seems to level off. That the CaO conversion leves off for very large surface areas is
a consequence of external diffusion resistance limiting th e transfer of SO,. However, when the
data points obtained between 573 and 590 C are considered together (the small variations in
temperature are considered negligible), the CaO conversion appears to increase at least linearly
with surface area. Contrary to the results at lower temperat ures, the observed conversion at 590
C does not seem to level off. Considering the gas phase diffusion coef cient for SO », it only
increases with a factor of about 1.5 from 441 to 590 C. This increase is less than the increase ob-
served in conversion, which is why an increase in SO , diffusivity can not explain the observed
behaviour alone.
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Figure 12.2 shows the CaO conversion as a function of surface aea for two differently calcined
Faxe limestones. The calcines were reacted with SQ for 0.35 s or 0.55 s in a gas containing either
20 or 25 % of CO,. If these CaO conversions are compared to those obtained in Fgure 12.1, it is
noteworthy that considerably lower CaO conversion results when CO3 is present in the reaction
gas. From the gure, it is seen that a higher surface area leads to higher CaO conversion, even
though the sulphation is suppressed by CO ». Furthermore, it is noticeable that an increase in
reaction time from 0.35 s to 0.55 s only has a very small effect onCaO conversion, indicating that
most of the reaction takes place within less than 0.35 s.

12.2 The In uence of Mass Fraction of CaO in Material

Figure 12.3 shows the CaO conversion as a function of the CaO mass fraction in the calcined
material. The CaO conversion decreases as the mass fraction 6CaO in the material increases,
while the decrease in CaO conversion is caused by a smaller suface area of CaO per mass
of CaO, as seen from the secondary axis, which indicates that a smaller fraction of the CaO
molecules will be found as surface molecules, whereby less CaO will be available for reaction
with SO».
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Figure 12.4 shows the conversion calculated as the moles of SQ absorbed per mole of Ca. At 590
C and 441 C a continuous increase in Ca conversion is observed, which is in accordance with
the behaviour observed for the surface area of the particles, which also increase with increasing
mass fraction of CaO. At 517 C the Ca conversion has a maximum at a mass fraction of 15 w/w
%. What causes this maximum is uncertain, yet if the point is o mitted it is evident that the trend
is the same as observed at 441 and 590C.
In experiments with uncalcined Faxe limestone at 600 C and a reaction time of 0.35 s, Hu et
al. [68] found a Ca conversion of 0.08%, which is 63 times smaller than observed here, with a
CaO mass fraction of 30.2 %.
The higher reactivity observed is caused either because more CaO is available at the gas/solid
interface and/or the CaO/SO » reaction is faster than the CaCOs/SO ; reaction. Since the surface
area in our experiments is about 34 times greater, at least pat of the increased conversion must
be due to a higher reactivity of CaO compared to CaCO 3. Our results are shown to be limited
by diffusion, giving a lower rate than what is actually possi ble. It is therefore expected that the
true kinetic rate of the CaO/SO » reaction is more than a factor of 1.8 faster than the CaC0Os3/S0O ,
reaction rate. Nonetheless, it can be concluded from the results that the CaO/SO » is faster than
the CaCOs reaction.

12.3 The In uence of Reaction Time

Figure 12.5 shows that the CaO conversion increases with readion time. The difference in CaO
conversion among the three calcines is due to the difference in surface area in the starting ma-
terial (see Table 10.1). The slope of the lines interconnectiry the measurement points can be
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interpreted as an apparent reaction rate. When doing so it is noticed that, in all cases, the re-
action rate is fastest within the rst 0.08 s. Hereafter, the r ate levels off and the increase in
conversion becomes linear from 0.18 s and forward. That the initial reaction of the SO,/CaO
reaction is fast is further illustrated in that more than 50 % of the observed CaO conversion,
in all cases, takes place within the rst 0.18 s, which compris es less than one-third of the total
reaction time. From the data in Figure 12.5 it can be calculated that the apparent rate, calculated
as a CaO conversion per second, within the rst 0.08 s ranges from 1.07 s ! for Faxe 750 to 0.4
s 1 for Faxe 850. Thus, all CaO would be converted in less than a seond for Faxe 750, if the
initial reaction rate controlled the entire CaO conversion .

Borgwardt and Bruce [105] conducted experiments at 800 C using CaO particles with a surface
area of 63 mP/g. They performed their rst measurement after 3 seconds of r eaction. From
their data an apparent initial reaction rate of 6.2 10 2 s ! was calculated. The initial reaction
rate observed in our experiments is 6.5-17 times larger than what Borgwardt and Bruce [105]
observed at a reaction temperature about 300 C higher. Initial reaction rates so much higher
than what has been observed at a signi cantly higher tempera ture indicate that the initial rate
can be signi cantly underestimated if determined from expe rimental data obtained after more
than 1 second. In fact our data makes it reasonable to assume hat diffusion limitations will be
present in the initial phase of any SO ,/CaO experiment, unless using extreme conditions such
as very low temperatures and extremely small particles.
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Figure 12.6 shows the CaO conversion as a function of the reacton time for calcines of Hole, Faxe
and Obajana limestones. The parent limestone was in all cases ash calcined under the same
conditions, but the calcination resulted in different CaO ¢ ontents and surface areas, as seen from
Table 10.1. From Figure 12.6 it is evident that the CaO conversons for calcines prepared at the
same conditions are similar, even though the CaO content and surface areas are different.

The similar conversions observed here may be caused by natural impurities found in the parent
stones, in uencing the initial reaction kinetics in differe nt manners. Consequently, species pro-
moting sintering and thereby a decrease in surface area promote the CaO/SO, reaction, whereby
they counteract the decrease in surface area. On the other had, species which enhance the cal-
cination process and thereby the formation of surface area inhibit the CaO/SO » reaction. That
calcines of different limestones appear to behave identically is contrary to the literature [112],
where the reactivity of different calcines was different.

The full line graphs in Figure 12.7 show the conversion of CaO in to sulphur species (left axis),
while the dotted graph shows the unconverted fraction of the initial CaO (right axis), both plot-
ted as a function of reaction time. The CaO conversion is considerably smaller than in atmo-
spheric air. Furthermore, a negative effect of temperature is observed in Figure 12.7. From the
experiments in atmospheric air, a linear increase in CaO conversion is observed after 0.18 s.
Here, the reaction rate decreases continuously when increasing the reaction time. In fact, the
reaction is almost completed after 0.35 s at 534 C . The fraction of unconverted CaO in the
partly calcined limestone decreases remarkably fast, reaching a constant level of about 55 % af-
ter 0.35 s. TGA measurements show that the decrease is due to an ptake of CO, about 25 times
larger than the SO, uptake. Furthermore, BET measurements show that after 0.35 sonly 10 %
of the internal surface area found in the starting material i s left. From these results it is obvious
that free CaO will react extremely fast with CO », if exposed to a CO, concentration higher than
the equilibrium concentration. The negative effect of highe r temperatures is a consequence of
the fast uptake of CO3, while the partly calcined limestone used has a bipartite po re-system
with a main pore diameter of about 500 nm and a secondary pore d iameter about 10-20 nm. In
such a bipartite pore-system, the majority of the surface ar ea is situated in the secondary pore-
system. Furthermore ,both the CaO/CO , and the CaO/SO, reaction rates will increase with
temperature, but since the molar volume of CaCO 3 is about 2.5 times that of CaO, the secondary
pore-system blocks up faster at higher temperature levels, so the surface area available for reac-
tion with SO , will decrease even faster. The reduction in surface area with a decreasing fraction
of unconverted CaO is supported by the BET measurements.
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Figure 12.7: CaO conversion as a function of the reaction time
for partly calcined Faxe limestone, when the reaction gas
contains 25 % CQ.

The large uptake of CO, begs the question as to whether SG reacts with CaO or CaCO3. This
is important, since the initial rate of the SO ,-CaCOQOs is slower than the initial kinetic of the
SO,/Ca0 reaction, as concluded earlier. The experimental resul ts show that the CaO/SO » reac-
tion only contributes to the observed CaO conversion to sulp hur species until the particles are
saturated with CO ,. At a temperature of 534 C , the CaO/SO reaction only takes place within
the rst 0.35 s. At longer reaction times, the dominating mecha nism for SO, absorption is the
S0O,/CaCO j reaction, which is also re ected in the levelling off of the re action rate after 0.35 s
at534 C.

12.4 The In uence of CO , on the CaO/SO, Reaction

Figure 12.8 shows the CaO conversion as a function of CO, concentration in the reaction gas.
It should be noted that these experiments were conducted wit h Faxe limestone calcined in a
uid, meaning that the CaO content is considerably larger tha ninthe ash calcined limestones,
while the surface area is smaller due to more pronounced sint ering (see Table 10.1). The CaO
conversion decreases when the CQ concentration increases. It is also apparent that the effed
of increasing the reaction time levels off as CO, concentration increases. The negative effect
of increasing CO» concentration is due to the carbonisation reaction which, at partial pressures
higher than the equilibrium pressure, competes with SO , for any available CaO. When the CO»
concentration increases, the effect upon the CaO conversio seems to level off and approaches a
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zero order reaction with respect to CO ,. That the CaO-CO, reaction should be zero order with
respect to CO» is supported by literature ndings [142,143,146,148,149].

The effect of increasing reaction time levelling off is due to saturation of the material with CO »,
as also seen in Figure 12.7. The results in Figure 12.8 add to this in that the rate at which
saturation with CO , takes place depends on CQ, concentration.
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Figure 12.8: CaO conversion as a function of GO
concentration in the reaction gas for partly calcined Faxe
limestone.

The results presented here contradict those found in the lite rature [103, 106, 125, 126], where no
CO,, effect was determined. The main reason for this discrepancy m ay be the reaction time used,
which was signi cantly longer in the experiments reportedi n the literature. At the short reaction
times used here, CO, will occupy sites that otherwise could react quickly with SO »,, and thereby
CO; slows down the reaction. Conversely, at long reaction times the controlling mechanisms
will be diffusion and reaction in a product layer of CaCO 3, CaSG; and CaSOy. No discernible
effect of CO» is observed, because the reaction between the formed CaCQ and SO, is much
faster than the diffusion rate of SO , to the unreacted CaO core. The results presented here show
clearly the pitfalls of predicting short reaction time outc omes solely from data gathered from
long reaction time experiments.
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12.5 The In uence of Temperature

Figure 12.9 shows CaO conversion as a function of reaction temperature for three different Faxe
calcines. The CaO conversion in all cases increases with temgrature, as would be expected.
It is also observed that the slope of the data series increase with increasing surface area. This
difference in inclination is a consequence of the CaO conversion being dependent on the surface
area. If the reaction were controlled exclusively by pore di ffusion, however, no difference in

inclination would be expected.
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temperature. The experiments were carried out in temperature. The experiments were carried out in

atmospheric air, with a reaction time of 0.36 s. different CQ concentrations, with a reaction time of 0.55
s.

Figure 12.10 shows CaO conversion as a function of temperature when the reaction gas contains
CO,. Considering the Faxe FB results, there are no effects of inceasing the temperature when
the reaction gas contains 20 % CQ, while a small increase is observed at the highest temper-
ature for 10 % CO, in the reaction gas. In the case of 2xFaxe the temperature hasa negative
effect on the CaO conversion when 25 % of CO; is present in the reaction gas. Observing no
effect, or even a negative effect of temperature, is different from the results in Figure 12.9, which

were obtained in atmospheric air. The trends observed in Figu re 12.10 are related closely to the
pore size distributions in the two calcines. Figure 10.5 show s that ash calcined limestones, like

2xFaxe, have a secondary pore-system containing pores with a signi cantly smaller diameter

than in Faxe FB. Thus, blockage of the secondary pore-system h 2xFaxe, and thereby a reduc-
tion of the reactive surface area, will increase faster with temperature than the reaction rates
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of SO,/Ca0 and SO ,/CaCO 3, here resulting in a negative temperature effect. The larger pore
diameters found in Faxe FB result in that the temperature eff ect on pore blockage and on the
S0O,/Ca0 and SO ,/CaCO 3 reaction rates cancel each other out in the case of 20 % CQ in the
reaction gas. At 10 % CO,, the temperature dependency of the reactions is apparently a little
bit stronger than that of pore blockage, allowing a small inc rease in CaO conversion. In the
literature [125, 127] only a positive temperature effect wa s reported, which is most likely due to
longer reaction times and the more sintered CaO material used.

12.6 The In uence of Additives

From the literature it is known that the rate of CaO conversio n can be increased by adding small
amounts of different salts. Figure 12.11 shows the CaO conversion for Faxe limestone which has
been ash calcined twice. Comparing the non-doped calcined | imestone to limestones where
2 wiw % of either Na ,COs3 or CaCl, have been added before calcination, we see that NasCOs3
seems to improve CaO conversion, while CaCl, seems to inhibit the process. The positive effect
of Na,CO3 was also reported in the literature [123], although no effec t of CaCl, was actually
claimed. The positive effect, which is only evident for react ion times above 0.18 s, occurs, ac-
cording to Stouffer and Yoon [123], because larger pores are formed during calcination. The
larger pores should prevent pore blockage and thereby make m ore material available for reac-
tion. It is also possible that Na compounds react directly wi th SO,, since an Na conversion of 6
% has been observed when reacting pure NaHCO3 with SO, at 534 C in 25 % CO,. The nega-
tive effect observed of CaCl, happens because this species promotes sintering and therely the
loss of reactive surface. However, more pronounced sinteri ng also highlights that the reaction is
less affected by pore blockage due to the carbonisation readion. That sintering should be more
pronounced for 2xFaxecac), is indicated by the linear increase in CaO conversion after 0.18,
which was also observed when reacting CaO in atmospheric air, where pore blockage does not
affect the results. For 2xFaxe and 2xFaxfa,co, @ contentious decrease in the conversion rate is
observed, which is most pronounced for 2xFaxe.
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Figure 12.11: CaO conversion as a function of the reaction
time for Faxe limestone calcined twice, with and without
additives. In all, 2 w/w % of the different additives was added
before calcination. The reaction temperature was &34nd
CO; content 25 %.

12.7 The In uence of Oxygen and the Reaction Product from the CaO/SO
Reaction

Figure 12.12 shows the CaO conversion as a function of reactian temperature for CaO particles
reacted with SO, in either an O rich or O, poor atmosphere. Up to 590 C there are no differ-
ences in the CaO conversions, indicating that up to this temp erature oxygen concentration does
not affect the reaction. At 640 C the CaO conversion is higher in the oxygen-rich atmosphere
than in the oxygen-poor. This difference becomes even more pronounced at 740 C.

That oxygen does not affect the reaction below 600 C indicates that the formed product(s) is
stable. Above 640 C the difference in CaO conversion occurs because the formed product in
an oxygen-rich atmosphere is oxidised to CaSO,, which is stable at these temperatures, while
in the oxygen-poor atmosphere the product is unstable and de composes. The observations here
are in agreement with the literature [114, 115].
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Figure 12.12: CaO conversion as a function of the Figure 12.13: CaO conversion as a function of the
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oxygen-poor atmosphere. Reaction time 0.53 s. concentrations at 544C.

Figure 12.13 shows the CaO conversion as a function of the readion time for CaO reacted in
different concentrations of O , and CO». The O, concentration of 3.6 % is similar to that found in
preheater towers, while the O », concentration between 16 and 21 % corresponds to atmospherc
air as a balance gas. It is not possible to distinguish between points obtained in different O »
concentrations when the CO», concentration is the same; nevertheless, a signi cant decrease in
conversion is observed when the CO, concentration increases. Based on Figures 12.12 and 12.13
it can be concluded that the CaO/SO ; reaction is zero order with respect to oxygen, with or
without CO 5 in the gas phase, and below 600 C, which is the temperature of interest in relation
to SO, absorption in preheater towers.

Figure 12.14 shows the IR spectra recorded for Faxe 750 and thaeaction product for Faxe 750
reacted with SO, at 515 C and 590 C. It is apparent that absorption peaks not found in the
starting material are observed at 1100-1200 cm 1, 900-1050 cm ! and 650 cm 1 for Faxe 750 re-
acted at 590 C. For Faxe 750 reacted at 515C only the peak at 900-1050 cm ! is clear. Careful
study of the gure reveals that a weak peak at 1000-1200 cm ! is also present for the reaction
product at 515 C. The peak found at 650 cm 1 for the reaction product at 590 C seems to be
present only as a very weak peak at 515 C, if present at all. In general, then, the peaks which
differ from the reaction starting material are weaker at 515 C than at 590 C.

Comparing the three peaks observed for Faxe 750 reacted at 59 C to the observations by, for in-
stance, Ghardashkhani and Cooper [118], we nd that the peak s at 650 cm ! and 900-1050 cm *
are due to the presence of CaSQ, whereas the peak at 1100-1200 cm? is due to the presence of
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Figure 12.14: IR spectrum for Faxe 750 and the reaction
product of Faxe 750 reacted at different temperatures for 0.35 s
in a CO,-free atmosphere.

CaSQy. Thus, at 590 C the SG,/CaO reaction product is a mixture of CaSO 3 and CaSQOy. At 515
the near disappearance of the peak at 100-1200 cm?*, combined with the presence of a peak

at 900-1050 cm 1, indicates that the product is basically CaSO3 with traces of CaSO,. Generally,

peaks are weaker at 515 , accounting for the disappearance of the peak at 650 cm *.

If the intensities of the peaks are taken as an indication of t he amount of a given product, the

dominating product will, in both cases, be CaSO 3. The reaction product at both temperatures is

a mixture of CaSO3 and CaSQy, with the main product being CaSO 3, corresponds well with the

ndings by other authors [85,116—119] using IR measurements to identify their reaction prod-
ucts.



Chapter 13

Summary of Experimental Results

The experimental part of this thesis focused on how CaO react w ith SO, at reaction times shorter
than 1 second. It was shown that the observed results were lim ited by external and internal mass
transfer. The experiments further demonstrated that the add ition of CO , to the reaction atmo-
sphere strongly inhibits the conversion with respect to SO » This inhibition occurs because CO;
reacts with CaO and forms CaCO3, which then reacts slower with SO , than CaO. In addition,
CaCOs; also causes pore blockage, resulting in a serious reduction of reactive surface area. The
CaO experiments indicated that increased surface area has apositive effect on CaO conversion.
Increasing temperature showed a positive effect in experim ents conducted in atmospheric air,
while no effect or even a negative effect were observed at high concentrations of CO,. One ex-
planation for this phenomenon is that a reduction in surface area counteracts the positive effect
of temperature. A number of attempts were made to produce cal cines with a large surface area.
It transpired that ash calcination at low temperatures resu lted in the largest surface area, butin
general it is dif cult to produce calcines from CaCO 3 with a large surface area because the cal-
cination process needs relatively high temperatures and CO , promotes sintering of the formed
CaO.

Based on the experiments, the following conclusions in rela tion to cement plants can be reached.
In the literature it has been stated that CaO recirculating i nthe preheater canin uence SO, emis-
sion. Based on the results obtained it is evident that CaO recirculating in the preheater does not
contribute to SO, absorption in the top cyclones, where SO, formation takes place, because any
CaO experiencing carbonating conditions will react instan taneously with CO , and form CaCO 3,
with a signi cant decline in the SO , absorption rate as a consequence. That CaO does not con-
tribute is further supported by the very low speci c surface area of hot meal (Table 8.2). The
low surface area also explains why the recirculation of calc ined material to the top stages is not
an ideal solution for dealing with SO , emissions.



Chapter 14

Modelling of the CaO/SO 5 Reaction

The experimental results show that a model for the CaO/SO ; reaction in atmospheric air must
take the following phenomena into account:

Gas Im diffusion of SO »
Diffusion of SO 5 in the interior of the particle

Reaction between CaO and SQ in the interior of the particle. Here it is assumed that the
reaction product is CaSOs3. It is chosen as the reaction product because, as discussedri
section 12.7, CaSQ appears to be the main product of the reaction.

A model which can describe the observed CaO conversion when C O3 is present in the reaction
gas must take the phenomena listed above into account for CO, and its product, too. Further-

more, pore blocking caused by the formation of CaCO 3 and the CaCO3/SO ; reaction must be
included in a model describing SO , absorption when CO , is present in the reaction gas. Achiev-
ing this requires a larger amount of data than available here for the CaO/CO ,/SO ; reaction
system. Therefore, only the CaO/SO, reaction in atmospheric air will be considered.

A suitable model must take the phenomena listed above into co nsideration. A model which can

do that is the grain model, as used by, for example, Hartman an d Coughlin [132].

14.1 Gas Phase Diffusion

Figure 14.1 illustrates how a CaO particle is built up. The part icle structure can be divided

into two levels, the rst of which consists of clusters of non -porous CaO grains. These clusters
were, before calcination, non-porous grains of CaCO3 which in the calcination process become
a porous cluster of non-porous CaO grains. The void between th e clusters of CaO grains is
denoted the primary pore-system. The second level is compris ed of clusters of CaO which are
approximately the same size as the originally non-porous Ca CO3 grains. The void between the
non-porous CaO grains is denoted the secondary pore-system. It is here assumed that internal
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diffusion limitations are situated exclusively within the

primary pore-system. This is justi ed
by the fact that the size of the CaO clusters is signi cantly s maller than the superior particle.

Cluster of non-
porous CaO grain

Non-porous N\ Gas film
CaO grain

Inter particular void
(primary pore system)

\
\
|
|
I

I

/ Inter particular void
\ /(secondary pore system)
\
\

Figure 14.1: Schematic drawing of how a CaO particle is build up.

Equation 14.1 expresses diffusion in the primary pore-syste m, assuming that the large particles
are spheres and concentration gradients exist only in the radial direction.

@@02 _ 1 @ 2@@02
@t ~ RZ@R De:so2(R) R “@R

+ rso2(R) (14.1)

When using the grain model, Hartman and Coughlin [132] assum e that the diffusion of SO ; in
the interior of the particle is a pseudo steady-state process. However, comparison between a
pseudo steady-state model and a time-dependent model has shown that this assumption is not

valid in this instance.
The initial and boundary conditions for equation 14.1 are as fo llows

Cso,=0 att=0 (14.2)

@@02_ _
@R =0 at R=0

(14.3)
@@02

De:so,(R) @R "R = Kg:is0, Cso,:bulk

CSOZZRsurface at R = Rp (14.4)
The Robin boundary condition in equation 14.4 accounts for dif fusion limitations in the gas Im
surrounding the particle. In the modelling approach used by Hartman and Coughlin [132] it

was assumed that the SQ, concentration at the particle surface was equal to the bulk c oncentra-
tion. However, as shown in Chapter 11, this is not a valid assu mption here.

Equation 14.1 and its boundary conditions are made dimension less by introducing the following
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Cso,
Cs0,:bulk
tion 14.5 for the diffusion of SO , in the gas phase, with the dimensionless initial and boundar y

dimensionless variables: = {,Z = R%,XSO2 =

resulting in the dimensionless equa-

conditions described by equation 14.6-14.8.

@&02 _ tI’ 1 @ @&02 tI’

= - _—>— Deso2 Z2 + 14.5
@ R%ZZ@Z €;S02 @z Cs0,bulk l'so2 ( )
Xso, =0 at =0 (14.6)
@ég;z =0 at Z=0 (14.7)
@%o, . Kgso, R .
@gz jzo1 = % (1 Xso,z-1)= Bim (I Xso,z-1) at Z =1 (14.8)
e; 2

It is noted that in the Robin boundary condition (14.8) a mass t ransfer Biot number (Bi ) ap-
pears when the equation system is made dimensionless.

14.2 CaO/SO, Reaction

The CaO/SO, reaction at the CaO grains is assumed to proceed through a shrinking core model
with the diffusion of SO » in the solid product layer and reaction with CaO at the interf ace be-
tween the solid product layer and the unreacted core, as illu strated in Figure 14.2.

Solid product layer, where Unreacted CaO core

SO: diffusion takes place

Interface where the CaO/SO 2
reaction takes palce

Figure 14.2: Schematic drawing of how the CaO/g@action takes place in solid CaO grains.

Diffusion in the solid product layer is assumed to be a pseudo steady-state process, where only
a concentration gradient in the radial direction exists. It is further assumed that the CaO grains
are small enough to experience a uniform concentration of SO, at the surface, equal to the gas
concentration at position R where the grain is located. Moreover, no gas Im exists aroun d the
solid grains.

Equation 14.9 describes the diffusion of SO, in the solid product layer with the boundary con-
ditions stated in equation 14.10 and 14.11
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@ 2@@02'9
= — yrf=/ =229 ro<r<r 14.9
ar ar c g (14.9)
CSOZ;g = C302 at r = g (14.10)
@@O; .
Dso,:s Trzg]r:rc = Kso,=cao Cso,ic at r =r¢ (14.11)

Here, Cso, g is the SO, concentration in the solid product layer, Dso,;s is the solid-state dif-
fusion coef cient for SO » in the solid product layer, Kso,-cao IS the reaction constant for the
Ca0/S0O, reaction and Cso, ¢ is the SO, concentration at the interface between the solid prod-
uct layer and the unreacted core.

The boundary condition in equation 14.11 states that the CaO/S O, reaction is a rst-order re-

action with respect to SO,. In the literature [105,112, 113] some authors have obtainel reaction
orders other than one. However, since no data is available for the reaction order at very short

reaction times for single grains, a reaction order of one wit h respect to SO, is chosen. Another
reason for not using a reaction order from the literature is t hat the extremely fast initial reaction

observed here raises doubts about whether the literature data was actually obtained under con-
ditions where diffusion limitations could be excluded (see section 12.3).

Equation 14.9 is a homogeneous differential equation, which can be solved analytically with the

concentration at the interface atr = r¢ given by equation 14.12.

Cso, Dso,:s

Cso,ic = (14.12)

r
Dso,s+ Ksoy=cao e 1 ¢

The rate at which the unreacted core shrinks is equal to the rate at which SO, is consumed at the
product layer/unreacted core interface and can be expressed by equation 14.13.

_ @¢ Cso
ca0 “Gt- Kso,=cao Csoy;c = . rcz ” (14.13)
K'so,=ca0 * Dso,ss 1 rg
which has the following initial condition.
re=rgatt=0 (14.14)

Equations 14.13 and 14.14 are made dimensionless by introducihg the dimensionless variable
Y = {—; resulting in the following dimensionless equations:

@Y_  tr Csoyibuk Xs0, (14.15)
@ - f i |
cao Kso 2g=CaO * D 5092?5 Y (1 Y)

Y=1a =0 (14.16)
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Based on geometrical considerations it can be demonstratedthat the consumption of SO, in the

gas phase relates to the shrinking core radius through equation 14.17, where jy denotes the
porosity when the reaction starts.

.31 int) T2 “cao @¢

rSOz - r3 Y

g @t
This leads to the following dimensionless expression for the SO, consumed by the reaction.

(14.17)

3@ int) Csopbuk Y? Xso,

£ v 1Y)

K'so,=ca0 Dso,:s

I'so, = (14.18)

14.3 CaO Conversion

The conversion of a single CaO grain (Xso,=ca0;g) IS, in dimensionless terms, described by
equation 14.19.

Xso,=ca0g=1 Y3 (14.19)

The conversion of an entire particle (X sp,=ca0). With radius Rp, is calculated by integrating over
the particle radius, as expressed by equation 14.20

X s0,=Ca0 = R? Xso0,=ca0igdR =3 i z2 1 Y3dz (14.20)

0

B
Tw w

14.4 Input Parameters

Effective Pore Diffusion Coef cient, De:so,
The effective pore diffusion coef cient is calculated from e quation 14.21. When calculating this
coef cient, Knudsen diffusion is neglected because the aver age primary pore diameter is about
0.5 m.

(Y) 5 m?
—~ Dso, = 1110 ° ——— —
o 02T 27315 s

The expression for Dso, is taken from Massman [158]. The tortuosity factor ( ) has been inves-
tigated by different authors [159-162], who found that a val ue for materials such as CaCO; and
CaO of 1.5 is suitable.

As the reaction proceeds, the particle porosity will decreas e due to the larger molar volume of

CaSGO; compared to CaO. In order to account for this, the porosity is written as a function of the
grain conversion, as seen in equation 14.22.

1 .
(Y)=1 CaOM(C S int) Vcao+ 1 Y3 (Vcaso, Vcao) (14.22)
al
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Here, Vcao and Vcaso, denotes the molar volume of CaO and CaSOsg, respectively.

The value of Va0 is, according to Wang and Bjerle [131], 16.7610 ® m3/mole, while the value
of Vcasos, is estimated from Arai et al. [163] at 45.45 10 © m3/mole.

Equation 14.22 does not distinguish between pore sizes, and in the calculations made here it is
assumed that porosity is equally distributed within the par ticles. In order to account for pore
blockage, equation 14.22 is subjected to the following conditions.

1 f(Y)if f(Y)<1

=" if f(Y) 1

SO, Bulk Concentration, Cso,:pulk
The bulk concentration of SO is calculated from equation 14.23, assuming that the reaction gas

is an ideal gas.

P

Cso,- =X . _— 14.23
SOz:bulk = XS0,:bulk Rgms T ( )

Reaction Time, t,
The reaction time is set equal to 0.6 s. This reaction time coversall reaction times used, while
still ensuring a good time discretisation using as few calcu lations as possible.

Grain Radius, rg
Since no size distribution for the grain radius is known, an a verage grain radius is used. It is
calculated from equation 14.24 using the BET surface area.

gz — > (14.24)
ca0 ABET
Particle Radius, Rp
The particle radius is used as a discrete function, meaning th at the CaO conversion is calculated
for a nite number of particle sizes and subsequently weight ed in accordance with the mass
fraction of material found at a given size. The calculations a re based on ve different particle

radii, which have been found to give satisfactorily results .

Mass Transfer Biot Number, Bin
The mass transfer Biot number which appears in equation 14.8 can be rewritten, as shown in

equation 14.25.
Kgso, Rp _ Kgso, Ry p _Sh

De;so, Dso, ) 2 (Y)

The Sherwood number appearing in equation 14.25 is here set equal to 2, since the experiments

Bim = (14.25)

were conducted under the assumption that the particles are s pherical and at rest compared to
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the gas, and that they do not interact.

Solid-State Diffusion Coef cient and CaO/SO , Reaction Constant, Dso,:s and K so,=cao
The solid-state diffusion coef cient for SO » in the product layer, as well as the reaction rate
constant for the SO,/CaO reaction, are both used as tting parameters.

14.5 Solution of Model

The dimensionless model, which consists of equation 14.5, 14.5 and 14.18, as well as the ap-
pertaining initial and boundary conditions, combine to mak e up a partial differential equation
system. In this thesis it is solved by the partial differenti al equation solver (pdepgin Matlab,
which uses a Finite Difference Method for solving partial di fferential equation systems. The
numbers of discretisation points for the particle radius ar e chosen as 50, whereas the time dis-
cretisation consists of 62 points, with a re ned discretisa tion in the initial phase of the reaction.
From the solution of the equation system an overall particle conversion for each particle size is
calculated from equation 14.20 by using the trapezoidal meth od.
As stated earlier, Dsp,:s and K gso,=ca0 IS to be estimated from the experimental data obtained
by investigating the CaO/SO , reaction. In order to achieve this the Matlab function fminbndis
used. The fminbnd function minimises a function, allowing the user to state up per and lower
boundaries for the parameter to be estimated. Here, the possibility of excluding negative values
is used, since they do not make sense from a physical point of view. The function that fminbndis
to minimize is the sum of squares expressed by equation 14.26.Here, the last summation shows
that the conversion of each particle size is to be weighted and summed in order to obtain the
average conversion, which is the one that is measured.

X xn

SS= X S0O,=CaO;measured Qi;particle X S0O,=CaO;calc: (14-26)
p=1 i=1

14.6 Estimation of the Reaction Constant, Kso,=cao

Figure 14.3 shows the normalised sum of squares as a function o the reaction constant, and
Figure 14.4 shows the normalised solid-state diffusion coef cient as a function of the reaction

constant. The normalisation is undertaken by dividing all da ta points in a data series by the
smallest value in the data series. In this manner the normali sed value of the smallest value will

become 1 and all other values will be 1 or larger. In the case of the normalised sum of squares
the best t to data will thus be found at a normalised sum of squ are value of 1.
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Figure 14.3: Normalised sum of squares as a function of Figure 14.4: Normalised solid-state diffusion coef cient
the reaction constant. as a function of the reaction constant.

It is apparent that the normalised sum of squares for all four data series, even though they are
obtained at different temperatures and with different calc ines, approaches 1 whenK gp,-c40 in-
creases and itis 1 when the reaction constant is above 3 m/s. That the normalised sum of squares
approaches a minimum value when Ksgp,-c40 increases indicates that the reaction constant can-
not be determined from our data, since diffusion within the s olid product layer is exclusively
rate-determining. Considering Figure 14.4 the same behaviour is observed, with the normalised
diffusion coef cient approaching a constant value if the re action constant becomes larger than 1
m/s. This behaviour also indicates that the conversion is det ermined by solid-state diffusion in
the grain product layer. From equation 14.15 it is evident tha t both Ksp,-ca0 and Ds;so, enter
into the denominator of the second term. In order to determin e at what value of Y the solid-state
diffusion is becoming dominating, the two terms are put equa |, resulting in equation 14.27.

2

g g
= Y (1Y) (14.27)
Kso,=cao  Ds;so,

This equation is solved for Y, using a value for ry of 10 8 m, corresponding to a surface area of
90 m?/g. Ds:so, is put equal to 2 10 *3, based on data from Bhatia and Perlmutter [129], at 590
C. The value of K sp,-ca0, 0N the basis of Figure 14.3, is chosen as 10 m/s. Using these nunbers
for solving equation 14.27 it can be established that Y is equal to 0.999998, which corresponds
to a CaO conversion of 6 10 4 %. This result implies that up to a conversion of 6 10 4%,
rg=Kso,=cao Will be the dominating term. At higher CaO conversions the r§=Ds;502 term will
dominate the CaO conversion rate. Comparing the calculated CaO conversion to the results in
Figure 12.5, it is evident that, in all cases, the measured CaOconversion is at least 5000 times



Estimation of the Solid-State Diffusion Coef ciefls.so, 79

higher than the one calculated. This shows that the term rg=Ksp,-c40 IS irrelevant when tting
the reaction model to the experimental data, using a large va lue for K so,-ca0. Furthermore, it
explains why both the normalised sum of squares and normalis ed solid-state diffusion coef -
cient approach a constant value when K gp,-c40 increases.

Assuming that the chemical reaction between CaO and SO, controls the CaO conversion for all
CaO surface molecules, the mole fraction of CaO, which is controlled by the chemical reaction,
can be estimated from geometrical considerations. Here it is assumed that the spherical CaO
grains are made up of cubic unit cells of CaO, which have an edg e length of 2.4 10 ° m and
contain four CaO molecules. Thus, the fraction of CaO molecul es situated at the surface is cal-
culated by dividing the CaO edge length by the grain radius an d then multiplying by 1.5. The
CaO material used for the experiments shown in Figure 12.5 has an average CaO grain radius,
calculated from equation 14.24, of between 6:4 10 °m and 1:05 10 8m. This corresponds to,
that 3.5-5.6% of the CaO molecules are found as surface molecugs. Which is why it would be
expected, at least at short reaction times, that the SQ/CaO reaction would contribute signi -
cantly to the observed CaO conversion. From Figure 14.3 it can be concluded that the best ts to
data are found when the reaction constant is so large that the chemical reaction is insigni cant
in the model. Since the best t of data seems to be at large values of K sp,-c40., this constant is
put equal to 10 m/s and assumed temperature-independent.

14.7 Estimation of the Solid-State Diffusion Coef cient, Ds:so,

In order to increase the number of data points used for estima ting the solid-state diffusion co-

ef cient, it is assumed that the temperature dependency of Ds:.so, follows an Arrhenius expres-

sion, since we are considering diffusion in an essentially m assive product layer. This means that
Ds:so, can be expressed as seen in equation 14.28.

-
Ds;so, = Do exp -r](-ef (14.28)

Here, s equalto Ea=(R T ). In this way data series obtained at different temperatures ,
but at otherwise similar conditions, can be tted to the mode | simultaneously, with Dg and
as temperature-independent parameters that need to be estimated. The reference temperature
(Tref ) is here chosen as 773 K. This way of estimatingD s.so, increases the number of data points
in each data series about three times, while the number of tt ing parameters increase from one
to two, making the in uence of potential outliers smaller.

Figure 14.5 shows the normalised sum of squares as a function o the activation energy for the
ve data series tted to the model. The normalised sum of squar es is also here calculated by
dividing the data series by the smallest sum of square value, meaning that the minimum sum of
square is found at 1.
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Figure 14.5: Normalised sum of squares as a function of Table 14.1: Values obtained fdD, when tting the
the activation energy fdDs:so , - model using an activation energy of 115 kJ/mole.

This gure shows that the minimum value for the normalised sum  of squares is situated be-
tween 90 and 140 kJ/mol depending on the material used. It wou Id have been expected that the
different calcines, which originate from the same limeston e, would have similar reaction proper-
ties compared to SO, and thereby similar activation energies, which appears not to be the case.
However, it is also noted that most data series have a large range, where the normalised sum of
squares does not deviate much from the minimum value observe d. Considering an activation
energy of 115 kJ/mol, only Faxe 750 has a normalised sum of squares value larger than 1.5.
Table 14.1 shows the values obtained forD when tting the model using an activation energy
of 115 kJ/mol. It is here observed that the Dg values for the different calcines (except Faxe 750)
are within an order of magnitude, with the value for Faxe 750 a bout two orders of magnitudes
lower. The pre-exponential factor in an Arrhenius expression can be interpreted as the number
of occurrences which result in the process taking place. If t he values of Dy is interpreted in this
context, an explanation for the different values observed f or Do, at an activation energy of 115
kJ/mole, can be due to that solid-state diffusion initiates easier at certain surface sites than at
others.

The large deviation among the activation energies is also seen in the activation energies reported
in the literature [104,105, 111,112,129, 130], which rangérom 80 and 153 kJ/mol (Table 6.1). In
addition, the range for the Dg values obtained here is in agreement with those reported in t he
literature [104, 105, 111, 112, 129, 130], where values beteen 1.210 ®> m?/s and 5.6 10 °® m?/s
were reported.

What is also observed here, but not in the literature, is that a wide range of activation energies
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gives almost equally good ts to the different data series.

14.8 Simulation Results

Figure 14.6-14.8 shows experimental data and model results for Faxe 750, Faxe 850 and Faxe
FB, respectively. In the modelling of the data series an activation energy of 115 kJ/mol and the
material-speci ¢ value of Dg from Table 14.1 were used.
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Figure 14.6: Experimental observed conversion and Figure 14.7: Experimental observed conversion and
conversion predicted by the model for Faxe 750. conversion predicted by the model for Faxe 850.

Figure 14.6-14.8 shows that the model predicts all data seriesvery well, even though E, are xed

and only Dy is estimated. Especially the good agreement between measued and simulated con-
version in Figure 14.6 should be noted, since the normalised sum of square value for Faxe 750
was the largest.
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Figure 14.8: Experimental observed conversion and
conversion predicted by the model for Faxe FB.

14.9 Summary

The experimental results showed that the model had to account for both external and internal
diffusion as well as chemical reaction. It was decided to foc us on the CaO/SO, reaction and
leave out the CaO/CO ; reaction, since only a limited amount of data was available. The mod-
elling was based on the grain model of Hartman and Coughlin [1 32], with reaction between
CaO and SO, at the interface between the product layer and the unreacted core of CaO. The
modelling showed that the conversion only depends on the sol id-state diffusion of SO ; in the
product layer CaSO3, even though calculations showed that the chemical reaction should be
important for the observed CaO conversions. Thus, the only t ting parameter of any in uence
for the calculated CaO conversion turned out to be the solid- state diffusion coef cient. Even
though the calcines used were based on the same limestone, ativation energies between 90 and
140 kJ/mole were obtained. However, a careful analysis of th e data tting showed that an ac-
tivation energy of 115 kJ/mole could describe all data serie s very satisfactorily. The variations
in activation energies are similar to what is reported in the literature, which could give reason
to believe that some of the variation among the literature ac tivation energies could be due to
uncertainties in the experimental data used for its estimat ion.

That the chemical reaction turned out to be insigni cant, alt hough it should not be the case,
shows that the surface processes taking place in the CaO/SO, reaction are not well understood.



Chapter 15

Modelling a Preheater Tower

Predicting emissions caused by the oxidation of species such aspyrite and carbonaceous matter
is a major challenge due to the extremely complicated ow patt ern in preheater cyclones. In
this chapter a model for predicting emissions from a preheat er tower will be established and
validated against SO, emission data from full-scale plants.

15.1 Model Boundaries

Figure 15.1 shows a preheater tower, with the dotted line show ing the model boundary. The
model boundary encapsulates four cyclone stages, but will b e established for a preheater tower
with N number of cyclone stages, noting that N refers to the number of cyclone stages included
in the model and not to the total number of cyclone stages, whi ch are N+1. A cyclone stage
includes the riser duct and the cyclone, and they are numbere d from the top downwards. The
calciner and calciner cyclone stage are omitted because thehigh temperature (about 850 C)
and the large amount of CaO/CaCO 3 lead to instantaneous absorption of any SO, formed. The
model consists of the following three parts, which are solve d independently and in the sequence
stated.

Total mass balance
Energy balance

Cyclone stage model, with reactions
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Figure 15.1: Outline of the boundary for modelling a preheater tower. The ddittedshows the model boundary.

15.2 Total Mass Balance

Figure 15.2 shows a schematic drawing of cyclone stagej with relevant inlet and outlet streams.
It is assumed that gas only goes upwards, i.e. from higher to lo wer numbered cyclone stages,
whereas solids can travel both upwards and downwards. A tota | mass balance for both gas and
solids for cyclone stage j is established according to the general balance in equation 15.1. It is
here assumed that the amount of gas and solid are constant, which can be justi ed because only
minor compounds like pyrite and carbonaceous matters react in the top stages of the preheater,
and since they in total often constitute less than 1 w/w % of th e raw meal it is reasonable to
assume that oxidation is negligible. It is well known that ca Icined raw meal can recirculate from
the calciner cyclone to the bottom cyclone, where it can then carbonate. However, when setting
up the total mass balance it is assumed that this reaction has taken place before the calcined
material enters the bottom cyclone. Finally, it is assumed t hat all cyclones are airtight, meaning
that false air does not affect the gas ow.
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Figure 15.2: Schematic drawing of cyclone stggevith relevant inlet and outlet streams and temperatures.

In = Out + Accumulated (15.1)

When setting up the total mass balance, it is assumed that the system is at steady state, which
results in the accumulated term being equal to O.
Since gas only goes upwards, the total gas mass balance becoras:

G;j +1:top = Giitop (15.2)

Solid material enters stagej as part of the gas ow from stage j + 1, as well as from the bottom
of stagej 1, and it leaves stagej through the top and bottom. The fraction of solid material
leaving stage j through the bottom is de ned by the cyclone separation efci ency (Xs;). This
results in a mass balance for the solid material comprised by equation 15.3 and 15.4.

Wj+1itop ¥ Wj 1:bot = Wjbot + Wjitop (15.3)

Wibot = Xs;j (Wj+1:top + Wi L;bot) (15.4)

A degree of freedom analysis for the solid mass balance shows that, in a preheater tower con-
taining N cyclone stages,2+ N parameters must be speci ed. The parameters speci ed here are
the raw meal feed to cyclone 1, the solid material ow from the ¢ alciner cyclone to the bottom
cyclone and the separation ef ciency for each cyclone stage. When specifying the separation
ef ciency all components are assumed to behave identically .
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15.3 Energy Balance

In order to calculate a temperature pro le for the preheater tower, an energy balance is estab-
lished for cyclone j based on equation 15.1. Again, it is assumed that the system is & steady
state and that the temperature changes caused by chemical rexctions are negligible. The temper-
ature in the bottom cyclone can be in uenced signi cantly by t he exothermic reaction between
CaO and CO,. However, as a starting point this is neglected. Furthermor e, it is assumed that
there is no heat loss to the surroundings.

The In term in the energy balance is given by equation 15.5, while equ ation 15.6 describes the
out term. Here, it is assumed that gas and solids leave cyclone stagej at the same temperature.
In equations 15.5 and 15.6i denotes the component considered, and H denotes the enthalpy
of the component at a given temperature, which can be obtaine d from reference works such as
Ishan Barin [164] and the National Institute of Standards an d Technology [165]. Values for the
species considered here are found in Appendix F.

xXn xXn xXn
In = (Wi +1:10pHi(Tj+2)) + (Gij +1:;t0pHi(Tj+1)) + (Wi 100tHi(Tj 1)) (15.5)
i=1 i=1 i=1
xn xn xXn
Out = (Wisjitop Hi(Tj)) + (Gijitop Hi(Tj)) + (Wi;j;bot Hi(Tj)) (15.6)
i=1 i=1 i=1

A degree of freedom analysis for a preheater tower containin g N cyclone stages shows that two
temperatures must be speci ed in order to solve the equation system. Here, the temperature of
the raw meal feed and the gas/solid ow from the calciner cyclo ne is speci ed.

Mass and energy balances where reaction changes have been li¢ out have previously been used
in connection with the modelling of preheaters (see, for ins tance,Hansen [2]).

15.4 Cyclone Stage Model

The model combines known gas and solid ow patterns, as describ ed in the literature [166], with
standard reactor models, by dividing a cyclone stage into di stinct interconnected zones. Figure
15.3 shows a cyclone stage and its division into a riser section and a cyclone section. Each section
is further subdivided into three zones, which is done in orde rto make it possible to account for
ow patterns and reaction conditions, since each zone can be ascribed unique features. Figure
15.4 shows a schematic drawing of the zones found in a cyclone stage and how these interact.
The features of the zones are explained below.
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15.4.1 Riser Section

Riser zone 1R connects the outlet from cyclone stagej + 1 with riser zone 2R. The temperature
in this zone is equal to the temperature in cyclone j + 1, and the solid content is equal to the
solid that cyclone j + 1 does not separate.

In riser zone 2R gas and solid from riser zone 1R are mixed with solids from cyclone stagej 1.
In this zone heat exchange takes place and it is assumed that gas and solids leaving riser zone
2R have the same temperature and are perfectly mixed. The inlet streams to zone 2R are two
separate streams, so a function which describes the physicd mixing and heat exchange must be
assigned.

Riser zone 3R connects zone 2R with the cyclone section, andt is assumed that this zone be-
haves like zone 1R, just at a lower temperature and with a larg er content of solid material.

The lengths of the three riser zones need to be de ned, meaning that it is possible to adjust the
residence time in each zone by increasing/decreasing the length of each zone.

In the following, a gas and solid component mass balance for each zone in the riser section is
established. Again, it is assumed that each cyclone is at stealy state. When establishing the
mass balances it is assumed that the ow pattern in each section is plug ow, without any radial
concentration gradients.

Riser zone 1R and 3R
The mass balances for these two zones are identical and repregnted by equation 15.7 and 15.8,
which describes the solid and gas mass balances, respectivéy.

dXi'zR 2
de
Vg:zR d'xj = rd Rig (15.8)

Here, Vy:;r is the total gas ow inriser zone zR, X.r is the concentration of solid component
i per mass of solid in zone zR, R;s is the reaction rate of solid component i, Y;.r is the concen-
tration of gas component i per mass of gas in zonezR and R;q is the reaction rate of gaseous
component i. Furthermore, x; is the distance from the top of cyclone stage j .

The boundary conditions for zone 1R are stated in equation 15.9 and for zone 3R in equation
15.10.

Yi:1R = Yistagej+1 & Xj1r = Xjstagej+1 at Xj = H (15.9)

Yi;ar = Yi2rix=L; & Xi3r = Xj:2rlx=L, at Xj = L3 (15.10)

Riser zone 2R
In this zone heat exchange between hot gas and hot solid and cdd solid material takes place.
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In this thesis it has been decided to model this process as a three-phase system, with one phase
consisting of hot gas, one of hot solid material and the last p hase of cold solid material. The three
phases are assumed to exchange material freely. For instane, oxygen for pyrite oxidation will
be freely available in the cold phase, while SO, formed will instantaneously be transferred to the
hot gas phase. The temperatures of the two hot phases are idenical and will change from the
inlet temperature to the outlet temperature over the length of riser zone 2R. The temperature
change for the three phases is here modelled for the hot gas ard hot solid phase, as seen in
equation 15.11, and for the cold solid phase, as shown in equation 15.12. The temperatures
needed for calculating the right side of equation 15.11 and 15.12 are obtained from solving the
energy balance.

dThot Tj Tj +1

= 15.11
de L, L1 ( )
dTeod _ Tj T 2
= 15.12
de L, L;i ( )
The boundary conditions for these two equations are stated in equation 15.13
Thot = Tj+1 & Teog = Tj 1 at Xj = L2 (15.13)

Equation 15.14 shows the solid mass balance for the hot phase It is noteworthy that reaction rate
Ri.s depends on the temperature of the hot phase. Equation 15.15 shtes the solid mass balance
for the cold phase. Here, R;s depends on the temperature of the cold phase. It should be noted
that in equations 15.14 and 15.15 the subscriptshot and cold on X;.or denote the hot phase and
cold phase, respectively.

dXi.2r:n
Vg:2r (Thot)$ = r& Ris(Thot) (15.14)
J
Vg;2R (Teold) % = r% Ris (Teold) (15.15)
]

Equation 15.16 shows the mass balance for the hot gas. Here, iis seen that the cold phase makes
a contribution to the hot gas phase, which is due to the assump tion that no cold gas phase exists.

dy;
Vazr(Thot) g = TR (Rig(Thot) + Rig (Teola)) (15.16)
J

The boundary conditions for equation 15.14-15.16 are stated inequation 15.17

Xi2rs = Xistagej 1 & Xj2rg = xi;leszLz & Yior = Yi;leijLz at x; = L2 (15.17)

Appendix C outlines the In, Out and Formed terms for the riser section mass balance.
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15.4.2 Cyclone Section

The modelling of the cyclone section was developed by Petersen [167] in his Bachelor thesis.
In his work, the basic ideas about how to consider a cyclone as a reactor were established and
modelling of the pyrite oxidation in a single cyclone was con ducted. Here, the same ideas are
used, but the modelling will be extended to the entire prehea ter tower and SO, absorption will
also be included.

When gas and solids enter the cyclone section it is assumed that they are instantaneously sepa-
rated into cyclone zones 2 and 3, with zone 3 as a high solid density zone situated at the cyclone
wall and zone 2 as a gas zone containing the solid material that the cyclone does not separate.
The solid material in zone 2 is assumed to follow the gas ow. Whe n the solid material in zone
3 reaches the outlet of zone 3 it becomes the solid inlet to cydone stagej + 1. Zones 2 and 3 are
allowed to exchange gas but not solid material. The gas exchange is described by a mass trans-
fer coef cient and a concentration difference between the t wo zones. The gas/solid outlet from
zone 2 will become the inlet to zone 1. The ow in zone 1 is directe d upwards, as known from
cyclone literature. The outlet stream from zone 1 will then be come the gas/solid inlet stream to
cyclone stagej 1. Itis possible for zones 1 and 2 to exchange gas due to concentation differ-
ences, which can be described as for zones 2 and 3. Furthermoe, it is possible for zones 1 and 2
to exchange both gas and solids through a convective radial o w from zone 1 to zone 2, which
can transport matter from low to high concentration and is in troduced in order to account for
phenomena such as lip leakages and other radial ow phenomena .

The division of the cyclone section into three zones makes it p ossible to account for the primary
ow characteristics of cyclones such as longer solid residen ce time than gas residence time, the
separation of gas and solids and the U-turn of gas ow at the bott om of the cyclone.

The assumptions for the cyclone model are that the cyclone sedion is isothermal, separation
takes place instantaneously, in each zone there are no concatration gradients in radial direc-
tion, the amounts of solid and gas do not change due to reactio ns and gas and solid ow are
modelled as a plug ow in each zone. The fast, spinning motion sp iralling upwards or down-
wards in a plug ow is explained by a slower vertical plug ow wit h the same residence time.
In the following, a gas and solid component mass balances for each zone in the cyclone section
is established, with the accumulating term equal to 0. The mas s balances are shown below, with
the speci ¢ In, Out and F ormed terms found in Appendix C.

Cyclone zone 1
The solid and gaseous mass balances for component in zone 1 are seen in equation 15.18 and
15.19

dVy1
Xoq—F2 4\
i;1 dX 9,1

dX;:
G =2 U Xz rf Ry (15.18)
X
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—==+ Vg1 =2 ri(Ur Yio+ Ku 2(Yi1  Yi2) r? Rig (15.19)

Here, U, is the radial gas ow from zone 1to 2 and K, 2 is the mass transfer coef cient from
zone 1to 2. Itis here noted that the gas ow ( Vg:1) in zone 1 depends upon X, which is due to
the radial ow from zone 1 to zone 2. In order to handle this ow, a  total gas mass balance for
zone 1 is established, as seen in equation 15.20

dVga _
de a

2 1 U (15.20)

The boundary conditions for zone 1 are stated in equation 15.21, where Vg is de ned as the
volume ow of gas in the entrance to the cyclone section.

Cyclone zone 2

Equations 15.22 and 15.23 represent the solid and gas mass balaces for component i in zone
2, respectively. Equation 15.24 describes the total gas mas$alance in zone 2, which is needed
due to the radial ow from zone 1 to zone 2. In equation 15.23, K 3 denotes the mass transfer
coef cient for gas transfer from zone 2 to zone 3.

dVg 2 dXi.2 2 .2
de de
dVg- ay;
Yi.2 dg_’2 * Vo2 g 222 (U Yzt Ky 2(Yin o Yi2)
X; X (15.23)

2 ro Ko 3(Yi2  VYis)+ r5 rf Rig

de

=2 ri U (15.24)
The boundary conditions for zone 2 are stated in equation 15.25

Xi2 = Xi;3ijj=O at x; =0 & YYo= Yi;3ijj=O at x; =0 & Vgo=Vyo at xj =0
(15.25)
Cyclone zone 3
Where the mass balances in cyclone zone 1 and 2 were based on th gas ow, the mass balances
for zone 3 are based on the ow of solid material, as seen in equations 15.26 and 15.27, which
describe the solid and gaseous mass balances for component in zone 3, respectively.

= r3
de 1+
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in;?,_ 1 4 i 1 2
dx =2 s Koz ra (Yi2 VYiz)+ 1+ rs

Vs:3 5 Rig (15.27)

Here, denotes the gas/solid volume ratio in zone 3. The solid ow in zo ne 3 does not depend
on x because solid material is not exchanged with zone 2. The boundary conditions for zone 3
are stated in equation 15.28.

15.4.3 Dimensionless Variables

The equation system is made dimensionless by introducing the dimensionless variables de ned

. 7 = )I(?J (15.29)
Wyg;z = xz; (15.30)
Xiz = i:zo (15.31)
Y, = i:zo (15.32)
U, = J:ro (15.33)

Here H is the height of the cyclone stage, X . ¢ is the maximum amount of solid species i, de ned
based on the relevant reaction equation. For instance, X caso,:0 Will be equal to the mass of
CaCOs times the CaS(G;/CaCO 3 molar ratio, according to reaction equation 15.34.

CaCO3(s) + SOx(g) ! CaSOs(s) + CO2(0) (15.34)

This way of de ning  X;o makes the dimensionless parameter (X;.,) equal to the conversion, on
mass basis, of the solid reactant, in this case CaCQ.

If Yi.0 is de ned as the maximum concentration possible in the exhau st gas from the top cyclone,
Yso,:0 Will be equal to the total sulphur input times the molar ratio  of SO,/S. When de ning
Yi;0 in this way, Y;, becomes a measure for the fraction of the substance that is enitted with the
exhaust gas.

If Uy, o is de ned as the highest radial ow velocity, U, will be between 0 and 1. Furthermore, Vg0
is de ned as the volume ow of gas in the inlet to a cyclone secti on, where the temperature is
equal to the cyclone temperature. The entire dimensionless equation system is seen in Appendix
D, along with the dimensionless boundary conditions.
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15.5 Reaction Kinetics

The reactions considered in this thesis are pyrite oxidation , SO, formation and SO, absorption
on CaCOj3. However, SO, absorption on CaO will not be considered because it does not, to any
signi cant extent, contribute to the SO , absorption, as concluded earlier.

15.5.1 Pyrite Oxidation

As suggested by Hansen [2], the pyrite oxidation is divided in to two reactions, namely the
oxidation of pyrite to troilite (15.35) and the further oxida tion of troilite to hematite (15.36).

FeSy(s)+ O2(g) ! FeS(s)+ SO,(0) (15.35)

2FeS(s)+302(g) ! Fex03(s) +2S0x(g) (15.36)

Hansen [2] found from his experiments with pure pyrite cryst als and shale containing pyrite
inclusions that both reactions were rst order with respect to the concentration of solid reactant.
When investigating the effect of oxygen, Hansen [2] ascertained that the reactions were zero
order with respect to oxygen when the concentration was betw een 2 and 5 %. Oxygen concen-
trations of this size correspond to the concentrations foun d in preheater towers, which is why
reactions 15.35 and 15.36 are assumed to be independent of the xygen concentration. Equations
15.37 and 15.38 show the rate expressions for FeSand FeS oxidation, respectively.

kg FeS
RFeSZ;S =K FeS, (T) XFeSZ;z m (15.37)
_ kg FeS
RFeS;s =K FeS (T) XFeS;z W (15.38)

The temperature dependency of the rate constants (Kres, & Kges) was found by Hansen [2]
to follow expression 15.39, with a reference temperature (T;.o) of 400 C.
K Eai 1 1
n Ki;O - Rgas Tref ? (15.39)
The reference rate constant K;.o) and activation energy (E ;i) are given by Hansen [2] for the
oxidation of pure pyrite crystals and pyrite inclusions in s hale. In raw meal, pyrite is commonly
found as inclusions in shale. Hence, the kinetic is based on these data (see Table 15.1).

15.5.2 SQ Formation

In this modelling approach SO » originates exclusively from the oxidation of FeS , and FeS. From
equations 15.35 and 15.36 it is noticeable that the reaction spichiometry, in both cases, is 1:1.
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Component Eai Kiojaoo ¢
kJ/mol 1/s

FeS 117 3.3610 2

FeS 205 3.3410 4

Table 15.1: Activation energy and reference rate constant for the oxidatigyfe inclusions in shale, Hansen [2].

This leads to a formation rate of SO, that can be calculated from equation 15.40.

Mso, Mso, kg SO,
N = . < + . - - .
RSOz,g Ysolid;z MFeSZ RFeSZ,s MFeS RFeS,s S kg gas (15 40)
15.5.3 SQ Absorption
SO, absorption is assumed to take place according to equation 15.41.
CaCO3(s) + SOz(g) ! CaSOs(s)+ CO2(0) (15.41)

Numerous studies (see Chapter 5) have been carried out concening this reaction. Here, data

from Hu [3] will be used, since it was obtained with the absorp tion of SO, in preheater towers
in mind. However, the reaction mechanism proposed by Hu [3] w ill be discarded due to the

reasons outlined below.

If the data from Hu [3] is subjected to an analysis for interna | and external mass transfer limita-

tions, as outlined in Appendix 11, itis possible to construct Figure 15.5, which shows the patrticle
diameter at which the Weisz-Prater modulus and Mears criter ion are equal to 0.15, meaning the
largest particle diameter where mass transfer limitations are negligible. When calculating the

Weisz-Prater modulus, a particle porosity of 8 % has been used instead of the porosity of 30 %

stated by Hu [3], because a number of repeated Hg-porosimetry measurements have shown that
a porosity of 8 % is correct, when inter-particuler void is so rted out.
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When comparing the diameters in gure 15.5 to Hu's [3] particle distribution, it is evident that
internal diffusion limitations can be ruled out only for abo ut 5 w/w % of the particles used,
and external diffusion limitations cannot in any case be com pletely ruled out. In order to deal
with the diffusion limitations in Hu's experiments [3] his da tais tted to the model outlined in
Chapter 14 and used for modelling the CaO results.
Fitting Hu's [3] data is based on three data series obtained between 600 and 700 C in an atmo-
sphere containing 3 % O, 15 % C(O,, 1800 ppm SG and a balance N,. The oxygen concentration
used by Hu [3] corresponds well with the concentration found in preheater towers, whereas the
CO, concentration is only about half of that found in preheater t owers. From the experiments
with CaO, it is known that, above a 10 % CO ; level, an increase in the CO, concentration has a
very limited in uence upon the CaO conversion. Therefore, iti s assumed that above 15 % CQ
the SO,/CaCO j3 reaction is zero order with respect to CO . The reaction order with respect to
SO, is assumed to be 1.
When estimating the reaction parameters for the CaO data it w as found that the minimum sum
of square became constant when the reaction constant becamdarger than 1 m/s. The same be-
haviour has been observed for Hu's [3] data for the CaCO 3/SO , reaction. For this reason, the
reaction constant (here denoted asK sp,-caco,) IS, as was also the case for the CaO/SQ reac-
tion, put equal to 10 m/s and assumed independent of temperat ure. Thus, the parameters that
are to be estimated from the experimental data are Do and , with the reference temperature for
taken to be 500 C.
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Figure 15.6 shows the three data series used for estimating the parameters along with the calcu-
lated CaCOs3 conversion. The calculated data show that the model describes the experimental
data very satisfactorily and that the model can predict CaCO 3 conversion when using a SO,
concentration of 900 ppm. Equation 15.42 shows the expressio for Ds.so, -

186.4kJ=mol
When simulating the SO , absorption, it is assumed that there are no diffusion limita tions. This
assumption is justi ed because normally more than 50 w/w % of the particles are smaller than
10 mand SO, formation takes place at temperatures lower than those used in the experiments
by Hu [3]. Based on these assumptions the rate at which CaCOj3 grains shrink can be expressed
by equation 15.43.

Dssso, = 3:75 10 2 exp [m?=s] (15.42)

dr _ Cso,:bulk 1

= = (15.43)
dt CaCOg3 1 + _ "9 o1
Kso,=caco 3 Dsso, Tfg Ig

The conversion of a spherical CaCOjs grain to CaSOj3 (equation 15.44) is substituted into equation
15.43, resulting in equation 15.45.

r3 mole CaSO;

X - =1 — _— 15.44
S02=CaC0s r3  mole CaCO; ( )
2=3
dXso,=caco; _ Chukso, 1 Xso,=cacos
dt CcaCOs; rg + '8
Kso,=caco 3 Dsso,
1
= = (15.45)

1 Xso,=cacos; 1 1 Xso,=cacos;

Equation 15.45 is simpli ed by approximating the denominato r and the numerator by a Taylor

series (equation 15.46 and 15.47). Only the rstorder termis used, sinceX sp,=caco, Will always
be small due to the large excess of CaCQ.

2=3 2
1 Xso,=casos 1 3 Xsop=casos (15.46)
1=3 1=3 1
1 Xso,=casos 1 1 Xso0,=caso; 3 X s0,=Cas0s (15.47)

By substituting the Taylor series into equation 15.45 and rew riting to the right units, the rate at
which CaSOs; is formed can be expressed by equation 15.48.

Mcasos Yso,7, YS0,0 gas

R .
cas0sis Mso, cacos
1 2M CaCoO 3 X .
3Mcaso 3 Qcaco 5 CaS0s;z kg CaSG; (15.48)
r rg M caco i '
g + g aco 3 XCaSO3;z S kg solid

K'so,=caco 5 Dsso, 3Mecaso 3 Qcaco 5



Reaction Kinetics 97

The absorption rate of SO, can now be expressed by equation 15.49.

Mso, R _ kg SO
MCa503 CaSO0g3;s 78 kg gas

Rso,;g(absorption) = Ysolid;z (15.49)
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15.6 Input Parameters

Table 15.2 summarises the 29 parameters required for solvingthe preheater tower model.

Parameter Symbol Calculated by Unit

1 Raw meal feed of component i Wi; 0;bot Speci ed kg/s

2 Mole fraction of component i in the gas phase Xj Speci ed

3 Mass fraction of component i from stage N + 1 QiN +1 Speci ed

4 Cyclone separation ef ciency for stage j Xsjj Speci ed

5 Diameter of cyclone D Speci ed m

6 Pressure in cyclonej P; Speci ed Pa

7 Gas from calciner to stage N Gn +1 :top Speci ed kg/s

8 Inlet temperature of raw meal To Specied K

9 Inlet temperature of gas/solid from stage N +1 Tn+1 Speci ed K
10 | Residence time of solid material in cyclone zone 3 t3 Speci ed s
11 Bulk density of solid material solid Speci ed kg/m 3
12 Surface Area of CaCO3 in raw meal ABET:Caco Speci ed m2/kg
13 | Fraction of riser duct length used for heat exchange hel Speci ed
14 | Volume of gas per volume of solid in cyclone zone 3 Speci ed
15 Flow from cyclone zone 1 to 2 U, Speci ed m/s
16 | Mass transfer coef cient from cyclone zone 1 to 2 Ku 2 Speci ed m/s
17 | Mass transfer coef cient from cyclone zone 2 to 3 Ko 3 Speci ed m/s
18 Length of riser zone 3R L1 H L, hel H m
19 Density of gas gas L kg/m 3
20 Volume ow of gas in section z Vg2 (m% m3/s
21 Radius of cyclone zone 2 ro 5 % m
22 Radius of cyclone zone 3 rs . 5 m
23 Molar mass of gas phase M gas : inzl Xigas Mi | kg/mol
24 Solid from calciner to stage N WN +1 jtop WNbot  Xs:N +1 kg/s
25 Hight of cyclone H Con dential m
26 Radius of cyclone zone 1 ri Con dential m
27 Area of cyclone wall Awal Con dential m?2
28 Radius of riser duct re Con dential m
29 Length of riser zone 2R and 3R Lo Con dential m

Table 15.2: Overview of parameters required for solving prheater tower m@iei.dential means that the parameters
are calculated using unpublished models provided by FLSmidth.

The rst six parameters are all plant-speci ¢, and they must b e speci ed as vectors which should
either contain a value for each component considered or a value for each cyclone stage in the
preheater tower. It is important to note at this juncture tha t xs; contains N + 1 values, because
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it must be stated how much of the material entering the calcin er cyclone recirculates to stageN .
Parameters 7-13 are also plant-speci ¢ but are scalar values.

Parameter 14 can be interpreted as an aeration factor of cycbne zone 3. Levenspiel [133] posits
such aeration factors for different reactor types. Table 15.3 summarises the original values from

Levenspiel, along with the corresponding  values.

Value Levenspiel [133] Value of
unit m? solid / m 2 vessel | m® gas/ m 2 solid
Pneumatic conveying 0.01-0.06 16-99
Fast uidisation 0.06-0.2 4-16
Turbulent uidisation 0.2-0.4 2-4
Bubbling uidised bed 0.4-0.6 1-2

Table 15.3: Values of for different reactor types.

Parameters 15-17 are mass transfer coef cients estimated ly tting the model to experimental
data. Parameters 18-24 are calculated from the stated equabns for relevant conditions, which
are determined by the cyclone stage and zone considered. Paameters 25-29 are calculated from
unpublished design equations used by FLSmidth for designin g preheater cyclones, which is
why they can not be stated here.



Chapter 16

Evaluation of the Preheater Tower
Model

Based on measurements performed by FLSmidth it has been possble to obtain data for ve

different plants, here denoted as plants A-E. In plant A N is equal to 5, while N is 4 for plant
B and 3 for plant C, D and E. Plant-speci c data for the ve plan ts is stated in Appendix E. In
this chapter simulation results and the in uence of specic p arameters will be presented and
evaluated.

16.1 Total Mass and Energy Balance

A solution of the total mass and energy balances is produced by the fsolve function in Matlab.
In order to do this, parameters 1-4 and 7-9 act as input parameters. The separation ef ciency
of the cyclones can be especially dif cult to determine, and may therefore be reported with
some uncertainty. Carbonisation in cyclone N, caused by the recirculation of material from
the calciner cyclone, is here accounted for in the energy balance by allowing more material to
recirculate from the calciner cyclone. A higher recirculat ion will increase the temperature in
cyclone N. This way of accounting for carbonisation in cyclone N will result in too high a mass
content in cyclone N, but it is considered more important that the temperature pr o le is right
than the mass content in cyclone N .

Figure 16.1 shows the cyclone temperature predicted by the preheater tower model as a function
of the measured temperature for plants A-E. It is evident that there is good agreement between
the measured and predicted temperatures, which is crucial f or the calculations for SO, emission,
due to the temperature dependency of the reaction kinetics.
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Figure 16.1: Temperatures predicted by the preheater tower
model as a function of the measured temperature for plants A-E.

16.2 Cyclone Stage Model

The cyclone stage model used for evaluating the reactions in each cyclone stage includes three
reactions, as outlined in section 15.5. The kinetics of these eactions depend on the concentra-
tions of the four species FeS(s), FeS(s), S@g) and CaSCs(s), which have been included in the
cyclone stage model. Setting up the differential equations for each species results in riser zones
1 and 3 both containing three differential equations for sol id material and one equation for SO ,
in the gas phase. Riser zone 2 is described by three differental equations for solid material in the
hot phase and three equations for material in the cold phase. One equation is used for describ-
ing SO», in the hot gas phase and two for describing the temperature pr o le in the hot and cold
phase. In total, nine differential equations are used for de scribing riser zone 2. Each zone in the
cyclone section is described by four differential equation s, three for solid material and one for
gaseous material. Furthermore, one equation for the total gas mass balance for zone 1 is needed.
The differential equation systems are solved by the ordinary differential equation solver odel5s
in Matlab, which is well suited for solving stiff problems li ke the cyclone stage model appeared
to be.

The interconnection of the cyclone stages couples cyclone sage | to the other stages, and is
handled by an iteration procedure where all N cyclone stages are solved. Next, new inlet con-
centrations are calculated from the solution and applied wh en solving the cyclone stage model
again. The iteration procedure continues until new and old in let concentrations are equal.

The outlet pressure from cyclone 1 is close to atmospheric pressure, and the cyclones are de-
signed to minimise pressure loss. To simplify calculations a constant pressure equal to 1 atm is
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speci ed, while the aeration factor () for cyclone zone 3 is put equal to 4 m3 gas/m 2 solid. Ac-
cording to Table 15.3 this corresponds to a fast/turbulent ui disation reactor. The value of the 4
m?3 gas/m 2 solid is chosen as a starting point because it is believed that zone 3 has a relatively
high particle density. Based on the measurements made by Strauss et al. [12] the solid residence
time in cyclone zone 3 is 8 s. It was decided that 20% of the riser duct length would be utilised
for heat exchanging hot gas/solid and cold solid material. Th is results in hel being 0.2.
In the model, three parameters (K11 2, K21 3 and U;) are to be estimated from experimental data.
Of these, K, 3 is considered by far the most important parameter, since it e nsures that gas is
exchanged between cyclone zones 2 and 3. BothU, and K, » are considered less important,
because solid material and gas in zone 2 will enter zone 1 at the bottom of the cyclone, so in
this manner zone 1 and 2 exchange material in any case. In orde to minimise the number of
parameters to be estimated, bothK 1, > and U, are put equal to zero. Thus, the only parameter
to be estimated will be K2 3, which will be assumed independent of the cyclone considere d.
Figure 16.2 shows the predicted sulphide content in the raw me al out of different cyclones as a
function of the measured sulphide content in the raw meal. The gure clearly shows a satisfac-
tory agreement between predicted and measured sulphide con tent.
At low pyrite concentrations, the model predicts a sul de con tent which is too low. Most of the
deviation between model and measured results at low sulphid e contents is caused by measuring
errors. This is, for instance, observed for plant B, where the measured sulphide content appears
to be constant about 0.02 w/w%, although the temperature incr eases from about 550 C to 700
C, meaning that all pyrite should have been oxidised.
When using the preheater tower model all sulphide was assume d to be found as FeS, meaning
that 50 w/w% was oxidised according to the FeS , reaction rate, while the other 50% was oxi-
dised according to the FeS reaction rate. However, if FeS cortent comprises more than 50 w/w
% of the sulphide (meaning that FeS, will constitute less than 50 w/w %), the model will predict
a lower sulphide content in the raw meal than measured. This is due to the slower oxidation
kinetics of FeS than those for Fe$, which is why the FeS,/FeS ratio is crucial for where the
formation of SO , will take place.
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Figure 16.2: Sulphide content in raw meal predicted by the
preheater tower model as a function of the measured sulphide
content in the outlet from different cyclone stages. No data for
plant D is available.

Figure 16.3 shows the mass fraction of raw meal sulphide emitt ed as SQ from the preheater
tower for the ve plants as a function of the mass transfer coe f cient between cyclone zones 2
and 3. The measured emissions for the ve plants are summarised in Table 16.1. A comparison
of the data in Table 16.1 with the predicted emissions in the g ure shows that the predicted
emission for plant A is similar to the one measured for K 3 values between 0.05 m/s and 0.5
m/s. The measured emission from plant C is a little higher than the predicted one at small values
of K2 3. The measured emission is extremely low for plant B (this coul d indicate a very reactive
limestone), with the model predicting considerably higher emissions than those observed. The
predicted emissions for plants D and E are about 50 % of that measured, with the predicted
value for plant E lower than for D. This is the same trend as seen in the measurements.

In general, the effect of changing K2 3 seems to be limited, as long asK 2 3 is below 0.1 m/s.
At higher values the predicted emissions tend to approach an a symptote where the effect of
increasing Ko 3 further is strongly limited. At higher values of Ko 3 cyclone zones 2 and 3
can exchange mass almost freely, so that the emission tends © be exclusively limited by the
SO,/CaCO j reaction. At low values of Ky 3, the sulphide emitted as SO, also approaches an
asymptote. Here, it is caused by an absence of S@ exchange between the two zones.
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Figure 16.3: Predicted fraction of raw meal sulphide that Table 16.1: Measured fraction of raw meal sulphide
will leave the preheater tower as §@s a function of the emitted from the preheater tower for the ve plants.
mass transfer coef cient between cyclone zones 2 and 3.

The three parameters , hel and t3 are based on non-plant speci c data. Their in uences are
investigated at a maintained value for Ko 3 of 0.05 m/s. One parameter is changed at a time,
with the value of the two others set to the value used when dete rmining Ko 3.

Figure 16.4 shows the predicted emission of sulphide as a function of the aeration factor for
cyclone zone 3 (). Itis evident that even large changes in  have no effect upon the predicted
amount of raw meal sulphide emitted as SO ,, because only a small amount of SG; is exchanged
between zones 2 and 3 (relatively small K2 3 value). Any SO, released in zone 2 is to be ab-
sorbed therein and it is not in uenced by the aeration factor. In relation to a full-scale cement
plant this result implies that any absorbent for the in-situ  removal of SO, has to be added di-
rectly to the phase where it is required to reduce SO ».
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Figure 16.5 shows the effect of changing the fraction of the riser duct used for heat exchange
(hel). A large hel value means that heat exchange will take place over a longer period. It is
observed that, except for plant A, the effect of changing hel is limited, with different trends for
different plants. Plant A's effect relates to the fact that th is plant contains ve cyclones. The large
number of cyclones causes SQ to be released at lower temperatures, where the SG, absorption
is less effective. Alonger time for heat exchange will reduc e SO, release in the riser duct, because
the cold material contains the main fraction of sulphide. So me of the SO, not released in the riser
duct will instead be formed in cyclone zone 3 where the absorp tion is most ef cient due to the
high content of CaCO3. Hence, less raw meal sulphide will be emitted as SO,. Contrary to
the other four plants, plant E does not follow this trend; ins tead, a small increase in emission
is observed up to a hel value around 0.7. This increase occurs because plant E has the lghest
temperature in cyclone stage 2, where most of the pyrite oxid ation is known to take place. The
relatively high temperature in cyclone stage 2 means that th e absorption is faster than pyrite
oxidation, which is why a longer heat transfer time in this ca se means that the material has a
shorter residence time in riser zone 3, where the absorption is very ef cient.

Figure 16.6 shows the raw meal sulphide emitted as SO, as a function of the solid material
residence time in cyclone zone 3. Two different tendencies are seen. Plants A and D have a
contentious decrease in emissions as the residence time in gclone zone 3 increases. Plants B, C
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and E, on the other hand, appear to have a minimum emission bet ween 3 and 6 s. In general,
the effect of changing the residence in cyclone zone 3 is much weaker for plants B,C and E
than observed for plants A and D. These results are related closely to cyclone temperatures.
Figure 16.1 highlights that plants A and D have the lowest temp eratures in cyclone stages 1 and
2, meaning that SO, absorption on CaCOg3 is slow compared to plants B, C and E. When the
reaction rate is lower, these plants will bene t from a longe r reaction time in zone 3, which is

why a continuous decrease in emission is observed when the residence time in cyclone zone 3
is increased. In plants B, C and E the temperature is higher in the top cyclone, meaning that
more SO, is formed in the rst cyclone stage. However, the temperatur e is still too low for the

absorption to be ef cient, resulting in a weak increase in em ission at long residence times, since
more SO, can be formed in the rst cyclone stage. The increase observed at short times is caused
because the raw meal does not have enough time to absorb the famed SO, in cyclone stage 2.
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Figure 16.6: Predicted fraction of raw meal sulphide that Figure 16.7: Predicted fraction of raw meal sulphide that
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residence time in cyclone zonet3was 8 s when CaCQ; surface area.

determiningK 2, 3.

Modelling of the CaO reaction shows that the surface area available for reaction is a key param-
eter in relation to SO, absorption. The CaCOs3 surface area for the plants modelled here was
measured on the raw meal and calculated as the mass fraction of CaCO3 times the raw meal
surface area. The raw meal surface area enters the reaction egations used for simulating the
preheater tower through the CaCO 3 grain radius (rg), as seen in equation 15.48. Figure 16.7
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shows the mass fraction of raw meal sulphide emitted as SO, as a function of the CaCO3 surface
area. The calculations were made with a Ko 3 value of 0.05 m/s and , hel and t3 as speci ed
when estimating Ko s.

While changes of K2 3, hel and t3 produced different trends among the plants, the emission
unambiguously decreases with an increasing CaCO3 surface area. Furthermore, the effect of
changing the CaCOg3 surface area is much stronger than observed when changing K2 3, , hel
and t3. Thus, the CaCO;s surface area is a key parameter when calculating SO, emission.
Comparing the measured emission data in Table 16.1 with the calculated emissions in Figure
16.7 shows that for plants A, C, D and E the CaCO3 surface area should be between 3 and 4.5
m?2/g, while for plant B it should be larger than 15 m ?2/g for the model to predict the right
emission. No surface areas for raw meal CaCQO;s are available, but it is remarkable that, in four
out of ve cases, the model can predict the SO, emission if similar surface areas are used in the
calculations.

16.3 Summary

Modelling the cement preheater tower is of great importance when predicting emissions, espe-
cially for new plants. A model was set-up by combining an over all mass balance, an energy
balance and a cyclone reactor model. The cyclone stage model onsiders a cyclone stage as
a reactor by dividing it into a riser section and a cyclone sec tion. Each section is subdivided
into three zones, each zone having unique features. In this manner the model accounts for heat
exchange, particle residence time, different gas/solid re sidence time and major ow patterns.
The model was evaluated against data from ve full-scale plan ts, and the simulations showed
that it was possible to predict cyclone temperatures and pyr ite oxidation very well in all cases.
The emission of SO, made it possible to predict satisfactorily in two out of ve ¢ ases. The in-
uence of the aeration factor for cyclone zone 3 ( ), the fraction of the riser duct used for heat
exchange (el), the residence of solid material in cyclone zone 3 (t3) and the surface area of
CaCOs (AgeT:caco ;) Were investigated. It was found that the aeration factor di d not affect the
model. Both hel and t3 turned out to in uence the model in different ways depending o n which
plant was considered. The greatest effect was observed for the ve-stage plant. The in uence
of both hel and t3 could, in all cases, be explained by the temperatures in the top stages. The
limestone surface area turned out, in all cases, to be a critical parameter, with a particularly large
effect upon the calculated emission. The investigation of th e limestone surface area showed that
it was possible to satisfactorily predict the emission in fo ur out of ve cases, using a limestone
surface area around 4 m?/g. In general, the model turned out to be promising, but furt her
evaluation against full-scale data is required for consoli dation of the model.
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Final Conclusions and
Recommendations

In the introduction to the thesis eight objectives were stat ed, which it was desired to ful Il. Here
the obtained results are evaluated against these objectives and recommendations for future work
will be given.

Two of the eight objectives were to gain knowledge about the r eactions of CaO with SO, at
relevant conditions. The four main ndings in relation to the  fundamental knowledge gained
are:

CO;, strongly inhibits the reaction of SO , with CaO The inhibition is caused by CO , taking

up reactive sites that otherwise would be available for reac tion with SO ». In addition, the

larger molar volume of CaCO 3 compared to that of CaO, causes pore blockage, resulting
in a reduction of surface area available for reaction.

CaO conversion increases with surface area, while higher temperature only has a positive
effect in atmospheric air. At high CO » concentrations no effect, or even a negative effect,
on temperature is seen. The negative effect is most likely lin ked with the rate of inhibiting
reactions increaseing faster with temperature than the CaO/SO , reaction rate.

Oxygen was found not to in uence the CaO/SO , reaction below 600 C. That the reaction
is independent of oxygen concentration shows that the reaction product of the CaO/SO »
reaction is CaSQ;. From IR studies it was determined that both CaSO 3 and CaSO, could
be found. However, the experimental results with oxygen sho ws that CaSO; is caused by
oxidation of the formed CaSO 3.

The observed results for CaO's reaction with SO, were shown to be limited by external and
internal mass transfer, which indicates that the initial ki netic of the reactions are extremely
fast.
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The knowledge that has been gained in this work with regard tot he CaO/SO reaction leads to
the conclusion that CaO recirculating inside the preheater tower does not in uence the emission
of SO, from preheater towers. Any CaO reaching the top stages would h ave been exposed to
heavy carbonization before coming into contact with SO , and the experimental evidence in this
thesis clearly shows that the CaO reactivity towards SO , decrease extremely fast when exposed
to carbonating conditions.

Evaluation of CaO as a potential absorbent for reduction of S O, emissions must be seen in re-
lation to the calcination experiments conducted. In these experiments it was found that it was
possible to produce CaO with a large surface area if the CaO was produced by ash calcination
at relatively low temperatures. However, the calcination e xperiments also led to the conclu-
sion that it is dif cult to produce CaO with a high surface are a because temperatures around
800 C are needed and the CO, formed promotes sintering. Heavy sintering of calcined ma-
terial was also observed from the surface area measurementsconducted on hot meals. These
measurements showed that material withdrawn form the calci ner can be expected to be heavily
sintered. The calcination experiments and the measurements on hot meal has led to the con-
clusion that CaO produced from CaCO 3 is not well suited as an absorbent for reduction of SO »
emissions.

Kinetic modelling is based on the experimental results obtai ned for the CaO/SO ; reaction when
CO, does not in uence the reaction. In the modelling approach it w as decided to leave out the
carbonization reaction due to a lack of data. From the experi ments it was determined that both
external and internal mass transfer limitations should be i ncluded in the model. In order to do
so it was decided to use a time-dependent grain model, with re action between CaO and SO,
at the interface between the product layer and the unreacted shrinking core of the non-porous
CaO grains. The most important conclusions from the kinetic m odelling are:

The chemical reaction between CaO and SQ was found to be so fast, that the rate was
exclusively dependent on solid state diffusion in the non-p orous CaO grains. If it is as-
sumed that all CaO molecules found as surface molecules has the same reactivity towards
SO, and their reaction with SO »is controlled by the chemical reaction, it can be shown
that the chemical reaction should make a signi cant contrib ution to the observed results.
However, this was not con rmed by the model

For the solid-state diffusion of SO ,, activation energies between 90-140 kJ/mole were
found using a least sum of squares tting method. However, an activation energy of 115
kJ/mole was found to describe all data series very well, if th e preexponential factor was
adjusted accordingly.

Based on the modelling carried out in this study, it can be con cluded that more knowledge about
the surface reactions is needed in order to properly describ e what happens in the initial phase
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of the reaction. This is especially important if the inhibiti ng effect of CO, is to be incorporated
ina model for how CaOreacts with SO , in a CO, atmosphere. It is recommended to investigate
the surface reactions in the CaO/SO,/CO , sytsem further.

In the objectives it was also stated that a goal was to set up a model for a cyclone stage consid-
ered as a reactor. Modelling of cyclones are complicated by the highly irregular ow pattern,
where gas and solid thus are separated. This challenge has bea solved by dividing a cyclone
stage into different zones in order to account for gas/solid separation, different gas and solid
residence times, heat exchange, etc.. The model was evaluatedhgainst SO, emission data from
ve different full scale plants. The reaction kinetics used f or modelling the emission of SO , were
based on previous work [2, 3]. The kinetic models derived for t he CaO/SO, reaction was not
included in the modelling, since it has been concluded that C aO does not make any signi cant
contribution to the absorption of SO , within the preheater tower.

The model operates with three empirical mass transfer coef c ients between the model zones,
which are unknown but characteristic for this model. In the m odel evaluation it was chosen
to put two of these equal to zero in order to reduce the number o f tting parameters in the
initial evaluation. Hence the only tting parameter used wa s the gas mass transfer coef cient
(K21 3) between the high solid density cyclone zone, situated at th e cyclone wall, and the low
density solid zone, situated between the high solid density cyclone zone and the vortex. The
main conclusions from the model evaluation are.

Using one tting parameter ( K2 3) it was possible to satisfactorily predict the emission in
two out of ve cases. In the remaining three cases the model in two cases predicted an SO,
emission that was too low and in one case it predicted a too hig h emission of SO,.

An investigation into model parameters, using a K 3 value of 0.05 m/s, showed that

the aeration factor in the high solid density zone did not aff ect the model. The residence
time in the high solid density zone and the time for heat excha nge, were also investigated
showing both positive and negative effects upon the SO , emission depending on the plant

simulated. However, the effects could in all cases be related to the cyclone temperature,

which determine the rate at which SO 5 is formed and absorbed.

From earlier experimental results [3] and the kinetic model ling it is known that the surface
area of CaCQO; available for SO, absorption is an important parameter. Therefore, the in-
uence of the CaCO 3 surface area available for reaction with SO, was investigated. It was
found that this parameter by far is the most important for the SO, emission predicted by
the preheater tower model. In fact it was found that it was pos sible to predict satisfacto-
rily the SO, emission in four out of the ve cases, using a CaCO 3 surface area at around
4 m?/g, instead of those measured, which was up to around 10 m 2/g. This result clearly
shows how important the CaCO 3 surface area is for the model and thereby how crucial a
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precise determination of this parameter is.

Based on the simulation results it can be concluded that the preheater tower model shows
promising results. The model utilise experimental results o btained previously in projects in-

vestigating the SO, emission from preheater towers, and combined with the knowl edge that
CaO does not to any signi cant extend contribute to the absor ption of SO, in the top stages, it
has been possible to establish a new promising model for pred icting emissions from preheater
tower. The next step in predicting SO , emissions will be to investigate the SO, absorption ki-
netic on raw meals in order to determine what raw meal paramet ers are crucial in connection
with SO, absorption. This should be combined with model evaluations a gainst more plant data
in order to identify parameters of special importance in the preheater tower model. In partic-

ular, the empirical transport coef cients of the cyclone mo del, characteristic for FLSmidth A/S

preheater towers, could be determined.
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Appendix A

Veri cation of Set-up

Here, the entrained ow reactor set-up will be evaluated in ord er con rm the reliability of the reaction

data obtained. Furthermore, the standard deviation for the obtained date will be determined, while the
ow pattern in the entrained ow reactor will be evaluated in or  der to estimate the in uence of the
horizontal arrangement with U-bends used for the reactor tu be.

A.1 Gas Sampling

As mentioned earlier, gas sampling does not discriminate be tween particles and gas. The separation
takes place in the particle Iter located at a distance of abo ut 0.5 m from the gas sampling point. Carrying
out experiments particles will accumulate in the Iter, why it has been investigated if this accumulation
affects the SQ concentration. This was achieved by measuring the change in SO, concentration of a
known calibration gas, with and without CaO particles inthe Iter. The results showed that the variation
in the SO, concentration was less than 2 ppm, which was independent of w hether the lIter contained
particles or not, which is why the in uence of SO ; absorption in the particle Ilter can be neglected.

The sampled gas/particle mixture cools from the reactor tem perature to the particle Iter temperature
in the pipe connecting the gas sampling point with the partic le Iter. The inner diameter of the pipe is
1.4 mm and the gas ow is 2.4 NI/min, corresponding to a gas resi dence time in the sampling pipe of
0.02 s, calculated at ambient temperature. A residence time of 0.02 s corresponds, in some cases, to 25
% of the contact time, which is why reactions in the sampling p ipe may affect the observed results. An
investigation of this was conducted by comparing the amount of particles collected in the lter to the
amount expected if the particle concentration in the sample d gas were equal to the concentration in the
reactor tube. Consequently, it was found that particle conc entration in the sampled gas is only about 10
% of the concentration in the reactor tube, which strongly re duces the in uence of the gas sampling pipe.
Low particle concentration, along with cooling of sample ga s, entails that the in uence of reactions in the
sampling pipe is considered negligible for the observed res ults.

A.2 Solid Material Injection

The effect of particle feeding was investigated in six exper iments by feeding between 600 and 1500 g/hr
of inert sand particles into the entrained ow reactor. Figur e A.1 shows the SO, concentration measured
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in one of these experiments, highlighting that steady-stat e concentration is slightly lower when sand
particles are fed into the reactor. On average, the SG, concentration dropped by 4 ppm with a standard
deviation of the same size, which is why it can be concluded th at injecting solid material, in itself, does
not affect the observed results.

2100 w ‘ ‘ —
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Figure A.1: Effect on S@ concentration when inert sand
particles are fed to the entrained ow reactor.

A.3 Temperature Pro le

In Figure A.3 the temperature is measured along the reactor tu be is shown as a function of the distance
from the mixing point (see also Figure 8.1). It is apparent tha t the temperature variation between V1
and the reactor outlet (the reactor outlet is at the right bou ndary of the gure) is only about 3  C, with
the variation being a little larger when particles are inject ed into the system. The set point for the oven
temperature during the experiment is 575 C, which is not obtained. In all experiments the measured
temperature is lower than the oven set point, with a deviatio n up to 15 C. However, the temperature
variation from V1 to the reactor outlet is, in all experiment s, observed at about 3 C, which is considered
isothermal conditions.

A.4 Reproducibility of Data

In order to determine the standard deviation for the entraine d ow reactor, a number of data points were
repeated up to seven times. In Figure A.2 the standard deviati ons obtained from the repeated experi-
ments are shown as a function of the SO,/Ca conversion. The gure shows a tendency towards a smaller
standard deviation when the conversion is low, with the incr ease in standard deviation at higher con-
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versions approaching a limit of about 6 10 “. The largest values for the standard deviation are observed
from the data points that were repeated seven times, making t he upper limit of 6 10 * rather trustwor-
thy. As noted from the gure, the standard deviation is calcu lated based on the calcium conversion. In
order to estimate the standard deviation on another basis, f or instance for CaO, the standard deviation is
divided by the mole fraction of the base in the material consi dered, as a direct consequence of equation
9.1. In the following the standard deviation for the Ca base is put equal to 6 10 “.
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Figure A.2: The standard deviation calculated from a Figure A.3: Temperature along the reactor tube as a
number of different measurement series. function of the distance from the mixing point. The

particles injected are CaO with an injection rate of 500
g/hr.

A.5 Particle Flow in an Entrained Flow Reactor

As mentioned earlier, the reactor tube is situated horizont ally in the reactor oven and contains seven of
U-bends. When making calculations on data obtained in the ent rained ow reactors it is assumed that
the particles will follow the gas ow and be equally distribut  ed in the gas. However, when using a set-up
like the entrained ow reactor this assumption may not be vali d.

In the straight part of a horizontal reactor tube, gravity can induce a skewed velocity pro le due to a
higher concentration of particles near the bottom of the tub e. Such a skewed pro le will cause unequal
residence time for the particles, while some particles can experience a lower concentration of certain gas
phase components such as SQ. In the literature, the ow pro le in a horizontal tube has been  studied by,
for instance, Tsuji and Morikawa [168], who used a reactor tub e with dimensions similar to that installed
in the entrained ow reactor. Their results show that a low sol id to gas ratio and a high gas velocity
mean that a ow pro le similar to the ow pro le obtained withou t solid material in the gas is observed,
with the particles following the gas ow closely. Other autho rs [169, 170] observe this behaviour, too. It
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is noteworthy here that the mentioned literature operates w ith a solid to gas ratio that is up to 30 times
higher than that used in the entrained ow reactor, while the g as velocities and particle sizes are similar.
Therefore, it is reasonable to assume that, in the straight part of the horizontal tube, the solid materials
are dispersed equally and follow the gas ow.

The U-bends, constituting 15 % of the entrained ow reactor le ngth, can cause disturbance in particle
ow due to the formation of particle ropes at the outer wall. Ro pes are formed due to the centrifugal
forces experienced by the particles when entering a U-bend. The formation of particle ropes in U-bends
and in elbows is well documented in the literature [171-180] ; however, most of the research concerning
this subject is related to pneumatic conveying, which is why ¢ onsiderably higher solid to gas ratios, as
well as wider tubes, are used in the investigations, while th e linear gas velocity and particle sizes are
similar to those utilised in the entrained ow reactor. The ge neral decrease in velocity in the outlet of an
U-bend or elbow is 40 to 75 % of the linear gas velocity. The tube length needed to disperse the particle
rope (re-establishing the original ow pattern) has been est imated in the literature to take about 10 tube
diameters.

In order to estimate the in uence of rope formation on particle residence time, the residence time is
divided into three contributions, namely:

Residence time in straight parts of the reactor tube (tsyaign: ). It is assumed that the particles follow
the gas ow.

Residence time in bends (tengs ). Particle velocity decreases by a certain percentage () compared
to linear gas velocity ( gas).

Residence time for dispersion (tgisp ). Dispersion takes place over a number (Ngisp ) of tube diame-
ters, which here are assumed to be 10 in total. The acceleraton of the particles from the bend outlet
to the gas velocity is assumed to be linear from the bend outle t velocity up to the gas velocity.

In Figure A.4, the reactor tube is outlined with the relevant d imensions required for calculating different
contributions to the residence time.

Equation A.1-A.3 shows the expressions for calculating the residence time in each part of the reactor
tube, and Table A.1 shows the distance from the four gas inlet s to the gas sampling point (L wpe ) and the
number of bends (N pengs ) for each of the four gas inlet points.

I—tube 05D bend Nbends Dtube (Ndisp (Nbends + 1) 1:2)

tsraight = (A.1)
gas
5D N
thends = 0:5D pend Nbends (A.Z)
T ) s
Dtube (Ndisp (N bends t 1) 1:2) (A 3)

taisp = 05 gL+ )
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Distance to gas sampling, Lype Number of bends , N pendgs
Vi 473.8Dype 5
V2 313.2Dube 3
V3 152.6Dupe 1
V4 72.1Dwbe 0

Table A.1: Distances from the gas inlet to gas sampling in the reactor tube ascéidarof the tube diameter.

Figure A.5 shows the increase in residence time as a function of the deviation of particle velocity in
proportion to gas velocity. It is clear that this increase can be signi cant if the particle velocity is strongly
reduced in the bends. However, if the decrease in particle vel ocity can be kept at 40 % compared to the
linear gas velocity, the increase in residence time observed for inlet point V1 is only 13 %. Since both the
particle loading and tube diameter used here are signi cant ly smaller than that used in the literature, it
is believed that a deviation from gas velocity in the bends of no more than 40 % is realistic.

Based on this evaluation it is concluded that particles can b e assumed to follow the gas ow without any
signi cant discrepancy.
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Figure A.4: Schematic drawing of the reactor tube, with

relevant dimensions.
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Figure A.5: Increase in residence time as a function of

the deviation from gas velocity in the bends. The
calculations are based on a gas velocity of 20 m/s and rope
dispersion length of 10 times the tube diameter.



Appendix B

Models for Evaluating Mass and
Temperature Gradients

B.1 Weisz-Prater Modulus

Equation B.1 shows the de nition of the Weisz-Prater modulu s.

000 2
I’obs;SO 2 Rp

CSOz;surface De;502

Cwep (B.1)

Here, rgggSOZ denotes the average observed reaction rate, R the particle radius, Cso,:surface the SO,
concentration at the particle surface and De.so, the effective pore diffusion coef cient. The parameters
19950, Cso,sutace @nd De;so, are calculated from equation B.2-B.4, respectively. In equation B.3 it is
assumed that the reaction gas is ideal and the surface concenration is equal to the bulk concentration.
When calculating the effective pore diffusion coef cient, K nudsen diffusion is neglected because the
average primary pore diameter is about 0.5 m. The expression for Dso, is taken from Massman [158].
Several authors [159-162] have found that a tortuosity factor of 1.5 is suitable for materials such as CaCOs
and CaO.

1 dN
000 — SO»
FobsisO, = v ar (B.2)
ove=Dz V, dt
P
Cso,:surface = Xs0,:bulk RT (B.3)
T 1:81
Deso, = — Dso, = — 11 10 ° 57315 (B.4)

The expression for 3% is rewritten, assuming that dNse, and dt can be replaced by Nso, and t. If
the de nition of the CaO conversion (equation 9.1) is introd uced and the particle volume ( V,) expressed,
as seen in equation B.5,  is the particle density, M cao the molar mass of CaO and Qcao the weight
fraction of CaO in the particles utilised. The average observed reaction rate can then be calculated from
equation B.6.

N M
v, = Neao Mcao (B5)
p Qcao
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Xso,=
000 _ p Qcao Xso,=ca0
Mobs;S0, = M cao Zt (B6)

B.2 Mears Criterion

Equation B.7 shows the de nition of the Mears criterion.

000
robs;SO 2 RP n

Cy = (B.7)

Kso, Cso,:bulk
Here, n is the reaction order and K 5o, the mass transfer coef cient for SO, in the outer gas Im. K sp, is
related to the Sherwood number (Sh) through equation B.8

_ 2 Kso, Ry

Sh
Dso,

(B.8)

Here, Dso, is obtained from Massman [158]. If no other data is available a Sherwood number of 2 should
be used, corresponding to a spherical particle at rest in a stagnant gas.

B.3 Temperature Gradients

A temperature pro le for a spherical particle can be calcula ted from the partial differential equation in

B.9.
@T_Ks @ ,@T

@ 7 @' @ar
Here, Cp is the heat capacity of the solid material, K the thermal conductivity of the particle and
E (r) the energy evolved due to chemical reactions. Equation B.9 is based on the assumption that only

+E(r) (B.9)

temperature gradients in the radial direction exist.
The initial and boundary conditions for equation B.9 are as f ollows:

T=Tny att=0 (B.10)
T
%r:o atr =0 (B.11)
@T
Kg@r: hg (Thux  Tsurface ) at r =1 (B.12)

The Neumann boundary condition (equation B.12) implies tha t a temperature gradient in an outer gas
Im is possible. Here, hy is the convective heat transfer coef cient for the gas Im, a nd is related to the

Nusselt number by equation B.13.
— 2 hg RD
= 7Kg

If no other data is available, a value of 2 should be used for the Nusselt number, corresponding to a

Nu (B.13)

particle at rest in a stagnant gas.

The model is made dimensionless by introducing the followin g dimensionless variables: T = —T

Thulk
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zZ= Rr—p = ﬁ where t, is the total reaction time. The variable transformation res ults in the dimensionless

energy balance shown in equation B.14.

@T Ks tr 1@ ,@T t,
= —_— 72— + — E(z B.14
@ p Cos R% 2 @z @z p Cps Touk @) ( )
with the dimensionless boundary conditions in equation B.1 5-B.17.
T.
T = Tb'”:k at =0 (B.15)
u
T
%z =0 at z=0 (B.16)
@T _hg R
T ngp 1 Tguace atz=1 (B.17)

The energy evolved due to chemical reactions is modelled as a step function, as seen in equation B.18.
This way of modelling the reaction energy happens because, as we know from section 11.1, for most
particle sizes only a thin outer shell takes part in the react ion.

8

< 1 000 H
T I opsi Hreaci 1If 2>
E(Z) = 1 obs;i
-0

(B.18)
if z
Here, Heaci denotes that the reaction enthalpy and are the radius of the unreacted core divided by
the particle radius.

When considering the CaO/SO , reaction, sulphation takes place according to B.19. This reaction is cho-
sen as an upper limit on the energy that can be evolved when CaO reacts with SO,.

CaO+ SO, +0:50, ! CaSO, (B.19)

In Table B.1 the relevant values needed for solving equation B.14 are shown at 25 C and 600 C. When
solving equation B.14 it is assumed that Ks, Hyeaci and , are temperature independent, with an av-
erage value of Hyeac;i used. Cps, Cpg and Ky are all temperature dependent, and equations for these
parameters as a function of temperature are stated in Append ix F. The particle porosity of 1300 kg/m 3 is
chosen because it is the porosity at which Satter eld and Feakes [181] measuredK c40 .

Parameter Valueat25 C | Valueat600 C | Reference
Cp;cao 852 J/kg/K 1236 J/kg/K [165]
Cpig 975 J/kg/K 1144 J/kg/K [165]
K cao 0.6 W/s/m 0.6 W/s/m [181]
Kg 0.02 W/s/m 0.06 W/s/m [165]
Hreac;so » 502 kJ/mol 492 kJ/mol [164]
Hreac;co » 502 kJ/mol 492 kJ/mol [164]
p 1300 kg/m 3 1300 kg/m 3 [181]

Table B.1: Data needed for solving the energy balance

The partial differential equation established here is solv ed by using the Matlab function pdepewhich is
designed for solving initial boundary value problems for pa rtial differential equation systems in one di-
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mension.

B.4 Evaluation of Particle Heating Time

Dimensionless particle core temperature

o
o

o
o

— ——

I

| i

| !

[

![ !

! —Dp =100 1m

(! ——-Dp =2001m |
Dp =300 m

- — — Dp =400 1m

0.1 0.2 0.3

Dimensionless residence time

Figure B.1: Dimensionless particle core temperature as a
function of the dimensionless residence time. In the
calculations;Tpux was equal to 600C, whilet, was 0.215 s.

The model established above is used here to evaluate whetherthe particles will be isothermal when SO ;
and CO, are injected into the reactor tube. In Appendix A it is shown tha t the distance from the mixing

point, where hot gas and cold particles are mixed, to the rst

injection point for SO ,/CO ; is 4.3 m. With

a linear gas velocity of up to 20 m/s, the particles will, as a m inimum, have 0.215 s to reach the reactor
temperature. Figure B.1 shows the core temperature for four different particle diameters as a function

of the dimensionless residence time. A dimensionless residence time of 1 corresponds, in Figure B.1, to
0.215 s, which is why it is concluded that the particles will o btain reactor temperature well before SO,

and CO; are injected.
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Mass Balances

Gas mass balance for riser zones 1 and 3

In = gas Vg Yi;1Rij+ Xj

Out = g4as Vg Yi;lexj

— 2
Formed = gas rR Xj Rig
Solid mass balance for riser zones 1 and 3

In = gas Ysolid;z Vg Xi;lexj+ Xj

Out = gas Ysolidz Vg Xi;leXi

— 2
Formed = gas Ysolid;z =) Xj Ris

Gas mass balance for riser zone 2

In = gas(Thot) Vg;Z(ThOI) Yi;ZRij’f Xj

Out = gas(Thot) Vg;2(Thot) Vi 2rix

Formed = I’% Xj ( gas (Thot) I:zi;g (Thot) + gas (Thot) Ri;g (Tcold ))

Solid mass balance for riser zone 2, with hot solid material

In = gas(Thot) VYsolid:zihot ~ Vg;2(Thot ) Xi;ZRij+ Xj

Out = gas(Thot) Ysolid;z;hot Vg;Z(Thot) Xi;Zijj

(C.1)

(C.2)

(C.3)

(C.4)

(C.5)

(C.6)

(C.7)

(C.8)

(C.9)

(C.10)

(C.11)
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Formed = gas (Thot)  Ysolid;z;hot r% Xj Ris (Thot )

Solid mass balance for riser zone 2, with cold solid material

In = gas(Thot) Ysolid;z;cold Vg;Z(Thot) Xi;2Rj><,-+ Xj

Out = gas(Thot) Ysolid:z:cold Vg;Z(Thot) Xi;szXj

Formed = gas (Thot) Ysolid;z;cold I’% Xj Ri;s (Tcold)

Solid mass balance for cyclone zone 1

In = Ysolid;z gas Vg;ljxj+ Xj Xi;ljxi+ Xj

Out = Ysoiid;z gas Vg;ljxl Xi;lej +2 ra Xj Ur Xi;2ij

- 2
Formed = ysolid:z gas ry Xj Ris
Solid mass balance for cyclone zone 2
In = Ysolid;z gas Vg;2j><J Xi;zjxl +2 r Xj Ur Xi; 2j><l

Out = Ysolid:z gas Vg;2jx,+ x| Xi;zjxj+ X;

- 2 2
F Ormed - ygoﬁd;z gas (r2 I’l) XJ Ri;s
Solid mass balance for cyclone zone 3

IN = soid Vs Xi;3jxi

Oout= sud Vs xi;3jxj+ X

J

1 2 2
Formed= —— g (r3 r3) X Ris
1+
Gas mass balance for cyclone zone 1

In = gas Vgilx;+ x  Yitx+ x

Out = gas Vg;ljxJ Yi;ljxJ +2 gas r Xj Ku 2 Yi;ljxJ Yi;2j><J + U Yi;2j><J

2

Total gas balance for zone 1

(C.12)

(C.13)

(C.14)

(C.15)

(C.16)

(C.17)

(C.18)

(C.19)

(C.20)

(C.21)

(C.22)

(C.23)

(C.24)

(C.25)

(C.26)

(C.27)
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In = gas Vgijx+ x (C.28)
OUt = gas ngljxl + 2 gas r]_ XJ Ur (C.29)

Gas mass balance for cyclone zone 2
In = gas Vg;ijj Yi;2jxi +2 gas ra Xj Ku 2 YI ljxi YI Zij + U YI Zij (C-3O)
Out = gas Vgaix;+ x; Yi2ix+ x +2  gas r2 X Kaz Yizx  Yiaslx (C.31)
Formed = gas (r3 ) % Rig (C.32)

Total gas balance for zone 2

In = gas Vg’zjxJ + 2 gas r_‘]_ Xj Ur (C.33)
Out = gas Vgoix;+ x (C.34)

Gas mass balance for cyclone zone 3
In = Vg gas Yi;3ij +2 1T Ko 3 gas ro Xj Yi 2ij Yi: 3ij (C35)
Out = Vs gas Yislx;+ x (C.36)

Formed =




Appendix D

Dimensionless Equation System

Riser zones 1 and 3

dX;. g r% H
. = Ri. D.1
de Vg;zR Xi;o bs ( )
in'zR H r%
- = Ri. D.2
de Vg;zR Yi;O " ( )
Riser zone 2
dYi or rg H
: = Riq (T, + Riq (T D.3
de Vg;ZR (Thot) YI 0 ( [Xs} ( hot) i;g ( cold )) ( )
X 2R ot rg H
— = Ris (T, D.4
dz; Vg:2r (Thot ) Xi;0 is (Thot) (©-4)
dX;. 2r:cold rgd H
— = Ris (T, D.5
de Vg;2R (Thot) Xi;O i;s ( cold) ( )
dThot _ Ti Tin (D.6)
de L2 L:L '
Teod _ Ti Ti 1 0.7)
de L2 Ll '
Cyclone zone 1
dxi;l - 2 r H Ur;O Xi;2 Xi;l Ur I‘% H Ri;s (D 8)
de VQ:O Wg:l Vg;O Xi;0 Wg;l .
in;l - 2 rs H (Ur;O Ur K 2) Yi;2 Yi;l I‘f H Ri;g (D 9)
dz Vg0 Wg:1 Vgio Yio Wgi '
Cyclone zone 2
dxi;z — H I’% r% I:zi;s (D 10)
de Vgo Xio Wy:2 '
in;Z =9 H rn Koy Yi;l Yi;2 r2 Ka 3 Yi;2 Yi;3 +
dz Vg0 Wg:
‘ 90 o2 (D.11)

H r3 rf R
Vg;O Yi:O Wg;z
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Cyclone zone 3

dX; 3 1 H ri r}
— = Ri. D.12
dz 1+ Xio Vss3 v (b.12)
in-g 1 2 H K2| 3 Io 1 H I'% r%
— = . Y. Y., + R;. D.13
dZJ 1+ VS;3 I,2 I,3 1+ Yi;O VS;3 e ( )
Boundary conditions for riser zone 1
Yi; 1R = Yi;Stagei a & Xi; 1R = Xi;Stagei s at z; = 1 (D.14)
Boundary conditions for riser zone 2
Thot = Ti 1 & Teog = Tivr at z; = L, (D.15)
xi;ZRs = Xi;Stagei 1 & xi;ZRg = Xi;leZj=L2 & Yi;ZR = Yi;leZj=L2 at Zj = L2 (D-16)
Boundary conditions for riser zone 3
Yisr = Yizrlz=L, & Xjzr = Xjriz=1L, at zj = L, (D.17)
Boundary conditions for cyclone section
Xi;l: Xi;z a.t ZJ :1 & Xi;z: Xi;3: Xi;3RjZJ:O a.t ZJ :O (D18)

Wgi1=Wgo=1 at z; =0 (D.20)
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Input Values for Simulating Plants A-E

Parameter | Unit | PlantA | PlantB | PlantC | PlantD | PlantE
Wcaco 5:0:b0t | KO/S 47.08 56.85 32.96 30.98 47.08
WSO , :0:bot kg/s 12.56 15.16 8.79 8.26 12.56
Wal,05:000t | KO/S 1.88 2.27 1.32 1.24 1.88
WEe0: 0:bot kgls 1.26 1.52 0.88 0.83 1.26
WE S, :0:bot kg/s 0.08 0.10 0.03 0.04 0.06
WEes; 0;bot kals 0.08 0.10 0.03 0.04 0.06

Wcaso 3;00t | KO/s 0 0 0 0 0
XN, 0.64 0.63 0.63 0.68 0.66
Xco, 0.33 0.33 0.35 0.27 0.30
Xo, 0.03 0.04 0.02 0.05 0.04
Qcaco 3N +1 0.74 0.74 0.74 0.74 0.74
Qsio ;N +1 0.20 0.20 0.20 0.20 0.20
Qal, 0N +1 0.03 0.03 0.03 0.03 0.03
QFeoN +1 0.02 0.02 0.02 0.02 0.02
QFeSz;N +1 0 0 0 0 0
Qresin +1 0 0 0 0 0
Qcaso ;N +1 0.01 0.01 0.01 0.01 0.01
Xs;1 0.92 0.80 0.90 0.91 0.92
Xs;2 0.90 0.75 0.90 0.82 0.78
Xs;3 0.86 0.75 0.80 0.69 0.79
Xs;4 0.82 0.85 0.85 0.83 0.66
Xs:5 0.80 0.60
Xs;6 0.55

Table E.1: Input parameters used when simulating plants A-E
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Parameter Unit PlantA | PlantB | PlantC | PlantD | PlantE
D1 m 5.7 6.9 4 3.5 5.2
D, m 5.7 6.9 5.7 4.8 7.6
D3 m 6 7.2 5.7 5.2 7.6
D4 m 6 7.2
Ds m 6
Pai Pa 101325 | 101325 | 101325 | 101325 | 101325
Gn +1 ;top kals 72.19 82.25 43.14 44.80 63.89
To K 298 333 347 333 333
Tn+1 K 1137 1143 1143 1090 1166
ty S 8 8 8 8 8
solid kg/m 3 2200 2200 2200 2200 2200
hel 0.2 0.2 0.2 0.2 0.2
4 4 4 4 4
U, m/s 0 0 0 0 0
Ku » m/s 0 0 0 0 0
ABET:Raw meal m?/kg 3195 5025 5723 10373 7913

Table E.2: Input parameters used when simulating plants A-E
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Temperature Dependent Parameters

Heat Capacities

Cp;CaO =

Cpg = XNypuk 2:07 10 4

Thermal conductivities

221 10 4 T?+0:49 T +687

J

g K

T2 612 10 2 T+1038 + Xco,buk (326 In(T)

1009)

Cpg = XN,buk 577 10 ° T+9:14 10 3 + xco,puk 787 10° T 616 10 3

Enthalpies
AT B T 2 c¢c T ® D T * 100E
Hi(M = —+ = —— + =~ —— + — + F
1000 2 1000 3 1000 4 1000 T
_n. 5 2 . ) k‘]
Heacoa(s) =2:20 10 ° T2+0:081 T 2649 ——
mol
A B C D E F H
Al>03 (s) 106.92 36.62 -13.98 2.16 -3.16 | -1710.50| -1666.49
SiOz (s) 72.77 1.29 410 3 810 4 -4.14 -941.14 -905.49
CO2 (9) 25.00 55.19 -33.69 7.95 -0.14 -403.61 -393.52
0, (g) (T 700K) | 31.32 | -20.24 57.87 -36.51 | -0.01| -8.90 0.00
0, (g) (T > 700K) | 30.03 | 8.77 -3.99 079 | -074| -11.32 0.00
N2 (g) (T 500K) | 28.99 1.85 -9.65 16.64 | 0.00 | -8.67 0.00
N (g) (T > 500K) | 19.51 | 19.89 -8.60 137 | 053 | -4.94 0.00
CaO (s) 49.95 4.89 -0.35 0.05 -0.83 | -652.97 -635.09
FeO (s) 45.75 18.79 -5.95 0.85 -0.08 | -286.74 -272.04
H20 (1) -203.61 | 1523.29| -3196.41 | 2474.46| 3.86 -256.55 -285.83
H>0 (g) 30.09 6.83 6.79 -2.53 0.08 -250.88 -241.83

Table F.1: Constants needed for calculating enthalpies. All values are takenNiist [165]

kg

3

kJ
mol

K



Appendix G

Data Handling Program (DHP)

DHP makes use of the Graphical User Interface (GUI) in Matlab in o rder to ease handling of large data
les produced in the laboratory. The program helps the user t o identify and calculate the steady-state
values in an easy manner. Besides these values, the program &o calculates the standard deviation upon
the steady-state values. Using GUI makes the program simple to use, even for people without experience
in Matlab.

G.1 Inputto DHP

DHP can handle NxM data matrices such as the one shown in Table G.1. The rst row should contain

the column headers and the second row the unit of the column va lue, while rows three and four should

contain numbers (no dates or times). Rows one and two can contain strings as well as numeric values,
while row three and onward can only contain numeric values. T he decimal point should be a dot(.) and
no thousand separator should be used in the data le. DHP can ha ndle both :txt lesand :xIs les, which

should ful | the requirements stated above.

Table G.1: Layout of a data matrix that can be used in DHP.

Parameter | Parameter | Parameter | !
Unit Unit Unit !
Value Value Value !
Value Value Value !
Value Value Value !

# # # &

The algorithm for DHP is shown below.




DHP Algorithm 143

G.2 DHP Algorithm

1. DHP is executed by typing "Main” in the command window.

7

1. Datais loaded by writing the le name and the type of le (for  instance "DataFile.xIs”).
2. The time step by which data is locked is assigned to "consecutive time”.

3. The gure is closed by pushing "close gure”.

b

1. The parameter2 to be plotted at the X- and Y-axis is chosen by typing the number corresponding to the
required parameter.

2. The gure is closed by pushing "close gure”.

?

1. The lower and upper limit for the X and Y interval are chosen.
2. Ifthe data le only contains one measurement, push "only one mea surement”.

3. Ifthe data le contains more than one measurement, push "close gure”.

If, "close gure”

1. The le is now divided into single measurements by typing in th e boundaries of the measurement inter-
vals.

Juawiainseaw auo Ajuo, 4| ‘

2. ltis necessary to give the left boundary also, meaning that the number of boundaries are the number of
measurements + 1.

3. lItis possible to see if the boundary is situated right by pushi ng ENTER. If, just enter a new one.

5. When all boundaries are set, push "close gure”.

b

1. Three steady-state intervals must be estimated for each measuement. The values can be corrected until
the "next data set” button is pushed.

2. When nished, the next data set is examined by pushing "next data set”.

3. Atfter the last data set, the gure closes automatically.

4. To move on to the next boundary push "next interval”. )
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Data Handling Program (DHP)

. The "estimate time delay” button makes it possible to estimate t he time delay between the Y-axis parameter

and all other parameters in the data le.

. If "yes” is pushed, calculations are made using a time delay. (If no time delay le exists, it must be made

by pushing "estimate time delay”).

. If the "no” button is pushed, the calculations are carried out w ithout using a time delay.

If, nyesw or"no”

. If data is to be saved, the required le name (name.txt or name.xIs ) is typed and the "save data” button is

pushed.

. If data is not to be saved, the "do not save data” button is push ed.

. Hint: Leaving the box empty and pushing "save data” saves the data as TD-name of loaded I-.format of

loaded le.

. Example: Name of loaded le: M.xls; Name of saved le: TDM.xls

. All data shown in the graph is scaled between -1 and 1.
. The time delay for the actual parameter is typed in.
. When pushing "next parameter”, the next time delay will be set.

. Ifawrong value has been entered, the process is started ove by entering the remaining values and pushing

"estimate time delay” again.

. Ifthe box is empty when pushing "next parameter”, the time delay is made equal to zero.

. The gure automatically closes when the last time delay has bee n set.

Kejap awn arewnss, ‘| ‘
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G.3 Result from DHP

The saved matrix looks like that shown in Table G.2. The numbe r of rows are equal to the number of
measurements times 3. The indicator in column one indicates which data is interrelated and is added
by the program. The consecutive time column is also added by t he program. The rest of the columns
correspond to the columns given by the user.

Indicator | Consecutive time | Parameter | Parameter | Parameter | !

ok ek Unit Unit Unit !

Value Value Value Value Value !

Value Value Value Value Value !

Value Value Value Value Value !
# # # # # &

Table G.2: Layout of a matrix resulting from DHP

G.4 Hints

1. When saving data to an existing le it will NOT be overwritte

the existing le.

n, the new data will be appended to

2. Often, les obtained in the laboratory must be manipulate din order to produce the right format for
the Matlab program to handle them. This can often be done in Mi crosoft Excel and/or Notepad.

3. In the program a number of warnings are built in so that the pr ogram does not crash. However, if
it does, then try to restart the program.

4. If the program crashes when loading data, it is often because the le that is to be loaded contains a
number of erroneous elements. See Table G.1 for an idea of howthis le should look.



